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ABSTRACT

In a single-step synthesis gas-to-dimethyl ether process, synthesis gas (or syngas, a mixture of H,
and CO) is converted into dimethyl ether (DME) in a single reactor. The three reactions
involved in this process, methanol synthesis, methanol dehydration and water gas shift, form an
interesting reaction network. The interplay among these three reactions results in excellent
syngas conversion or reactor productivity. A fundamental understanding of this interplay helps
to explain many experimental and simulation observations, to identify optimal reaction
conditions, and to provide guidelines for process development.

The higher syngas conversion or reactor productivity in the syngas-to-DME reaction system,
compared to that in the syngas-to-methanol reaction system, is referred to as chemical synergy.
This synergy exhibits a strong dependence on the composition of the reactor feed. To
demonstrate the extent of this dependence, simulations with adjusted activity for each reaction
were performed to reveal the relative rate of each reaction. The results show that the water gas
shift reaction is the most rapid, being practically controlled by the equilibrium. Both methanol
synthesis and methanol dehydration reactions are kinetically controlled. The kinetics of the
dehydration reactions is greater than that of the methanol synthesis reaction in the CO-rich
regime. However, the rates of these two reactions come closer as the H, concentration in the
reactor feed increases.

The role of the dehydration reaction is to remove the equilibrium barrier for the methanol
synthesis reaction. The role of the water gas shift reaction is more complex; it helps the kinetics
of methanol dehydration by keeping the water concentration low, which in turn enhances
methanol synthesis. It also readjusts the H,:CO ratio in the reactor as the reactions proceed. In
the CO-rich regime, the water gas shift reaction supplements the limiting reactant, Hy, by
reacting water with CO. This enhances both the kinetics and thermodynamic driving force of the
methanol synthesis reaction. In the H-rich regime, water gas shift consumes the limiting
reactant, CO, which harms both the kinetics and thermodynamics of methanol synthesis. An
understanding of these complex roles of the methanol dehydration and water gas shift reactions
and of their dependence on the syngas composition explains why the synergy is high in the CO-
rich regime, but decreases with increasing H, or CO; content in the reactor feed.

The methanol equivalent productivity of the syngas-to-DME reactor is also a strong function of
the reactor feed. A mathematical approach was developed to understand this dependence. The
approach divides a power law type of rate equation into two terms, the kinetic term (the rate of
the forward reaction) and the thermodynamics or driving force term (1- approach to equilibrium).
The equations for the best feed composition for each term were derived. The approach was
developed for the single reaction system, and then extended to the syngas-to-DME reaction
system. The equations provide insights into why and how the methanol synthesis in the syngas-
to-DME system depends on the other two reactions. They can also be used to calculate the best
feed composition for a given conversion. The analysis shows that for typical commercial syngas
conversion, the optimal H,:CO ratio for the LPDME™ reactor is around 1-to-1, in good
agreement with the results from the simulation.



While the 1-to-1 feed provides a good foundation for some process configurations, it does not
match the composition of natural gas-derived syngas, which typically has a H,:CO ratio of 2:1 or
greater. The process would also produce one CO;, molecule for every DME product, both a
materials utilization and an environmental problem. However, recycling CO; to the syngas
generation unit can solve all of these problems. Integration schemes with different syngas
generation technologies (dry reforming, steam methane reforming and partial oxidation) were
developed. The feasibility of these schemes was illustrated by simulations using realistic
kinetics, thermodynamics, and commercial conditions.

Finally, this report discusses the implications of the kinetic understanding and the resulting
process schemes to the process economics. It was recognized that, for the overall process, the
cost saving in the synthesis loop due to the reaction synergy is counteracted by the cost addition
due to CO, formation and the resulting costly separation. This counteraction occurs in the entire
H,:CO range of commercial interest. The curves that showed the enhancement in productivity
and CO; formation as a function of H,:CO ratio in the reactor feed were used to discuss
qualitatively how the economics of the syngas-to-DME process (1-step) compares to the syngas-
to-methanol-plus-dehydration process (2-step). While the 1-step process has clear advantages
over the 2-step process for CO-rich syngas derived from coal and other carbonaceous solids and
liquids, its advantage for the natural gas-derived syngas is not so clear. Process optimization
appears to be an important factor in tilting the balance.



1. Introduction

Over the past 15 years, Air Products & Chemicals, Inc., with U.S. Department of Energy (DOE)
support, has been developing liquid phase technology to produce transportation fuels from
synthesis gas (syngas) generated from coal and natural gas. Since the liquid phase operation
(three phase slurry, bubble-column reactors) can accommodate the heat released from highly
exothermic reactions, it is well suited to these applications. Liquid Phase Methanol (LPMEOH™
) has been demonstrated on a large scale at Tennessee Eastman [1]. Liquid Phase Dimethyl
Ether (LPDME™) is the next process in this progression [2,3]. Dimethyl ether (DME) has been
identified as a potential diesel, cooking and power plant fuel [4-6], and can serve as a building
block for liquid oxygenated compounds with high cetane numbers [7]. DME is also a potential
chemical feedstock [8] and refrigerant replacement [9].

The main driving force for developing a single-step syngas-to-DME process is to produce DME
at a cost lower than that from the commercially available two-step process, namely syngas-to
methanol followed by methanol dehydration in sequential reactors. The cost penalties of the
two-step process are (1) limited productivity in the syngas-to-methanol reactor due to
equilibrium constraints, and (2) the need for a separate dehydration reactor and associated
separation units.

The single-step syngas-to-DME process overcomes these two obstacles by combining the
synthesis and dehydration reactions in a single reactor and utilizing the greater synthesis

productivity made possible by a chemical synergy from the combined reactions.

Three reactions take place simultaneously in the syngas-to-DME reactor.

Methanol synthesis reaction: 2H, + CO < CH30H (1)
Methanol dehydration reaction: 2CH30H = CH30CHj3+ H,0 (2)
Water gas shift reaction: CO+H,0 = CO, +H, 3)

Reactions (1) and (3) are catalyzed by a standard Cu-based methanol synthesis catalyst.
Reaction (2) is catalyzed by a dehydration catalyst. The presence of the dehydration reaction
frees the overall synthesis gas conversion from the equilibrium constraint imposed by the
thermodynamics of methanol synthesis alone. The system offers further kinetic enhancement by
lowering the water level through water gas shift reaction, therefore accelerating methanol
dehydration. This synergy of methanol synthesis, methanol dehydration, and water gas shift
gives higher syngas conversion per pass or productivity compared to the syngas-to-methanol
process.

The synergy has long been recognized and demonstrated [10,11]. Experimental work has been
conducted to study the performance of the reaction system as a function of various reaction
parameters such as syngas composition (for example, H,:CO ratio, CO, and H,O content),
catalyst materials and composition, space velocity, pressure, and temperature [2,12-15].
Noticeably absent from the prior work is a fundamental and systematic analysis of the reaction



system. Limited explanations have been attempted, but mostly on the basis of thermodynamics
[10,14,16]. However, as we demonstrate below, the reaction system is far away from
equilibrium at the typical industrial production conditions using commercially available catalyst
materials. The synergy of the system is limited by the kinetics of the reaction system. Analysis
based solely on thermodynamic equilibrium calculations is inadequate and could even be
misleading. The inquiry into the mechanism of the synergy led us to a kinetic study of the
reaction system. This, in turn, led to a better understanding of the process and economic aspects
of the syngas-to-DME technology.

The first part of this report describes the kinetic understanding of this reaction system, including
why the synergistic effect varies with reaction parameters; what kind of role each reaction plays
in the synergy; and what the process guidelines are for optimizing the synergy. Identifying the
kinetic conditions for the best productivity is of special interest, because it provides an
opportunity to optimize the synergistic effect, making possible the production of DME at a cost
lower than the two-step syngas-to-DME process.

How to accommodate the best kinetic conditions in a process is another practical matter. For
example, our kinetic study demonstrates that the best overall reaction for the syngas-to-DME
reactor is

3H, +3CO - CH;0CH; + CO, 4)

While this gives the highest reactor productivity, it also sacrifices one third of the carbon to CO,.
In addition to low carbon utilization, generation of CO, is an environmental concern because
CO; is a greenhouse gas. Furthermore, this reaction scheme poses a mismatch between the best
syngas composition to the reactor (H,:CO ratio of 1:1) and the composition of the syngas that
can be generated by commercially available conversion units. The H»:CO ratio from most
syngas generation units is not 1:1, except for the case of the CO,-methane reformer. For coal-
derived, CO-rich syngas, this problem can be solved readily by injecting water into the reactor to
provide the extra hydrogen through the water gas shift reaction. However, lowering the
hydrogen content in natural gas-derived, H,-rich syngas is not straightforward.

The second part of this report summarizes our efforts in developing process concepts and
schemes to resolve the conflicts between establishing the best kinetic conditions for the reactor
and the practical concerns of material utilization and availability. In brief, the problems are
solved by integrating the DME reaction system with the syngas generation unit.

Kinetics or reactor productivity alone does not determine if the single-step process is more
economical than the two-step process. In fact, the downstream separation in the single-step
process is more complex, and possibly more costly, compared to the two-step process. This is
due to CO; formation in the DME reactor (Reaction 2) and the difficulty associated with
separating CO,. The third part of this report discusses, qualitatively, how this CO, problem may
affect the economics of the single-step process, mainly the trade-off between reactor productivity
and CO, formation.



In summary, this report presents our understanding of three issues that are important in the
development of the single-step syngas-to-DME process: reactor productivity, material utilization
and availability, and separation difficulty. The report shows how these factors interplay and
affect the economics of the process in a complicated manner. The report is not meant to be a
firm evaluation of the economics of the single-step process. Such an evaluation would require
detailed engineering study, and the conclusions would depend greatly on a specific type of
process application, location, and situation.

All specific examples in this report, whether experimental or simulated, are based on a slurry
phase reactor that behaves like a single, continuously stirred tank reactor (CSTR). Therefore, the

results are directly applicable to the liquid phase syngas-to-DME process (LPDMETM) under
development at Air Products, which consists of a slurry phase autoclave or bubble column
reactor with catalyst powders suspended in an inert liquid medium. However, the general
understanding obtained from this study should also be valid for the gas phase syngas-to-DME
process based on the packed-bed reactor, after the differences caused by a CSTR (slurry phase
autoclave) versus a plug flow reactor (packed bed) are accounted for.

2. Details of Experiments and Simulations

All kinetic experiments were carried out in 300 cc slurry phase autoclave reactors. The dual-
catalyst system consisted of a powdered mixture of a commercial, copper-based methanol
synthesis catalyst and y-alumina dehydration catalyst suspended in a hydrocarbon oil. For

comparison, the results from liquid phase syngas-to-methanol (LPMEOHTM) experiments were

also used. Inthe LPMEOH  experiments, the slurry contained only the methanol catalyst. The
reactor behaved as a CSTR and was free of mass transfer limitations. Conditions used for all

experiments were 250°C, 52 MPa, and an 80:20 weight ratio of the methanol synthesis catalyst to
the methanol dehydration catalyst. The gas hourly space velocity of 6,000 sl/kg-hr was used in
all kinetic simulations, unless otherwise specified.

The kinetic simulations were based on this lab reaction system, i.e., a CSTR and the same
catalyst mixture. The reaction conditions were the same as described above. The rate
expressions and constants for the three reactions were obtained using the standard reaction
system. All three rate expressions were a power law form multiplied by an approach-to-
equilibrium term as shown below:

Methanol synthesis reaction: R, =k, fofo(—=app.,) (%)
Water gas shift reaction: R, =k, [ /2, (1—app.,) (6)
Methanol dehydration reaction: R, =k, fon! fino! frae(—app.,) (7

where f; stands for the fugacity of component i and app. is the approach to equilibrium. The
methanol equivalent productivity (or MEP, defined as the methanol productivity plus two times
the DME productivity) from various lab experiments and their corresponding simulations is



plotted in Figure 1. The good agreement indicates that the rate expressions and the process
model can well serve the purpose of the current investigation.
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Figure 1: Comparison of the methanol equivalent productivity (MEP) from LPDME"
experiments with that from kinetic simulations.

Process simulations were used to demonstrate the technical feasibility of the process schemes
described in this report. The syngas-to-DME reactor model was the same as that described
above, except that the ratio of the methanol catalyst to the dehydration catalyst was changed
from 80:20 to 50:50. For modeling the syngas generation unit, commercially relevant conditions
were used. The CO, methane reformer and the steam methane reformer were simulated by
thermodynamic equilibrium model. The methane partial oxidation reactor was modeled with a
kinetic model that is based on our knowledge of the technology. The detailed information for
each simulation is given when a specific process example is discussed. The separation units
were simply specified to provide the desired separation; all separations can be achieved using
commercially available technologies. A commercial process package, ASPEN PLUS, was
employed in all simulations (both kinetics and process).



3. Kinetic Understanding
3.1. The Relative Rate of Each Reaction and Its Role in Chemical Synergy

The chemical synergy of the LPDME " system is due to the interplay among methanol synthesis,
methanol dehydration and water gas shift reactions. The synergy is reflected in the system’s
higher syngas conversion or productivity compared with methanol synthesis only (e.g.,
LPMEOH ). Therefore, one can use the percentage increase in the productivity from
LPMEOH " to LPDME"" under the same reaction conditions (i.e., temperature, pressure, space
velocity, feed composition) as a quantitative measure of the synergy. Since one mole of DME is
equivalent to two moles of methanol, one can use the MEP, defined as the methanol productivity
plus two times the DME productivity, to compare the productivity of the two reaction systems.
In this subsection, we will discuss the dependence of the synergy on the feed gas composition
(e.g., H2:CO ratio) and the underlying mechanism.

Columns 6 and 7 in Table 1 compare the MEP from LPDME" experiments with that from the
liquid phase methanol (LPMEOH ) experiments. These runs used the feed gases that simulate
the syngas compositions of three typical industrial gasifiers, Shell, Texaco and Dow. LPDME "
gives much higher productivity than does LPMEOH ", clearly demonstrating the effect of the

synergy.

Table 1: LPDME" vs. LPMEOH " for different feed gases.

Feed gas | H, | CO | CO, | N, | MEOH Equiv. Prod.*
(mol%)

LPMEOH LPDME
Shell 30 166 |3 1 16.4 294
Texaco |35 |51 |13 1 20.5 29.7
Dow 44 (38 |16 |2 23.2 30

*: Mole of methanol equivalent per kilogram of total catalyst per hour.

However, the increase in MEP for LPDME " differs for the three different types of syngas. The
MEDP nearly doubles in the Shell gas case, but increases by only 29% in the Dow gas case. In
other words, there is more synergy in the Shell gas case than in the Dow gas case. This
dependence on the syngas composition can be further illustrated by the simulations shown in
Figure 2, which depicts the MEP for LPDME'" and LPMEOH " as a function of H,:CO ratio in
the syngas feed. Not surprisingly, the synergy is observed in the entire range, as the MEP of
LPDME" is always greater than that of LPMEOH . However, the magnitude of the synergy
varies with H,:CO ratio. For a H,:CO above 1.5, the percentage increase in MEP is around 20%.
This increase becomes 45% at a H,:CO of 1.0 and 90% at a H,:CO of 0.5. In other words, the

greater the proportion of CO, the greater the chemical synergy.
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Figure 2: The methanol equivalent productivity from LPDME" (A), the methanol productivity
from LPMEOH " (A), and the percentage increase in the methanol equivalent productivity from

LPMEOH " to LPDME" (*) as a function of H,:CO ratio in the syngas feed.

To understand the dependence of the chemical synergy on the H,:CO ratio of the reactor feed, let
us first determine if the reaction system is limited by thermodynamics or kinetics. If it is the
latter, then what is the rate-determining reaction(s) in the system? This can be ascertained by
simulating the change in MEP while varying the rate constant for each reaction. Figure 3 depicts
the MEP for (1) our base catalyst system (%, k, and k), (2) the system with the methanol
synthesis activity increased by a factor of 4 (4, k,; and k,), (3) the system with the dehydration
activity increased by a factor of 4 (k,,, 4k, and k,,), and (4) the system with the water gas shift
activity increased by a factor of 4 (&, k; and 4k,,). Also shown in the figure is the MEP when
the system is at thermodynamic equilibrium.
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Figure 3: The methanol equivalent productivity as a function of H,:CO ratio in the syngas feed

for catalyst systems with different activities. (x) k,, kq and ky, i.e., the base catalyst system; (®)
ko, 4kq and ky,; (A) 4k, kg and ky,; (0) kp, kg and 4k,; (0 ) at equilibrium.

An examination of Figure 3 leads to four observations. First, the reaction system is kinetically
limited. At the maximum productivity (H,:CO of about 1:1), the MEP with the base catalyst
system (ku, kg and ky,) is only one half of the potential maximum MEP. This observation holds
true even when a space velocity as low as 2000 is used (not shown). Therefore, to understand
the reaction system, one needs to look at the kinetics. Using only thermodynamic equilibrium
calculations is inadequate and possibly misleading.

Second, the rate of the water gas shift reaction is much greater than the rate of the other two
reactions. Quadrupling the rate constant of the shift reaction (case of k,,, k; and 4k,,) results in
little increase in MEP. The simulations also show that the water gas shift reaction is essentially
thermodynamically limited in the entire range of this study.' Therefore, the role of this reaction
in the synergy is to re-adjust the concentration of H,, CO, CO,, and H,O through the
thermodynamic equilibrium among the four components. This could have positive or negative
effects on the synergy, as will be shown below.

Third, both methanol synthesis and methanol dehydration reactions are kinetically limited.

Increasing the rate constant of each of these two reactions results in higher MEP. These two
reactions are not limited by thermodynamic equilibrium because the products from each are
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consumed by other reactions. For methanol synthesis, the methanol produced is consumed by
the dehydration reaction. For methanol dehydration, the water produced is shifted by the water
gas shift reaction. Since methanol dehydration and water shift to hydrogen are in sequence, one
can view the fast water gas shift reaction as the ultimate sink to drive the system away from
equilibrium limitations. In this regard, the water gas shift reaction always has a positive effect
on the synergy.

Fourth, Figure 3 demonstrates that increasing the methanol synthesis rate constant (k,,) produces
a greater increase in MEP than increasing the dehydration rate constant (k). This indicates that
methanol synthesis is more rate determining than methanol dehydration with our base catalyst
system. This is completely true in the CO-rich end of the result, since increasing the dehydration
rate constant has little effect on MEP. As the H,:CO ratio in the reactor feed increases,
increasing dehydration activity starts to show positive effects on MEP. This suggests that the
kinetics of the two reactions become more comparable to each other as the reactor feed becomes
less CO-rich.

In summary, Figure 3 shows that the LPDME " reaction system is kinetically limited. The
kinetics of the water gas shift reaction is much greater than that of the other two reactions. In
terms of its effects on the other two reactions, the water gas shift reaction is essentially
thermodynamically limited. This fast reaction provides the ultimate sink to drive the other two
reactions away from equilibrium. It also re-adjusts the concentration of H,, CO, CO,, and H,O
as the reactions proceed. The kinetics of methanol synthesis is slower than that of methanol
dehydration. Therefore, methanol synthesis is a more rate-determining step between the two
kinetically controlled reactions. However, this difference becomes smaller as the H,:CO ratio in
the reactor feed increases.

This general picture can help us to understand why the synergy depends on the composition of
the reactor feed. Figure 2 shows that there are three regimes in which the synergetic effect
differs greatly. In the CO-rich regime (H,:CO <0.75), the synergy is large (>60%) and increases
rapidly with decreasing H,:CO ratio. In contrast, the synergy is small (around 20%) in the H;-
rich regime (H,:CO >2) and insensitive to the H,:CO ratio. There is also an intermediate regime
(0.75<H,:CO <2) in which the synergy levels off from 60 to 20%. These differences are due to
the interplay among the three reactions in the LPDME™ system. They also depend on how
methanol synthesis alone (e.g., LPMEOH™) is affected by the feed gas composition.

In the CO-rich regime, the productivity for methanol synthesis alone is low (see the LPMEOH™
curve in Figure 2). This occurs because the H, content in the reactor feed is very low compared
to that required by the reaction (H,:CO =2), and H; 1s quickly depleted as the reaction proceeds.
Not only does this affect methanol synthesis due to the poor availability of one of its reactants, it
also quickly brings the system to equilibrium. (Note that the approach to methanol synthesis
equilibrium is defined by fine/(fi2) /fco/Km, wWhere f'stands for fugacity.)

In the LPDME™ system, both problems are mitigated by the dehydration and water gas shift
reactions. The dehydration reaction removes its methanol product, expanding the equilibrium
boundary. Most of the water formed in the dehydration reaction is converted into H,. This self-
generated H, supply enhances methanol synthesis by replenishing the much-needed limiting
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reactant and slowing down the approach to equilibrium. In other words, the methanol
dehydration and water gas shift reaction have three positive effects on methanol synthesis in the
CO-rich regime: (1) consuming methanol to expand the equilibrium boundary, (2) forming H, to
replenish the limiting reactant, and (3) forming H, to slow down the equilibrium. The CO-rich
atmosphere enables these three effects to reach their fullest extent. The water gas shift
equilibrium drives almost all water into H, because the atmosphere is CO-rich. The dehydration
kinetics are much greater than the methanol synthesis kinetics, partly because the lack of H,
slows methanol synthesis, and partly because the dehydration reaction is not hindered by water
(see below). The faster dehydration kinetics keeps the methanol concentration low. Therefore,
the equilibrium barrier for methanol synthesis is minimal. All of these explain why the greatest
synergy is observed in the CO-rich regime.

These arguments are illustrated by the simulated results shown in Figures 4 and 5. Figure 4
depicts the exit composition as a function of reaction feed composition for the base catalyst
system. Indeed, the water and methanol concentration is low in the CO-rich regime. Figure 5
shows the approach to methanol synthesis equilibrium for both LPMEOH™ and LPDME™. A
greater decrease in the approach is observed in the CO-rich regime from LPMEOH™ to
LPDME™.,

10
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Figure 4: The exit concentration of methanol (0), DME (®) and water (A) as a function of
H,:CO ratio in the syngas feed for the base catalyst system. All catalyst activities are in their
base values.

12



60_ O

N
o
1

O

N
o
1

—@— LPDME

—O— LPMEOH

Approach to Equilibrium (%)
3 s
1 1

RN
o
1

0 ! | ! | ! | | ! | ! |

— ,
0.0 05 1.0 15 20 25 30 35 4.0 45
Inlet HZ:CO

Figure 5: The approach to methanol synthesis equilibrium for LPMEOH™ (0) and LPDME™

(®) as a function of H,:CO ratio in the reactor feed.

In the intermediate regime (0.75 <H,:CO <2), all three positive effects of the methanol
dehydration and water gas shift reactions still contribute to the synergy, but to a lesser extent.
First, the kinetics of methanol synthesis improves as the H,:CO ratio increases. The lack of H; is
no longer sharply felt as in the CO-rich regime. Therefore, replenishing H» through the water
gas shift reaction has less effect on methanol synthesis.

Second, the dehydration kinetics is less effective at removing methanol, and therefore it is less
effective at expanding the equilibrium boundary for methanol synthesis. The kinetics of
methanol dehydration no longer dominates that of the methanol synthesis reaction, as evidenced
by the increasing methanol concentration in this regime (Figure 4). This occurs partly because
the kinetics for methanol synthesis is greater due to better H, availability, and partly because the
dehydration reaction is retarded by the increasing amount of one of its products, water, in this
regime (Figure 4). This self-restricting behavior for the methanol dehydration reaction has long
been known [17] and is reflected in our kinetic model (Equation 7). This retardation is
evidenced by the results shown in Figure 4. Although the methanol concentration increases as
the H,:CO ratio increases (higher reactant concentration for dehydration), the DME
concentration decreases (lower dehydration rate), accompanied by increasing water
concentration. The lower dehydration rate is totally due to the water retardation, because the

13



approach to methanol dehydration equilibrium is around 1% in the regime. The increasing water
concentration with increasing H,:CO ratio is determined by the water gas shift equilibrium. In
brief, the decreasing synergy in this regime is due to the diminishing positive effects by the water
gas shift and methanol dehydration reactions as the H,:CO ratio increases.

Now let us explain why there is little synergy in the Hy-rich regime (H,:CO>2). With an even
higher H»:CO ratio, the effect of the methanol dehydration reaction on expanding the methanol
equilibrium boundary becomes even smaller. What further diminishes the synergy is the role
change of the water gas shift reaction. Note that the limiting reactant for methanol synthesis
becomes CO in this regime. Shifting the water formed by dehydration depletes CO, reducing the
availability of the limiting reactant for methanol synthesis. It also accelerates the approach to
methanol synthesis equilibrium (the approach = f,,¢/(fi12) 2/fco/Km). Therefore, the two positive
effects of the water gas shift reaction in the other two regimes become negative in the H,-rich
regime. With the negative effects of the water gas shift reaction and smaller positive effect of
the dehydration reaction, the synergy decreases.

Although these observations were made from a reactor feed containing only H, and CO, the
understanding gained can be applied to more general cases. For example, the above discussion
shows that as H»:CO in reactor feed increases, the three positive effects of methanol dehydration
and water gas shift reactions decrease. This is due to the less favorable equilibrium conditions
for water conversion into hydrogen. It follows then that increasing the CO, content in the reactor
feed should have a similar effect (cf., Equation 3). This is borne out by the simulation shown in
Figure 6: MEP decreases with increasing CO, concentration in the syngas feed, accompanied by
an increase in the water concentration. This agrees well with the experimental observation that
removing CO, in the syngas feed leads to higher productivity [2]. CO; is an undesirable
component in the feed because, like H,, it adversely affects the synergy by building up water, but
unlike H,, CO; does not contribute to methanol synthesis under syngas-to-DME conditions.

14



0.35

34 -
— 7 O\ A
~ 32 AN 4 0.30 —~
c N el o\o
1 ] ~
2 30 h E
= ] Q. N 4025 £
E 284 7 c
S ' O, 4020 ®
~ .7 [
O 26 4 \\6/ =
ul >~ J
D_ | ////, S 8
S 24 /Af \\\\ -4 0.15 g
3 2. o
e - O Jo.10 &
T s I
20 - e S ] -
8 N =<
- //, \O ] m
s g & 0.05
I T I T I T I T I T I T I T I
0 5 10 15 20 25 30 35

CO, in the syngas Feed (mol%)

Figure 6: The methanol equivalent productivity and the exit water concentration as a function of
CO, concentration in the syngas feed. H,:CO ratio is fixed at 1:2.

We can now explain the question asked at the beginning of this section: Why were different
synergetic effects observed in our lab experiments using three different types of syngas (Table
1)? The feed gas in all these cases no longer contains only H, and CO, but also CO,. However,
the collective effect of these three gases on the synergy can be explained in terms of the
[H,]*[CO,J/[CO] ratio in the feed. Since the water gas shift reaction is practically equilibrium

limited, the water level (not measured in these experiments) should be somehow proportional to
this ratio. Then, as expected, the increase in MEP from LPMEOH ' to LPDME" decreases with
an increase in this ratio, accompanied by an increase in the experimentally measured methanol
concentration (Figure 7).
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Figure 7: The MEP increase from LPMEOH™ to LPDME™ and the exit methanol
concentration as a function of the [H,][CO,]/[CO] ratio in the syngas feed.

The results discussed above have the following process and commercial implications.

(1) There is considerable synergy under CO-rich conditions. Therefore, for a fixed CO-rich
reactor feed (e.g., coal-derived syngas in a once-through operation), the syngas-to-DME
process will give a much higher MEP than the syngas-to-methanol process. In practical
process engineering terms, this means that there is a potential for greater operating flexibility
in an electricity-chemical co-production arrangement with IGCC.

(2) It is preferred that CO, in the feed be minimized.

(3) The DME system is far from reaching its thermodynamic equilibrium limitations. If the
reaction rates could be increased by development of more active catalysts, syngas-to-DME
would be a very attractive process for syngas conversion.

3.2. The Best Feed Gas Composition for the LPDME™ Process

While the previous subsection focuses on the mechanism of the chemical synergy, i.e.,

comparison between LPDME™ and LPMEOHT™, this subsection concentrates on the best
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reactor feed composition for the LPDME™ process and the underlying mechanism. As shown in
Figure 2, although the chemical synergy in syngas-to-DME is better utilized under CO-rich
conditions, the maximum MEP is obtained between H,:CO ratios of 1:1 and 2:1, not at the CO-
rich end. This can be ascribed to the trade-off between the best syngas composition for methanol
synthesis and that for the synergy, since methanol synthesis is favored by a H,-rich environment
with the maximum rate at a H,:CO ratio of 2:1 (see the LPMEOH ' curve in Figure 2). A
detailed mathematical analysis of this trade-off is given in this subsection. We will first develop
an approach for analyzing the best reactor feed for a single reaction system. The LPMEOH™
system will be used to illustrate this approach. Then the approach will be extended to analyze
the best feed for LPDME™, a more complex, multi-reaction system.

3.2.1. A General Approach for Analysis of the Best Reactor Feed - Two-Term Approach

The rate expression of reversible reactions, in general, can be expressed as

R=®(p, ,k;,K,)1~appr.) (8)

where appr. is the approach to reaction equilibrium, defined as
appr.=[p! /K )

In Equations 8 and 9, p; is the partial pressure of Species i; k; and K; in Equation 8 are the rate
constants and adsorption equilibrium constants, respectively; and U; and K in Equation 9 are the
reaction stoichiometric coefficient of Species i and the reaction equilibrium constant,
respectively. The important step in the current approach is to break down this rate expression
into two terms.

The first term is ®(p, ,k;,K,). The physical meaning of this term is the rate of forward

reaction, or RFR. When appr. is zero and the reaction is completely controlled by the kinetics,
the reaction rate equals RFR. Therefore, we call this term the "kinetic component of the reaction
rate." The specific form of RFR varies from one system to another. Among the simple forms is
the power law expression. For the Langmuir-Hinshelwood type of models for heterogeneously
catalyzed reactions, RFR is generally a function of the partial pressures of the reactants to certain
powers, divided by some dependence on the adsorption of reactants and/or products on the
catalyst.

The second term, (/-appr.), is the thermodynamic driving force of the reaction. When appr.
equals one, i.e., the reaction is at equilibrium, the reaction rate is zero. We call this term the
"thermodynamic component of the rate expression" and denote it as TDF (Thermodynamic
Driving Force).

With these definitions Equation 8 becomes
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R = RFRIIDF (10)

We decompose the reaction rate into the two terms for the following reasons. As shown later,
these two terms are essential components of the reaction rate, governed by two different
mechanisms. RFR is defined by the kinetics of the reaction and TDF by the reaction
stoichiometry or thermodynamics. Since the dependence of these two terms on the feed
composition is usually different, analysis of the best feed composition for the reaction rate, the
combined form of the two components, is often seemingly ill defined and case specific, in
addition to possessing a mathematical complexity that makes analytical solutions difficult.
When the rate is decomposed into its essential components, general analysis can be conducted
for each component. Combining these individual understandings would allow one to understand
the effect of the feed composition on the overall rate of the reaction. The simpler mathematics
involved also facilitates the analytical solutions.

This approach also has practical implications. When the reaction is kinetically controlled
(irreversible, large equilibrium constant or small conversion) or thermodynamically controlled
(small equilibrium constant or large conversion), the understanding and results developed from
the individual analysis can be applied directly.

Since our goal is to minimize the size of a reactor for a given productivity or maximize reactor
productivity for a given reactor size, a reactor model is needed for the analysis. For
mathematical simplicity, we chose the well-mixed reactor under steady-state operating
conditions. With this selection, the volumetric space-time yield of a desired product i, F,
becomes

F 11
7’:R=RFR[TDF (1)

where V' is the reactor volume. Equation 11 shows that for this reactor type, optimizing the
space-time yield or minimizing reactor volume becomes exactly the same as optimizing the
reaction rate. Furthermore, one needs to deal with only two compositions, the feed and effluent
compositions, with the latter being the same as the composition throughout the reactor.

One can determine the best feed composition for the kinetic component of the reaction rate by
solving

ORFR| _ . (12)
ox !¢

In Equation 12, x is the parameter that defines the feed gas composition, and ¢ is the extent of the
reaction. One of the physical meanings of Equation 9 is as follows. If the reaction is determined
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by the kinetics, as in appr. <<1 and F% = RFR (cf. Equation 8), the feed composition derived

from Equation 12 will give the smallest reactor size for a given &. This is equivalent to
maximizing product yield (or total conversion) for a given reactor volume, since F; is
proportional to &, and 0&/0x is set to zero in solving Equation 12.

Likewise, the best feed for the thermodynamic term of the reaction rate can be obtained by

solving

0TDF
Ox

__ a(appr.)‘ ~0 (13)
3 Ox é

The physical meaning of Equation 13 is that for a given &, the feed composition derived from
Equation 13 will give the greatest driving force, and therefore, the largest contribution from the
thermodynamic term to the reaction rate. Note that TDF is bounded by 1 (at the onset of the
reaction) and 0O (at reaction equilibrium). The greatest driving force means that the distance
between the given § and the extent of the reaction at equilibrium, E*, is the greatest for the feed
composition derived from Equation 13. In other words, the best feed composition gives the
greatest £, and solving Equation 13 is equivalent to finding the feed that gives maximum
equilibrium productivity or total conversion. Therefore, an alternative way to find the best feed
composition for TDF is to solve

d_f*:() (14)
dx

using the equilibrium equation. Equations 13 and 14 are mathematically equivalent. Equation
14 clearly shows that the best feed composition for TDF is a thermodynamic property of the
reaction, independent of process parameters such as the extent of reaction, reactor volume, and

the type of reactor.

3.2.2. Illustration of the Approach Using a Single Reaction System with Power-Law Rate
Expression

This section illustrates the approach using a general, single-reaction system

aA +bB = 1R +sS (15)

with a power-law rate expression

R =kp$pj(1-appr) (16)
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The reactor feed and effluent compositions for this reaction are:

A B R S Total
Feed: NA°=(1-x)N°  Ng® =xN° Ng° Ng° N°+NR*+Ng° (17)
Effluent:  (1-x)N°-ag xN°-b§  Ni°+rg Ns° +s& N°+Ng’+ Ns"~(a+b-r-s)& (18)

All quantities in mass balance Equations 17 and 18 are in moles. The ¢ stands for the extent of
reaction, and x is the variable we will optimize against to find the best reactor feed. Note that x
is no longer the molar fraction of reactant B in the reactor feed if the feed contains product
species (NR° # 0, Ni° # 0) and/or inerts (not shown). It relates to the ratio of the two reactants by

x=1/(1+R), where R= N /N}.
The Best Feed for the Thermodynamics
For a single reaction system, a general equation of the best feed for the thermodynamic

component of the reaction rate can be derived from Equation 13, since appr. has a general form
as shown in Equation 9. For the reaction defined by Equation 15,

PiPs (19)

appr. ===
Kp,p g

Solving Equation 13 along with Equation 19, one obtains

Ps best

where BR stands for the best ratio of the reactants in the reactor or under reaction conditions for
TDF. Equation 20 indicates that when BR agrees with the reaction stoichiometry, the reaction
has the best TDF. Combining Equation 20 with Mass Balance Equation 18 gives

NY) _1-x _a (21)
NO best X b

B

Equation 21 shows that the best feed for the thermodynamic component of the reaction rate is
that which agrees with the reaction stoichiometry. This kind of feed is generally known as
"stoichiometric" or "balanced" feed. It is common knowledge that the stoichiometric feed gives
the best overall conversion, or materials utilization. The above analysis shows that it also gives
the best thermodynamic driving force for the reaction. Note that Equation 21 is not a function of
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the extent of reaction (§). This means that this ratio is solely determined by the reaction
stoichiometry. It remains constant as the reaction progresses and the best driving force condition
in the reactor defined by Equation 20 is always satisfied. For practical concerns, this implies that
the best feed composition for the thermodynamic part of the reaction rate is independent of
process parameters such as residence time or reactor volume. Therefore, the observation applies
to any type of reactor.

The Best Feed for the Kinetics

Unlike the thermodynamic part of the problem discussed above, there is not a general form for
RFR; it varies from one reaction system to another. Even for a given reaction, the form of RFR
can be different, depending on how it is derived and what mathematical form one selects to
represent the kinetics. For illustrative purposes, we will use a RFR with the following power-
law form (cf., Equation 16)

RFR = kp’ p? (22)

Solving Equation 12 along with Equation 22, one obtains

P5 ) ey 14

Equation 23 indicates that when the ratio of the two reactants in the well-mixed reactor is the
same as the ratio of the orders of the reaction with respect to each reactant, one has the greatest
RFR for a given extent of reaction. BR in Equation 23 stands for the best ratio of reactants for
RFR in the reactor. Substituting mass balance Equation 18 into Equation 23, one obtains

b B . (24)
(N_jj _a 1—(2—;)af/N
gbest B a_a 0
1+(,3 b)b{/N

Equation 24 gives the best feed composition for the kinetic component of the reaction rate.

To understand the physical meaning of Equation 24, we will define another two concepts. The
first one is Deviation,

_ (25)

Deviation =

IS
SR
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And the second one is Feed Adjustment,

26
1—(9—5)615/1\70 20
FA = a a

a a 0
1+(E JHEIN

When Deviation is zero (0/3 = a/b), we say that the kinetics of the reaction (RFR) agree with the
reaction stoichiometry. In this case, F4A =1 and (N j /N g Ybest 1S iIndependent of the extent of
reaction (). That is, one can start the reaction with the ratio of the two reactants at a/f3, and this
ratio remains unchanged as the reaction progresses. For any given extent of reaction, the BR
defined by Equation 23 is always satisfied. In contrast, when Deviation is not zero (0/p # a/b),
or when the kinetics of the reaction (RFR) deviate from the reaction stoichiometry, ( N 2 /N g Yest
depends on the extent of reaction. That is, if one wants the best ratio of the two reactants in the
reactor as defined by Equation 23 for a given extent of reaction (§), the ratio in the reactor feed
needs to be adjusted away from a/f3 by a factor of FA.

The Best Feed for the Reaction

Equation 21 and Equation 24 define the bounds of the best feed composition for the overall rate
of the reaction. For this simple reaction system with a simple power-law rate expression, a
simple equation of the best ratio of reactants for the overall reaction can be derived by solving

R _, (27)
ax ¢
X
This gives
(&] — BR = a(l—appr.) +alappr (28)
129 B —appr.) +b Lappr.

Equation 28 clearly shows that RFR and TDF are two essential components of the reaction rate.
This equation reduces to Equation 23 at a low approach to equilibrium (BR for the kinetic
component of the reaction rate). For a high approach to equilibrium, it approaches Equation 20
(BR for the thermodynamic component of the reaction rate). For the intermediate region, the
best ratio for the overall reaction can be calculated from Equation 28 once ¢ (a design parameter)
is given. The best feed composition for the overall reaction can then be obtained using mass
balance Equation 18.
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General Applicability

Although the derivation in the last section is based on the reaction defined by Equation 15, the
results are not limited by the specific form of the reaction, namely, the number of the reactants
and products in the reaction. This is rigorously true for the results from the TDF part of the
analysis. First, the partial pressures of products are a function only of the extent of reaction,
independent of reactor feed composition. They will drop out during optimization. Therefore, the
number of products in a single reaction system is not a factor in optimization. For a single
reaction system containing more than two reactants, it can readily be shown that under the
reaction conditions for TDF, the best ratio of any pair of reactants, reactants 7 and j, is U; /U;. The
same is true for the ratio of reactants i and j in the best reactor feed. This means that the best
feed composition for TDF is the composition defined by the reaction stoichiometry. Therefore,
the observation on the best feed composition for TDF from the above analysis can be applied, in
general, to any single reaction system. That is, the stoichiometric or balanced feed gives the
maximal thermodynamic driving force to the reaction, independent of the extent of reaction.

This observation may not apply to multi-reaction systems, as shown below. Physically, the
optimization depends upon the logistically best supply of reactants to the reaction. The
stoichiometric feed prevents any one reactant from becoming the limiting reagent or prevents the
reaction system from approaching equilibrium prematurely as a result of short supply of one of
the reactants.

The results from the RFR part of the analysis in the last section are based on (1) a power-law
form RFR and (2) a single reaction system containing two reactants. However, the results are
not limited by Condition 1. First, the concept BR itself is general for any single reactions,
regardless of the mathematical representation of their kinetics. Physically, there is always a ratio
of the reactants under the reaction conditions that gives the maximal RFR for the reaction. Using
Equation 12 this ratio can be calculated, analytically or numerically, for any mathematical
representations of RFR. Or BR can simply be obtained by experimental measurements, such as
measuring the reaction rate as a function of feed composition at low conversion. Once BR is
known, Deviation and FA can be calculated by Equations 25 and 28, respectively. Note that
only mass balance is involved in going from Equation 20 to Equations 25 and 28. Therefore,
these two equations are applicable to any single reaction systems, regardless of the form of the
rate expression. The only modification necessary is to replace /3 with BR in these two
equations.

For a single reaction containing more than two reactants, BR, Deviation and FA can still be used
to define the problem. If the optimization is between two of the reactants, the results shown by
Equations 23, 25 and 26 remain valid. However, if the optimization is among all of the
reactants, the mathematics will be different, and the specific results shown in these equations will
not be applicable.
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3.2.3. Applications to Syngas-to-Methanol Reaction System

Syngas-to-Methanol Reaction System without Water Gas Shift Reaction

The syngas-to-methanol reaction system is described by Equation 1. In general, this reaction is
accompanied by the water gas shift reaction (Equation 3) because commercially used,
copper-based methanol synthesis catalysts also possess water gas shift activity. However, if the
feed gas does not contain a significant amount of CO, and/or water, the water gas shift reaction
is negligible, and one can consider this a single reaction system, similar to the general case
discussed above. Therefore, the results in the last section can be directly applied. From
Equation 21, we know that the best feed composition for the thermodynamic component of the
reaction rate (TDF) is

[N?”) _a_, (29)
b

That is, a H,:CO ratio of 2 in the feed syngas will provide the best thermodynamic driving force
for the reaction. For the kinetic part (RFR), let us use the power law rate expression we have
used in our lab work, as described in Section 2,

(30)

Rm = kmpll-]IZPgO (1 - pCH;)OH )
K, Pu:Feo
where Subscript m stands for the methanol synthesis reaction. Ratio o/f3 in this empirical kinetic
model happens to be to 2. Therefore, the Deviation of the kinetics from the reaction
stoichiometry equals zero, and the best feed composition for the kinetics part of this reaction
system is

(Ngzj _a_, (31
Neo 4

This is the same as the best feed composition for TDF and independent of the extent of the
reaction. Therefore, methanol synthesis is a simple reaction system, and the best H,:CO ratio in
the feed will always be 2. The analysis agrees well with the observations from our computer
simulation using Equation 30 and a well-mixed reactor model (see the LPMEOH™ curve in
Figure 2). It is also consistent with what is well understood in the methanol industry.
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Syngas-to-Methanol Reaction System with Water Gas Shift Reaction

If the feed syngas contains a significant amount of CO, and/or water, the water gas shift reaction
assumes importance, and the methanol synthesis process becomes a two-reaction system
(Equations 1 and 3). The equations derived above no longer apply to this multi-reaction system.
However, we will demonstrate that the two-term approach can still be used to provide the
equations for calculating the best reactor feed and insightful information.

Let us start with the mass balance. Assuming the reactor feed does not contain methanol, the
initial and final compositions of the reaction system become

H, CcO CH;0H H,0 CO,
Initial (1-x)N° xN° 0 N°m20 Ncoz (32)
Final (1-x)N°-2&,+&, xN°-&1-& & N°mo-§2  N°coatés (33)

where §; and &, are the extent of reaction for methanol synthesis and water gas shift,
respectively.

Before the two-term approach for a multi-reaction system can be used, the optimization must be
targeted at one of the reactions. Since the product of interest in this case is methanol, the
methanol synthesis reaction is the target reaction. Therefore, the problem again becomes to
maximize the rate shown by Equation 30.

First, let us analyze the best feed composition for TDF. Applying Equation 13 to this case, one
has

0DF
Ox

__O(appr.)

4 Ox

__ 0 ( Pcuson jzo (34)
f' K

Ox mp12-12pC0

Solving Equation 34 one obtains

(—p’“j =BR=2 )
pCO best

Substituting Mass Balance Equation 33 into Equation 35 gives

3é (36)
0 -2
[NﬂzJ -9 2 N°
NgO best 1+3i
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Now let us look at the best feed for RFR. Applying Equation 12 to this case one has

ORFR| _0(pf,ply)| _ 37)
&~ ‘51 =0
Ox Ox
Solving Equation 37 one obtains
(38)
[sz j = BR = g =2
pCO best ﬁ
Substituting Mass Balance Equation 33 into Equation 38 gives
[3EY (|36 (39)
[N,"HJ _a| o N |, 2N
) Bl LS | T
NCO best ﬁ 1+3N720 1+3N720

which is the same as Equation 36. This is expected, because a/[3 happens to be equal to a/b with
the power law rate expression we use. Note that the BRs for the TDF (Equation 35) and RFR
(Equation 38) in this two-reaction system are the same as those derived for a single reaction
system (Equations 20 and 23). However, this is only a coincidence. In general, the extent of
other reactions in a multi-reaction system would appear in BRs if the reactants in the target
reaction are also involved in other reactions. This will be discussed in detail later.

The effect of the water gas shift reaction is apparent in the final results (Equations 36 and 39). A
term similar to /4 appeared, making the best feed a function of the extent of the water gas shift
reaction, &,. The physical meaning of this F4 term is as follows. In the methanol-synthesis-only
case, once H; and CO in the reactor feed are balanced or stoichiometric (H,:CO =2), the ratio of
the two reactants will not change as the reaction progresses, and the TDF will be maximal at any
extent of the reaction. Since /3 happens to be equal to a/b in this case, the same explanation
applies to RFR. However, in the current two-reaction system, the two reactants, H, and CO, are
not only consumed by the methanol synthesis reaction, but also re-proportionated by the water
gas shift reaction. Therefore, to satisfy the best ratio for the TDF (Equation 35) and RFR
(Equation 38), one must adjust the reactor feed away from 2, depending on the extent of the
water gas shift reaction (,). Equations 36 and 39 provide the formulations for this adjustment.

This discussion can be mathematically illustrated by rearranging Equation 33 or 36, which leads
to
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No,+E (40)
Ngo _52

Equation 40 indicates that every &, mole of water gas shift reaction adds &, moles of H, to the
system and consumes &, moles of CO. Therefore, if &, is known, one can adjust the amount of
H; and CO in the reactor feed accordingly to make the H,:CO ratio in the reactor 2, which is the
best ratio for methanol synthesis (cf. Equation 35 and Equation 38).

A module, as shown below, has been used in the methanol industry to describe the composition
of the fresh syngas feed to the methanol synthesis reactor.

0 _ A70

M o NHZ NCOZ
N2 + N

Cco CO2

It is believed that an M value of 2 gives the best syngas composition. Note that the left-hand side

of Equation 40 has the same form as the module, except that -, is in place of N°coy. To
reconcile this difference, one must assume that all CO, in the feed gas would be shifted to CO
under methanol synthesis conditions. As shown below, this assumption is not true. If the
industrial module was formulated on this assumption, this module, at best, is only an
approximation and an approximation applying only to H,-rich feed gas.

We have observed in the lab that water gas shift is much more rapid than methanol synthesis.
The reaction is practically at equilibrium under most conditions in that a further approach to
equilibrium would have negligible effects on H, and CO concentrations. Therefore, for a H,-rich
feed gas containing CO; but no water, as in most industrial cases, §, can be calculated from
Equation 35 or 36 and the equilibrium equation for the water gas shift reaction. This changes
Equation 40 into

N(f)[ L= A Ngoz _ for Hy-rich syngas with N°g0=0 41)
0 0
Neo + AN,

where A=2/(2+Ky,), with K, being the equilibrium constant of the water gas shift reaction. Note
that K, >>2 at methanol synthesis temperatures (e.g., K= 83 at 250°C). This means A;<<1 and
Equation 41 cannot be reduced to the conventional module. In other words, the feed module
used by the methanol industry is only an approximation.

If the feed gas is CO-rich, containing water but no CO,, one can obtain
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NE]Z +A, Ngw _ for CO-rich syngas with N°co2=0 (42)
0 0
Neo =Ny

where A\, = K, /(2+Ky) =1. This module has not been seen in the methanol synthesis literature
because the current methanol process uses H,-rich syngas. However, the more recently
developed liquid phase methanol technology (LPMEOH™) can use CO-rich gas directly, and
there will be occasions when water injection is needed as an additional hydrogen source. In this
case, the module shown in Equation 42 defines the best feed composition.

3.2.4. The Best Feed Composition for the Syngas-to-DME Reaction System

The single-step syngas-to-DME process is carried out over a catalyst system that possesses
methanol synthesis, water gas shift, and methanol dehydration capability. The process contains
three simultaneous reactions as shown by Equations 1, 2, and 3. The additional methanol
dehydration reaction provides a cross-link between the methanol synthesis and water gas shift
reactions by consuming the product of methanol synthesis, methanol, and feeding the water gas
shift reaction with one of its own products, water. This makes the system much more complex
than the two-reaction system discussed above.

We have tried to understand the best H,:CO ratio for this reaction system by simulations using
the kinetic models for the three reactions, as discussed in Section 3.2. The products of interest in
this case are DME and methanol. Therefore, the target reaction for optimization is the methanol
synthesis reaction, and the target productivity is so-called methanol equivalent productivity
(MEP). MEP is defined as the space time yield of methanol plus 2 times the space time yield of
DME. As shown in Figure 8, for a feed containing only H, and CO, the best H,:CO ratio varies
with the space velocity, shifting from around 2 at high space velocity to around 1 at low space
velocity. While the simulation provides the specific answers we need for the given conditions, it
does not provide a general answer for a wide range of conditions, nor does it provide any
mechanistic understanding.
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Figure 8: The methanol equivalent productivity as a function of the H,:CO ratio in the reactor
feed at different space velocities.

We will demonstrate in this section that the two-term approach can be applied to reaction
systems as complex as the single-step syngas-to-DME reaction system. The equations for
calculating the best feed composition for RFR and TDF can be obtained from the analysis. It
provides additional insights into experimental and simulated observations such as those shown in
Figure 8.

Let us start with the mass balance. For simplicity, we will use a feed that contains only H, and
CO. The reactor feed and effluent compositions are

H, CO CH;0H DME H,O CO, Total
Feed  (I-x)N° KN° 0 0 0 0 N (43)
Effluent (1-x)N°-4&,+& xN°-2&;-& 2(§1-&3) &3 &-& & N°-4&,  (44)

&1, & and &; in Mass Balance Equation 44 are the extent of reaction for methanol synthesis,

water gas shift and methanol dehydration, respectively. Note that §; is defined based on the
stoichiometry shown in the following reaction equation:

4H, +2CO = 2CH;0H (45)

29



As mentioned above, both DME and methanol are desired products, and the target reaction in
this three-reaction system is the methanol synthesis reaction. The problem then becomes similar
to that in the syngas-to-methanol cases discussed above. That is, one must solve Equations 12
and 13 for the power law rate expression shown in Equation 30.

The Best Feed for the Kinetics
Let us first examine the best H,:CO ratio in the reactor feed for the RFR. Solving Equation 12 at

a fixed &; along with the RFR part in Equation 30, one obtains BR

(_szJ :BR:E:Q (46)
pCO best ﬂ

Combining Equation 46 with Equation 44yields the best H,:CO ratio in the reactor feed for the
RFR, namely

0 34 (47)
[NHZ J - 2 2 NO
0
NCO best 1+37£2

The results shown in Equations 46 and 47 are the same as those in the syngas-to-methanol-with-
water-gas-shift case (Equations 38 and 39). For the same reason as that discussed in the previous
methanol-synthesis-plus-water-gas-shift case, &, appears in the feed adjustment term (FA). Note
that the extent of the methanol dehydration reaction, &3, has no effect on deriving Equation 46
and does not appear in FA. This occurs because the reaction does not involve H, and CO, and
RFR is only a function of H; and CO. Furthermore, the dehydration reaction does not change the
molar amount of total species in the system. Without these two coincidences, Equations 46 and
47 would have been more complex.

Equation 47 shows that the best H,:CO ratio in the reactor feed is 2 for ;= 0, and the ratio
decreases with increasing &,. In principle, the lower boundary of this ratio can be obtained if one
knows the value of &, at equilibrium. However, it is difficult to do so analytically because it
requires solving four non-linear equations simultaneously (three equilibrium equations plus
Equation 47). However, one can plot Equation 47 as a function of &, to visualize how the best
feed ratio for RFR changes with &,. As shown in Figure 9, the best ratio in the feed for RFR is a
strong function of &, approaching a value of 1 quickly as &, increases. Figure 9 shows the &, /N°
value as a function of space velocity under some typical syngas-to-DME reaction conditions,
where Subscript optimal means that the &, /N° value corresponds to the best feed ratio for the
given space velocity.
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Figure 9: The best H,:CO ratio for the kinetics of the syngas-to-DME system as a function of the
extent of the water gas shift reaction.
The Best Feed for the Thermodynamics

Solving Equation 13 at a fixed §; along with the DF part of Equation 30, one obtains the BR for
the TDF as

(@J :BR:2(1— 06, /0% Pun J 49
best

Pco N’ —0&,/0x Peyson

Note that the BR is no longer simply equal to 2, as in the previous two cases. It is now a
function of the extent of the other two reactions, &, and &;. This occurs because methanol, which
appears in appr., no longer drops out during optimization. Instead, it is a function of the
methanol dehydration reaction, which in turn is a function of the water gas shift reaction.
Although Equation 48 illustrates the coupling among three reactions, it does not provide the
numerical answer for the BR. However, it does show that the BR for the TDF is less than 2,
since the term in parentheses must be greater than zero. This indicates that the presence of the
other two reactions shifts the BR for the TDF toward a more CO-rich regime.
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Unfortunately, an analytical solution more explicit than Equation 48 cannot be obtained, so it is
not possible to determine how the BR for the TDF in this system is affected by the other two
reactions or to derive an equation for calculating the best feed composition for the TDF. Even
solving Equation 13 numerically for this reaction system is a formidable task. As shown in
Equation 48, this would involve calculating the extent of the other two reactions and how they
vary with the feed composition. This requires a knowledge of the kinetics of the other two
reactions. However, as discussed in Subsection 3.2.1, maximizing the TDF (Equation 13) is
equivalent to maximizing the equilibrium extent of the reaction (Equation 14). This means that
one can calculate the equilibrium syngas conversion of this reaction system as a function of the
H,:CO ratio in the reactor feed. The feed composition that gives the maximum equilibrium
syngas conversion will also be the composition that gives the best TDF. In this equivalent
approach, one needs only to solve the equilibrium equations for the three reactions
simultaneously, without knowing the kinetics of the other two reactions. This calculation has
been conducted numerically (Ref. 10 and the equilibrium curve in Figure 3). It shows that the
maximum equilibrium syngas conversion is achieved at a H,:CO of 1. That is, the best feed
composition for the TDF of the methanol synthesis reaction in this system is

[Ngz J . (49)
Ngo best

The Best Feed for the Reaction

It would be even more difficult to derive an equation for the best feed composition for the overall
rate of the reaction. However, Equation 49 shows that the best H,:CO ratio in reactor feed for
the TDF is 1. Figure 9 shows that the best feed ratio for the RFR is 2 at very low conversion, but
as the reactions proceed, it quickly approaches 1. Therefore, as we have observed in the
simulation results shown in Figure 8, the expected best ratio for the reaction is between 2 and 1,
but closer to 1 for a reasonable conversion. We now understand why the H,:CO ratio in the feed
for the maximum productivity shifts from 2 at high space velocity toward 1 with decreasing
space velocity.

3.2.5. Discussion

At the heart of the two-term approach is a concept introduced in the above discussion: the best
ratio of the reactants in the reactor or under reaction conditions (BR). It can be generally stated
that, for a given reaction, there is a composition of the reactants (or a ratio of reactants for two-
reactant systems) under the reaction conditions that gives the maximum rate of the reaction.
Once this composition, or BR, is known, one can always satisfy it by adjusting the feed
composition through simple mass balance. However, the best composition under the reaction
conditions, or BR, for the overall rate of the reaction is often a function of the extent of reaction,
and is difficult to determine. This is illustrated by the results shown in Equation 28 for the
general single reaction system. The BR for the overall rate of the reaction shifts between the BR
for the RFR and the BR for the TDF, depending on the approach to equilibrium (the extent of
reaction).
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The problem becomes better defined and easier to solve when the reaction rate is separated into
its two essential components, the TDF and the RFR. For the single reaction system, the BR for
the TDF is determined by the reaction stoichiometry or the thermodynamics, independent of the
extent of the reaction (cf., Equation 20). The same holds true for multi-reaction systems if the
products of the target reaction are not involved in the other reaction. Otherwise, the BR for the
TDF, in principle, will be a function of the extent of the other reactions in the system. Even in
this case, the problem is still defined by the thermodynamics and can be solved when the kinetics
of all reactions are not known. This is clearly illustrated in the analysis of the syngas-to-DME
reaction system.

For the single reaction system, the BR for the RFR is the property of the reaction only,
independent of the extent of the reaction (cf., Equation 23). It can be derived analytically or
numerically if the mathematical form of RFR is known, or it can be measured experimentally. If
the reactants in the target reaction of multi-reaction systems are not involved in the other
reactions in the system, for the target reaction, the BR for the RFR will be independent of the
extent of all the other reactions in the system. Otherwise, it will be a function of the extent of the
other reactions. The problem will then become more complex, except in some special cases.

One such special case is the methanol synthesis reaction in the methanol-synthesis-with-water-
gas-shift reaction system and the syngas-to-DME reaction system. Although both reactants for
methanol synthesis, H, and CO, are involved in the water gas shift reaction, the BR for the RFR
in both cases is independent of the extent of the water gas shift reaction (cf., Equations 38 and
46). This, however, is a result of three coincidences. First, the water-gas-shift reaction does not
change the total molar amount of the species in the reaction system. Second, the partial pressure
of methanol, which is the product of the targeted reaction for optimization, is not affected by the
water-gas-shift reaction. Third, although both H, and CO depend on the extent of the water-gas-
shift reaction, their sum does not. Therefore, for a given extent of the methanol synthesis
reaction, (Py, + Pco) is a constant. How this total amount is partitioned between Py, and Pco to

give a maximal p%,p’, for the RFR and a maximal p{,, p’,, for the TDF is not a function of the
extent of the water gas shift reaction.

The linkage of the BRs for the TDF and the RFR to their best feed composition is simple mass
balance. For single reaction systems, the BR for the TDF agrees with the ratio defined by the
reaction stoichiometry. Therefore, the stoichiometric or balanced feed gives the maximum TDF.
This feed gas composition will not change with the extent of reaction, and the BR for the TDF
will always be satisfied. In contrast, the BR for the RFR is often different from the ratio defined
by the reaction stoichiometry. That is, Deviation may not be zero. Therefore, the ratio of the
two reactants in the reactor feed needs to be adjusted (F4) so that the BR can be obtained at the
targeted extent of reaction. In the process of converting the BR to the best reactor feed
composition, generally the extent of other reactions will be introduced into the final equations.
However, once the BR is known, the equations for the best feed composition can be readily
obtained.

General equations for the BR and best feed composition have been derived from the two-term
approach for single-reaction systems. The problem is more complex for multi-reaction systems;
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hence, the results become case-specific. We have applied the two-term approach to the
methanol-synthesis-with-water-gas-shift reaction system (2 reactions) and the syngas-to-DME
reaction system (3 reactions). Useful results have been obtained, although a numerical solution
has to be used in the latter case. In all cases, dealing with the two components individually
makes the mechanistic understanding possible and mathematical derivations simpler.
Determining the usefulness of this approach to multi-reaction systems in general requires
examination of more reaction systems. Mention should be made that the results for the TDF
part, in all of the above cases, should be close to reality, since the reaction stoichiometries are
well defined, and the equilibrium constants are reliable. The results for the RFR part, in terms of
reflecting the reality, are only as good as the power law rate expression we have used in the
analysis.

The approach developed in this work essentially is the analysis of the best starting composition
for a reaction for a given extent of reaction. For a well-mixed reactor under steady-state
operation conditions, this is equivalent to analysis of the best reactor feed composition for the
reactor productivity. For this type of reactor, the extent of reaction is a fixed number. For a plug
flow reactor or a batch operation, the extent of reaction changes with the position in the reactor
or the time of operation. Unless the BRs for both the TDF and the RFR agree with the reaction
stoichiometry (for example, a methanol synthesis-only case), the analysis cannot be applied
directly.

4. The Schemes for the Syngas-to-DME Process Based on the Best Reactor Feed

The principal incentive for developing a single-step syngas-to-DME process is to produce DME
at a cost lower than that of the commercial two-step production process of syngas-to-methanol
followed by methanol dehydration carried out in sequential reactors. The cost penalties of the
two-step process are (1) limited productivity in the syngas-to-methanol reactor due to
equilibrium constraints and (2) the need for a second dehydration reactor and associated
separation units. The single-step syngas-to-DME reaction system allows greater productivity in
a single reactor system because of the synergy among the three reactions. However, downstream
separation in the single-step process is more complex and costly. This trade-off makes it
necessary to optimize the productivity of the reactor in order to produce DME at a lower cost. In
other words, the one-step process will be able to produce DME at a cost lower than the two-step
process only if the methanol equivalent productivity of the reactor in the one-step process is
sufficiently greater than the methanol productivity in the two-step process,

It was demonstrated in the last section that the productivity of the syngas-to-DME reactor is a
strong function of the feed gas composition (H,:CO ratio). For a syngas feed containing only H,
and CO, the maximum methanol equivalent productivity is obtained at a H,:CO ratio of around
1. Note that this observation is obtained for once-through operation. It poses an interesting
challenge of how to incorporate this observation into process development that involves recycle.

The first part of the current section demonstrates that, for the process involving various recycle
schemes, a possible best choice for the overall reaction is, again
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3H, +3CO - CH;0CH; + CO, “4)

This can be achieved by recycling methanol and water along with the unconverted syngas. The
method is a design choice, since the overall reaction scheme in a process with recycle can be
done in many different ways. The detailed reasoning for choosing this overall reaction will be
given below. In brief, given the right feed gas composition at a H,:CO ratio of 1:1, this
configuration results in optimal DME productivity and materials utilization, and therefore could
be a good basis for future commercial processes. Furthermore, this example demonstrates the
importance of feed gas composition in developing one-step syngas-to-DME processes.

The second part of this section deals with the issues associated with the overall reaction shown in
Equation 4. This design choice sacrifices one third of the carbon in the syngas to CO,. This
means low carbon utilization. Generation of CO, in the process may also be an environmental
concern, since CO; is a greenhouse gas. The second issue associated with the reaction scheme is
the mismatch between the best syngas gas composition for this configuration (H,:CO ratio of
1:1) and the composition of the syngas that can be generated by commercially available
conversion units. The H,:CO ratio from most syngas generation units is not 1:1, except for the
case of the CO,-methane reformer. For coal-derived, CO-rich syngas, this problem can be
solved readily by injecting water into the reactor to provide the extra hydrogen through the water
gas shift reaction. However, lowering the hydrogen content in natural gas-derived, H,-rich
syngas is not straightforward. In the second part of this section, we propose the process concepts
and schemes that result from integration of the syngas-to-DME reaction with syngas generation
units. The overall reaction is shown in Equation 4. This integration simultaneously solves the
above-mentioned two problems. We further demonstrate through simulations that these process
schemes encompass commercially relevant conditions. With these process schemes to eliminate
CO, emissions and derive 1:1 syngas and with the syngas-to-DME reactor running at the optimal
productivity, we believe that one can develop commercially cost-effective, one-step, syngas-to-
DME processes that produce DME.

4.1. Simulation Details

The details about the kinetic models and the reaction conditions for the syngas-to-DME reactor
are the same as those given in Section 2. Commercially relevant conditions were used for
simulations of syngas generation units. The CO,-methane reformer and the steam methane
reformer were simulated by thermodynamic equilibrium model. The methane partial oxidation
reactor was modeled with a kinetic model that is based on our knowledge of the commercial
performance of the reactor. The detailed information for each simulation is given when a
specific example is discussed. The separation units were simply specified to provide the desired
separation; all separations can be achieved using commercially available technologies. The
ASPEN PLUS process-simulating package was employed in all simulations.

4.2. Selection of a Recycle Scheme and Overall Reaction

Choosing a process configuration with recycle for our study is a complex issue. Recycle
introduces additional variables such as recycle-to-feed ratio and the choices of species to be
recycled. Different selections give different kinetic performance and overall reactions. Our
criteria in selecting the recycle scheme are (1) the best productivity in the syngas-to-DME
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reactor and (2) a simple, well-defined yet commercially relevant overall reaction for our kinetic
study and conceptual development of process schemes.

First, reactor feed ratios of H,:CO less than 1.5 were chosen, since this is the region where the
chemical synergy becomes significant and great productivity improvements can be obtained.
The choice of species for recycle is complex, since the reactor effluent contains CO,, water, and
methanol as well as unconverted syngas. Due to the imbalance in the carbon-to-oxygen ratio
between the feed (1:1 in CO) and the product (2:1 in DME), the extra oxygen must be rejected
either as CO,, H,0, or both. In this study we chose to reject CO,. In the regime of interest
(H2:CO <1.5), CO; is formed in large excess to water. Recycling CO; to the reactor to convert
the excess oxygen to water would have accumulated a large amount of CO; in the recycle loop
due to the shortage of H,. A high concentration of CO;, would hurt the chemical synergy, and
therefore, DME productivity, by (1) diluting the feed and (2) building up water in the reactor, as
shown in Section 3.1.

Our chosen scheme includes water and methanol in the recycle loop, along with the unconverted
syngas. As shown below, recycling water and methanol has little impact on the kinetics of the
reaction system for the regime of interest (H,:CO <1.5). Thus the choice simplifies the overall
reaction into a well-defined form (Equation 4) without narrowing the validity of the study.
Furthermore, methanol and water recycle may also be a practical arrangement. It avoids dealing
with methanol as an undesired by-product or using a second reactor to convert methanol to DME
and avoids separation of water from methanol.

The process configuration based on these selections gives the overall reaction shown in Equation
4. It has the potential to provide optimal productivity and may form a good base for developing

commercial one-step syngas-to-DME process packages. Furthermore, it is simple, and therefore
useful, for our kinetic study, especially for conceptual developments of process schemes. Based
on our understanding of the reaction system as discussed in Section 3, this is a configuration that
has good commercial potential. Our selection of this process scheme does not imply that it is the
only configuration that will meet our stated objectives.

4.3. Dependence of DME Productivity and Material Utilization on the Feed Gas
Composition in the Recycle Case

This sub-section demonstrates how DME productivity depends on the feed gas composition in

the recycle case. The results are obtained through simulations. The process diagram used in the
simulation is shown in Figure 10.

(H,, CO, CH,OH, H,0)

| » purge
CO, H, Yy .| DME = Product CH;OCH;
"1 reactor ”| separation [ CO,

Figure 10: DME production from syngas with syngas, methanol and water recycle.
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The purge stream is used to avoid building up too large a recycle stream of inerts. The fresh feed

contains only H, and CO. The reaction conditions are 250°C, 5.2 MPa, and 2000 sl/kg-hr total
feed (fresh feed plus recycle). The recycle-to-purge ratio is set at 4:1. The H,/CO ratio in the
feed was varied.

The results from this simulation are shown in Figure 11. A very strong dependence of the DME
productivity on the H,:CO ratio in the FRESH feed gas is observed. The maximum productivity
(10.9 mol/kg-hr) occurs at a H,:CO ratio of 1.0. The productivity drops by about 65% and 44%
when the ratio changes to 0.5 and 1.5, respectively. This demonstrates the importance of feed
gas composition in process design.
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Figure 11: The effect of H,:CO ratio on DME productivity and materials utilization.

Figure 11 also shows the carbon and hydrogen utilization, or the molar fraction of the carbon or
hydrogen in the fresh syngas feed incorporated into DME, as a function of the H,:CO ratio in the
fresh reactor feed. The carbon and hydrogen utilization by Reaction 4 with no purge would be
67% and 100%, respectively. The reduction of carbon utilization in the CO-rich range (H,:CO
<1) is due to the unbalanced feed. Insufficient H, in the feed causes CO to accumulate in the
recycle loop, and from there, it is lost to the purge. Above 1:1, the carbon utilization approaches
the expected value of 67%. However, hydrogen starts to accumulate in the recycle loop and is
lost through the purge stream. Thus, hydrogen utilization decreases as H,:CO ratio increases.
Clearly, optimal overall materials utilization is achieved at a 1:1 H,:CO ratio. This behavior is
expected, as 1:1 is the stoichiometric feed for Reaction 4.
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A more important feature revealed by the above simulation is the coincidence of the optimal
H;:CO ratio for the DME productivity with the stoichiometry of the overall reaction. In other
words, both the best kinetics and material utilization occur at the same conditions. This doubles
the incentive to run the syngas-to-DME reaction with a feed ratio of 1:1 H; to CO.

The earlier statement that methanol and water recycle have little effect on the reactor
performance is verified by the results shown in Table 2. Table 2 lists the concentration of
methanol and water in the reactor effluent at different H,:CO ratios in the feed gas. Two sets of
data are presented: one with, the other without methanol and water recycle. The concentration of
both species varied only slightly from one case to the other, indicating that recycling methanol
and water is a good simplification with little impact on the reaction system under study.

Table 2: The concentration of methanol and water in the reactor effluent at different H,:CO
ratios in the feed gas.

with methanol and water recycle | without methanol and water recycle
H,:CO | CH30H mol.% | H,O mol.% CH;0H mol.% | H,O mol.%
0.5 0.045 0.003 0.044 0.003
1.0 1.33 0.34 1.09 0.26
1.5 4.46 2.90 4.14 2.26

4.4. Integration between the Syngas-to-DME Reactor and Syngas Generation Units

As discussed above, a design based on Reaction 4 generates CO,, which is an environmental
concern and lowers the economic return. Furthermore, the composition of most commercially
available syngas (except that produced by a CO, methane reformer) is not the optimal
composition (1:1 H,:CO, as shown in Figure 11) for the syngas-to-DME reactor. Solutions to
these two problems may allow Reaction 4 and the corresponding process configuration to serve
as an attractive basis for commercial development. For coal-derived syngas, the mismatch in
syngas composition can be fixed easily by introducing water into the reactor to provide the extra
hydrogen. For natural gas-derived syngas, lowering the high H,:CO ratio (normally =2, except
the CO, reformer) to 1:1 is not straightforward. The solution appears when one considers the
DME unit and syngas generation units together. Carbon dioxide, an undesired by-product from
the DME reactor, can be recycled to a natural gas-based syngas generation unit (e.g., methane
reformers and the methane partial oxidation reactor). Since all of these units possess water gas
shift activity and an H,-rich environment, CO, can be converted to CO, thus eliminating CO,
emissions and lowering the H,:CO ratio in the syngas. The benefits, working mechanism, and
technical feasibility of the integration are shown below.

Numerous integration schemes can be constructed. Figure 12 shows a generic flow sheet
consisting of three parts. The first part converts methane (natural gas) into syngas, with
conversion being performed in a CO, methane reformer, a steam methane reformer, a methane
partial oxidation reactor, or any combinations of these technologies. Accordingly, the feed to the
unit (Stream 1) is methane plus CO,, H,O, or O,, or some combination of the species. The
second part is a coal gasifier and is used only when additional carbon is needed; the CO-rich
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syngas (Stream 4) from this unit lowers the H,:CO ratio in the overall feed to the DME reactor
directly by combining with the normally H,-rich syngas stream from the methane reformer and
indirectly by forming more CO, in the DME reactor. The third part reacts syngas to DME, in
exactly the same way shown in Figure 10. The separation unit converts the DME reactor
effluent (Stream 6) into three streams containing unconverted syngas plus methanol and water
(Stream 7), CO; (Stream 9), and product DME. The CO; stream is recycled to the methane
converter and thus is no longer a by-product.

Reformer
purge
@T co, O
\
CH, —>
@ Co, > Methane CO, H,
H,0 ——| reformer H,, CO, CH;0H, H,0 (7D
0o, /™ @
H,, CO Y,| DME Product
@ " reactor @' separation » CH;0CH,
Coal @) ¢
Coal, O, gasifier CO, H,
Reactor

purge
Figure 12: Integration of syngas-to-DME with syngas generation.

Specific integrations can be devised to fit process requirements and specific customer needs.
The following four examples show the integration for specific situations. A conceptual
demonstration based on overall mass balance was performed first to show the working
mechanism of an integration, assuming that the reactions go to completion in each reactor. The
demonstrations were followed by simulations using realistic reactors, kinetics, and
thermodynamics to prove the technical feasibility. A small amount of N, was included in the
fresh feed to the reformer to model the accumulation of inerts in the loop. The coal gasifier was
simulated as a syngas source with a specified composition. The operating conditions for the
syngas-to-DME loop were kept the same in all examples and were identical to those described in
the base case (Section 4.3). It should be pointed out that none of the examples was optimized
with respect to operating temperature and pressure, ratio of recycle-to-feed and recycle-to-purge,
space velocity, inert content of the gas streams, and so forth. The objective was purely to
demonstrate the advantages and technical feasibility of the integration.

4.4.1. Syngas-to-DME + CO; Methane Reformer

In theory, a CO, methane reformer produces a balanced syngas (H,:CO =1) according to the
equation below:

CHs + COy; - 2CO +2H, (38)
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This, however, requires a CO; source to match every CHy with a CO,, a requirement that adds to
the cost of this reforming technology. Integration by recycling CO, from the DME unit to the
CO; reformer (Figure 13) reduces this requirement to one fresh CO, for every three of CHa.
DME is the only product from this integration. The overall reaction is

3CH4 + CO, — 2CH;0CH; (39)

A similar scheme has been proposed by Shikada et al. [18].

H,, CO, CH,0H, H,O
2C0, Purge < (H, 3 2 |)
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\ 4

v .| CO, methane | 6CO, 6H, DME | Product
3CH,, CO, reformer reactor "| separation

— 2CH,0CH,

Figure 13: Integration of syngas-to-DME with CO, methane reformer.

In deriving Equation (39), we assumed full conversion of methane and CO; in the reformer and
syngas in the DME reactor. The following simulation shows that these requirements can be
approached in a reformer operated under commercially relevant conditions.

The reformer is modeled by thermodynamic equilibrium, with the pressure set at 200 psig and
the temperature ranging from 782 to 927°C. The temperature range and pressure were selected
to keep the reactor heat transfer tubes operating within safe limits. The CO,:CHy4 ratio in the
fresh feed (0.4) is held slightly higher than that shown in Figure 13 (0.33) in order to enhance
CHj4 conversion and mitigate carbon deposition in the reformer. An internal recycle loop in the
reformer section of the integration sends unconverted CO; and product H,O back to the
reformer. Because the fresh feed is slightly CO,-rich, this recycle accumulates CO, and H,O in
the loop, enhancing CH4 conversion and mitigating carbon deposition. The ratio of this internal
recycle to the fresh feed is set at 1.5:1. No attempt is made to recycle unconverted CHs. The
CHy slip from the reformer is simply sent to the DME reactor along with the syngas, and
eventually leaves the system through the DME reactor purge. The conditions for the DME
reactor are the same as those used in the stand-alone case as described in Section 4.3. A CO,
separator with 100% selectivity is used to separate CO, from the DME reactor effluent and to
recycle it back to the reformer. The simulated composition and mole flow in each stream in this
process scheme are summarized in Table 3.
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Table 3: Simulated results (in moles; cf., Figure 12 for stream ID)

Stream Description Stream ID | H, CO |CO;|N; |MeOH | DME | H,O | CHy
Fresh reformer feed 1 0 0 40 |1 0 0 0 100
Reformer effluent 2 186 | 190 |0 1 0 0 0 5.9
Recycle to reformer 9 0 0 57 |0 0 0 0 0
Reformer purge 3 0 0 1.2 |0 0 0 1.8 |0
Fresh DME reactor feed | 5 186 | 190 |0 1 0 0 0 5.9
DME reactor effluent 6 60 86 57 |5 2.4 58 0.6 |30
DME reactor recycle 7 48 68 0 4 1.9 0 0 24
DME reactor purge 8 12 17 0 1 0.5 0 0 6.0

The methane and CO, per pass conversion in the reformer are 94% and 52%, respectively, and
the steam-to-CH,4 and CO,-to-CHj ratios in the overall feed to the reformer are 1.2 and 1.8,
respectively. The equilibrium is outside the carbon deposition zone at 732°C. These conditions
are well suited for a dry reformer such as that in the SPARG process. The syngas feed generated
by the reformer contains 48.4 mol.% H; and 49.6 mol.% CO, plus 1.5 mol.% slipped CH4 and 0.3
mol.% of spiked N,. This mixture is close to the 1:1 requirement for the DME reactor.

The recycle-to-purge ratio in the syngas-to-DME reactor is set at 4:1, as in the stand-alone case
shown in Section 4.3. The resulting recycle-to-feed ratio is 0.3:1. The per-pass and total syngas
conversion in the DME reactor are 70 and 92%, respectively, and the reactor operates at a
productivity of 9.7 gmol DME/kg-hr. This is slightly less than that in the stand-alone case
(10.9), mainly due to the dilution of the reactor feed by CHy. Sixty-one percent of the CO in the
fresh feed to the reactor is converted to DME, which is close to the theoretical value of 67% (see
Equation 4). The overall "carbon utilization," the carbon in the methane and CO; in the fresh
feed to the reformer that is eventually incorporated in DME, is 82.1%. The integration emits no
CO,. The major carbon loss is due to unconverted CHy in the reformer and CO in the DME
reactor. The overall hydrogen utilization is 87%, with the rest lost to the purge stream of the
DME reactor.

There is good agreement between the simulated results and the conceptual stoichiometry shown
in Figure 13, except for several minor differences. These include a slightly higher CO,:CHj ratio
in the fresh feed to the reformer mentioned above and smaller amounts of recycled CO, and
product DME due to less than 100% conversion in the DME reactor.

4.4.2. Syngas-to-DME + CO, Methane Reformer + Coal Gasifier

The highly productive DME process discussed in Section 4.4.1 produces DME from methane
with minimal emissions. However, it requires a supplementary CO; source. This need for CO,
can be satisfied as shown in Figure 14. In order to understand this process scheme, let us first
look at the simple combination of a DME unit with a coal gasifier. Assuming that (1) syngas
feed to the DME reactor is CO-rich and consists solely of H, and CO, 2) water is injected to the
DME reactor to provide the extra hydrogen, 3) all syngas is converted in the DME reactor and 4)
methanol and unconverted water are fully recycled along with unconverted syngas, the overall
reaction becomes
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6CO+6RH, +3(1- R)H,0 - (1+R)CH,OCH, +2(2 - R)CO, (40)

where R is the H,:CO ratio in the coal-derived syngas and ranges from zero to one. This
equation is similar to Reaction 4 in that it produces only DME and CO,. Water injection
provides additional hydrogen for more DME formation. However, it also produces an extra
amount of CO; to eliminate the oxygen originally introduced to the reactor by water.

Since Reaction 40 produces CO; and the process shown in Figure 13 needs CO,, these two can
be combined beneficially as shown in Figure 14. The overall reaction for this integration is:

2(2 - R)CH, +2CO +2RH, +(1- R)H,0 - (3- R)\CH,0CH, (41)

This scheme forms a self-sufficient system with a feed mixture of methane, coal, O,, and water,
and DME as the only product; there are zero emissions. Since the process requires both a CO,
reformer and a coal gasifier, the investment may be considerable. However, the process may be
well suited for a site that has both natural gas and coal resources, such as in the case of utilization
of methane from coal mines.

* 2(2-R)CO,

4(2-R)CO

S | 4eRm,
methane |[—
2(2-R)CH4|  reformer < (H,, CO, CH,0H, H,0)
Purge |
v,| DME > Produc‘F |, (3-R)CH,0CH,
reactor separation
Coal T
Coal. O gasifier 2C0
P 2RH, (1-R)H,0

Figure 14: Integration of the syngas-to-DME unit with a CO, reformer and a coal gasifier.

Simulation results for this process scheme are summarized in Table 4. Two minor modifications
were made in the simulation. First, the Shell-type coal gasifier is simulated. The Shell-type
syngas contains some CO; and N; (3 and 1 mol.%, respectively) in addition to CO and H; (66
and 30 mol.%, respectively). Second, water is injected into the reformer, instead of into the
syngas-to-DME reactor. This injection scheme enhances methane conversion and mitigates coke
formation in the reformer. It also reduces dilution in the feed to the DME reactor. The reformer
conditions are the same as provided in the last section, namely 782 to 927°C; 200 psig; 1:5:1
internal CO, and H,O recycle; zero CH,4 recycle; and equilibrium control. The DME reactor
again operates at the same conditions as those specified in the stand-alone case. The simulated
composition and molar flow in each stream in this process scheme are summarized in Table 4.
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Table 4: Simulated results (in moles; cf., Figure 12 for stream ID)

Stream Description Stream ID | H, CO CO; | N» | MeOH | DME | H,O | CH4
Fresh reformer feed 1 0 0 1 0 0 25 102
Reformer effluent 2 210 | 167 |0 0 0 0 0 7.5
Recycle to reformer 9 0 75 |0 0 0 0 0
Reformer purge 3 0 0 1.8 10 0 0 32 |0
Coal-derived syngas 4 30 66 3 1 0 0 0 0
Fresh DME reactor feed | 5 240 233 |0 2 0 0 0 7.5
DME reactor effluent 6 96 76 75 10 |4.6 73 1.3 38
DME reactor recycle 7 77 61 0 8 3.7 0 0 30
DME reactor purge 8 19.2 | 152 |0 2 0.92 0 0 7.5

The methane and CO, per pass conversion in the reformer are 93% and 51%, respectively. The
steam-to-CHy4 and CO,-to-CHy4 ratios in the overall feed to the reformer are both 1.5. The
reformer is outside the carbon deposition zone over the entire temperature range. Therefore, the

operation is suited for a traditional steam methane reformer, as well as a dry reformer such as

that in the SPARG process. Other important performance data are 93% overall syngas
conversion and 9.8 gmol/kg-hr DME productivity; 86% overall carbon utilization; and zero CO;
and H,O rejection. The major material loss is due to unconverted CH4 and syngas in the DME

reactor purge.

The simulated results agree well with the conceptual stoichiometry shown in Equation 41. The
overall feed to the reformer is balanced without a supplementary CO, source. The syngas feed
generated by the reformer contains 49.7 mol.% H; and 48.3 mol.% CO (close to the 1:1

requirement for the DME reactor), plus minute amounts of CH4 and N,. Minor differences

include 50% higher H,O feed to enhance CH4 conversion and mitigate coke formation in the
reformer and 14% lower DME production due to incomplete conversion in the DME reactor.

4.4.3. Syngas-to-DME + Steam Methane Reformer + H; Product

The lowest H,:CO ratio that can be achieved in a steam methane reformer (SMR) with full

internal CO; recycle is 3:1 [19]. The next integrated process example recycles CO, from the

DME unit to a SMR operating under this full internal recycle mode (Figure 15). The gas from
the reformer with both internal and external CO, recycle will still be rich in H, (H,:CO = 5:3).
The non-stoichiometric H, can be separated to obtain a product H; stream and a balanced feed
(H2:CO of 1:1) for the DME reactor. The overall reaction for the integration is:

2CH4 + H,O - CH3;OCH;3 + 2H,

(42)

This integrated process scheme produces zero emissions. In principle, the extra hydrogen can be
balanced by adding a coal gasifier to the process scheme. We chose the current configuration to
show the flexibility and variations one can obtain through integration. Hydrogen may be a
desired co-product for some applications. The hydrogen separation, a simple fractionation, may
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be readily achieved using a H, membrane. This configuration is especially suited for a HYCO
plant that sells H, and CO as products.

Co,

y 3CO 3CO

SMR with | 5H, 3H
—»| internal . H, 2r DME N Produc‘F . CH.OCH
2CH, | CO,recycle separator Tl reactor separation 3 3

H,0

> Purge

Figure 15: Integration of syngas-to-DME with a steam methane reformer.

Simulation conditions for this integration are the same as those used in the two examples above.
The results from this simulation are summarized in Table 5. The H,O-to-CHj ratio in the fresh
feed to the reformer (0.6) is greater than that shown in Figure 5 (0.5). Again, the intent is to
enhance methane conversion and mitigate coke formation. The resulting H,:CO ratio (1.8),
therefore, is higher than that shown in Figure 15 (1.7). The steam-to-CH4 and CO,-to-CHj4 ratios
in the overall feed to the reformer are 2.4 and 1.1, respectively, and the equilibrium in the
reformer is outside the carbon deposition zone over the entire temperature range. Among the
other important performance data are 94.5% and 36% per pass conversion in the reformer for
methane and CO,, respectively; 93% syngas conversion; 9.7 gmol/kg-hr DME productivity in the
DME reactor; 84% overall carbon utilization; and zero CO, emissions.

Table 5: Simulated results (in moles; cf., Figure 12 for stream ID)

Stream Description Stream ID | H, CO |COy [N, [MeOH | DME | H,O | CHy4
Fresh reformer feed 1 0 0 0 1 0 0 60 100
Reformer effluent 2 139 1135 |0 1 0 0 0 5.5
Recycle to reformer 9 0 0 41 0 0 0 0 0
Reformer purge 3 105* | 0 09 |0 0 0 66 |0
Fresh DME reactor feed | 5 139 [135 10 1 0 0 0 5.5
DME reactor effluent 6 54 46 |41 5 2.5 42 0.7 |28
DME reactor recycle 7 44 37 |0 4 2.0 0 0 22
DME reactor purge 8 11 9.1 [0 1 0.5 0 0 6

*: H, product.

4.4.4. Syngas-to-DME + Methane Partial Oxidation (POX)

Partial oxidation of methane typically produces syngas with a H,:CO ratio close to 2:1. If CO,
from the syngas-to-DME unit is fed to the POX reactor to enhance the reverse water gas shift
reaction, the overall reaction for the integration, as shown in Figure 7, becomes

2CH4 + Oy — CH30CH;3 + H,O (43)
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This integrated process produces a balanced syngas feed for the DME reactor and zero CO,

emissions. However, one fourth of the hydrogen in methane ends up in water rejected from the
POX.

Co,
3CO
POX 3H
\ 4 2 DME Product
— > Y —> . >
2CH, reactor 4 | reactor separation CH;0CH,
0, l | > Purge

Figure 16: Integration of syngas-to-DME with a POX reformer.

The POX reformer is simulated as an adiabatic reactor and treated as a once-through operation.
Typical commercial temperature (1316°C) and pressure (350 psig) are used. The performance of
the POX reactor is based on the conventional material balances that include 100% oxygen
consumption and 0.4% CHy slip in the effluent (almost 100% CH4 conversion). The extent of
the water gas shift reaction is such that the ratio ([H2][CO-])/([H,O][CO])) in the effluent is equal
to 0.5, as opposed to 0.33 of the equilibrium constant at the given temperature to account for the
incomplete approach to equilibrium of the reaction. Again, the DME reactor is simulated under
the same conditions used in the above examples. The results from the simulation are
summarized in Table 6.

Table 6: Simulated results (in moles; see Figure 12 for stream ID)

Stream Description Stream ID | H, CO CO;, | N, | MeOH | DME | H,O CH4
Fresh reformer feed 1 0 0 0 1 0 0 50 101.5
Reformer effluent 2 156 | 144 |20 1 0 0 0 1.5
Recycle to reformer 9 0 0 64 |0 0 0 0 0
Reformer purge 3 0 0 0 0 0 0 44 0
Fresh DME reactor feed | 5 156 | 144 |20 1 0 0 1.5
DME reactor effluent 6 77 38 64 |5 4.9 46 1.8 7.7
DME reactor recycle 7 61 31 0 4 3.9 0 6.2
DME reactor purge 8 15 7.7 0 1 1.0 0 0 1.5

The H,:CO ratio in the POX effluent is 1.1, slightly greater than the expected value of 1, due to
the incompleteness of the water gas shift reaction. The effluent contains CO; (5.5 mol.%). This
CO; is fed directly, along with the syngas, to the DME reactor and recycled back to the POX
reactor, along with the CO; formed in the DME reactor. Water (11.9 mol.% in the effluent),
therefore, part of the hydrogen in the original CHy, is removed downstream of the reformer
before the syngas is fed to the DME reactor. The final fresh feed to the LPDME reactor consists
of 48.2 mol.% H,, 44.4 mol.% CO, 6.2 mol.% CO, and 0.3 mol.% No.
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Due to the CO; in the fresh feed to the DME reactor, the DME productivity (9.5 DME mol/kg-
hr) is lower than that in the stand-alone case (10.7). The overall syngas conversion in the DME
reactor is 89% and the overall carbon utilization is 91%. The integration produces zero CO,
emissions. The main materials loss is the unconverted syngas in the DME reactor purge.

4.5. Discussion

The performance of the syngas-to-DME reactor is a very sensitive function of the H,:CO ratio in
the fresh feed for syngas-to-DME processes that involve syngas recycle. The dependence of the
DME productivity on the H,:CO ratio in the fresh feed shown in Figure 11 is much stronger than
expected from the once-through case ( see Section 3). This arises since any deviation of the
H,:CO ratio in the fresh feed from the stoichiometry of the overall reaction (1:1) is amplified in
the total feed (fresh plus recycled syngas) to the reactor because of the recycle. For example, for
the fresh feed with H,:CO ratios of 0.5, 1.0, and 1.5, the corresponding H,:CO ratios in the total
feed are 0.19, 0.98, and 3.07, respectively. The net result is a more contracted, volcano-shaped
curve (see Figure 11) compared with the once-through case (see Figure 2). Therefore, the feed
gas composition should be considered a crucial parameter in process development. Certainly,
the superior heat management provided by liquid phase, slurry bubble column reactor-based
syngas-to-DME processes gives one the flexibility to explore the feed gas composition as a way
to optimize the productivity.

The above examples demonstrate that the integration between syngas generation and DME
synthesis provides an opportunity to produce DME from syngas efficiently and at a high reactor
throughput. This, in turn, should allow production of DME from syngas at a low cost. These
advantages are achieved by adjusting the H,:CO ratio in natural gas-derived syngas to fit the
optimal operation of the DME reactor and by minimizing materials loss. The new process
schemes also eliminate CO, emissions.

These process concepts provide a good basis for developing commercial packages. However,
whether the higher productivity leads to lower DME production cost is a more complex issue.
This depends on what additional cost has been introduced in the proposed process schemes. The
integration-induced cost in the reformer part of the integration appears to be small. Carbon
dioxide and H,O recycle, used in the first three examples to enhance methane conversion and
mitigate coke formation, may be a cost burden, but this recycle is a common feature of methane
reforming, and therefore may not be a cost added by the integration.

The main added cost in the proposed process schemes is associated with CO; separation
downstream of the DME reactor and CO; recycling to the methane reformer. Obtaining optimal
DME production requires CO, removal from the DME reactor recycle. If not removed, CO,
reduces the DME productivity by (1) diluting the reactor feed and (2) building up water in the
reactor, as shown in Section 3.

However, CO, removal requires CO; separation from unconverted syngas and incurs additional
production cost. The problem of carbon dioxide is not confined to the region where the optimal
DME productivity is obtained (around 1:1). It is a more general problem, and our simulations
show that CO, will always accumulate in the recycle loop unless the H,:CO ratio in the total feed
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to the reactor is very high (for example, 4:1). The effect of CO, separation and recycle on the
economics of the process requires detailed engineering study. A qualitative discussion on this
issue is given in the next section.

In summary, we have shown through a simple process configuration that the DME productivity
and material utilization in a one step syngas-to-DME reactor with recycle is a very strong
function of the feed gas composition. The optimum is obtained at a H,:CO ratio of 1:1. While
this condition and configuration provide optimal reactor performance, they produce CO, and
require a feed gas having equal moles of H, and CO. Integrating DME production with syngas
generation can solve this dilemma. This was shown by both conceptual process schemes and
simulations under commercially relevant conditions using realistic reactors, kinetics and
thermodynamics. As a result, the current study constitutes a good basis for developing
commercial syngas-to-DME processes that provide optimal DME productivity and minimize
emissions and material loss. Furthermore, all of these can be achieved using natural gas as the
starting material.

5. Operating Regimes for Syngas-to-DME and Economic Implications

The last two sections demonstrate that the regime around a H,:CO ratio of 1:1 provides the best
productivity in a syngas-to-DME process. However, there are other cost factors in addition to
reactor productivity that make the selection of operating regime a more complex issue. The
current section discusses the trade-offs one must deal with in the syngas-to-DME process and the
compromises affecting productivity that must be made. Efforts are also made to compare
qualitatively the syngas-to-DME process with the two-step DME process, namely, syngas-to-
methanol followed by methanol dehydration.

Figure 17 shows the enhancement in methanol equivalent productivity (MEP) of the syngas-to-
DME process (STD) compared to the syngas-to-methanol process (STM). The comparison is
made for two possible cases. In the first case, the productivity from STD at any H,:CO ratio in
the reactor feed is compared to that from STM at the same H,:CO ratio. This corresponds to
possible commercial situations where the composition of feed syngas is fixed, and one needs to
decide whether STD or STM would yield the greater economic benefit. In the second case, the
productivity of STD at any H,:CO ratio in the reactor feed is compared with the productivity of
STM at a H,:CO ratio of 2. This is the case in which the syngas is derived from natural gas and
the STM operates at its best feed composition (H,:CO of 2), and therefore, highest productivity.
Also plotted in Figure 17 are the exit CO, and H,O concentrations from the STD process. They
are related to the counter factors to be discussed below. All results in Figure 17 are from
ASPEN simulations.
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Figure 17: The trade-off between enhanced productivity and resulting CO; separation.

The productivity enhancement curves in Figure 17 are somehow proportional to the cost saving
in the synthesis loop. This saving provides the very possibility for STD (one-step DME process)
to be a more economic DME process than STM plus methanol dehydration (two-step DME
process). Let us denote this saving as Agynemesis- In general, greater enhancement is obtained
when the feed gas moves from Hy-rich to CO-rich. This suggests that operating in the CO-rich
regime (e.g., H»:CO = 1) may make the STD process the most competitive..

Now let us look at the other parts of the one-step and two-step DME processes. The syngas
generation cost is similar for the two processes and will not be discussed further. The backend
part for the two-step process consists of methanol dehydration and separation between methanol
and unconverted syngas, methanol and DME, and methanol and water. The methanol-syngas
separation can be accomplished by simple condensation, and all other separations are routine
processes that do not require high-pressure operation and refrigeration.

Since STD is not a commercial process yet, there is not a definitive backend configuration.
However, it will inevitably consist of separation between DME/methanol and unconverted
syngas, methanol and DME, and methanol and water. The cost of methanol-DME and methanol-
water separation in STD is expected to be similar to that in the two-step process. Separation of
DME/methanol from unconverted syngas in STD will be more costly than the separation of
methanol from unconverted syngas in the two-step process due to the high volatility of DME.
However, this difference may become small if one adds the cost of methanol dehydration in the
two-step process. Therefore, the components in the backend part of the STD process we have
covered thus far should approximately trade off with those in the backend of the two-step
process.
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However, if one chooses a STD operating regime (e.g., H»:CO <3) where CO, will be formed
and has to be separated in the backend, there will be a considerable cost increase . Refrigeration
or chemical absorption must be used to remove CO, from unconverted syngas, and both are
energy-intensive unit operations. Further added to the backend will be CO,-DME separation, a
costly operation that may also require refrigeration. In a word, if CO, becomes part of the
backend, its cost will most likely be greater that that of the backend for the two-step process. Let
us denote this CO,-associated cost as Aco2. Whether STD can be a more economic DME
process than the two-step process depends on the trade-off between Agyninesis and Acoo.

Figure 17 shows that the productivity enhancement curve and the [CO;] curve change in the
same direction as a function of H,:CO ratio. This means that one has to answer the trade-off
question no matter where one operates. For Case 1 (the same feed composition, the solid curve)
in the CO-rich regime (H»:CO < 1), Agyninesis 1 very large and the trade-off most likely will be
positive. This is the case, and regime where STD has a clear advantage over the two-step
process. Commercially, this would be a once-through process using syngas derived from coal,
petro-coke, municipal wastes, biomass and other solid and liquid source materials.

The trade-off becomes less clear in Case 2 (natural gas-derived syngas, dashed curve). Thisis a
case where STD is against the best feed and operating conditions for STM. The greatest Agyninesis
(40%) is obtained if one operates STD around a H,:CO ratio of 1:1. Section 4 has shown that
this 1:1 feed can be obtained from natural gas-derived syngas through the integration between
the DME synthesis loop and syngas generation unit. However, this is also the regime forming
the greatest amount of CO,. This not only makes Aco; large, it also increases the cost for CO,
recycle to the syngas generation unit. One can try to reduce Aco; and CO; recycle cost by
moving to a more H-rich regime with less CO, formation. However, this would be
accompanied by a decrease in productivity. While it is not clear whether STD can be better than
the 2-step process in Case 2, it is clear that one needs to develop optimized STD process schemes
for STD to have a good chance. This would involve maximizing the reactor productivity and
minimizing CO; handling cost.

There are other process options, but their advantages over STM plus methanol dehydration are
also not clear. CO, formation can be suppressed by recycling CO; back to the reactor along with
unconverted syngas. The net CO, formation can be significantly reduced and one needs only to
separate a small amount of CO, in the product stream or may not need to do it at all. However,
CO, will build up in the recycle loop, if H,:CO is not extremely high (for example, >4), and the
presence of a large amount of CO, will decrease the reactor productivity through dilution and the
negative impact on the chemical synergy (see Section 3). Therefore, it ceases to be an option
when the H,:CO in the reactor feed is, say, less than 2.

Another way to avoid dealing with CO; is to operate STD at the very Hy-rich regime (H,:CO >
<5). Due to a high H, concentration, CO, formation becomes negligible. A patent has been
issued for a STD process in this regime [20], although Figure 17 shows a negative Agyniesis. It 1S
very questionable how a STD process could be advantageous in this regime. Furthermore, water
concentration is very high, as shown in Figure 17. High water concentration reportedly causes
catalyst stability problems [21].
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In summary, in the single-step STD process, the enhancement in reactor productivity is
negatively compensated by the formation of CO,. Since the costs associated with the reaction
section and the separation section in such a process are in the same order of magnitude, it may
need to be analyzed on a case-to-case basis whether the trade-off is sufficiently positive to justify
using a single-step process over a two-step process. Any applications that demand high reactor
productivity (e.g., once-through operation, CO-rich syngas) or/and allow lower CO; handling
cost (e.g., high tolerance of CO, in the end use) will give a clear edge to the single-step process.
Well-optimized process schemes and an active yet stable catalyst system that operates under the
desired conditions will also tilt the balance.
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