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ABSTRACT 

Significant progress has been made i n  
the  predevelopment research phase of catalyt- 
ic coal gasification for the production of 
substitute natural gas (SNG), The potassium 
c a t a l y s t  and t h e  p r o c e s s i n g  s e q u e n c e  permit 
t h e  d i r e c t  r e a c t i o n  of  s t e a m  and c o a l  t o  form 
m e t h a n e  and  c a r b o n  d i o x i d e ,  a r e a c t i o n  which  
is thermally neutral and does n o t  require 
o x y g e n  f o r  h e a t  b a l a n c e  o r  d o w ~ s t r e m  m e t h -  
a n a t L o n  o f  s y n t h e s i s  g a s .  A m o d e l  o f  t h e  
r e a c t i o n  k i n e t i c s  h a s  b e e n  d e v e l o p e d  and a 
p r e f e r r e d  a p p r o a c h  has been i d e n t i f i e d  t o  
r e c o v e r  a b o u t  90 p e r c e n t  o f  t h e  p o t a s s i u m  
catalyst for reuse. 

EXXON RESEARCH AND ENGINEERING COMPANY h a s  
b e e n  a c t i v e l y  e n g a g e d  i n  c o a l  g a s i f i c a t i o n  
r e s e a r c h  s i n c e  t h e  l a t e  1 9 6 0 ' s .  The p r e -  
d e v e l o p m e n t  phase  o f  c a t a l y t i c  g a s i f i c a t i o n  
was r e c e n t l y  c o m p l e t e d  u n d e r  DOE s p o n s o r s h i p .  
The s t a t u s  of  r e s e a r c h  p r i o r  to  t h i s  phase  was 
d e s c r i b e d  i n  1976 by E p p e r l y  and S i e g e l  ( I )  a t  
t h e  E l e v e n t h  I n t e r s o c i e t y  E n e r g y  C o n v e r s i o n  
E n g i n e e r i n g  C o n f e r e n c e .  The p r o c e s s  c o n c e p t  
had  b e e n  i d e n t i f i e d ,  and a l i m i t e d  d a t a  b a s e  
had been g e n e r a t e d ,  An e a r l y  e n g i n e e r i n  8 
d e s i g n  o f  a c o m m e r c i a l  SNG p l a n t  i n d i c a t e d  
c h a t  t h e r e  was a s i g n i f i c a n t  i n c e n t i v e  o v e r  
t h e r m a l  a p p r o a c h e s ,  b u t  key f e a s i b i l i t y  q u e s -  
t i o n s  rema ined .  

T h i s  p a p e r  p r e s e n t s  a r e v i e w  o f  t h e  
p r o c e s s  c o n c e p t  and s u m m a r i z e s  the r e s o l u t i o n  
of t h e  key technical issues. 

The c o n c e p t  was identified when i t  was 
found that the comblnat~on of coal char and 
a l k a l i  . ~ t a l  is an a c t i v e  m e t h a n a t i o n  c a t a l y s t  
[ t  had been known t h a t  weak a c i d  s a l t s  o f  
a l k a l i  m e t a l s ,  such as p o t a s s i u m  c a r b o n a t e ,  
a re  a c t i v e  in  the  steam g a s i f i c a t i o n  o f  c o a l .  
F i x e d  bed  k i n e t i c  e x p e r i m e n t s  s h o w e d  t h a t  
s a t i s f a c t o r y  s t e a m  c o n v e r s i o n  and c a r b o n  
g a s i f i c a t i o n  r a t e s  could be o b t a i n e d  a t  tempera-  
t u r e s  a s  low a s  ~bouc 1300°F ( 7 0 0 " C )  w i t h  

p o t a s s i u m  c a t a l y s t  v e r s u s  a b o u t  1700"F (925"C)  
f o r  c o m p a r a b l e  p e r f o r m a n c e  w i t h o u t  c a t a l y s t .  
Dur ing  t h e  c o u r s e  o f  t h e s e  e x p e r i m e n t s ,  i t  was 
o b s e r v e d  t h a t  t h e  ga s  c o m p o s i t i o n  was e s s e n t i a l -  
ly  i n  c h e m i c a l  e q u i l i b r i u m  w i t h  r e s p e c t  t o  i t s  
f i v e  m a j o r  c o m p o n e n t s ,  H20, 112 , CO, 0 ) 2 ,  and 
CR 4. In  s i m i l a r  e x p e r L m e n t s  w i t h o u t  c a t a l y s t ,  
i t  was Zound t h a c  e l l  b u t  m e t h a n e  were g e n e r a l l y  
in  e q u i l l b r i u m .  T h i s  was i n t e r p r e t e d  t o  mean 
t h a t  the w a t e r - g a s  s h i f t  r e a c t i o n ,  

H20 + CO ~ i{ 2 ÷ C02 

is  c a t a l y z e d  by the char  a l o n e ,  bu t  the  a d d l t i o ~  
o f  a l k a l i  m e t a l  g a s i f i c a t i o n  c a t a l y s t  a l s o  
p r o m o t e s  a n o t h e r  ga s  p h a s e  r e a c t i o n  i n v o l v i n g  
m e t h a n e  and  some o f  t h e  o t h e r  c o ~ t a t i t u e n t a ,  f o r  
example ,  t h e  me t h a n a  t i o n - r e  formin4 |  r e e c t i o n :  

3X 2 + CO +==~ 014 + H20 

T h i s  was i n d e p e n d e n t l y  c o n f i r m e d  by c e r r y l n S  o u t  
t h e  above  r e a c t i o n  from b o t h  d i r e c t i o n s  a t  s p a c e  
v e l o c i t i e s  up t o  t e n  ti~s g a s i f i c a t i o n  s p a c e  
v e l o c i t i e s .  N e i t h e r  c h a r  a l o n e  n o r  p o t a s s i u m  
c a r b o n a t e  a l o n e  w e r e  c a t a l y t i c  f o r  t h e  
m e t h a n a t i o n - r e f o r m i n g  r e a c t i o n .  R o v e v e r ,  a 
m i x t u r e  o f  t h e  t v o ,  h e a t e d  t o  an e l e v a t e d  
t e m p e r a t u r e ,  p r o d u c e s  a c o m b i n a t i o n  w h i c h  
c a t a l y z e s  t h e  g a s  p h a s e  r e a c t i o n s  e v e n  m o r e  
r e a d i l y  t h a n  it c a t a l y s e s  t h e  decompos i t i on  of  
s t e a m  r e a c t i n  s w i t h  c a r b o n  ( 2 ) .  Th i s  e f f e c t  i s  
shown i n  F i g u r e  1 where  t h e  me thane  c o n t e n t  
c o n t e n t  o f  t h e  p r o d u c t  gas is p l o t t e d  as a 
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~ercentage  o f  the e q u i l i b r i u m  methane c o n t e n t .  
Thi~ data  a t  500 p s i g  (3 .5  HI)a) was genera ted  
wit~ both Wyoming and I l l i n o i s  c o a l  chars .  The 
r e l a t i v e  r e s i d e n c e  time for  the gas phase in  
a commercial g a s i f i e r  would l i e  between I and 
2 on t h i s  p l o t ,  and i n d i c a t e s  t ha t  e s s e n t i a l l y  
e q u i l i b r i u m  l e v e l s  o f  me thane  a r e  to  be e x -  
pected  in  the raw product  gas .  

The a p p l i c a t i o n  of t h i s  f i n d i n g  t o  t h e  
• a , u f ae~u re  of  methane from s t em.  and c o a l  i s  
i l l u s t r a t e d  c o n c e p t u a l l y  i n  t h e  c h e m i s t r y  
diagrams shown in Figure 2 which cov~rasts 
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Ftg. ~ - Chemistry of coal  gasification 

ther.~1 gasification with catalytic gasifica- 
tion. Reaction heat effects are shown for 
ge,era~ing 1000 units of heating value in the 
p r o d u c t  m e t h a n e .  The s t e a m - c a r b o n  r e a c t i o n  
needs 300 u n i t s  to g e n e r a t e  H 2 and CO. This  
endothermic heat of reaction is the thermo- 
d y a d i c  e q u i v a l e n t  of  s h a f t  work and supplying 
it is l imi t ed  by C a r n o t ' s  theorma t o  a maximum 
efficiency of about 50 percent. Most of the heat 
load is returned at a lower temperature as the 
mixture is conver ted  to methane by a combinat ion 
of the wa te r -gas  s h i f t  and methana t ion  r e a c -  
t i o ~ .  ~hen s~eam and carbon a re  r eac t ed  in the 
presence  of  potassium c a t a l y s t ,  the  product gas 
at~o contains some H 2 and CO. These components, 
however,  can be separa ted  and r e c y c l e d  to  the 
g a s i f i e r  which w i l l  ma in ta in  t h e i r  e q u i l i b r i u m  
r e l a t i o n s h i p  with methane. Because a l l  of  the 
H 2 and CO mix tu re  withdrawn i s  r e p l a c e d ,  t he re  
i s  no  ne t  p r o d u c t i o n  o f  t h e s e  e n d o t h e r m i c  
react . ion  product~ ,  and the net r e a c t i o n  products  
are  methane and carbon d i o x i d e .  Forming these  
products  from steam and g r a p h i t e  i s  very s l i g h t -  
ly endothermic .  With coa l  as the feed,  r a t h e r  
than g r a p h i t e ,  the r e a c t i o n  i s  s l i g h t l y  exo-  
th~rmic ,  uses less steam, and g e n e r a t e s  l e s s  
CO 2 : 

¢ r a p h i t e :  2C ~ 2H20 ÷ CH 4 + CO 2 

Coal: 1.9'CH0.900,1 + 1.2H20 -~ CH 4 + 0.7CO 2 

B e c a u s e  the r e a c t i o n  is not endothermic ,  the 
only  hea t  input  to  the  g a s i f i e r  i s  the p rehea t  
of  the r e a c t a n t s  to the  g a . q l f i c a t i o n  tempera-  
lure. 

A s i m p l i f i e d  diagram o f  the  Exxon c a t a l y t i c  
g a s i f i c a t i o n  p r o c e s s  i s  shown i n  F i g u r e  3 .  

~s~r~ 
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Fig .  3 - Exxon c a t a l y t i c  coa l  g a s i f i c a t i o n  p rocess  

Coal  i s  p r e p a r e d  f o r  g a s i f i c a t i o n  by b e i n g  
crushed to  minus 8 mesh, a s i z e  c o n s i s t  s u i t a b l e  
f o r  f l u i d i z a t i o n .  C a t a l y s t  i s  added as  an 
aqueous s o l u t l o n  of  potass ium hydrox ide ,  and the 
mix ture  i s  d r i ed  before  be ing  fed to  a f l u i d i z e d  
bed r e a c t o r  o p e r a t i n g  a t  500 ps ig  (3 .5  HPa), and 
1300°F (700°C). The r e a c t o r  i s  f l u i d i z e d  with  a 
preheated  mix tu re  o f  steam wi th  r e c y c l e d  hydro-  
gen  and c a r b o n  m o n b x i d e .  The p r o d u c t  gas  
c o n t a i n s  all f i v e  o f  t h e  m a j o r  c o n s t i t u e n t s  
a l r e ady  mentioned p lus  most o f  the coal  s u l f u r  
as H2S and e s s e n t i a l l y  a l l  o f  t h e  o r g a n i c  
n i t r o g e n  as Hll 3. The unreac ted  steam condenses 
in  waste hea t  r ecovery  equipment and d i s s o l v e s  
a m m o n i a .  E n t r a i n e d  p a r t i c u l a t e s  a r e  w e t  
scrubbed ou t  in  t h i s  s t e p  a l s o .  The gas mix tu re  
i s  then f u r t h e r  t r e a t e d  f o r  removal  o f  C02 and 
H2S. The remaining c o n s t i t u e n t s  a re  s epa ra t ed  
by c ryogen ic  d i s t i l l a t i o n  i n t o  methane product  
and r e c y c l e  gas .  Ash mast be purged f ro~ the  
r e a c t o r ,  and c a t a l y s t  i s  unavoidably  withdrawn. 
About t w o - t h i r d s  of  the  c a t a l y s t  i s  r e c o v e r a b l e  
by w a t e r  l e a c h i n g  as  a m i x t u r e  o f  p o t a s s i u m  
ca rbona te  and potassimn hydrox ide .  The unique 
f e a t u r e s  of t h i s  p rocess  are  the g a s i f i c a t i o n  
r e a c t i o n  i t s e l f ,  the  c a t a l y s t  r e cove ry  s t ep  and 
the c ryogen ic  d i s t i l l a t i o n  s t e p .  

No e x p e r i m e n t a l  w o r k  was d o n e  on t h e  
c r y o g e n i c  d i s t i l l a t i o n ,  shown in  F i g u r e  6 .  o I ¥0 CASCADE FROM ~ 
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The a v a i l a b l e  d a t a  b a s e  on t h e  v a p o r - l i q u i d  
e q u i l i b r i a  i s  s u f f i c i e n t  t o  d e s i g n  t h e  d i s t i l -  
l ~ t i o n  e q u i p m e n t  f o r  t h i s  t h r e e - c o m p o n e n t  
s y s t e m .  ~ e  f eed  gas  i s  c o o l e d  and p a r t i a l l y  
] ic~uef ind  by e x c h a n g e  w i t h  the  s e p a r a t e d  p r o d -  
: , c ~ .  With  a sys tem p r e s s u r e  o f  400 psi& and 
I0~ m e t h a n e  i~ t he  r e c y c l e  g a s ,  t h e  c o l d e s t  p a r t  
i n  t he  s y s t e m ,  the  o v e r h e a d  condense r ,  can be 
. . . .  ~-er~red  r o  - 7 ~ I * F  ( - 1 5 2 " C )  by  boil ing 
: . : - ~ . . ~ .  T~ liquid methane i s  che t h i r d  

-ig-'-'¢a-., c~ ~ ~ca~e which a¢pplie~ the ne t  
- ~:.*~ refriger~io.~, ~:c reboiler itself a c t ~  

~ psr~ o~ ~he refrigeration system by liquefy- 

,~g methane and returning it to the cascade. 

The catalyst recovery step was originally 

¢c.~ceived ~s ~ counter-current water leachin& 

~ , ~ s t ~ o n  as sho~n i~ Figure 5, 

: ~ t  ~.:! - ~u~ ' 
," : i i TM 

SL~Jq~r 

~ E _ C~talys~ recovery 

,--~-ra..:~er,~ in ~',-,e hydrocioue overflow and w a t e r  
--!r~ ~o_~.=- ~-~ IL~ ~de=flow. Even allowing for 

~ ,.-~-~ir~g: ~.*arIy ~II the water soluble 

..- ~lys~ ea~ b~ recovered by having enough 

• ~c. T ~  ~ i u  ~ e c h n i c e l  i s s u e  i s  w h e t h e r  
=_ -~:" ~ ~:~i~ ~,:'~:..--~._'.~;::~ it, ~he =oa! will 
: ' :~ " "~.e :~:t~;y~t r~cy~X~ Loop. 

: ~ , ' . ' e r  ~ e : . i ~ n  is anon_her significant 
; - . or-., - ~';u~ . Ourln~ t h e  p r e ~ e w e l o p m e n t  
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~ :7 .... e ~or ~,ndepeade~t ~ariables 
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which  can  be  s e l e c t e d  by t h e  p r o c e s s  d e s i s n e r  
a r e  t h e  vo l~me ,  t - , , , p e r a t u r e ,  p r e s s u r e ,  c a t a l y s t  
l o ~ d i n s  and d e s i r e d  c a r b o n  c o n v e r s i o n .  The l a s t  
two d e t e r m i n e  t h e  c o m p o s i t i o n  o f  t he  s t e a d y -  
s t a t e  s o l i d s ,  and t h e  f i r s t  t h r e e  c a n  be  u sed  
as  i n p u t s  t o  t h e  k i n e t i c  m o d e l ,  which  p r e d i c t s  
ete~ c o n v e r s i o n  when o n l y  t h e  r e a c t i o n  k i n e t i c s  
a r e  l i m i t i n $ .  In  a r e a l  r e a c t o r ,  a t e  ~ -  c o n v e r -  
s i o n  w i l l  be  s l i g h t l y  l o w e r  b e c a u s e  o~ l e s s  
t h a n  p e r f e c ~  c o n t a c t i n $  b e t w e e n  ga s  and  s o l ~ s .  
k~en  e s t i m a t e =  ~ r e  ~ad~_ o f  t h e s e  e f f e c t %  =~e 
computed s t e a m  e o n v e ~ i o n ~  e q u i l i b r i u m  : ~ c : -  
l a t i o n s ,  and r e a c t i o n  e t o l c h i o ~ e t r y  c a n  be used 
w i t h  t h e  i n d e p e n d e n t  v a r i a b l e s  to  c o m p l e t e l y  
d e s c r i b e  t h e  g a s i f i e r  m a t e r i a l  b a l a n c e  a n d  
e n e r g y  b a l a n c e .  C l e a r l y  t h e  k e y  e l e m e n t  i n  
t h i s  e ~ f o r t  i s  t h e  k i n e t i c  m o d e l .  A d e t a i l e d  
d e s c r i p t i o n  o f  t h e  model  w i l I  be  p r e s e n t e d  by  
Vadov ic  and Eakman (~ )  a t  the  S e p t e m b e r  AC$ 
Sympos ium in Miami. The r e a c t i o n  r a t e  was 

found  ~o be c o n t r o l l e d  by s t r o n g  p r o d u c t  i n -  
h i b i t i o n ,  a n d  a k i n e t i c  e x p r e s s i o n  o f  t h e  
classical L a n g m u i r - H i n s h e l w o o d  form was used t o  
c o r r e l a t e  t he  d a t a  shown in  F i g u r e  7. 

s 

k i n ~ t  ic  model  

C a t a t y s t  l o a d i n g ,  t e m p e r a t u r e ,  aug s t e m  f l o ~  
r a t e  were i n = o r p o r a t e d  i n t o  th~  d e f l n i t i c ~  o f  
e q u i v a l e n t  s t eam r e s i d e n c e  t i m e .  T h i s  r e s i d e n c e  
t ime  i s  the  s i n g l e  i n d e p e n d e n t  v a r i a b l e  needed  
to  p r e d i c t  s te=,s  c o n v e r s i o n  i n  t h e  g a s i f i c a t i o n  
r e a c t i o n ,  e x p r e s s e d  as  moles  o f  c a r b o n  g s s i ~ . i e d  
pe r  ~ i e  of  s~e~a: f ed .  

'Yh.,e c o ~ r ~ ! a t i o n  i s  see.-. ~ be ~deq~ .~ -  :~ar 
t he  ~sr.~ bas~. r e p r e s e n ~  ".n ~ i g u r e  ~ b~.~ * . ~  
'-es~ of "~ore significance is ~he ca~,s!::7,-c~, 
of  t he  mode |  co t r a n s l ~ . ~ e  t h e s e  r e s u i t s  ~ - ~  ~,~ 
b~tcn L~ con~;_,~ou~ ~rxtion, (~}  ~ixed :a~ c~ 

fee@ ~c a ~ixture of a~e~m ~n~ recycl.~ ~a~ 
Th~s test was c s r r i e ~  out i n  .~ ~-~uch ~ 

ca )  d i ~ e t e ~  f l u i d i z e d  bed & a ~ i f i e ~  ~how~ i~. t h e  
~o~p!a:~ i~ Figure 8. Th~s u~i~ :.~ ~ited ~ 

304 



~0 

S Io 
~ wxm 

S s ~  n * ~  ~s~  ~ SRt Im 
a~ 

Fig. 8 - Fluid bed gasifier (FBG) flowplan 

pressure to I00 psig (0.8 HPa), but is otherwise 
capable of simulating anticipated commercial 
conditions with respect to continuous feeding 
and solids withdrawal, temperature, coal size 
consist, catalyst loading, fluidizing gas 
v e l o c i t y ,  s t e a d y - s t a t e  s o l i d s  c o m p o s i t i o n  
(carbon conversion), and steam conversion. 
Recycle gas is simulated by a blend of H 2 and 
CO to match the output of these components in 
the product gas. Feed coal at about 5 kg/hr is 
entrained in the recycle gas from a continuous 
lockhopper into the bottom of the gasifier where 
it is mixed with steam. Entrained particles are 
recovered dry by a combinat ion  of cyc lones  and 
filters before the gas i s  cooled to  i t s  dew- 
point. This operation is performed to obtain 
good m a t e r i a l  ba l ance ,  while i n  a commercial 
p l an t  the so l i d s  would be removed by wet sc rubb-  
ing .  Af te r  s o l i d s  removal the gas i s  cooled,  
scrubbed in  i t s  own condensate ,  analyzed by gas 
chromatograph, metered,  and f l a r e d .  The u n i t  
was opera ted  for  e i gh t  months du r ing  the p re -  
development per iod .  During the l a s t  s ix  months,  
the average service factor was 70 percent with 
one month at 96 percent. Fifty material balance 
periods were identified, usually of 24 hours 
duration each. Eighteen of these periods were 
selected for detailed material balance work-up, 
the selection being made to represent a variety 
of process v a r i a b l e s .  Wate r - so lub le  c a t a l y s t  
was r e c o v e r e d  and r e u s e d  d u r i n g  t h e  l a s t  45 
days,  with f i n a l  ope ra t i on  a t  94 percent  r e -  
covery of water-soluble catalyst. The end of 
the operation corresponded to about ten cycles 
of catalyst through the system. Sodium cation 
and sulfate anion, both present in the raw coal, 
were the only species observed to build up in 
the catalyst recovery loop, to a level of about 
two percent of the catalyst loading. There was 
no observable loss of activity during this 
operation. During the latter months, raw 
material balances closed typically within two 
percent for total input and output, and within 
five percent for individual carbon, hydrogen, 
and oxygen balances, as shown in Figure 9. The 
Fluid Bed Gasi[ier performance compared ade- 
quately with predictions based on the fixed 
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Fig .  9 - F l u i d  bed g a s i f i e r  m a t e r i a l  balance 

bed kinetic model as shown in Figure I0, where 
the range of interest is 0.4 to 0.6 mole carbon 
gasified per mole of steam fed. Based on a 
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Fig. I0 - Comparison of FBG data with reactor 
model predictions 

s i m i l a r  p r e d i c t i o n  f o r  the  commerc i a l  p l a n t  
s t u d y  d e s i g n ,  a 250 G B t u / d a y  (63 x 109 
kca l /day)  SNG plant would r e q u i r e  four g a s l -  
fiefs, each 22 feet (6.7 m) in diameter with 
about i00 f ee t  (30m) of bed depth.  F l u i d l z e d  
beds of comparable s i ze  are used in  connnerclal 
o p e r a t i o n s  i n  the  p e t r o l e u m  i n d u s t r y .  More 
i n f o r ma t i on  about the commercial p l a n t  study 
d e s i g n  w i l l  be p r e s e n t e d  by G a l l a g h e r  and 
Marshall  (4) a t  the November AIChE Symposium i n  
Miami. Other e n g i n e e r i n g  s t u d i e s  c a r r i e d  out 
d u r i n g  t he  p r e d e v e l o p m e n t  phase  showed t h a t  
makeup c a t a l y s t  can be made a v a i l a b l e  in  la rge  
q u a n t i t i e s  and i d e n t i f i e d  KOH manufactured by 
e l e c t r o l y s i s  o f  KCI as the  p r e f e r r e d  form. 

As a f u r t h e r  r e s u l t  o f  t h i s  r e s e a r c h  
p r o j e c t ,  a p re fe r red  rou te  was i d e n t i f i e d  for  
the recovery  of  water i n s o l u b l e  potass ium. For 
most c o a l s ,  the mixture  of coal  and c a t a l y s t  
w i l l  c o n t a i n  about  8 pe rcen t  potass ium.  As much 
as one-third of the potassium can react with 
clay minerals found in coal to make i~soluble 
potassium aluminum silicate, a form which is not 
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a c t i v e  as a c a t a l y s t .  The f o r m a t i o n  of  this 
m a t e r i a l  comple tes  a cyc l e  which began i n  n a t u r e  
while the coal was being formed some 50-300 
m i l l i o n  years ago. The c h e m i s t r y  i s  that of t h e  
most abundant  e l e m e n t s .  More t h a n  h a l f  of  the  
e a r t h ' s  c r u s t  i s  composed o f  f e l d s p a r s .  These 
m i n e r a l s  a r e  a l u m i n o s i l i c a t e s  o f  p o t a s s i u m ,  
sodium, and ca l c ium.  They a re  the  c h i e f  con-  
s t i t u e n t s  of  igneous rocks  such as g r a n i t e .  The 
s i x  e l e m e n t s  which c o n s t i t u t e  the  f e l d s p a r s  rank  
amor~ the f i r s t  seven in abundance.  The c l ay  
m i n e r a l s  found in coal are the  p r o d u c t s  of t he  
w e a t h e r i n g  p r o c e s s  illustrated i n  F igu re  I I .  By 
a v a r i e t y  o f  n a t u r a l  p r o c e s s e s ,  nonmetal  o x i d e s  

K ~J ~t~O I 
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Fig. el - Chemistry of catalyst reactions with 
mineral matter 

e n t e r  the  a tmosphere  and are  absorbed  in  r a i n  
w a t e r ,  making i t  s l i g h t l y  a c i d i c .  As an a c i d ,  
r a i n  wa te r  can e x t r a c t  a l k a l i  and a l k a l i n e  e a r t h  
m e t a l s  from f e l d s p a r s .  The remain ing  alumino- 
silicates lose their structural integrity, wash 
down as silt in the runoff, and settle out to 
form clay deposits in regions where drainage is 
poor, such as coal-forming swamps. The solu- 
b i l i z e d  potassium ultimately a p p e a r s  as  the 
res idue  of extinct s a l t  l a k e s ,  commonly r e f e r r e d  
to as potash, the source mineral for potassium 
catalyst. When these materials are recombined 
in catalytic gasification, minerals such as 
kaliophilite are formed. "['he chemistry of this 
cyc le  suggests several approaches to  recovery of 
the potassium, such as a c i d  extraction or 
displacement by cheaper sodium or calcium. 
Extraction by strong acids does in fact solu- 
bilize all of the potassium, but other materials 
such as iron and silica a r e  a l s o  brought 
into solution and the potassium is recovered as 
t he  s a l t  of a s t r o n g  a c i d ,  s c a t a l y t i c a l l y  
i n a c t i v e  form. The use of cheaper sod ium 
carbonate as an ash scavenger was explored, but 
it was found that although sodium aluminosili- 
cares were formed, the sodium was subsequently 
displaced by potassium. The preferred approach 
identEfied during this research was the aqueous 
d i g e s t i o n  of the char  with ca lc ium h y d r o x i d e ,  
I t  was found that  wi th a su i tab le  calcium 
l o a d i n g ,  a reactio, time of two hours at 300°F 
(150°C) w~. sufficient to so lub i l i ze  more than 

Z 

i -  
i 
g .a 

7C 

I I 

a • 

a 4 rots, 44@q r 
I 2 IIIIS, ~looqr 
S I I I ,  3 0 1 q  r 

I I 
0 5  I . I  

imu[$ Ca,4~l.lrS s 

Fig.  12 - Po ta s s ium r e c o v e r y  by c a l c i ~  
h y d r o x i d e  d i g e s t i o n  

90 p e r c e n t  of the  p o t a s s i , m ,  ma in ly  as KOH as 
shown in  F igu re  12. This  h i g h  l e v e l  of  r e c o v e r y  
r a i s e s  t h e  need  t o  r e e x a m i n e  t h e  p o t e n t i a l  
b u i l d u p  o f  o t h e r  s o l u b l e  s p e c i e s  which did  not  
cause  problems a t  the  60-70% l e v e l  of  c a t a l y s t  
r e c o v e r y .  

F u r t h e r  i n v e s t i g a t i o n  of  c a t a l y s t  r ecovery  
and i n t e g r a t i o n  of  a l l  the  p ro ce s s  s t e p s  w i l l  
be c a r r i e d  ouc  i n  t h e  p r o c e s s  d e v e l o p m e n t  
phase  which i s  expec ted  t o  l a s t  th rough 1980. A 
Proces s  Development Uni t  now under  c o n s t r u c t i o n  
w i l l  be c a p a b l e  o f  g a s i f y i n g  100 l b / h r  (45  
kg/hr) of coal a t  500 psig (3.5 MPa). Its 
o p e r a t i o n  w i l l  be c a r r i e d  out  i n  p a r a l l e l  with  
bench-sca le  research  and e n s i n e e r i a s  s t u d i e s  
aimed sC r e a d y i n g  t h e  p r o c e s s  f o r  f u r t h e r  
s c a l e - u p .  
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KINETICS OF POTASSIUM CATALYZED GASIFICATION 

Charles J. Vadovic and James M. Eakman 

Coal Research Laboratory 
Exxon Research and Engineering Company 

P. O. Box 4255 
Baytown, Texas 77520 

INTRODUCTION 

The Exxon Catalytic Coal Gasification Process(2) is based upon a new 
combination of processing steps which avoid thermodynamic constraints in- 
herent in the previous art. The use of the catalyst in the reaction step and 
the manner in which the reactor is integrated into the overall process are the 
keys to this concept. The goal of the work reported here is the formulation 
of a kinetic relationship for catalytic gasification which can be used in 
developing a model for the f luid bed reactor used in this process. This mode| 
is needed to correlate pi lot unit conversion data and as a design tool for 
commercial scale units. This paper reports on the work which culminated in 
the successful formulation of the required kinetic expression. 

Alkali metal gasification catalysts increase the rate of steam gasifica- 
tion(3,4,5) promote gas phase methanation equilibrium,(~,5) and minimize 
agglomeration of caking coals.(~) The catalytic gasification process uses an 
alkali  metal gasification catalyst (K2C03) with a novel processing sequence 
which maximizes the benefits of the catalyst. The process combines a rela- 
t ively low gasifier temperature (1300°F) and high pressure (500 psig) with the 
separation of syngas (CO + H2) from the methane product. The syngas is recycled 
to the gasifier so that the only net products from gasification are CH4, C02, 
and small quantities of H2S and NH 3, The resulting overall gasification 
reaction can be represented as follows: 

C o a l  + H20 ~ CH 4 : CO 2 

Since this reaction is essentially thermoneutral, major heat input to the gasi- 
f i e r  at high temperature is not required. Thus, as discussed by Nahas and 
Gallagher(5), second law constraints on thermal efficiency inherent in other 
processes are avoided. 

A simplified flow plan for the process is shown in Figure i .  Coal is im- 
pregnated with catalyst, dried and fed via a lockhopper system to a fluidized 
bed gasifier which operates at about 1300°F and 500 psig. The coal is gasified 
with a mixture of steam and recycled syngas. The major gasifier effluents are 
CH 4, C02, CO, H2, and unconverted steam. No tars or oils are produced. The 
gaseous products are cooled and the unconverted steam is condensed. The dry prod- 
uct gas is treated in a series of separation steps including acid gas scrubbing 
to remove CO 2 and H2S , and cryogenic fractionation to separate methane from 
syngas. The syngas is combined with feed steam and recycled to the gasifier 
at approximately 150°F above the gasification temperature. Although there is 
no net heat required for the gasification reactions, some small amount of heat 
input is required to heat up the feed coal, to vaporize residual water, and to 
provide for gasifier heat losses. 
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Ash/char residue from the gasification step is sent to a catalyst recovery 
unit in which a large fraction of the catalyst is leached from the residue using 
countercurrent water washing. The recovered catalyst, along with some makeup 
catalyst, is reimpregnated on the coal to complete the catalyst recovery loop. 

EXPERIMENTAL 

Design of the gasifier for this process requires a quantitative descriptio~ 
of the kinetics of the catalytic gasification reaction. Bench scale studies- 
were conducted in a fixed bed reactor to provide the necessary data for the 
development of the rate equation. 

Apparatus 

The high pressure apparatus used in this study is shown in Figure 2. The 
~nain components of the system are the fixed bed reactor, water pump and steam 
generation equipment, pressure and temperature control systems, unreacted steam 
c ~ e n s e r ~  a gas chromatograph and a dry gas f low measurement system. Provisions 
~er~ included f~r the optional use of an inert or reactant gas (such as H 2 + CO) 
as a feed supplementing steam. 

A high pressure pump was used to supply H20 at a constant rate to the steam 
~e:~rator which consisted of 1/4" stainless steel tubing coiled around the fixed 
be,J reactor. Both the steam generator and the reactor were mounted vertica!ly 
i,~ ~ spl i t  tube furnace. The reactor temperature was measured and controlled et 
~,~. cente~ of the bed of char. The product gas stream~ consistinq primarily of 
ki;~, CO~: CH4. CO 2 and unreacted H20, was f i l tered and then depressurized through 
~:~e pressure control valve. The unreacted H20 was condensed and the gas stream 
~¢as further dried by calcium sulfate. The dry gas stream passed through a gas 

"~'~:~,~tngr~p~ s~mpling system, which provided automatic sampling at lS-m~nute 
~,,-~:~.~ Ih~ d~y qas flow was measured ~y a wet test meter connected to 

,) ~e 2~r~s:~cr: The signals from the pulse generator ~ere accumulated as 
~:L~,'~ Cf ~,?t~( gB$ vo!ume produced~ 

::~ ~:~'~-,.,~ ~r~d ~*. approximete]v. 30 inches i~ length. The reactor ~as f i l ] :~ i  
, ~ ,:, ,~p.~ of 15 ~r~,.hes by i/8-inch mu]lite beads tvhic~ supported the bed of 

,~,~,=-_~ ~--':~ prepered ~y soaking 30 to i00 mesh Ii1~nois coal ~,~oo 6 in .~,. 
~i:i~,~v ,~ci~t>in~ng the de~,ired ~eight of catalyst, typical ly bet~veen 10 ~Rd 

~'~ ,-~:, ~.2Cb3/?.20 Cms of coal (referred to as lO and 20% K2C03)o I',~ormally~ t ~  
~"~:Ch,~ r~t~o of ~ater to coal was sl ight ly greater tha~ one. The samples ~:~re 
~-,-,~, dri~_;d ~.ver~,i~ht in a vacuum oven. A scanning electron microscope stu~iL¢, 

~ho~ed ~ fa i r l y  even dispersion of potassium throughout the coal particle. The 
:~pregnated coal samples were then devolatilized at atmospheric pressur=_ fo~ ~ 
-'C~ minutes i~ ~ muffle furnace under a nitrogen atmosphere at 1200°Fo The 
:,~,,Rple~, ~er¢ a]lo~:..'ed to cool to room temperature and then ~tored in bott]e~ 

j Reproduced from ~ 
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A run was made by loading the reactor with a 20 gram char sample. The 
reactor was purged with helium and the temperature was raised to the desired 
level. At that point the pressure in the reactor was raised to operating 
conditions by manually injecting water through the pump. When the run pres- 
sure was achieved, the pump was set in the automatic mode. I f  syngas was 
used, the supplementary gas valve was also opened at the start of the run. 
Steam and syngas ( i f  used) were then fed to the reactor. At the end of a run, 
the feed was shut off and the unit depressured. 

During the run, gas analyses and cumulative dry gas volumes were obtained. 
From this data the carbon gasified is calculated. Assuming that the oxygen 
content of the char is small in relation to the oxygen content of the steam 
fed, the steam conversion is obtained from the oxygen content of the dry 
product gases. 

Runs were made in the fixed bed reactor with I l l inois coal catalyzed with 
1D% and 20% K2CO 3 with steam as the gasifying medium. Temperatures of I~O0°F 
and 1300°F were used and pressures varied from 0 to 500 psig. Steam flows 
ranged from 3 to lO0 gm/hr. With these conditions, steam conversions from 
10% to 80% and total carbon conversions from 50% to 100% were obtained. 
Material balances on hydrogen were used to check the consistency of the data. 
The balance closures ranged from 100% to 105% for typical runs. 

Results 

During the runs i t  was observed that the steam gasification rate was in- 
dependent of pressure. The gasification rate was found to increase with 
an increasing rate of steam fed to the reactor. Additionally, at high steam 
flow rates, or low steam conversions, the gasification rate was directly 
proportional to the catalyst loading. One explanation for these observations 
is that the kinetics are controlled by a strong product inhibition. This 
suggests that a kinetic expression in the classical Langmuir-Hinshelwood form 
may be used to f i t  the data. It was further seen that methane and carbon 
dioxide were in chemical equilibrium with the other gas phase components for 
the conditions studied, i .e . ,  the methanation and shift reactions are at 
equilibrium. 

DATA INTERPRETATION 

Fixed Bed Reactor Model 

A mathematical model for the fixed bed reactor was developed based upon 
the observed behavior. Plug flow of gas through the bed is assumed. It is also 
assumed that strong product inhibition results in a high rate of gasification 
over a very short distance of the bed followed by a slower rate over the remain- 
ing length of the bed where higher partial pressures of products exist. This 
assumption leads to a simplified picture for the fixed bed reactor shown in 
Figure 3. In this model the reaction proceeds so as to form a sharp "carbon 
burnoff front." I f  l i t t l e  or no carbon is present, gasification wi l l  not take 
place. Therefore, the potassium catalyst which is left  behind this "burnoff 
front" does not contribute to the reaction rate. 
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The equation describing conversion in the p~ug flow reactor is 

I v I x d__Z_v = d__ x 
O 

NH20 -rG 

where ~ is the reactor volume, N~20 is the molar rate of steam fed ~o ~N~ 

reactor, r G is the molar rate o~--th'ecarbon-steam gasification reacticn ::e~ ~ 
unit volum'e and _x is the extent of reaction defined as moles carbon ga~if :~ 
per mole steam fed. The sharp burnoff front model provides a rela~o~shi~ 
between the carbon remaining in the bed and the effective fixed bed reec~or 
volume, 

n c = C c V 

where n c is the instantaneous moles of carbon in the bed, _V i~ t~,.. -.-.--~r'~" . ~  ~=,~L :~e 
reactor volume, and C c is the proportionality co~.~,t~ct ~it~ ~"~'~~;~ ~i::/~.~n~i~.n 
moles carbon per unit volume. Based upon in i t ia ]  bed conditioi~i, Z;~. ~'~i]! ~lave 
a value of approximately 0.045 gmole/cc. Substitution of ~-~u:~.~;~T.i:.-.- ~ ;nto 
Equation ( i )  provides 

nc dx 

NH20 Cc -r G 

This model may now be used for the identification of acceptable foFTr::_~ i:-.~ "~i;(~ 
rate, rG, and to obtain best f i t  values for the parameters in th~se :~.,;:,.-~ .... ",,,.~. 

A Langmuir-Hinshelwood type expression for heterogeneous catalytic k}~:::~ics 
as applied to the carbon-steam reaction may be written in the generalizecZ 
fom. 

k[PH20 - PCO PH21KG ] 
rG = (4) 

1 + ; (biP i + z bijpi pj) 
i j 

where pH2___O0, PCO, PHp, etc. represent the partial pressures of these 
components, k is the kinetic rate constant for the carbon-steam reaction, K G 
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is the equilibrium constant for this reaction, and the b's represent the adsorp- 
t ion c~nstants, no more than four of which wi l l  be a11ow~ to be nonzero 
in any one model being tested. 

E,..~uion (4) when substituted into Equatio~ ~ )  gives 

e ~- 

n , .  

H 2 u  

X X X 

-~  + - dx 

Jo L_.,/__., k R G ~GG i i j 

0 

where the reaction driving force tern in the denominator of each of the integrals 
is gi yen by 

R G = - [ P H 2 0 -  PCOPH2/K G] 

F,--r ;~ ~;v~p conversion,the sh i f t  an~ methanation equil ibrium relationships 
.~.re suff izC~z :o calculate the part ia l  pressures of ai% components (H2, CO, 

f~  I '  ?'~ ~ :~,...:+ ~.0~:. c,K.., in the gas phase. Using a closely spaced series o f  incre- 
~:.::.~: +i~e~ ';:oPx, the partia) pressures were accurately mapped over ~ ~an~ 

c:5.--'Yr::ioF~S. This needeG to be done only once. These part ia l  pressures ~er+. 
: a~ ,~q r~d i "+~ t he  :~  r ~  on$ under  the  +- o ~ . . . . . . . . . . . . . . .  I ~ ~ V " " "1 p . . . . . . . .  t . g r + : , : <  sho~:-+ + n  

' ~ .' :. " : ~ ~ I+ : The v a l u e s  o f  these  i n t e g r a l s  f o r  any s p e c i f i e d  c o n v e r s i o n  ara 
'' : +: + r+ :+ + :+ '+'+" ~u Sim+son's. r u l e  numer i ca l  + n t e g r a t i o n  o f  +h~_ exprem_." "¢+,o,+" +,+.d+.+- 

-+::;-~ A?q e~ a f , n c z ! o n  o f  h o i d i n ~  ~ - r+  o moles ,,,..~+~.~+aataneous ,'_-~:~, 
. . . .  ...... ¢i e:~ rate. The "car~en ~;~c.o¢i fro~t ~- ~-~E' -~:" V ...~: 

- : :  ;.,':-_.-~,_,,ys~ g a s i f i c a t i o n  req~iFes ti~ac :he oata f o r  x ,:,; ,. ~unct. i,z<: 
+ _  ,.: L+ T) e r e n t  stean+ f lm+ ++aLe+-.. +++,~+.+ a l l  mesh t o~ theL ,  t o  gi;+: 

........ ~empera,~u..~ pressure and cetalyst loading. 

+ ~  : ++ +~ . . . .  ~L~+ ' ,  ; ~ " 
. ! - P -  : ! : :  COl fes~,I~.+P~lS ~"zJ { c s r b c n  ~ t ~ v i L y  o f  ~::3ut t . ~ q ?  Ebb':: 

~: . - . . ~  Fne region, at the io~er le f t  of the diagram shows the carboL 
I : : ' ~ e "  . . . . . . . . . . . .  by the.:, r,~te of .':ac*ion+ Th~ dat~ points at ciR~ - ~  ffeYI~it 

: u :  ih  th+ requ i+ed  manner over  ch-eB o rd l : f s  o f  ~+a~++l. ;1 V / ~ ' +  ~ I : :: : 

'1 ) :? ~I~ +~: h U S :i the .~xperimenta! abserva~:ons _r_~ o consistent ~ ic;+~ L!:,+ 
• _: .~...+,~i~ This reactor mode3 was then used as the basts fm 'the ~n~l~,~is 

: i ~ ' { : ' '  , : T ~ :  ] l ' ~  ~ ] I 

I Reproduced from 
best available copy. ( ~  
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Parameter Estimation 

The coefficients in front of the integrals in a series of particular forms 
of Equation (5) were estimated by regression analysis. The regression data base 
used consisted of the results of the steam gasification runs at 500 psig described 
above as well as runs at O, lO0 and 250 psig at steam rates of 6, 12 and 
24 gm H20/hr. Two additional series of runs were conducted at 500 psig and 
the same three steam rates. The f i r s t  was at 1200°F and 20% K2CO 3 and the 
second was at ]300°F and I0% K2CO 3. The data from these runs were used to 
assess the effect of temperature and catalyst loading on gasification rate. 

Numerous kinetic models were formulated and tested by regression for the 
constants in Equation (5). These models consisted of all combinations of from 
one to four terms involving the partial pressures of H2, CO, and H20 and the 
cross products of the partial pressures of H 2 and CO, and H 2 and H20. 
Those which gave negative coefficients on regression were discarded as being 
physically unreal. Four additional models were discarded because they gave 
an inf in i te rate in the l imit of zero steam conversion. The three models 
which remained are 

(A) k(PH20 - PCO PH2/KG) (7) 

r G = pH 2 + b I PH20 

(B) k(PH20 " PCO PH2/KG) (8) 
rG = DH~ + bl pH~ pen + bppH~n PH 2 bl PH 2 PCO b2PH20 

(C) k(PH20 - PCO PH2/KG) (9) 

rG = PH 2 + bl PCO + b2 PH20 

All are independent of pressure. The variance of the residuals around the 
regression line for these are A: 0.0556, B: 0.0519, and C: 0.0562. Since Model 
B has a smaller variance than A or C, i t  was chosen as the basis for further 
analysis. However, further studies should be done to better discriminate 
between these and possibly other kinetic expressions. The coefficients 
obtained by regression of Model B are 

CC _ 
- 1.603 hr 

k 

blCc 
k 

- 0.3371 hr/atm 

b2Cc 
- 0.0954 hr 
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These coefficients were used in Equation (5) to compute the values of e re- 
quired to achieve the various measured conversion levels. These calcuTated 
values are compared to the actual holding times in Figure 5. While there is 
scatter to the data, i t  is seen that the model provides a reasonable f i t  over 
the broad range of pressures (0-500 psig) and flowrates (3-100 gm/hr) considered. 

Using the approximate value of C c = 0.045 gmole/cc, the values for the 
parameters at 1300°F and 20% K2C03 loading may be expressed as 

k = 0.0281 9mole C 
hr.cc 

b I = 0.210 atm -1 

b 2 = 0.0595 

I t  was found by comparing the 1200°F and 1300°F data that the rate constant, k~ 
has an activation energy of 30 kcal/gmole in the Arrhenius expression. Further- 
more, its value at the I0% K2CO 3 loading was approximately half that at the 
20% K2CO 3 level. Hence, within this range ~ may be expressed as 

k = koC K exp(- E/RT). (lo) 

where k o is the frequency factor, C K is the moles of catalyt ical ly active 
potass~I~n per unit volume, E is th~"activation energy, R is the universal gas 
constant and T is the absolute temperature. For 20% K2~O 3 on I l l ino is  coal 
the value o f~  K for the fixed bed of char is typically 

CK = 0.0021 gmole/cc 

On this basis the value of the frequency factor may be computed as 

for 

k 0 = 6.80 X 10 / gmole C/hr-gmole K 

E = 30 kcal/gmole. 

The ratio of holding times necessary to attain a given conversion level, 
~, at two different temperatures and catalyst levels is given by 

01 k2 CK2 exp [ E ( i  I )I 
- -  k-T : " T2 

(ii) 
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This assumes that the temperature difference does not significantly affect the 
equilibrium calculation for the partial pressures. Equation (11) allows the 
definition of an "equivalent residence time,"_e*, which can be used to 
combine data collected at different temperature~ and catalyst levels. The 
quantity e_* is defined as the holding time at ~" and CK* which wil l 
give the same conversion as that obtained with a holding time B at temperature 
T and catalyst concentration C K. Specifically, 

e ~ exp 

This relationship was tested for its abil i ty to correlate 500 psig fixed bed 
reaction data collected at I0% K2CO3-13OO°F and 20% K2CO3-12OO°F with 
the data base collected at 20% K2CO3-13OO°F. The result is given by the 
data points shown in Figure 6 where conversion, x, is plotted as a function 
equivalent residence time, e_*, with all data adjusted i f  needed to 1300°F and 20% 
K2CO 3. It  is seen that the data appear uniformly correlated by this expression. 

Generalized Fixed Bed Model 

The above kinetic relationships apply to a pure steam feed. In order to 
apply them to the synthesis gas recycle case, they must be generalized for 
mixed gas input to the fixed bed. This may be done by writing the differential 
equations describing the molar flow of each molecular species through the bed 
and numerically integrating these over the effective volume. These equations 
are 

d NH2 
= A (-3 r M + r S + r G) (13) 

dz 

d NCO 

dz 
= A (-rM - rs + rG) (14) 

d NCH 4 

dz 
: A r M (15) 

d NCO 2 

dz 
= A r S (16) 

d NH20 
= A (r  M -  r S - r G) (17) 

dz 

where N i is the molar flow rate of component ~, ~ is the distance down the 
bed, _A-Ts the cross-sectional area of the bed, and rM, r S and r._GGare the 
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rates of the methanation, sh i f t ,  and carbon-steam gasif ication reactions re- 
spectively expressed as moles per unit reactor volume per unit time. 

The reaction rate expressions used for the shi f t  and methanation 
reactions are 

rs = ks (PCO PH20 - PCO 2 PH2/Ks) (18) 

rM : kM (PCO pH32 - PCH 4 PH20/K) (19) 

where k S and k M are the respective rate constants and K S and K M are the 

respective equilibrium constants. These reactions may be forced to equilibrium 
by assigning a rb i t ra r i l y  large rate constants. The reaction rate expression 
used for the potassium catalyzed carbon-steam reaction is obtained by com- 
bining Equations (8) and (I0) 

r 
G 

k o C K exp(-E/RT) [PH20 - PCO PH2/KG] 

PH 2 + bl PCO PH 2 + b2 PH20 
(20) 

The ordinary di f ferent ia]  Equations (13)-(17) were numerical]y integrated 
by a Runga-Kutta-Fehlberg procedure for a series of cases considering pure 
steam fed to a fixed bed reactor at 500 psig, 1300°F and C K = .0021 gmoles potassium 
per cc (corresponding to 20% K2CO 3 on I l l i no i s  coal). The-conversion, ~, 
was determined at various distances, z, down the bed from 

X 
NCO + NCH 4 + NCO 2 

0 

NH20 

(z]) 

The residence time corresponding to each conversion was computed as 

0 = 
c c A z (zz) 

o 

NH20 

The integrations performed in this manner for various steam flowrates over]apped 
to give the single correlation l ine shown in Figure 6. This l ine is seen 
to provide a reasonable f i t  to the data. 

Model Veri f icat ion Experiments 

To test the predictive capabil i ty of the kinetic mode] with a mixed gas 
feed, two fixed bed gasification runs were made with steam plus syngas (H 2 + CO) 

- 3 1 6  - 



at 1300:F. One run was made with 5 l i t e r  per hour syngas at 500 psig. The 
second was made with 15 l i t e r  per hour syngas at 100 psig. Both runs were 
made with 12 grams per hour steam feed. In both cases the syngas composition 
was 75 mole % H2 and 25 mole % CO. In  these experiments the conversion, ~, 
was computed as 

0 

NCO + NCH 4 + NCO 2 - NCO 

0 

NH20 

(23) 

0 

where NCO is the mo]ar rate of carbon monoxide fed'to the reactor. The 
reside'~c-e time is computed by Equation (22). A comparison between the predicted 
and experimenta] conversions for these two experiments is shown in Figure 7o 
Good agreement is observed in the 500 psig case. The conversions obtained here 
~re essentially the same as observed above for pure steam feed. At 100 psig v~tb 
hi~her syngas flow, the data show a lower conversion than at 500 psig fe~ th~ 
same residence time. I t  is also seen that the model underpredicts the ~ct~R 
ze~version. This may be due, in part, to the use of parameters which ere 
derived from pure steam data. 

CONCLUSIONS 

An empirical Langmuir-Hinshelwood kinetic model for the potassiu~ c~ta3~zed 
~si f icat ion of I l l ino is  #6 bituminous coal has been developed. Tills mode~ 
provides a good f i t  to fixed bed reactor data over pressures ranging from 
"~o~pher i r  to 500 psig and a 30-fold range of steam f low rateso ~t a E~, 
r ~ d i ~ s  cow,versions for  the temperature range 1200°F to 1300~F ~n~ ce~¥s% 
!O~d~f~ fre~ 0~  to 0.2 grams K2CO 3 per gram of coal. For the catalyst  
~ve~c examined, the gas i f icat ion rate was proportional to the amount of z~t~ys~ 
~resen~. Additional studies need to be performed over a broader range of 
catalyst loadings to determine the limits of this relationshipo ~t ~a~ e~c 
~how~ that these kinetics ca~ be applied to predict trends i~ conwrsio~ ~Gr 
tit, O: H~ arid CO mixeE gas feeds. 

The kinetic expression obtained has been shown to have adequate p~edicti~.~ 
:~pabiliti.~s in the range of interest. I t  is in a form which can be u~e~ 
~rpctR,~ . ,  iR the development of models for f luid bed 9asificatio,~ reacts'-3, 
~h~s~ the ~c~1 for this study has been achieved. Future ~Jork ~-.~I~ be ~r~,~:.eC 
co;~rd ~ ~!~, ing ~ f I~id bed reactor model. 
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Nomenclature 

A 

b 

Cc 

CK 

E 

k 

ko 

kM 

k~ 

KG 

Khi 

KS 

Tio 
i 

nc 

Pi 

R 

RG 

rG 

rM 

rs 

V 

X 

Z 

0 

cross-sectional area of reactor 

adsorption constant in Langmuir-Hinshelwood rate expression 

carbon concentration, moles C per unit reactor volume 

potassium concentration, moles K per unit reactor volume 

activation energy in Arrhenius expression for carbon-steam 
reaction rate constant 

rate constant for carbon-steam reaction 

frequency factor in Arrhenius expression for carbon-steam 
reaction rate constant 

rate constant for methanation reaction 

rate constant for shift  reaction 

equilibrium constant for carbon-steam reaction, atm 

equilibrium constant for methanation reaction, atm "2 

equilibrium constant for shift reaction 

molar flow rate of component i 

molar flow rate of component i fed to reactor 

moles carbon ( to ta l  in reactor) 

par t ia l  pressure of component ~, arm 

universal gas constant 

dr iv ing force for carbon-steam react ion,  see Equation (6) 

molar rate of carbon-steam reaction per unit  reactor volume 

molar rate of methanation reaction per uni t  reactor volume 

molar rate of sh i f t  reaction per uni t  reactor volume 

volume of f ixed bed reactor 

extent of react ien, moles carbon reacted per mole H20 fed 

distance from s tar t  of f ixed bed reactor 

residence time in f ixed bed, moles bed carbon-hr/mole H20 fed 
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CATALYTIC COAL GASIFICATION - PROCESS RESEARCH AND DEVELOPMENT 
L. E. Furlong and N. C. Nahas 

Exxon Research and Engineering Company 

Abstract 

The technical progress during the 
recently completed predevelopment 
phase of catalytic coal gasification 
supports the transition to a devel- 
opment phase program. This process 
research focuses on production of 
subst i tute natural gas (SNG) from 
bituminous coals using a potassium 
catalyst and a thermally neutral reaction 
of steam and coal. After a review of the 
basic process concept, this paper concen- 
trates on defining the current technical 
base and delineating the major questions 
to be addressed during the development 
phase. Remaining needs for commerciali- 
zation are also outlined. 

Process Description and Background 

Exxon Research and Engineering 
Company has been pursuing coal gas- 
i f icat ion since the late 1960's and 
catalytic coal gasification (CCG) since 
1971. Our early work was described in 
1976 by Epperly and Siegel (1). They 
presented the process concept and 
discussed the role of the catalyst in 
depth. The major points are summarized 
here. 

F i r s t ,  i t  had been known for 
some time that alkali metal salts of 
weak acids (e.g. K2CO 3, Na2CO 3, K~S, 
Na2S ) catalyzed the steam gasificatlon 
of coal. Our research confirmed that at 
catalyst concentrations on the order of 
I0-20 wt.% K2CO 3 on I l l i n o i s  b i tu -  
minous coal, commercially acceptable 
gasification rates could be obtained at 
1300"F (700"C) versus about 1700"F 
(925"C) without catalyst. Figure l 
presents some of this data showing a 
relative carbon gasification rate as a 
function of catalyst concentration at 
1300"F. Catalyst concentration is 
expressed here as the atomic ratio of the 
alkali metal (K) to carbon (C) in the 

average bed char part icle. An i n i t i a l  
loading of 20 wt.% K2CO 3 on coal, 
when gasified to 80% carbon conver- 
sion, translates to 0.3 K/C on this 
scale. The catalyst  increases the 
gasification rate by an order of magni- 
tude and the effect of catalyst concen- 
tration on rate is essentially linear 
over this range. Note that relatively 
high catalyst loadings are required to 
achieve acceptable rates. The high cost 
of catalyst necessitates catalyst re- 
covery systems for economic balance. 

~S|FICATIOll UI~IE li lEP~llO|liC| Oil CATALYST LOAIHII~ 

M I N| ILka~l~R Cimllertr.~ 

/ I -  CA III IlOt 11110 ~ ~ f I~l'C t 
~ $ i~ IC.ll11~ll &NI LI 1 i l q l l  
ILCl 

10 / ° 

! • | & i ¢ 1 1  | i 

ATgm~ IIATI~ I I C  
qm-O- ~ 

Figure I. 

This f i rst  part of the concept was 
well known by researchers in the field. 
The second part of the concept was the 
discovery that this same catalyst system 
also promoted the methanation reaction 

3H 2 + CO-~CH 4 + H20 

Figure 2 presents some data for the 
methanation reaction, again with K2CO 3 
catalyst on I l l i no i s  bituminous coal. 
At temperatures above l~50-1300"F equili- 
brium conversions are obtained even at 
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very high space velocities. 

The third element of the process 
concept relates to the thermal balances 
for the individual reaction steps and for 
the overall steam gasification to methane 
and carbon dioxide reaction. Figure 3 
illustrates these heats of reaction for 
an ideal system of graphite and steam. 

COAL GASIFICATION CHEMISTRY 

GASlFIEII CH 4 

,+ 

3H 2 • C~ ~ ~ 4  +'* H20 

~,Hr  - M V..IJ C,,ASIFICATIOW 

~.Hr • -I1~i1 SHIn 

?I,<20+~C ....-+,- CH4.C0,  z AH+, - :rlm~ OY;(IrA~ 

J 

Figure 3 

The gasif ication reaction is highly 
endothermic, requiring the addition of 64 
kca] of heat for each 2 moles of carbon. 

The shift reaction (which is at equil i- 
brium in our system ) is s l i g h t l y  
exothermic, releasing 8 kcal of heat for 
each mole of CO shifted.. By contrast, 
the methanation react ion is h igh ly  
exothermic releasing 54 kcal for each 
mole of methane formed. The overall 
reaction shown is sl ightly endothermic 
for graphite, and sl ightly exothermic for 
real coals. In Exxon's catalytic coal 
gasification concept all three reactions 
are carried out in one vessel avoiding 
the need for heat input via a i r  or 
oxygen. Using the catalyst, commercially 
acceptable rates are obtained at 1300"F. 
The catalyst equilibrates both the shift 
and methanation reactions at this tem- 
perature. The net products are forced to 
CH 4 and CO 2 by recycling the CO and 
H2. 

The embodiment of this concept in a 
process is i l lust rated in Figure 4. 

t tXOI I  CATALYTIC GASIFICATION Iql IOCEU 

~I2S & CO 

+=' 

Figure 4. 

The feed coal is crushed to minus 8 mesh, 
a size distribution suitable fo~ fIuid- 
ization. Catalyst is added as an aqueous 
solution, the feed is dried and fed 
through lock hoppers to a f lu id  bed 
gasi f ier .  The gasi f ier operates at 
1300"F (700"C) and 500 psi (3.5 MPa). 
The f l u i d i z i n g  gas is a mixture of 
steam and recycle CO" and H2 which has 
been preheated as shown. Unreacted 
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add i t ion / recovery  block,  the f l u i d  bed 
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t a ~ a , y ~ , .  A d d i t i o n  and 2ecovery 

At the beginning of the predeve l -  
opment  p h a s e ,  t h e  m a j o r  c a t a l y s t s  
being s t u d i e d  were K2CO 3 and m i x t u r e s  
of  K2CO 3 aPd Na2CO 3. K2£0 3 was found 
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the preferred catalys(. "Additiol; o,: 
e i t h e r  KOH or K~CO 3 to c o a l  as a s~ra,, , : . ; '  
water solut ion ~s uncomplicated, tIeco... 
ery  of the c a t a l y s t  from the c a t a l y s t -  
char -minera l  mat ter  sol id  withdrawn fr.~.::~ 
the f l u i d i z e d  bed is more cha l lengine .  
F i g u r e  5 i l l u s t r a t e s  t h e  c h e m i s t  
i n v o l v e d .  
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w=~tec wash s i n c e  o n ] y  t h e  e x c e s ~  ': 
is p r e s e n t  as an a c t i v e  c a t a l j y s t .  
F u r t h e r ,  t h i s  KAISiO 4 cannot  be re.. 
covered by water wash. However, Ca(OH) 2 
w i l l  d isplace the K from th is  compound to 
y i e l d  KOH, the desired c a t a l y s t  form, and 
i n s o l u b l e  ca lc ium a l u m i n o s i l i c a t e s .  

t R e p r o d u c e d  { torn  
k e s t  a v a i J a b J e  c o ~ y .  
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~-ecycl~) and is projected to be operating 
~ a borderline bubbling contacting 
Bode. (~hat is 2-3 inch bubbles in a 
~O-incb I.D. f luid bed.) Representative 
carbon and steam conversions should be 
obtainable in a11 units. 

In order to integrate our knowledge 
of bench and pilot plant results, we have 
developed a mathematical reactor model. 
Figure 8 describes the elements of the 
model. 

f 
II I II IIIII I 

]NClI [?,[~I~I[~ 

t ~dL~r 14[R '~ ¢~.V MK 

• T [14~£ l~T t~ [  

e I~ [SS IM(  

Jll S T ~kM IOUk~ 

t1~ LII LI OJ l i~ i  
¢~dSTJIAIlf l 'S 

STF.kM 

N 
~ D  IraTE 

F igure 8. 

Effects of independent variables are 
determined from tests in f ixed bed 
reactors. A kinetic equation of the 
Langmuir-Hinshelwood form was developed 
to correlate this data. The kinetic 
e~uation was described in September, 1978 
by Vadovic and Eakman (3). Incorporation 
of char physical property data and 
c.;ntacting equations allow generation of 
a f luid bed gasifier reactor model which 
~edic ts  steam conversion. Gas phase 
e q u i l i b r i a  and mater ial  and energy 
balance constraints define the product 
gas composition. 

We have compared mod~l predictions 
from fixed bed data with results from our 
lO Ib/hr pilot plant. The data quality 
from the pilot plant was exceptional as 
illustrated in Figure 9. Mass balances 
~ere done for individual elements C, H, 0 
as well as on an overall basis. During 

the la t ter  months of unit operation 
materia] balances were within 2% for 
total input/output and 5% for individual 
elements. Additionally, the unit service 
factor for the last 6months averaged 70% 
of real time with all systems at design 
c o n d i t i o n s .  
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Figure 9 

Figure lO compares prediction from 
our mathematical model with observed 
pilot plant conversions... 
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Figure lO. 

Moles C gasified/mol~ of H20 fed is 
equivalent to steam conversion. 
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The current recovery process is 
shown in Figure 6. 
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Figure 6. 

The catalyst-char-mineral matter solid 
from the gasifier is digested under mild 
conditions (300°F, 150"C) with Ca(0H)2 
and the residue is washed countercur- 
rently with water. The chemistry of this 
process has been well defined in bench 
tests. The Ca(OH)2 digestion and the 
countercurrent water wash were demon- 
strated during predevelopment in a 
semi-batch mode. K recoveries above 90% 
were shown to be feasible. However, 
there has been no integrated, continuous 
test of this system. The water wash 
alone, obtaining 60-70% K recovery, was 
used to study build-up of trace compo- 
nents in the catalyst recycle stream. At 
this recovery level trace ion accumula- 
tion was acceptable. However, build-up 
of trace elements at 90% recovery must 
also be defined. Thus one key need of 
the development program wi l l  be the 
definition of a continuous, integrated 
process for recovery of potassium 
catalyst at target commercial condi- 
tions. 

Fluid Bed Gasifier Operation 

The envisioned commercial scale 
f lu id  bed gasif ier would be over 20 
f t .  in diameter with IOO f t  of bed 

operating in a freely bubbling mode at 
1300"F (700"C) and 500 psi (3.S MPa). 
Approximation of flow characteristics 
of this unit in small p i lo t  plants is 
d i f f i c u l t .  Figure 7 gives one a feel 
for the degree of approximation. 
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Figure 7. 

The f i rs t  data column is for fixed bed 
bench units of about l-inch diameter. 
Most of our k ine t i c  data have been 
generated in these reactors. They are 
flexible allowing coverage of desired 
temperature and pressure ranges but the 
bed is not fluidized (mixed solid phase) 
and gas feeds are simulated. 

Our largest predevelopment unit fed 
about IO Ib/hr (5kg/hr) of coal to a 
f l u i d  bed gas i f i e r  about 30 feet 
deep This unit had a maximum operating 
pressure of ]O0 psi (0.8 MPa) versus the 
design of 500 psi (3.5 MPa) and due 
to this low pressure and small diameter 
operated in a slugging mode (large gas 
bubbles relative to reactor diameter). 
Addit ionally, the output of CO and H 2 
was measured and an equivalent amount fed 
to the reactor to simulate the C0/H 2 
recycle. Thus build-up of trace compo- 
nents in the recycle gas stream has not 
been addressed. Design criteria for the 
Process Development Unit are shown in the 
last column. This uni~ is fu l ly  inte- 
grated (ca ta lys t  recovery and gas 
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Cc~;sidering the broad range of steam 
conversions the f i t  is quite good. 
Ob'~,iously, f lu id bed data are needed at 
~OO psi, the design operating condition 
to confirm predicted conversion at 
commercial conditions. 

C)-yoBenic Dist i l lat ion 

The th i rd unique area of the CCG 
process is the cryogenic separation 
of methane (CH 4) from carbon monoxide 
(CO) and hydrogen (H2). A schematic 
is shown in Figure I I .  
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Figure I I .  

H2S and CO 2 are removed with conventional 
technology using physical absorption. 
l~e feed gas is cooled to -195°F by heat 
exchange with the recycle gas. The 
recycle overhead from the cryogenic tower 
contains a l l  of the H 2, almost al l  of 
the CO and is I0% by volume methane 
(CH4). At the system pressure of 400 
c~lg, the overhead condenser operates 
at -240"F (-150°C) This is the coldest 
part of the system. The bottom of 
the tower, the reboi ler,  operates at 
-143"F (-96°C). The product methane 
contains 0.1% CO. The vapor-liquid 
equ i l ib r ia  for this system are well 
characterized and the design of this 
d is t i l la t ion tower is within the state of 
the art. In fact, the separation of CO 
from CH 4 is easier than the separation 

of 0 2 from N 2 and 0 2 from Argon because 
CO and CH 4 are further apart in relat iv~ 
v o l a t i l i t y ,  The investment and operating 
energy requirements of  the cryogenic 
CO/CH 4 separation system are less than 
those of a conventional oxygen plant 
sized for the same Btu output of CH 4 
from a thermal process. The abi l i ty to 
operate this system has been demonstrated 
in small scale, continuous dist i l lat ion 
apparatus using mixtures of pure com- 
ponents as feed. Design concentrations 
were easily achieved. Integrated opera° 
tion with actual reactor effluent has not 
been demonstrated and wi l l  be one of the 
key components of the development pro~ 
gram. Build-up of trace components in the 
gas recycle loop wil l  be examined as well 
as the abi l i ty  of the cryogenic system to 
handle trace components which could 
freeze out. No major needs are an~ico 
ipated beyond the development phas~ 

Economics of CCG 

Use of absolute investment and 
product gas costs require a careful 
definition of bases. In addition to the 
design of the process i t s e l f  ( f low 
rates, yields, equipment size, specifica~ 

• t ions ,  mater ia ls ,  service factory 
environmental standards, u t i l i t ies  and 
off-sites) the projected gas cost~ el$o 
depend on major external factors (project 
t iming,  f inancing,  l o c a t i o n ,  size 
and feed coal). Because of these many 
factors, i t  is hard to compare costs 
projections made by different studies. A 
second major item is the use of contin= 
gencies. 

Exxon's experience in process 
development has shown that as a proces~ 
moves through development the estimated 
cost invariably rises. To compensate for 
this historical trend we add contingen- 
cies to estimate the investment required 
for a f i r s t  commercial plant. Prior to 
the predevelopment phase, Exxon developed 
comparative investments and costs fo&" CCG 
versus Lurgi technology. On consistent 
bases and using appropriate contingen- 
cies for catalytic Exxon concluded that 
for Eastern coals the f i rs t  commercial 
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CCG plant could have a cost advantage 
which would increase as the catalytic 
technology matured. Based on this study, 
research and development of Exxon's 
second generation thermal process was 
discontinued. As part of the predevel- 
opment phase, a commercial study design 
was prepared and economics estimated 
on an explicit ~asis. This aspect of the 
predevelopment contract will be described 
in depth at the November AIChE meeting in 
Miami by Gallagher and Marshall (4). A 
comparison with thermal technology is 
being updated. 

The long term potential of 
catalyt ic gasification technology de- 
serves special comment• Figure 12 
i l lustrates the effects on relative 
investment in constant dollars of both 
the contingencies before the f i r s t  
commercial plant and improved technology 
following commercialization. 

costs normally decrease following a 
curve as shown. The decline in costs 
results from knowledge gained from the 
f i rs t  plant and to a greater extent from 
the impact of continuing process research 
and development. One of the major 
anticipated areas of improvement lies in 
the area of more eff ic ient catalysts. 
The catalyst provides a major degree of 
freedom which should allow more substan- 
tive improvements in this technology than 
for thermal processes. Engineering 
improvements in feed systems, reactor 
design and gas treating would also be 
anticipated. 

Summar~ 

In Figure 13, the current status, 
the anticipated status after completion 
of the development program and needs 
anticipated at this time beyond the 
development phase are summarized. 
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Figure 12. 

The estimated cost in the early devel- 
opment of a new process contains large 
uncertainties represented by the shaded 
area. Process and project contingencies 
are added to bring these early investment 
estimates to the probable level for the 
f i rs t  commercial plant• 

For subsequent plants investment 
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Figure 13. 

In the catalyst addition and recovery 
area, the chemistry is understood and we 
expect to demonstrate continuous, inte- 
grated catalyst recovery and recycle in 
development. Remaining needs are for 
demonstration of separation in scalable 
equipment. In the gasif ier area, the 
reactions and kinetics are again well 
defined. After development, the process 
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PRODUCTION OF SNG FROM ILLINOIS COAL VIA CATALYTIC GASIFICATION 

J. E. Gallagher, Jr. and H. A. Marshall 

Exxon Research and Engineering Co. 

INTRODUCTION 

Exxon Research and Engineering Company is engaged in research and 
development on Catalytic Coal Gasification (CCG) for the production of 
substitute natural gas (SNG). The Predevelopment phase of catalytic gasifica- 
tion research was completed recently under DOE sponsorship. During this 
phase of work, several key technical questions were resolved and the technology 
has now moved into the process development phase. (I) The objective of this 
paper is to describe a conceptual design of a commercial-scale CCG plant 
which was completed as part of the Predevelopment research program. 

BENEFITS FOR THE USE OF CATALYTIC GASIFICATION 

The catalysts studied in the Predevelopment program were the basic 
and weak acid salts of potassium. The preferred form of makeup catalyst was 
identified as potassium hydroxide. The principal benefits from using 
potassium catalyst in a gasification reactor system are as follows: First, 
it increases the rate of gasification. Secondly, it prevents swelling and 
agglomeration when handling caking coals. Thirdly, and most importantly, it 
promotes gas phase methanation equilibrium. 

These key features of the catalyst are combined in a novel process- 
ing sequence which maximizes their benefit. A schematic flow plan for this 
processing sequence is shown in Figure i. Catalyst is added to the feed 
coal and the mixture is gasified at about 1300°F and 500 psia. At these 
conditions, the gasification rates are high enough to allow reasonable size 
commercial reactor vessels while at the relatively low temperature, equilibrium 
favors the formation of methane. Thus the production of CO and H 2 is 
decreased and high direct methane yields can be achieved. The components in 
the gasifier overhead are separated into CO 2 which is vented, product 
methane which is sent to the pipeline, and carbon monoxide and hydrogen 
which are recycled to the gasification stage. Since the amount of CO and 
H 2 fed balances the amount of CO and H 2 leaving the gasifier, the net 
products of gasificatio n are only methane and CO 2 along with smaller 
amounts of H2S and NH 3. The chemistry of this reaction can be represented 
~s follows • 

Coal + H20 - CH 4 + CO 2 AH~O 

As indicated, this reaction is thermally neutral and in fact only a small 
a~ount of heat is required in the gasifier t o  preheat the feed coal and 
provide for heat losses. Also shown on the flow diagram is a catalyst 
recovery step, This is required because the catalyst leaving the gaslfler 
with the ash/char residue is too costly to discard. 
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The unique features of the Catalytic Coal Gasification (CCG) 
process can be summarized as follows: (I) All the methane is formed in on~ 

reactor, the g~sifier; no separate shift and methanation reactors are 
~e~n.~el, (2~ No significant h~at iupu~ i s  [eq~.ired to , - h e  rea~to~" t~ -~_ 
Ox?::=,~-~ piant and p~ce~tlal s!aggl~g p<'~hle~:~ fro~ a ~ , y g e ~  use ave :~:~,~ , , - "  ' 

(3) No pretreatment is required for caking coals due to the aC!IL~| C,i 

the e~t:!yst. (4) Significant futu:e [mp:ovemenus are ~ossiDie tb.:uugh tee 
development of improved catalysts. 

OBJECTIVES AND SCOPE OF THE STUDY DESIGN 

The main engineering task of the CCG Predevelopment phase prog~ ~,, 
was the completion of a conceptual design or "Study Design" for a c~mmerci~l 

scale CCG plant. Study designs have a number of objectives as shown ~. 
Tsb!e !~ First, they can be used to project the investment and product 

,_ost for a pioneer plant employing new technology. Secondly, they --as 

iden, tify uncertainties in the data/technolog~ base and thus provide g~id~ace 
for direction of the research program. Thirdly, study designs provide 

~ramework - a base case - which can be used to evaluate new da=a and 
[,recess improvements, and to conduct optimlzatlor~ studies ¢o di~t t:~ 

~esea:ch effort toward the most favorable operating conditions, i~ gone ..... 
this ~qirly detailed engiDeerlng .~nvolvemene early .~n a proeeqs de~2£!op~e~:.:_ 

~fort helps maximize the proDabi!ity of s.~t::~essfu] develop~e~t of t~e 
tech~clogyo 

Table I also lists the steps that are involved in developing a 

stud~ ~ design and economics. The first step involves setting the project 
~ , : . ~ 1  ~ ' ~ S  ~'~ ~ ~ -~ . . . .  ............. ~..c.-.u._e. factors such ae p!~nL ie:c~:~ien and size, fee:: .'e'~..~ 

u,..u'Jet ~laEe and the basi~ for the source cf pla~t utll~t[es= Ti:~ ~;e~..•...,_ 
-c~ i.:~,c.ive~ se~ing the process b~i~- 70[ the c~:re:~t . . . . . .  , , ~ , ~  ~tu~;' . : ~ / i ~ .  

,_~e c~L-.: . :  and cezreia'~ion~ develop.~i du~ing the Predeuelopmeut [e~e_,r_.~ 
: : r : , ~ Z r . ~ m  ~;e;e :.~sed :[or this p~arpose. Foter~ia) f~t~[e ID]nrove~e[~t~ ~ ~ . . . .  

: : . ;6 : . e l  ~c[a.~ A~.gG cont /n-~ec, cles w~re a:.ded to the investme~:t c~timat~: 2 e . . - ~ . . . .  

._ c7 .. ~ - - _t,:~;=c,_ historicai E~on experience that costs increase duciv.~ ti~i co.r~? ,,<- 
~,: ozes.s de=#elopment. 

~ step iu to develop 4et_al!ed ~aterlal nr-" ~,~eug: ?_ , 
to ~-a~;e as the basi.= fo~- equipmen~ speclffcatlor~s, in the ca..~e c,t :)r:.~ '~ 
~aci!!t~_c an6 specialized offs!tes, i~.@iv~ue•l e,~t, ip,~e.nt =:>,~c.~.flt:.tt,.::~ - .. - 

t~:;f "l-.2~t ~2,~_'- Cq-i;iK ".~%~X/i,'ii']2"L$ ( :kq 5~5£t'C,_'.°.Ct. :"~i"~ -1~'-: 17.~.~ i " -; 
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Appropriate contingencies are added to the investment based on Exxon prac- 
tices for actual commercial projects, and, as indicated above, based on 
historical data for other developments. 

PROJECT AND PROCESS BASIS FOR THE STUDY DESIGN 

For the CCG Study Design done after the Predevelopment research 
phase, the project basis is presented in Table 2. The plant is assumed to 
be at the mlnemouth in Illinois and feeds Illinois No. 6 coal. The plant 
produces 257 billion Btu per stream day of SNG. Steam is generated in coal 
fired offsite boilers with flue gas desulfurization, and electric power is 
purchased. 

As discussed above, the second major step in developing a study 
design is to set the process basis. Table 3 lists the major independent 
variables which must be specified for the catalytic gasifier. These are 
the coal feed rate, temperature, pressure, catalyst loading, steam rate and 
bed volume. Specification of these variables fixes the steam conversion, 
carbon conversion, recycle gas rate and gas preheat temperature. Even in 
the early stages of a development it is important to optimize these variables 
so that the research effort can be focused on the range of conditions in 
which the gas cost is minimized. 

The effect of pressure on the CCG process has been described 
prevlously.(2) The pressure was set at 500 psla as a balance between 
increased recycle gas rates at lower pressure and the potential for increased 
costs and mechanical problems at higher pressures. Engineering studies 
during the Predevelopment phase established 90% carbon conversion as 
the preferred target based on a balance between poor resource utilization at 
substantially lower levels and the more complex reactor system probably 
required for higher levels. 

Having set the pressure and target carbon conversion, studies were 
undertaken to establish the preferred operating temperature, catalyst 
loading, steam rate and volume. This was done using a gasifier model 
which combines an empirical Langmuir-Hinshelwood kinetic equation for the 
potassium catalyzed gasification of Illinois No. 6 coal with contacting 
equations which predict mass transfer effects in the fluid bed. The kinetic 
aspects of this model were described in a recent paper.(3) 

The base case conditions for this series of studies is shown in 
Table 4. The operating temperature was 1300°F, the catalyst loading 15 
wt% K2CO 3 equivalent on feed coal and the steam/coal feed ratio 1.25 
ibs/ib. Changes in temperature, catalyst loading and steam rate were 
analyzed via heat and material balances for their impact on recycle gas 
rate, gaslfier volume and preheat temperature. 

Lowering the gasifier temperature to 1200°F significantly 
decreases the recycle gas rate but at the expense of increasing the gasifier 
volume by over 50Z. Raising the temperature to 1350°F increases the 
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recycle gas rate substantially while the gasifier volume is reduced by only 
12%. Reducing the catalyst loading from 15 wt% on coal to 10 wt% reduces 
the amount of catalyst to be recovered but increases the gasifier volume by 
36%. A 20% increase in steam rate decreases the gasifler volume only 19% 
while a Z0% lower steam rate increases the gasifler volume by 62%. 

Based on these estimates, three cases were chosen for more detailed 
analysis: lower catalyst loading, lower temperature and higher steam rate. 
The higher temperature and lower steam rate options were discarded because 
of the judgement that the net economic effect would be increased cost, and 
because both options would increase the recycle furnace preheat temperature 
to the point where technical feasibility could be a concern. 

Investments and economics for the three cases were developed 
reflecting the impact of the change in gasifier conditions on the entire 
plant, both onsites and offsites. The results of this analysis are shown in 
Table 5. The case with lower catalyst loading was essentially a standoff 
with the base case. The case with higher steam rate showed increases in both 
investment and gas cost of about two percent. On the other hand, reducing 
the temperature to 1200°F decreased both investment and gas cost by about 
two percent. In this instance, the effects of decreased recycle gas rate 
and preheat furnace temperature more than offset the effect of increased 
gaslfier volume. 

It was concluded from these studies that the economics are not 
extremely sensitive to changes in operating conditions over the range 
studied and that the base case conditions are close to being optimum. 
Higher steam rates appear unjustified. Thus, directionally, the most 
favorable option appears to be operating at reduced gasifler temperature. 

Based on these conclusions, gasifier conditions for the study 
design were set at 1275°F and 15 wt% catalyst loading with 1.25 pounds of 
steam per pound of coal. The temperature was not reduced all the way to 
1200°F because the bulk of the current data base was obtained at temperatures 
in the range of 1300°F. Future research will expand the data base in the 
1200-1250°F temperature range to allow further optimization of the operating 
temperature. 

The key process basis items for the study design are summarized in 
Table 6. The operating conditions for the gasifler have already been 
discussed. The major steps employed for processing the gaslfler overhead 
stream are high level heat recovery using a gas-gas exchanger, venturl scrubbing 
to remove fines, acid gas removal using a physical solvent and cryogenic 
distillation for methane recovery. 

The catalyst recovery design is based on the use of calcium 
hydroxide digestion to free part of the water-lnsoluble catalyst followed by 
a staged counter-current washing operation to recover soluble catalyst from 
the spent solids. ~'ne digestion operating cendltions are 300°F and two 
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hours residence time with a calcium to potassium weight ratio of 0.7. 
Additional information on the catalyst recover), step can be found in a 
recent paper.(1) 

FACILITIES DESCRIPTION FOR A COMMERCIAL - SCALE CCG PLANT 

After setting the process basis, the next steps in the CCG Study 
Design were the preparation of heat and material balances and equipment 
specifications. Figure 2 presents a simplified flow diagram for the commer- 
cial system envisioned for catalyst addition, recovery and recycle. Coal is 
crushed to minus 8 mesh and is dried by a circulating flue gas stream in an 
entrained system. Catalyst is then added to the dried coal in a gentle 
mixing step. The catalyst is a solution of potassium hydroxide in water. A 
small makeup of purchased KOH is required to supplement that which has 
been recovered and recycled. The mixture is then dried before being fed via 
a lock hopper system to the fluidized bed gasifier operating at 1275°F and 
500 psia. 

In the catalyst recovery system, char withdrawn from the bottom of 
the gasifier and part of the fines entrained overhead are slurried, mixed 
with Ca(OH) 2 and soaked at 300°F for two hours. This "digestion" step 
frees additional water-soluble catalyst such that about 90% of the catalyst 
is recovered in a downstream staged counter-current washing operation. The 
balance of the catalyst leaves the plant in the form of water-lnsoluble 
compounds. For this study the solld-liquid separation design was based on 
the use of hydroclones. A major objective of the next stage of research 
will be to obtain more data on the catalyst recovery system and on the 
preferred recovery hardware. 

Figure 3 presents a simplified flow diagram for the synthesis gas 
recycle system envisioned for a commercial CCG plant. The reactor is 
fluidized with a preheated mixture of steam and recycled hydrogen and carbon 
monoxide. The coal is fed to the bottom of the fluidized bed and the 
residence time is sufficient at 1275°F with catalyst to gasify 90% of the 
feed carbon. Pyrolysis products are cracked and essentially no hydrocarbons 
heavier than methane leave the gaslfler. Since the gasifier exit temperature 
is only 1275°F and heavy hydrocarbons are present in only ppm quantities, 
the high level sensible heat in the overhead gas can be recovered and used 
for steam/recycle gas preheat and for high pressure steam generation. A 
venturi scrubber is used for fines removal prior to low pressure steam 
generation. H2S and CO 2 are removed using a physical solvent acid gas 
removal system. At this point the stream contains only H2, CO, and CH 4. 
The methane is separared in a simple cryogenic distillation system and sent 
to the pipeline. The CO and H 2 are mixed with gasification steam, preheated 
to about 1550°F and recycled to the bottom of the gasifler. The sensible 
heat above 1275OF in the steam/recycle gas mixture provides all the heat 
required in the gaslfier to compensate for heat losses and for coal preheat, 
As mentioned above the overall gasification reaction is essentially thermo- 
neutral • 

- 3 ¢ 1  - 



A sketch of the catalytic gasifier itself is shown in Figure 4. 
The coal is fed to the gasifier via a lock hopper system which pressures the 
coal to the gasification pressure of 500 psia. Injection gas picks up the 
feed coal and conveys it dense phase to the gasifier and injects it into the 
bottom of the bed. A number of coal injection points are used to assure 
good mixing and distribution of coal into the bed. The feed coal pyrolyzes 
rapidly and the pyrolysis products flow up through the bed where they are 
cracked to light gaseous products. The bed dimensions for each of four 
gasiflers are 22 feet inside diameter by 97 feet in height. 

The feed steam and recycle synthesis gas are injected into the 
bottom of the bed through a distributor. Thus, the gasification medium also 
fluidizes the bed. The principal reactions taking place are the highly 
endothermic steam gasification reaction, the mildly exothermic water gas 
shift reaction and the highly exothermic methanatlon reaction. The fluidized 
bed is characterized by the existence of a continuous emulsion phase with 
intimate gas solids contact and with gas bubbles rising up through the 
emulsion phase. Since steam passes through the bed in bubbles it must be 
transferred into the emulsion to react with the carbon. CO and H 2 from 
the recycle gas are also transferred across the bubble-emulsion interface to 
react via the catalytic action of the catalyst-char combination to form 
methane. The reaction rate in the gasifier is primarily kinetically 
limited, although bubble-emulslon mass transfer effects are not insignificant. 

As stated previously, the overall reaction is essentially thermo- 
neutral. Although a detailed analysis has not yet been made, it appears that 
the different zones of the gasifier will not differ greatly in temperature. 
The feed coal is the major external heat sink added to the gasifier and the 
preheated steam plus recycle gas is the major external heat source. These 
are both added at the same zone i~ '~e bottom of the gasifier in a fashion 
conducive to good mixing and heat k ansfer. In the bulk of the bed, the 
primary heat effects are the heat-balanced steam-carbon and methanation 
reactions. In addition, of course, the solids mixing resulting from bed 

fluidization further promotes a uniform bed temperature. 

The top section of the vessel contains a de-entrainment zone and 
external cyclones. The use of internal cyclones is an option that could be 
investigated. At the bottom of the bed, a solids stream is withdrawn to 
control bed level and prevent the buildup of ash. This solids stream flows 
into a small fluidized bed where it is cooled with recycle synthesis gas and 
then into a vessel where it is slurried with water for feed to catalyst 

r e c o v e r y .  

The catalytic gasifier is a simple, single vessel reactor with 
only one bed and without complicated internals. It is believed that this 
gasification system has the potential for a reliable, high service factor 
operation because it is simple, because the catalyst prevents caking and 
because the use of synthesis gas for heat input prevents slagging. 
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A summary of the of fsllc facilities included in the study design 
is presented in Table 7o These include materials handling facilities to 
ceceive and handle coal, catalyst a~d chemicals and facilities to h~n4!e av.¢. 

:~%,~D~Se o¢. ~aate solids and byproducts° General offsi~.es include wegte~ 
:~,~',':e~ creating, safety and fire protection systems~ ~uii4i~ga and ai~elie- 
~n~us items such as maintenano_e and mobile equipment~ commsnications sysEe.~ 
~ta. A full range of utility systems are included such as wa~er treating~ 
steam generation, flue gas desulfurlzation~ cooling water and elec~rlc power 
i!is~rlb~tio~.~, It is important to note that the utilities system capacities 
i:.ciude au allowance of up to 25% to cover increases i~ utilities ~a£es as 
FEoJect definition improves and to provide spare capacity for startup and 
;~ersency need~. The utilities capacity allowance is based on Exxon experi~ 
..~.~e f~[ a broad range of commercial process plants. 

X~VEST)~ENT FOR A PIONEER COMMERCIAL PLANT 

The investment developed for the CCG Study Design is presented 
i~ Tsble 8. The investment is 1640 MS for the pioneer commercial plant 
.Leading Illinois No. 6 coal and producing 257 billion Btu per strear~ day c-~ 
I:.'.~Go ~"ni~ is for a January, 1978 cost level. Caution ~us~ be used ~,he~ 
~um~ii~ this investment with published projections of the plan~ inve~0e~.~: 
;,3~" o~her developing coal gasification processes° Dlsst of th~ inves~er~t~ 
~,-2¢, ,~n~ed to dat~ i~.  t h e :  %Iterature hav~ been sigr~Iflea,n~l]~ ie~Tc:~7,- 

~a!ys!s ~f ~any published estimates i~di~.ates ~h,~% ~he differ- 
~:~_nees are caused by three major factors° First~ the GCG S~udy Design 
'oe~Is-se~tlng and equipment speelflcatlon approach is aimed at prov~disg ~z 
,.4-~5 5.i~:-e!y fi,i-~al co~g for a ~io~er co~-~ercla! plar~.t,~ Thus, the %~-~v~.~':c:~>.er,~ 
i:~ he~e,~ e~ ~. a process 5asl~ ~upported by the ~ r r e e t  dat;~: base. - pQ~Z~..~Li'. 
~',:,CU[C,,~ ~'~,~ fc,~ro~£e~en%e ei'~ v, ot considered° ~!~o~ the design pA~ilozo,?.iF 
: , , : .< : , : : '~ ; .~ , : :~Lec fce~.<res c~' achieve a h.~gh sere#ice facuero I~ addlzie~.~ ~.;~. 
' Z n Z :~'~;"1 ' ~  ~fh 'V:e : ~ - " , ~ i / i t : ; , . e S  ~.apaeitles inclu~!.e 81lo%~.Dces ; ~ h J . a h  hisZ~ljc~-i 

~i~?!i~J.e4 appr,~a~.heso 5o~:~ or all of thes~ ele.m~w~,.s are no~ i~ch.~d~,~ i~ 
) . ' , ~ 4  p~,glished es~i~ates of coal gaslfica~ien plant iaves~.ments~ 

J,:'t~::~l~-:g, CC~ ~e~ e~ti~a~e £o allow predict.ion of the ~'oS[; likely ~io~~&e~ 
.~:!;;et :Ln~ewc~.ent at this ear.ly stage of proces~a a~i project ~eve!opmen;:.. Z,::. 

~ , t  .:i_-..~ ).=,.~:.:~n.=t co)kt~ngenC~f, as ~sed hy Exxon) refers ~e a statistical. 
. . . . . . .  ,~.~,.,.., . . . . .  , ~.~ ~ l  astlmates a t  each stage of proJec~ development ~o 

~c~;<,e,'c ~.~.~'~z%z~l increases in cost resulting from more detailed design 
<ief£~:~.~lon~ ~i,~-~Ing of ~he proJec~ execution pian~ site factors, and e~.l ~ 
e.T:t,:: ~orree:i~:,,~ '~e i~est~en~ estimate aloe includes a process devel,.o~,-~ 
~-.:: ~" "J-:~> :~," of 25~ applie,~ to the or~si'~e facil!~;ieso This a!iewanc~ i.= 
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applied to estimates for new technology to cover historical increases in 
investment as processes proceed from initial research and development to the 
pioneer plant. 

The third major area of difference between the CCG estimate 
and many publlshed estimates is the inclusion of added costs to cover 
the effect of "diseconomies of scale" on fleld labor construction costs for 
large projects. This unanticipated Ineffiency associated with very large 
projects is often omitted when uslng e~;tLmating techniques which have been 
developed primarily for conventional-sized projects. In summary, the Study 
Design investment is believed to be a realistic prediction of the expected 
final cost for a pioneer plant. 

With regard to the breakdown of investment cost by plant area, it 
is worth noting that facilities for catalyst addition and recovery and 
methane recovery amount to only 10% of the total investment. For a thermal 

process, the cost of shift conversion, methanatlon, and heat input via an 
oxygen plant or other system are likely to be substantially higher. In 
addition, offslte steam requirements are reduced relative to thermal processes 
as a result of the high level heat recovery from the gaslfier overhead and 
the inherent high efficiency of combining all reactions in one vessel. 
Also, the absence of heavy hydrocarbons in the gaslfier overhead minimizes 
wastewater treating requirements and eliminates the need to incinerate the 
vent gas from acid gas removal to meet hydrocarbon emissions standards. 

GAS COST FOR A PIONEER COMMERCIAL PLANT 

Conslstent with an investment of 1640 MS, the cost of SNG produced 
from deep mined Illinois coal is estimated to be 6.40 $/MBtu for a January 
1978 investment cost level, as shown in Table 9. This is based on 100% 
equity financing with a [5% DCF return assuming product revenues escalate at 
6% per year and operating costs escalate at 5% per year. This economic 
basis has been described in a detailed report covering a study design for 
the Exxon Donor Solvent Coal Liquefaction Process.(4) On a financing basts 
of 30% equity/70% loan, with 9% interest on the loan, the gas cost is 
4.80 $/MBtu. For the i00% equity gas cost, about 20% results from the coal 
cost and about 50% from capital charges. Purchased makeup KOH catalyst 
contributes only about 4% to the gas cost. 

It is important to recognize that several factors could reduce the 
gas cost for a pioneer CCC plant below the study design range of S4.gO- 
6.40/MBtu. For example, as shown in Table 9, the construct Ion of plants 
larger than 250 billion Btu/SD could reduce gas cost between 0.25 and 
0.50 $/MBtu, depending on the actual size constructed. The use of surface- 
mined instead of deep-mined coal could reduce gas cost 0.50 to 0.75 $/MBtu 
depending on heating value and mining costs. The combined effect of these 
items could result in a total reduction in gas cost from the pioneer plant 
of 0,75 to 1.25 $/MBtu. In addition, tax credLts, loan guarantees, or other 
government incentives could further reduce gas cost from the pioneer plant. 
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' ReF~produc .ed  " . f r o m  ~ 

For  p l a n t s  b u i l t  ; l i t e r  the  plo~le<,r p l ; m [ ,  t:;~s ~'(~st ;.av.t~},: -. ,';m I:, 
e x p e c t e d  by i n c o r p o r a t i n g  t h e  l e a r n i n g  ~ ,xpe r t ence  o~ the  pit~.et.,r i~};~i;, uRd 
the results of further research. Historical data from oth~,r Exxon [~rt,c~;.'~r~ 
developments suggest that the gas cost from mature technology plant~ ceuld 
be 0.75 to 1.00 $/MBtu less than that for the pioneer plant, on a i.c7~ cost 
basis. 

As shown above, estimates of coal gasification costs can va y 
widely depending on the approach to the investment estimate, maturity e~ the 
technology, plant size, coal type, method of financing, etc. The time £~.~T;e 
for which costs are presented is also an important factor~ This emphc~ize3 
the difficulty of comparing the CCG Study Design costs wi~h coal gaB ifi:~- 
tlon costs published by others. A consistent comparison of CCG ~i.!th a~.~ e~ 
of-the-art gasification technology has been made by Exxon Eesear.0/c and 
Engineering Cov pany and it has been concluded that ~ignificant iT~cerr, lv -~ 
exists for development of the Catalytic Coal Gasification proce~:~ 
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FIGURE 1 
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FIGURE 2 
FLOWPLAN FOR CATALYST ADDITION, RECOVERY, AND RECYCLE 
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FIGURE 3 

F L O W P L A N  FOR R E C Y C L E  GAS LOOP 
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PROJECT BASIS FOR STUDY DESIGN 
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TABLE 3 

KEY PROCESS VARIABLES FOR 
CATALYTIC GASIF IER 
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RELATIVE 
FCECYC'LE RPTE 

100 
68 

129 
1GG 

RELAT~V~ 
GASIF IER ~C~Li~'. ', =:. 

1 ~'~ 

~ i  

D 



TABLE 5 

ECONOMIC  IMPACT OF 
ALTERNATIVE  GASlF IER OPERATING CONDIT IONS 

! 

LO 
O1 
O1 

! 

• GASIFIER OPERATING CONDITIONS 

+ PRESSURE, PSIA 

+ TEMPERATURE, °F 

+ CATALYST LOADING WT% ON DRY COAL 

• RELATIVE GASIFIER VOLUME 

• RELATIVE PLANT INVESTMENT 

• RELATIVE GAS COST 

- BASE CASE - 

15% K2CO 3 
CATALYST 

. . . . . . . . . . .  SENSITIVITY CASES . . . . . . . . . . . . .  

10% K2CO 3 HIGHER STEAM LOWER 
CATALYST RATE TEMPERATURE 

500 500 500 500 

1300 1300 1300 1200 

15 10 15 15 

100 136 81 154 

100.0 1 O1.4 102.4 98.0 

100.0 99.5 102.0 98.3 



TABLE 6 

KEY PROCESS BASES FOR STUDY DESIGN 

I 

CO 

cr~ 

I 

GASIFIER 

OPERATING TEMPERATURE, °F 
OPERATING PRESSURE, PSIA 
CATALYST LOADmNG, WT°/o K2CO3 

GAS PROCESSING 

HIGH LEVEL HEAT RECOVERY 
SOLIDS REMOVAL 
ACID GAS REMOVAL 
METHANE RECOVERY 

CATALYST RECOVERY 

PROCESSING BASIS 
SOLII~LIQUID SEPARATIONS 
DIGESTION CONDITIONS 

TEMPERATURE OF 
Ca/K, LB/LB 
RESIDENCE TIME, HRSo 

1 275 
500 

15 

GA~GAS EXCHANGER 
VENTURI SCRUBBER 
PHYSICAL SOLVENT 
CRYOGENIC DISTILLATION 

Ca(OH)2 DIGESTION PLUS WATER WASH 
HYDROCLONES 

300 
0.7 

2 
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TABLE 7 

OFFSITE FACILITIES FOR STUDY DESIGN 

I 

- , j  

MATERIALS HANDLING 
,m 

• COAL RECEIPT AND STORAGE 
• COKE/CHAR HANDLING 
• CHEMICALS HANDLING AND STORAGE 
• BY PRODUCTS STORAGE AND SHIPPING 
• WASTE SOLIDS HANDLING AND DISPOSAL 

GEN ERAL OFFSITES 

• WASTEWATER TREATING 
• SAFETY AND FIRE PROTECTION 
• BUILDINGS 
• LAYOUT AND SITE PREPARATION 
• MISCELLANEOUS 

UTILITIES 

• RAW WATER/BFW TREATING 
• STEAM GENERATION AND DISTRIBUTION 
• FLUE GAS DESULFURIZATION 
• COOLING WATER 
• ELECTRICAL POWER DISTRIBUTION 
• COMPRESSED AIR, INERT GAS, FUEL GAS 



TABLE 8 

INVESTMENT FOR CATALYTIC COAL GASIFICATION 
PIONEER PLANT 

I 

Q0 

I 

C 

o 

r n  

" o  

O 

A 
lD  
~4 
~0 

¢ -  

O 
i 
P~ 
~n 

O1 

BASIS: JANUARY 1978 COST LEVEL 
EASTERN ILLINOIS LOCATION 

ONSlTES 

COAL CRUSHING AND DRYING 
CATALYST ADDITION AND DRYING 
REACTOR SYSTEM 
G/~S COOLING AND SCRUBBING 
SOUR WATER STRIPPING 
ACID GAS REMOVAL/ SULFUR RECOVERY 
METHANE RECOVERY AND REFRIGERATION 
CATALYST RECOVERY 
COMMON FACILITIES 

ONSlTES SUB-TOTAL 

MATERIALS HANDLING 
GENERAL OFFSlTES 
UTILITIES 

TOTAL DIRECT AND INDIRECT COSTS 
PROCESS DEVELOPMENT ALLOWANCE 
PROJECT CONTINGENCY 

TOTAL INVESTMENT 

MS 

35 
25 

200 
85 
20 

155 
75 
40 
65 

700 

115 
95 

260 

1170 
175 
295 

1,640 

P 
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STUDY DE~;tGN FOR F .OI'.~EE,~ E- ~,~,,;~ 

BASIS 

• "~ ~% ~CF ~;tETU~N ~ .  EQU~'~'Y ~GURREI~'T DOLLAR) 
• ¢% ~r.~T~R~T ON E~O~RO~bV~;~ ,C;AF~TAL 

GAS C O ~ T  BREAKDOW~'~ 

00% EQUITY 

~ / M B T U  

COAL FEEi~ "~ o ~  
GAS| FICAT~ON CATALYSt" G.25 
OTHEF~ OPERATING COI~T~. :~ .6~.'- 
BY-PRODUCT CREDITS (O.~G} 
CAPITAL CHARGES 3.35 

TOTAL GA~ C ~ T  ~ 

7 0 %  D E B T / 3 0 %  EQUITY 
1 .40  
0 . 2 5  
1 .60  

(0.20) 
1 .7~  

4-,80 

POTE~TIAL ROUTES TG ~ ~'~'~'/~ ~O~:T ~ ~ ~-~ ~ / ~  FP~G~ PIONEER PLANT 

• LA~G~F{ PLA~,'~T 

TOTAL 

0 o ~  ~ 0 . 5 0  

I ReF~-~produced from 
',L~e~t- available copy. '~ l~ ' ,  
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