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ABSTRACT

Significant progress has been made in
the predevelopment research phase of catalyt-
ic coal gasification for the production of
substitute natural gas (SNG). The potassium
catalyst and the processing sequence permit
the direct reaction of steam and coal to form
methane and carbon dioxide, a reactiom which
ig thermally neutral and does not require
oxygen for heat balance or downstream meth-
anation of synthesis gas. A model of the
reaction kinetics has been developed and a
preferred approach has been identified to
recover about 90 percent of rhe potassium
catalyst for reuse.

EXXON RESEARCH AND ENGINEERING COMPANY has
been actively engaged in coal gasification
research since the late 1960's. The pre-
development phase of catalytic gasification
was recently completed under DOE sponsorship.
The status of research prior to this phase was
described in 1976 by Epperly and Siegel (1) at
the Eleventh Intersociety Energy Conversion
Engineering Conference. The process concept
had been identified, and a limited data base
had been generated, An early engineering
design of a commercial SNG plant indicated
that there was a significant incentive over
thermal approaches, but key feasibility ques-
tions remained,

This paper presents a review of the
process concept and summarizes the resoclution
of the key technical issues.

The concept was identified when it was
found that the combination of coal char and
alkall metal is an active methanation catalyst
[t had been known that weak acid sslts of
alkali metals, such as potassium carbonate,
are active in the steam gasification of coal.
Fixed bed kinetic experiments showed that
satisfactory steam conversion and carbon
gasification rates could be obtained at tempera-
tures as low as about 1300°F (700°C) with

potassium catalyst versus about 1700°F (925°C)
for comparable performance without catalyst.
During the course of these experiments, it was
observed that the gas composition was essential-
ly in chemical equilibrium with respect to its
five major components, H,0, Hy, CO, CO3, and
CHy. In similar experiments without catalyst,
it vas found that all but wmethane were generally
in equilibrium. This was interpreted to mean
that the water-gas shift reaction,

Hy0 + CO +— Hp + COy

is catalyzed by the char alone, but the additior
of alkali metal gasification catalyst alsoc
promotes another gas phase reaction involving
methane and some of the other constituents, for
example, the methanation-reforming reaction:

3Hg ¢ CO «— CHy + Hq0

This was independently confirmed by carrying out
the above reaction from both directions at space
velocities up to ten times gasification space
velocities. Neither char alone nor potassium
carbonate alone wvere catalytic for the
methanation-reforming reaction. However, a
mixture of the two, heated to an elevated
temperature, produces s combination which
catalyzes the gas phase reactions even more
readily than it catalyzes the decomposition of
steam reacting with carbon (2). This effect is
shown in Figure | where the methane content
content of the product gas is plotted as a
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percentage of the equilibrium methane content.
Thiz data at 500 psig (3.5 MPa) was generated
with both Wyoming and Illinois coal chars. The
relative residence time for the gas phase in
& commercial gasifier would lie between ! and
2 on this plot, and indicates that essentially
equilibrium levels of methane are to be ex-
pected in the raw product gas.

The application of this finding to the
manufacture of methane from steam and coal is
illustrated conceptually in the chemistry
diagrams shown in Figure 2 which contrasts
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Fig. 7 - Chemistry of coal gasification

thermal gasification with catalytic gasifica-

rion. Reaction heat effects are shown for
generating 1000 units of heating value in the
product methane. The steam~carbon reaction

needs 300 units to generate Hy and CO. This
endothermic heat of reaction is the thermo-
dynamic equivalent of shaft work and supplying
1t is limited by Carnot's theorem to a maximum
efficiency of about 50 percent. Most of the heat
lcad is returned at a lower temperature as the
mixture is converted to methane by a combination
af the water-gas shift and methanation reac—
ttons. When steam and carbon are reacted in the
presence of potassium catalyst, the product gas
also contains some Hp and CO. These components,
however, can be separated and recycled to the
gasifier which will maintain their equilibrium
relationship with methane. Because all of the
Hy and CO mixture withdrawn is replaced, there
Is no net production of these endothermic
reaction products, and the net reaction products
are methane and carbon dioxide. Forming these
products from steam and graphite is very slight~
l» endothermic. With coal as the feed, rather
than graphite, the reaction is slightly exo-
thermic, uses less steam, and generates less
Cozi

Craphite: 2C + 2Ho0 » CHy + COp

Coal: 1.7CHy gOp,1 + L.2Hp0 — CH, + 0.7C0,
Because the reaction is not endothermic, the
only heat input to the gasifier is the preheat

of the reactants to the gasification tempera-
ture.

A simplified diagram of the Exxon catalytic
gasification process is shown in Figure 3.
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Fig. 3 - Exxon catalytic coal gasification process

Coal is prepared for gasification by being
crushed to minus 8 mesh, a size consist suitable
for fluidization. Catalyst is added as an
aqueous salution of potassium hydroxide, and the
mixture is dried before being fed to a fluidized
bed reactor operating at 500 psig (3.5 MPa), and
1300°F (700°C). The reactor is fluidized with a
preheated mixture of steam with recycled hydro-
gen and carbon monoxide. The product gas
contains all five of the major constituents
already mentioned plus most of the coal sulfur
as HpS and essentially all of the organic
nitrogen as NH3. The unreacted steam condenses
in waste heat recovery equipment and dissolves
ammonia. Entrained particulates are wet
scrubbed out in this step also. The gas mixture
is then further treated for removal of C02 and
HyS. The remaining constituents are separated
by cryogenic distillation into methane product
and recycle gas. Ash must be purged from the
Teactor, and catalyst is unavoidably withdrawn.
About two-thirds of the catalyst is recoverable
by water leaching as a mixture of potassium
carbonate and potassium hydroxide. The unique
features of this process are the gasification
reaction itself, the catalyst recovery step and
the cryogenic distillation step.

No experimental work was done on the
cryogenic distillation, shown in Figure 4,
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The available data base on the vapor-liquid
equilibria is sufficient to design the distil-
lation equipment for this three-component
system., The feed gas is cooled and partially
liguefied by saxchsoge with the separated prod-
vczg,  With a system pressure of 400 psig and
10% wethane in the recycle gas, the coldeat part
in the system, the overhead condenser, can be
- it‘ravsted to -241°F (-152°C) by boiling
Thare. The .iquid methane is the third
©oCagrraty ©I s csscate which aupplies the net
- awn rafrigerarion,  The rcebailer itself acts
-« part cf the refrigeration system by liquefy~-
ing methane and returning it to the cascade.
The catalyst recovery step was originally
cenceived as a counter-current water leaching
o;r~ation a8 shown ip Figure S.

: > — .l
. '—-’rl
1
i iy 7 SLunky
ORLM onUM
%0. 2 %0, 7
Qq CHAR
SLURRY

7. % = Cazalvsc recovery

ST cadi@iving sTtur3 a3 & result of parrisle
“ilrawnpent in e hydrzoczione overflow and water
iotrz omen i vhe nderflow. Even allowing for
cii-mixing, nearly ell the water soluble
“-alysz can be recovered by having enough
: wsin technical issue 1is whether
1t ocoratious ir. the coa! will
triyer vacyciz loop.
=irn it ancther significant
Uur‘ng thz predevszlopment
wzs deveicpes (90 ¢id ir
size regairements.  The
Todz}l s <iluserzted in
rndependent wvariables

1 poge T

[STEAF

' i

; l BN —J"—: PR
(SRR T4
Sl ! | eRicisncy
=T \ | S
. B [ T
0 e N -2

oo AR

which can be selected by the process designer
are the volume, temperature, pressure, catalyst
loading and desired carbon conversion. The last
two determine the composition of the steady-
state solide, and the first three can be used
as inputs to the kinetic model, which predicts
steam conversion when only the reaction kinetics
are limiting. 1In a real reactor, steam conver-
sion will be slightly lower because of less
than perfect contacting between gasz and solida.
Whean estimates zre madz of these effects, the
somputed steam conversion, equilibriwe ciicu-
lations, and reaction stoichiometry can be used
with the independent variables to completely
describe the gasifier material balance and
energy balance. <Clearly the key element in
this effort is the kinetic model. A detailed
description of the model will be presented by
Vadovic and Eakman (3) at the September ACS
Symposium in Miami. The reaction rate wae
found to ba controlled by strong product in-
hibition, and a kinetic expression of the
classical Langmuir-Hinshelwood form was used to
correiate the data shown in Figure 7.
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Catalvst loading, temperature, and steam flow
rate were incorporated into the dafiniticn of
equivaient steam residence time. This residence
time is the single independent variable needed
to predict steam conversion in the gasification
reacticn, expressed az moles of carbon gasified
per moiz of steam fed.

e corvelation is ssen tu be adegueiz
the data base represented ‘n Figure 7. byt
rest of move signiflcance is rhe capszil
of the modei to translsate these rasuits fruw (e
biaten Lc centicuous cperation, (¥ fixed bea .e
figidized be2, (¢} <has to corl, and {8) 2ems
feed to a mixture of steam -~nd vecycle zaw

This test was carried oufr inm a zix-inech 1.%
cm) diameter fluidized bed gasifier shown iwn the
fiowpian in Figure B. This wriz -: limited ir
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Fig. 8 - Fluid bed gasifier (FBG) flowplan

pressure to 100 psig (0.8 MPa), but is otherwise
capable of simulating anticipated commercial
conditions with respect to continuous feeding
and solids withdrawal, temperature, coal size
consist, catalyst loading, fluidizing gas
velocity, steady-state solids composition
(carbon conversion), and steam conversionmn.
Recycle gas is simulated by a blend of Hy and
CO0 to match the output of these components in
the product gas. Feed coal at about 5 kg/hr is
entrained in the recycle gas from a continuous
lockhopper into the bottom of the gasifier where
it is mixed with gsteam. Entrained particles are
recovered dry by a combination of cyclones and
filters before the gas is cooled to its dew-
point. This operation is performed to obtain
good material balance, while in a commercial
plant the solids would be removed by wet scrubb-
ing. After solids removal the gas is cooled,
scrubbed in its own condemsate, analyzed by gas
chromatograph, metered, and flared. The unit
was operated for eight months during the pre-
development period. During the last six months,
the average service factor was 70 percent with
one month at 96 percent. Fifty material balance
periods were identified, usually of 24 hours
duration each. Eighteen of these periods were
selected for detailed material balance work-up,
the selection being made to represent a variety
of process variables. Water-soluble catalyst
was recovered and reused during the last 45
days, with fipal operation at 94 percent re-
covery of water~soluble catalyst. The end of
the operation corresponded to about ten cycles
of catalyst through the system. Sodium cation
and sulfate anion, both present in the raw coal,
were the only species observed to build up in
the catalyst reccvery loop, to a level of about
two percent of the catalyst loading. There was
no observable loss of activity during this
operation. During the latter months, raw
material balances closed typically within two
percent for total input and output, and within
five percent for individual carbon, hydrogen,
and oxygen balances, as shown in Figure 9. The
Fluid Bed Gasifier performance compared ade-
quately with predictions based on the fixed
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Fig. 9 -~ Fluid bed gasifier material balance

bed kinetic model as shown in Figure 10, where
the range of interest is 0.4 to 0.6 mole carbomn
gasified per mole of steam fed. Based on a
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Fig. 10 - Comparison of FBG data with reactor
model predictions

similar prediction for the commercial plant
study design, a 250 G Btu/day (63 x 109
kcal/day) SNG plant would require four gasi-.
fiers, each 22 feet (6.7 m) in diameter with
about 100 feet (30m) of bed depth. Fluidized
beds of comparable size are used in commercial
operations in the petroleum industry. More
information about the commercial plant study
design will be presented by Gallagher and
Marshall (4) at the November AIChE Symposium in
Miami. Other engineering studies carried out
during the predevelopment phase showed that
makeup catalyst can be made available in large
quantities and identified KOH manufactured by
electrolysis of KCl as the preferred form.

As a further result of this research
project, a preferred route was identified for
the recovery of water insoluble potassium. For
most coals, the mixture of coal and catalyst
will contain about 8 percent potassium. As much
as one-third of the potassium can react with
clay minerals found in coasl to make ifisoluble
potassium aluminum silicate, a form which is not
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active as a catalyst. The formation of this
material completes a cycle which began in nature
while the coal was being formed some 50-300
million years ago. The chemistry is that of the
moat abundant elements. More than half of the
earth’s cruat is composed of feldspars. These
minerals are aluminosilicates of potassium,
sodium, and calcium. They are the chief con-
stituents of igneous rocks such as granite. The
six elements which constitute the feldspars rank
among the first seven in abundance. The clay
minerals found in coal are the products of the
veathering process illustrated in Figure 11. By
a variety of natural processes, nommetal oxides
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€0y + 2KAI$10¢ 100 F

Fig. 11 - Chemistry of catalyst reactions with
mineral matter

enter the atmosphere and are absorbed in rain
water, making it slightly acidic. As an acid,
rain water can extract alkali and alkaline earth
metals from feldspars. The remaining alumino-
silicates lose their structural integrity, wash
down as silt in the runoff, and settle out to
form clay deposits in regions where drainage is
poor, such as coal-forming swamps. The solu-
bilized potassium ultimately appears as the
residue of extinct salt lakes, commonly referred
to as potash, the source mineral for potassium
catalyst, When these materials are recombined
in catalytic gasification, wminerals such as
kaliophilite are formed. The chemistry of this
cycle suggests several approaches to recovery of
the potassium, such as acid extraction or
displacement by cheaper sodium or calcium.
Extraction by strong acids does in fact solu-
bilize all of the potassium, but other materials
such as iron and silica are also brought
inte solution and the potassium is recovered as
the salt of a strong acid, a catalytically
inactive form. The use of cheaper sodium
carbonate as an ash scavenger was explored, but
it was found that although sodium aluminosili-
cates were formed, the sodium was subsequently
displaced by potassium. The preferred approach
tdentified during this research was the aqueous
digestion of the char with calcium hydroxide.
It was found that with a suitable calcium
loading, a reaction time of two hours at 300°F
(150°C) w«az» sufficient to solubilize more than
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hydroxide digestion

90 percent of the potassium, mainly as KOH as
shown in Figure 12. This high level of recovery
raises the need to reexsmine the potential
buildup of other soluble species which did not
cause problems at the 60-70% level of catalyst
recovery.

Further investigation of catalyst recovery
and integration of all the process steps will
be carried out in the process development
phase which is expected to last through 1980. A
Process Development Unit now under construction
will be capable of gasifying 100 lb/hr (45
kg/hr) of coal at S00 paig (3.5 MPa). 1Its
operation will be carried out in parallel with
bench~scale research and engineering studies
aimed at readying the process for further
scale-up.
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KINETICS OF POTASSIUM CATALYZED GASIFICATION

Charles J. Vadovic and James M. Eakman

Coal Research Laboratory
Exxon Research and Engineering Company
P. 0. Box 4255 !
Baytown, Texas 77520

INTRODUCTION

The Exxon Catalytic Coal Gasification Process(2) is based upon a new
combination of processing steps which avoid thermodynamic constraints in-
herent in the previous art. The use of the catalyst in the reaction step and
the manner in which the reactor is integrated into the overall process are the
keys to this concept. The goal of the work reported here is the formulation
of a kinetic relationship for catalytic gasification which can be used in
developing a model for the fluid bed reactor used in this process. This model
is needed to correlate pilot unit conversion data and as a design tool for
commercial scale units. This paper reports on the work which culminated in
the successful formulation of the required kinetic expression.

Alkali metal gasification catalysts increase the rate of steam gasifica-
tion(3,4,5) promote gas phase methanation equilibrium,(2,5) and minimize
agglomeration of caking coals.(l) The catalytic gasification process uses an
alkali metal gasification catalyst (K2C03) with a novel processing sequence
which maximizes the benefits of the catalyst. The process combines a rela-
tively low gasifier temperature {1300°F) and high pressure (500 psig) with the
separation of syngas (CO + Hp) from the methane product. The syngas is recycled
to the gasifier so that the only net products from gasification are CHg, C0p,
and small quantities of H»S and NH3. The resulting overall gasification
reaction can be represented as follows:

Coal + H0 =+ CHg - COp

Since this reaction is essentially thermoneutral, major heat input to the gasi-
fier at high temperature is not required. Thus, as discussed by Nahas and
Gallagher(5), second law constraints on thermal efficiency inherent in other
processes are avoided.

A simplified flow plan for the process is shown in Figure 1. Coal is im-
pregnated with catalyst, dried and fed via a lockhopper system to a fluidized
bed gasifier which operates at about 1300°F and 500 psig. The coal is gasified .
with a mixture of steam and recycled syngas. The major gasifier effluents are
CHg, CO2, CO, Hp, and unconverted steam. No tars or oils are produced. The
gaseous products are cooled and the unconverted steam is condensed. The dry prod-
uct gas is treated in a series of separation steps including acid gas scrubbing
to remove CO2 and H»S, and cryogenic fractionation to separate methane from b
syngas. The syngas is combined with feed steam and recycled to the gasifier
at approximately 150°F above the gasification temperature. Although there is
no net heat required for the gasification reactions, some small amount of heat

input is required to heat up the feed coal, to vaporize residual water, and to
provide for gasifier heat losses.
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Ash/char residue from the gasification step is sent to a catalyst recovery
unit in which a large fraction of the catalyst is leached from the residue using
countercurrent water washing. The recovered catalyst, along with some makeup
catalyst, is reimpregnated on the coal to complete the catalyst recovery loap.

EXPERIMENTAL

Design of the gasifier for this process requires a quantitative description
of the kinetics of the catalytic gasification reaction. Bench scale studies
were conducted in a fixed bed reactor to provide the necessary data for the
development of the rate equation.

Apparatus

The high pressure apparatus used in this study is shown in Figure 2. The
main components of the system are the fixed bed reactor, water pump and steam
generation equipment, pressure and temperature control systems, unreacted steam
cricenser, a gas chromatograph and a dry gas flow measurement system. Provisions
were incivded for the optional use of an inert or reactant gas (such as Hp + €0}
as a feed supplementing steam.

A high pressure pump was used to supply H20 at a constant rate to the steam
senrator which consisted of 1/4" stainiess steel tubing coiled around the fixed
Lbad reactor. Both the steam generator and the reactor were mounted vertically
i+ & split tube furnace. The reactor temperature was measured and controlled at
the center of the ked of char. The product gas stream, consisting primariiy of
too (0, CHg, €0p and unreacted Hp0, was filtered and then depressurized through
the pressure control valve. The unreacted HpU was condensed and the gas stream
was further dried by calcium sulfate. The dry gas stream passed through a gas
Jcomeratagrann sampling system, which provided automatic sampling at 15-winute

somiaia. The dry gas flow was measured by a wet test meter connected to 2
.v* e gapgratar. Tha signals from the puise generator wera accumulated as a
e of tetat gsz volume produced-

Thz Tiizd bid reactor was constiyucied from I-inch Schedule 80 sizinless
- ;:(< and w2t approximately 30 inches in length. The reactor was 7iliad
v s depth of 15 inches by 1/8-inch mullite beads whick supported the bed of

Ramariy wesz preperved by soaking 30 to 100 mesh Iiiineis coal No. 6 in =
yrunion contsiping the desired weight of catalyst, typically between 10 and
3 omne Rptl3/120 ome of coal (referred to as 10 and 20% K3€03). fHormally, the
vatonh rét1o of water to coal was slightly greater than one. The samples wers
e dried wyeyrnight in a vacuum oven. A scanning electron microscope study
\hLypd . fairly even dispersion of potassium throughout the coal particie. The
ttuqnatei coai samples were then devolatilized at atmospheric pressurs Tor
_U minutes in & mufile furnace under a nitrogen atmesphere at 1200°F. The
~amnier were allowed to cool to room temperature and then stored in bottles

under it iugan.
Reproduced from
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A run was made by loading the reactor with a 20 gram char sample. The
reactor was purged with helium and the temperature was raised to the desired
level. At that point the pressure in the reactor was raised to operating
conditions by manually injecting water through the pump. When the run pres-
sure was achieved, the pump was set in the automatic mode. If syngas was
used, the supplementary gas valve was also opened at the start of the run.
Steam and syngas (if used) were then fed to the reactor. At the end of a run,
the feed was shut off and the unit depressured.

During the run, gas analyses and cumulative dry gas volumes were obtained.
From this data the carbon gasified is calculated. Assuming that the oxygen
content of the char is small in relation to the oxygen content of the steam
fed, the steam conversion is obtained from the oxygen content of the dry
product gases.

Runs were made in the fixed bed reactor with I11linois coal catalyzed with
10% and 20% K2C03 with steam as the gasifying medium. Temperatures of 1200°F
and 1300°F were used and pressures varied from 0 to 500 psig. Steam flows
ranged from 3 to 100 gm/hr. With these conditions, steam conversions from
10% to 80% and total carbon conversions from 50% to 100% were obtained.
Material balances on hydrogen were used to check the consistency of the data.
The balance closures ranged from 100% to 105% for typical runs.

Results

During the runs it was observed that the steam gasification rate was in-
dependent of pressure. The gasification rate was found to increase with
an increasing rate of steam fed to the reactor. Additionally, at high steam
flow rates, or low steam conversions, the gasification rate was directly
proportional to the catalyst loading. One explanation for these observations
is that the kinetics are controlled by a strong product inhibition. This
suggests that a kinetic expression in the classical Langmuir-Hinshelwood form
may be used to fit the data. It was further seen that methane and carbon
dioxide were in chemical equilibrium with the other gas phase components for
the conditions studied, i.e., the methanation and shift reactions are at
equilibrium.

DATA INTERPRETATION

Fixed Bed Reactor Model

A mathematical model for the fixed bed reactor was developed based upon
the observed behavior. Plug flow of gas through the bed is assumed. It is also
assumed that strong product inhibition results in a high rate of gasification
over a very short distance of the bed followed by a slower rate over the remain-
ing length of the bed where higher partial pressures of products exist. This
assumption leads to a simplified picture for the fixed bed reactor shown in
Figure 3. In this model the reaction proceeds so as to form a sharp "carbon
burnoff front." If little or no carbon is present, gasification will not take
place. Therefore, the potassium catalyst which is left behind this "burnoff
front™ does not contribute to the reaction rate.
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The equation describing conversion in the plug fiow reactor is

y X

dv = _dx (1)

o

NH,0 ~rg

0 0
where V is the reactor volume, Nﬁzo is the molar rate of steam fed to i
reactor, rg is the molar rate of the carbon-steam gasification reacticn :.av
unit volume and x is the extent of reacticn defined as moles carbon gasif ad
per mole steam fed. The sharp burnoff front model provides a relz:ionsi’sy
between the carbon remaining in the bed and the effective fixed bed reactor
volume,
Ng = CC v : »”l\.

where ne is the instantaneous moles of carbon in the bed, ¥ iz ik
reactor volume, and Cc is the proportionality conztart with the oias

moles carbon per unit volume. Based upon initial bed conditiocir, b WilE
a value of approximately 0.045 gmole/cc. Substitution of Zguatir™ 17} vpd
Equation (1) provides :

X
N¢ = dx %)
—ee — %
o C - ?
NHZO ¢ . rg

This model may now be used for the identification of acceptable forms ¥~r the
rate, rg, and to obtain best fit values for the parameters in these zvirrz- Tows.

A Langmuir-Hinshelwood type expression for heterogenecus catalytic kirnilics
as applied to the carbon-steam reaction may be written in the generalized
fornm.

k[szo = Peo szlKG] (@)
r‘G =
1+ 2 (bjpj + Z bjjpi Pj)
i Jj

where pH20, pco, PHos etc. represent the partial pressures of these
components, k is the kinetic rate constant for the carbon-steam reaction, Xg
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is the equilibrium constant for this reaction, and the b's represent the adsorn-
tion ccnstants, no more than four of which w1ll be allowed to be nonzero
in any one model being tested.

Ecuation (4) wher substituted into Equation {3) gives

G

X X b 4
na‘ r P b .C ( P:P.
2t o= & Y;q ML +S:“§E: five ¢+ % o £5
Y K a k Rs A k R ’
: — &

’qu J G

wnere h reaction driving force term in the denominator of each of the integrals

Q ¢

Re = =[PHao - PcoPH,/Ke) b}

For ¢ ogivzr conversion,tne shift ang methanation equ itibrium reiauionships
:re sufficisnt o caiculate the partial pressures of aii components {Ho, €0,
Hao 05 Hgﬁ? in the gas phase. Using a closely spaced series of incre-
g0 e Ygr o x, the partial pressures were accurateiy mapped over s Fandg
oo )r:ionsu This neede¢ tc be done only once. These partiai pressures wer:
TLMIL NG as vequived 110 the expressions unde" the integral: shows in
o it The vzlues of these 1ntegra13 for any specified conversion are
svoitnen wv s Simpson's rule numerical integration of the exprescion uwder

oofniaegter n the Jiwed DRO 3L&an yas  figation axgerimentsg el v
SrE LG TaTuigle and cabulate Lanversion, X, Moles Cdrule Gaai on

Ciomofedoen 2 funciton of hoiding tiive, 5, moles instantaneois ??5

ST . “iu4 rate. The “carson G TOFE Front” fdel ur §oaec
s 5 gafificaticn requires .3l Lne gata for x a3 o fuaernion
0ot dirverent steam flow ~ace: mein all mesh togelhe:r (o gixe
SRS :ur eny fixed vempera ure, pressure, and catalyst toading.
CUEosgiaelverl Yoo tFigati war Lorgng2 of stzam flguwrates
%LE 2819 e 20% & Trel U ropEegoadra i Tigae b
mrinealet foLhg irs. 3rtg oy the cach® o ommea
= egrborn i sacieln ] . LTun G e data
¢ Figure & repr: SR R T SR P S I T (I Tty
Troroon conre,.sn 85t wrbcn astiviby of aloul beias thal
- y ine region at the Cwer left of the diagram shows the carbo:
ted by the rate of -eaction. he date points at the ¢ iferent
G “uz e the required manner Over three 9rders OF magh lugm o7

DR Thus, the experimenta’ oDservai ons zare sonsistent rts
2ns=t . This reactor modei was then uted as the basis for Lne 5nélysis
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Parameter Estimation

The coefficients in front of the integrals in a series of particular forms
of Equation (5) were estimated by regression analysis. The regression data base
used consisted of the results of the steam gasification runs at 500 psig described
above as well as runs at 0, 100 and 250 psig at steam rates of 6, 12 and
24 gm Hp0/hr. Two additional series of runs were conducted at 500 psig and
the same three steam rates. The first was at 1200°F and 20% K2C03 and the
second was at 1300°F and 10% K2C03. The data from these runs were used to -
assess the effect of temperature and catalyst loading on gasification rate.

Numerous kinetic models were formulated and tested by regression for the
constants in Equation (5). These models consisted of all combinations of from
one to four terms involving the partial pressures of Hp, CO, and Hp0 and the
cross products of the partial pressures of Hp and CO, and Hp and Hp0.

Those which gave negative coefficients on regression were discarded as being
physically unreal. Four additional models were discarded because they gave
an infinite rate in the limit of zero steam conversion. The three models
which remained are

(A) k(PHp0 - PCO PHy/Ke) (7)
r =
G PHy * D1 PHp0

(8) k(pHo0 - PCO PHp/Ke) (8)
"G = TPy * B PHp PCO * B2PH,0

(C) K(PHoG - PCO PHy/KG) (9)
& = P, * B1 PCO ¥ D2 PH0

A1l are independent of pressure. The variance of the residuals around the
regression line for these are A: 0.0556, B: 0.0519, and C: 0.0562. Since Model
B has a smaller variance than A or C, it was chosen as the basis for further
analysis. However, further studies should be done to better discriminate
between these and possibly other kinetic expressions. The coefficients
obtained by regression of Model B are

c
-£ = 1.603 hr
K

by C
% = 0.3371 hr/atm
b

-%EE = 0.0954 hr
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These coefficients were used in Equation (5) to compute the values of e re-
quired to achieve the various measured conversion levels. These calculated
values are compared to the actual holding times in Figure 5. While there is
scatter to the data, it is seen that the model provides a reasonable fit over
the broad range of pressures (0-500 psig) and flowrates (3-100 gm/hr) considered.

Using the approximate value of Cc = 0.045 gniole/cc, the values for the
parameters at 1300°F and 20% K2C03 loading may be expressed as

k = 0.028) ImleC
hrecc

1

bl 0.210 atm
b2 0.0595

[t was found by comparing the 1200°F and 1300°F data that the rate constant, k,
has an activation energy of 30 kcal/gmole in the Arrhenius expression. Further-
more, its value at the 10% K2C03 loading was approximately half that at the

20% KoC03 level. Hence, within this range k may be expressed as

k = koCk exp(- E/RT). (10)

where ko is the frequency factor, Cx is the moles of cata\ytlcally active
potassTum per unit volume, E is th!ract1vat1on energy, R is the universal gas
constant and T is the absolute temperature. For 20% K2C03 on I1linois coal
the value of tk for the fixed bed of char is typically

Ck = 0.0021 gmole/cc

On this basis the value of the frequency factor may be computed as

ko = 6.80 X 10’ gmole C/hr-gmole K
for
-
E = 30 kcal/gmole.
The ratio of holding times necessary to attain a given conversion level, .
x, at two different temperatures and catalyst levels is given by
oLk -5(.1__1_] (11)
CP) ki Ck RITz2 T



This assumes that the temperature difference does not significantly affect the
equilibrium calculation for the partial pressures. Equation (11) allows the
definition of an “equivalent residence time," gf, which can be used to

combine daia collected at different temperatures and caEa]yst levels. The
quantity ¢~ is defined as the holding time at T" and Cx~ which will

give the same conversion as that obtained with a holdiTig time ¢ at temperature
T and catalyst concentration Cg. Specifically,

fift-4)

This relationship was tested for its ability to correlate 500 psig fixed bed
reaction data collected at 10% K»C03-1300°F and 20% KpC03-1200°F with
the data base collected at 20% KpC03~1300°F. The result is given by the
data points shown in Figure & where conversion, x, is plotted as a function
equivalent residence time, gf, with all data adjusted if needed to 1300°F and 20%
K2C03. It is seen that the data appear uniformly correlated by this expression.

-~

e* = @

Fart 4

Generalized Fixed Bed Model

The above kinetic relationships apply to a pure steam feed. In order to
apply them to the synthesis gas recycle case, they must be generalized for
mixed gas input to the fixed bed. This may be done by writing the differential
equations describing the molar flow of each molecular species through the bed
and numerically integrating these over the effective volume. These equations
are

d Ny
2
= A (-3ry+ +
= (-3 rm+ rs rg) (13)
d Nco
= A (-ry- rs + rg) (14)
dz
d NCH4 C Ay
= M (15)
d Ncoz _
. M (16)
d NH-0
2 ~ -
o A (= rs - rg) (17)

where N;j is the molar flow rate of component i, z is the distance down the
bed, A is the cross-sectional area of the bed, and ry, rs and rg are the
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rates of the methanation, shift, and carbon-steam gasification reactions re-
spectively expressed as moles per unit reactor volume per unit time. .

The reaction rate expressions used for the shift and methanation
reactions are

n

rs ks (PCO PHp0 - PCOp PHp/Ks) (18)

3
™ kM (PCO PHy - PCHg PH,0/K) (19)

where kg and kM are the respective rate constants and Ks and Ky are the

respective equilibrium constants. These reactions may be forced to equilibrium
by assigning arbitrarily large rate constants. The reaction rate expression
used for the potassium catalyzed carbon-steam reaction is obtained by com-
bining Equations (8) and (10)

ko Ck exp(-E/RT) [PH,0 = PCO PHp/KG] (20)
r =

G PHy * D1 PCO PH, * B2 PH,0

The ordinary differential Equations (13)-(17) were numerically integrated
by a Runga-Kutta-Fehlberg procedure for a series of cases considering pure
steam fed to a fixed bed reactor at 500 psig, 1300°F and Cx = .002! gmoles potassium

per cc (corresponding to 20% K2C03 on Illinois coal). THE—conversion,_i,
was determined at various distances, z, down the bed from

Nco + Ncug * Neop (21)
x =
o
NH20
The residence time corresponding to each conversion was computed as

_ CcAz (22)

o

NHzO

The integrations performed in this manner for various steam flowrates overlapped
to give the single correlation line shown in Figure 6. This line is seen
to provide a reasonable fit to the data.

Model Verification Experiments

To test the predictive capability of the kinetic model with a mixed gas
feed, two fixed bed gasification runs were made with steam plus syngas (Hz + CO)
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at 1300°F. One run was made with 5 liter per hour syngas at 500 psig. The
second was made with 15 Titer per hour syngas at 100 psig. Both runs were
made with 12 grams per hour steam feed. In both cases the syngas composition
was 75 mole % H2 and 25 mole % CO. "In these experiments the conversion, x,
was computed as .

_Neo * Newg * Neop - Neo (23

X o
NHo0

(]
where Ncg is the molar rate of carbon monoxide fed to the reactor. The

residence time is computed by Equation (22). A comparisoen between the predicted
and experimental conversions for these two experiments is shown in Figure 7.
ficod agreement is observed in the 500 psig case. The conversions obtained here
cre essentially the same as observed above for pure steam feed. At 100 psig with
higher syngas flow, the data show a lower conversion than at 500 psig for the
same residence time. It is also seen that the model underpredicts the astua?
conversion.  This may be due, in part, to the use of parameters which arc
derived from pure steam data.

CONCLUSIONS

An empirical Langmuir-Hinshelwood kinetic model for the potassium catalyred
gasification of I1linois #6 bituminous coal has been developed. Tiis model
provides a good fit to fixed bed reactor data over pressures ranging from
“rmospheric to 500 psig and a 30-fold range of steam flow rates. ‘% elso
-redicts conversions for the temperature range 1200°F to 1300°F and cetelvst
feadings frem 0.1 to 0.2 grams KpCO3 per gram of coal. For the catalyst
fzvels examined, the gasification rate was proportional to the amount of catalyst
crasenc.  Additional studies need to be performed over a broader range of
cataiyst Ioadings to determine the limits of this relationship. It was aisc
thown thal these kipetics can be applied to predict trends in conversion fer
not. He ard CO mized gas feeds.

The kinetic expression obtained has been shown to have adequate predictive
~apalilitiss in the range of interest. It is in a form which can bs use?
directly in the development of models for fluid bed gasification reactors.
This, the gogl for this study has been achieved. Future work wil! be CiresniaZ
towsrd Yormulsting ¢ fluid bed reactor model.
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Nomenclature

A cross-sectional area of reactor

b adsorption constant in Langmuir-Hinshelwood rate expression
Ce carbon concentration, moles C per unit reactor volume

Ck potassium concentration, moles K per unit reactor volume

E activation energy in Arrhenius expression for carbon-steam

reaction rate constant
k rate constant for carbon-steam reaction

ko frequency factor in Arrhenius expression for carbon-steam
reaction rate constant

km rate constant for methanation reaction

kg rate constant for shift reaction

g equilibrium constant for carbon-steam reaction, atm
K equilibrium constant for methanation reaction, atm™?

Kg equilibrium constant for shift reaction

N: molar flow rate of component i

155 molar fiow rate of component i fed to reactor

e moles carbon (total in reactor)
P partial pressure of component i, atm
R universal gas constant

Rg driving force for carbon-steam reaction, see Equation (6)
rg molar rate of carbon-steam reaction per unit reactor volume
M molar rate of methanation reaction per unit reactor volume

rs molar rate of shift reaction per unit reactor volume

v volume of fixed bed reactor

X extent of reaction, moles carbon reacted per mole Ho0 fed

z distance from start of fixed bed reactor

] residence time in fixed bed, moles bed carbon-hr/mole Hp0 fed
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CATALYTIC COAL GASIFICATION - PROCESS RESEARCH AND DEVELOPMENT
L. E. Furlong and N. C. Nahas
Exxon Research and Engineering Company

Abstract

The technical progress during the
recently completed predevelopment
phase of catalytic coal gasification
supports the transition to a devel-
opment phase program. This process
research focuses on production of
substitute natural gas (SNG) from
bituminous coals using a potassium
catalyst and a thermally neutral reaction
of steam and coal. After a review of the
basic process concept, this paper concen-
trates on defining the current technical
base and delineating the major guestions
to be addressed during the development
phase. Remaining needs for commerciali-
zation are also outlined.

Process Description and Background

Exxon Research and Engineering
Company has been pursuing coal gas-
jfication since the Tlate 1960's and
catalytic coal gasification (CCG) since
1971. Our early work was described in
1976 by Epperly and Siegel (1). They
presented the process concept and
discussed the role of the catalyst in
depth. The major points are summarized
here.

First, it had been known for
some time that alkali metal salts of
weak acids (e.g. KpC03, Na260§, KZS,
NasS) catalyzed the steam gasification
of coal. Our research confirmed that at
catalyst concentrations on the order of
10-20 wt.% KpC03 on Illinois bitu-
minous coal, commercially acceptable
gasification rates could be obtained at
1300°F (700°C) versus about 1700°F
(925°C) without catalyst. Figure 1
presents some of this data showing a
relative carbon gasification rate as a
function of catalyst concentration at
1300°F. Catalyst concentration is
expressed here as the atomic ratio of the
alkali metal (K) to carbon (C) in the

average bed char particle. An initial
loading of 20 wt.%X K,C03 on coal,
when gasified to 80% carbon .conver-
sion, transliates to 0.3 K/C on this
scale. The catalyst increases the
gasification rate by an order of magni-
tude and the effect of catalyst concen-
tration on rate is essentially linear
over this range. Note that relatively
high catalyst loadings are required to
achieve acceptable rates. The high cost
of catalyst necessitates catalyst re-
covery systems for economic balance.
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Figure 1.

This first part of the concept was
well known by researchers in the field.
The second part of the concept was the
discovery that this same catalyst system
also promoted the methanation reaction

3Hp + CO— CHgq + Hp0

Figure 2 presents some data for the
methanation reaction, again with K3C03
catalyst on I1linois bituminous coal.
At temperatures above 1250-1300°F equili-
brium conversions are obtained even at
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very high space velocities.

The third element of the process
concept relates to the thermal balances
for the individual reaction steps and for
the overall steam gasification to methane
and carbon dioxide reaction. Figure 3
illustrates these heats of reaction for
an ideal system of graphite and steam.

( COAL GASIFICATION CHEMISTRY
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Figure 3

The gasification reaction 1is highly
endothermic, requiring the addition of 64
kcal of heat for each 2 moles of carbon.
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The shift reaction (which is at equili-
brium in our system ) is slightly
exothermic, releasing 8 kcal of heat for
each mole of CO shifted.. By contrast,
the methanation reaction is highly
exothermic releasing 54 kcal for each
mole of methane formed. The overall

. reaction shown 1is slightly endothermic

for graphite, and slightly exothermic for
real coals. In Exxon's catalytic coal
gasification concept all three reactions
are carried out in one vessel avoiding
the need for heat input via air or
oxygen. Using the catalyst, commercially
acceptable rates are obtained at 1300°F.
The catalyst equilibrates both the shift
and methanation reactions at this tem-
perature. The net products are forced to
CH4 and COp by recycling the CO and
Haz.

The embodiment of this concept {n a
process 1is illustrated in Figure 4.

( EXXON CATALYTIC GASIFICATION PROCESS

Figure 4.

The feed coal is crushed to minus 8 mesh,
a size distribution suitable for fluid-
ization. Catalyst is added as an aqueous
solution, the feed is dried and fed
through lock hoppers to a fluid bed
gasifier. The gasifier operates at
1300°F (700°C) and 500 psi (3.5 MPa).
The fluidizing gas is a mixture of
steam and recycle CO- and Hp which has
been preheated as shown. Unreacted



Soime g Idewent2o ont (D9 ann K3
wst o Zonvention: 2cic gal treating
Sooot o=l tvany; Y S Sk A 1 R Y T
_oLey _ooTEr :ryc«ﬁni:4‘;i Fram T8
e zYe inav oo aan.nq tha

[

Tea o ¥sl,  enrfdeieoa Toabool oL
nerals is “enoved cunt.nuohsly Most
T the catalyst i recoversd and recy-
cied.

“ne pariz of this system unmigue %o
A,.a?y%ic r=2ification are the catalyst
aédition/recovery block, the fluid bed
~iTi7r  ard the crycgenic d1sLilla*1on

g e enbnocgl o o maJnr
s ..-3 ihree ar=3s Aty -
S
.

Trietn oo R
ST I pen ane I TR dE
Do TMaL2: 0T LeilE P T

. ;"; v a 3 r;';‘ ‘:‘,

i A0 fxxoa Gt Furginr She
coeY g 3 OMy, fud it et

/st Adoition and kecovery

At the beginning of the predevel-
opment phase, the major catalysts
being studied were K»C03 and mixtures
of KpC03 and NapCO3. KpCO03 was found
tz be significantiy more active than

Reproduced from 2%

Eest available copy. G

.
rs r

an dquTl k PaS;af te kalda. YT

. s - =

'\ ey ’ : "

tne pgeferred ~ataiv;t AddithP o7
eithar XOR or KpCO3 ts coal as a sorav:s
water solution 1s uncompiicated. Heco.-
ery of the cata]yst from the cata]yst-
char -minera?l
the fiuidized bed is more cha]leng1nc.
Figure § illustrates the chemist:,

invclved.
et e n b e+ e e s
’J
13
H
:
SV
- I .
, }
[
- - LA R
: e oo
: . )
. .
RAWL g v
s T LT
e e it e .
F‘i_'uw-; :
ki b
— - e ¥
a4 -
(.
b cisonacis iy oo 2
é b

atuminum n “be co2i
A High alumina oo Lo
igter caralvst loading to prodess
ame  active catalyst leveis anc «.
require recovery more effective “hoir
water wash since oniy the excass
is present as an active catalyst.
Further, this KAlSi04 cannot be re-
covered by water wash. However, Ca(OH)>
will displace the K from this compound to
yield KOH, the desired catalyst form, and
1n5u.u01e caicium aluminosilicates.

330 -



reacycle) and is projected to be operating
14 a borderline bubbling contacting
rmode. (That is 2-3 inch bubbles in a
10-inchi 1.D. fluid bed.) Representative
carbon and steam conversions should be
obtainable in all units.

In order to integrate our knowledge
of bench and pilot plant results, we have
developed a mathematical reactor model.
Figure 8 describes the elements of the
model.
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Figure 8.

Effects of independent variables are
determined from tests in fixed bed
reactors. A kinetic equation of the
Langmuir-Hinshelwood form was developed
to correlate this data. The kinetic
eguation was described in September, 1978
by Vadovic and Eakman (3). Incorporation
o char physical property data and
contacting equations allow generation of
a fluid bed gasifier reactor model which
vredicts steam conversion. Gas phase
eguilibria and material and energy
balance constraints define the product
gas composition.

We have compared model predictions
from fixed bed data with results from our
10 1b/hr pilot plant. The data quality
from the pilot plant was exceptional as
illustrated in Figure 9. Mass balances
werre done for individual elements C, H, O
as well as on an overall basis. During

the latter months of unit operation
material balances were within 2% for
total input/output and 5% for individual
elements. Additionally, the unit service
factor for the last 6 months averaged 70%
of real time with all systems at design
conditions.
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Figure 10 compares prediction from
our mathematical model with observed
pilot plant conversions.
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Moles C gasified/molé of Hy0 fed is
equivalent to steam conversion.
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The current recovery process is
shown in Figure 6.
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The catalyst-char-mineral matter solid
from the gasifier is digested under mild
conditions (300°F, 150°C) with Ca(0H)7
and the residue is washed countercur-
rently with water. The chemistry of this
process has been well defined in bench
tests. The Ca(OH), digestion and the
countercurrent water wash were demon-
strated during predevelopment in a
semi-batch mode. K recoveries above 90%
were shown to be feasible. However,
there has been no integrated, continuous
test of this system. The water wash
alone, obtaining 60-70% K recovery, was
used to study build-up of trace compo-
nents in the catalyst recycle stream. At
this recovery level trace ion accumula-
tion was acceptable. However, build-up
of trace elements at 90X recovery must
also be defined. Thus one key need of
the development program will be the
definition of a continuous, integrated
process for recovery of potassium
catalyst at target commercial condi-
tions.

Fluid Bed Gasifier Operation

The envisioned commercial scale
fluid bed gasifier would be over 20
ft. in diameter with 100 ft of bed

operating in a freely bubbling mode at
1300°F (700°C) and 500 psi (3.5 MPa).
Approximation of flow characteristics
of this unit in small pilot plants is
difficult. Figure 7 gives one a feel
for the degree of approximation.
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The first data column is for fixed bed
bench units of about l-inch diameter.
Most of our kinetic data have been
generated in these reactors. They are
flexible allowing coverage of desired
temperature and pressure ranges but the
bed is not fluidized (mixed solid phase)
and gas feeds are simulated.

Our largest predevelopment unit fed
about 10 1b/hr (5kg/hr) of coal to a
fluid bed gasifier about 30 feet
deep This unit had a maximum operating
pressure of 100 psi (0.8 MPa) versus the
design of 500 psi (3.5 MPa) and due
to this low pressure and small diameter
operated in a slugging mode (large gas
bubbles relative to reactor diameter).
Additionally, the output of CO and Hp
was measured and an equivalent amount fed
to the reactor to simulate the CO/H,
recycle. Thus build-up of trace compo-
nents in the recycle gas stream has not
been addressed. Design criteria for the
Process Development Unit are shown in the
last column. This unit is fully inte-
grated (catalyst recovery and gas
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censidering the broad range of steam
conversions the fit is quite good.
(bviously, fluid bed data are needed at
500 psi, the design operating condition
to confirm predicted conversion at
commercial conditions.

{ryogenic Distillation

The third unique area of the CCG
process is the cryogenic separation
of methane (CH4) from carbon monoxide
(C0) and hydrogen (H2). A schematic
is shown in Figure 11.
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Figure 11.

HS and COp are removed with conventional
technology using physical absorption.
Tne feed gas is cooled to -195°F by heat
exchange with the recycle gas. The
recycle overhead from the cryogenic tower
contains all of the Hp, almost all of
the CO and is 10% by volume methane
(CHg)}. At the system pressure of 400
csig, the overhead condenser operates
at =-240°F (-150°C). This is the coldest
part of the system. The bottom of
the tower, the reboiler, operates at
-143°F (-96°C). The product methane
contains 0.1% CO. The vapor-liquid
equilibria for this system are well
characterized and the design of this
distillation tower is within the state of
the art. In fact, the separation of CO
from CHg is easier than the separation

of 02 from Np and 02 from Argon becaus:
CO0 and CHg are further apart in relative
volatility. The investment and operating
energy requirements of the cryogenic
CO/CH4q separation system are less than
those of a conventional oxygen plant
sized for the same Btu output of CHy
from a thermal process. The ability to
operate this system has been demonstrated
in small scale, continuous distillation
apparatus using mixtures of pure com-
ponents as feed. Design concentrations
were easily achieved. Integrated opera-
tion with actual reactor effluent has not
been demonstrated and will be one of the
key components of the development pro-
gram. Build-up of trace components in the
gas recycle loop will be examined as well
as the ability of the cryogenic system to
handle trace components which could
freeze out. No major needs are antic-
ipated beyond the development phase.

Economics of CCG

Use of absolute investment and
product gas costs require a careful
definition of bases. In addition to the
design of the process itself (¥low
rates, yields, equipment size, specifica-

.tions, materials, service factor,

environmental standards, utilities and
off-sites) the projected gas costs alse
depend on major external factors {project
timing, financing, location, size
and feed coal). Because of these many
factors, it is hard to compare costs
projections made by different studies. A
second major item is the use of contin-
gencies.

Exxon's experience in process
development has shown that as a process
moves through development the estimated
cost invariably rises. To compensate for
this historical trend we add contingen-
cies to estimate the investment required
for a first commercial plant. Prior to
the predevelopment phase, Exxon developed
comparative investments and costs foy CCG
versus Lurgi technology. On consistent
bases and using appropriate contingen-
cies for catalytic Exxon concluded that
for Eastern coals the first commerciai
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CCG plant could have a cost advantage
which would increase as the catalytic

technology matured. Based on this study,
research and development of Exxon's
second generation thermal process was
discontinued. As part of the predevel-
opment phase, a commercial study design
was prepared and economics estimated
on an explicit basis. This aspect of the
predevelopment contract will be described
in depth at the November AIChE meeting in
Miami by Gallagher and Marshall (4). A
comparison with thermal technology is
being updated.

The long term potential of
catalytic gasification technology de-
serves special comment. Figure 12
illustrates the effects on relative
investment in constant dollars of both
the contingencies before the first
commercial plant and improved technology
following commercialization.
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Figure 12.

The estimated cost in the early devel-
opment of a new process contains large
uncertainties represented by the shaded
area. Process and project contingencies
are added to bring these early investment
estimates to the probable level for the
first commercial plant.

For subsequent plants investment
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costs normally decrease following a
curve as shown. The decline in costs
results from knowledge gained from the
first plant and to a greater extent from
the impact of continuing process research
and development. One of the major
anticipated areas of improvement lies in
the area of more efficient catalysts.
The catalyst provides a major degree of
freedom which should allow more substan-
tive improvements in this technology than
for thermal processes. Engineering
improvements in feed systems, reactor
design and gas treating would also be
anticipated. , -

Summarz

In Figure 13, the current status,
the anticipated status after completion
cf the development program and needs
anticipated at this time beyond the
development phase are summarized.
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In the catalyst addition and recovery
area, the chemistry is understood and we
expect to demonstrate continuous, inte-
grated catalyst recovery and recycle in
development. Remaining needs are for
demonstration of separation in scalable
equipment. In the gasifier area, the
reactions and kinetics are again well
defined. After development, the process
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PRODUCTION OF SNG FROM ILLINOIS COAL VIA CATALYTiC GASIFICATION

J. E. Gallagher, Jr. and H. A. Marshall

Exxon Research and Engineering Co.

INTRODUCTION

Exxon Research and Engineering Company 1s engaged in research and
development on Catalytic Coal Gasificatiom (CCG) for the production of
substitute natural gas (SNG). The Predevelopment phase of catalytic gasifica-
tion research was completed recently under DOE sponsorship. During this
phase of work, several key technical questions were resolved and the technology
has now moved into the process development phase.(l) The objective of this
paper is to describe a conceptual design of a commercial-scale CCG plant
which was completed as part of the Predevelopment research program.

FENEFITS FOR THE USE OF CATALYTIC GASIFICATION

The catalysts studied in the Predevelopment program were the basic
and weak acid salts of potassium. The preferred form of makeup catalyst was
identified as potassium hydroxide. The principal benefits from using
potassium catalyst in a gasification reactor system are as follows: First,
it increases the rate of gasification. Secondly, it prevents swelling and
agglomeration when handling caking coals. Thirdly, and most importantly, it
promotes gas phase methanation equilibrium.

These key features of the catalyst are combined in a novel process—
ing sequence which maximizes their bemefit. A schematic flow plan for this
processing sequence is shown in Figure 1. Catalyst is added to the feed
s0al and the mixture is gasified at about 1300°F and 500 psia. At these
conditions, the gasification rates are high enough to allow reasonable size
commercial reactor vessels while at the relatively low temperature, equilibrium
favors the formation of methane. Thus the production of CO and Hj is
decreased and high direct methane yields can be achieved. The components in
the gasifier overhead are separated into COp which 1is vented, product
methane which is sent to the pipeline, and carbon monoxide and hydrogen
which are recycled to the gasification stage. Since the amount of CO and
Hy fed balances the amount of CO and Hy leaving the gasifier, the net
products of gasification are only methane and COj along with smaller
amounts of HS and NH3. The chemistry of this reaction can be represented
23 follows:

Coal + Hy0 = CHy + COp AHZO

As indicated, this reaction is thermally neutral and in fact only a small
amount of heat is required in the gasifier to preheat the feed coal and
provide for heat losses. Also shown on the flow dlagram is a catalyst
recovery step. This is required because the catalyst leaving the gasifier
with the ash/char residue is too costly to discard.
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The unique features of the Catalytic Coal Gasification (CCG)
process can be summarized as follows: (1) All the methane is formed in ouc
razcior, the gasifier; no separate shift and methanation reactors are
rezaliele {2) HNo siguificant heal input is reyuired to che reazto:; 1=
oxvge plant and potential slagging poobleus from oxyger use zve zofwd
{3) HNo pretreatment is required for caking co l duz te the aztiln o1
tha catzlyst. (4} Significant future improvements are possiple through tae
development of improved catalysts-.

oW

OBJECTIVES AND SCOPE OF THE STUDY DESIGN

The main engineering task of the CCG Predevelopment phase progi im

was the completion of a conceptual design or “Study Design" for a commercisl

c CCG plant. Study designs have a number of objectives as shown in
1. First, they can be used to project rhe investment and product
frr a ploneer plant employing new technolcgy. Secondly, they ~ax

ify uncertainties in the data/technology base and thus provide guidecaca
iirection of the research program. Thirdly, study designs provide a2
mework - a base case - winich can be used to evaluate new data and
tuprovements, and to conduct optimizaticon studies to dirsct s

oo
(7. a1
o

o e b

[=3
0
t"\. T

5]

R T
n:

fL“ft toward the most favorab)e operating conditlons. i gene..w .

[ N o ( e B B )
w
n om0
[\
(2]
Fe ]
s

IR A

ig

fort nelps maxinlze the proonabiility of si_cessinl developmeul of tha
T p ¥ P

chino

Table 1 also lists the steps that are involved in developing a
szudy design and economics. The first step involves setting the project
nxgls.  This Jnclufes factors such as plan: luczzion and size, fee: ~oczas
cyiduci £late and the basis for the ssurce of plant uecilities. The zooon.
Loy quvcives seviing the process taosis.  For fhe cuvrent LUG Stus,
e celf osnd correlsiions developed during tie Predevelopment ressar:
trigran ware used for this purpose. TFotentia! Zuture imorovementc oo i
i "ad o7 for walch 2 reascnable data btase is not yei avatla~lce, weid

: .o Alsg. contingeancies were auded to the Investmeu?r cstilmarte .
rical Exxep experience that costs increase durirg tis course of

U)
[
0]

The next step iz to develop detailed waterial ong
Tve as the basis for equipmen: specliifcations. In the
individual ecuipmen~
vie, majer dimensiols,

ProsiuT iy and spoCaal aelida s

ays Speciored BEged on Tt oyve ra )

ceuvelopel by 3 variazy of t=chiigues.
(OGmRUISY CIOZTLIS 2T S
13¢d ot hirtevic.l

[




Appropriate contingencies are added to the investment based on Exxon prac-
tices for actual commercial projects, and, as indicated above, based on
historical data for other developments.

PROJECT AND PROCESS BASIS FOR THE STUDY DESIGN

For the CCG Study Design done after the Predevelopment research
phase, the project basis is presented in Table 2. The plant is assumed to
be at the minemouth in Illinois and feeds Illinois No. 6 coal. The plant
produces 257 billion Btu per stream day of SNG. Steam is generated in coal
fired offsite boilers with flue gas desulfurization, and electric power is
purchased.

As discussed above, the second major step in developing a study
design is to set the process basis. Table 3 lists the major independent
variables which must be specified for the catalytic gasifier. These are
the coal feed rate, temperature, pressure, catalyst loading, steam rate and
bed volume. Specification of these variables fixes the steam conversion,
carbon conversion, recycle gas rate and gas preheat temperature. Even in
the early stages of a development it is important to optimize these variables
so that the research effort can be focused on the range of conditions in
which the gas cost is minimized.

The effect of pressure on the CCG process has been described
previously.(2) The pressure was set at 500 psia as a balance between
increased recycle gas rates at lower pressure and the potential for increased
costs and mechanical problems at higher pressures. Engineering studies
during the Predevelopment phase established 90% carbon conversion as
the preferred target based on a balance between poor resource utilizatiom at
substantially lower levels and the more complex reactor system probably
required for higher levels.

Having set the pressure and target carbon conversion, studies were
undertaken to establish the preferred operating temperature, catalyst
loading, steam rate and volume. This was done using a gasifier model
which combines an empirical Langmuir-Hinshelwood kinetic equation for the
potassium catalyzed gasification of Illinois No. 6 coal with contacting
equations which predict mass transfer effects 1n the fluid bed. The kinetic
aspects of this model were described in a recent paper.(3)

The base case conditions for this series of studies is shown in
Table 4. The operating temperature was 1300°F, the catalyst loading 15
wt% K9CO03 equivalent on feed coal and the steam/coal feed ratio 1.25
1bg/lb. Changes in temperature, catalyst loading and steam rate were
analyzed via heat and material balances for their impact on recycle gas
rate, gasifier volume and preheat temperature.

Lowering the gasifier temperature to 1200°F significantly

decreases the recycle gas rate but at the expense of increasing the gasifier
volume by over 50%. Raising the temperature to 1350°F increases the
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recycle gas rate substantially while the gasifier volume is reduced by only
12%2. Reducing the catalyst loading from 15 wt% on coal to 10 wt% reduces
the amount of catalyst to be recovered but increases the gasifier volume by
36%. A 20%Z increase in steam rate decreases the gasifier volume only 19%
while a 207 lower steam rate increases the gasifier volume by 62%.

Based on these estimates, three cases were chosen for more detailed
analysis: lower catalyst loading, lower temperature and higher steam rate.
The higher temperature and lower steam rate options were discarded because
of the judgement that the net economic effect would be increased cost, and
because both options would increase the recycle furnace preheat temperature
to the point where technical feasibility could be a concern.

Investments and economics for the three cases were developed
reflecting the impact of the change in gasifier conditions on the entire
plant, both onsites and offsites. The results of this analysis are shown in
Table 5. The case with lower catalyst loading was essentially a standoff
with the base case. The case with higher steam rate showed increases in both
investment and gas cost of about two percent. On the other hand, reducing
the temperature to 1200°F decreased both investment and gas cost by about
two percent. In this instance, the effects of decreased recycle gas rate

and preheat furnace temperature more than of fset the effect of increased
gasifier volume.

It was concluded from these studies that the economics are not
extremely sensitive to changes in operating conditions over the range
studied and that the base case conditions are close to being optimum.
Higher steam rates appear unjustified. Thus, directionally, the most
favorable option appears to be operating at reduced gasifier temperature.

Based on these conclusions, gasifier conditions for the study
design were set at 12759F and 15 wtZ catalyst loading with 1.25 pounds of
steam per pound of coal. The temperature was not reduced all the way to
1200°F because the bulk of the current data base was obtained at temperatures
in the range of 1300°F. Future research will expand the data base in the

1200-12509F temperature range to allow further optimization of the operating
temperature.

The key process basis items for the study design are summarized in
Table 6. The operating conditions for the gasifier have already been
discussed. The major steps employed for processing the gasifier overhead f
stream are high level heat recovery using a gas-gas exchanger, venturi scrubbing
to remove fines, acid gas removal using a physical solvent and cryogenic
distillation for methane recovery.

The catalyst recovery design is based on the use of calcium
hydroxide digestion to free part of the water-insoluble catalyst followed by
a staged counter-current washing operation to recover soluble catalyst from
the spent solids. The digestion operating ccnditions are 300°F and two
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hours residence time with a calcium to potassium weight ratio of 0.7.
Additional information on the catalyst recovery step can be found in a
recent paper.(l)

FACILITIES DESCRIPTION FOR A COMMERCIAL - SCALE CCG PLANT

After setting the process basis, the next steps in the CCG Study
Design were the preparation of heat and material balances and equipment
specifications. Figure 2 presents a simplified flow diagram for the commer-
cial system envisioned for catalyst addition, recovery and recycle. Coal is
crushed to minus 8 mesh and is dried by a circulating flue gas stream in an
entrained system. Catalyst is then added to the dried ccal in a gentle
mixing step. The catalyst is a solution of potassium hydroxide in water. A
small makeup of purchased KOH is required to supplement that which has
been recovered and recycled. The mixture is then dried before being fed via
a lock hopper system to the fluidized bed gasifier operating at 12759F and
500 psia.

In the catalyst recovery system, char withdrawn from the bottom of
the gasifier and part of the fines entrained overhead are slurried, mixed
with Ca(OH) and soaked at 300°F for two hours. This "digestion" step
frees additional water-soluble catalyst such that about 90% of the catalyst
1s recovered in a downstream staged counter-current washing operation. The
balance of the catalyst leaves the plant in the form of water-insoluble
compounds. For this study the solid-liquid separation design was based on
the use of hydroclones. A major objective of the next stage of research
will be to obtain more data on the catalyst recovery system and on the
preferred recovery hardware.

Figure 3 presents a simplified flow diagram for the synthesis gas
recycle system envisioned for a commercial CCG plant. The reactor is
fluidized with a preheated mixture of steam and recycled hydrogen and carbon
monoxide. The coal is fed to the bottom of the fluidized bed and the
residence time is sufficient at 12759F with catalyst to gasify 90% of the
feed carbon. Pyrolysis products are cracked and essentially no hydrocarbous
heavier than methane leave the gasifier. Since the gasifier exit temperature
is only 1275°F and heavy hydrocarbons are present in only ppm quantities,
the high level sensible heat in the overhead gas can be recovered and used
for steam/recycle gas preheat and for high pressure steam generation. A
venturl scrubber is used for fines removal prior to low pressure steam
generation. H9S and CO0g are removed using a physical solvent acid gas
removal system. At this point the stream contains only Hy, CO, and CHy.

The methane is separared in a simple cryogenic distillation system and sent
to the pipeline. The CO and Hy are mixed with gasification steam, preheated
to about 1550°F and recycled to the bottom of the gasifier. The sensible
heat above 12759F in the steam/recycle gas mixture provides all the heat
required in the gasifier to compensate for heat losses and fer coal preheat.
As mentioned above the overall gasification reaction 1s essentially therme-
neutral.
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A sketch of the catalytic gasifier itself is shown in Figure 4.
The coal is fed to the gasifier via a lock hopper system which pressures the
coal to the gasification pressure of 500 psia. Injection gas picks up the
feed coal and conveys it dense phase to the gasifier and injects it into the
bottom of the bed. A number of coal injection points are used to assure
good mixing and distribution of coal into the bed. The feed coal pyrolyzes
rapidly and the pyrolysis products flow up through the bed where they are
cracked to light gaseous products. The bed dimensions for each of four
gasifiers are 22 feet inside diameter by 97 feet in height.

The feed steam and recycle synthesis gas are injected into the
bottom of the bed through a distributor. Thus, the gasification medium also
fluidizes the bed. The principal reactions taking place are the highly
endothermic steam gasification reaction, the mildly exothermic water gas
shift reaction and the highly exothermic methanation reaction. The fluidized
bed is characterized by the existence of a continuous emulsion phase with
intimate gas solids contact and with gas bubbles rising up through the
emulsion phase. Since steam passes through the bed in bubbles it must be
transferred into the emulsion to react with the carbon. CO and Hy from
the recycle gas are also transferred across the bubble-emulsion interface to
react via the catalytic action of the catalyst-char combination to form
methane. The reaction rate in the gasifier is primarily kinetically
limited, although bubble-emulsion mass transfer effects are not insignificant.

As stated previously, the overall reaction is essentially thermo-
neutral. Although a detailed analysis has not yet been made, it appears that
the different zones of the gasifier will not differ greatly in temperature.
The feed coal is the major external heat sink added to the gasifier and the
preheated steam plus recycle gas is the major external heat source. These
are both added at the same zone in “e bottom of the gasifier in a fashion
conducive to good mixing and heat __uansfer. In the bulk of the bed, the
primary heat effects are the heat-balanced steam-carbon and methanation
reactions. In addition, of course, the solids mixing resulting from bed
fluidization further promotes a uniform bed temperature.

The top section of the vessel contains a de-entrainment zone and
external cyclones. The use of internal cyclones is an option that could be
investigated. At the bottom of the bed, a solids stream is withdrawm to
control bed level and prevent the buildup of ash. This solids stream flows
into a small fluidized bed where it is cooled with recycle synthesis gas and

then into a vessel where it is slurried with water for feed to catalyst
recovery.

The catalytic gasifier is a simple, single vessel reactor with
only one bed and without complicated internals. It is believed that this
gasification system has the potential for a reliable, high service factor
operation because it is simple, because the catalyst prevents caking and
because the use of synthesis gas for heat input prevents slagging.
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A summary of the offsite facilities included in the study design
ig presented in Table 7. These include materlals handling facilities to
receive and handle coal, catalyst and chemicals and facilities to handla amd
niopoue of waste soldids and byproducts. General offsites jmclude wagte—
anuey creating, safety and fire protection systems, buildings and miscellz-
nooze items such as maintenance and mobile equipment, communicaticns systema,
atee A full range of utility systems are included such as water treating,
steam generation, flue gas desulfurization, cooling water and electric powRY
agstributiag: It 1s important to note that the utilitles system cspacities

Lickude an agliowance of up to 25% to cover increases im utilities rates as
groject definition improves and to provide spare capacity for startup and
zaergency neede. The utilities capacity allowance is based on Exzon experi-
~uz& for 2 broad range of commercial process plants

JFUVESTMENT FOR A PIONEER COMMERCIAL PLANT

The investment developed for the CCG Study Design is presented
u Table 8. The investment is 1640 M$ for the pioneer commercial plamt
eeding Illinois No. 6 coal and producing 257 billion Btu per stream day of
2IG. Thir i3 for a Jamuary, 1978 cost level. Cautlon mus: be used when
-«mﬁa”lﬁg tils investment with published projections of the plant iovestwent
~ar other developing ceal gasificarion processes. Host of the invesimenio
penied to date iz the litevature have been significangly lower.

Analysis of wmony published estimates imdicates that the differ-
wuces are caused by three major factors. First, the CCG Study Design
nasis«eetuing and equipment specification approach is aimed at providing tlw
rrnh Likele O cost for 2 pilonser commercial plapi. Thuz. the lgresivi-wg
W tasuu ot & precz2ss basis supported by the eurvest date hoso -

FTORedd nerovensnie are vof considered. AHlfo, the nesi&‘
I z fer feztures oo achieve z high service facror.
T Aened ahﬁve« Vkili izg capacities include allowonces
¢ » be nzoeseary. Flpally, the equl
ﬁlnped in dcta il 2o aveoid omissions which might
ed approzches. Zowe or all of these elemcs .8 3Fe
1ished estimates of coal gasification plane im *@ﬂam@ntsn

ard

AL

e

Tngsand

P

“he gazond majer facter contriliuving te + higher faves
ftudy Pesign rolarive to many published nmumbers for eithe:
7 rachnalogy, is the inclusion of imvesromeme contimgescie .
wesi edtimate o allow prediction 2f the moer likely plownecer
at this early stage of process amd project developmeni. /[

the Zotal investment includes a 23% “preject”™ contimzancs-
contingency, as usad by Exnon, refoers z2 a statistical
» 21} esatimetes 2t each stage of project develspment o
increzsee in cost resulting from more detailed desigm
ag of the project executicn plan, site factors, and esii=
The Investment estimate alse imcludes a arcgess develog—
23% applied fo vhe onsite facilities. This allowancs is
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applied to estimates for new technology to cover historical increases in
investment as processes proceed from initial research and development to the
ploneer plant.

The third major area of difference between the CCG estimate
and many published estimates is the inclusion of added costs to cover
the effect of '"diseconomies of scale" on fifeld labor construction costs for
large projects. This unanticipated incffiency associated with very large
projects 1is often omitted when using estimating techniques which have been
developed primarily for conventional-sized projects. In summary, the Study
Design investment 1s believed to be a realistic prediction of the expected
final cost for a ploneer plant.

With regard to the breakdown of investment cost by plant area, it
is worth noting that facilities for catalyst addition and recovery and
methane recovery amount to only 10% of the -total investment. For a thermal
process, the cost of shift conversion, methanation, and heat input via an
oxygen plant or other system are likely to be substantially higher. In
addition, offsite steam requirements are reduced relative to thermal processes
as a result of the high level heat recovery from the gasifier overhead and
the inherent high efficiency of combining all reactions in one vessel.
Also, the absence of heavy hydrocarbons in the gasifier overhead minimizes
vastewater treating requirements and eliminates the need to incinerate the
vent gas from acld gas removal to meet hydrocarbon emissions standards.

GAS COST FOR A PIONEER COMMERCIAL PLANT

Consistent with an {investment of 1640 M3, the cost of SNG produced
from deep mined Illinois coal 1s estimated to be 6.40 $/MBtu for a January
1978 investment cost level, as shown in Table 9. This is based on 1002
equity financing with a 15%Z DCF return assuming product revenues escalate at
6% per year and operating costs escalate at 5% per year. This economic
basls has been described {n a detailed report covering a study design for
the Exxon Donor Solvent Coal Liquefaction Process.(4) On a financing basis
of 30% equity/70% loan, with 9% interest on the loan, the gas cost is
4.80 $/MBtu. For the 100Z equity gas cost, about 20% results from the coal
cost and about 50% from capital charges. Purchased makeup KOH catalyst
contributes only about 4% to the gas cost.

It is important to recognize that several factors could reduce the
gas cost for a ploneer CCC plant below the study design range of $4.80-
6.40/MBtu. For example, as shown in Table 9, the construction of plants
larger than 250 billion Btu/SD could reduce gas cost between 0.25 and
0.50 $/MBtu, depending on the actual size constructed. The use of surface-
mined instead of deep-mined coal could reduce gas cost 0.50 to 0.75 $/MBtu
depending on heating value and mining costs. The combined effect of these
items could result in a total reduction in gas cost from the ploneer plant
of 0.75 to 1.25 $/MBtu. 1In addition, tax credits, loan guarantees, or other
government incentives could further reduce gas cost from the ploneer plant.
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For plants built atter the ploneer plant, gas cost caviags can by
expected by incorporating the learning cxperlence of the ploneer plani and
the results of further research. Historical data from other Exxen process
developments suggest that the gas cost from mature technology plantz ce:ld
be 0.75 to 1.00 $/MBtu less than that for the pioneer plant, on a 1¢7¢ cost
basis.

As shown above, estimates of coal gasificationr costs can va:y
widely depending on the approach to the investment estimate, maturity ¢ the
technology, plant size, coal type, method of financing, etzc. The time framrs
for which costs are presented is also an important factor. This emphosi
the difficulty of comparing the CCG Study Design costs with coal gasiliicz~
tion costs published by others. A consistent comparison of CC5 with =%
of-the-art gasification technology has been made by Exxon Resear:r ang
Engineering Company and it has been concluded that significant imcorwiv=e
exists for development of the Catalytic Coal Gasification proczss.
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_ FIGURE 1
EXXON CATALYTIC GASIFICATION PROCESS
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FIGURE 2

FLOWPLAN FOR CATALYST ADDITION, RECOVERY, AND RECYCLE
GASIFIER
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FIGURE 3
FLOWPLAN FOR RECYCLE GAS L
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FIGURE 4
REACTOR SYSTEM SKETCH
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TABLE 1

BCOPE ANG OBRJECTIVES OF STUDY DESIGN

DBJECTIVES

® ESTIMATE THE INVESTMENT AND PRODUCT COST FROM A PIONEER PLANT
9 IDENTIFY NEEDS FOR FURTHER TECHNOLDOGY DEVELOPMENT
% PROVIDE A FRAMEWORK FOR EVALUATING NEW DATA, PROCESS

IMPROVEMENTS AND OPTIMUM PROCESS CONDITIONS

SCORE
2 PROJECT BASIS SETTING
¢ PROCESS BASIS SETTING
% DETAILED MATERIAL AND ENERGY PALANCES
o EQUIPHMENT SPECIFICATION FOR ONSITES AND OFFSITES
o INVESTMENT ESTIMATE AND BECONONICS
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TABLE 2
PROJECT BASIS FOR STUDY DESIGN

FEED COAL — ILLINOIS NO. 6

PRODUCT — SNG

LOCATION — MINEMOUTH ILLINOIS

SIZE — 257 BILLION BTU/STREAM DAY

UTILITIES — STEAM: COAL FIRED BOILERS WITH
FLUE GAS DESULFURIZATION
ELECTRIC POWER: PURCHASED
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TABLE 3

KEY PROCESS VARIABLES FOR
CATALYTIC GASIFIER

INDEPENDENT VARIABLES DEPENDENT VARIABLES
COAL FEED RATE STEAM CONVERSION
TEMPERATURE CARBON CONVERSION
PRESSURE RECYCLE GAS RATE
CATALYST LOADING PREHEAT TEMPERATURE
STEAM RATE

BED VOLUME
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TAaBLE 4

IMEE£CTE QF CFERATING CONDEITIONS
ON RECYCLE RATE AND GASIFIER VOLUME

BASE CASE: COAL FEED RATE, T/D 14,490
STEAM TO GASIFIER, T/D 18,200
TEMPERATURE, °F 1,300
PRESSURE, PSIA 500
CATALYST LOADING, Wi% KaCOz 15
RELATIVE RELATIVE
YARIATION FROM BASE CASE RECYCLE RATE GASIFIER ¥OLuf .
BASE CASE 100 100
1 200°F 68 167
t350°F 128 g
0% KpCO3 160 13
FAST STEAM i 3% 120 -
SASE GTEARRT - 30 ea res
¢




TABLE S

ECONOMIC IMPACT OF
ALTERNATIVE GASIFIER OPERATING CONDITIONS

, -BASE CASE-  ---vvescn--- SENSITIVITY CASES - -- -+ == ==+~
& 15% K,CO3 10% K,CO3 HIGHER STEAM  LOWER
- CATALYST CATALYST RATE TEMPERATURE
¢ GASIFIER OPERATING CONDITIONS
+ PRESSURE, PSIA 500 500 500 500
+ TEMPERATURE, °F 1300 1300 1300 1200
+ CATALYST LOADING WT% ON DRY COAL 15 10 15 15
® RELATIVE GASIFIER VOLUME 100 136 81 154
¢ RELATIVE PLANT INVESTMENT 100.0 101.4 102.4 98.0

© RELATIVE GAS COST 100.0 99.5 102.0 98.3




TABLE 6
KEY PROCESS BASES FOR STUDY DESIGN

GASIFIER
OPERATING TEMPERATURE, °F 1275
OPERATING PRESSURE, PSIA 500
CATALYST LOADING, WT% K;CO3 15

GAS PROCESSING

HIGH LEVEL HEAT RECOVERY GAS-GAS EXCHANGER

- 9%¢ -

SOLIDS REMOVAL VENTURI SCRUBBER
ACID GAS REMOVAL PHYSICAL SOLVENT
METHANE RECOVERY CRYOGENIC DISTILLATION

CATALYST RECOVERY

PROCESSING BASIS Ca(OH), DIGESTION PLUS WATER WASH
SOLID-LIQUID SEPARATIONS HYDROCLONES
DIGESTION CONDITIONS

TEMPERATURE °F 300

Ca/K, LB/LB 0.7

RESIDENCE TIME, HRS. 2



TABLE 7
OFFSITE FACILITIES FOR STUDY DESIGN

MATERIALS HANDLING

e COAL RECEIPT AND STORAGE

e COKE/CHAR HANDLING

e CHEMICALS HANDLING AND STORAGE

e BY PRODUCTS STORAGE AND SHIPPING

® WASTE SOLIDS HANDLING AND DISPOSAL

GENERAL OFFSITES

® WASTEWATER TREATING

- ® SAFETY AND FIRE PROTECTION
® BUILDINGS
® LAYOUT AND SITE PREPARATION
® MISCELLANEOUS

- [SE -

UTILITIES

RAW WATER/BFW TREATING

STEAM GENERATION AND DISTRIBUTION
FLUE GAS DESULFURIZATION

COOLING WATER

ELECTRICAL POWER DISTRIBUTION
COMPRESSED AIR, INERT GAS, FUEL GAS
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TABLE 8

PIONEER PLANT

BASIS: JANUARY 1978 COST LEVEL
EASTERN ILLINOIS LOCATION

ONSITES

COAL CRUSHING AND DRYING

CATALYST ADDITION AND DRYING
REACTOR SYSTEM

GAS COOLING AND SCRUBBING

SOUR WATER STRIPPING

ACID GAS REMOVAL / SULFUR RECOVERY
METHANE RECOVERY AND REFRIGERATION
CATALYST RECOVERY

COMMON FACILITIES

ONSITES SUB-TOTAL

MATERIALS HANDLING
GENERAL OFFSITES
UTILITIES

TOTAL DIRECT AND INDIRECT COSTS
PROCESS DEVELOPMENT ALLOWANCE
PROJECT CONTINGENCY

TOTAL INVESTMENT

INVESTMENT FOR CATALYTIC COAL GASIFICATION

M$

35
25
200
85
20
155
75
40
65

700

115
95
260

1170
175
295

1,640



COET OF BICF FROW CATRIVTIR AN I7TI0N

STUDY DEGIGN FOR FIONEER PialT

BASIS

PLLIROIE Ra, & DEER MIINED OAL

257 BILLION BTL/STREAM DAY

JARDARY 1878 COST LEVEL

15% ROCF RETURN N EQUITY (CURRENT DOLLAR?
€% INTEREEST ON BORROWED CAFITAL

e dHIH

GAS COST BREAKDOWH ) S/MBTU
T100% EQUITY 70% DEBT/30% EQUITY

COAL FEED 1.40 1.40
GASIFICATION CATALYST .25 0.25
OTHER GPERATING COSTS .60 1.60
BY-PRODUCT CREDITS (0.20) {0.20)
CAPITAL CHARGES 3.35 1.75

TOTAL GAS COST B.40 4.80
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POTENTIAL ROUTES TO LOWER COST GAS FROM PIONEER PLANT

G463 COST
SAVINGS, S/MBTU

¢ LARGER PLANT 0.25 — §.50
o SURFACE MINED COAL 3,60 < B.75

TOTAL 0,78 i ,25

POTENTIAL ADINTIONSL 348 COST SEDSCTION FOR MATURE PLANTS
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