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ABSTRACT 

This report covers the Predevelopment Program act ivi t ies for the 
Exxon Catalytic Gasification Process during the period July, 1976 through 
June, 1977. This work is being performed by the Exxon Research and 
Engineering Company, (ER&E) and is being supported by the United States 
Energy Research and Development Administration (ERDA) under Contract No. 
E(49-18)-236g. 

The accomplishments during this year summarized by reporting 
categories are as follows: 

I. Fluid Bed Gasifier Studies 

The existing 20 Ibs/hr Fluid Bed Gasifier (FBG) was recommissioned 
for operation in the Predevelopment Program. Modifications were 
made to the FBG data acquisition system including the on-line 
computer program for calculation of unit material balances from 
process variable data, and an of f - l ine program for material balance 
data reduction. 

O The FBG was started up and operated under baseline conditions. 
Material balance data obtained under these conditions showed steam 
conversions of about 40 percent and approaches to methane equilibrium 
of 15-35°F. These values are close to kinetic model predictions 
for the specified feed rate. 

A process variable study conducted with the FBG included runs with 
potassium carbonate and mixed potassium carbonate/sodium carbonate 
catalysts and covered a range of steam and coal flow rates, catalyst 
concentrations, and temperatures. Unit operations were excellent, 
and the longest continuous run lasted 336 hours. 

| The Catalyst Recovery Unit (CRU) was recomissioned and started up, 
and catalyst recycle operations began. Recovery of water soluble 
catalyst was about 75 percent. FBG operations with recycle 
catalyst were excellent, with the longest continuous run lasting 
587 hours and an overall unit service factor of 96%. 

2. Bench Scale Studies 

Start-up and in i t ia l  operations of the I-3 Ibs/hr Continuous 
Gasification Unit (CGU) were completed. Computer programs were 
developed for video display of the CGU operating variables profi le 
and for on-line material balance calculations. 

Data were obtained in the CGU for the gasification of catalyzed 
I l l i no is  coal during four continuous and two batch fluid-bed 
yield periods. Good agreement was obtained with previous fixed 
bed kinetic data. 

i i  
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Carbon gasification rate data were obtained in fixed bed gasifi- 
cation units for sodium carbonate and mixed sodium carbonate/ 
potassium carbonate catalysts. The activity for sodium carbonate 
w~s found to be significantly lower than that for potassium 
carbonate especially at high pressure. Also, analysis of the char 
streams from the mixed catalyst runs shows that potassium is 
selectively tied up by the coal minerals, reducing the incentive 
for using mixed catalysts. As a result of these findings, the 
FBG catalyst recovery and recycle operations were conducted with 
potassium carbonate. 

I t  was found that the levels of potassium sulfate and potassium 
thiosulfate are very low on fresh ash/char residue withdrawn from 
the FBG in a completely blanketed atmosphere and leached without 
exposure to air,  and most of the sulfur in solution is in the form 
of potassium sulfide. As much as 15-20 percent of the catalyst 
can be in the form of potassium sulfide with the remainder 
being potassium carbonate, the original catalyst form, and potassium 
hydroxide. C02 stripping wil l  convert essentially all the potassium 
sulfide in solution to potassium carbonate. Thus, i f  desired i t  
wil l  be relatively simple to minimize the level of potassium sulfide 
in recycle solutions. 

Work was init iated on the recovery of catalyst tied up in the ash/ 
char gasification residue as water-insoluble catalytically inactive 
KAISiO~. The potassium from this compound can be recovered by 
aqueous digestion of the gasification residue with calcium hydroxide. 
Potassium recoveries in the ~ange of 80-90 percent were achieved. 
Addit ionally, recoveries of insoluble potassium can be increased 
by the use of unwashed gasi f jer  residue, due to the higher pH 
produced by water soluble compounds present on the char. 

Bench scale studies of catalyst recovery via water washing were 
init iated in order to investigate lower-than-expected recoveries 
of water soluble catalyst obtained in the CRU. Ti~ data suggest 
that the precautions previously taken to prevent exposure of the 
g~sifier ash/char residue to air were inadequate, and that in- 
advertent exposure of the residue played a s~gnificant part in the 
d i f f icu l ty  experienced in recovering water soluble ca%alyst in the 
CRU. 

3. En~ineerin~ Research agd Development 

t Work has been completed on engineering scoping studies to define 
and compare the cash flows for alternative processes for po- 
tassiu~ catalyst ~nufacture. Based on current market proces, KOH 
solution produced by electrolysis of KCI would be the preferred 
form ~f ~ak~up catalyst for catalytic gasification. Among the 
presently noncommercial manufacturing alternatives studied, the 
Engal-Precht process feeding KCI appears to be most a%tractive. 
A more definitive screening evaluation of this process is under 
w~y. 

i i i  



Simi lar  scoping studies to estimate cash flows for  the processes 
to recover water- insoluble cata lys t  from spent gas i f i e r  sol ids 
have also been completed. Results show that cata lyst  recovery via 
hydrothermal treatment with Ca(OH)2 offers the potent ial  for  sub- 
s tant ia l  savings re la t i ve  to purchased KOH. A screening study is 
in progress to f i rm up the economics for  th is cata lys t  recovery 
process based on current laboratory data. 

A screening study was completed which indicated that there is 
only a small economic incentive for  adding a secondary gas i f i ca t ion  
step to Catalyt ic  Coal Gasi f icat ion to raise carbon conversion over 
the base case level of 90 percent. However, th is  conclusion could 
change i f  i t  were not pract ical  to obtain 90% carbon conversion 
in a single reaction step or i f  coal or cata lyst  costs increase 
s i gn i f i can t l y .  

Addit ional screening studies to evaluate the commercial impacts of 
a l te rnat ive  ca ta l y t i c  gas i f ie r  operating condit ions have been com- 
pleted. Compared with a base cata lyst  loading of 15 wt.% K2CO 3 
and with a base temperature of 1300°F, reducing the cata lyst  
loading to I0 percent saved about 0.5 percent in gas cost, and 
decreasing the temperature to 1200°F saved about 2 percent in gas 
cost. I t  is too early to draw f i rm conclusions regarding pre- 
ferred gas i f ie r  operating condit ions from these screening studies 
because the bases do not necessari ly re f l ec t  the extensive data 
current ly  being obtained in bench and FBG runs. However, these 
studies indicate that the potent ia l  exists fo r  cost savings and, 
thus, a f ter  the laboratory data have been analyzed, the studies 
w i l l  be c losely reviewed to see i f  change in the base condit ions is 
warranted. 

Work began on the development of the process basis for  a new 
Cataly t ic  Coal Gasi f icat ion Study Design. The Study Design w i l l  
r e f l ec t  the current conception of a commercial ca ta l y t i c  gas i f i -  
cation plant producing approximately 250 MSCF/SD of SNG from 
I l l i n o i s  coal. Estimates w i l l  be made of both investment and 
operating costs. Preparation of th is  Study Design w~ll involve 
the major share of the engineering e f f o r t  on the predevelopment 
program during the second hal f  of 1977. 

iv 
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INTRODUCTION 

This report covers the Predevelopment Program ac t i v i t i es  for  the 
Exxon Catalyt ic Gasif icat ion Process during the one-year period, July, 1976 
through June, 1977. This work is being performed by the Exxon Research and 
Ingineering Company (ER&E) and is being supported by the United States Energy 
Research and Development Administration Under Contract No. E(49-18)-2369. 
Ti~e Predevelopment Program covers the period July I ,  1976 through December 
31, 1977. 

#:oce~s Description 

The Exxon Catalyt ic Gasif icat ion Process combines the use of 
a lka l i  metal gasi f icat ion catalyst  with a novel processing sequence which 
~ximizes the benefits which can be derived from use of the catalyst .  The 
principal reasons for using a lka l i  metal gasi f icat ion catalysts are that they 
increase the rate of steam gasi f icat ion,  prevent agglomeration of caking 
coals, and promote the achievement of gas compositions closely approaching 
~as phase methanation equi l ibr ium. 

The process combines a r e l a t i ve l y  low gas i f ie r  temperature of 
about 1300°F with separation of synthesis gas (CO + H2) from the product 
m~thane and recycle of the synthesis gas to the gas i f ie r .  Thus the only net 
products from gasi f icat ion are CH4, C02, and small quanti t ies of H2S and 
~iH 3. The resul t ing overall gasi f icat ion reaction can be represented as 
follows: 

Coal + H20 ----+ CH 4 + CO 2 

Since this reaction is essent ia l ly  thermoneutral, major heat input to the 
g~si f ier  is not required. 

A s impl i f ied flow plan for the Exxon Catalyt ic Gasif ication Process 
i f  shotln in Figure 0 . I - I .  Crushed coal is impregnated with catalyst ,  dried and 
fed via a lockhopper system to a f lu id ized bed gas i f ie r  which operates at 
about 1300°F and 500 psia. The coal is gasif ied with steam mixed with recycled 
synthesis gas, and the major gas i f ie r  eff luents are CH4, C02, recycled CO 
~d H~ and unconverted steam. No s ign i f icant  tars or o i l s  are produced. 
Following heat recovery and water scrubbing, the product gas is treated in a 
series of separation steps including acid gas scrubbing to remove CO 2 and H2S, 
~nd cryogenic f ract ionat ion to separate product methane from synthesis gas. 
Ti~e synthesis gas is combined with feed steam, preheated to approximately 
]50:F above the gasi f icat ion temperature and recycled to the gas i f ie r .  Although 
~h~re is no heat required for the gasi f icat ion reactions, some small amount 
c,f heat input is required to heat up the feed coal, vaporize residual water 
and provide for gas i f ie r  heat losses. 

Ash/char residue from the gasi f icat ion step is sent to a catalyst  
recove~¢ step in which a large f ract ion of the catalyst  is recovered from 
the residue using a calcium hydroxide digestion followed by countercurrent 

- I -  



Figure O.l-I 

EXXON CATALYTIC GASIFICATION PROCESS 

I 

! 

MAKEUP 

~ F ,  EED CATALYST 
~1 CATALYST 

COAL r i ADDITION 

RECOVERED 
CATALYST 

CATALYST 
RECOVERY 

RESIDUE 

LJ 

-i G 
.... I CH C02 ] 

ASIFICATION CO 
H2 w I 
H20 

_~ PREHEAT 
FURNACE 

C02 

COOLING & 
SEPARATIONS 

STEAM 

1- 

CO/H 2 
RECOVERY 

CH4 
r 



Figure 1,1-] 

ORIGINAL FLUID BED GASIFIER (FRG) FLOW PLAN 
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i .  FLUID BED GASIFiER STUDIES (REPORTING CATEGORY I)  

1 . i  FLUID BED GASIFiER RECOMMISSIONING 

During the th i rd quarter of 1976, the exist ing Fluid Bed Gasi f ier  
(FBG) was recor<missioned for use in the Predevelopment Program, and some 
changes were made to improve overall data qua l i ty ,  uni t  operab i l i t y ,  and 
safety. The unit  can feed up to 25 Ibs/hr of coal on a continuous basis and 
has the capabi l i ty  for  continuous coal impregnation with cata lysts,  coal 
feeding, gas i f ica t ion,  and catalyst  recovery from ash/char residue. On- 
l ine computer f a c i l i t i e s  are available for continuous data acquis i t ion and 
reduction. The maximum operating pressure is I00 psig. As previously 
mentioned, th is  l im i ta t ion  arises because the FBG was o r i g i na l l y  bu i l t  fo r  
~he.m~l gas i f icat ion.  

A sketch of the gasi f icat ion section of the FBG pr ior  to recommis- 
sioning is presented in Figure I . I - I .  Coal is fed to the gas i f ie r  by means 
of !ockhoppers. These lockhoppers are capable of being pressurized to 150 
psia and are f i t t e d  with temperature contro l lers and e lec t r ica l  resistance 
heaters. The feed coal is conveyed from the feeder out le t  to the gas i f ie r  
with the steam/synthesis gas mixture to be used for  gas i f ica t ion.  The gas 
is preheated using e lec t r ica l  resistance heaters before i t  contacts the 
feed coal. The composition of the simulated syngas recycle stream can be 
adjusted by means of a gas blender. The coal-steam-syngas mixture is in t ro-  
duced into the bottom of the gas i f ie r  which is constructed of Type 310 sta in-  
less steel.  The gas i f ie r  is equipped with pressure taps, process thermo- 
couples, and e×ter ior wall temperature thermocouples. Wall temperature pro- 
f i l es  are maintained by a series of temperature contro l lers connected to 
e lec t r ica l  resistance heaters along the length of the reactor. 

In the Exxon-sponsored program, operations of the FBG were carr ied 
out using only the primary gas i f ie r  or both the primary and secondary gasi- 
f i e r  stages. The purpose of the secondary gas i f ie r  is to increase carbon 
u t i l i z a t i o n ,  thereby allowing higher overall process thermal e f f ic iency.  
The secondary gas i f ie r  feed is a mixture of char withdrawn from the primary 
gas i f ie r  and char carried overhead from the primary and col lected in the 
rough-cut cyclone. Synthesis gas and steam are fed to th is bed usually at 
a substant ia l ly  lower superf ic ia l  veloci ty  than in the primary. The raw 
product gas from the gas i f ie r (s )  passes through two cyclones and a f i l t e r  to 
remove residual sol ids, i t  is then cooled to condense the unreacted steam 
and the volumetric flow rate is measured with a dry test  meter. The dry gas 
composition is measured using an on-l ine gas chromatograph. 

One major change made to the FBG configurat ion to improve the data 
qual i ty  was to reactivate a second gas f i l t e r i n g  and scrubbing system in use 
during the previous thermal gas i f icat ion operating periods. The primary and 
secondary gas systems were then repiped so that when both gasi f iers are 
operating, the gas rate and composition for each can be independently measured. 
Thus, the gas i f icat io~ rate in each vessel can be determined more precisely.  
A flow plan for the revised configurat ion is shown in Figure 1.1-2. 
Additional changes made to improve data qual i ty  included: ( I )  instrumentation 

-5- 



.Task I l l  - Engin_eering ,Research and Development 

e Continue screening studies 

e Prepare an updated con~nercial plant study design 
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water washing. The recovered catalyst, along with some makeup catalyst,  is 
added to fresh coal to complete the catalyst recovery loop. 

SunTnar), of Previous Research .Results 

Previous Exxon-sponsored research on catalytic gasification was 
performed in bench-scale units which have the capability of operating at 
pressures up to lO00 psig as well as in a small pilot-scale Fluid Bed Gasiffer 
(FBC-) unit with a coal feed capacity of up to 25 Ibs/hr and a maximum operating 
pressure of lO0 psig. This pressure limitation arises because the FaG was 
originally bui l t  for thermal gasification work. During 1975, the FaG Pilot 
Plant was operated with K2C03 catalyzed I l l ino is  coal for continuous periods of 
up to two weeks. Good quality data were obtained for yield periods covering a 
wide range of operating conditions. For many yield periods, the FBG operated 
with synthesis gas makeup (simulated recycle) such that inlet and outlet 
synthesis gas rates were in approximate balance. 

Close approaches to gas phase methanation equilibrium were demonstrated 
wit.% K2CO 3 catalyst in both bench-scale units and the FaG p i l o t  plant. Bench- 
scale rate data were obtained for I l l i no i s  coal with both K2CO~ and Na2CO3/K2C03 
catalysts. These data were combined with analytical descriptions of f lu id  bed 
contacting to develop a f i rst-pass f lu id  bed catalyt ic  gasif ier model. 

In the area of catalyst recovery, the effectiveness of water wash for 
recovering about t~:o,thirds of the catalyst was demonstrated, the forms of 
recovered catalyst were ident i f ied,  and work was in i t ia ted  on the recovery of 
water-insoluble catalyst. Also during this phase, engineering screening studies 
were carried out for com~nercial plants to establish preferred configurations 
for process flow and equipment sequencing and to determine investments and 
operating costs. 

Predevelopment Program Objectives 

The Predevelopment Program work is divided into three major tasks. 
The key research objectives for each task are l is ted below. 

Task I -FBG Operations with I l l i no i s  Coal 

• Operate with mixed K2CO3/Na2C03 catalyst 

o Operate with recycled catalyst 

Task I i  - Bench-Scale Studies 

® Broaden data base to other coals 

e Test react iv i ty  of recovered catalyst 

® Study cr i t ical  factors in catalyst recovery 

c Operate the small fiuidized bed Continuous Gasification Unit (CGU) 
and fixed-bed units to obtain additional kinetic data 

-3- 



Fiuure 1.1-2 

REVISED FLUID BED GASIFIER (FBG) FLOW PI_AN 
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of the feed lockhopper to allow continuous, on-l ine weighing of feed coal, 
(2) cent ra l iza t ion of the unit  pressure transmit ter system for ease of 
ca l ib ra t ion and maintenance, (3) i ns ta l l a t i on  of a second dry test meter 
and secondary product gas streams, and (4) addit ion of a second on-l ine gas 
chromatograph. 

Changes made to improve unit  operab i l i t y  included ( I )  reconstruction 
of the steam generating system to provide smoother and more re l iab le  
operation, (2) s imp l i f i ca t ion  of the piping around the backend gas scrubbing 
systems, and (3) cent ra l izat ion of the control systems for a l l  tape heaters. 
Changes made to improve uni t  safety included ( I )  adding an automatic shut- 
down system to the synthesis gas blend system to protect against excess CO 
or H~ gas flow and (2) expanding the CO alarm and combustible gas detector 
capacity. 

Unit construction was completed early in the month of October, 
and the e f fo r t  thereafter was concentrated on pressure test ing,  instrument 
and computer t i e - i n ,  and instrument checkout. Following these a c t i v i t i e s ,  
the unit  heater systems and steam generation systems were started up. At 
the same time, operations of the coal impregnation system began, and a sub- 
s tant ia l  inventory of catalyzed coal was produced. 

In late November, jus t  pr ior  to the introduction of coal into the 
primary gas i f ie r ,  a f ina l  pressure test of the system revealed a previously 
undetected leak in one of the two downstream fines f i l t e r  vessels. Examina- 
t ion of the 304 SS vessels showed that cracking was present in the v i c i n i t y  
of the vessel welds. Metal lurgical analysis of the vessels indicated that 
the cause of the leaks was chloride stress cracking. The FBG f i l t e r  vessels 
were s t ruc tu ra l l y  sound at the time of the unit  shutdown in December, 1975. 
Between that time and the s tar t  of recon~nissioning, the uni t  was kept under 
a nitrogen blanket. Since a l iqu id  phase is necessary for chloride stress 
cracking to occur, condensation must have occurred during the recommissioning 
when the vessels were open to the atmosphere. Apparently there was su f f i c ien t  
residual chloride from previous operations with I l l i n o i s  coal to cause th is 
problem. 

The damaged vessels were replaced with 304 SS F i l t e r  vessels from 
the secondary gas handling system which was not scheduled to be operated 
during the i n i t i a l  period. New vessels made of carbon steel ,  which is not 
subject to chloride stress cracking, were subsequently constructed for  the 
secondary system. 

Updating of On-Line Data A ~ u i s i t i o n  Sxstem 

Concurrent with th~ recommissioning of the Fluid Bed Gasi f ier  (FBG) 
the real-t ime data acquis!..iun system shown schematically in Figure 1.1-3 was 
~Iso updated. Data acquis i t ion is accomplished by a minicomputer interfaced 
with an analog/dig i ta l  convcrter that continuously monitors process variables 
at frequencies ranging f)~om once every 20 seconds to once every 20 minutes. 
Changes in the configurat ion of the uni t  described above have required the 
addit ion of several new process variables which brings the total  number that 
are continuously monitored to more than 300. Ins ta l la t ion  of the process 
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Fiuure 1.1-3 
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instrumentation hardware that measures these variables was completed during 
October, 1976. 

During uni t  operations, the current values of a l l  process variables 
are ins tan t l y  avai lable to the operators in the form of a d i g i t a l  readout 
accessed by a keyboard in the control room. The computer was also pro- 
granTned to provide process data in many convenient forms that aid both uni t  
operations and subsequent o f f - l i n e  data workup. F i r s t ,  on a real - t ime basi~ 
video displays (cathode-ray tubes) are used to automat ical ly  keep the 
operator informed of the status of process var iables, i . e . ,  i f  a value exceeds 
a preset upper or lower l i m i t ,  an alarm w i l l  sound. Another CRT is used to 
provide a process p ro f i l e  which is a schematic representation of the FB5 
showing current values of the process var iables,  such as the temperatures 
in the f l u id i zed  bed gas i f i e r ,  most c r i t i c a l  to the operation of the un i t .  
These video display programs for the recommissioned FBG were wr i t ten ,  tested 
and implemented as part of the system. 

The computer was also programmed to compute and store hourly 
averages of a l l  process variable values for up to 72 hours, any continuous 
time interval  of which can be retr ieved on demand. Current values, hourly 
averages, or an overall average for a specif ied interval  can be requested. 
Printers provide a hard copy of these data which is used for fur ther  o f f -  
l ine analysis. Add i t iona l l y ,  a l l  hourly average values are stored on 
magnetic tape providing a permanent record of the uni t  operation. The 
computer is programmed to p r in t  out the stored data described above in 
several d i f f e ren t  forms. F i r s t ,  a "data log" provides a l i s t i n g  of the values 
for  a l l  process variables. Second, a more complete process p ro f i l e  s imi lar  
to the CRT display is also accessible, and i t  can provide in graphic form 
the average uni t  operating condit ions for  a speci f ied time in te rva l .  Third, 
an " instant  replay" of selected c r i t i c a l  variables allows the operator to 
monitor the last  twenty minutes of un i t  operations. This is useful in 
locat ing operational d i f f i c u l t i e s  during uni t  s tar t -up.  These on- l ine 
programs were a l l  updated for  the reco~issioned FBG. 

Central to the eff icient operation of the FDG is the on-line pro- 
gram which automatically calculates material balances from the process 
variable data. This program provides a real-time evaluation of data quality 
and can aid in locating operational problems. The material balance program 
provides an instantaneous feedback loop for calculating variable settings 
required to achieve desired operating conditions. I t  also provides a pre- 
liminary evaluation of unit data during yield period operations. This pro- 
gram was written for the reconTnissioned FBG and implemented as part of FBG 
shakedown and baseline operations discussed below. 

1.2 FBG OPERATIONS 

The operations were divided into three general periods: 

Startup and Baseline Operations: December and January were devoted 
to startup of mechanical equipment, debugging of instrumentation 
and on-line computer interfacing and programming, establishing 
smooth, reliable operation, and obtaining lined out data for the 
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pre-selected base-case operating conditions. 

Process Variable Study: A program was carried out during February, 
March and Apri l  to investigate the effects of operating variables 
such as coal, steam and synthesis gas feed rates; temperature; 
K2COs catalyst  loading; and mixed K2COJNa2C03 catalyst .  

Catalyst Recycle Operations: During l,~y and June the K2CO 3 
catalyst  was recovered from the ash withdrawn from the FBG in the 
Catalyst Recovery Unit (CRU), reapplied to fresh coal along wi th-  
makeup catalyst  in the Catalyst Addition Unit (CAU), and recycled 
to the FBG. The purpose was to determine whether any unusual bui ld-  
up of foreign material occurred in the recovered catalyst  and to 
demonstrate continued high ac t i v i t y  of the recovered catalyst  i n  
the FBG. 

A month-by-month summary of the operations and comments is shown 
in Table 1.2-I .  

1.2.1 Startup and Baseline Operations 

During December, FBG operations were begun under baseline conditions. 
I n i t i a l  operations were exceptionally smooth, even though major modifications 
were made to the uni t .  The i n i t i a l  run lasted for  six days during which 
coal was fed 70 percent of the time. The run was terminated to open the 
bottom of the gas i f ie r  when some symptoms of bridging were observed in the 
bottom section. No bridge was found. The gas i f ie r  was clean except for  
traces of gray ash-l ike material adhering loosiey to the wall near the 
bottom. 

In subsequent runs, i t  was determined that the bridging symptoms 
correlated with the buildup of high ash, high density solids at the bottom 
of the f lu id ized bed. A bulk speci f ic gravi ty of 0.75 was measured for the 
bottom drawoff material compared with a typical  average gravi ty  of 0.45 to 
0.55 for the bed, This behavior was corrected by increasing the frequency of 
char dravloff from the bottom of the gas i f ie r .  

During December continuous periods of coal feeding were l imi ted 
to a m~×imum of about two days as a resul t  of a number of minor problems. 
These consisted mostly of leaks in high temperature f i t t i ngs  and valves and 
plugging in the synthesis gas preheater due to carbon deposition. I t  now 
appears that the carbon was forming from CO via the Boudard reaction 
(2C0 ~ C + COz) which apparently was being catalyzed by the metal walls of 
the heater. I n i t i a l l y ,  the preheater coi l  out le t  temperature was set at 
IO00°F. Since carbon deposition had not been experienced during previous 
FaG operations with a syngas preheat temperature of 700°F, the out le t  
temperature was reduced to th is  level .  No fur ther  plugging occurred. Sub- 
sequently, an HzS addit ion system was insta l led in the synthesis gas l ine  
upstream of the preheater. H2S is added to the syngas in ppm levels to 
poison the catalysis of the Boudard reaction. The preheater temperature has 
since been operated continuously at IO00°F with no fur ther  plugging. 
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T A B L E  1.2-1 

F B G  OPERATING SUMMARY 

% of Time Longest Continuous Material 
Month Onstream* Run--Hours Balances,__ _ % 

December 16 140 80-85 

January 31 184 90 

COMMENTS 

• Start-up and dehuggin~ mechanical problems 

• Gasifier opened after six days--no bridging found 

- Traces of loose gray ash material found adhering 
to walls 

• H igh density ash found in bottom in subsequent 
operations 

- Increased bottom solids withdrawal frequency 

• Carbon plugging in syngas heater 

- Added 50 ppm H2S to prevent carbon deposition: 

2 CO ~ C + CO 2 

- Now operate up to lO00°F 

• Improved operations 

• Product has l ine burned out 

- Ground faul t  interrupts (GFI's) installed on 
al l  heater c i rcu i ts  

- Flammable gas detection system installed 

• High char carry-over rate at times due to feeder 
blowby 

- Reduced carbon conversions to 56 to R6% 

* A l l  systems ope ra t i ng - -exc ludes  s t a r t - u p  and shutdown 



IABLE ].2-I 

FBG OPERATING SIIMIIARV ~Cont'd.) 

% of Time Longest Continuous Material 
Month Onstream* Run--Hours Balances, 

February 60 244 95 

March 70 284 95-100 

Apri I 70 336 98-I Ol 

* All systems operating--excludes start-up and shutdown 

COMMENTS 

Generally good operation all month 

Ten-day sustained operation 
- Terminated by backend upset resulting in partial 

loss of bed 

a Five-day sustained operation 

- Terminated by burned-out steam superheater 

- Redesigned part of steam system 

m Feeder blowby caused by broken auger on lockhopper 
agitator 
- Caused periods of excessive fines loss 

Material balances ~ 95% 

Excellent operation al l  month 

Twelve-day sustained run 

- Terminated by backend upset 

m Broken U-joint  on lockhopper agitator 

- Caused feeding problems and blowby:for few days 

High steam and carbon conversions 

m Material balances 95-100% 

Catalyst Recovery Unit (CRU) operations started 

20% K2C03 catalyst loading with varying coal and. 
steam feed rates 



TABLE 1.2-I 

FBG OPERATING SUMMARY (_Cont'd.)_ 

% of Time 
Month Onstream 

May 64 

Longest Continuous 
Run--Hours 

407 

587 June 96 
(668 hours of 
material balance 

operation) 

Material 
Balances, % 

97-102 

99-101 

COMMENTS 

Catalyst recycle operations started 

75% water-soluble catalyst recovery on CRU 

Excellent operations al l  month 

- Maintained at steady state for recycle 
cata lyst  study 

CRU recovery 90% of water-soluble potassium 

! 

! 



Three m~terial balance periods were obtained with overal l  material 
balance closures in the range of 90%. The base l ine operating conditions in-  
clude a gas i f ie r  bed temperature of 1300°F, a uni t  pressure of I00 psig, a 
coal feed rate of I0 pounds per hour: a steam feed rate of 12.5 pounds per 
hour, and a cata lyst  loading of I0 wt.% potassium carbonate. Steam con- 
versions caiculated by oxygen balance varied between 38 and 41 percent. 

During January, FBG operations continued under baseline condit ions. 
Data were obtained for  four material balance periods. Overall material 
balance and the oxygen balance closures were generally around 90 percent, 
while the hydrogen elemental balance was in the range of 90 percent. Steam 
conversions calculated by oxygen balance and water balance on the uni t  
generally averaged around 40 percent. The uni t  carbon conversion, expressed 
as the percent of feed carbon gasi f ied:  varied from 56 to 86 percent. Good 
agreement was obtained for  conversions calculated by both gas analysis and by 
sol ids analysis of coal and char entering and leaving the un i t .  The lower 
carbon conversions resulted from lower steam rates coupled with higher 
synthesis gas feed rates, a combination which reduces the k inet ic  dr iv ing 
force for  the gas i f icat ion react ion. 

Another factor  contr ibut ing to the lower conversions of feed carbon 
was a high char carryover rate. The entrainment of carbon from the unit  
d i r ec t l y  reduces the carbon conversion. The high carryover resulted from 
momentary upsets of the coal feed system during which pulses of nitrogen blew 
pest the rotary feeder and produced very high ve loc i t ies  in the bed (3-4 f t /  
sec, vs a normal ve loc i ty  of 0.6-1.0 f t fsecJ.  

The major operating problem was the fa i l u re  of a beaded wire 
e lec t r ica l  heater located on the product gas l ine overhead from the reactor. 
The heater wire fa i led and shorted to the pipe in several places burning 
small holes in the pipe at which time the reactor contents were depressured 
through the overhead l ine .  The fa i l u re  occurred so quickly that  the c i r c u i t  
breakers did not shut o f f  the povser. To prevent a recurrence of th is  pro- 
blem in the event of a future heater f a i l u re ,  ground f au l t  interrupters (GFi'S) 
v~ere placed on a l l  the FaG e lec t r ica l  heater c i r cu i t s .  The GFI'S w i l l  in ter rupt  
the flo;~ of power wi th in 25 mil l iseconds a f te r  a 5 mil l iamp power imbalance 
appears in the c i r c u i t .  I n i t i a l l y  there was concern that the GFI'S would be 
too sensi t ive for  the appl icat ion involved, and would cause power interrupt ions 
as a resu l t  of minor stray currents. This has not proved td be the case: - 

Overal l ,  during January the uni t  service factor  was 31% with the 
longest continuous run last ing 184 hours. Material balances were generally 
around ~0,:. 

1.2.2 Process Variables Study 

During February the process variables study was i n i t i a t ed .  Unit 
o~ra t ions  continued to improve both in terms of service factor  and data qua l i ty  
Approximately 450 hours of operations were logged (60% service factor)  with 
a l l  systems funct ioning. The longest continuous run extended f o r  224 hours. 
The run was terminated by an upset in the product gas handling system which 
resulted in par t ia l  carryover of the f lu id ized bed° Early in the month some 
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~:rob'.."~ms with ni trogen feeder blowby f i r s t  observed during January we~-'e 
"," c,~d to a ~,roken lock hopper ag i ta to r  The ag i ta to r  design was modifi ~4 ~ ~ _ , ~  _ ° - ~  , , .  

~,: s!tempt tc solve t i ; is  problem. Nodi f icat ions were also made to the 
steam system a f te r  control  problems were encountered which caused over- 
he.-'.t~ng of the superheater. Further work was also done on the lockhopper 
onlir~e weighing system and on the gas i f i e r  valves which improved material 
b-',la~ce closure_ to the range of approximately 95~:. Five material balar:~£ 
runs were made. 

UFlit carbon conversions expressed as the percent of feee C~r~O~i 
o~.-.i~icd varied from about t h i r t y  to f i f t y  perce~.t for the ~,~ater,al b~!a~: ~_ 
~,s.-i.q~ ~,~i,-~v good agreement was obtai ~ • . ~ _ ,,c~ for conversions ca~,culate5 u, 
,,~t; {~:s a.q.."..,sis and by sol ids analysis of coal and char entering and 
~ea,~"in~ the uni t .  The lower conversions obtained in these material balar, ce 
pe:'iod L as compared ~'ith those obtained in January were the resu l t  cf tr:e 
k, ioi-,e:- througk~put of coal coupled with a higher sol ids carryover ra~e. 
]h is  rerryover appears to be a resu l t  of both s i g n i f i c a n t l y  higher gas i f i e r  
suT.:~-ficia] ve loc i t ies  (increased steam and syngas flow) and a cont inuat ior  
of pe'_~t rotary feeder nitrogen blowby problems. Steps were taken to 
mir,;r:,ize th is  problem including reducing the feeder pressure d i f f e r e n t i a l  
#qd ~=d:~ci~o the bed height to increase bed outage. Variable stuuy 
ope,-~,ticns ;.,'ere completed with a cata lys t  loading of lO wt.L: K2CO=. 

L, uring March the FBG was operated with both K2CO B and mixed 
t~a2CO~/K~CO z cata lys ts .  Unit operations were again improved both in te~':IS 
of service factor  and data qua l i t y .  The service factor  was increased to 
70:Z ar, M T~  !oq~asi continuous run extended to 284 hours. Again, th is  run 
was ter,-~inaLed by an upset in the gas handling system which causeg the 
emergency depressuring of the un i t ,  resu l t ing  in the loss of a s i gn i f i can t  
port ion of the bed. As in February feeding problems and nitrogen blowby were 
encountered. These were traced to a broken U- jo in t  in the lockhopper 
ao i ta tor .  Ml te r ia l  balances were improved to the range of 95-100-:. On-line 
data for seven material balance periods were obtained. 

During the month of A p r i l ,  FBG operations continued with potassiu~ 
carbonate ca ta l } s t .  Data were obtained for ca ta lys t  concentrations approack- 
ing 20 wt.% o~ feed coal at varying steam and coal feed rates to determine 
the s e n s i t i v i t y  to these higher ca ta lys t  loadings. The gas i f i e r  temperature 
was maintained at 1300°F and the pressure at I00 psig. As in March the ove~- 
a l l  un i t  service factor  was about 70 percent. The longest continuous run 
extended for  335 hours. Overall material  balance closures were general ly 
between 98 and I01 percent. 

Seven material baiance periods of 24 hours duration were run. 
.,~,:~ conversion averaged 43 to 47%. The ef fect  on steam conversions of 
vari~tion_~ in cata lys t  loading wi th in  the range of 15.-20 wt.% appaa~ed to be 
r e l a t i v e l y  sm~ll. 

i.___2.___:3_Catalyst Recycle Operations 

Durin~ May, the cata lys t  recycle operations were i n i t i a t e d .  The 
object ive of th is  phase of work, involv ing the Fluid Bed Gasi f ier  (FBG), 
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the Catalyst Recovery Unit (CRU), and the Catalyst Addit ion Unit (CAU) was 
t~ recover ~n~ recycle the water soluble cata lys t  remaining on the ash/char 
residue from gas i f i ca t ion .  

The major e f f o r t  was to coordinate the steps in the recycle opera- 
ti~ns s ince the  CRU and CAU were not designed to run continuously in an 
integrated manner wi th the FBG. During an approximately 8 hour period eac~ 
d~y the CRU, a si×-stage countercurrent water leaching uni t  using hydro- 
clones for l i qu id -so l ids  separation, handled the char withdrawn from the 
FBG during the previous day. The resul t ing cata lys t  solut ion was col lected 
and analyzed for  potassium. Suf f ic ien t  makeup cata lys t  was added to the 
CAU to produce an amount of coal equivalent to one day of feed for  the FBG. 

CRU operations were hampered by mechanical problems including 
e~cessive ~#earand leaking of the interstage pumps, and plugging of the 
interstage f low control valves. The valve problem was solved by replacing 
ex is t ing solenoid valves with air-operated ball valves. 

Af ter  overcoming i n i t i a l  mechanical problems, recycle of cata lyst  
tc tV, e C#,U began. However i n i t i a l  cata lys t  balances around the CRU in- . ' # . b . .  ' d~c~7, e~ ~ ,~  the recovered cata lyst  was only in the range of 75% of the 
,~,~tar soluble cata lyst  on the feed char. This was below the recovery of 90% 
t ; ~ ;  s l-~r_~:Id be obtained in the CRU, with no rate or equi l ibr ium l im i ta t ions  
t :  :~ta],,~t.,. recovery other than physical holdup of the cata lys t  solut ion by 
~ ci-~r. Since such l im i ta t ions  were not observed in CRU operations pr ior  
~--,__ ti-,. = .:~:~,., ~ of the current program, addit ional study of cata lyst  recovery 
~..-_~ p,:n,,=u in the CRU and in a bench scale program scheduled to begin in 
~une. 

During May, the gas i f ie r  operating temperature was maintained at 
1300~F and the ~ -  _~=am rate held constant at 15 Ibs/hr .  The gas i f ie r  operated 
s~:oot'niy with an overall  uni t  service factor  of ~a°'.;o and a long continuous 
ran ef 407 hours. The s l i gh t  reduction in service factor compared with 
#pr i l  was caused by mechanical problems with the lockhopper agi ta tor  and 
the , . . . . .  ~ ro .~ , j  Teeter. These were probably related to a batch of feed coal 
containing a high moisture level .  Overall material balance closures were 
bet,.;ee~ 97 and 102 percent for s ix  material balance periods of 24 hours 
duration. Carbon and steam conversions continued to be maintained at a 
high level.  Hov:ever, i t  was s t i l l  too early to t e l l  whether cata lyst  re- 
cycle would resul t  in the buildup of any inact ive species with a resul tant  
loss in ac t i v i t y .  

During June: FBG operations continued u t i l i z i n g  coal feed impreg- 
nated ~,i~i~ recycled cata lyst  solut ion.  The un i t  s=rv ce factor was 9o,~. 
A?pro×in~teiy 588 hours of material balanced operations were logged during 
C~ month with closures averaging better than 99 percent: The longest 
c~ntlnuous run lasted 587 hours. 

Eight material balance periods were run: Operating condition, s fo;" 
~,,: e,~tir:  m_n~h were heid wi th in narrow l im i t s  The coal feed rate was 
ger, er~.lly maintained between I0 and I I  Ib /h r ,  and ]he steam feed rate 
~..,.__,'--;- ~o~ 15°5 and 16.5 !b/hr .  The reactor temperature and pressure were 
1310 + !O°F and 99 + 1 psig respect ively.  The ¢~talyst  concentration on the 
"~__.., coal '~las generally between 14 and 17 wt. oercent. Material balance 
closures '.~y~re usual ly between 99 and I01 percent. 
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The carbon and steam conversions remained high during June 
operations u t i l i z i n g  recycled cata lyst .  The carbon conversion was consist-  
ent ly  greater ,han 80 percent, and the steam conversion varied between 50 
and 55 percent. The approach to methanation equ i l ib r ium in the product 
gas averaged 70-90~F which was not as close as in pr io r  non-catalyst recycle 
operations. However, i t  is believed that th is was due to the combination of 
an unusually low level of carbon in the bed (about 20 wt.%) and a gas i f i e r  
bed level which was maintained too low because of a fau l t y  pressure tap 
reading. Prel iminary indicat ions were that recycled cata lyst  has the same 
a c t i v i t y  as fresh cata lys t .  

1.3 RESULTS OF MIXED CATALYST OP_ERATIO!JS 

Two essent ia l ly  dupl icate runs were made with a nnminal mixed 
cata lyst  loading of 7.5 wt.% K2C03/7.5 wt.% Na2C03. These data showed 
substant ia l ly  lower carbon and steam conversions and a greater departure from 
methanation equi l ibr ium than K2C03 runs although the temperature, coal, stear 
and synthesis gas rates were essent ia l ly  the same. This confirmed the low 
reac t i v i t y  for Na2CO 3 and mixed Na2CO3/K2C03 catalysts observed in the f ixed 
bed uni t  gas i f i ca t ion  tests.  

Analyses of the char streams from the mixed cata lyst  runs confirmed 
the previous bench resul ts that potassium is se lec t ive ly  t ied up by the 
coal minerals. The data were obtained by analyzing for water soluble and 
tota l  potassium and sodium on the char. The di f ference represents the water 
insoluble f rac t ion  which previously has been shown to be comprised pr imar i l y  
of the inact ive a luminosi l icates.  Summarized below are data on the levels of 
water insoluble potassium and sodium on gas i f i e r  bed char and bottom char 
withdrawn during the mixed cata lyst  runs. The resul ts are shown on a dai ly  
basis and while there is some scat ter ,  the data show that about 50 percent 
of the potassium and less than I0 percent of the sodium are t ied up with the 
coal mineral matter. 

Day 

Water Insoluble K, 
% of Total K 

Bed Char Bottom Withdrawal 

1 37 47 
2 47 40 
3 53 75 
4 39 37 
5 62 58 
6 29 37 
7 48 58 
8 55 43 

Avg. 46 47 

Water Insoluble Na, 
% of Total Na 

Bed Char Bottom Withdrawal 

5 0 
I I  I I  

9 9 
6 0 

12 16 
2 I I  
2 13 

I I  12 

7 g 
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Based on the results from fixed-bed studies and FBG operations with mixed 
catalyst, the FBG catalyst recycle operations" were done with K~C03 catalyst, 
and emphasis in other program areas was shifted to secondary recovery of 
w~ter-insolubie potassium. 

1.4 FLUID BED GASIFIER DATA 

A total of 40 material balance periods were obtained for FBG 
operations at a variety of process conditions. For reporting purposes 
these have been l imited to 24 hours duration although steady, continuous 
material balanced operations have extended to 587 hours. Table 1.4-I 
s u ~ r i z e s  material balance data computed during these periods with the aid 
of an automatic on-line material balance program that is coupled to the FBG 
real time data acquisition system. 

Fifteen of these material balance periods which are o{ the great- 
est interest have been selected as yield periods. For these, a fu l l  spectrum 
of analyses are being performed on representative samples of feed coal, 
bottom char, and cyclone and f i l t e r  fines collected durinq theper iod. Six 
of these o f f - l i ne  data workups have been completed and selected data from 
these are presented in Appendix A. An example of a complete data workup for 
one yield period is presented in Appendix B. These data include c r i t i ca l  
process temperatures, carbon andsteam conversions: relat ive gasif ication 
rates, m~thane yields, solids composition, catalyst d is t r ibut ion,  f lu id  bed 
properties, cyclone performance, and part ic le size dist r ibut ion.  When solids 
analyses are complete these data wi l l  be combined with the previously col- 
lected on-line gas flow rate and composition data in the o f f - l ine  material 
balance computer program. This program uses s ta t is t ica l  methods to close 
al l  material balances while minimizing the total variance from measured 
values. The results from these yield periods wi l l  then be available for 
kinetic model development. 

1.4.1 In i t i a l  Operations 

Material balance periods I-3 represent ini t ial  operating data that 
were obtained under target baseline conditions. These conditions include 
a gasifier temperature of 1300°F, a unit pressure of I00 psig, a coal feed 
rate of iO pounds per hour, asPca a m feed rate of 12.5 pounds per hour, and 
a catalyst loading of lO wt.% potassium carbonate on feed coal. The over- 
all material balances closed within + 5 percent, but the oxygen and hydrogen 
elemental balances did not agree as ~ell. I t  was subsequently found that 
synthesis gas was leaking into the vent system through a faulty valve 
causing material balance error. Steam conversions calculated .by oxygen balance 
vary between 38 and 41 percent. Although higher steam conversions are 
calculated from measurements of the collected condensate from the product 
gas: th~se numbers are more likely to be in error because of the possibility 
of water loss through pumps and through entrainment from the gas scrubbing 
system~ 

Init ial  baseline operating conditions were also maintained during 
material balance periods 4-12. These periods were marked by a steady 
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Table I .~-I 

SUMMARY OF FBG MATERIAL BALANCE DATA FOR DECE~ERI976 T HHROUGII JUNE ]g] ]  

I 

o 
I 

/~ ter ta l  Balance Period 1 
(Duration, Hours) 14 

Reaction Conditions 
Temperature, °F 1330 
Pressure, psl 100 

Input ,  Ibs /h r  (ExN~) 
Coal • Cata lys t  ~ 10.0 
Steam 11.1 
Syngas 9.1 

Total 

Output. lbs/hr (ExN 2) 
Product gas 19.4 
Water 5.5 
Carryover 1.6 
Withdrawn 0.0 

Total 

Accumulation, I bs /h r .  2.1 

Mater ta l  Balance, % 
Overal l  94.7 
Oxygen 92 
Hydrogen 81 

Syngas, SCFH 
CO + H 2 In Unlt 698 
CO + H 2 In Product Gas 502 

Syngas BaIance, % 72 

Steam conversion, % 
By Water Balance 52 
By Oxygen Balance 40 

Product Gas, Mol % (dry, ExN 2) 
Hz 
CO 
CO 2 
CHw 
H2S 

Approach to Methanation 30 
Equillbrlum, °F 

Carbon Conversion % 73 
(by Solids Analysis) 

2 3 4 5 6 7 8 9 10 111 121 131 141 
l l  4 11 8 111 13 4 14 7 24 lg  16 16 

1330 1330 1285 1295 1300 1310 1300 1305 t305 1295 1292 1 3 1 1  1315 
99 I00 97 97 99 99 99 98 9& 98 99 99 98 

8.5 10.0 9.4 8.7 6.1 7.3 8.2 1 2 . 2  14.1 10.0 9.3 10.5 16.9 
12.4 11.6 13.0 14.0 11.7 11.5 15.6 16.6 16.2 15.9 14.1 14.8 22.6 

7.4 6.3 7.7 6.1 9.4 9.6 17.0 16.8 16.6 14.4 13.7 14.2 12.2 
[F~"3--7'2"7'~.9 ~ 28.8 27.2 ~ 40.8 45.6 ~67;~ TU~ ~ 39.5 b'lT'/ 

18.6 17.I 17.1 1 7 . 4  1 5 . 4  1 5 . 7  2 2 . 9  2 5 . 1  2 5 . 4  2 2 . 8  2 0 . 6  29 .1  33.5 
5.4 6.3 7.1 5.6 7.2 5.8 1 0 . 8  1 0 . 6  1 0 . 3  10.2 8.7 6.2 10.6 
1.6 1.1 1.7 1.1 1.8 3.8 1.9 3.6 6.7 4.2 3.2 0.1 2.6 
0.0 0.0 0.7 0.2 0.4 1.3 1.9 1.6 2.0 1.9 1.4 2.0 2.0 

~ . 5  26.6 ~ . . 3  ~ ~ ~ ~ 5  ~[-4~-. ~ ~ ~ ~ 

0.0 4.4 0.6 0.6 0.0 (1.5) O.1 1.8 0.6 (0.2) 0.4 0.3 (0.4} 

90.4 103.6 90.4 8 6 . 4  9 1 . 2  8 8 . 4  9 3 . 6  9 4 . 9  9 5 . 9  99.0 9 2 . 4  9 5 . 4  93.4 
85 95 91.6 8/.0 9 1 . 7  8 3 . 3  93 .1  9 2 . 3  9 1 . 8  9 4 . 2  89.9 97 .1  97.1 
81 90 79.1 75.0 82.9 80.2 92.5 92.8 90.8 94.4 95.4 93.8 94.0 

737 466 525 395 430 490 612 609 622 524 458 483 493 
556 438 400 350 310 360 497 512 520 471 409 509 643 

76 94 76 88 71 73 81 84 84 90 105 89 130 

57 47 47 61 40 51 32 38 38 37 37 59 54 
38 41 36 45 28 26 21 26 25 24 29 55 51 

64.3 67.3 60.9 63.2 59.7 59.5 63.0 61.8 58.1 59.5 60.3 58.0 52.0 56.6 
I0.7 lO.O 13.3 II.0 12.1 12.I II.I 14.0 12.1 13.9 13.9 15.4 ZO.O 17.0 
9.1 6.8 10.3 12.2 15.6 15.5 13.2 14.9 15.0 15.1 15.6 15.0 15.7 15.5 

15.6 15.6 15,1 13.2 12.2 12.5 12.3 9.3 12.1 11.5 10.1 11.6 11.8 10.9 
0.3 0.3 0.4 0.4 0.4 0.4 0.4 0.0 0.0 0.0 0.0 0.0 0.4 0.0 

21 

51 

27 

41 

68 

q2 

35 15 2') 30 5 40 40 15 25 

7~ 2 52 115 l~f)' I16 74 57 55 :lq 

25 

82 

l_  Yield Periodc, 
2. Carbon conversions by Pro(lu(t ~;.)<, A,alysis 



T,~,le 1.4-I (cm~tinuml) 

SU~IARY OF FI¢(~ I;~T~F!I,'.t IIALANEI DATA I(HI [)FCEM[IER 1976 THIIOUC, H JUNE Iq77 

! 
f 'O 
...4 
! 

Hnterial ~a1~nce Perlod 151 161 
(Duration, Hm~rs) lb 24 

~eactlon Conditiom~ 
Temperature, "F 1315 13~5 
Pressure, psi 9~ 99 

Input, Ibs/hr (Ex~ 21 
Coal + Catalyst 15.7 16.~ 
Steam 23.8 22.~ 
Syngas 16.6 15.~ 

Total 56.I 55.I 

Output, Ibs/hr (ExN2) 
Product gas 35.0 33.E 
~ater 12.7 12.~ 
Carryover 3.0 
~ithdrawn 2.1 

Total ~ 5"T~4 

Accumulation, Ibs/hr. 0.0 

Material Balance, 
Overall 94.1 93.5 
Oxygen 95.2 95.5 
Hydrogen 15.5 90.8 

Syngas, SCFH 
CO + tl 2 in Unit 666 741 
CO + H2 in Product Oas 727 778 

Syngas Balance, % log 105 

Steam Conversion, % 
By ~ater Balance 40 45 
By Oxygen Balance 41 39 

Product Gas, f4oI ~ (dry, ExN2) 
H~ 59,0 62.4 
CO 1!,.9 1J.7 
C02 14.1 12.6 
CII,, lO.O 11,3 
H2S 0.0 0.0 

Approach to ~lethanation 30 46 
Equilibrium, "F 

Carbon Converslen ~ ~1 B1 
(by Solids Analysis) 

171 hl I 191 20 21 221 231 24 25 26 27 
I~ 24 24 24 24 24 24 24 24 24 24 

1223 1311 1309 1307 1309 1313 1297 1298 1301 1297 1306 
98 9d 99 9d 99 99 99 99 99 99 98 

3 8.8 g.5 9.7 7.8 10.3 11.1 17.3 17.9 16.7 17.6 10.0 
22.9 13.0 14.B 1 5 . 2  1 4 . 5  1 5 . 0  15 .1  2 2 . 8  22.6 2 2 . 4  2 2 . 2  15.0 
15.9 9.6 I I .5 1 1 . 7  1 1 . 8  12 .9  1 3 . 2  14 .5  1 5 . 0  13 .8  14 .6  11.3 

3-TTT.4 3~.---6 36.6 34.---T ~ . z  39.4 54.6 ~ ~ ~ 

!. Yield Peri(vI~ 
2. Cdrbml conv,.,'clon~ hv ProducL r,,~,; Annlwl,; 

33.6 16.2 22.0 22.3 23.9 26.7 33.9 34.0 34.0 33.7 33.4 26.0 
?.9 9.4 8.a 9.3 7.7 a.1 U.O 12.7 13.4 12.8 13.2 7.2 
2.B 1.0 0.8 0.9 1.2 1.9 1.7 3.6 2.5 1.9 2.2 1.2 
21 3.5 3.2 z.1 2.1 l .a  1.B 3.3 5.4 3.s 5.4 2.6 

1" ~ 34.8 34.6 34.9 38.0 38.6 53.5 55.8 ~ ~ 

0.1 (0.6) (0.11 0.9 (0.4) 0.5 0.4 (0.2) (1.2) 0.4 (0.2) (8.1) 

93.5 93.9 9b.6 97.0 101.2 100.8 99.0 97 .6  gO.4 99 .4  99.3  100.6 
95.5 95.9 97.2 9~ .8  97 .2  100.2 9 8 . 2  97 .4  99 .2  100.6 100.6 98.2 

93.6 96.2 9b.5 99 .2  100.7 9 8 . 4  96°7 99.8 101.4 90.6 98.8 

464 512 521 511 552 569 619 632 592 602 485 
392 53d 546 532 578 567 666 699 705 681 496 

84 lob 105 104 105 100 108 111 119 113 102 

29 42 40 4d 47 48 46 42 44 42 53 
24 38 38 44 47 46 42 41 45 43 50 

65.1 6b.7 o5.6 (~().8 5 9 . 9  5 8 . 6  57 .4  50 .7  5 9 . 8  511.8 56,1 
1l),2 13,0 IJ .6 lb,4 15.3 15.4 14.9 1b.1 14.4 14.9 14.9 
12.9 13.1 13.1 12 .7  13.0 13 .1  14 .5  13 .8  1 4 . 2  14 .5  14.6 
l l  .4 7.6 7.2 10.7 11.4 12.5 12.7 11.9 11.2 11.3 13.9 
0.3 0.6 0.5 0.3 0,3 0,4 0,5 0.4 0.4 0.4 0.4 

79 115 92 65 64 53 31] 4'2 J' 40 44 20 

62 50 b4 a2 77 77 76 73 75 74 80 



Table 1.4-I (contlnued} 

SUMMARY OF FBG F~TERIAL BALANCE DATA FOR DECEMBER 1976 THROUGH JUNE 1977 

I 

! 

Mate r ia l  Balance Pe~tod 28 29 30 
(Dura t ion ,  Hours) 24 24 24 

Reactton Condi t ions 1297 1298 1302 
Temperature, °F 
Pressure, pst I00 99 99 

Inpu t ,  l b s / h r  (ExN2) 
Coal + Cata lys t  10.9 11.1 10.5 
Steam 16.1 16.0 15.7 
Syngas 13.5 14.4 13.7 

Tota 1 ~0 .-~ 41.5 $O~i- 

Output,  l b s / h r  (ExNz) 
Product gas 28.3 2~.7 29.3 
Water 8.7 7.9 7.6 
Carryover 1. I 1.2 0.9 
Withdrawn 2.5 2.5 0.8 

Tota l  ~ ~ 

Accumulat ion, l b s / h r .  0.3 (0.4)  0.6 

Materlal Balance, % 
Overall 101.0 96 .1  97.8 
Oxygen I00.7 9 7 . 2  99.3 
Hydrogen 97.2 9 5 . 0  96.4 

Syngas, SCFH 
CO + H 2 tn Unt t  501 542 545 
CO + H2 tn Product Gas 488 552 573 

S~mgas Balance, % 97 102 105 

Steam convers ion ,  % 
By Water Balance 47 52 53 
By Oxygen Balance 48 48 52 

Product Gas, Mol % (dry, ExN 2) 
H z 54.3 57.I 53.4 
CO 14.7 16.0 16.1 
CO~ 17.3 15.5 14.9 
CII. 17.7 11l. f, IIl. M 
112~ 0.9 u.u u.u 

Approach to Hethanat lon 35 72 75 
Equ t l tb r tum,  °F 

Carbon Conversion ~ 7H P,I ~'g 
(by %nlld~ A,.~lv'.I~.) 

I. Yield Periods 
2. Carbon conversions by Product Gas Analysls 

31 32 33 341 35 361 3? 381 39 401 
24 24 24 24 24 24 24 24 2& 24 

1308 1312 1312 1 3 2 4  1318 1311 1315 1318 1 3 1 1  1313 

99 99 gg 99 99 99 99 99 99 99 

10.0 11.5 12.0 11.1 l l . S  10.7 11 . I  10.6 9.3 9.1 
16.1 15.6 15.6 15.3 16.2 16.2 16.1 16.4 16.5 15.8 
12.1 16.2 15.1 15.5 13.3 14.0 13.7 13.3 11 .tl 12.5 
311.2 43.3 42.7 /11~-~ ~ 40.9 ~ ~J .--J ~ ~7~4 

26.8 31.4 31.7 31.6 30.1 30.5 29.3 29.7 25.7 26.0 
8.4 8.2 8.4 7.3 7.3 7.4 8.0 7.5 8.3 8.4 
1.1 1.5 1.1 1.2 1.0 1.1 O.g 0.9 1.1 1.0 
3.0 2.5 1.7 2.6 2.1 2.2 2.8 ?.5 Z.2 2.3 

(0.3) (0.3) 0.2 (0.I) 0.0 (0.3) 0.1 0.1 0.0 (O.l) 

59.9 57.6 5R.I 58.6 57.3 58.7 60.8 60.3 63.2 61.9 
15.0 15.9 16.1 15.8 16.5 16.2 15.2 15.9 14.3 15.4 
13.11 Id.2 14.3 13.4 15.0 14.5 14.3 14.0 13.9 14.1 
I l l ' ,  I I  ', 1II 11 11 ' ,  I I I .  I ' ) . I I  I I . I I  ' l . l !  7 . . I  I . I I  

U . I I  U.U ( I . /  (1.|I O.I.I O . t l  U.U 0 . U  0.11 g . l l  

62 61 76 73 70 02 35 08 8~ 79 

7') 31 ~16 II3 it,, :(G .q? :~? :10 110 

49 48 40 54 $6 56 53 55 50 48 
49 47 57 53 55 55 50 55 48 48 

95 98 9~ I02 I15 114 ll3 I15 I16 109 

594 639 649 644 512 545 552 554 507 527 
5A4 626 639 654 587 620 625 (,~4 585 573 

102.1 I00.0 I00.9 101.6 98.g I00.0 99.0 100.6 9~.2 100.5 
100.4 100.6 106.0 99.6 99.5 99.4 98.1 99.6 98.1 lO0.1 
09.,3 99 1 95.6 qq.'] 9H.2 qq.6 98.1 97.7 9G.1 95.4 



improvement in uni t  operations in terms of data qual i ty  and cont inu i ty  of 
~p~:'ati~no F~oduct g~  compositions measured by the on- l ine gas chrom~to- 
grapt for  t h~e  mBteriai balance periods show close approach to gas phase 
methanBtiom equi l ibr ium. The math@no equi!ibr~um temperature is obtained 
bC, calculat ing the ra t io  K : (PHzo){PcH~)/(Pco)(PH2). • Published data for 
the equi l ibr ium constant of the methanation reaction as a function of temp- 
erature were used to determine the temperature corresponding to the calcul~ted 
ra t io .  The difference between th is  methane equi l ibr ium temperature and th~ 
actual temperature is a measure of the approach to equi l ibr ium. For the f l r s t  
12 material balance periods the approach to equi l ibr ium varied between 5 and 40°F. 

For these early balance periods syngas feed rate was above that 
required to balance the gas i f ie r .  The CO + H 2 in the feed and the CO + H 2 
in the product gas were brought to wi th in 90% closure for material balance 
periods II  and 12 however, and these two have been designated as y ie ld  
periods. Of f - l ine solids analysis data for  periods I I  and 12 appear in 
Appendix A. 

Carbon conversions for  the f i r s t  12 material balance per iods  
varied widely from a iov~ of 40% to a high of about 85%. The carbon con- 
versiom w~s usually calculated by both gas analysis and by a prel iminary 
a~alysis of carbon in feed coal and char streams entering and leaving the 
unit .  Generally, the solids analysis method is more accurate, although in 
most cases the two values agreed quite wel l .  For most of the low conversion 
runs the major factor contr ibut ing to the observed conversion was the high 
char carryover rate. The entrainment of carbon from the u n i t d i r e c t l y  re- 
duces the carbon conversion. The high entrainment appeared to resul t  from 
th~ quanti ty of f ines in the feed coal, lockhopper feeding problems, and 
nitrogen blowby across the feeder due to excessive pressure d i f fe ren t ia l  
across the feeder. These problems were minimized for the l a t t e r  material 
balance periods. Also during subsequent periods leaks in flow l ines and 
the scrubber water system were corrected as evidenced by excellent material 
balance closures and close agreement of steam conversion calculated by both 
oxygen and condensate water balance. 

1.4~2 Process Variabl 9 Study with K~CO~ Catalyst 

Process Varfables that  have been studied include level and type 
of catalyst :  temperature, coal rate, steam rate: and synthesis gas rate. 
I,~terial balance periods 13-16 employed potassium carbonate catalyst  with 
a nomin~l concentration of 15 wt.% on feed coal and a gas i f ie r  temperature 
of 1300°F. The synthesis gas balance was in the range of 105-]30 percent. 
For m~terial balance period 13 the steam conversion was about 55 percent. 
The char carryover during balance period 13 was only 1 to 2 percent of the 
feed: A very low level (0.4 weight percent) of -325 mesh fines in the feed 
c~al cont~-ibuted to the low carryover. The low carryover in turn helped 
a~hieve ~ high carbon conversion of 92 percent by solids analysis. 

For periods 14-!6 steam and coal rates were increased by about 50 
p~rcent. Th~ higher gas rates appeared to be the major factor in causing a 
~h~rp i a c ~  in the fines entrained overhead, although higher f ines levels 
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in the coal fepd also contributed to the increase. The observed increase 
in entrainment indicated that the FBG cyclone dipleg may not have been 
operating properly possibly because sufficient height is not available to 
pressure balance the gasifier. The higher feed rates and carbon carryover 
in balance periods 14-16 reduced the steam conversion to about 45% and the 
carbon conversion to about 80%. A sl ight ly further deviation from metha- 
nation equilibrium was also noted for these high conversion balance periods 
Material balance periods 13-16 were al l  designated as yield periods. 
Solids data for periods 13 and 16 appear in Appendix A. In addition a com- 
plete data workup for period 13 in the form of output from the off- l i~e 
material balance computer program is presented in Appendix B. 

During balance period 17 the gasifier temperature was reduced to 
1225°F. As expected, even with relat ively low steam and coal feed rates, 
the carbon conversion dropped to about 60 percent. Since entrainment was 
reduced by the decreased gas rates and also carbon conversion, i t  was neces- 
sary to substantially increase char withdrawal rate to maintain a steady- 
state bed height in the gasifier. Operating at 1225°F also reduced the rate 
of methane formation evidenced by the 90°F approach to methanation equi l i -  
brium. At 1300°F the approach to equilibrium averaged 35°F. 

1.4.3 Process Variable Stud~ with Mixed NapCO~/K2CO~ Catalyst 

Material balance periods 18 and 19 are essentially duplicate runs 
with a nominal mixed catalyst loading of 7.5 wt.% K2C03/7.5 wt.% Na2C03 . 
These data also show substantially lower carbon and steam conversions and a 
greater departure from methanation equilibrium than material balance period 
13 although the temperature, coal, steam, and synthesis gas rates are 
essentially the same. This confirms the low reactivi ty for Na2CO 3 and mixed 
Na2CO3/K2CO 3 catalysts observed in the fixed bed unit gasification tests. 

Analyses of the char streams from the mixed catalyst runs have 
corroborated bench results showing that potassium is selectively tied up by 
the coal minerals. Data were obtained by analyzing for water soluble and 
total (acid soluble) potassium and sodium on the char. The difference re- 
presents the water insoluble fraction which previously has been shown to be 
comprised primarily of inactive alkal i  metal aluminosilicates. Item 2 in 
Appendix A for periods 18 and 19 shows that water-to-acid soluble ratios for 
gasifier bed char correspond to about 50 percent tieup of potassium with coal 
mineral matter while this value is only lO percent for sodium. 

1 . 4 . 4  Catalyst Recycle - FB.G Data 

Material balance periods 20-26 completed the phase of work concerned 
with process variable studies. For these balance periods, data were obtained 
for potassium carbonate catalyst concentrations approaching 20 wt.% on feed 
coal at both high and low feed rates. The effect of variations in catalyst 
loading on steam and carbon conversion within the 15-20 wt.% range appeared 
to be relat ively small. 
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The remainder of the material balance periods (27-40) represent 
continuing FSG operations u t i l i z i n g  coal feed impregnated with recycle 
cata lyst  solut ion. Spent bottom char and fines were washed in the Catalyst 
Recovery Unit (CRU) and the water soluble portion of the catalyst  was used 
to impregnate the fresh coal about to enter the gas i f ie r .  The necessary 
a~ount of fresh makeup catalyst was added to the feed coal to bring the 
concentration up to 15wt.%. During these recycle operations, gas i f ie r  
operating conditions were held to wi th in narrow l im i ts  of the target 
conditions of 1300°F and I00 psia. Material balance closures were between 
9S and 102 percent. Carbon and steam conversions remained high during 
catalyst  recycle operations. Carbon conversion was consistent ly greater 
than 80 percent and steam conversion varied between 50 and 55 percent. The 
approach to methanation equi l ibr ium in the product gas averaged 70-90°F 
which is not as close as in the ear l ie r  non-catalyst recycle operations. 
However, i t  is believed that a lower than normal bed level in the gas i f ie r  
due to a fau l ty  pressure tap reading is pa r t i a l l y  responsible for th is .  No 
deleterious effects in FBG operations were observed during catalyst  recycle 
operations. Recycle catalyst  did not show the buildup of any inactive 
species with a resultant loss in ac t i v i t y .  

1.5 SCRUBBER-WATER ANALYSIS 

The Fluid Bed Gasif ier (FBG) product gas which is maintained at tem- 
peratures above the dew point~ flows from the reactor to a cyclone and then to 
bag f i l t e r s  for removal of part iculates.  The unreacted steam present in the 
product gas is then condensed in the product gas scrubber. The condensate 
picks up contaminants from the product gas and becomes "sour water". 

During operation of the Fluid Bed Gasif ier (FAG) sour water from the 
product gas scrubber was in te rmi t ten t ly  col lected and analyzed for several 
contaminants including ammonia, carbon dioxide, chlorides, cyanides, phenols, 
sulf ides, and total  organic carbon. The results of those analyses which can 
be associated with designated material balance periods are shown in Table 
1.5-I .  

Though the FaG was operating we l l ,  one problem d id  de- 
velop f o r  a s h o r t  pe r i od  w i t h  the wet gas sc rubbe r .  Ea r l y  in  June, 
the wrappings on the bag f i l t e r s  were changed, and i t  was subsequently learned 
that spaces in the wrappings had allowed gas i f ier  f ines to enter the scrubber 
and mix with the sour water. The scrubber was opened and some attempt was 
~de to remove the buildup of f ines.  However, f ines present in the transfer 
l ines from the bag f i l t e r s  to the scrubber continued to enter the scrubber 
a l l  through June. Since the recycled catalyst  phase for  the FBG also started 
in June, i t  would be d i f f i c u l t  to dist inguish changes in the sour water which 
might be due to the recycle operation from those which might be due to the 
presence of fines in the scrubber. 

Carbon fines from other gasi f icat ion processes have been shown 
to act as activated carbon by adsorbing organic contaminants from waste 
~ater. I t  is possible that the f ines in the scrubber may have reduced the 
ievels of som~ comtaminants in the scrubber water. Aromatic hydrocarbons° 
~hich seem to comprise the major i ty of the organic compounds present in the 
scrubber water: are more easi ly  adsorbed than s t ra ight  chain compounds. The 
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FLUID BED 

Table 1.5- I  

GASIFIER SCRUBBER WATFR ANALYSES 

! 

! 

......................................... Concentration (ppm)* ........................................... 

Material 
Balance Alkal in i ty Carbon Free Thio- Thio- 
Period pH Ammonia as Na2CO 3 Dioxide Chlorides Cyanide cyanate Phenols Sulfides sulfate 

13 8.2 13,200 N.A. 39,500 240 2 4 9 370 44 

16 8.2 14 ,200 2 7 , 9 0 0  37,300 30 3 6 92 700 28 

18 8.4 9,900 41,500 27,000 30 I l 7 330 0 

23 8.1 13,700 12,700 42,800 179 1 0 49 536 36 

27 8.6 16,300 42,200 46,600 14 9 28 13 57 0 

28 8.4 12,600 83,600 28,800 0 1 2 1 27 0 

33 8.2 14,900 24,800 40,900 17 2 4 0.4 271 3 

35 8.4 16 ,900  4 3 , 1 0 0  47,200 <I ] 1 0.2 54 3~ 

37 8.7 16,800 37,600 17,700 96 1 3 0.6 61 31 

Total Chemical 
Organic Oxygen 
Carbon Demand 

2800 2768 

N.A. N.A. 

2100 1124 

3780 1118 

3400 5443 

580 1290 

6780 950 

40 1130 

194 1665 

* Analyses run on f i l tered samples. 



phenol levels were very low during June (material balance periods 33, 35, 
37), and the total  organic carbon levels apparently decreased. The chemical 
oxygen demand levels did not decrease, however. This resul t  is consistent 
since aromatic hydrocarbons are not oxidized by th is test .  

Soma of the tota l  organic carbon levels were surpr is ing ly  high in 
view. of the low phenol levels. Mass spectroscopy was used to analyze chlorQ- 
form extracts of several unf i l te red sour water samples. Analysis of the 
residue l e f t  a f ter  evaporation of the chloroform indicated the presence of  
var iety of  aromatic r ing compounds, the major i ty  containing two or three 
rings. This organic matter is apparently suspended rather than dissolved, 
and the major i ty can probably be removed by f i l t r a t i o n .  

Small amounts of a t a r - l i k e  substance were sometimes present in the 
sour water. When the scrubber was opened for  cleaning, an accumulation of 
this t a r - l i ke  substance was found in the bottom of the scrubber. This 
accumulation may have been the resul t  of  a slow buildup over the period of 
operation of the FBG, or the resu l t  of the recent i n f l ux  of solids due to 
the holes in the bag f i l t e r  wrappings. A sample of th is " tar"  was analyzed 
by mass spectroscopy, and i t  was found to contain organic compounds s imi la r  
to those found in the sour water samples. 

The scrubber water analyses shown for  the FBG can be considered 
or, ly as prel iminary for l l l i n o i s  coal under the operating conditions in 
e f fect  at the times the samples were col lected. Numerous factors,  such as 
temperature, pressure, bed height, and product gas residence time, can 
af fec t  the quant i t ies of sour water contaiminants produced by a par t icu lar  
coal. Further analyses of sour water from gas i f ie r  operations under d i f -  
ferent process conditions w i l l  be needed to provide a more complete data 
base for the ca ta ly t i c  gas i f icat ion process. 
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2. BENCH-SCALE STUDIES (REPORTING CATEGORY 2) 

2.1 CONTINUOUS GASIFICATION UNIT (CGU). OPERATIONS 

The Continuous Gasification Unit (CGU) is a very small fluidized 
bed unit designed for continuous coal feeding and withdrawal of ash/char 
residue. I t  was bui l t  so that kinetic data could be obtained in a fluidized 
mode at a lower cost and with less manpower than required for the FBG. 
Construction of the CGU was completed with Exxon funding prior to the start 
of the Predevelopment Program. 

Although the CGU is smaller than the FBG, i t  has the expanded 
capability of operating at high pressure, with lO00 psig being the design 
maximum. In addition, although the primary source of synthesis gas was in- 
tended to be cylinder gas, the capability does exist for synthesis gas re- 
cycle. A flow plan of the unit is shown in Figure 2 . l - l .  The solid feed 
is conveyed into the bottom of the unit using the synthesis gas/steam gasi- 
fication mixture. The gas rates are very low and the design superficial 
velocity in the gasifier is near minimum fluidization. The overhead gas is 
f i l tered for solids removal, water scrubbed to condense unreacted steam, and 
its flow and composition are measured. For the option in which synthesis gas 
recycle is employed, the gasifier product is treated to remove acid gases 
and then cryogenically separated into product methane and recycle gas 

Operation of the CGU is expedited by the use of a programmable 
controller for logic control of start-up, alarm, and emergency sequences, and 
a 50-channel digital process controller. In addition all instrumentation, 
including a continuous process gas chromatograph, is interfaced with an on- 
line computer for data logging and monitoring, flow calculations, and material 
balance and equilibrium calculations with operating condition set point feed- 
back to the operator. 

2.1.1 CGU Operatin9 Experience 

Start-up and in i t ia l  operations of the CGU were completed during the 
third quarter of 1976. Because of operating d i f f icu l t ies ,  the periods of con- 
tinuous unit operation were limited to a maximum of 26 hours. As a result, 
true steady-state conditions were not reached. Data were obtained for four 
continuous yield periods of up to six hours length. In addition, two batch- 
type yield periods with a captive fluid bed were conducted for comparison 
with previous fixed-bed experiments. 

This work completed the in i t ia l  phase of CGU operations. Operating 
di f f icul t ies which were experienced during the start-up phase are discussed 
below. An analysis of the data obtained is presented in Section 2.1.2. 

The CGU operating problems generally were related to the small size 
of the unit although normal pi lot plant mechanical problems (e.g., compressor 
failures) were also encountered. One major CGU constraint is the low feed gas 
rate which requires a small feed line diameter (0.25 inches) to provide suf f i -  
cient velocity to convey the feed char to the gasifier. The gas velocity in 
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the feed line is very close to the theoretical saltation velocity. Thus, 
momentary upsets, caused for example by fluctuations in synthesis gas supply 
pressure, occasionally resulted in a solids plug in the feed line. This 
problem was corrected by modifying the syngas supply pressure regulation 
system to assure very steady flow and by operating at higher than design 
syngas rates. However, the higher rates did result in gas residence times 
lower than those projected for commercial operations and consequently in 
lower steam conversions. To correct this, i t  is planned that for future 
operations, the gasifier diameter wil l  be increased to give a 1.8 fold 
increase in gasifier volume and a corresponding increase in gas residence 
time. This is within the capability of the present heater system. 

Occasional plugging problems also were experienced in the gas i f ie r  
pressure taps which are used to indicate the level of the f l u id i zed  char bed. 
Since synthesis gas is used for  the pressure tap bleed gas, the greater the 
volume of bleed gas the less the volume avai lable to the feed l i ne .  To 
maximize the feed l ine gas, small diameter pressure taps (0.055 inches I .D. )  
were used with low gas ve loc i t ies  in the taps. Again, upsets in the syngas 
supply pressure, or in the gas i f i e r ,  occasional ly resulted in sol ids backing 
into the taps and plugging them. For future operations, i t  is proposed to 
modify the bleed gas supply system to s impl i fy  blowing out the taps in the 
event of sol ids plugging. 

Another major problem encountered in the CGU, but one easi ly  
correctable,  was steam condensation at some locat ions. This was caused by 
inadequate e lec t r i ca l  trace heating and resulted in two types of operating 
d i f f i c u l t i e s  - formation of soft  plugs and metal f a i l u re .  The sof t  plugs 
in the uni t  formed in the char sample and char withdrawal l ines.  At 500 
psig, the steam saturat ion temperature is 471°F. Char impregnated with 
K2CO 3 cata lyst  may s t ick  at temperatures higher than the saturat ion temperature 

due to the hygroscopic character of K2CO ~. The prevention of wet spots in 
very small l ines and especia l ly  around valves and thermocouples where heat 
losses are concentrated is pa r t i cu l a r l y  d i f f i c u l t  with a uni t  as small as the 
CGU. However, addit ional heaters and insulat ion were used and the plugging 
problems were apparently solved. 

Two instances of metal failure were encountered, lhe f i r s t  was in 
the product gas f i l t e r  vessel in the weld region between a 316 SSpipe and a 
316 SS butt welded hub. Figure 2.1-2 is a sketch of the vessel showing the 
position of the affected area. While in service, tape heaters and insulation 
were wrapped around the pipe in the weld area. The hub and clamps were not 
heated. Analysis of a piece of scale from the weld area showed 5,000 ppm 
chloride. Radial cracks in i t ia t ing at the inner metal wall were found in a 
ring containing the weld area cut from the vessel. Characteristic branching 
transgranular chloride-stress cracks were seen. The ring sprung open when 
cut, indicating that a high tensile stress state existed in the crack 
region due to the residual weld stresses. Since chloride stress cracking 
could not occur without a l iquid phase, i t  is clear that steam was condensing. 
After the vessel was rebui l t ,  heaters were added to the weld and flange 
area to prevent steam condensation. The second stress-chloride cracking 
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f a i l u re  was in the char-sampling l ine in a weld area between a 316 SS male 
connector and a 316 SS ha l f  coupling. This l ine had been f u l l y  wrapped with 
tape heaters and insu la t ion  and held at 600-650°F. Steam evident ly  condensed 
at some time, probably during a shutdown as a resu l t  of inadequate purging. 

2.1.2 ~ U  Data Analysis 

Material balances for the four CGU continuous y ie ld  periods ( I~ I -  
194) are presented in Table 2 .1- I .  For a l l  four y ie ld  periods, the f l u i d  
bed temperature was in the range of 1300°F. In three cases, the pressure 
was 500 psig and in one case, 250 psig. The feedstock was l l l i n o i s  coal 
char catalyzed with 20% K2CO 3. The gas i f i ca t ion  medium was steam/H2/CO. 
Because of the operating problems discussed above, i t  was not possible to 
obtain a representat ive sample of the ash-char residue. Thus, the unconvertec 
carbon in the residue was estimated by carbon balance assuming no accumulation 
or depletion of carbon in the bed. The i n l e t  and out le t  gas compositions an~ 
the measured steam condensate col lected in the scrubber were used to check 
the overal l  hydrogen and oxygen balances. These balances closed to wi th in  
f ive  percent in over hal f  of the cases and to wi th in  ten percent in a l l  
c a s e s .  

The calculated carbon conversions for y ie ld  periods 102-104 vary 
from 60-90 percent. The calculated carbon conversion of 99 percent for  
Yield Period I01 is almost ce r ta in l y  in error  as a resu l t  of carbon deplet ion 
in the bed. The percent carbon in the residue is an important parameter 
because assuming a well mixed bed, i t  sets the carbon holdup in the bed. This 
in turn f ixes the steam residence time (steam feed rate/carbon holdup) a 
parameter used in cor re la t ing  the data. The percent carbon on residue and 
residence time for  Yield Period I01 appear to be low by an order of magnitude. 

Material balances for the two captive fluid-bed yield periods (105 
and I06) are summarized in Table 2 . l - I I .  One run was made with pure steam as 
the gasification medium. In the other run, a mixture of steam and synthesis 
gas was used. The feed was devolatilized I l l i no is  coal catalyzed with 20~ 
K2CO 3. The pressure was 500 psig and the temperature 1250°F. With the 
captive fluid-bed operation, which is analogous to the fixed-bed operation, 
the steam or steam/synthesis gas mixture flow rate is kept constant through- 
out the run. As the run proceeds, and the carbon is gasified, the c&rbon 
content of the bed decreases, and the relative residence time decreases. 
Since in runs of this type the gas compositon is changing, i t  is not possible 
to make an accurate measurement of the water content of the outlet gas by 
collecting the condensate produced. Thus, the product H20 is calculated 
from the inlet and outlet dry gas analyses using an oxygen balance. Since 
no carbon is withdrawn, the carbon gasification rate is calculated by carbon 
balance. A check of the hydrogen balance is possible for each time period 
and this is shown in the Table. The hydrogen balances close within + 5% in 
essentially al l  cases. 

The gasification rates for the three good continuous yield periods 
(I02-I04) and both captive bed yield periods (I05 and I06) are compared 
with fixed bed gasification data obtained during the previous Exxon-sponsored 
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TABLE 2 . l - I I  

MATERIAL BALANCES FOR CGU CAPTIVE BED YIELD PERIODS 

! 

I 

Temperature, °F 
Pressure, psig 
Gasification Medium 

1250fi) 
500' 
H20 

YIELD PERIOD 105 

1250 
500 

H20/H2/CO 

YIELD PERIOD 106 
Time, Hours 1 2 3 4 5 1 2 3 

Input, Moles/Hr 
H20 0.295 0 . 2 9 5  0 . 2 9 5  0 . 2 9 5  0 . 2 9 5  0.229 
H2 0 0 0 0 0 0.092 
CO 0 0 0 0 0 0.028 

0 232 
0 051 
0 055 
0 004 
0 004 
0 029 

0.037 

21.3 

Output}2~Moles/Hr 
H20 0.122 0 . 1 2 2  0 . 1 4 5  0.201 
N2 0.098 0 . 0 8 3  0 .081  0.071 
H 2 0.073 0 .081  0 . 0 8 6  0.072 
CO 0.038 0 . 0 3 3  0 . 0 2 4  0.011 
CH4 0.054 0.050 0.036 0.012 
C02 0.068 0.070 0.063 0.042 

Carbon Gasif ied, Mole/Hr (3) 0.160 0.153 0.123 0.065 

Steam Conversion, %(2) 58.6 58.6 51.0 32.0 

Hydrogen Balance, % (4) 96 97 98 q~ 99 

Relative Steam Residence Time 1.43 0.91 0.49 0.27 0.15 

4 

Note 

(s) 

0.229 0.229 0.229 
0.092 0.092 0.092 
0.028 0.028 0.028 

0.115 0.156 

O. 092 O. 086 
0.032 0.015 
0.051 0.035 
0.055 0.043 

0.110 0.065 

49.7 31.8 

93 95 

0.52 0.24 

0.191 

O. 074 
0.007 
0.020 
0.030 

0.029 

16.7 

94 

0 . I I  

(1) Bleed N reduced e f fec t i ve  pressure to 420 psig 
(2) H20 by 0 balance 
(3) By carbon balance 
(4) Based upon feed char with .02 H/C weight ra t io  
(5) Gas chromatograph problems were encountered during this f i r s t  hour of operation 



research phase in Figure 2.1-3. The fixed-bed data were obtained in 
~ I t i p l e  runs at 1200-1300°F and 100-500 psig with catalyzed devolat i l ized 
coal containing 20% K2CO 3. The fixed-bed corre lat ion l ines are shown for 
1250°F and 1300°F. The ~ l e s  of carbon gasif ied per mole of steam fed is 
plotted on the ordinate. Since the m~les of carbon gasif ied are related to 
th~ moles of steam consumed~ the ordinate can also be thought of as the 
fract ion of steam converted by reaction with carbon. When operating in 
synthesis gas balance, this quanti ty becomes identical to the overall stea~ 
conversion. On the abcissa, the re la t ive steam residence time is plotted. 
At Io~ residence times, the extent of gas i f icat ion is a strong function of 
residence time. At higher residence times, there is a level ing out as 
carbon-steam equi l ibr ium is reached. 

In general the CGU data f a l l  very close to the fixed-bed correlat ion 
l ines indicat ing that contacting is excel lent in the CGU. This is not 
surprising in view of the fact that the CGU is operatina at very low super- 
f i c i a l  ve loc i ty .  As might be expected because the continuous runs were not 
at steady state, they show considerably more scatter than the captive bed 
yield periods. 

Also shown in Table 2.1-I are the measured gas compositions for the 
continuous CGU y ie ld  periods and the gas compositions which would be obtained 
i f  the product gas were at gas phase methanation equi l ibr ium. In Figure 
2.I-G, the continuous and captive-bed data are compared with the correlat ion 
l ine for previous fixed-bed data on the approach to methane equi l ibr ium. 
Methane in the productexpressed as a percent of equi l ibr ium is plotted 
against r~ la t ive steam residence time. The data were obtained at 500 psig 
and 1200-1300~F. At the higher residence times, the CGU data are in f a i r l y  
good agreement with the fixed-bed correlat ion l ine .  The correlat ion l ine 
for I300°F and re la t ive residence times between 1 and 2, conditions typical 
of projected commercial uni t  operations, shows that gas phase methane 
equi l ibr ium is very closely approached. 

At iow residence times, the methane production exceeds that observed 
in the fixed-bed runs. The reason for th is is not clear. I t  is possible that 
a small amount of methanation is occurring downstream of the gasi f icat ion bed 
in cooler zones: tending to increase methane y ie lds.  At the low residence 
ti~a~ where the steam conversions are re la t i ve l y  low, the absolute level 
of m~than~ produced even at equi l ibr ium is low and thus the ef fect  could be 
~or~ pronounce~. This hypothesis w i l l  be checked in fu ture CGU opera£~ons 
by sampling th~ product gas d i rec t l y  from the out le t  of the gas i f ie r  bed. 

2.2 FIXED BED GASIFICATION REACTION STUDIES 

Fixed bad gasification experiments performed during the past year 
focused on the use of Na2C03 and mixed Na2COJK2CO 3 catalysts. The incentive 
for using Na2CO 3 is that its cost is only 20-30% of the cost of KzCO~. The 
activity of sodium carbonate was found to be significantly lower than that 
of potassium carbonate especially at high pressure. Also, analysis of the 
char streams from th~ mixed catalyst runs showed that potassium is selectively 
tied up by the coal minmrals, reducing the incentive for using mixed catalysts. 
As e result of th~se findings, potassium carbonate was selected for catalyst 
r~ov~ry and recycle operations. 
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Figure 2.]-3 
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Figure 2,1-4 

COMPARISON OF CGU AND PREVIOLIS FIXED BED DATA 
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I n i t i a l l y ,  carbon gasification rate data were obtained for 
catalyst loadings of 15 wt.% Na2CO 3 and 5 wt.% Na2C03/5 wt.% K2CO 3. These 
data are compared in Figure 2.2-I with correlation lines for K2CO 3 catalyst 
from multiple runs made prior to the start of the ERDA program. Some check 
runs were also made with lO wt.% K2CO 3. The moles of carbon gasified per 
mole of steam fed is plotted on the ordinate and the re la t ive steam residence 
time on the abscissa. For a l l  runs the temperature was 1300°F and the 
pressure, 500 psig. Steam rates were varied over an e ight - fo ld  range. 

The data from individual runs on the 5% K2C03/5% Na2CO 3 mixed 
cata lyst  form a continuous curve re lat ing carbon converted/steam fed to 
steam residence time, over a wide range of i n i t i a l  steam rates. This is 
s imi lar  to the data for  K2CO 3 catalyst  except that the curve has been dis- 
placed along the abscissa. This displacement is a measure of the reduced 
a c t i v i t y  for the mixed cata lyst .  The data for  the pure Na2CO 3 catalyst  on 
the other hand form discrete curves for each steam rate. Thus, these runs 
suggest that the Na2CO 3 catalyst  does not maintain a c t i v i t y  as the run 
proceeds as well as K2CO 3. 

Gasif icat ion rate data for 50/50 weight mixtures of NazCO 3 and 
K2CO 3 at levels of I0, 15, and 20 wt.% on coal are compared with the cor- 
re lat ion l ine for mul t ip le runs with 10% K2C03 in Figure 2.2-2. Based upon 
the data obtained, the 5% Na/5% K mixed cata lyst  has about 20-25 percent of 
the a c t i v i t y  of the 10% K2CO 3. A fundamental measure of the re la t ive 
a c t i v i t y  of two catalysts is the ra t io  of residence times required to achieve 
a given level of the ordinate--moles carbon gasified/mole steam fed 
( "e f fec t ive  " steam conversion). As expected, reac t i v i t y  increases as 
cata lyst  loading increases; with the 10% Na2COJIO% K2CO 3 catalyst  only about 
one-fourth the residence time is required to reach the same value of the 
ordinate (carbon gasified/steam fed) as with 5% Na2C03/5% K2CO 3 cata lyst .  
~ r e  importantly, however, although the data for the 10% Na2C03/IO% K2CO 3 
cata lyst  show some scatter ,  i t  is clear that the mixed catalyst  has 
essent ia l ly  the same a c t i v i t y  (wi thin experimental accuracy) as 10% K2CO 3 
alone. Thus, at the reaction conditions of in terest ,  Na2CO ~ has l i t t l e  
ca ta ly t i c  a c t i v i t y  when used in combination with K2CO 3. 

One of the original incentives for using the mixed catalyst rather 
then K2CO 3 alone was a belief that sodium would act as a scavenger for 
aluminum compounds in the coal, which have been found to tie-up a portion of 
the potassium catalyst as catalytically inactive aluminosilicates. Analyses 
of the char residues from the mixed catalyst runs revealed that while some 
sodium is i n i t i a l l y  tied up, the sodium is displaced by the more active 
potassium as carbon conversion increases. Figure 2.2-3 shows this progressive 
tie-up for the 20 wt.% mixed catalyst. Similar results obtained for the 15 
wt,% and I0 wt.% mixed catalyst are shown in Figures 2.2-4 and 2.2-5. Thus 
at high carbon conversions only small amounts of sodium are present as 
aluminosilicates. ~ Since with a mixed Na2CO3/K2CO 3 catalyst the makeup 
required to compensate for catalyst tied up with the ash would s t i l l  be 
essentially all K2C03, there is l i t t l e  incentive for using Na2CO~ in 
admixture with K2CO 3. 
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Figure 2.2-3 

CATALYST RECOVERY IN MIXED CATALYST SYSTEM 
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Figure 2.2-4 

CATALYST RECOVERY IN MIXED CATALYST SYSTEM 
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Figure 2.2-5 

CATALYST RECOVERY IN MIXED CATALYST SYSTEM 
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2.3 RECOVERY OF WATER-SOLUBLE CA!ALYST 

Bench scale studies of water soluble cata lyst  recovery focused or, 
three major object ives:  to i den t i f y  the chemical forms of potassium present 
in the recovered cata lyst  so lut ion;  to determine how recovery of water 
soluble potassium in the CRU could be improved; and to learn more about the 
physical and chemical ef fects occurring in catalyst  leaching. 

I n i t i a l  invest igat ions revealed that water soluble potassiuF, is 
present in solut ion as K2C03, KOH, and potassium-sulfur compounds. Althouq~ 
the proportions of K2CO 3 and KOH vary with p~, these two compounds together- 
const i tu te 75-80!~ of the water soluble potassium in solut ion.  The in te r -  
conversion of these two compounds is i ns i gn i f i can t ,  as both are active 
gas i f i ca t ion  cata lysts.  

The remaining 15-25% of the water soluble potassium is present in 
solut ion as su l fur  compounds. Current evidence indicates that K2S is the 
predominant potassium-sulfur compound on fresh gas i f i e r  char, but this co=,- 
pound is readi ly  oxidized in a i r  to K2S203 and K2SO~. This oxidation was 
demonstrated in an experiment in which char samples were withdrawn from the 
FBG under a nitrogen blanket and then leached with water, again under an 
iner t  atmosphere. The resul ts were then compared with samples withdrawn 
under par t ia l  blanketing. The table below summarizes the leaching resul ts .  
The hydroxide analyses were obtained by di f ference. 

Percent of K + Tied Up with Various Sulfur 

Species in Leachin 9 Solution 

. . . . . . . . .  Part ia l  Blanketing . . . . . . . . . . . . .  
Complete 
Blanketina 

1 2 3 4 5 6 7 8 

Sulfate Sulfur 4.7 3.3 3.8 4.0 2.8 5.7 1.0 0.2 
Sul f ide Sulfur 2.9 7.9 7.1 6.7 5.6 8.8 12.0 15.7 
Thiosul fate Sulfur 15.5 3.5 9.9 9.1 9.5 l l . 5  3.0 0.9 
Carbonate 47.6 45.8 53.1 53.8 60.4 31.7 65.0 39.3 
Hydroxide 29.3 39.5 26.1 26.4 21.7 42.3 19.0 43.9 

Total 100.0 100.0 100.0 100.0 100.0 100.0 100.0 108.0 

In order to q u a l i t a t i v e l y  assess the rate at which the oxidation 
occurs, another b r ie f  study was performed. 3amples of residue which had 
been withdrawn from the gas i f i e r  in an iner t  atmosphere were exposed to a i r  
for  varying periods of time by spreading the samples on a f l a t  pan. The 
samples were then washed with a large excess of water (20 fo ld)  and the levels 
of su l fur  compounds in solut ion were determined. These data are shown below. 
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Time ppm . . . .  
of Air  Exposure Sul f ide Thiosul fate Sul fate 
Before Leaching Sul fur  Sul fu r  Sul fur  

None 1050 125 15 
I0 Min. 230 680 375 
3 hrs. 50 1240 500 

I t  is evident that re la t ive  to a sample which had not been exposed 
to a i r ,  even a ten minute exposure resulted in a substantial reduction in 
the level of sul f ide sul fur  with an accompanying increase in the concentrations 
of th iosu l fa te  and sul fate.  Af ter  three hours of exposure 95% of the sul f ide 
sul fur  was converted to oxidized su l fu r  forms. However, fresh char withdrawn 
v~ithout contacting a i r  produced l i t t l e  sul fate and th iosu l fa te ,  and most of 
the sul fur  i~ solut ion is in the form of su l f ide .  Thus K2S would be the 
predominant su l fur  form in a commercial uni t  where ash-char residue would be 
withdrawn from the gas i f ie r  and leached without exposure to a i r .  Although 
~LzS is believed to be an active gas i f icat ion cata lys t ,  confirming data are 
needed. Also, depending on the type of coal d r ie r  employed, the su l f ide could 
be converted to K2SO 4 in the coal drying step, and K2SO 4 is known to be 
s ign i f i can t l y  less active than K2S 

One a l ternat ive to the recycle of K2S is the s t r ipp ing of the re- 
covered cata lyst  solut ion with C02 to convert the sul f ide to the carbonate: 

K2S + CO 2 + H20 ÷ K2CO 3 + H2S÷ 

The ef fect  of C02 ac id i f i ca t i on  on the water washing of ash/char residue 
~.~as examined for a residue obtained from a Fluid Bed Gasi f ier  run with 15 wt.% 
K2C03 on I l l i n o i s  coal. Care was taken to prevent a i r  exposure and oxidation 
of the residue. Ten grams of the residue were added to 250 ml of H20 and 
:he s lur r ies  were exposed to ei ther a C02 or N2 atmosphere at IO0°C for  three 
hours. Analysis of the solut ion and residual char are shown below. 

Atmosphere 

Sol u t i  on 

Sulf ide 
Total Sul fur  
K 
Si 

Char 

Residual Potassium 
Total Sulfur 

N2-Mi I 1 imol es---C02 

5.0 <0.I 
5.9 1.2 

54 51 
6 0.7 

23 25 
I0 I I  
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Acidification with CO 2 removed essentially all of the sulfide sul- 
fur and reduced the total sulfur in solution by at least a factor 0 ~ five. 
The C02 treatment also reduced the si l ica in solution by a factor of ten. 
The treatment had no effect on the potassium or sulfur remaining on the 
char. Thus, i t  would appear that CO 2 stripping will be effective in cor,- 
verting recovered K2S to K2CO 3 . 

Additional catalyst  recovery studies were in i t i a ted  to investigate 
lower-than-expected recoveries of water soluble catalyst obtained in the 
CRU during catalyst  recycle operations. In order to determine how recovery 
could be improved, several runs were conducted in which FBG char was ser ia l l y  
washed with portions of d i s t i l l e d  water. Fresh d i s t i l l e d  water was used for 
each wash ( i . e . ,  a cross-current ext ract ion) ,  and the water/char rat io  wes 
3/I on a weight basis. 

Figure 2.3-I shows the recoveries of water-soluble potassium achieve~ 
for 80% and 90% converted chars. I t  is seen that i t  is apparently more 
d i f f i c u l t  to remove the "water soluble" potassium from the more highly con- 
verted char. 

I t  was postulated that th is  behavior is due to exposure of the ch~, 
to a i r .  Highly converted chars are very reactive due to the high ef fect ive 
catalyst loading on the remaining carbon residue. When exposed to a i r ,  tr:e~e 
chars react with oxygen and/or water vapor in the a i r ,  becoming quite hot, 
and occasionally w i l l  spontaneously igni te.  Although some precautions are 
taken to prevent exposure of the char to a i r ,  i t  is possible that su f f i c ien t  
a i r  may leak into the char storage containers over a period of months to 
react with the char and s ign i f i can t l y  a l te r  the behavior of the char during 
water washing. 

In order to test this theory a sample of highly converted ( 9 9 )  
char was withdrawn from the FBG taking par t icu lar  care to cool the char and 
keep i t  under inert  conditions. The char was then water washed three times 
with low water/char ra t ios ,  the ent i re procedure being carried out in a 
nitrogen atmosphere. Then, in order to determine the effect of a i r  exposure 
on recovery, the procedure was repeated with samples of the same char that 
had been exposed to a i r  for speci f ic lengths of time. 

The results are shown in Figure 2.3-2 and compared to the results 
obtained for an older, unblanketed char with a catalyst loading and con- 
version similar to the fresh char. The unexposed char showed more than twice 
the potassium recovery of the older char after three washes, indicating that 
preventing air exposure may indeed be the cr i t ical  factor in allowing high 
recoveries of water-soluble catalyst. 

The fresh char which was exposed to air for 30 minutes also showed 
a lower potassium recovery than the unexposed char. In addition, even after 
30 minutes exposure, the char was s t i l l  quite warm, indicating that a reaction 
was s t i l l  occurring. Thus, i t  seems l ikely that longer exposure to air might 
result in even lower recoveries of water soluble potassium. 

Future experiments wil l  test the effect of longer exposure times 
on recoverability of the catalyst. I t  is clear that the oxidation of 
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FIGURE 2.3-I 

POTASSIUM RECOVERY BY CROSS-CURRENT 
WATER WASHING AT LOW WATER/CHAR RATIOS 
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sulf ide can not explain the reduced recoveries obtained af ter  a i r  exposure, 
as both potassium thiosul fate and potassium sulfate are soluble in hot 
water. Also, since sulfur compounds constitute only 15-25% of the water 
soluble potassium, i t  would be impossible to at t r ibute a 50% reduction 
in catalyst recovery to sul fur conversion. Therefore, investigations are 
now underwa# to f ind another mechanism by which a i r  exposure affects re- 
covery. 

Investigations have also begun into the "fundamentals" of water 
washing. Several runs were conducted in which FBG char was se r ia l l y  washed 
at a water/char rat io of 50/I. Although this rat io is not commercially 
viable, the results obtained are very interesting. The results of one 
series of washes are shown in Figure 2.3-3. Notice that the f i r s t  wash re- 
moves s l igh t l y  more potassium than the amount analyzed as "water-soluble". 
This is expected since "water-soluble" potassium is determined by a separate 
analysis in which one gram of char is washed with 250 grams of d i s t i l l ed  
~;~ter~ and the extracted potassium measured. The "water-soluble" analysis 
a~d the amount of potassium removed in our laboratory test agree within I0 
percent. 

The surprising fact about the data shown in Figure 2.3-3, however, 
is tF;at amounts of potassium far exceeding the "water-soluble" l imi ts  can 
indeed be removed by water washing. Unfortunately, such recovery of 
"w~er-soluble" potassium is only possible with large amounts of water and 
long contact times between the water and char. One possible explanation for 
this behavior is that the "insoluble" potassium remaining on the char which 
has so far been found to be pr inc ipal ly  in the form of aluminosilicates has 
a f i~i te~ albei t  small, so lub i l i t y ,  and thus could be removed by water 
washing. Another explanation suggests that some of the residual potassium 
i~ held on active char sites by ion-exchange and that displacement by 
hydroge~ ions in the water wash is d i f f i c u l t ,  especially in the basic pot- 
assium solution. 

As a test of this ion-exchange hypothesis, one series of cross- 
current washes was carried out using a saturated calcium hydroxide solution 
instead of d i s t i l l ed  water. The results of this test are shown in Figure 
2.3-4 and compared to the results obtained using d i s t i l l ed  water. 

A s igni f icant  improvement in potassium recovery was observed when 
using limewater. Of course i t  is uncertain whether this is due to ion- 
exzhange or to another (possibly chemical) effect.  Investigations of this 
behavior w i l l  continue. 

2.4 RECOVERY OF WATER-INSOLUBLE CATALYST 

The chemistry involved in the recovery of water insoluble potassium 
v;as br ie f l y  s u ~ r i z e d  in the January-March, 1977 Quarterly Report. Recent 
vor~ has resulted in a better understanding of the chemistry involved, as 
summarized below. 

The major constituent of the water-insoluble potassium in the 
gasi f ier  char is synthetic ka l ioph i l i te  (KAISi04). This compound is produced 
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FIGURE 2 .3 -3  

POTASSIUM RECOVERY BY CROSS-CURRENT 
WATER WASHING AT HIGH WATER/CHAR RATIO 
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Figure 2.3-4 
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in the gasifier by the reaction of clay minerals (e,~., kaolinite) 
or ig inal ly  in the coal with the added K2CO 3 catalyst: 

AI2Si205(OH) 4 + K2CO 3 1400°F ~ 2KAISiO 4 + CO + 2H20 ; - ,  , 
in Gasif ier 

kao l in i te  kal i oph i l i t e  

The hydrothermal reaction of the gas i f ie r  char residue with Ca(OH)~ at 
300°-400°F results in a var iety of sol id products. Two major components have 
been ident i f ied  and studied by X-ray d i f f r ac t i on  techniques. The two com- 
pounds are hydrogarnet, a calcium aluminum s i l i ca te  hydrate, and tobermorite, 
a hydrated calcium s i l i ca te .  The hydrogarnet formation is represented by 
the fol lowing reaction: 

3Ca(0~)2 + 2F~ISiO 4 .300°F > Ca3AI2SiO4(OH)8 + SiO 2 + 2KO~ (B) 
2 hours 

hydrogarnet 

The hydrogarnet species formed has a 3:1 Ca/Si ra t io  as determined by the 
X-ray d i f f rac t i on  resul ts.  The excess s i l i ca  produced in reaction (B) along 
with "free" s i l i ca  already present in the char reacts d i rec t l y  with Ca(OH) 2 
to form a poor ly -crys ta l l ized tobermorite: 

6SiO 2 + 5Ca(OH)2 300°F ~. (CaO)5(SiO2)6(H20)5 (C) 
2-hours 

tobermorite 

In I l l ino is  coal, the Si/Al molar ratio is approximately 2:1. Assuming that 
v i r tua l ly  al l  of the aluminum is in the form of kal iophi l i te (which has l : l  
Si/Al rat io),  then there is about a 50/50 distribution of si l ica as kalio- 
phi l i te  and as "free" s i l ica.  Taking into account this si l ica stoichiometry, 
an overall reaction can be presented by appropriately combining reactions (B) 
and (C) as follows: 

4KAISiO 4 + lICa(OH) 2 + 4SiO 2 +4H20 300°F 
f 

O.1 M KOH 

4KOH +2Ca3Al2(SiO4)(OH)8 + (CaO)5(SiO2)6(H20) 5 

hydrogarnet tobermorite 

(D) 

-52- 



In the January-March 1977 Quarterly Report, i t  was suggested that 
s ign i f i can t  amounts of KAI02 would be present in the reaction solut ion. How- 
ever, only 7 x ]O-aM was actua l ly  found in the solut ion of a typical  hydro- 
thermal run. This observation is readi ly  explained by the formation of the 
calcium aluminum s i l i c a t e  hydrate (hydrogarnet). 

Work completed early in 1977 indicated that 3-5 wt.% potassium 
carbonate cata lyst  on I l l i n o i s  coal was deactivated by reaction (A). Work 
began on the recovery of potassium present in the ash/char residue by di-  
gestion with Ca(OH)2 in March. 

A bench scale "tubing bomb" reactor, shown schematically in Figure 
2 .4- I ,  is used for the experimental program. The standard procedure is to 
load the tubing bomb with char, Ca(OH)2, water or a solut ion of KOH, and 
several iner t  steel bal ls to provide mixing. The bomb is pressure tested 
with an iner t  gas for 500 psig, and then rotated in a furnace. Af ter  the 
run, the bomb is cooled before opening. The contents are separated by 
f i l t r a t i o n ,  and approximately 300 ml d i s t i l l e d  water is used to r inse out the 
tubing bomb. Several runs were made to determine i f  addit ional r ins ing of 
the f i l t e r  cake would resu l t  in fur ther  recovery. This addit ional r insing 
was found to have very l i t t l e  e f fec t  on recovery, but has been continued to 
assure that the char pores are flushed with d i s t i l l e d  water as completely 
as possible. 

The char is analyzed before and af ter  treatment to determine acid 
soluble and water soluble potassium. For both tests,  small portions of char 
are combined with 50 ml of l i qu id  and refluxed for  2 hours. D i s t i l l ed  water 
is used to determine water soluble potassium, and 2M HCI is used to determine 
acid soluble potassium. The resul t ing supernatants are analyzed by atomic 
"bsorption to determine the weight percent acid or water soluble potassium 
present on the or ig inal  char. The dif ference between these two values is 
d~fined as the "water- insoluble" potassium. 

I n i t i a l l y ,  experiments were carried out on char which had been 
washed to remove the water soluble potassium. However, the recoveries for 
these runs were low, and a second series of experiments were conducted with 
char which had not been water washed. In a l l  cases, I0 grams of char and 
100 ml of water were added to the reactor. The tests were performed at a 
temperature of 400°F and a residence time of 4 hours. The recoveries of 
water- insoluble potassium great ly  increased when unwashed char was used. 
The dif ference in recoveries is shown by the data summarized below: 

% Insoluble 
Char Ca/K Insoluble K Recovered 

Washed 1.5 46 
Washed 2.9 34 
Washed 3.7 40 
Unwashed 1.9 83 
Unwashed 2,5 73 
Unwashed 3.7 86 
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Figure 2.4-I 
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The calcium to potassium mole ra t i o  (Ca/K) given in the above table is 
based on th~ insoluble potassium o r i g i na l l y  present on the Char and the 
calcium loaded as Ca(OH)z. Apparently: the pH was elevated:by the presence 
of water soluble potassium compounds on the char, which promoted the breakup 
of the KAISi04. 

Several runs were made to invest igate the e f fec t  of  elevated pH 
on th~ recovery of water- insoluble potassium from the ash/char residue. 
Both water washed and unwashed char were separately treated with d i s t i l l e d  
water and ~i th 0.25N NaOH. The runs were made at a temperature of 400°F and 
a residence time of 4 hours. The data from these runs are sunT~arized below: 

Ca/K % Insoluble 
Char Liquid Insoluble K Recovered 

Washed 0.25N NaOH 3.3 61% 
Washed H20 3.2 37% 
Unwashed 0.25N NaOH 3.7 89% 
Unwashed H20 3.7 75% 

The s ign i f i can t  di f ference between the recoveries for the washed char confirms 
that increasing the pH favors the recovery of water insoluble potassium. 

The resul ts of these experiments led to several runs with d i f f e ren t  
potassium solut ions. In a commercial countercurrent cata lyst  recovery 
system, the ash/char residue would be combined with KzCOJKOH solut ion from 
the downstream water washing steps. Thus runs were made with water, 15% KOH 
and 20% K2CO 3, to assess the impact of these solutions on the recovery of 
water- insoluble potassium. As in previous runs, the temperature was set at 
400~F for a residence time of 4 hours. The data for  these runs are sun~arized 
below: 

% Insoluble 
Liquid. Ca/K Insoluble K Recovered 

Water 2.3 72% 
! 5% KOH 2.5 ~ 73% 
15% KOH 2.5 88% 
20% K~CO~ 2.9 41% 
20% K~CO~ 2.4 28% g 5 

As might have been expected from previous runs with NaOH solut ion,  the runs 
Made v~ith KOH gave good recoveries, however, very poor recoveries were 
achieved with K2C03 solut ion.  

The ash/cha~ residue used in a l l  work up to th is  point was produced 
from a feed coal containing I0 wt.% KzCO 3 cata lyst .  A second char produced 
from coal which contained 15 wt.% K2C03 cata lyst  was used for several recent 
runs. Both d i s t i l l e d  water and KOH solut ion were used for  the runs, which 
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were m~de at 400°F fo r  4 hours. These data are shown below and in Figure 
2.4-2. 

Ca/K % Insoluble 
L iqu id  Insoluble K Recovered 

H L 0 2.9 76% 
H20 2.0 92_ 
15,: KOH 2.4 97: 
15:,. KOH 1.2 79 
15f: KOH 1.3 97:_ 

The resoveries of water insoluble potassium from, th is  second char are 
genera l ly  highe~ than those reported fo r  the f i r s t  char. Since the absolute 
amount of water - inso lub le  potassium is not a funct ion  of the i n i t i a l  ca ta lys t  
level on the coal,  th i s  improvement of water - inso lub le  potassium recovery 
was unexpected. Oxidation of the two chars may be a fac tor  in the d i f fe rence 
in recoveries shown. 

-56- 



Fif lure 2 .4 -2  

RECOVERY OF WATER INSOLUBLE POTASSIUM FROM UNWASHED 
.......... CHAR BY HYDROTHERIVIAL TREATMENT AT 400°F 
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3. ENGINEERING RESEARCH AND DEVELOPMENT (REPORTING CATEGORY 3) 

Engineering research and development studies are being carried 
out under the Catalyt ic  Coal Gasi f icat ion Preaevelopment Program to provide 
economic evaluations of process al ternat ives and to develop an estimate of 
overall process economics at the end of the contract period. This work is 
organized into the fol lowing three sub-tasks: Catalyst Recovery Studies; 
Gasif icat ion Reactor System Studies; and the Catalyt ic Coal Gasif icat ion 
Study Design. 

Work began on the f i r s t  two subtasks in October, 1976 and studie~ 
completed or in progress as of June, 1977 are reported in Sections 3.1 an~ 
3.2. The Catalyt ic Coal Gasi f icat ion Study Design began in June, 1977 and 
is discussed b r i e f l y  in Section 3.3. All work under Task 3 of th is program; 
was carried out at Exxon Research and Engineering Company's Engineering 
Center located at Florham Park, New Jersey. 

3.1 CATALYST RECOVERY STUDIES 

Catalyst recovery studies were initiated in October, 1976 to 
define alternative approaches to catalyst recovery and makeup which minimize 
overall costs, considering the cost of catalyst makeup in the large quantities 
required for a commercial gasification plant. 

3.1.1 Commercial Sources of Potassium and Sodium Catalyst 

Work was init iated to assess the potential sources and costs of 
potassium (K) and mixed potassium/sodium (K/Na) catalysts when produced in 
the quant i t ies required for a commercial ca ta ly t i c  gas i f icat ion industry. 
Estimates of cata lyst  costs w i l l  help to establish incentives for reducing 
catalyst  makeup requirements, such as by adding f a c i l i t i e s  for the recovery 
of water- insoluble cata lyst  to the multistage countercurrent water wash 
system included in the current Base Case. 

An extensive l i terature investigation was carried out to determine 
the domestic consumption patterns of alkali metal carbonates, potential 
catalyst source minerals and compositions, and commercial and developing 
technology used to produce potassium hydroxide and carbonates. The results 
of this investigation are summarized in Tables 3. l - I  and 3 . l - I I .  

As shown in Table 3 .1- I ,  there are substantial deposits of sodium 
carbonates in the United States. Na2C03 exists in conjunction with other 
Na sal ts in brine from Searles Lake and Owens Lake in Cal i forn ia.  Larger 
sources of natura l ly  occurring Na2CO 3 are found in Wyoming in the form of 
trona (Na2CO~.NaHCO3.2H20). A currently untapped source of NaHCO 3 which 
is found in nature is nahcolite. Nahcolite deposits are found in Colorado, 
Utah, and Wyoming, usually in association with oil shale deposits. Large 
quantities of technical grade Na~CO~ manufactured from trona or via the 
Solvay process are marketed domestically. Thus, avai labi l i ty of Na2CO ~ 
would not be a problem i f  i t  were an active catalysz. 
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Table 3.1-I 

PRINCIPAL SOURCES OF I~(~TASSIIIM & SODIUM SALTS 

Chemi cal 

Sodium Compounds : 

Ciirrent Sources 
Potential AIl:prnate 1975 Domestic 

Sources Cons umEti on_. 
(k STIYr) 

Na2CO 3 

o NaHCO 3 

! 

~' Potassium Compounds: 

K2CO 3 

o KHCO 3 

o KOH 

• KC1 

Trona deposits in 
~oming and brines 
in California; 
also manufactured 
from NaCI via 
SoIvay process 

Carbonation of N2CO 3 
Solution; also as a 
Solvay process in- 
termediate 

Carbonation of KOH 

Carbonation of 
K2C03 sol ution 

Electrolysis of 
KC1 (Hg cells) 

Deposits in New 
Mexico, Utah, 
California and 
Saskatchewan 

Nahcolite deposits in 
Utah, Wyoming and 
Colorado 

Various chemical processes 
using KCI or K2SO 4 feed 

Engel-Precht process 
using KCI feed 

Electrolysis of KCI 
(diaphragm and membrane 
cells) 

Deposits in Arizona, 
Montana, Nebraska, 
N. Dakota, New Brunswick, 
U.S.S.R. and Israel 

7,500 (1) 

200 

65 

Small 

200 

7,900 

K2SO 4 Deposits in New 
Mexico, Utah, 
California &Texas 

Various chemical processes 
using KCI 

400 

Notes: (I) 4,500 kST/yr from trona and 3,000 kST/yr from Solvay process, 

(2) An additional 100,000 MST reserve of KCI is in Canada. 
(I) ~ = in ~ ,4 = In6 

Identi fied Domestic 
a~P=~MS~T~s~rv eS 

50,000 

Very large 

Nil 

Nil 

Nil 

3oo(2) 

Large 



Table 3 . l - I I  

ALTERNATIVE PROCESSES FOR PRODUCTION OF POTASSIUM CARBONATE 

& 
0 
! 

Process Developmental Status 

Electrolysis of KCI Presently commercial in U.S. (Hg cel ls). 
Final development work required to 
apply diaphragm or membrane ceils. 

Engel-Precht Process 

Formate Process 

Reduct ion o f  K2SO 4 

Electrolysis of K2SO 4 

Commercial in Germany prior to 1938 as 
a batch operation; during past several 
years, University of Saskatchewan has 
done bench-scale work to modify batch 
operation to continuous. 

Commercial in  pre-WW ] [  Germany, 
ca 1938. 

Bench-sca le  s t u d i e s .  

Bench-sca le  s t ud i es  on analaqous 
Na2S04. 

React ions 

2 KCI + 2 H20 . . . .  2 KOH + C1 2 + H 2 

2 KOH + CO 2 . . . .  K2CO 3 + H20 

MgO + H20 ~ Mg(OH)2 

Mg(OH) 2 ÷ CO 2 + 2H20 ~ MgCO3.3H204 

3(MgCO3-3H20)+ CO 2 + 2KCI -----~ 

2(KHCO3.MgCO3.4H20)$ + MgCI 2 

KHCO3.MgCO3.4H20 

KHCO 3 + MqCO3.3H20$ + H20 

K?SO 4 + Ca(OH) 2 4 %0 . . . .  

2KHCO 2 + CaS04 

2KHCO 2 + 02 ~ K2CO 3 + CO 2 + H20 

K2SO 4 + 3H 2 * CO -- -~ K2S + 3H20 4- CO 2 

K2S + C02 ~- H20 . . . . .  K2CO 3 + H2S 

2K2S04 + 2H20 + 4Hg 

4K(tlg) + 02 ~ 2H2S04 

?K(Hq) # 2H20 ----,,-2KOH -~ H 2 4- 21tcl 

?K(H1 ~- (]02 . . . .  1"2C0.1 4- H20 



Presently, only l imi ted quanti t ies of potassium are marketed as 
K=C03 in the United States, and no s ign i f i cant  deposits of K2C03 are found 
in nature. However, the United States and Canada do have large deposits 
of other K salts from which substantial quanti t ies of KCI and K2SO 4 are ex- 
tracted for sale as f e r t i l i z e r .  Such K salts are commonly known as "potash". 
Potassium carbonate--and other ca ta l y t i ca l l y  active K salts such as KOH, 
KHC03, and pe-rhaps KHC02-- must be manufactured from these avai lable KCI or 
K2SO~ source minerals. -The K2C03 which is sold today is manufactured by 
carbonation of KOH produced by e lect ro lys is  of KCI. 

In addit ion to e lectro lys is  of KCI, four other processes have been 
ident i f ied  for  conversion of K salts to K2CO 3. The development status and 
major reaction steps for  these f ive K2CO ~ processes are shown in Table 3.1-!1. 
The f ina l  step in some of the processes Involves conversion of KOH, KHCO3 
or KHCOz to K2CO~. This step may be unnecessary, since these salts are 
l i ke l y  to be active gasi f icat ion catalysts based on ear l ie r  bench-scale 
screening tests. Li terature sources indicate adequate reagent a v a i l a b i l i t y  
for the Engel-Precht reaction and the formate reaction. Large quanti t ies of 
both MgO and Ca(OH)2 are available from normal market sources. 

Potassium sal t  manufacturers have been contacted to supply non- 
proprietary information on commercial and developing routes to make KOH and 
K2CO ~. At present, almost a l l  domestic KOH is made via mercury cel l  e lectro-  
lysis of KCI. The small remainder is made via diaphragm cel l  e lect ro lys is  
of KCI. K=CO 3 is made subsequently by carbonating KOH. By the 1985-1990 time 
frame, the presently developing membrane cel l  technology w i l l  be commercially 
available for KCI e lect ro lys is .  Also recently ident i f ied  is an Amine Process 
(or "Modified Soivay" Process) now commercial in France to produce KHC03. 
Additional information on these processes w i l l  be obtained during the l a t t e r  
half  of 1977, including cost information for e lect ro lys is  al ternat ives as 
discussed below. 

3.1.2 "Cash Flow" Analysis of Al ternat ive Catalyst Manufacturing Processes 

Scoping studies were carried out to define and compare the "cash 
flows" for the al ternat ive processes for potassium catalyst  manufacture 
l is ted in Table 3.1-11. The objective of these studies was to screen the 
manufacturing al ternat ives to select candidates for  fur ther,  more detai led 
eva1 ~" u a ~ l o n .  

The i n i t i a l  step in defining the "cash flows" was to develop costs 
and values for the various raw materials and byproducts involved in these 
processes. Representative prices ( f .o .b.  source) were developed for  a l l  
chemicals of interest  based on Chemical Market.ing Reporter cost trends and 
vendor contacts. Typical ra i l  shipping costs to the I l l i n o i s  area were 
added to the f .o .b,  prices of the raw materials. 

The results of the catalyst  manufacture "cash flows" studies are 
summarized in Table 3.1-111. For each process, the "minimum catalyst  cost" 
shown in the table consists of the estimated catalyst  manufacture plant raw 
materials costs, the estimated investment charges and operating costs for  
u t i l i t i e s ,  and any addit ional costs due to changes required in the SNG plant. 

- 6 1  - 



! 

Table 3 . l - I l l  

CATALYST MANUFACTURE C_ AS!L FLOW_ST_UDI [S 

FCONOMI C SUMMARY 

Catalyst Source Catalyst Form 
Relative Minimum 
Catalyst Cost (]~ 
(% of Purchased KOH 
Cost on K-[quivalent 
Basis) 

Purchased Chemicals at Market Price: 

+ Purchased KOH 
÷ Purchased K2CO 3 

45% KOH Solution 
Calcined K2CO 3 

lO0 (Base) 
121 

Catalyst Manufacture via Electrolysis: 

+ KCI Electrolysis 
+ K2SO 4 Electrolysis 

30-45% KOH Solution 
45% KOH Solution 

26-3] 
71 

Estimated 
Added Invest- 
ment Level 

Base 
Nil 

High 
High 

Catalyst Manufacture via "Chemical" 
Processes: 

+ Engel-Precht Process (KCl Feed) 25% KHCO~ Solution 74 
+ Formate Process (K2SO 4 Feed) 87% KHCO~ Solution 96 
+ K2SO 4 Reduction CalcinedZK2C03 I05 

Medium 
Low/Medium 
Medium 

Note: 

(I) Minimum Catalyst Cost consists of the raw materials costs, investment charges and operating costs 
for u t i l i t i e s ,  and any additional costs (investment and operating) due to changes in the SNG plant. 
I t  excludes the cost of investment for the catalyst manufacturing faci l i t ies and associated product 
tankage. 



I t  excludes the investment charges (maintenance and return) for the cata lyst  
m~nufacturin~ f a c i l i t i e s  and associated product tankage. 

The "minimum catalyst costs" are shown as percentages of the cost 
of KOH soiut ion purchased on the open market at the price l i s ted in the 
Chemical Marketing Reporter. This price was confirmed by contacts with KOH 
~nufacturers.  As indicated previously, a l l  domestic KOH is produced by 
e lect ro lys is  of KCI. As indicated in Table 3.1-111, purchased K2CO s is mo~e 
expensive than KOH at market prices. This is a re f lec t ion of the fact that 
K2CO 3 is presently manufactured from KOH using addit ional carbonation and 
drying steps. Since KOH has been shown to be at least as ef fect ive a 
gasi f icat ion catalyst as K2CO 3 in f ixed bed gasi f icat ion tests, i t  appears 
that KOH is the preferred form of makeup catalyst  for ca ta ly t ic  gas i f ica t ion,  
i f  e lect ro lys is  is the method of catalyst  manufacture. 

"Cash flows" for two major categories of manufacturing processes 
have been developed for comparison with purchased KOH: e lect ro lys is  
processes and chemical processes. On an economic basis consistent with the 
basis used for gasi f icat ion screening studies, the "minimum cost" for  KOH 
manufacture via KCI e lect ro lys is  ranges from 26-33% of the KOH market price. 
As indicated above, th is  "cash flow" is based on estimated feedstock and 
u t i l i t i e s  requirements, and does not include capital  charges on e lect ro lys is  
investment. Since the investment for e lec t ro lys is  is expected to be f a i r l y  
large, the "gap" between the "minimum cost" and the market price could be 
eliminated when investment charges are included. On the other hand, pro- 
jected costs for catalyst  makeup, even for KOH from KCl e lect ro lys is ,  could 
d i f f e r  from current market prices because of differences in factors such as 
pla~t size and locat ion, e lect ro lys is  technology, KCI feedstock grade and 
cost, uni t  costs of u t i l i t i e s ,  acceptable return on investment, and the 
contractual basis for  supply. As an example of the l a t t e r ,  KOH might be 
supplied by a chemical company under long-term contract at a price below 
that prevai l ing in the open market. In order to help in understanding the 
potential impact of such factors on the economics of KOH manufacture, more 
detai led studies of KC] e lect ro lys is  are underway. Vendor contacts are 
being made to obtain estimates of e lect ro lys is  investments and operating 
cost factors for  use in these studies. The tota l  and re la t ive costs of KCl 
e lec t ro lys is  al ternat ives in the context of a future commercial ca ta ly t i c  
gas i f icat ion industry should be better defined at the completion of these 
studies in the l a t t e r  hal f  of 1977. 

"Cash flows" were also estimated for presently non-commercial 
manufacturing al ternat ives:  e lect ro lys is  of K2SO ~ and three "chemical" 
processes (the Engei-Precht process, the formate process, and direct  re- 
duction of K~S04). The chemistry and development status of each of these 
al ternat ives w~s discussed in Section 3.1~. Although d i f ferent  makeup catalyst  
forms are involved~ a l l  have s imi lar  ca ta ly t i c  a c t i v i t y  per potassium equi~ 
valent. The re la t ive "minimum catalyst  costs" have been expressed on a 
p~tassium-~quivalent basis to el iminate the ef fect  of the differences in 
fcrm. To put these minimum cash flows in better perspective, the last  
column ofTable 3 . l - i i l i n d i c a t e s  what the re la t ive magnitudes of added 
i~vestm~nt for  the catalyst manufacturing al ternat ives are l i k e l y  to be 
b~s~d on current i n fo~a t ion  and judgement. 
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Based on these scoping studies, the most attractive chemical 
process appears to be the KCl-based Engel-Precht process. The K2SO,-based 
processes (K2SO ~ electrolysis, formate, and K2SO ~ reduction) all suffer fro~ 
the fact that potassium from K2SO . is estimated to cost approximately twice 
as much as potassium from KCI. With investment charges included, i t  is 
l ikely that these processes would exceed the cost of purchased KOH. 

Although the Engel-Precht process is more costly on this "cash 
flow" basis than KCI electrolysis, the latter is expected to require the 
larger investment. Thus, i t  is not apparent, from these studies alone, 
how the total cost of KOH from a grass-roots KCI electrolysis plant would 
compare with purchased KOH or the equivalent KHCO 3 from a grass-roots 
Engel-Precht plant. To help in this comparison, a more definit ive screenin~ 
evaluation of the Engel-Precht process was carried out, including an 
estin~te of the investment required. The results of this study are presented 
in the following section. 

3.1.3 Screenin 9 Evaluation of the Engel-Precht Process 

A screening-quality evaluation of the Engel-Precht process for 
manufacturing potassium catalyst for the catalytic gasification process has 
been completed. Based on the "cash flow" scoping studies reported above, 
the Engel-Precht process appeared to be the most economically attractive 
of the alternative chemical processes which were considered. 

Historically, the Engel-Precht process was used in Germany to 
manufacture potassium carbonate and bicarbonate commercially as a batch 
operation from about 1900 to 1938. In about 1938, the formate process (K~SO. 
to KHC02) superceded the Engel-Precht process. In the last 20 years, Israel 
and Saskatchewan have had renewed interest in the Engel-Precht process 
to convert their KCI deposits to K2CO 3 or KHCO 2 in a continuous operations. 
All the process basis information usea in developing this study was taken 
from the open l iterature. Significant uncertainties exist as to the quality 
and consistency of theavailable data. Based on the l i terature, no com- 
mercial Engel-Precht plants, continuous or batch, are presently in operation. 

The Engel-Precht process involves four reaction steps, as follows: 

(1) MgCl 2 + CaO.MgO + 2H20 ~ 2Mg(OH)2 ~ + CaCl 2 

(2) Mg(OH)2 + CO 2 + 2H20 + MgCO3.3H20 

(3) 3(MgCO3.3H20 ) + CO 2 + 2KCI + 2(KHCO 3.MgCO 3-4H20 ) + + MgCl 2 

(4) KHCO 3.MgCO3.4H20 ÷ KHCO 3 + MgCO 3. 3H30 ~ + H20 
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Because reaction (4) requires careful control of  reaction conditions to 
produce reusable NgCO3-3H20 , only a d i lu te  KHCO 3 solution can be made 
d i rec t l y  (about 9 wt.% maximum). Steam-heated evaporators have been in- 
cluded in the screening case to concentrate the product solutions to 25 wt.% 
for feed to,the catalyst  addit ion f a c i l i t i e s .  

Investment costs for  th is Engel-Precht screening evaluation f a l l  
into three main categories: costs of materials handling and processing 
equipment to carry out the Engel-Precht reactions, costs of  f a c i l i t i e s  re: 

qu i red to supply needed u t i l i t i e s  (p r inc ipa l l y  the steam for  the evaporators) 
and net costs of  modifying the ca ta ly t i c  gasi f icat ion plant to receive 
catalyst makeup as 25% KHCO 3 solut ion. The Engel-Precht process f a c i l i t i e s  
were cost-estimated based on individual equipment speci f icat ion,  and the 
remaining f a c i l i t i e s  were prorated from the cata ly t ic  gasi f icat ion "Base 
Case". 

The breakdown of the product KHCO~ cost for the Engel-Precht 
process screening evaluation is shown in Table 3. i - !V.  Costs are shown as 
percentages of the cost of KOH solut ion purchased on the open market (on 
a potassium-equivalent basis). This is consistent with the basis used in 
presenting the results of the "cash flow" analyses in Table 3.1-111. As 
shown in Table 3.1-1V, this screening study indicates that the total  es t i -  

~- I I C' me.ed cost of KHCO~ catalyst from an Engei-Precht plant is about 94,o of the 
cost of purchased KOH, This 6% advantage appears to be insu f f i c ien t  to 
j u s t i f y  further development work on the Engei-Precht process as a catalyst  
source for cata ly t ic  gasi f icat ion.  However, a f ina l  comparison must await 
completion of ongoing studies to better define the cost of KCl e lect ro lys is  
to produce KOH, 

3.1,4 "Cash Flow" Analysis of Al ternat jye Ca_talyst Recovery Processes 

Scoping studies to evaluate the "cash flows" for  several a l te r -  
natives to recove~ng water-insoluble catalyst from spent gas i f ie r  char and 
fines have been completed. The al ternat ives studied include two cases in-  
volving the "hydrothern~l digestion" of gas i f ie r  solids with Ca(OH)£ and 
three processes which combine recovery of water-insoluble catalyst  using 
acid vash with catalyst  manufacture via e lect ro lys is  of potassium salts 
or the formate process. These screening economics provide an i n i t i a l  es t i -  
mate of the incentives for the recovery of insoluble catalyst  to help 
guide ongoing laboratory studies. 

To provide economic basis information for  these "cash flow" studies 
th~ current sources and costs of lime (CaO) and hydrated lime (Ca(OH)z) were 
i~wst i~at~d, including inquir ies to vendors of these materials in the 
I l l i n o i s  area. Also: estimates of typical transportat ion costs for  the 
shipnent of calcium compounds to a commercial gasi f icat ion plant were 
dev~loped~ Raw ~ater ials costs favor the use of lime rather than hydrated 
]im~ as the source calcium chemical. In turn~ lime is normally produced by 
calcination of limestone (CBCO~) at plants located near natural limestone 
deposits. 
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Table 3.1-1V 

ENGEL-PRECHT PROCESS SCREENING EVALUATIO~ 
BREAKDOWN OF RELATIVE PRODUCT CATALYST COST 

Basis: Cost of Purchased KOH : I00 (Note I) 

• Raw Materials" 

- KCI (Agricultural Grade) 32 

- CaO'MgO (Calcined Dolomite) 6 

e U t i l i t i e s :  

- Coal Fuel 4 

- Raw Water Ni l  

- Cooling Water I~il 

Electric Power 5 

- Low Pressure Steam (Note 2) (3) 

e Byproduct Sulfuric Acid (1) 

e Labor and Related Costs 5 

e Investment-Related Costs 7 

• Capital Charges (Note 3) 3__.99 

Total Product Catalyst Cost 94 

Notes : 

(1) 

(2) 

(3) 

On a potassium-equivalent basis. 

Operating cost credit for low pressure steam based on using non- 
condensing steam turbine drivers to back out purchased power. 

Capital charges based on I00% equity financing with I0% DCF 
return. 
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The results of the catalyst recovery "cash flows'! are summarized 
in Table 3.I-V. As im Table 3 .1 - ! I i ,  the minimum catalyst cost, estimates 
for th~ alternatives are compared to the cost of purchased KOH. In each 
case, this cost consists of chemicals costs, u t i l i t i e s  operating cost, and 
additional costs due to changes required in the existing SNG plant. However, 
the "minimum catalyst cost" excludes investment charges associated with the 
additional catalyst recovery system investments required for recovery of 
the water-insoluble catalyst. The last column of Table 3.I-V : indicates 
the relat ive magnitudes of these investments based on current information 
and judgment. For the hydrothermal digestion cases, the "minimum catalyst 
cost" refers to the incremental catalyst which is recovered in hydrothermal 
processing over and above catalyst recovered in water washing only. For the 
acid wash cases which incorporate catalyst manufacture, this cost refers 
to the total catalyst supplied by the combined system. 

Based on these scoping studies, catalyst recovery via hydrothermal 
digestion with Ca(OH)2 offers the potential for substantial savings relat ive 
to purchased KOH at the market price. The "minimum cost" of the incremental 
potassium recovered via this route was estimated to be 36-54% of the cost 
of purchased KOH, depending on Ca(OH)2 requirement. This evaluation was 
based on bench-scale experiments showing 80% recovery of water-insoluble 
potassium with a calcium-to-potassium mole rat io ranging from 0.53-0.8 
(Ca~OH) 2 added per total potassium or ig inal ly  present) .  Although invest- 
men~ charges for hydro~hermal digestion are not included in the "minimum 
cost", the added investment required for these fac i l i t i es  is expected to be 
re lat ively small. 

Catalyst recovery via acid wash integrated with catalyst manufacture 
appears less at tract ive. Three process concepts of this type were screened. 
The f i r s t  two combine recovery of water-insoluble catalyst using acid wash 
v~ith electrolysis of potassium salts ( i . e . ,  KCI and K2S04). These salts 
are produced by acidifying the water-washed gasif ier solids 
(char and fines) with HCI or H2S04, and then neutralizing with KOH to preci- 
pitate and separate cata ly t ica l ly  inactive cations such as aluminum, s i l icon, 
and iron. Makeup potassium as KCI or K2SO 4 is also fed to electrolysis. 
The KOH produced is sent to the neutral ization step and to the catalyst 
addition step upstream of the gasi f ier .  The third process concept also 
begins by acidifying the gasi f ier solids with H2S04. Then, the solids are 
neutralized with Ca(OH)2 , precipitates are removed, and carbon monoxide is 
added along with additional Ca(OH)2 to carry out the "formate" process re- 
action producing cata ly t ica l ly  active KHCO 2 and solid CaSO 4, Since all  
three of these cases are expected to require large investments, i t  is 
apparent from the "minimum catalyst costs" in Table 3.I-V that the total 
costs for these alternatives wi l l  probably exceed the cost of purchased KOH. 

Based on the results of these "cash flow" studies, a screening 
study wi l l  be carried out for catalyst recovery via Ca(OH)2 digestion in 
the la t ter  half of 1977. Investments and operating costs for this case wi l l  
be compared with costs for water washing only to select the preferred 
catalyst recovery approach for inclusion in the study design described in 
Section 3.7. 
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Table 3.I-V 

CATALYST RECOVERY CASH FLOW STUDIES 

ECONOMIC SUMMARY 

Catalyst. Source Ca_ta l~v s t Form 
Relative Minimum 
Catalyst Cost(l 
("~ of Purchased KOH 
Cost on K-Equivalent 
5asis) 

Estimated 
Added Invest 
ment Level 

o 9urchased KOH at ~iarket Price: 45% KOH Solution IO0 (Base) Base 

Catalyst Recovery via "Hyd~othermal Digestion": 

+ Sasifier Solids * Ca(OH) 2 (Ca/K=0.53~ 
Gasifier Solids + Ca(OH} 2 (Ca/K=O SOi 

Catalys t  Recovery vi~_ Acid Hash In t~ora ted  w~th 
Cata lys t  Manufacture: 

+ 

+ 

~!o te: 

C?) 

K~ Electrolysi~ Gasi~ier Solids + HC3 • ~" 
Gasi£ifer Solids * H~SO a + KpSO 4 Electro;ysis 
GasiCie~ Solids ~ H2~04 =~" Folhna~e Proces~ 

35% Mixed K-Sa]: Solution 
35% Mixed K-Salt Solution 

~ 6 (2) Low 
4 (2) Low 

30% KOH Solu t ion  83 Very High 
30% KOH Solu t ion  92 Very Hiqh 
30% KIlCO 2 Solution lO0 High 

illnimt.,~ Catalyst Cost co;',s'sts of cheDHcals costs, o.~'erating costs for ~, t i ! i t ies.  and any additional costs (investment 
and oner~ting') clue to changes in the existing SNG plant ~acil i t ies. I t  excludes the cost of investment for catdlyst 
recovery  and, where p resen t ,  c a t a l y s t  manufacturirv.: and as soc ia t ed  product tankage. 

,~linimum Cata lys t  Cost ~or the hydrotherma] t r e a t i ng  a l t e r n a t i v e s  r e f l e c t s  the cash flow per un i t  of incremental 
c a t a l y s t  recovered above tha t  r ecoverab le  by water wash. 



3.2 GASIFICATiO~ REACTOR SYSTEH STUDIES 

Studies were undertaken to ident i f y  preferred reactor system con- 
f igurat ions for cata ly t ic  gasi f icat ion and estimate the impacts of reactor 
operating conditions on reactor volume and other process variables. 

3.2.1 Evaluation of the !ncent i v  ~fO r Secondary Gasif ication 

During the fourth quarter of 1976, an engineering screening study 
was carried out to determine whether there is an economic incentive for 
adding a secondary gasi f icat ion step to the Exxon Catalyt ic Coal Gasif ication 
Process. The objective of secondary gasi f icat ion is to raise overall process 
ef f ic iency by increasing carbon conversion above that attainable in a single 
f lu id ized bed. The gas cost with secondary gasi f icat ion was estimmted to be 
only 0.8 percent less than the "Base Case" gas cost. This small economic 
credi t  does not appear to of fset  the development r isks due to greater system 
complexity and the potential for  added technical problems. However, th is 
conclusion could change i f  i t  were not practical to obtain high carbon con- 
versions in a single reaction step or i f  coal or catalyst  costs increase 
s ign i f i can t l y .  The basic assumptions, results~ and economic sens i t i v i t i es  
for the secondary gasi f icat ion case are discussed below. 

A schematic reactor system flow plan with secondary gasi f icat ion 
is sho~,,m in Figure 3.2-I .  The primary stage of the gas i f ier  gasif ies 90 
percent of the feed carbon as in the current Catalyt ic Gasif ication "Base 
Case", and the secondary stage gasif ies enough addit ional carbon so that 
the overall carbon conversion is 95 percent. The secondary gas i f ie r  operates 
at a s l i gh t l y  lo~,zer pressure than the primary gas i f ie r  and receives as feed 
a l l  of the entrained solids which can be captured from the primary ef f luent  
gas by an overhead cyclone and a l l  of the char withdrawn from the primary 
gas i f ier .  The secondary gas i f ie r  is fed a portion of the preheated steam/ 
recycle mixture and operates at a re la t i ve l y  low gas veloc i ty  to minimize 
fines entrainment. The coal in ject ion gas supplies a second source of re- 
cycle gas for  the primary gas i f ie r .  Since the steam and recycle mixture is 
sp l i t  on the basis of the steam required for  each gas i f ie r ,  the two gasi f iers 
ar~ not ind iv idua l ly  in recycle gas balance. (Recycle gas balance is achieved 
when CO + H 2 in equals CO + H 2 out.) Recycle gas balance could have been 
achieved by heating the steam and recycle streams separately and blending 
the appropriate mixture for  each gasif iero Since this would have increased 
the comple×ity and cost of the preheat furnace, i t  was judged that the 
simpler scheme vmuld be better. 

The process basis and some results of the meterial and energy 
balances are presented in Table 3o2-!. The key process basis items are 
u,,cn~ng~d from the Base Case except where indicated in the table. The 
,~ t : r1 : l  balance was calculated assuming shif t~ methanation, and steam- 
graphite equi l ibr ium in each gas i f ie r .  The assumption of steam-graphite 
squilib;-ium results in feed steam conversions of 43 percent in the primary 
and 5~ p~rcent in the secondary which appear reasonable based upon the 
kinet ic data obtained to date. The temperature in the primary gas i f ie r  was 
fixed at 1300°F and the secondary gas i f ie r  temperature was determined by a 
t r ia l -and-er ro r  mmterial and energy balance. The secondary gas i f ie r  temperature was 
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Tabl~ 3.2-! 

I~ICENTiVE FOR SECOi.~DARY GASIFICATION 
SUi,li%R'i O,r- P.~OCESS BASIS AND HEAT AND MATERIAL BALANCE(1) 

Reactor System 

Feed Carbon Conversion: 
Primary Ga_~i f i e r  
Overall 

Conditions: 
F rimary Ga~_i f i e r  
Secondary Gasi f i e r  

Secondary Gasifier Sizing Basis: 
Su~.,erficial Outlet Velocity 
Volumetric Gasification Rate 

,~rel-.~t Furnace Coil Outlet 
Temperature 

_ - ~  (2)  
Cool Feed to Gasifiers 
~L,=l ~c ~oi ier Fuel 
Coal to Dryer Fuel 

Total Coal 

Total Gasifier Steam Rate 

Total Recycle Rate 

Spl i t  of Preheated Steam/Recycle 

By-Product Rates: 
Ammonia 
Sulfur 
Sulfuric Acid 

Base Case 

"Primary" Gasif ier 
Only 

90% 
90% 

1300°F/500 psia 
m ~  

1540°F 

14,490 ST/SD 
1,860 ST/SD 

650 ST/SD 

17,000 ST/SD 

84,164 moles/hr 

51,292 moles/hr 

Al l  to Primary 

Secondary Gasification 
Incentive Case 

Primary and Secondary 
Gasifiers (F igurCl)  

90% 
95% 

1300°F/500 psia 
1300°F/495 psia 

22.5% of Primary 
50% of Primary 

1542°F 

13,835 ST/SD 
1,925 ST/SD 

620 ST/SD 

16,380 ST/SD 

85,633 moles/hr 

51,605 moles/hr 

9 4 . 0 / 6 . 0 %  to 
Primary/Secondary 

239 ST/SD 234 ST/SD 
400 LT/SD 403 LT/SD 
177 ST/SD 179 ST/SD 

U t i l i t i es  Requirements: 
Electr ic Po;,;e. 159 MW 157 MW 
Raw Water 5,500 GPM 5,500 GPM 

67.1% 69.5% Overall Therm~l Eff iciency(3) 

~otes : 

( I)  For plant sized to produce 257 GBtu/SD SNG. 
(2) All coal rates are for l l l i n o i s  coal as received from coal cleaning. 

Hiph~, heatirg value is 10,620 Btu/lb. 
(3} T~:-:;-mzl .zfficlency includes purchased electr ic  power (evaluated at a 

r=O'.r~; ~ pleat }le~t rate of 8;950 Btu/KWH) and by-products. 
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found to be essent ia l ly  the same as that for the primary gasif ier~ i300:F. 
Also, the steam/recycle preheat furnace coil  out le t  temperature wa~ ca]- 
culated to be almost identical to the ~sE, Case value of 15aO=F. 

Stream rates are presented in Table 3.?-T for the Base Case a~-~ 
the Secondary Gasif ication Incentive Case foF plants producir:g 257 GBt~;/SL. 
net SNG product. Steam and recycle rates are up s l i gh t l y ,  but the gasifieF 
coal rate is down about 5 percent because of the higher overall carbon 
conversion. This increase in gas production per unit  of coal increased the 
overal l  process thermal ef f ic iency from 67.1 percent to 69.5 percent. These 
thermal ef f ic ienc ies take into account a l l  energy losses including those in 
the power plant supplying the purchased e lec t r ica l  power. In sizing the 
secondary gas i f ie r ,  the out let  gas veloci ty was assumed to be 22.5 percent 
of the Base Case primary veloci ty and the volumetric carbon gasi f icat ion 
rate was assumed to be 50 percent of the rate in the primary. 

A breakdown of the re la t ive  investment for the Secondary Gasif i -  
cation Incentive Case as compared to the ~ase Case is presented in Ta~!e 
3 .2 - I I .  The total plant investment with secondary gasi f icat ion has in- 
creased by l.O percent over the Base Case investment. The addition of tk.e 
secondary gas i f ier  increased the investment for gas i f ier  vessels by about 
20 percent. Reductions in the investment for other areas of the pla~t o~ -  
set about half the added investment in the gas i f ie r  area. The red ,~J  c ~  
rate decreased the investment for the coal feed and catalyst han~iin~ area~. 
The lower coal rate and higher overall carbon conversion reduced the spe~t 
solids rate to the catalyst recovery area to 84 percent of the Base Case 
rate. This resulted in investment savings in the char withdrawal, catalyst 
recovery, and waste treat ing areas. 

A breakdown of the re la t ive gas cost for the Secondary Gasif icatie~ 
Incentive Case as compared to the Base Case is sho~ in Table 3.2-11!. T,~e 
total  gas cost with secondary gasi f icat ion is 0.8 percent less than the Base 
Case gas cost. Savings in coal and catalyst are pa r t i a l l y  offset by in- 
creased capital charges associated with the net added investment. Thus, 
based on these resul ts ,  there appears to be only a marginal incentive for 
adding a secondary gasi f icat ion step at this stage in the development. 

This conclusion is dependent on the va l i d i t y  of the basis assumpti<,~,;~ 
w,~ich w i l l  become clearer as the development proceeds. I f  conversion of 90 
pe;'cent of the feed carbon in a single reactor is not p rac t i ca l l y  obtein- 
~.!,Ir.--.~,~¢h as with a re la t i ve l y  f r iab le  coal feed which would produce ex- 
cc.~.~ive f ines--or  i f  coal cost or catalyst  cost increases signi f ' :cant!y,  t,~< -, 
i-.i-,L~-e w<Juld be increased incentive to develop secondary gasi f icat ion.  Ine 
ir,-?entiw wo~Id a~so be larger i f  the disposal of char contair, ing nca.~Iy 5 ~ 
.~'bo:, becomes an economic or' environm_~ntal problem. For e,~.~.T,~,Ic; i f  
~ ~c, n i " icant  charge per ton is added for sol id waste disposal, tL: .~:~,.~:,;j~. 
;~r,:.,n for secondary gasi f icat ion could increase from the preL:ent 0.8 percer~ 
,', about 1.5-?.5 p~rcent, depending op the assumptions m]~e. .~,i~f,i',~- ;:' .:. 
[ e,'~certainty is gasi f icat ion rate. I f  the vclumet,ic carbo,: gasif~..a~i,.,n 

rat~ in the secondary gas i f ie r  is equal to the rate in the primary, r~t!.er 
i.'.~n ~ p~rcert of that rate, then the Sece, ndary C~.~ificai~;on Ce.:.e ~...'-;,_,~ ~a.~: 
' -  . ~ : i - ' , ; i t < ~ , r ,  ! O.E pc;'cei,t ~'e!ative to the Ba~e Case. 
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Table 3.2-11 

INCENTIVE FOR SECONDARY ~SIFICATION 
INVESTMENT BREAKDOWN 

Bas is :  Base Case Tota l  I n v e s t m e n t  = I 0 0  

: ,~,~._-~,s Handling 

Ce=.l H~ndling 
Char/Ash i-',-zndl ing 
Ca%alyst Handling 
Coal Oryi~g/Catalyst  Addit ion 

SuL to t,~l 

R~actor Syste~ 
PT~,~.eat Furnace 
Product G=.s Cee!ing/Scrubbing 
~,,3~ =..~ Reco,-etT 
#'-~ d r~-., mo~-,,,~-~ ;-..~ fu~r Recovery 
~'-':h ;-_he ~ecov,: ry,/7,efri gerat i  on 
t~: '~iyst R~_covary 
C~m~,on F a c i l i t i e s  

eubtotal 

~zs~e Treating 
~y-preduct Handling 
r; i ;cel i~neous Of fs i tes  

~ , i i t i ~ s  

T - . , .  .,., I I  r~f~Tl R,-='-'. ' ~-~e,/C~;/o, :,l Treating 

" ~ -  n~-- De~u!fur izat ion 
~ ;  . . . .  ~- ;~o,....er D is t r i bu t i on  

U,.ll ~ ules 

S~btotai 

TOTAL 

Base Case 

5.3 
I . I  
i . 2  
3.7 

l i  .3 

17.4 
5.6 
9.7 
2.7 

i4 .2  
8.6 
1.9 
4.4 

64.5 

2.9 
0.7 
4.7 

8.3 

2.0 
7.2 
3.4 
2.9 
0.4 

i5 .9  

iO0.O 

Secondary Gasi f icat ion 
Incent ive Case 

5.2 
I . i  
1.2 
3.6 

I I  . i  

19 .I 
5.6 
9.7 
2.6 

14.2 
8.6 
1.5 
4.4 

65.7 

2.8 
0.7 
4.7 

8.2 

2.0 
7.3 
3.4 
2.9 
0.4 

16.0 

I01.0 
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Table 3 . 2 - I I I  

INCENTIVE FOR SECONDARY GASIFICATIO~ 
SUMMARY OF RELATIVE GAS COSTS 

Basis: Base Case Total Gas Cost = I00 

Base Case 

• Coal 26.1 

e Gas i f i ca t ion  Catalyst 6.3 

• By-products 

- Ammonia (3.2 
- Su l fur  ( I , 9  
- Su l fu r i c  Acid (0.6 

Subtotal (5.7) 

• Operating Costs 

- E l ec t r i c  Power 7.9 
- Raw Water 0. I  
- Labor and Related Costs 5.6 
- Investment-Related Costs 9.3 
- Other Catalysts and Chemicals 0.6 

Subtotal 23.5 

• Capital Charges (1) 49.8 

TOTAL GAS COST I00.0 

Secondary Gasi f i ca t i c r ,  
Incent ive Case 

25.2 

5.9 

(3.2 
(] .9 
(o.6 
(5.7 

7.8 
0. I  
5.6 
9.4 
0.6 

23.5 

50.3 

99.2 

Note: Capital charges based on 100% equi ty  f inancing wi th 10% DCF re turn .  
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There may be benefits in ca ta lys t  recovery performance due to the 
reduced carbon content of the residual sol ids from secondary gas i f icat ion 
Th~ present study takes c red i t  only for  the reduced weight of char/ash 
sol ids to be washed. ! f  ca ta lys t  recovery can be operated with more con- 
centrated s lur r ies  of char/ash sol ids a f te r  those sol ids are processed in a 
secondary gas i f i e r ,  the gas cost savings fo r  secondary gas i f icat ion might 
increase from 0.8 percent to about 2 percent. I f  two or more of these 
revised assumptions prove to be appl icable, the potent ial  gas cost savings 
for secondary gas i f icat ion could increase to 3 percent or more. Thus: the 
secondary gas i f ica t ion a l ternat ive should be held in reserve pending fur ther  
de f i n i t i on  of the ca ta ly t i c  gas i f i ca t ion  process performance in the base 
conf igurat ion. 

3.2.2 Impacts of .Cata l~t ic  Gasi f ier  Operating Conditions 

Engineering screening studies were carried out to evaluate the 
commercial impacts of a l ternat ive ca ta l y t i c  gas i f i e r  operating condit ions: 
such as cata lys t  composition and loading, temperature, and steam rate. 
Four commercial-scale cases have been evaluated for economic impacts as 
sens i t i v i t i es  to the current "Base Case". They are as fo l lows: a case 
with the base temperature (1300°F) and 15 wt.% K2CO 3 cata lys t  loading on 
feed coal (rather than the Base 7.5% K2COJ7.5% Na2CO~); a case with lower 
cata lys t  loading (10% K2C03); a case with lower temperature (1200°F) and 
i5~ K2CO ~ cata lys t ;  and a case with a higher steam rate at 1300°F with 15% 
K2CO 3 cata lyst .  In addit ion , the Base Case i t s e l f  has been revised to re f l ec t  
t~e recent laboratory data showing in low a c t i v i t y  fo r  sodium and a selective 
t ie-up of potassium as inact ive aluminosi l icates in the mixed KzCOJNa2CO 3 
system. 

A summary of the cases evaluated is presented in Table 3.2-IV. In 
each of these cases, the steam and recycle gas rates were set based on 
assumptions made about the extent of three reactions in the gas i f ie r  e f f luent  
gases: 

Sh i f t  

Nethanation 

Steam-Carbon 

CO + H20 = CO 2 + H 2 

CO + 3H 2 = CH 4 + H20 

C(s ) + H20 = CO + H 2 

The gases were assumed to be in s h i f t  equi l ibr ium in a l l  cases. The gas i f ie r  
model d~scribed below was used to predict  the e f fec t ive methanation equ i l i -  
brium temperature for  each case. Nethanation was estimated to be essent ia l ly  
at equi l ibr ium for  a l l  of the 1300°F cases. However, the methanation equ i l i -  
brium temperature for  the 1200°F case was estimated to be 1210°F, that is ,  
a iD~F approach, in a l l  cases except the "Higher Steam Rate" case, the 
approach to steam-carbon equi l ibr ium was held constant so that the volumes 
calculated by the gas i f ie r  ~de l  would re f l ec t  differences due only to 
reaction kinet ics and not to equi l ibr ium. The technique used to do th is  
wms to set steam rate so that the gas i f i e r  e f f luent  gas was "at equi l ibr ium" 
for  the steam-carbon reaction over graphite. (Since the carbon in coal de- 
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Table 3 . 2 - I V  

IMPACTS OF CATALYTIC GASIFIER OPERATI~IS CO'~D:T]O~S 
SUFtNtARY OF CASES AND ECO~Or;iCS {I) 

• Gasifier Operating Conditions 

"Current" Base Case 

15% Mixed C a ~  
Previous ' Present 
Evaluation Evaluatlo~ 

. . . . . . . . . .  Sensit ivity Case~ . . . . . . . . . . . . . . . . .  

K2CO ~ K-CO~ L:wer - ~ ' ~ -  
Cata lys t  Cata lys t  Te-:erature . ; ~ e  

* Pressure, psi• 500 500 500 503 500 ~i] 
÷ Temperature, °F 1300 130~ 1300 13CG 12~0 1111 
÷ Catalyst Loading, Wt% on Dry Coal 

K2CO 3 7.5 7.5 15 I0 15 15 
Na2C03 7.5 7.5 

• Extent of Gasifier Reactions 

÷ Steam Conversion, % Feed Steam 43.0 43.0 43.0 43.0 -'3.3 ."-.~ 
÷ Carbon Conversion, % Feed C 90.0 90.0 90.0 95.0 :~.0.~ :." ~ ~, 
+ Approach to Methanation Equili. 0 0 0 0 I0 

m Results of Heat an~ Material Balance 

÷ Coal Rates, ST/SO (2) 

- Coal to Process, ST/SD I~,493 14,52n I~,505 14,480 14,1~2 l a , ~  
Coal to Boilers, ST/SO 1,85G I,~£5 1,5C5 1,86C 2,1~ 2, ] ' "  

- Coal to Dryers, ST/SO 650 640 C1~ 47C ~Z~ {]~ 

- Total Coal, ST/SO 17,DO0 17,025 17,CS5 16,810 17,1i5 17,~! 

+ Gas•fief Feed Steam, ~oles/~r 8~,16~ 84,291 ~,225 84,062 88,;17 ~OI,C~! 
+ Total Recycle Rate, moles/hr 51,292 51,353 5!,353 51,253 34,~T~ 51,!1i 
+ Normal Steam/Recycle Preheat,~F 15~ 1554 15~ 153a 13;7 I~1 

• Relative Gasifier Volume (3) lO0 201 6~ l l9  135 TI 

• Relative Plant Investment (4) 

m Relative Gas Cost (4) 

nn ~£.0 ' I00.0 113.3 I~,..0 101.4 IC1.~ 

I00.0 I I I . 0  IO~ 4 104.9 1~3.6 l~T.5 

Notes: 

I For plants sized to produce 257 G Btu/SD SNG. 
~} Coal rate is for I l l i no is  coal as received from coal cleaning. Higher heating value is I0,(20 Btu/Ib 
3) Relative f lu id bed volumes are shown as percentages of the volume previously estimated for :~e "Base Case " 

(4) Relative investments and gas costs are shown as percentages of the totals for the previous evaluation of the 
"Base Case." 
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? i . - -  ::~::'~ :::=s c i:h~m<ynamic a c t i v i t y  greater than graphite, the steam- 
.... :~..,..,on s t i l l  proceeds at a s ign i f i can t  rate when the 

,. ~,tm~m-ormmhite "equ i l ib r ium." )  

The gas i f ie r  volumes for  the sens i t i v i t y  cases and the present 
evaluation of the Base Case were predicted using a f lu id ized  bed k ine t ics /  
contacting m~del of the ca ta l y t i c  gas i f ie r  developed with Exxon funds pr ior  
t r  t;~z s tar t  of the Predevelopment Program. (This model w i l l  be updated 
la ter  in t ,~  current program.) The model predict ions were based on pre- 
i i , ~ a r y  estimates of the gas i f ie r  char propert ies, based largely on data 
oL, tained in Fluid Bed Gasi f ier  operations conducted pr ior  to the present 
program. These inputs to the model w i l l  be updated in the l a t t e r  part of 
I~77 when more information is avai lable from the current operations of the 
Fluid Bed G~sif ier.  Sens i t i v i t y  studies using the gas i f i e r  model have 
ident i f ied  the weight f rac t ion cata lyst  in the gas i f ie r  char as the most 
important char property. Char bulk and par t i c le  densit ies also have a 
me~=.=~ impac~ on predicted gas i f ie r  volumes. 

Th~ predicted gas i f ie r  volumes are shown in Table 3.2-IV as per- 
centages of the volume estimated for  the previous evaluation of the Base 
Case ~i th 7.5% K~C0~/7.5% Na2CO~ mixed cata lyst .  In using the gas i f i e r  
model, th~ ~c t i v i t y  of th is  same mixed catalyst  in the current "Base Case" 
was assumed to be 50 percent of the a c t i v i t y  of 10% KzCO ~ cata lyst .  This 
~ey be some~vhat opt imis t ic  based on recent laboratory-data from fixed-bed 
~a~i f icat ion runs, which shovzed only about one-third the re la t ive  a c t i v i t y  
for mi×ed cata lyst .  As shown, the f l u i d  bed volume now predicted for  the 
15::: mi×ed catalyst  "~se  Case" is roughly twice the previous estimate. How- 
ever, with i5% K2CO ~, the volume is 12 percent less than the previous case. 
And~ with i0% K2CO~ the volume is only 19 percent greater than the previous 
esti~aze. All cases are sized to produce 257 GBtu/SD SNG. Four gas i f i e r  
t rains are provided in a l l  cases except the present evaluation of the Base 
Ca~e: which has six t ra ins because of the large volume required. 

Total plant investments and gas costs are shown in Table 3.2-IV as 
p~rcentages of the corresponding values for  the previous evaluation of the 
~ase Case. The "current" Base Case has increased in cost by 11.0%, re- 
f i e : r i n g  imcr~ased gas i f ie r  volume and increased cata lys t  makeup cost due to 
t~z preferent ia l  t ie :up of potassium as inact ive aluminosi l icates.  

The sens i t i v i t y  cases using K2CO ~ cata lys t ,  a l l  provide invest- 
~.~t a~d ga.~ cost s~vings re la t lve  to mixed cata lyst  in the present evalua- 
t i  - ~ ~ , .,,,., Ho':'~,.,~ th~ gas costs are increased by 3-5% re la t i ve  to i~'he previous 
~:- iu~t ion cf tn= Base Case due to the higher cost of K2C03 re la t ive  to 
i i--,,u 3. . zh K2CO~ catalyst~ the incentive increases to reduce cata lyst  
~--:',~.Up cost hy ~: . . . .  =-" - ,..O~_, ~ng water- insoluble cata lyst  t ied up With the ash. As 
d-scrib~c: praviously~ i~.boratory and engineering studies are underway to 
~--.l umtz c~tBiyst recovery al ternativeSo 

:u:,1~,j the impacts of gasifier conditions, i t  is best to com- 
pars th~ 15~ XzCO~ catalyst case with each of the other three sensit iv i ty 
ca~sz in turm~ B ~ d  on these comparisons~ lowering the gasifier temperature 
f,.c~m 1300~F to 1200°~ saves about 2%, reducing K2CO~ catalyst loading from 
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15% to I0% saves about 0.5%, and increasing the gasifier feed steam rate 
by 20% costs an extra 2%. 

I t  is premature to draw firm conclusions regarding preferred 
gasifier oPerating conditions from these screening studies, because the 
bases do not necessarily reflect the extensive data being obtained in bench 
and FBG runs. In particular, the gasifier model has not yet been updated 
to reflect the recent FBG operations. Also, the economic impacts are not 
necessarily linear or additive, because of the complexity of the various 
gasification plant balances. However, i t  is clear that data on FBG and 
fixed bed operations at temperatures lower than 1300°F or at K2CO 3 catalyst 
loadings lower than 15% should be closely reviewed to determinewhether the 
gasifier volumes used in these sensitivity studies are representative and, 
hence, whether the savings shown are attainable. 

Heat and material balances and gasifier model volume predictions 
were developed for several cases in addition to the cases presented in 
Table 3.2-IV. Table 3.2-V presents the key results for all cases studied. 
The cases in the table are sensitivities to the 15% K2CO 3 case. This catalyst 
and loading was maintained as a common basis in all but the catalyst com- 
position and loading sensitivit ies. However, the process stream rates are 
shown relative to the previous evaluation of the 15% mixed catalyst Base Case. 
Gasifier volumes are shown relative both to that case and to the 15% K2C03 
common basis case. All cases have been sized to produce 257 GBtu/SD SNG. 

3.3 CATALYTIC COAL GASIFICATION STUDY DESIG~I 

Work began in June, 1977 on the development of the process basis 
for a new Catalytic Coal Gasification Study Design. The Study Design wi l l  
reflect the current conception of a commercial catalytic gasification plant 
producing approximately 250 MSCF/SD of SNG from I l l ino is  coal. Estimates 
wil l  be made of both investment and operating costs. Preparation of this 
Study Design wil l  involve the major share of the engineering effort on the 
Predevelopment Program during the second half of 1977. 

During June, an in i t ia l  plan for the Study Design was prepared. 
The f i r s t  major step is to develop the process basis for the gasifier, re- 
cycle loop, and catalyst loop. Information from several sources wi l l  be 
gathered and reviewed as part of the basis-setting effort. Laboratory data 
generated during the current program wil l  be reviewed to determine their 
impact on the Study Design. Technical experts in Exxon Engineering's 
Technology Department wi l l  contribute special studies and recommendations 
on cr i t ical  plant areas. Work done under the separate contract on "Scale- 
Up Requirements of the Exxon Catalytic Coal Gasification Process" (ERDA 
Contract No. Ex-76-C-01-2480) wi l l  also be reviewed to incorporate applicable 
technical findings. 

Other key steps in the Study Design effort include developing the 
onsites process flowsheets, detailed heat and material balances, and equip- 
ment specifications l is ts .  Overall plant balances wi l l  be prepared for 
steam, electric power, and other u t i l i t i es ,  and equipment l ists wi l l  be 
compiled for all required u t i l i t i es  and general offsites fac i l i t ies .  The 
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Table 3.2-V 

IMPACT OF CATALYTIC GASIFIER OPERATING CONDITIONS ON GASIFIER VOLUME REQUIREMENT 

Cases are Defined in Terms of Changes Made from the Following Comon Gasifier Basis: 

BOO psia, 1300°F, 15% K2CO 3 Catalyst Loading, 90% Carbon Conversion (1) 

Percentage Change Normal Relative Gasifier Volume 
. . . . . . .  in Flow Rates . . . . .  Preheat vs. Previous vs. Common 

Cases Coa__]_l Steam ~ Temperatur e Base.Case (2) Basis Case 

Impact of Catalyst Composition 

e Previous Evaluation of Base Case: Base Base Base 1540°F 100 114 
7,5% X2CO317.B% Na2CO 3 Catalyst 

• Pr~s~t Evaluation of Base Case: 0% 0% 0% IBS4°F 201 229 
7,5~ X2C03/7.5% Na2CO 3 Catalyst 

Impact of Catal~st Loadin 9 

m Cc~on Basis Case: Sea Above 0% 0% 0% 1548°F 88 IO0 
(15% K2CO3Catalyst ) 

• I0~ K2CO 3 Catalyst 0% 0% 0% IB34°F I19 136 

ImTact of Gasif ier Temperature 

• 1200:F -1% +6% -32% 1397°F 135 154 

• 13~O~F +1% +1% +29% 1603=F 77 

Impact of Gasifier Steam Rate 

88 

• Eas~ Steam + 20% 0% +20% +20% 1502:F 71 81 

s 6as~ StEam - 20% 0% -20% -17% 1616°F 142 162 

Impact of Two Simultaneous Changes 

• 1200oF and Base Steam + 32% -1% +32% 

• I0~ K2CO 3 Catalyst and Base Steam + 20% 0% +20% 

Im=act of Gasifier Pressure 

• 3EO Fsia 0% +1% 

• 700 psia +1% 0% 

]mpzct of Carbon Conversion 

n~ Eu,: Carbon Conversion +10% -4% -2% 

-12% 1353°F l ib 131 

+19% 1491°F 97 I l l  

+27% 1491°F 129 147 

-19% 1630°F 66 75 

1601°F 100 I14 

{I) For plant sized to produce 257 G Btu/SD SNG. 

(2) In this column, fluid bed volumes are shown as percentages of the volume previous estimated for the 
Ea~ Cas~. 
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tc:tal capital investment For the plant wi l l  be estimated. Operating costs 
and overall product cost wi l l  also be estimated. The Study Design wi l l  be 
completed at the end of the contract period, December 31, 1977. 
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Appendix A 

SU,u~IARY OF DATA F~O~ SELECTED FDG YIELD PERIOOS 

M~t~rlal Ealanco P~r]cd 11 

Yield P~ricd ¥P-202 

t Date & TJm~ 11:30 2-11-77 
11:30 2-12-77 

Cc~1 f~d - 99.0 
~ ; -  99.0 
S/n~s 99.0 

unlt TE~ratur~s 
Fe~d lin~ t*~p (~F) 674 
~s~ ~ t~p (°F) 1140 
Avzr~ge bE:d t~o (°F} 1270 
~ctiv~ ~ed te~p'{=F) 1295 
G~zifi~r exiC t~p  (=F) 1203 

Cc~'.~3rsic~3 

C~ficat~on (%) 11.9 
W~r-cas snif~ (~) 29.7 
~th~n~ r~fo~ning (%) -9.9 
Ovcr~ll (~} 31.8 

C~rtcn (Converted/fed) 
C ev~l,:tilizatio~ (%) 21.5 
C~ificz:ion (%} 18.7 
Overall (~) 40.2 

C~,'~c~ Ccnv~rsion R~t~ 

~evc, lat i l izat ion (%/hr) 2.3 
G~ifi:~ti~n (~/hr) 1.9 
Overall (~/hr) 4.2 

(mc l l ; ~ )  0.11 

Solids Z~t~. 

X~CO: 10.1 

C~r~cn fi4.4 
~ ;  11.1 

~CzCC~; 20.9 
r!azCO z 0 
Car~ 54.0 
~o~ 20.0 

C~r~yOv~ Cc~sitJe~ (w~. ~) 
K~CO: 19.1 

Car~  65.2 
~h 12.1 

12 13 16 

YP-203 YP-204 YP-207 

11:30 1-19-77 15:30 3-9-77 8:30 3-13-77 
8:30 2-20-77 7:30 3-10-77 8:30 3-14-77 

18 19 

YP-209 YP-210 

21:30 3-24-77 2t:30 3-25-77 
21:30 3-25-77 21:30 3-26-77 

99.0 100.0 100.0 100.0 100.0 
100.0 100.0 lOO.O 100o0 100.0 
100.0 100.0 1~.0 100.0 100.0 

717 652 645 735 745 
1073 1217 1225 1178 1161 
1260 1296 1293 I291 1284 
1292 1311 1305 1311 1295 
1185 1111 1187 1121 1123 

10.1 38.5 29.7 14.2 17.9 
29.7 35.8 26.8 29.4 28.8 
-9.8 -1i.0 -12.1 0.9 -1.5 
28.7 63.3 44.4 44.6 45.1 

23.9 23.5 22.6 34.8 27.1 
27.0 66.5 61.1 28.9 36.1 
50.9 90.0 83.7 63,7 63.2 

2.2 8.8 11.0 6.7 4.5 
2.4 25.1 29.6 5.5 6.1 
4.6 33.9 ' 40.6 12.2 10.6 

0.16 0.43 0.38 0.17 0.11 

10.9 10.8 13.4 6.8 6.8 
0 O 0 5.5 5.5 

63.4 67.5 6l .6 62.7 64.4 
11.0 12,2 12.0 12.9 12.7 

21.7 49.4 48.9 16.7 15.9 
0 0 0 13.5 13.2 

54.1 21.6 21.6 50.l 51.8 
19.3 22.6 21.0 16.3 14.8 

18.7 47.8 40,6 17.5 17,3 
0 O 0 15.7 15.8 

65.4 26.1 35.8 52.1 52.2 
11.9 21.6 17.9 8 . 9  10.1 

Vo~r,.~/s~rf.~ce nm;,h particle diameter calculated as 1.0/ (weight fraction solids on sieve/mean sieve size opening) 
As -3~- ~ ~c~h portion tncr~zses~ thls value rapidly loses accuracy since size b~low 11 are extrapolated. 
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" ~ YIELD PERIOD 

APPENDIX B 

NCNo~CCNCILFF~ ~ATA 

MATERIAL BALANCE PFRIOD 13, 

204. UNIT OPEPATIONS ,w PAGE 

T IME OAT E 

FRJ~.I 15" 30 03-09-77 

1"0 07:30 03-10-77 

nURAT ION 16,00 HRS 

• PERCENT (}F TIME CN STREAM 

CqAL FEED I00, 0% 

PRIMARY STEAM IO0,O~ 

PRIMARY SYNGA S 100.0% 

• ~ GAS IFIER PR(~CESS TEMPERATURES 

GASIFIEP PRI MI.PY GASIFIER 
~E 9 HE IGHT 

PRO CESS T EMP 
(FT) VARI A{ILES |DEG F| 

43.2 T211 IIii. 

38.4 T210 1069. 

32. I T209 1276. 

2G.O T208 1323. 

21.2 T207 1313. 

16.0 T206 1320. 

I0, g T205 1307. 

o.4 T204 1294. 

0,4 T203 1217. 
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= "~ * * " ~.. YiELI) PERIOD 204, UNIT PROCESS VARIABLES ~- PAGE 2 :~ .* .i: 

~:: UNIT TEMPERATURES 

L CCK HOPPEg i TOP 
L(]CK HGPPEP, i BTM 

LOCK HCPPEP 2 TOP 
LOCK HOPPER 2 BTM 

PF I  C-ASIFIER FEED L INE  
Pf] GASIFIER STEAM LINE 

P R I~i~ [',Y G.~S IF IER 
TCF [IF BED 
,qTM OF B~D 
TOTAL BED AVEEAGF 

!,',OUGH CUT CYCLCNF 
CYCLEHE TOP 
CYCL {,;N E i3TH 
STANDPIPE TOP 
STR-N DP IPE MID 
ST~NDP!Pg- BTM 
STA~DPIPE SLOPF. TOP 
STAI'.IDPIPE SLOPE BTf.1 

PROCESS SKIN 
(DEG F) [DEG F) 

282. 306, 
249. 205° 

2360 30 3o 
2 1 9 .  321o 

662. glT® 
I079. ! 140. 

i323. 136 I. 
1217. 1233. 
12960 131 6o 

948~ 992,~ 
688° 1021. 
824° I000~ 
8!8= 1014o 
789. 104 I. 

i05!. 
11780 g99~ 

PRIMARY GASIF IER BACKENF) 
GS i INLET 
GF INLET 

SCRUBBER INLET 
SCRUBBER OUT LET 

PRODUCT GAS DT~I 

548 .  
5 1 0 .  

43!. 415o 
68~ 

86° 

U%IIT PmESSUF E S 

LOCK HCPPER 2 
PFtl GASIFIER FEED LIME 
PRi BYPASS N2 (OTN) 
PP! SYN GAS IN (DT'-i) 

P R I ,'.l~ RY GAS I F I E R  
PRI GASIF IER TOP 
PRI GASIF IER BTM 

ROUGH CUT CYCI_CNE OUTLET 
GF ODTLE- T 
SC RU B;-3ER OUTLET 

{PSIA) 

I17,5, 
116o 7 
172-,, 8 
16BOO 

I13.7 
116o7 

I13.1 
i!3=6 
ii3.6 

PRC.I')UCT GAS I'JUT (OT~4) 114,,7 
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~, ". X~ • ,~ * YIELD PERIOD 204. F L U I D - S O L I D S  CATA ~= PAG~ 3 • ~ ~ = ~( * 

," GASIFIER BED PPFIPERTIES PRIMARY 
GASI FIEP 

~0 BOTTOM DENS ITY ILBS/CF) 19.3 
BED TOP DENSITY (LBS/CF) 10.1 
PEn AVEFAGE F)FNSITY |LBSICF) 14.7 
nED FE IGHT {FT) 29.7 
BED HOLDUP {LBS) 77,g 
BED VOLUME (C~) 5 . 3  
AC~'IVE ~ED TEMPERATURE {DEG F) 1311.4 
ACTIVE BED VOLtJMF IC p) 4,7 
SPACE VELOCITY |ACT BED)  (~CP/CF/HP) c, 2.0 
BT~I SIIPFRFICIAL VELOCITY (FT/SEC) 0.63 
TrIP SUPERFICIAL VFLnCITY (F F/SFC) 0.68 

* CVCIENE PEPFORMaNCF GSI CYCLONE 

TE~PrPATUR[ (!~FG F) 
PPT SSUPE |PSIA) 
I~L~T GAS F~TF (SCFH) 

" " " | A C F H ) 
INLET GAS VELOCITY (PT/SEC) 
SOLI[ S [NTFRING (LBS/HR} 
OL;ST LC)Ph!NG (LBS/ACF) 
SOI_I [ ,S CAo TIJ~ Ei-I | L ~ , ~ I H R )  
S[[ Tij(. ~ EgC~Plr:G ILBSIHR) 
tire RAt I EFFICIENCY ( CAPTURED/ENTER ING, WT%) 

548.0 

113.7 
986,6 

247.4 

19,4 

D.I 
O, 0on3 

0,I 
0,0 

~). 0 

39[ IDS CARFYOVER LOSS TOTAL -325 MESH 

COAL+CATALYST FEED ILB~/HR) 10.54 
TOTAL CARRYOVER | LBS/HP) 0.08 

GSI CYCLENE ([BS/HR) O.07 
GF FII  TER (LB~/HR) ~,01 

CAPRYOVER/FFED (WTX) 0.8% 

CAR RY(]VER/F EED 
|Fr-_FD FINFS BACKFF) OUT) (WT~) 

* SOLIDS CARBON LOSS 

CA~'IF'P ~ !~I FE r[? |L~SIFIR| (~.33 
CAP3C~.' IN CA~FYOVFR (LBS/IIR) .'~.02 
CARRYf)VER/F~.FD ( WTC ) 0.3~ 

Ca~qYCVFR/FEED 
(F~FC FINES bACKFD OUTI {WT%) 

= SALTATICrq IN FEED LINE 

CF;AL PAPTICLE SALTATION VELnCITY (PT/SEC) 
FEED LINE GAS VELOCITY (FI/SFC) 
MtXIMIIM ALLOWABLE SOLIDS FrEL ' P~TE ( L ~ I H P )  
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0 . 0 4  
0.08 
O. O? 
O.u l  
O.T% 

0.4~ 

0.02 
rI.02 
l l . 3  :: 

0.0~ 

21.3 

~1.4 
22.9 



e, ~ ~ * .F m YIELD PERIOD 204~ UNIT CONVERSIONS ~ PAGE 4 i, m ~ ~ ~ 

t. CARBF]N CONSUMPTION 

CARBON IN COAL+CATALYST (LBS/HR) 

C~RBON FROM DEVOLATIZATION (LBS/HR) 

P R IM AR? 
GASI F!E'R 

6o 59 

I ,  75 

C AP.~.F] N GASIFIED 
BASED OFf GC ANALYSES (LBSIHR} 3,53 
BASED ON RECOVERED SOLIDS (LBS/HR) 4,,20 

TOTAL CARBON CONVERTED 
BASED ON GC #.NALYSES (LBS/HR) 5°27 
BASED CN RECF)VERFD SOLIDS (LBS/HR) 5,95 

*CARBON CONVERSION (C CGNVERTED/C IN FEED) 

GASIFICATION ONLY 
BASED ON GC ANALYSIS 
BASED ON RECOVEP, ED SOLIDS 

( % ) 5 3 . 5  
( % ) 63,,7 

I NC LUD I NG D EV OL AT I ZAT ION 
BASED ON GC ANALYSIS 
BASED ON RECOVERED SOLIDS 

( % ) Bo,o 
( % ) 9003 

* SPECIFIC REACTION RATES (C CONVERTED/C IN BED) 

GASIFICATICN CNLY 
BASED ON GC ANALYSES 
BASED ON RECOVERED SOLIDS 

( ~/HR ) 2 1 . 0  
( ~/HR ). .25,,0 

INCLUDING r)E VOLATI LI ZATION ; 
BASED ON GC ANALYSES ( ~/HR ) 3!,,4 
BASED ON RECOVERED SOLIDS " ( . ~ / H R )  35°4 
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• • • * ~ YIELD PERIOD 204. UNIT CONVERSIONS w( PAGE 5 • • * * * * 

* STEAM CONSUMPTI DN PRI MARY 
GASIFIER 

STEAM INTO UNIT (LBS/HR) 14.78 

STEAM REACTED WITH CARBON ILBS/HRI 5.29 

STEAM REACTED IN S H I F T  (LBSIHRI 5 . 2 9  

STEAM FROM METHANATION 
BASED CN RECUVERED H20 (LBS/HR) - I , 9 9  
BASSO ON H2 BALANCE (LBS/HR) - 3 . 8 3  
B~SED ON 02 BALANCE (LBS/HR) - 2 . 3 5  

TOTAL STEAM CCNSUMED 
EASED ON RECOVERED H20 {LF~S/HR) e, 5~ 
BASED rJN H2 BALANCE (LBS/HR) 6,75 
BASIED F}N 02 BALANCE (LBS/HR) 8,23 

'~ STEAM CCNVERSION (STEAM CONSUMED/STEAM INTO BED) 

GASIFICATION ( ~ I 3 5 . 8  

WATER-GAS SHIFT ( % ) 35.8 

METMANAI ION 
BASED ON RFCOVERED H20 ( X I -13 .5  
BASED ON H2 BALANCE ( % ) -25.9 
BASED ON 02 BALANCE ( ~ ) -15 ,~  

TOTAL STEAM CONVFRTrr) 
BASED ON RECOVERED H20 
BASED (IN H2 BALANCE 
BASED ON 02 BALANC~ 

REACTION RATE PARAMETERS 

( % ) 58. I 
( % ) 45.6 
( % ) 55.7 

CARBCN CONVERTED/STEAM 
GASIFICATION ONLY 
GASIF I( hTInN ONLY 

FED 
(LBS/LBS) 0 . 2 8 4  
(MOL/MOL) 0 . 4 , ' 6  

INCLUDE DEVCLATILIZATICN 
INCLUDE r)EVnLATI L IZ~ TION 

(LPSILBS | 0,402 
(MOL/MOL) 0.604 

CARBON CONVERTED/BC:D 
GASIFICATION ONLY 
GASIFICATION ONLY 

VOLItME 
(LBSII~R) ICFT 0 . 7 c ; 6  
(MOLIHR)ICFT O,Ob6 

INCLUDE DEVOLATILIZATIO~!(LBS/HRIICFT 1.126 
INCLUDE DEVOLATILIZATION(MOL/HRIICFT 0 , 0 ~ 4  

CAPB}N IN BODISTEAM FFD LBSI(LBSIHR) 1.137 
CARBtON IN BFDISTEAM FED MOLI(MOL/HR) 1.706 

CAI:E~ON CDNVERTErJ BASED ON RECOVERED SOLIDS 

-86- 



= ~ * ~ ,~ YIELD PERIOD 20%0 UN'IT COMPOSITIONS * PAGE 6 • * * * ~ 

CATALYST DISTRIBUTION 

K ,aS K20 
K AS K2C,']3 
K AS K 
K ~ATE R/ACI I') 
SOLUBLE RATIO 
K20 H20 INSOL 
K 2C0 5 " I N 50L 
K " INSOL 

PRI 
F..:F P GTC GMC GB C/O 

7°4 0o0 33°7 33.3 3 2 . 5  
I0,,8 0.0 4g~'4 48°9  47.8 
6.1 OoO 27°9 .  27.6 27.0 

0,~800 0:(} 0~714 0~:727 0o746 
i . 5  0 . 0  9.6 9 . I  8.3 
2°2 0~0 14o2 13o4 12°i 
1.2 0~0 8.0 7.6 6.9 

NA A S NA 20 O. ]. O. 0 O,~ 5 0-, 5 Oo 5 
NA AS NA2COB 0 . I  0o0 0,,8 0.8 0o9 
NA AS NA 0 , !  0 . 0  0 . 3  0 , 3  0 . 4  
NA ~ATER/ACID 
SOLUBLE RATIO, 3.000 0.0 !.Oxe3 I °022  1o020 
NA20 H20 INSOL -0 .2  0.9 -OoO --0o0 -0 .0  
N~2C03 ': INSOL -0,~3 0o0 -0o0 -0,;0. -0o0 
NA " INSOL - 0 . !  0~0 -0,,0 -'0.0 -0°0 

TOTAL AS M2~ " 7°4 0o0 34o I  3 3 : 7  33o0 
TOTAL AS M2C03 10o9 0~,0 50 .2  t+9°6 4 8 ° 6  
TOTAL AS M 6,,2 0o0 28.3 2800 2704' 

CARP, ON 62.5 32.0 21.6 19®3 26.1 
K ON CARBON 9.8 . 0®0 129~5 L43,;3 103,,6 
NA ON CARBON 0 = i  0 o 0  1 .6  !.7 t o 4  
TOTAL ': CARBON 9°9 0~0 !BI:! lzeSoO !0500 

ASTM ASH 23~I 63oi 72,,8 74o? 70°2 
K ON ASH 26°4  (}=(~: 3~B~4 3"7.0 38°5 
NA ON ASH 0.3 0.(} 0~5 0.4 0,5 
TOTAL CN ASH 26°6  0~0 38o9 3 7 ~ 4  39~0 

  ZCO3-FREF. ASH !2 .  Z 6 3 o !  2 2 . 6  250L .Zlo6 
K GN ~ FREE 1~ 50-,,0 ,.0~0 !23~8 1 1 0 o l  "124o9 
NA ON " FREE I~ 0=5 0,0 i, 5 !~3 1,7 
TOTAL '~ FREE '~ 50°5 0,0 125~3 I].io% 126~6 

* BASED ON ACID SOLUBLE DETERMINATION 



D h, Rl'I {. LE SIZE DISTRI BUT I CI'.I 

CUMULATIVE WT~ LESS THAN Mrs.% ', ~;"7" 
32 5 200 i.00 5C) 3tj 20 } ~'? 

MESH MFSIi MESH MESH ~ESR ME-~H ;"...: .:.~ 

F~_:q Fi)~, -~C,+,Tt,.t.~ST(FC) 0 ,4  1.3 i Z . 2  ~,0.2 78,,6 g%.E. tO~.,..' 

,G /-' ', .~ ; T O ;  } C. ti~P, (GTCI 0 . 0  0 .0  0 .0  0 . 0  0,~.0 0...0 C~:'. 

<;c{,!F MIF, C{.;.8# (GMC) 0~7 2~.5 12.~J 33 .5  6£,.3 85 -£  9-". 

(2:IA ';2 : q ~ ~ ' " . ~ <'~ F: ( G B } 0 ~ ' ,  0 , , 8  6 , 3  2 6 , 9  5 4 = 4  8 9 ~ B  ~ ~ . . l 

" , k . - . , ~ ;  C') '~;P"E 1 ( { ; S l ]  ~5=4  £ 7 , 6  9 8 , 7  9 9 = 4  9£oL; £";..~ ;.~C; 

S~',S,.F FIiTEP :.-:m-~ 'T, 7, Z 97,9 9B.6 99 .3  99 ,7  99.~ ID,C-,~C'. 

* '4 E ~.N PAI:)TiCIF SIZE AND OENSIIY w, 

N,rT.'~.N rJAFTICLF OIAMETER (MICRONS) 

VOLUME/ BULK DFN$~. ":;," 
NUMBFR SURFACE WEIGHT 

MEAN MEAN MEAN GM/CC I B",/) i "  

F~ED C FIlL+CATALYST{ FC) 5 4 ,  27& ,  445.  0 ° 6 8 6  ~.2.r 

r~A~IF TOP CHAP (CTC) O. O. O. 0 ,0  h , r  

C-.~S~F MID C)-~R (GMC) 40. 27% 541. 0 . .~40  . ~ - , i  

::~::;F I-~FK CF',.~.R IGB) 44.  351. 572.  0 .449  2: .~ 

G~[F CYCLC)NE ! (GS!I 22. 23. 32. 

G!- S I F FILT~F IGF) 22. 23. 29,, 
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:~-" ~ * YIELD PERIO0 204,~ SNLIOS COMPOSITION 

ULTi,'.IATE ANALYSIS (~VT~ OF TOTAL SOL IDS~ 
FEED SOLIDS k'IO 

Cf1~4 Pc, N P#i T ( FC } ( GB ) 
(WT~) ( 'ATe:} 

14 4o21 0=58 

C 6 2 . 5  20,~ 3 

S 3°7 5°5 

o I 2 . B  9.5 

N O~ 57 0o i7  

CL 0°04  0,=18 

SOB-FREE ASH 16,~6 6Bo8 

TOTAL 100,0 I00o O 

~SH ANALYS]S (WT~ OF TOTAL 
ASH 23° t 7Z~.o 7 

C,fH RESIDUE 21o5 79~3 

SO3-C/H £ES,, 15~0 65~ 

-~ A Srl ELEHEDIT ANALYSIS {WT~ 8F SCB-FREE 
SI02 27,4 27= 6 

FE2C3 8,6 £ o8 

AL20B 9°8  9~7 

CAO ! , 4 8  2o01 

NGO 0 ~60 O~ 55 

7.102 i . ,52  0~ e.'2 

PS05 0.o2t 0~37 

CAT.,ILYST (FROM ACID $OLU~L ~ _ 
K2t] 44,~25 52~ 16 

N~20 0~#8 C~,_,.'71 

T~.lTAL 94oB 0 lO3~ B7 

-~ PAG~ 8 ~ ~ • ~ 

DRY) 
CARRYOVER C/O 

(GS- t  ÷ GF) 

0 o0 

26~ I 

3~6 

8.-/ 

0~,I0 

0 ~28 

61~B 

!O0oO 

S OL I DS 
70 ~2 

"/9 ~& 

70o I 

ASH) 
2430 

7 o7 

8oi  

! ~60 

OoSG 

53°0,, = • 
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= - "-: ÷ * ~ YIELr, P[~,ICIC} 2(14. PPC)DIICT O/~S DATE ~ PAGE 9 ~ " * ~: ~ ~: 

PRLI'LICT G~5 P ~ t I a L  P~SSIJRFS PRIMARY GAS/tIER 

FALDNCE USED H2O 02 H2 

TOT/~ L PPF (SLIPr (PSIA) 113.7 113.7 I ] . 3 .7  

H2 (PSIA) 42.7 4 2 . 4  41.1 
Cr; (PSI A) I 0 . 5  LO .3 15.8 
CH4 (PSl~) 9 .7  9.6 9 .3  
CCJ2 (PS I A) 12.9 12.8 12.4 
H2S ( PSI A) w).3 0.3 O .3 
H20 (P SI A) 15.1 15.9 18.9 

N2 I P S I A )  L 6 . 5  1 6 . 3  1 5 . 8  

H20/CO 0.~ 1.0 I .  2 
H2~/C F]2 1.2 I .2 1 . 5  

' LJPIIT C~S C^+T+ 

SV~ GAS MWT 

PRP G,~,S MWTIOPY} 

PRODUCT C AS 
PG AT DTM (DRY) 

IDFY FI2-FP E£ ) 

PO AT GASIF C.JTLET 
( I~CLUDES N2+H2CI) 

r~G AT GAS!F CUTLET 
(EXCLUDES N2) 

( Lg S/MOt ) 

(LBSIMCL) 

(SCFH) 
(SCFH) 

(SCFH) 
(ACFH) 

ISCFH) 
(ACFH) 

PRIMAPY 
GAS I F/ER 

1 1 . 1  

1 7 . 7  

8 4 8 . 8  
7 0 6 , 9  

9 8 6 . 6  
385 , , 3  

8 4 4 . 7  
3 2 9 . 9  

,~ ? t  SISD r31',l 0 B~LANCr  
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"" ,~ * "~ -~- YIELD PERIOD 204° PRODUCT GAS DATA • PAGE I0  • * =~ .~ "" ~,: 

~, UNIT GAS YIELDS 
PRIMAR Y 

PRODUCT GAS (DRY) GASIFIER 
H2 [MF)L ~) -43.3 
CO " !6.7 
C02 " 13 . I  
CH4 " 9o 8 
H2 S " 0 .3  
N2 " 16 oT 

PRODUCT GAS (DRY,N2-FREE} 
H2 (M~L 9;) 5.2°0 
CO " 20° ! 
CO2 " 15.7 
CH4 " II °8 

H2S " 0o~ 

PRODUCT GAS 
H2 (MOL %) 37.3 
CO '~ 14o4 
C02 " I I .3 
CH4 " 8°4 
H2 S " 0 .3  
H20= " !4.0 

N2 " 14°4 

PR~DL~Cir GAS (N2-~-REE) 
H2 ( MOL % ) ,$3.5 
CO " 16,8 
C~2 " 13.2 
CH4 " 9.8 
H2 S " O. 3 
H2D~ ,I 16.4 

SCF}I CI-I~/LB C ACTIVE BED 5,,0 

SCFH CH4/LB C FEED 12.6 

..~ EQUIL!E~RZUH CONSTANTS 
REACTION 

EQJ If. IBRIUM AT 
ACTIV~ BED TE'MP 

( !311,4 F)  

GPAPHZTE-H20: C +H20=CO +H2 
SHIFT : CrI+H20=C 02+H2 
MEI'I~ANATiQN t CO+3H2=CH4+H20 

2,, 0036. 
I,~ 4847 
0.0581 

ACTUAL 
EQU!L IBR iUM 

EXPRESS I{~N 

CORRESPQNDI NG 
E~UILIBR IUN 
TEMPERATURE 

( DEG E} 

2,g'~52 . . . .  !358o2 
2.(3936 117808 
0.{)265 . . . . .  1363.~ 4 

~. E,~SEC CN r,j BALANCE 
-91 - 
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-~ nVERAL. L MATI:-RIAL ~AL~,NCE 

I',i P'JT : [LhSIHR ) OUTPUT: ( I.BSIHR) 

C(~L F~=EC(F× N2) I A . 6 8  
~[~I GASIF STEAM 14.78 
oRI C-.~S!F SYN G,~S 13.47 
L~ICK tt.qPPFI> N2 O. 0 
P~.'I bYPASS N2 0 . 0  

"TC]TAL ( E X N21 

aCCUrVULAT ION: 

3 8 . 7 3  

PRI PRODUCT GASIEX N2) 
PF~I PRODUCT GAS N2 
PRI PRODUCT WATER 
PRI CHAR CARRYOVER 
SOLIDS WITHDRAWN 

TOTAL(EX N2J 

= 0,,22 t.B S/HR 

= 97, I~ 

PRIMAEY GAS IFIF_R 

CL,nSIJRE: ([~UTPIJT+ACCUi4) /INPUT 

29.09 
I 0 . 4 8  

6 .19  
{).08 
2.03 

37.40 

* SYNTI-FSIS GaS '3ALANCE 

INPUr : 

PRI GASIF SYN GAS 
H? MOL ~ 6,1. 5 
¢C MOL ~ 33.3 

(SCFH) NUTPUT : .{ SCFH) 

483.1 H2~-CO IN PRI PRD GAS 509.3 
H2 MOL ¢ 43 .3  
CO MOL ~ 16.7 

PRI CLt~SURE:(] tJTPUTI / ( I N P U T  I05 .4~g  

-92- 



• = ~- " " -~: '~ Y]LL{) PESIOD 20#. i, IATERIAL BALANCES ~ PAGE 1 2  ~ -~ ~ • 4~ .~ 

= PfLECULAR MATERI~L BALANCES 

Ni TROGEN HYDR CGE N 
INPUT: ($CFH N2} (SCFH H2) 

COAL+CATALYST Oo 8 83°4 
DRI GASIP STEAM OoO 31<)o9 
PRI GAS!F SYN GAS O.O 297.1 
LUCK flOPPER N2 0o0 0o0 
PRI PROCESS N2 O~.O 0o0 

PP I TOTAL Oo 8 691,,5 

OUTP IJT : 

PRI PP.IqDUCT GAS 14 l®8  .5B6o5 
PI~] P~QOUCT WATER 0 . 0  1 3 0 : 3  
PRI CHaR CAPRYOVER 0o0 0o0 
SOLIi)S WITHDRAW 0 . 0  2o2 

PRI "I OTAL 1 4 ! . 8  668.: 9 

ACC [JMULA r [ CN : 
PR t~4AR Y GASIF IEP Oo I 0oi 

CLOSURE: (OUTPUT+ACCUM')/ INPUT 
P2 ~I',~AR v GAS]FIER 96~8~ 
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, , ,~ ,w ~ ~ YIELD PFPI[IF) 206. MATERIAL BALANCES ,w PA;E 13 * * * * * ' ,  

~ ELEMENT BALANCES 
CARBON OXYGEN SULFUR CHLIIR INE 

[NPUT: ! l  BS/HR) ILBS/HR) (LBSIHR) ILBS/HR) 

COAL+CATLLYST 6 . 5 9  I . 3 0  O. 394  0 . 0 0 4  
P~{ G~SIF STEAM 0 .0  13.13 0 .0  0.0 
PRI GASIF SYN GAS 5.10 6.?c; 0 .0  0 .0  

TOT &L I 1 . 6 9  2 1 . 2 L  O. 394  0 . 0 ; 1 4  

01~ IP L;T " 

PFI PP~]PUCI G/}S 10.65 15.37 O. 215 0.0 
PRI P~,ll)UCT WATER 0.9 5.bU 0 .002  O.O 
PRI CII.~R CARRYOVEP 0.02 0.01 0.003 0.000 
_cCLIC)S W ITHBRAWN 0 .41  0 . I ~  O. 112 0.004 

T)TAL  1 1 . 0 8  2 1 . 0 7  O. 333  0 . 0 0 ~  

4CCU~UL~TICN: 
PP, lr~A ~ Y GASIFIER 0.21 - n . I ?  O.OB? -D.O01 

CI ~SU~, c 
(3LT+: C C {J~) / I  N g6. ~'X 9~. 5% 93 .P, X 70. £ 

"~,KCLU~S CaRBC)N ~l',lD CIXYr, F N I~ CATALYST 

" CATALYST 

IUP~IT : 

BALANCE 
ACI~ SOL ACIn SOL H29 S3L H2i7 SGL 

PrJT,~SSIUt~ SOI)I UM P{) Tt~ SSI,JM SODIUM 
(LBS/IIR) ( I . :~/HP) (LBS/HP) (LI~F/H;:) 

C C r~ L+C ', 7 A L'¢ q T 1 .64 ." .~ 1 O .5  1 i , . u 2  

7 I TP JT : 

P~,I cHh[- CAoRYUVEP 0. I ,2 :~.00 
~,R I P~,~]f LICT ~#TEr ,).t l  ;i.O 
SCLIn St; I:L~S ,J. '3t, :; .,? I 

T~ TAL 11. 58 0.01 

,~CC UNUI A r l  EN: 
P~I GASIP 0.02 - 0 . 0 0  

CL3SURE : 
IOCT+~ C U ~ I / I N  q 3 . 2 g  ~ 8 . 0 ~  

~-C~qUl.tq FAL~r,IC ~ _ ~JOT {'~CI.,IDF C~.T.SLYST 
-94- 
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~ • ~; ~ YIELn PE~iOD 204= MATERIAL BALANCES m PAGE ize -e ~ ~ =~ ~ --- 

= 6Sh ~NO FI~ES 

I ~ P JT : 

C:] ~L+CAT~LYST 

OL TPI: r : 

~RI CIiAR CAPRY~]VER 
_CCLiL)S ~ITHDPAWN 

TnTAL 

~...~ L,"ILtL A T I CN : 
Pi~l GASIF 

CLCSURE: 
{ n I T+~CC tJ~4)/1%' 

- 3 2 5  MESH FINES 

BALANCES -325 
C/H S03 FREE S03 FREE MESH 

AST:~ ASH RESIDUE ASTM ASH CIH RESD FINES 
(LBS/HR) (IBS/HR) (LBS/HR} (LBS/HRI (LBS/HR) 

2.44 2.27 i ,  75 i ,58 0,04 

0,06 0,06 0o 05 0 .06  0.08 
I .52 1.61 1.30 1.33 Oo Ol 

1, 57 l ,  67 i ,  34 1 , 3 8  0 , 0 8  

- 0 . 0 2  - 0 . 13  0. 15 O.Z~9 -0°0? 

PRODUCED IN 

68.1% 85.2% I18o7~ B5.6% 

UNIT (OUTPUT +ACCUM- INP bT) - 0 . 0 3  

PRODUCED/( 3UTPUT+ACCUM ~ -iBOoT~ 

a .',SH ELEi~]ENT BALANCF 
SI02 FE203 

INPUT: LBIIIR LBIHR 

C~AL÷CaTALYST 0°480 0o150 

CLT P!JT : 

°~I CHA~ C.ARFYJVER 0o012 0.004 
S~LIO~ VlTHDRAWN 0o357 0o127 

TOTAL 0.369 Oo!3i 

~CCIJ ;~U L AT i C,'~' : 
PP! GASIF 0.040 0.012 

CLCSURE 
(OUT+ ~CCU~)/IN 85,% 95.~ 

AL203 CAO MGO S03 T 132 P205 
LB/HR LB/HR LB/HR LB/HR LB/HR LB/HR 

0.171 0.026 O,,Oll 0,,686 0,,027 0 .004  

0.004 0 .00 !  0.000 0 .007  O.OOO 0.000 
00126 0.026 0°007 0°283 0°005 0°005 

0 .130 0°027 0 , ~ 7  0•29! O°OC)6 0.005 

0o014 0°002 O.OO!-OoO03 D,,O01 O.OOO 
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:'~C I_ [ 8~L~NC E 

Gt,5 I;;PJT (~F~LrSIHR) GAS [~UTPUT (MOLESIHR| 

SYNG~S C H A S 
~-2( O.7.q~) C;.) 1.549 0 .0  O.O 
C')( ~.425} 3.c, 25 ). > ) .425  O.O 

STr ~'i 
( 0.820) . .D  1.641 0.820 0.0 

T!]'AL 
( 2 . 0 / 9 )  0,4;)5 3.209 1.245 0 .0  

PRODUCT GAS C H 0 S 
H2 ( 0.970} 0.0 1.940 0.0 0.~ 
CO ( 0.374)  0.374 0 .0  0.374 0 .0  
CfI2[ 0.293|  0.293 0.0 0,581 0.0 
CH4( 0 .21c. )  0 . 2 1  c, 0 . 8 7 8  0 , 0  0 . 0  

FI2S { 0 , 0 0 7 )  0 . 0  0 . 0 1 3  0 . 0  0 . 0 0 7  

H20[ 0 . 3 4 4 )  0 . 0  0 . 0 8 7  O.B/,~ 0 . 0 0 0  
TOT AL 

( 2 . 2 0 7 )  0 . 8 8 7  3 . 5 1 8  1 .305  0 . 0 0 7  

SCLI~S ?NPUT (M(')LES/HR) 

K ~: a C H 0 
( rill+CATALYST FrED 

j .,)160 .~I )0 0.549 0.440 9.081 

SOLIDS OUTPUT (MOLES/HR| 

0.012 0.001 0.000 
CHAR 

0.014 0.000 
CHAR 

0.000-0.000 
TOTAL 

K NA C H 0 S 
CHAR FINES CARRYOVER 

O.OOZ 0 .0  0.000 0.000 
SAMPLES WITHDRAWN 
0 . 0 3 4  0 . 0 1 2  0.012 0 . 0 0 ~  
ACC UMULATION 
0.018 0.000-0.{III 0.001 

SOLIDS .015 0.000 0.053 0.012 0.002 0.005 

TOTAL INPUT 

K M,'~ C H il S 
(;.O160.uO0 0.g73 5.649 1.326 0.012 

TOTAL OUTPUT+ACCUMULAT I ON 

K NA C H ~l S 
0 . 0 1 5  0 . 0 0 0  0 . 9 4 0  3 . 5 B 0  1 . 3 0 6  0 . 0 1 2  

M~]LF b~LANCE CLOSURE [CUT+ACCUM}/II~ (%) 
K F! A C H O S QVE RA LL 

~3. ~8. c. 6.6 C6.8  ~8.5 cf3.8 q7.1 

=CaRe ON BALANCE NOT INCLUDE CATALYST CARBONATE 

U.S. GOVERNMENT PRINTING OFFICE: 1 9 7 9 - 6 t+ 0 - 0 1 ~ L~ 5 9 t~ REGIO! " NO. 
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