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Table 5.1-19
CATALYTIC COAL GASIFICATION

GASIFIER PRESSURE SCREENING STUDY
GAS COST COMPARISON

January, 1978 Instant Plant, Eastern 111inois Location

Basis: o
T e 90% Capacity Factor
e Econgmic Basis Consistent with CCG Study Design
8 MNet SNG Rate: Adjusted CCG Study Design = 261.3 GBtu/SD
BGasifier Pressure Study = 26G.3 6Btu/SD
¢ Smme Solids Properties in Both Cases
SNG Cost Breakdown. S$/MBtu
Justed 1fier
Study Design Pressure Study
at 500 psia (1)  at 300 psia
e Coal
- To Gasifiers 1.109 1.113
~ To Coal Dryer Fuel 0.057 0.058
- To Offsite Boilers 0.220 0.232
SUBTOTAL 1.336 1.403
® Major Chemicals
= KOH (30 wtX Contained) 0.568 0.570
= Lime (97X Ca0) 0.040 0.042
=« Flocculant 0.029 0.028
SUBSTOTAL 0.637 - 0.641
e Other Operating Costs )
~ Purchased Electric Power 0.315 0.363
- Raw Water 0.004 0.008
- Other Catalyst and Chemicals 0.045 0.024
~ Wages and Benefits 0.245 0.238
- Salaries and Benefits 0.076 0.080
= Labor Overheads 0.064 0.066
- Materials 0.569 0.580
- Waste Solids Disposal 0.040 0.0420
SUBTOTAL 1.358 1.425
o By-Product Revenues
- Ammonia (20T Contained) (0.141) (0.142)
= Sulfur (0.031) (0.031)
SUBTOTAL  {0.172) (0.173)
e Capital Charges 2.953 2.989
TOTAL SUBSTITUTE NATURAL GAS COST 6.162 6.289
< CHANGE IR GAS COST Base +2.1%
Mote:

(1) CCs Stuwdy Design anusted for improved gas separations and for
catalyst recovery via water wash with solid-1iquid separations using -.
rotary drum filters.
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Table 5.1-20 "

MATERIAL AND ENERGY BALANCE COMPARISON OF THE
STUDY DESIGN WITH CASES WITH 300F AND 7Q0F
APPROACH TO METHANATION EQUILIBRIWM

Basis: e 14,490 ST/SD Coatl Feed to Gasifiers
+ 1275°F Gasifier Temperature
® 500 psia Gasifier Pressure

Approach to Methanation Equilibrium, °F

Gasifiar Effluent Rate, moles/hr
Recycle Gas Rate, molies/hr

Total Gasifier Steam Reguirement,
moles/hr

Steam Convers ion; y 4

Normal Fired Heater COT, °F
Fired Heater Duty, MBtu/hr

Net SNG, GBtu/SD
Change in Net 3NG, %

Gasification Equilibrium Constant, atm

Multiple of Steam/Graphite
Equilibrium Constant

Relative Gasifier Volume
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Study Design  30°F Case 70°F Case
5 30 70
159,000 187,300 211,300
57,600 73,100 92,400
87,600 100,300 105,000
425 3.2 32.0
1541 1498 1473
485 513 535
256.9 255.7 254.8
Base 0.5 -J.8
1.1 1.41 1.83
1.0 1.0 1.3
Base 1.11 1.62



Table 5.1-20 shows that the recycle stream increased by 27% for the
30°F case and 61% for the 70°F case over the Study Design. The gasifier
effluent and steam requirement also showed increases over the Study Design.
The preheat fired heater duty increased and the coil outlet temperature
(COT) decreased compared to the Study Design for both the 30°F and 70°F
cases.

Table 5.1-21 compares the investments of the CC& Study Design with
those of the 30°F and 70°F cases. The investment for the 30°F case increased
by 68 M$ over the Study Design. The increase was due to the reactor system,
product gas cooling and scrubbing, acid gas removal, and steas-generation.
A1l the increases were attributable to the increased gas rates required with
a 30°F approach to methanation equilibrium. The investments for the 70°F
case increased by 190 M$. Again these increases are due to the reactor
system, product gas cooling and scrubbing, acid gas removal, and steam
generation. The sizes of the increases are approximately double those of the
30°F case with the exception of the gasifier. Since higher steam conversion
was specified for the 70°F case, the gasifier size increased acccrdingly.
When this effect was coupled with the increased gas rates, the gasifier
investment increased 58 M$ over the Study Design compared.with the 30°F
case increase of only 11 MS.

. Table 5.1-22 presents the gas costs for the two cases compared to the
Study Design. The 30°F case gas cost increased by 4% while the 70°F
case gas cost increased by 11% over the Study Design. Both these increases
are mainly attributable to the increases in investment.

The tradeoff between gasifier volume and stean rate mentioned above
suggests that there is an optimum steam conversion (with minimum gas cost)
for each possible methanation approach. Screening quality material and
energy balances, utilities, investments, and gas costs were developed for
a range of steam conversions at methanation approaches of 5°F, 30°F, and
700F, The gas costs are shown in Figure 5.1-8 plotted against the multiple
of the steam-graphite equilibrium constant. As can be seen from the figure,
there is a different optimum steam conversion for each methanation approach
and the optimum is more pronounced at slower methanation rates.

The table below compares the gas cost at steam-graphite equilibrium
with the gas cost at optimum steam conversion for several methanation

approach.
Gas Cost
Steam-Graphite Optimum Steam
Equilibrium Conversion

Methanation Approach $/MBtu Relative $/MBtu Relative

5°F : §.18 1.00 6.11 0.99

20°F 6.43 1.04 6.33 1.03

. 70°F 7.09 1.15 6.78 1.10

- 379 -



Table 5.1-21

INYESTMENT COMPARISON OF THE STUDY DESIGN WITH
THE 30°F APPROACH TO METHANATION EQUILIBRIUM CASE
) AND THE 70°F APPROACH (1.3 x Kg) CASE

Basis: e Janvary, 1978 Instant Plant, Eastern I1linois Location
= e 14,490 ST/SG Coal to Process
e 25% Project Contingency
e 25X Process Development Allowance on Unsites
Investoent., M3
Study Design  Case Case
Onsites
Coal Drying/Catalyst Additiom 56 56 56
Reactor System ex. Preheat Fired Heaters 182 193 240
Prehest Fired Heaters 64 53 50
Product Ges €ooling and Scrubbing 107 137
Sour Water Stripping/KH3 Recovery 25 8 29
Acid Gas Removal/Sulfur Recovery 202 215 233
Kethane Recovery/Refrigeration 94 96 98
Catalyst Recovery 49 49 43
Common Facilities 69 €9 69
SUBTOTAL 848 882 961
Materials Handling .
Coal/Coke Handling 30 A 3
Chenicals Receipt and Storage 25 26 28
By-Products Storage and Shipping 4 4 4
Waste Solids Handling and Disposal 34 34 35
SUSTOTAL 93 95 100
Utilities
Raw Kater/BFW Treating k3 38 a9
Stean Generation and Distribution 150 165 180
Flue Gas Desulfurization 64 67 70
Cooling Water 12 12 12
Electric Power Distribution 28 30 30
Miscellaneous Utilities [ 7 8
SUBTOTAL 295 319 339
General Offsites
Hastewater Treatment 60 63 - 64
Safety and Fire Protection 16 17 7
Miscellaneous 0ffsites 50 50 50
SUBTOTAL 26 130 131
TOTAL EX. PDA 1,383 1,425 1,631
PROCESS DEVELOPMENT ALLOWANCE 169 176 152
TOTAL SRECTED COST 1,532 1,601 1,720
CALL 1,530 1,600 1,720




Table 5.1-22

SNG COST COMPARISON OF THE STUDY DESIEN WITH

THE 30°F APPROACH TO METHANATION EQUILIBRIUM CASE

AND THE 70°F APPROACH (1.3 x Kg) CASE
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case

Basis: e January, 1978 Instant Plant, Eastern I11inois Location
e 90% Capacity Factor
e Economic Basis Consistent with CCG Study Design
® 256.9 GBtu/SD Net SNG (Study Design)
® 255.7 GBtu/SD Net SNG (30°F Case
®» 254.8 GBtu/SD Net SNG (7G°F Case)
SNG Cost Breakdown, $/MBtu
Study Design Case Case
o Coal
-~ To Gasifiers 1.128 1.133 1.137
- To Coal Dryer Fuel 0.055 0.056 0.056
~ To Offsite Boilers 0.230 0.260 0.290
SUBTOTAL 1.413 1.449 1.483
o Major Chemicals
-~ KOH (30 wt% Contained) 0.221 0.222 c.223
- Lime (97% Ca0)
+ To Catalyst Recovery 0.153 0.153 0.154
+ To FGDS 0.041 0.047 0.052
SUBTOTAL 0.415 0.422 0.429
e Other Operating Costs .
~ Purchased Electric Power 0.343 0.354 0.367
- Raw Water 0.005 0.005 0.006
- Other Catalysts and Chemicals 0.055 0.062 0.063
- Wages and Benefits 0.244 0.253 0.258
- Salaries and Benefits 0.077 0.080 0.087
- Labar Overheads and Supplies 0.064 0.060 0.069
~ Materials and Overheads 0.598 0.529 0.678
- Waste Solids Disposal 0.033 0.033 0.034
SUBTOTAL 1.420 1.482 1.572
e By-Product Revenues . .
- Ammonia (20 wtX Contained) (0.143) (0.145) (0.14%)
- Sulfur (0.031) (0.032) (0.032)
SUBTOTAL (0.175) (0.177) (0.177)
e Capital Charges 3.104 3.269 3.540
TOTAL SUBSTITUTE NATURAL GAS COST 6.177 6.445 6.847
CALL 6.18 6.45 6.85
. . % CHANGE IN GAS COST +.,4% +10.8%
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Cas Cosi, $/MBtu

FIGURE 5.1-8
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These results are rough, first-pass laboratory guidance'studies and can
be reworked in greater detail as more PDU data become available and as the
gasifier model is updated to reflect additional bench and PDU data.

5.1.14 acts of Updated Catalyst Forms on CCG Reactor System Material
and Energy Balance lé. B. Raupp, H. A. Marshall)

As part of the catalyst recovery screening studies (described elsewhere
in this report), the basis for the catalyst forms material balance was up-
dated. Some significant changes were made from the basis used in the earlier
CCG Study Design. In addition, the CCG gasifier system material and energy
balance model {see Section 5.2) included some revisions to the enthalpies of
catalyst forms and char solids. In order to quantify the impact of.these
changes on the commercial CCG process, a series of reactor system material
and energy balances were carried out. The results of these balances are
summarized in Table 5.1-23.

The first two columns of the table show the impact of the revisions in
the enthalpies of catalyst forms and char solids. The effect is very small:
a slight increase in preheat fired heater outlet temperature and duty and a
resultant decrease in net SNG product.

The remaining cases in Table 5.1-23 are all based on the catalyst forms
balance for Case 2 of the catalyst recovery screening studies, Water Wash
with Filters. (The other water wash cases also have similar catalyst forms
balances.) Uncertainties in the amount of potassium carbonate (KpC03) leaving
the gasifier and the hydration heat of KjCO3 entering the gasifier are .
reflected in four separate sub-cases. If no free KyCO3 is present in the
solids leaving the gasifier, the updated catalyst forms basis results in a
reduction in the net SNG yield of 1.8% relative to the Study Design. This
case also suffers from increases in preheat fired heater outlet temperature
and duty.

The principal cause of these changes is reduced oxygen content of the
solids leaving the gasifier in Case 2. In the Study Design, it was assumed
that potassium carbonate catalyst would react with char in a way which
“fixed" organic oxygen in an "active complex" in the char solids:

KoC03 + 2HO-Char « 2KO-Char + CO2 + Ho0

More recently in Case 2, it was asstmed that the reaction to form the
*active compiex® would not involve oxygen tie up:

KoC03 + 2H-Char =+ 2K-Char + COp + H20
In this case, the coal feed starts with the same amount of organic oxygen

but essentially all of this oxygen ends up in the gasifier products. The
effect of this increase in the oxygen going to gasification products is
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Table 6.1-23

KEY IMPACTS OF UPDATED CATALYST FORMS
ON GCG REACTOR SYSTEM MATERIAL AND ENERGY BALANCE

BASIS: e Coal Feed Rate:
o Gasifier Conditions:

CCG Study Design Basis

Original
Model New Model
Gross SNG Product, GBtu/SD (HHV) 271.9 271.9
Net SNG Product, GBtu/SD (HHV) 256.9 256.7
Change in Net SNG Product, Base "-O.l
% of Base Product
Steam Requivement, 1b-mole/hr 87,800 87,800
Recycle Gas Rate, b-mole/hr 57,600 57,600
Normal Preheat Fired Heater Coil Outlet 1543 1546
Temperature, °F
Preheat Fired Heater Heat Absorbed,
MBtu/hr 485 490
Notes:

B

14,490 ST/SD (Uet)

500 psia, 1275°F

Catalyst Recovery Screening Case 2 Basis(1)

Ko03 K203  KaCO3 Mith uyﬁraglon(z)
267.7  268.2  269.0 269.0

252.3 263,56  255.3 254,9

-1.8 -1.3 -0.6 -0.8

87,000 86,900 86,500 86,500
57,400 57,200 67,000 57,000

1560 1544 1520 1529

510 485 450 460

"% KaC03" vefers to percentage of total potassium leaving gasifier as Kp(03.
Assumes potassium carbonate in gasifier feed {s hydrated as KpC03:1.5H30(s).



significant: for every four atoms of oxygen added to the product gas, one
mole of methane yield (SNG) is lost. It is as if the following reaction is
taking place:

4 Ochar + CHg + C02 + 2H20

Thus, in order to develop an accurate gasifier material and energy balance,
it is important to measure with reasonable accuracy the amounts of oxygen
entering with the feed coal and leaving with the spent solids. Since the
oxg{gen contents of coal and char are obtained by difference, this is diffi-
cult.

The amount of potassium leaving the gasifier in the form of free KyC03
is another key uncertainty which can have a significant impact on the ma-
terial and energy balance. Data available when the Case 2 basis was set
indicated that about 20% of the potassium would be in the form of free K
leaving the gasifier. Additional data on catalyst forms from the PDU showed
up to 50% or more as KpC03. As Table 5.1-23 illustrates, if KpCO3 makes up
50% of the total potassium leaving the gasifier, the reduction in net SNG
yield relative to the Study Design is only 0.6%. Furthermore, preheat fired
heater outlet temperature and duty actually drop well below the Study Design
values. In these balances, it was assumed that the percentage of K-Char de-
creases as the percentage of KyC03 increases. In effect, the gasifier
material and energy balance is modified by the following reaction:

2K-Char + COp + H20 + KoCO3 + 2H-Char

3ecause this reaction is exothermic, the gasifier heat input requirement
cecreases as the amount of K;C03 increases, reducing the amount of SNG used
as heater fuel. Also, because this reaction adds hydrogen in the char,

the gross SNG product is increased. Both factors contribute to the higher
net SNG yield.

The final colum in Table 5.1-23 shows the potential impact of the heat
of hydration of K2C03 in the feed coal plus catalyst entering the gasifier.
It was assumed for this calculation that potassium carbonate in the feed is
present as KaC03-1.5 H20(g). In all other respects, the basis is unchanged
from the column immedi ateiy to the left. The extra heat required to decom-
pose the hydrate adds 10 MBtu/hr to the preheat fired heater duty and
reduces the net SNG yield siightly. Hydration of other feed catalyst forms
in addition to KyCO3 could nearly double this impact.

One other key uncertainty in the CCG gasifier material and energy bal-
ance which is not specifically addressed in Table 5.1-23 is the feed coal
heating value. If the heating value of the feed coal increases, the gasi-
fier heat input requirement decreases, and vice versa. An error of only
0.5% in the feed coal heat of combustion, predicted by the Mott-Spooner
correlation in the CCG reactor system material and energy balance model
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(reference cited in Section 5.2.2), would change the preheat fired heater
duty by over 50 MBtu/hr (and change net SNG yield by over 1.3 &Btu/SD).

For commercial design purposes, it will probably be necessary to provide
sufficient fiexibility in the heat input facilities to allow for changes in
gasifier heat requirement of at least this magnitude.

5.1.15 Incentive Study for Removing Methane from Recycle Gas

A brief screening study was carried out to determine whether there is
an incentive for reducing the methane content of the gas stream recycled to
the catalytic gasifier. In the CCG Study Design the recycle gas contained
10 mole % methare. This was thought to be the lowest methane content in the
recycle gas that could be practically achieved with a cascade refrigeration
system consisting of propylene, ethylene, and methane loops. Lower methane
content would require lower temperatures and the addition of a nitrogen
refrigerant loop to the cascade.

The effect of removing methane from the recycle gas was simulated using
a material and energy balance program for catalytic coal gasification. The
process basis and conditions were identical to the CCG Study Design except
for the removal of all the methane from the recycle gas stream. The design
changas required in the cryogenic methane recovery system were not evaluated
at this time. The key differences between the "no methane in recycle gas"
case and the CCG Study Design are listed in Table 5.1-24 and summarized
below:

o Total recycle gas rate reduced by 17%.

¢ Raw gasifier effluent gas rate reduced by 8%.

o Feed to methane recovery tower reduced by 11%.

e Preheat fired heater fuel fired down by 6%.

e Overall net methane product increased by 0.2%.

e Offsite steam requirement reduced by 6.8%.

9 Feed to acid gas removal reduced by S%.

e Gasifier volume reduced by 4%.

Although the preheat fired heater duty requirement to heat balance the
gasifier was lower in the "no methane ‘in recycle gas” case, the heater coil

outlet temperature was calculated to be 32°F highaer. This is due to the
steam/recycle gas rate being about 10% lower than in the Study Design.
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Table 5.1-24

SUMMARY OF SCREENING STUDY FOR REMOVAL
" OF CHy IN CCG RECYCLE GAS

Study Design Base Case - 10% CHs in Recycle Gas
Incentive Study-0% CHg in Recycle Gas

B No CHag
as?l) 4 in

Case Recycle Gas

Gasifier Temperature, °F 1,275 1,275
Coal Feed to Gasifier, ST/SD 14,490 14,490

Plant Rates and Operating Conditions

Net CHgq Product, 1b moles/hr 27,973 28,015
Total Recycle Gas, 1b moles/hr 57,200 47,500
Gasifier Steam/Recycle Gas, 1b moles/hr 131,000 117,200
Raw Gasifier Product, 1b moles/hr A 164,800 151,000
Acid Gas Removal Feed, 1b moles/hr 110,400 100,400
Methane Recovery Feed, 1b moles/hr 87,100 | 77,200
Normal Preheat Fired Heater COT, °F 1,543 1,575
Preheat Fired Heater Fuel Fired, MBtu/hr 530 500
Steam Consumption, 1b moles/hr(2) 38,900 37,500
Steam Conversion,% 41 42
Overall Net CHq Product, G Btu/SD : 257.0 257.4
Steam Generated Offsite, 1b moles/hr -59,300 55,300
Relative Gasifier Volume 100 96
Notes:

4
Change

+ 0.2
-17
-11

-9
-11
+32°F
-6

+2
+0.2

(1)-Base case refers to CCG Study Design completed in the Predevelopment
- -Program and documented in the Final Report FE-2369-24.
(2) Steam consumption = steam in preheat fired heater inlet + water with
coal + cooling Steam - steam in reactor effluent.
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In the methane recovery section of the plant, more refrigeration would
be required to reduce the methane content of the recycle gas stream. This
would require greater investment and operating cost in that section.

Overall, it was concluded that there are incentives for reducing the
methane content of the recycle gas stream.

5.1.16 Gas Separation Screening Study

A unique part of the Catalytic Coal Gasification process is the methane
recovery system where product methane (SNG) is separated from a recycle
stream consisting mainly of CO and Hpo. Prior to this separation, it is
necessary to remove components that could freeze at low temperature. After
bulk removal of HaS and CO2 in a selective heavy glycol solvent absorption
system, trace components are removed by adsorption on activated carbon and
molecular sieves. The clean gas is then fed to methane recovery.

In the CCG Study Design, information supplied by a vendor was used for
design of the acid gas removal system. The information was of screening
quality and was not optimized for the specific application to CCG. The
methane recovery separation was made using cryogenic distiliation. The
system specified in the Study Design was based on Exxon work prior to the
Predevelopment Contract E(49-18)-23569. 1In this work, a detailed and opti-
mized study design was developed for one methane recovery process configura-

tion. Time did not permit detailed consideration of other process configu-
rations.

The objective of the gas separation screening study was to develop an
optimized process basis for these sections of the CCG process., This effort
was based on the work done by Air Products and Chemicals, Inc. of Allentown,
Pennsylvania under DOE contract ET-78-C-01-3044. The objective of that
contract was to recommend the most attractive combination of acid gas removal
and cryogenic methane separation for the CCG process. The information
developed by Air Products was assessed and assimilated into the mainstream
of the CCG process development.

A flow scheme for the Methane Recovery System included in the CC& Study
Design is presented in Figure 5.1-9. In this system methanre is recovered
via cryogenic distillation using external cascade refrigeration cycles.
Treated and dried feed gas at approximately 420 psia and 5°F is cooled in
the feed/product exchanger before entering the Methane Recovery Tower. 1In
this tower C0 and Hy are separated from CHg by crysgenic distillation at
about 410 psia. The main condenser duty is supplied by a cascade refrigera-
tion system consisting of propylene, ethylene, and methane refrigeration
cycles. -The reboiler duty is provided by condensing a portion of compressed
methane refrigerant. The tower overhead vapor is warmed in the feed/product
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METHANE RECOVERY VIA CRYOGENIC DISTILLATION
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_exchanger, compressed and sent to the gasifier. The product methane bottoms
is flashed to Tow pressure (88 psia and 70 psia) to supply feed refrigera-
tion and part of the condenser duty. The vaporized bottoms is then com-
pressed to pipeline conditions.

The flow scheme for the alternative Methane Recovery System proposed
by Air Products is i1lustrated in Figure 5.1-10. In this system, methane
separation is achieved by autorefrigeration of feed gas followed by stripping
of CO and Ho at low pressure. Treated and dried feed gas at approximately
420 psia and 5°F is cooled and partially condensed in the main exchanger.
The cooled vapor portion is rich in CO and Hz and is withdrawn from the
separator drum at 390 psia. The resulting ligquid is let down in pressuve
to 40 psia and fed to the CO stripper to remove dissolved CO and Hp. The
stripper overhead vapor and the vapor withdrawn from the separator drum are
warmed in the main exchanger, compressed, and sent to the gasifier as re-
cycle gas. Evaporation of the stripper bottoms (CHg) provides the required
refrigeration to cool the feed in the main exchanger and reboiler. A por-
tion of the bottoms methane entering the main exchanger is let down to near
atmospheric pressure to supply the cold-end duty at the required temperature
level. The remaining portion is pumped to about 80 psia so that the vapori-
zation temperature closely matches the feed cooling curve at the warm end.
The warmed SNG streams are compressed 1o product pressure.

Advantages for this system relative to the Study Design Methane Recovery
System are as follows:

e Separation of CHg Trom CO/Hp is easier at low pressure due to greater
CO/CHa relative volatility.

¢ Most of the CO and Hy are separated from the product methane by
simpie cooling and a separator drum without having to be fed to the
cryogenic low pressure stripper. This permits separation of the
remaining CO and Hp at low pressure while minimizing CO and H2 recom-
pression costs.

o External refrigeration cycles are eliminated resuiting in a simplar
process configuration.

A screening study was conducted to make a consistent comparison between
the two systems. The first step in this work was to develop material and
energy balances for the two systems on a consistent basis. A horsepower
estimate was developed for the alternative methane recovery scheme ard is
- compared below to the horsepower estimate for the Study Design system.

- 3290 -




-l6e-

| FIGURE 5.1-10
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GAS SEPARATION SCREENING STUDIES
MATERIAL AND ENERGY BALANCE COMPARISON

Base CCG Alternative CHy
Study Design Recovery System

Tower Pressure, psia 410 a0
Percent CO and Hy Bypassing Tower - 85
Number of Trays 30 10
Tower Diameter (one of two trains), t i0 10
Reboiler Duty, MBtu/hr 66 A
Total Refrigeration Compression, HP 65,000 -
Recycle Gas Compression, HP 17,000 36,000
Product Gas Compressicn, HP 56,000 £5,000
Total Compression, HP 138,000 102,000

The horsepower requirement for the alternative methane recovery system is 26%
lower than that for the Study Design system. The CC6 Study Design includes
some allowance for heat leak into the system. The horsepower for the alter-
native methane recovery system shown here does not include an allowance for
heat Teak. It is expected that heat leak will not significantly increase
system horsepower requirements. ’

In addition to the substantial horsepower savings, the low pressure
stripping system has a lower investment than the Study Design system as
indicated by the reduced number of trays and design pressure for the tower
and elimination of the entire cascade refrigeration system.

The results of the study show a gas cost of 5.79 $/MBtu, a 6% savings
over the CCG Study Design gas cost of 6.18 $/MBtu (as reported earlier in
this report. The main factor contrituting to this savings was a reduction
in plant investment of 100 MS$, to 1430 M$. As shown in Table 5.1-25, almost
all of this investment savings is directly related to the lower investments
for the two improved sections. Table 5.1-26 shows a breakdown of the gas
cost. Next in importance to the investment savings for this study was the
increase in net SNG product from 257 to 261 GBtu/SD. This increase is dus
mainly to lower product losses in Acid Gas Removal. Final 1y, Tower operating
costs also accounted for some of the savings for this study.

A study was also performed to evaluate the combined effect of the
Improved Gas Separation Study and Catalyst Recovery Screening Studies
Case 2 (in which the so1id/1iquid separation technique is rotary drum
filters). The results of this study show little net impact on the Study
Design gas cost, lowering it from 6.18 to 6.16 $/MBtu. Although the
plant investment is decreased 40 M$ to 1490 MS, increased operating costs
cancel this savings, causing almost no change in the gas cost.
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Table 5.1-26

GAS SEPARATION SCREENING STUDY -

INVESTMENT COMPARISON

Basis: e Janwary, 1978 Instant Plant, Eastern I1linois Location

o 25 Project Conti

ngency

¢ 25X Process Development Allowancs on Onsites

Onsites

Coal Drying/Catalyst Addition
Reactor System

Product Gas Cooling and Scrubbing
Sour Water Stripping/KH3 Recovery
Acid Gas Removal

Sulfur Recovery

Methane Recovery/Refrigeration
Catalyst Recovery

Cooxmon Facilities

SUBTOTAL .

Materials Handling

Ccal Handling and Storage
Coke/Char Handling

Chenicals Receipt and Storage
By-Products Stora2ge and Shipping
Waste Solids Handling and Disposal

SUBTOTAL

Utilities

Raw Water/BFW Treating
Stean Generation and Distribution
Flue Gas Desulfurization
Cooling Water
Electric Power Cistribution
Miscellaneous Utilities
SUBTOTAL

General Offsites
Nastewater Treating
Safety and Fire Protection
Miscellaneous Offsites

SUBTOTAL

TOTAL EX. PDA
PROCESS DEVELOPMENT ALLOWANCE

TOTAL ERECTED COST
CALL

Investment, M$
T as
Stidy Design Separation Case

56 56
246 246
175 123
A 2
49 49
69 69
848 767
2% 24
5 6
25 24
4 4
34 34
93 g2-
36 36
1% 147
64 63
12 12
28 3
6 6
296 32
60 6l
16 16

. —_
126 128
1,363 1,279
169 153
1,532 1,432
1,530 1,430



Table 5.1-26

GAS SEPARATION SCREENING STUDY
GAS COST COMPARISON

Basis: e January, 1978 Instant Plant, Eastern I1Tinois Location
o 80X Capacity Factor
e Economic Basis Consistent with CCG Study Design
e Net SNG Rates: Study Design - 257 EBtu/SD
Improved Gas Separation - 261 GBtu/SD
SNG Cost Breakdown, $/MBtu
(W Improved Gas
Study Desian Separation Case
e Coal
- To Gasifiers 1.128 1.109
- To Coal Dryer Fuel 0.055 0.054
- To Offsite Boilers 0.230 0.221
SUBTOTAL 1.413 1.384
® Major Chemicals
- KOH (30 wt¥% Contained) - 0.221 0.217
- Lime (97% Ca0)
+ To Catalyst Recovery 0.153 0.150
+ To FGDS 0.041 0.040
SUBTOTAL _ 0.415 0.407
¢ Other Operating Costs
- Purchased Electric Power 0.343 0.321
- Raw Water 0.005 0.004
- Other Catalysts and Chemicals 0.056 0.0487
- Wages and Benefits 0.244 0.235
- Salaries and Benefits 0.077 0.073
- Labor Overheads and Supplies 0.064 ¢.062
- Materials and Overheads 0.598 0.550
- Waste Solids Disposal 0.033 0.032
SUBTOTAL 1.420 1.324
¢ By-Product Revenues '
- Ammonia (20X Contained) (0.144) (0.141)
- Sylfur (0.031) (0.031)
SUBTOTAL ) (0.175) (0.172)
e Capital Charges 3.104 2.845
TOTAL SUBSTITUTE NATURAL GAS COST 6.18 5.79
% CHANGE Ik GAS COST Base -6.3%
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5.1.17 Assessment of Trace Components in CCG Gas Loop

A study was made to identify and quantify trace components which
might be present in the CCG gas Toop and to assess their potential impacts
on the CCG& process. The broad classes of impurities which were considered
include Tight hydrocarbons, nitrcgen compounds, sulfur compounds, 1ight and
heavy o0ils, tars, halogen compounds, and components which could combine with
these in the gas phase. Potential concerns to be evaluated associated with
these impurities include effects on corrosion, fouling, plugging. purge
stream balances. cryogenic freezeout, waste water treating and piant emis-
sions. .

The levels of trace components :assumed for the CC& Study Design and
the bases for those levels are presented in Table 5.1-27. In this study,
additional potential trace components were identified, as listed in-the
table. This list provided guidance for efforts to identify and quantify
key impurities in the PDU gasifier effluent.

5.1.18 Cryogenic Acid Gas Removal Incentive Study

An engineering screening study was completed which evatuated the
economic incentives for using a cryogenic fractionation scheme for acid
gas removal in the Catalytic Coal Gasification Process. This study included
the definition of the process flow scheme, detailed material and energy
balances, design of the required equipment, and development of investment,
operating costs and economics for this process concept.

Previous work done under the CCG Predevelopment Contract led to the
conclusion that carbon dioxide (C02) freeze-out would occur in some part of
the acid gas fractionation system over the entire range of possible tower
operating conditions. For “he current study, it was assumed that the freeze-
out problem could be handled in a simple inanner within the system. Further
work to determine the actual effect of COp freezs-out would be necessary to
determine the actual technical feasibility of the proposed scheme.

A simplified block flow diagram of the Cryogenic Acid Gas Removal
Scheme is presented in Figure 5.1-11. The scheme incorporates two new
distillation towers. In the first tower, the Acid Gas Fractionator (AGF),
CO2 and HpS are separated from an overhead Hp, CO, and CHs stream.

The overhead stream is then fed to cryogenic Methane Recovery. The bottoms
CO2 and HpS stream from the Acid €as Fractionator is fed to the second

. tower, the Acid Gas Splitter (AGS), where the overhead is essentially pure
C02 and the bottoms is an 80/20 mixture of CO2/H2S. This bottoms stream
is then sent to sulfur recovery. A flow plan showing process operating
conditions and major eguipment is: presented in Figure 5.1-12.
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During the study, various process conditions, flow schemes, and heat
integration/refrigeration options were investigated. The alternatives were
compared on the basis of minimizing total system horsepower requirements.
This is believed to be the mejor investment and operating cost parameter in
cryogenic systems. The design bases for the three towers involved in the
study are described below.

In the Acid Gas Fractisnator, an overhead CO2 concentration of 150 vppm
was specified to elimirate the need for molecular sieve adsorption for CO2
removal upstream of methane reccvery. The AGF bottoms specification was set
to Timit methane losses to G.1% of the methane fed to the tower. This low
level of methane losses is relatively easily achieved and compares to methane
Tosses of about 1% for the heavy glycol solvent absorption system used in the
CCG Study Design. The reduced methane losses result in a higher product SNG
rate for the cryogenic acid gas removal case compared to the Study Design.
Alternative AGF operating pressures were evaluated. High pressure is desir-
able to increase tower operating temperatures which might minimize the impact
of CO2 freeze-out. Pressures of 1000 psia and 850 psia were evaluated and
the Tlower pressure level provided about a 7% savings in feed/product compres-
sion and refrigeration power requirements. AGF feed temperatures between
-60°F and -140°F were evaluated and the minimum power requirements were
obtained at a feed temperature of about -115°F. This produced a 17% savings
versus a feed temperature of -60°F.

The Acid Gas Splitter (AGS) separates a COp overhead product from
an 80% C0»/20% HoS bottoms product. After energy and refrigeration
recovery, the COz stream is vented to the atmosphere. An overhead Ha2S
concentration of 10 vppm in the CO2 vent stream was specified, consistent
with the Study Design. The HpS containing bottoms product is fed to a
Claus Plant for sulfur recovery. The AGS operating conditions selected
enable use of a heat pump loop with propylene refrigerant for both the con-
denser and reboiler duties. The specification of a lower COp level in the
AGS bottoms would require additional stages and/or reboiler duty and would
raise the bottoms temperature. This would significantly increase power
requirements in the propylene heat pump loop. Cost savings in the Claus
plant would be uniikely to offset these debits.

In the Methane Recovery Tower (MRT), a CO/H overhead stream is separated
vrom the CHs bottoms product. The tower specifications are consistent with
the Study Design (0.1%¥ CO in product methane, 10% CHs in the recycle gas).

The MRT feed from the AGF overhead is cooled and flashed to 420 psia (the same
as in the Study Design). Tower feed temperatures from -198°F to -240°F were
evaluated, and -200°F was chosen as the basis. At this condition, expanding
the bottoms product provides the entire MRT condenser and feed cooling duty.
This stream is also used to help cool the AGF feed.

An effort was made during the study to optimize the heat integration/

refrigeration scheme for the process. The final scheme, as shown in Figure
5.1-13, consists of the following:
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e An external three-level cascade refrigeration system utilizing
methane, ethylene and propylene refrigerants provides both the Acid
Gas Fractionator condenser duty (-172°F process temperature) and a
portion of the feed cooling duty.

e A single heat pump loop of propylene refrigerant accomplishes both
the condeaser and reboiler duty for the Acid Gas Splitter.

¢ The overhead stream from the Methane Recovery Tower (MRT) is used
to subcool the methane bottoms product. This bottoms stream is then
adiabatically expanded to provide the refrigeration requirements for
the condenser (-249°F process temperature) and feed cooling of the
MRT.

e The remainder of the Acid Gas Fractionator feed cooling is accom-
plished by feed/effluent heat exchange with the methane product,
recyclie gas, and CO2 vent gas.

The utility requirements developed for this system are presented below:

UTILITY REQUIREMENTS

CCG ’ Cryogenic Acid
Study Desian Gas Case
Brake Horsepower 194,000 267,000(1)
AGR Steam (65 psig), k1b/hr 415 -
Total Cooling Water, kgpm 79 59

Note: (1) Includes 21,000 HP credit for expanders.

The total brake horsepower requirement for the new system is 38% greater
than for the CCG Study Design. ° Steam requirements for the Acid Gas Removal
Section have been completely eliminated in the new scheme, and total plant
cooling water requirements have been reduced 25%.

A breakdown of the investment for the Cryogenic Acid 6as Removal Case
compared to the Study Design is presented in Table 5.1-28. The invest-
ment for the crvogenic acid cas removal section is 59 M$ lower than the
Study Design investment for heavy glycol acid gas removal. Investment )
savings in sulfur recovery, methane recovery and other onsites are balanced
by increased investment for refrigeration. The offsite investment in water
and steam systems is reduced by 10 M$ because of reduced steam requirements.
This is somewhat offset by a 5 M$ investment increase for electric power
distribution because of the larger power requirement. Overall, the invest-
ment for the cryogenic acid gas removal case is reduced by 100 M$ compared
to the Study Design. .
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Table 5.1-28

CATALYTIC COAL GASIFICATION
CRYOGENIC ACID GAS REMOVAL STUDY

INVESTMENTS

Basis: Same Coai Feed to Gasifier (14,490 ST/SD)
as CCG Study Design
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Study Design Cryo. Acid
Base Case Gas Case Change
Plant Section (M8) (M$) (MS‘);

Onsites

Acid Gas Removal 140 81 {59)
Sulfur Recovery 22 19 ( 3)
Methane Recovery 44 41 (3
Refrigeration 31 38 7
Other Onsites 442 439 (3
Onsites Subtotal 679 618 (61)
Offsites

Water Systems 38 35 (3)
Steam Systems 171 164 (7)
Electric Power Distribution 23 28 5
Other Offsites 179 179 -
Offsites Subtotal 411 406 ( 5)
Total Direct and Indirect Costs 1,090 1,024 (66)
Process Development Allowance 169 153 (16)
Project Contingency 27 253 (18)
TOTAL ERECTED Z0ST 1,530 1,430 (100)




A breakdown of the gas cost for the Cryogenic Acid Gas Removal Case is
presented in Table 5.1-29. A summary of the gas cost for the new case as
compared to the Study Design is shown below:

GAS COST SUMMARY

CCG Study Desiagn Cryo. Acid Gas

Coal Feed to Gasifier 14,490 ST/SD 14,490 ST/SD
Net SNG Product 257 GBtu/SD 261 GBtu/SD
Plant Investment 1,530 M$ 1,430 M$

SNG Cost Components ————— -Gas Cost, $/MBtu-——-—- -—
I11inois No. 6 Coal 1.41 1.37

Major Chemicals 0.41 0.40
Utilities 0.35 0.5%

Other Operating Costs 1.08 1.01
By-Product Revenues (0.18) (0.17)
Capital Charges (15% DCF Return) 3.11 ) 2.86

Total SNG Gas Cost (RISP) 6.18 5.98

Savings ’ 3.

The total gas cost with cryogenic acid gas removal is 3.2%¥ Tess than the
Study Design gas cost. The debit caused by increased power requirements is
more than offset by savings from increased net SNG product and lower capital
charges associated with the net reduced investment. However, studies by Air
Products and Chemicals, Inc., under contract to DOE, have cciicluded that the
selective (two-stage) heavy glycol solvent absorption process specified for
the CCG Study Design can be optimized for use with the CCG process. Their
results indjcate that the gas cost for the optimized system can be reduced
by about 1-2% versus the configuraticn used in the CCG Study Design. Thus
the actual incentive for cryogenic acid gas removal as defined in this study
is a gas cost savings of only 1-2%. This incentive is small relative to the
Tikely problems in handling COp freeze-out. Optimization of the cryogenic
acid gas removal system could reduce its cost but would make it more diffi-
cult to deal with COp freeze-out. Thus, there is Tittle incentive for
research on the cryogenic acid gas removal system as defined by this study.

- 403 -



5360-0026Fbw

Table 5.1.29
GAS COST

SUMMARY
CRYOGENIC ACID GRS REMOVAL INCENTI¥E STUDY

Basis:

SNG Cost Companents
I1linois No. 6 coal (cleaned)

To Gasifiers
To Coal Dryer Fuel .
To 0ffsites Boilar Fuer

Subtotal
Major Chemicals
KOH Solution (30% wt.)
Lime (97% Cal)
To Catalyst Recovery
To Flue Gas Desulfurization
Subtotal

Cther Cperating Costs

Purchased Electric Power

Raw Uater

Other Catalysts and Chemicals
Wages and Benefits

Salaries angd Benefits

Labor Qverheads and Supplies

Haterials and Overheads
wWaste Solids Disposal

Subtotal
8y-Product Revenues

Asmonia (20% wi.)
Sulfur

Subtotal
Capital Charges

January, 1978 Instant Plant,Castern 111inois Location
261 Billion 8Btu/Stream Day SKG (HHVY Basis)
S0X Capacity ractor
100% Equity Financing
15X Current Dollar DCF Return
Escalation Rates:
- Operating Costs a By-product revenuves at Sa/yr.
Total Erected Cost of 1430 S

Regquircments Unit Costs
(At Full Capacity) 1978
14,490 s1/50(2)
14,490 St/50{2) 208/ST
705 ST/5D 208/57
2,650 ST/5D 208/5T
17,855 ST/SD

189 ST/5D (Contained) 3008/ST

1,005 ST/SD 398757
249 ST/SD 383/5T
219 Wi 2.585/k¥h
5,400 gpo 158/k/Gal
Many Items 5.4 M3/yr
935 Men 21 kS/man/yr
250Men 25 kS/oanfyr
20% of Wages,

Salaries and Benefits
3.3% of Total Erected Cost/¥r

8,351 S1/50
15/sT
231 ST/SD ained) 160 $/ST
324 LT/SD ‘Sgﬂt 25 /st

TOTAL SUBSTITUTE KATURAL GAS OST (RISP)(3)

CALL

Kotes:

{1) k =103, K= 106, 6 = 105.

Required initial selling price in first year cf plant operation.

g} ST/SD =short tons/stream day (i.e. one day's cperation at full plant capacity).
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SNG Cost Breakdown
$/Millign Bry (1978)

0.217

0.15%
0.£37 -

0.405

0.504
0.004
0.065
0.228
g.012
0.060
0.551
0.032

1.516

(0.142}
{0.030)

(0.172)
2.858
5.877
5.98

LT = long tons.



5.1.19 Evaporation of Catalyst Solutions

A laboratory guidance study was made to estimate the econcmic impact
of evaporating dilute catalyst solutions from catalyst recovery to concen-
trations which are suitable for direct addition to the gasifier feed coal.
These estimates of evaporation costs were used to help assess technical and
economic tradeoffs in the catalyst recovery section. As recovered solution
concentration is reduced below the level in the CC6 Study Design, fewer
washing stages are required to achieve the same overall recovery. Also, the
solid-1iquid separations are easier in dilute solutions, due to lower vis-
cosities, and in the case of separations based on gravitational forces (e.g.,
settlers, centrifuges), due to larger particle-solution density differences.
The potential cost savings for dilute solutions must be weighed against the
added costs to concentrate the recovered solution to the same level used in
the Study Design.

In order to estimate the costs for evaporation, a series of screening
studies were carried out. Figure 5.1-14 shows the general process flow-
sheet for these screening studies. It includes a conventional, multiple-
effect evaporator for concentrating the catalyst solution and an air-fin
condenser for recovering the evaporated water for recycle to catalyst
recovery. The multiple-effect evaporator uses process steam in the first
effect to concentrate the catalyst solution. Vapor raised in the first
effect is condensed in the second effect to further concentrate the re-
maining solution. The vapor from the second effect is then condensed in
the third effect, and so on. The vapor from the last effect is condensed
in the air-fin condenser. To operate the evaporator in this manner, the
solution pressure in eacn effect is maintained Tower than the pressure in
the preceding effect. The pressure in the last effect was set at 4.5 psia.
This pressure is typical of multiple-effect evaporators and was selected
because it gave the lowest combined evaporator-condenser area for repre-
sentative cases.

The process basis for the current studies was set based on the CCG
Study Design. The catalyst feed rate to the evaporator is the same as the
catalyst rate from catalyst recovery in the Study Design (equivalent to
122.8 k1b/hr of KOH). Two catalyst solution concentrations, 5 and 10% (wt.)
were considered as feeds to the evaporator system. The concentrated product
from the evaporator is a 32.2% (wt.) KOH catalyst solution, which is the same
concentration as the recovered catalyst solution fed directly to the catalyst
addition/entrained drying system in the Study Design. Steam to concentrate
the solution in the evaporator is potentially available from two sources.
Low pressure steam (e.g., 10-30 psig) can be produced from onsite waste
heat, and higher pressure steam (e.g., 150 psig) can be produced by letting
down high pressure steam from offsite boilers across non-condensing steam
turbine drivers.

To estimate the economic impact of concentrating the dilute catalyst

solutions, heat and material balances were made for each catalyst solution
feed (5 and 10% (wt.) KOH) with each steam source and with a variable number
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FIGURE 5.1-14
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of effects in the evaporator. Based on these balances, both onsite and
offsite equipment was sized and utility demands were determined. The number
of parailel evagoration trains was set to maintain individual evaporaior area
below 32,000 ft¢ {(the approximate maximum commercial size tcday). The
incremental investment and operating costs were estimated based on comparable
equipment and operating costs for the CCG& Study Design. The incremental
impact on the gas cost was then estimated using the CCG Study Design economic
basis (100% equity financing, 15% DCF return on investment, January 1978 cost
level, East I11inois location). By minimizing these increnental gas costs,
the approximate optimum number of effects for each feed concentration at each
steam pressure were selected. Table 5.1-30 summarizes these optimum cases.
The range of incremental gas costs shown in the table reflects the sensitivity
of the gas cost to uncertainties in the evaporator costs and the inclusion of
a 25% process development allowance.

A comparision of the results for the high-pressure (offsite boiler)
steam and unlimited low-pressure steam cases shows that for both feed concen-
trations, the impact on gas cost is minimized by utilizing the onsite waste
heat to raise the required low-pressure steam. However, evaluation of the
Study Design heat balance indicated that there is not sufficient waste heat
availabie to raise the low-pressure steam required to operate the evaporator
at the optimum conditions. With this constraint, either more effects must be
added to the evaporator to make it more thermally efficient or high-pressure
steam must be used to fi11 the deficit. If more effects are added to the
evaporator, less steam is required, but the incremental gas cost will increase
due to high investment charges. If only a few effects are added, the in-
cremental gas cost incveases above the optimum, but is still less than that
for all high-pressure steam. The last line in Table 5.1-30 summarizes the
rough optimum cases using the low-pressure steam estimated to be available
based on the CC& Study Design heat balance.

In the case of 5% KOH feed with limited steam, all available 30 psig
steam is used in a four-effect evaporator to concentrate about 40% of the
total feed. Additionally, the low-ievel waste heat which remains after
raising the 30 psig steam is used to raise 10 psig steam. The 10 psig
. steam is used in a three-effect evaporator to concentrate about 30% of the
feed. The remaining feed (30%) is concentrated in a five-effect evaporator
with high-pressure steam. (The incremental gas cost of using all 10 psig
steam is greater than the incremental gas cost of using a combination of
10 psig and 30 psig steam.) In the case of 10% (wt) KOH feed, the solution
can be evaporated to 32.2% (wt) entirely with 30 psig steam in a four-effect
evaporator.

The impacts of cvaporating dilute catalyst solutions on the overall CCG
process efficiency and gas cost are much less if the solution from catalyst
recovery is 10% (wt) KOH rather than 5% (wt). For 10% (wt) KOH solution, no
supplemental offsite steam is required, and thus the impact on process effi-
ciency is slight. The 10% (wt) KOH case also shows a clear economic incentive
over the 5% (wt) case. The incremental gas cost for concentrating the 10%
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Table 5.1-30

INCREMENTAL GAS COST FOR CONCENTRATING
DILUTE CATALYST SOLUTIONS BY EVAPORATION

Process Basis

o Catalyst Feed: 122.8 klb/hr KOH (dry basis)

e Feed Concentration: 5 wt¥ KOH or 10 wt¥ KOH

¢ Product Concentration: . 32,2 wt% KOH

¢ Available Steam: ' Offsite boiler steam at 150 psig and/or onsite

waste heat steam at 10-30 psig

Economic Basis
" e (CG Study Design producing 2567 GBtu/SD SNG

o 100% equity financing/15% DCF return
5% KOH Feed 10X KOH Feed
Evaporator Incremental Evaporator Incremental
Evaporator Steam Effects @ Steam Gas Cost, Effects @ Steam Gas Cost,
Basis Pressure, Psig $/MBtu_SNG Pressure, Psig $/MBtu SNG
¢ All Offsite Boiler 65 8 150 ‘ 0.37-0.47 5. @ 150 0.17-0,22
Steam
o "Unlimited" Waste 2 8 30 0.25-0,33 2 & 30 0.11-0.14
Heat Steam
o “Linited" Waste Heat 4 @ 30 -
Stean (Limit set by 3 6 10, . 0.32-0.46 4 @ 3 0.12-0.19

1977 CCG Study Design) 5 @ 180




(wt) solution to 32.2% (wt) is 0.12-0.18 $/MBtu, only 2-3% of the CC6 Study
Design gas cost of 6.18 $/MBtu. However, evaporating more dilute solutions
could have 2 significantly greater cost impact. The incremental gas cost
for concentrating the 5% (wt) solution is 0.32-0.46 $/MBtu. As discussed
above, the use of dilute catalyst solutions will reduce the number of stages
required for catalyst recovery. The results of this study have been incor-
porated in the Catalyst Recovery Screening Studies, which are discussed
later. .

5.1.20 Cost of Additives to Improve Solid-Liquid Separations Performance

An important factor in recovering the CCG catalyst from the spent gasi-
fier solids is the performance of the solid-liquid separation devices used
in the countercurrent water wash. Laboratory experiments have shown that
filter aids (body feeds or precoats) and flocculating chemicals can <increase
filtration rates for CCG solids. If the filtration rate is increased, the
total filter area required for each wash stage can be reduced. To justify
using such an additive, the cost of the additive must be offset by savings in
capital charges associated with reduced filter investment. To provide early
guidance to the expérimental programs, a simple economic evaluation was made
to quantify the potential impact of these additives on the CCG gas cost.

The process and economic bases for calculating the cost impact were
taken from the CCG Commercial Plant Study Design. The Study Design gasifier
solids production rate was used to determine the total quantity of filter
aid and/or fiocculating chemical which would be required for a given addi-
tive/solids ratio. Typical costs for additives were obtained from manufac-
turers. The calculated gas cost impacts include only the operating cost of
the additive itself. No credit was included for reduced filter area.’

The potential gas cost impacts of filter aids and flocculating chemi-
cals are summarized in Table 5.1-31 for a range of typical additive/gasifier
solids ratios. These resuits show that the use of a filter aid (unit cost
100-200 -$/ton) as a body feed at high additive/solids ratios would be very
costly, perhaps over a dollar per MBtu of SNG. However, if a filter aid is
used as a precoat at low additive/solids ratios--e.g., 0.1 pound precoat per
pound solids or so--the impact on the gas cost may be acceptable. Floccu-
lating chemicals offer more promise as an economical approach to increasing
filtration rates. At typical concentrations (5C0 wppm on solids), the use
of a flocculant would contribute only three cents per MBtu to the SNG cost.

As ‘mentioned above, these gas cost impacts do not include the credit
for reduced cost of the solid-1iquid separation device. This impact was
investigated and quantified as part of the Catalyst Recovery Screening
Studies which are discussed below.
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Table 5.1-31

GAS COST IMPACT OF ADBITIVES
TG IMPROVE SOLID-LIQUID SEPARATIONS

Cost of Filter Aids, $/MBtu SNG

{Filter A§§?gg¥$g§n§atio) (1)

Filter Aid Unit Cost 0.1 1b/1b 0.5 1b/1b 1.0 1b/1b
100 $/7 ) 0.13 , 0.67 1.34
200 3/T . 0.27 _ 1.34 2.68

Cost of Flocculants, &/¥Btu SNG

Requirement-——~eweeaacom-
(Flocculant/Solids Ratio) (1)

Flocculant Unit Cost 100 wppm 500 wppm 1000 wppm
1000 $/T < 0.01 <0.01 0.01
5000 $/T <0.01 0.03 0.07
Note:

(1) "Solids™. is used here %o represent the total dry gasifier solids fed to
catalys" recovery, typically including both the coarse char withdrawn
from the bottom of the gasifier and the overhead fines recoverad in ex-
“tarnal cyclones. Lime fed for calcium hydroxide digestion is excluded.
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5.1.21 Catalyst Recovery Screening Studies

Work continued throughout the contract on a series of engineering
screening studies to evaluate the economic impacts of alternative processing
approaches and solid-1iquid separation devices for CCG catalyst recovery.
These screening studies assessed the process and economic impacts of counter-
current water washing of the spent gasifier solids to recover the catalyst,
both with and without an initial Time digestion step. Filters, settlers,
hydroclones, and centrifuges were considered to carry out the solid-Tiquid
separations between washing stages.

Six catalyst recovery screening studies were completed. The cases
differ in the type of solid-1iquid separation device used in the counter-
current water washing sequence. Only the first case includes 1ime digestion,
which solubilizes 90% of the total potassium in the char and fines. In the
remaining cases, which utilize just water wash, only about 70% of the total
potassium is soluble. The case numbers and subject are summarized in the
following table.

SUMMARY OF CATALYST RECOVERY SCREEN&NG STUDIES

Case
Number Subject

1 Lime Digestion with Rotary Drum Filters
2 Water Wash with Rotary Drum Filters
3 Water Wash with Gravity Settlers
4 Water Wash with Hydroclones
5 Water Wash with Centrifuges
6 Water Wash with Vacuum Belt Filters and Cake Washing

The work on these catalyst recovery screening studies followed a
standard seauence. First, a process basis was established based on avail-
able information and data. A material and energy balance was then made
for lime digestion (if included) and water-wash to determine the number of
washing stages required to recover approximately 95% of the soluble catalyst
at a desired concentration. The Catalyst Recovery Material Balance Model
described in Section 5.2 of this report was used to facilitate this balance.
Equipment sizes and specification lists were developed based on the material
balance, and the investment and operating costs were estimated. These costs
were compared to those predicted for alternative processing approaches and
solid-1iquid separation devices to select the most attractive alternatives
for further study.

The process bases used for these studies reflect the solid-liquid
separation data which were available late in 1979. Data collected later in
the program was not reflected. The general trend of this new data is toward
improved separability. If this data were to be used, it would tend to narrow
the $coqomic differences between cases and would not change any of the basic
conclusions.
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The work on these cases is described belcw under separate sub-headings.

Cases 1 and 2: Lime Digestion and Water Wash with Rotary Drum Filters

Case 1 is an evaluation of countercurrent water wash combined with 1ime
digestion, using rotary drum filters for the solid-liguid separations. In
Case 2, the solid-1iquid separations are again carried out using rotary drum
filters, but the initial lime digestion step is omitted. The process bases,
material and energy balances, and equipment specifications were completed
for both of these cases, investment and operating cost estimates were pre-
pared, and preliminary economics were developed. As described in detail
below, the rotary drum filters used in the washing sequence for these two
cases were sized based on cake resistances estimated from bench scaie fil-
tration tests. As indicated below, Case 1 with digested solids requires
both more filters and larger average area per filter, when compared to
Case 2. However, Case 2 requires more makeup potassium hydroxide. This
basic tradeoff is clearly reflected in the preliminary economics for these
two cases, reported at the end of this subsection.

The process basis for Case 1 is summarized in Table 5.1-32 (along with
the process bases for Cases 2 ang 3, to be described later). A schematic
Tlowsheet is shown in Figure 5.1-15. The rates of spent gasifier solids
(char and potassium catalyst) fed to catalyst recovery are the same as in
the CCG Study Design. The char feed consists of 68% coarse char withdrawn
from the bottom of the gasifier and 32¢ fines collected in external cyclones.
The bottoms char and cyclone fines feeds are slurried with "semi-rich" cata-
lyst solution from the second wash stage and are digested at 300°F and 70 psia
with a residence time of one hour. Here, 1ime is added to give a calcium/
potassium ratio of 0.7 mole/mole. The lime reacts with insoluble forms of
potassium to produce soluble potassium salts. About 90% of the total
potassium fed is solubilized during digestion. The slurry from digestion
is flashed to 20 psia (lowering the temperature to 230°F) and then filtered
in first-stage filters to remove most of the solids. Continuous pressure
rotary drum filters are utilized. The filters operate at an inlet pressure
of 55 psia with a 35 psi pressure drop across the cake. The clarified
filtrate from this first stage is the “rich" catalyst solution and has a
potassium {(K*) concentration of 11.8 wt% (or about 17 wt% KOH). This rich
solution is filtered a second time in pressure vertical-leaf polishing filters
to remove any fines that may have passed through the rotary drum filters.
Following this second filtration, the rich solution is concentrated in
double-effect evaporators. The heat to drive the first effect of the
evaporators is provided by 30 psig steam generated from onsite waste heat.
The concentrated catalyst solution from the evaporators (22.8 wt% K¥) is
combined with makeup KOH solution (20.9 wt¥% K*) and sent to catalyst
addition to be applied to the feed coal. The condensate from the evapor-

ators is returned to the last stage of water wash, reducing makeup wash
water requirements.
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Table 5132
CATALYST l!:;_C_g‘UERV SCREEWING STUDIES
SUMMARY OF PROCESS BASES

o For all theee cases, totsl gasifier coal feed rate, catalyst loading on coal (1S wtX Kpf03
equivalent on dry coal), and solids rates leaving the gasifiers are the same as in the
*LLE Study Design®,

Case 2 Case 3

Case 1 )
Lime Digestion Hater Wash Water Wash With

Basis Item With Tiigers With Filters Gravity Settlers

Concentrations of Key Solutfors, wtX K*:

® Rich Solvtion from Catalyst Recovery 11.8 11.7 6.9
o Concentrated Solution fros Evaporators 2.8 2.8 2.9
® Makeup Catalyst Solution 20.9(1} 20.9(1) 20.5(1)

Basis for Lime Digestion

e Digestion Conditions:
- Teaperature, “F
«~ Pressure, psia
~ Residence Time, howr
~ Ca/k, sole/mole

Basis for Water Wash/Solid-Liguid Separations

¢ Percent of Total K Fed to Water ash Which is
Ultisately Water-Soluble

38

Digestion Digestion
ot kot
Included Included

e
-

8

€9.6 69.6

» Mater Wash Comditions:
= A1l Stages Except Last Stages
+ Temperature, °F
+ Pressure, psia
- Last Stage:
+ Temperature, °F
+ Pressure, psia

e Overal? Target Recovery of Soluble K Fed

Basis for Evmnioﬂ
® First Effect Steam Pressure, psig 30(5) 30(5) 30(5)

&R

167

g8 ul
8 B af

e Humber of Effects 2 2 4
Basis for Heat Balance
o Tesperatures of Major Feeds, “F:
- Bottoes Char ” 600 600 600
= Cyclone Fines 600 600 600
- Lime for Digestion &0 - -
« Makeup Catalyst Solution 60 60 &0
« Makeup Wash Water &0 60 60
o Steam Services and Pressures, psig:
= Direct Injection to Digesters 150 - -
~ Direct Injection to Water Wash Stages &5 65 30
« Indirect Heating of Semi=-Rich Solution . & - -
- Evaporators 30 » 30
& Key Heat Effects:
- Sensidble Heat Changes Included Incloded Included
- Net Heats of Mixing and Catalyst Reactions [ (6) (6)
- fieat Losses from System [*] o 0

Notess

Makevp catalyst is received as & 30 wtS KOH solutfon (20.9 wexX K*).
The solids content in the uanderflow fron 311 stages of thickeners is 15 wtX. However, the final
stage inCludes filtration of the thickener underflow and the resulting solids concentration in
the underflow (filter cake) leaving this stage §s 20 wif.

{3) Defined as weight percent of feed solids recovered in underflow.

{8) Separation efficiency for Case 3 varied from 89.4 to 91.6% for a stages except t.he'ﬂrst. The
efficiency for the first stage was 97.4%.

(5) The 30 psig steam used in the evaporators is raised in gasifier effizent waste heat boilers.

(6} g\_ ::ter1mh cases, net hests of mixing and calalyst reactions were taken as -8 kcal/g mole of

s30lved.

]
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The solids in the first-stage filter cake continue on through the
countercurrent water wash to recover the remaining soluble catalyst. Each
washing stage consists ¢ slurry mixing drums to provide contact between
richer solids and leaner solution, and rotary drum filters for separating
the solids. The filters used between each washing stage remove 99% of the
solids fed. The filter cake from each stage contains 70% 1iquid and 30%
solids. Ten washing stages are provided to recover 95% of the solubilized
catalyst fed. The water wash takes place at 23C°F, a temperature chosen to
avoid flashing on the downstream side of the filter medium at 20 psia, while
maintaining a relatively high temperature to improve filtration by reducing
solution viscosity. The temperature in the last stage is reduced to allow
solids removal without flasning in a final vacuum filtration step. This
step provides a firm filter cake for disposal in the srent solids Tandfill.

In addition to the char and fines, the fines slurry from the prcduct
gas venturi scrubbers is also processed in catalyst recovery. This stream
is combined with the solids from the rich catalyst solution polishing
filters and Tiltered in atmospheric filter belt presses. The filtrate is
added to the seventh stage of the countercurrent water wash and the solids
are sent to disposal.

Process heat for the 300°F catalyst recovery digesters s provided
indirectly with 65 psig steam (by heating the semi-rich catalyst solution
prior to slurrying the char, fines, and Time), and directly by injecting
live 150 psig steam. Heat to bring the ninth stage up to 230°F is provided
by injecting live 65 psig steam and by condensing the steam generated in
flashing the digester slurry.

Except for the deletion of the lime (calcium hydroxide) digesters and
associated facilities, the flowsheet for Case 2 is similar to the flowsheet
for Case 1 (Figure 5.1-15). Case 2 also uses pressure rotary-drum filters
in the water-wash sequence. The process basis for Case 2 (Table 5.1-32)
is essentially the same as for Case 1, except for the deletion of lime
digestion and related basis items and a different assumption concerning the
heats of mixing and catalyst reactions. The lime digestion step in Case 1
solubilizes 90% of the total potassium in the char and fines fed to the
digesters. In Case 2, with just water wash, only about 70% of the total
potassium is soluble. Both cases have a target recovery in the water-wash
section of 95% of the total water-soluble catalyst fed.

For the water wash case (Case 2), laboratory data on the heat of mixing
catalyzed char with water provided the basis for estimating a total heat
effect of -8 kcal/g mole of K* dissolved. For the digestion case (Case 1),
where no data were available, it was Judged that this exothermic heat of
mixing would be directionally offset by the heat required to drive the
digestion reactions. Thus a net heat of zero was assumed.

The results of the detailed material and energy balances for these two

Cases are summarized in Table 5.1-33 (along with results for Case 3, to be
described later). Some general comparisons between Cases 1 and 2 can be
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Table 6.1-33
CATALYST RECOVERY SCREENING STUDIES

SUMMARY OF MATERIAL BALANCE RESULTS

Case 3
Water Wash With
Gravity Settlers

Case 1 Case 2
I.ime Digestion Hater Hash
Material Balance Result _With Filters With Filters

o Number of Stages in Countercurrent Water Wash 10 10
o Recovery in Water Wash, ¥ of Soluble K* Fed 94,3 9.9
¢ Rich Solution Concentration, wt¥ Kt 11.8 11.7
& Catalyst Makeup Requirement

- Percent of Catalyst on Feed Coal 16.0 33.9

- Rate, ST/SD KOH {Dry) 233 495

- Rate, klbs/hr KOH (Dry) 19.4 41.3
¢ Lime Requirement, ST/SD (97% Ca0) 1005 -
o Wash Water Rate, klbs/hr 1054 712
¢ Water Evaporation Requirement, Klbs/hr 288 235
o Spent Solids to Disposal, klbs/hr (Dry)

- From Polishing Filters 15 14
- From Final Stage of Water Wash 291 200
e Total Slurry Feed to Solid-Liquid Separators, klbs/hr

- To Stage 1 1750 1280

- fo Stage 2 2570 1810

- To Stage 5 2400 1680

- To Final Stage 2010 1390

8 (+ 1 spare)
93.1
6.9

35.2
513
42.7

1017
568

18
196

2450
3820
- '3650
2460



drawn from this table. In both cases, the countercurrent watzr wash recovers
about 95% of the water-soluble potassium fed to the system in ten washing
stages. However, with lime digestion the percentage of the total potassium
recovered is significantly higher due to the solubilization of previously
water-insoluble salts during the digestion process. Thus for Case 1 employ-
ing Time digestion, the overall potassium recovery is 84% and the makeup
potassium hydroxide requirement is 19.4 klbs/hr. In Case 2 without diges-
tion, the overall potassium recovery is only 66% and the makeup KOH require-
ment increases to 41.3 klbs/hr.

The larger KOH makeup requirement for Case 2 means a ‘arger operating
cost for its purchase. The screening studies allowed this economic debit
for Case 2 to be weighed against the increased capital and operating costs
associated with the Time digestion step in Case 1. Not only are there
increased costs due to Time storage and handling and the 1ime digestion
equipment, but alseo, as Table 5.1-33 shows, the entire water wash section
is approximately 50% larger for Case 1 than for Case 2. This increase is
due to the additional l1ime and 1ime-derived solids which must be handled in
the digestion case. Furthermore, bench data have shown that the digestion
process significantly reduces the particle sizes in the char slurry, making
the subsequent solid-liquid separations more difficult. This impact on
separations performance was reflected in these cases, based on available
filtration data, as discussed below.

The continuous rotary drum filters in Cases 1 and 2 were designed
starting with specific ccke resistances calculated from bench-scale pressure
filtration tests. If the resistance of the filtration medium is neglecied,
the specific cake resistance («) is defined at any time during the buildup
~of a filter cake by the equation:

aPcge

q uao ctc

volumetric filtration rate per unit area, ft3/sec-ft2
pressure drop across the cake, 1bg/ft

gravitational constant, 32.17 1bp-ft/secZ-1b¢

Tiquid viscosity, 1bp/sec-ft

specific cake resistance, ft/1bqg

pc = density of solids in cake, 1bp/ft3

tc = thickness of cake, ft

where, ¢
AP.

Ta}
(2]

n
a
(o

This fundamental equation can be integrated to provide an equation for cal-
culating e from bench-scale filtration tests in which cumulative filtrate
volume is measured as ¢ ‘unction of time. The same equation can also be
integrated to provide ¢ design eguation for sizing continuous rotary drum
filters. Using the 1a* cer equations with a's calculated from the former,
the early batch fii.z~ test results have been scaled up to calculate the
required total filtration area and number of filters for these commercial
screening studies.
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The filtration experiments carried out through the end of 1979 used
digested and undigested (water wash only)} solids obtained from the Fluidized
Bed Gasifier (FBG) unit operating at 100 psig. Most of these tests werc
conducted as part of the engineering technology program on slurry rheolagy
and solid-liquid separations. (A revised summary of these laboratory batch
filter results is tabulated in Table 5.3-15 of this report.) Some results
were also available from bench filtration tests done in a vendor shop. The
available results on cake resistance are summarized below along with tha
"base case* assumptions made for designing the filters in Cases 1 anu 2.

BASIS FOR FILTER CAKE RESISTANCES*

Cake Resistance, ft/ib x 10-11
Calculated from Bench Data

Tests in Technology Program Tests Basis Assumed
Vendor ATl Kepresentative for Initial

Solids Type Shop Feeds Feeds Screening Cases
Digested 5-13 1.2-36 15-36 i0

Digested with

Flocculant No Runs 0.6-22 222 5 (Case 1)
Water Washed 3-6 0.17-1.0 0.9-1.0 i.0

Water Washed

with Flocculant No Runs ——e==m N0 RUNS =we—w-e 0.5 {Case 2)

* Based on data collected through the end of 1979.

As is evident from the ranges shown above, there was much variation in the
calculated cake resistances for solids samples of the same general type.
For the technology program tests, the results for the feed samples Jjudged to
be vore representative are shown separately. For digested and water washed
solids without flocculants, base cake resistances were assumed which are in
the lower part of the overall range of values obtained in the vendor and
representative technology program tests. Flocculants were assumed to cut
these cake resistances in half, based on technology program results with
digested solids plus flocculants and on qualitative flocculant screening
studies. These latter values were used for sizing the filters in Case 1
(digested solids with flocculant) and Case 2 (water-washed solids with
Tlocculant). Later test results on water-washed solids with flocculants
from the engineering technology program_indicated cake resistances conside

erably lower than the value of 0.5 x 1011 £t/1b used in Case 2. (See
Table 5.3-I7 in this report.)
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In addition to cake resistance, several other process and mechanical
specifications were set in order to size the pressure rotary drum filters.
These design basis items are listed in Table 5.1-34. Important items for
filter sizing are the pressure drop (35 psi,, the initial cake thickness
(0.25 1in.) and the maximum filter drum size (12 ft diameter by 36 ft long,
or 1,360 ft2). The total area required for each filtration stage is con-
strained either by the minimum final cake thickness (0.75 in.) if the solias
filter slowly as in Case 1, or by the maximum rotational speed (1 rpm) if
the solids filter rapidly as in Case 2. Although not shown in Table 5.1-34,
the design basis for the vacuum rotary drum filters serving the tenth and
final washing stage is generally analogous. The feed conditions are 15 psia
and about 150°F, and the cake pressure drop is reduced to 10 psi. In all
cases, a 25% scale-up allowance on filter area is included.

The number and average size of the filters required for .Cases 1 and 2
are summarized below.

SUMMARY OF ROTARY DRUM FILTER DESIGNS

Pressure Filters Vacuum Filters
Case Number(1) Average Area Number{l) Average Area
Case 1 (Digested Solids) 70N/18S 1,240 ft2 ea. 34N/6S 1,320 ft2 ea.
Case 2 (Water-Washed Solids) 18N/ 9S 750 ft2 ea. 4AN/1S 870 ft2 ea.

(1) N = normally operating; S = spare

Case 1 with digested solids requires both more filters and larger average
area per filter.

The economics for the catalyst recovery screening cases have been
developed on a 1978 dollar basis consistent with the revised CC& Study
Design as described earlier in this report. However, the investments and
operating costs for these screening cases include only the facilities and
operating requirements for catalyst recovery, waste solids storage, makeup
catalyst, and lime for digestion. Changes in other onsites and offsites
sections are incorporated as cost deltas. The cost deltas were calculated
using Case 2, Water Wash with Filters, as the “base case". Utilities
requirements for the screening cases are reflected by including investments
and operating costs which are an allocated share (based on usage) of the
total CCG Study Design utilities costs.

The investment estimates for catalyst recovery screening Cases 1 and 2

are summarized in Table 5.1-35. The lime digestion step in Case 1 is not
expensive in itself; the drums, pumps, and exchangers required for digestion
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Table 5.1-34
CATALYST RECQVERY SCREENING STUDIES

DESIGN BASIS AND CONSIDERATIONS
FOR_PRESSURE ROTARY DRUM FILTERS IN CASES 1 AND 2

Process Specifications

© Temperature 230°F
® Slurry Feed Pressure 55 psia
e 3P Cake 35 psi
e Initial Cake Thickness 0.25 1in.
e Final Cake Thickness (Minimum) 0.75 in.
e Cake Solids Content 3D wt¥
e Specific Cake Resistance(l)
- Digested Solids 5 x 1011 fe/1b
- Water-Washed Solids 0.5 x 1011 ft/1b

Mechanical Specifications

e Maximum Drum Size

12 ft 8 x 36 £t(2)
e Submergence 40%

e Maximum Rotational Speed
¢ Filter Drum Drive

o Discharge

e Knife Appreoach to Drum
e Medium

o Materials

Considerations

e Filter Availability
o Minimm Sparing

o Operators

e Scale-up Allowance

1 rpm

15 hp

Knife Scraper with Sluice
0.25 in.

Cloth

Stress-Relieved Carbon Steel

85%

1 Spare Filter per Stage
1 per 5 Operating Filters
25% of Theoretical Area

Notes:
(1) With addition of flocculant.

(2) These drum dimensions result in a maximum area of 1,360 ft2 per filter.
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Table 5.1-35

CATALYST RECOVERY SCREENING STUDIES
INVESTMENTS FOR ROTARY DRUM FILTER CASES

Basis: e Janvary, 1978 Instant Pioneer Plant
o Eastern I1linois Location

Plant Section

o Catalyst Recovery
« Lime Digestion
- Water Wash
- Fines Slurry Filtration
= Rich Solution Evaporation

Subtotal

¢ Changes in Other Onsites
- Preheat Fired Heaters
= Acid Gas Removal and
Sulfur Recovery
- Common Facilities
- Others

Subtotal
e Catalyst-Related Offsites
- Catalyst Receipt and Storﬂe
- Lime Receipt and Storagel
- Onsites Waste Solids Handling
Subtotal
¢ Changes in Other Offsites
o Allocated Utilitfes
' - Raw Water/Cooling Water
- Stem
= Electric Power

Subtotal

TOTAL DIRECT AND INDIRECT COSTS

PROCESS DEVELOPMENT ALLOWANCE
(25X of Onsites D and I Costs)

PROJECT CONTINGENCY
(25% of Total D and I Costs)

TOTAL ERECTED COST

Note:

Investment 8reakdown, Méillion $

Case 1 Case ¢
Lime Digestion Water Wash
Nith Filters With Filters
5 -
217 62
3 3
31 10
236 75
{a4) Base
15 Base
4 Base
0 Base
15 Base
1 3
10 -
15 12
26 15
4 Base
4 2
15 5
A —
=26 —
307 99
63 19
77 25
447 - 143

(1) Excludes lime receipt and storage for flue gas desulfurization.
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cost only 5 MS. However, the water wash section is very costly compared

to Case 2. The higher investment in Case 1 is due both to the additional
Time and lime-derived solids which must be washed, and to the higher filtra-
tion cake resistance measured for digested solids in bench-scale tests, as
described above. Lime digestion solubilizes more potassium sulfides than
water wash. These sulfides in turn are converted to hydrogen sulfide in the
gasifiers. This increases the size of the acid gas removal and sulfur re-
covery sections in Case 1, but also results in heat effects which reduce
preheat Tired heater investment. Common facilities are larger for Case 1
because of increased process area requirements for catalyst recovery.
Additicnal facilities were needed in Case 1 to handle the lime for gigestion
and to store the extra waste solids. Utilities consumptions are also larger
for Case 1. Case 2 is more costly than Case 1 only in the catalyst receipt
and storage area, reflecting the higher potassium hydroxide solution make-
up rate (495 ST/SD KOH versus 233 ST/SD KOH in Case 1). QOverali, Case 1
requires over three times the investment of Case 2.

The economic comparison between Cases 1 and 2 is presented in Table
5.1-36. Results are shown in terms of 1978 dollars per million Btu's of
product SNG (substitute natural gas), based on the CCG Study Design SNG
rate of 257 billion Btu/SD. The economic basis is the same used for the
CCG Study Design. Based on these initial screening studies, catalyst .
recovery via lime digestion with rotary drum filters (Case 1) costs a total
of 1.75 $/MBtu, 0.77 $/MBtu more than water wash with rotary drum filters
(Case 2). With water wash, makeup potassium hydroxide costs over .30 $/MBtu
more than with lime digestion. However, the cost of the lime for digestion
offsets half of this increase. Much larger costs in Case 1 for utilities
and other operating requirements, and the capital charges associated with
the larger investment discussed above, more than offset the remaining
makeup cost delta and add up to an overwhelming deficit for lime digestion.
Thus, water wash without lime digestion is 1ikely to have a very significant
advantage if votary drum filters are used for the solid-liguid separations,

The material and energy balances for these screening cases include the
estimated impact of adsorption of agueocus potassium ion (K+s§q)) on the
cher/fines solids. This adsorption effect seems to behave 1ike an equili-
brium: the amount of K"’(aq) adsorbed on the solids is apparently a func-
tion of the K¥(aq) concentration in the solution. In these imitial screen-
ing cases, a strang equilibrium potassium adsorption has been assumed based
on early, Timited experimental resuits. Inclusion of this equilibrium
approximately doubles the solid-1iquid separations equipment required to
achieve a given potassium recovery, compared to an analogous case with no
K*{ag) adsorption. Additional laboratory studies indicated that K+(aq?
adsorption may be less strong than assumed in Cases 1 and 2. This would

bring down the costs in both cases, but would be unlikely to eliminate the
big advantage for Case 2.

As indicated previously, these initial catalyst recovery screening
studies were intended only to select the more promising process and solid-
Tiquid separation alternatives for further study. There is much uncertainty
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Table 5.1-36

CATALYST RECOVERY SCREENING STUDIES

ECONOMICS FOR ROTARY DRUM FILTER CASES

Basis: e January, 1978 Instant Pioneer Piant, Eastern I1linois Location
® 257 Billion Btu/Stream Day SNG (HHV Basis)

e 90% Capacity Factor
e 100% Equity Financing

e 15% Current Dollar DCF Return

¢ Escalation Rates:

- Operating Costs and By-Product Revenues at 5%/Year

-~ SNG Reverues at 6%/Year

Catalyst Recovery
Cost Components

® I1linois No. 6 Coal @ 20 S/ST

¢ Major Chemicals
- KOH Solution @ 300 $/ST KOH
- Lime (97% CaC) @ 39 $/ST
- Flocculant (D-25A) @ 4200 $/S
Subtotal .

o Allocated Utilities
- Raw Water/Cooling Water
-~ Steam
- Electric Power
Subtotal

¢ Other Operating Costs
- Wages and Benefits
- Salaries and Benefits
- Labor Overheads and Supplies
- Materials and Overheads

- Waste Solids Disposal @ 1 $/ST

- Fuel Gas (SNG) @ 6.18 $/MBtu
- Filter Medium Replacement
Subtotal

® By-Product Revenues
~ Ammonia @ 160 $/ST Mi3
- Sulfur @ 25 $/LT
Subtotal

e Capital Charges

TOTAL CATALYST-RECOVERY-RELATED COST

CALL
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Cost Breakdown, $/Million Btu SNG
Case 1 Case 2

Lime Digestion Water Wash
HWith Filters With Filters

0.000 Base
0.272 0.578
0.153 -
0.042 9.030
0.467 0.608
0.009 0.005
0.017 0.005
0.050 0.012
0.076 0.022
0.083 0.028
0.025 0.009
0.022 0.007
0.162 0.051
0.01% Base
(0.008) Base
0.009 0.001
0.000 Base
0.008 Base
.008 Base
0.910 0.256
1.752 0.982
1.75 0.98



in the current filtration cake resistance measurements and the resulting
filter sizes for digested and water-washed solids, so caution is necessary
in trying to draw firm conclusions from the current studies. However, these
resuits do support cne important recommendation: 1laboratory and engineering
work should emphasize catalyst recovery via water wash. In keeping with
this racommendaticn, tne PDU Catalyst Recovery Unit was operated in the
water wash only mode. Similarly, the next three catalyst recovery screening

studies in the engineering program, described below, were based on water
wash.

The estimated total catalyst-recovery-related costs in Case 2, Water
Wash with Filters, are 0.98 $/MBiu of product SNG. A brief side study was
carried out to break out the corresponding cost items from the CCG Study
Design. The estimated costs for these same areas in the Study Design are
0.76 $/MBtu. Thus, catalyst-recovery-related costs for Case 2 are 0.22 $/MBtu
higher than for the Study Design. This increase represents roughly 3-4% of
the total Study Design SNG cost of 6.18 $/MBtu. It is much too early to con-
clude that overall CCG costs will necessarily increase by this amount. As
discussed earlier, costs for these screening studies may be over-estimated
because potassium may not adsorb on the solids as strongly as was assumed.

Also, no attempt has yet been made to optimize the catalyst recovery process-
ing sequence.

Another key factor is catalyst makeup cost. Studies carried out during
the CCG Predevelopmant Contract concluded that makeup KOH for commercial
CCe plants could cost from 25% to as much as 45% less than the nominal market
price, due mainly to Tower KOH purity requirements and economies of scale in
KOH manufacture (by electrolysis of potassium chloride). The price assumed
for KOH in the Study Design economic basis, 300 $/ST (contained), was only
15% below the then current (1978) market price. If economics for Case 2
were based on KOH at 200 $/ST, 44% less than the 1978 market price, the

increase in catalyst-recovery-related costs would be less than 1% of the
Study Design SNG cost.

Case 3: Water Wash with Gravity Settlers

Case 3 is an evaluation of catalyst recovery via water wash using gra-
vity settlers for the solid-1iquid separations. Laboratory settling tests
for gasifier solids at two potassium concentrations were carried out to
provide the basis for estimating the size of commercial gravity settlers for
this cervice, as described balow. The economic compariscn between Case 2
and Case 3 provides an initial indicatien as to whether filters or gravity
settlers are more attractive for catalyst racovery solid-liquid separations.

The flowsheet for Case 3 is similar to that for Case 2, Water Wash
with Filters, except that gravity settlers rather than rotary drum filters
are used in the water-wash sequence. The process basis for Case 3, shown
in Table 5.1-32, is also closely related to the Case 2 basis. Water wash
again solubilizes about 70% of the total potassium, and the water-wash se-

¥
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quence recovers about 95% of this amount. The temperature of the water wash
is Towered to 212°F in Case 3 (as compared to 230°F in Case 2), to avoid

the cost of pressurizing the gravity settlers above atmospheric. By main-
taining a temperature above ambient, a higher settling rate is obtained
because of lower solution viscosity and density. The settlers still must be
enclosed to prevent exposure to air which would oxidize sulfur-containing
potassium salts (e.g., KHS and K3S) to forms with low catalytic activity
(e.q., K2504). As in the previous two cases, the temperature in the

last stage i1s reduced to allow solids removal without flashing.

The gravity settlers used in Case 3 are not as efficient as the filters
and recover only about 90% of the solids fed to them in an underflow stream
which contains 15 wit% solids. They are also not as effective at higher
catalyst concentrations where the density difference between the particles
and the solution is small. For these reasons, Case 3 recovers the catalyst
_in only a 6.9 wt¥ Kt (or 10 wt¥ KOH) solution. This solution is then
concentrated to 22.9 wt¥% K* in quadruple-effect evaporators before recycle
to catalyst addition.

The macerial and energy balances shown in Table 5.1-33 help in under-
standing the basic tradeoffs between Cases 2 and 3. Although the makeup KCH
requirement is very similar for the two cases, the flow rates in water wash
are about twice as large in Case 3. This results from the lower rich solu-
tion concentration in Case 3 and the less efficient separations in the
gravity settlers. The evaporation requirement is also up for the same
reason. dowever, 93% recovery of water-soluble potassium is obtained in
only eight stages of washing. A ninth spare stage in series is also pro-
vided.) {In Cases 1 and 2, spare filters are provided in parallel for each
stage.

The gravity settlers (or "thickeners®) in Case 3 .were designed starting
with data from bench-scale batch settling tests conducted in a one-liter
graduated cyclinder. Results of these tests are reported earlier in this
report. The graduated =ylinder was jacketed with a hot-water bath to main-
tain the desired temperzture. Experiments were conducted by filling the
cylinder with solids slurry, and measuring the solids interface height
versus time as the solids settied. These data were plotted, and a graphical
construction procedure developed by H. H. Oltmann was used to determine the
characteristic "critical settling time* (Gc). (This procedure is described
in Fitch, E. B. and Stevenson, D. G., “Solid/Liquid Separation Equipment
Scale-Up," ed. Purchas, D. B., Chapter 4, Uplands Press Ltd., Croydon,
England, 1977.) The experimental 9. was then translated into a desian
solids flux rate for commercia]-sca?e gravity settlers using the following
equation:

_ W
G = 7Ew;
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design solids flux rate, 1b/hr-ft2

weight of solids in the batch settling test, 1b
crcss sectional area in the batch settling test, ft2
critical settling time, hr

where, G¢
W

A
ec

The factor of two in the denominator is a typically recommended scale-up
allowance or “safety factor.®

The bench-scale settling experiments carried out to date have used
undigested (water wash only) solids from the Fluidized Bed Gasifier (FBG)
unit operating at 100 psig. The design solids flux rates calculated from
these test data are shcwn in the table below.

DESIGN SOLIDS FLUX RATES
FOR WATER-WASHED FBG SOLIDS

KOH in Liquid Flocculant Design Solids Flux
2 wt% D-25A/25 ppm 52 1b/hr-ft2
10 wt% D-25A/50 ppm 33 Tb/hr-ft2

The concentration of K04 in the slurry Tiquid has a fairly strong influence
on the solids settling rate. Settler sizing for Case 3 is based on adding
flocculants in the initial dosages shown in the above table. The bench
experiments indicated that flocculants increased settling rates substantially.

These design solids fluxes determined from bench data were used to size
the gravity settlers in catalyst recovery screening Case 3. 1the more con-
centrated soiution in the bench experiments, 10 wt% KOH, is egquivalent %o
the catalyst salts concentration in the first or *rich® stage of the Case 3
water wash sequence. Settling rates for leaner stages were based on linear
interpoiation between the 10 wt% KOH and 2 wt% KOH design solids fluxes.

The results of the sizing calculations are summarized below:

GRAVITY SETTLER DESIGN SUMMARY FOR CASE 3

Feed Compartment

Wash Stage Settler Diameter, ft Diameter, ft
1 102 29
2 102 36
3 93 36
48&5 90 36
6&7 &8 a5 36
9 /7 29
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A 10-foot deep feed compartment in the center of each settler provides

10 minutes residence time for slurry mixing and solids flocculation. The
settlers are all 15 ft deep at the outer wall, and fully enclosed to main-
tain a temperature near 212°F and to avoid exposure to-air. Air exposure
must be avoided to prevent oxidation of sulfur-containing potassium sailts,
as indicated above. Only eight water-wash stages are required to achieve
the design recovery of 93% of the water-soluble potassium. A spare settler
is provided in series so that the design recovery can be achieved when any
one settler is down for maintenance.

The investment estimate for catalyst recovery screening Case 3 is sum-
marized and compared to the investment for Case 2 in Table 5.1-37. The
investment cost for water wash facilities in Case 3 using gravity settlers
is less than half the corresponding cost for Case 2 using rotary drum
filters. This change is partially offset by the increased cost for rich
solution evaporation in Case 3, which produces only a 7 wt% Kt rich solution
from water wash compared to the 12 wt® K* rich solution produced in Case 2.
Also, the gravity settlers need more plet area than the filters, and this s
reflected in a larger cost for common facilities in Case 3. Costs for off-
sites and utilities are very similar in the two cases. Overall, the Case 3
investment including process development allowance and project contingency .
is estimated to be 111 M$, 32 M$ (or 22%) less than in Case 2.

The economic comparison between Cases 2 and 3 is presented in Table
5.1-38. Results are shown in terms of 1978 dollars per million Btu's of
product SNG (substitute natural gas), based on the CC& Study Design rate of
257 billion Btu/SD. As noted above, the economic basis is the same used for
the CCG Study Design. These initial screening studies indicate that catalyst
recovery via water wash with gravity settlers costs 0.93 $/MBtu (Case 3), -
0.05 $/MBtu less than via water wash with rotary drum filters (Case 2). For
both cases, makeup KOH solution is a major part of the cost. Makeup KOH
costs slightly more for Case 3 because overall catalyst recovery is a bit
less. Because of the larger volumes of slurry handled in Case 3, flocculant
requirements are roughly doubled. The Tlower investment for Case 3 shows up
in reduced capital charges and materials and overheads, and this is the main
reason why Case 3 costs less overall. :

These results show that water wash with gravity settlers may have a
moderate economic advantage over water wash with rotary drum filters. How-
ever, this conclusion must be viewed as preliminary only. The filters and
settlers in these two cases were sized using Timited-data from bench-scale
tests. The bench tests used solids from the Fluidized Bed Gasifier (FBG)
operating at 100 psig. . . )

Cases 4 and 5: Water Wash with Hydroclones ani Centrifuges

Case 4 and Case 5 were evaluations of catalyst recovery via water wash
using hydroclones (1iquid cyclones) and solid-bowl centrifuges, respectively,
for the solid-liquid separations. For these initial screening studies,
estimates of the separations performance of hydroclones and centrifuges were
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[able 5.1-37

CATALYST RECOVERY SCREENING STUDIES
INVESTMENTS FOR WATER WASH CASES

Basis: e January, 1978 Instant Picneer Plant

o Eastern Illinois Locatien

Plant Section

e Catalyst Recovery
~ Water Wash
- Fines Slurry Filtration
~ Rich Selution Evaporation
Subtotal

o Changes in Other Onsites
= Preheat Fired Heaters
- Acid Gas Removal and
Sulfur Recovery
- Common Facilities
- Other
Subtotal

e Catalyst-Related Offsites
- Catalyst Receipt and Storage
- Onsites Waste Solids Handling
Subtotal

e Changes {n Cther Offsites
® Allocated Utilities

- Raw Water/Cooling Water
- Steam

- Electric Power
Subtotal

TOTAL DIRECT AND INDIRECT COSTS

PROCESS DEVELOPMENT ALLOWANCE
(25% of Onsites D and I Costs)

PROJECT CONTINGENCY
(25% of Total D and I Costs)

TOTAL ERECTED COST
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Investment Breakdown, Million §

Case 2 Eﬁse 3
Kater Wash Water Wash With

With Filters

Gravity Settlers

62

3
10
75

26

4

19
—ag
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13
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111




CATALYST RECOVERY SCREENING STUDIES
ECONOMICS FOR WATER WASH CASES

Basis: e January, 1978 Instant Pioneer Plant, Eastern I1linois Locat1on
® 257 Billion Btu/Stream Day SNG (HHV Bas1s)

s 90% Capacity Factor

e 100% Equity Financing

¢ 15X Current Dollar DCF Return
¢ Escalation Rates:

- Operating Costs and By-Product Revenues at 5%/Year

- SNG Revenues at 6%/Year

Catalyst Recovery
Cost Components

Cost Breakdown, $/Million Btu SNG

e I11inois No. 6 Coal @ 20 $/ST

o Major Chemicals
- KOH Solution @ 300 $/ST KOH :
- Flocculant (D-25A) @ 4200 $/ST
Subtotal

¢ Allocated Utilities
- Raw Water/Cooling Water
- Steam
- Electric Power
Subtotal

e Other Operating Costs
- Wages and Benefits
- Salaries and Benefits
- Labor Overheads and Supplies
- Materials and Overheads
- Waste Solids Disposal @ 1 $/ST
- Filter Medium Replacement
Subtotal

e By-Product Revenues
- Ammonia @ 160 $/ST NH3
- Sulfur @ 25 $/LT
Subtotal

e Capital Charges
¥

TOTAL CATALYST-RECOVERY-RELATED COST
CALL
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Case 2 Case 3
Water Wash Water Wash With
With Filters Gravity Settlers
Base 0.000
0.578 0.599
0.030 0.059
0.005 0.005
0.005 0.007
0.012 . 0.010
0.022 .
0.028 0.021
¢.009 0.007
0.007 0.006
0.051 0.037
Base 0.000
0.001 0.000
Base 0.000
Base 0.000
Base 0.000
0.256 0.183
0.982 0.934
0.98 0.93



based primarily on calculations by two Exxon-proprietary computer models.
Available data on the properties of dry CCG char and fines were used to
develop a basis for "typical® particle densities and size distributions for
input to the computer models. The results of the computer model calculations
were supplemented by information, gathered from equipment vendors, in-house
consultants, and the literature, on equipment types, sizes, performance, and
operating limitations for this service.

The major process basis items for Cases 4 and 5 are summarized in
Table 5.1-39. Also included for comparison are the values previously sst
for the other two screening studies utilizing water washing only, Cases 2
and 3. For all four cases, the total gasifier coal feed rate, catalyst
loading on coal, and solids rates leaving the gasifiers are the same as in
the CCG Study Design. As described in more detail above, the rotary drum
filters in Case 2 recover 99% of the solids fed to them as a cake containing
30 wtX solids. The catalyst is recovered in a rich solution which is about
12 wtX K* (or about 17 wtX¥ KOH). The gravity settlers used in Case 2 are
not as efficient as the filters and recover only about 90% of the solids fed
to them in an underflow stream which contains 15 wt®% solids. The settlers
are also not as effective at higher catalyst concentrations where the den-
sity difference between the particles and the solution is small. For these

reasons, Case 3 recovers the catalyst in only a 6.9 wt% K+ (or 10 wt% KOH)
solution. .

Based on computer model calculations, the hydroclones in Case 4 can
recover 90% of the solids fed to them in an underflow stream which contains
15 wt¥ solids. When the solution contained in the particle pores is in-
cluded, this underfliow solids concentration corresponds approximately to
the maximum volume percent solids content (25 vol%) recommended by in-house
consultants and vendors. Above 20-25 vol% solids in the underflow, hydro-
cliones drop off sharply in solid-liquid separation efficiency. Hydroclone
efficiency is also reduced significantly at feed solids contents above
10-12 vol%. Further more, particle attrition due to high shear rates in the
hydroclones is another potential source of efficiency dropoff. For these
reasons, the catalyst is recovered in a fairly dilute (7.0 wt® K¥) “rich®
solution, similar to Case 3. With this rich solution concentration, the
solids contents of the feeds to the hydroclones are about 11 vol% (7 wt¥).
Lower rich solution concentration reduces the number of water wash stages,
and thus the potential for particie attrition.

The centrifuges used in Case 5 are more efficient than hydrociones and
recover 95% of the solids fed to them in a solids discharge stream which
contains 25 wt¥% (45 vol¥) solids. The catalyst solution is recovered in a
9.4 wt% K* (13.5 wt® KOH) solution. This concentration was judged reasorn-
able based on the expected economic tradeoff between water wash costs and
evaporation costs. In Case § as in the other three cases, the catalyst
solution from water wash is concentrated to about 23 wt% K* in multiple~
effect evaporators before recycle to catalyst addition.
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Table 5,1-39
SUMARY O PROCESS BASES FOR WATER WASH DASES
Case 2 Case 3 Case 4 Case 5
Basis Item Rotary Drum Filters Gravity Settlers Hydroclones Centrifuges
¢ Char and Fines Rates vose Swe 43 §n the *CCa Study Destgn®=« seconns
o Solution Concentrations, wtX Kt
= Rich Solution from Catalyst Recovery 1.7 6.9 1.0 9.4
2 Rokeop Latatyst Sotonten viporators Foral1) o) 20 2.3
o Soluble K, % of Total K Fed ae69,6annannan -
o Targat Recovery, % of Soluble K —mwen - nueeffe ceoos . .e

o Water Wash Conditions
« AV} Stages Except Last Stage

+ Temperature, °F 230 212 230 230
+ Pressure, psia " 55 15 20 20
= Last Stage '
+ Temperature, °F 150 167 176 157
+ Pressure, psia 15 . 15 15 15
¢ Solid-Liquid Separator Performance ‘
- Soltds in Underflow, wt% i 15(2) - 15(2) . 25(3)
- So"ds ‘n Overﬂw. w'.’ 0.2'005 0l8'l|3 ll“Zla 0.9-1-9
- Solids Separation Efficiency, %(4) 99 Ca, 90(5) % 95
¢ Supplementary Fines Processing No Ho Yes Yes

Hotesy
- (1) Hakeup catalyst fs recelved as a 30 wi% KOH solutfon (20.9 wt¥ k.

(2} The-sollds content in the underflow from all stages of thickeners in Case 3 and hydroclones In Case 4 {s 15 wif,
However, in each case the final stage includes vacuum rotary drom filtration of the thickener or hydroclore underflow
and the resulting solids content in the underflow (filter cake) leaving this stags 1s 30 wtX, Filler efficiency is 99%,

(3) The sotlds content in the underflow from all stages of centrifuges 1s 25 it¥, However, the final stage employs Vacuum
rolary drun f1)tration and the resulting solids cantent In the underflow (filter ceke) Yeaving this stage {s 50 wtX,
Filter efficiency {s 99%, ) : .

(4) Uefined as weight percent of feed solids recovered in underflow,

5 ' . . .
(s) ﬁ'r):{‘;l?g;ee {'5 mg? for Case 3 varies from 89.4 to 91.6% for all stages except the First. The efficiency for the



About 70% of the total potassium is water-soluble in Cases 4 and 5, as
in previous water wash cases. All the cases have a target recovery in the
water-wash section of 95% of the water-soluble catalyst fed. Cases 4 and &
maintain the water wash temperature at 230°F. By maintaining temperature
above ambient, higher solid-liquid separation efficiency is achieved because
of lower solution viscosity and density. For all cases, the temperature in
the last stage is reduced to facilitate solids removal in a final vacuum

filtration step. This step provides a firm filter cake for dispssal in a
spent soiids landfill.

In Cases 4 and 5, a large portion of the feed solids go overhead in the
rich catalyst solution from the first stage solid-liquid separators. Be-
cause of this, supplementary solids processing steps are reguired to recover
a2 portion of the soluble catalyst which would be lost if these solids were
simply removed in volishing filters. The added processing incorporates a
two-stage countercurrent water-wash sequence using rotary drum filters. The
venturi scrubber slurry is also treated <in these facilities, and the resui-
tant recovered catalyst solution is recycled to the main water wash seguence.

The results of the detailed material and energy balances for these two
cases are surmarized in Table 5.1-40. Also included are the results from
the balances for Cases 2 and 3. In all cases the countercurrent water wash
recovers 93-95% of the water-soluble potassium fed to the system. In Case 4,
93.6% recovery is achieved in a 7.0 wt% K¥* {or 10 wt% KOH) solution with
nine stages of washing. Case 5 recovers about the same amount of catalyst
(93.7%), but in a more concentrated solution -- 9.4 wt¥ K* (13.5 wt¥ KOH) --
and uses only eight stages of countercurrent water wash. Case 5 requires
fewer stages than Case 4 because the centrifuges not only have a higher
solids separation efficiency than hydrocicnes, but also achieve a much higher
underflow solids concentration than hydroclones (25 wt% solids versus 15 wt¥
- for hydrociones).

The KOH makeup reguirement is about the same for all these water wash
cases because approximately the same overall recovery is obtained. Wash
water rates and evaporation requirements are dependent on rich solution
concentration. Thus the “dilute" cases, Cases 3 and 4, have the highest
wash rates and water evaporation requirements, while Case 5 values are
intermediate between these and the most “concentrated" case, Case 2.

The spent solids rates reflect the fact that, for the devices with
Tower solids separation efficiency, relatively more solids leave the main
water wash sequence in the first stage overflow {or filtrate), and therefore
iess solids exit from the final water wash stage. The first stage overflow
solids are ultimately combined with the venturi scrubber slurry, washed,
then removed from the system using polishing filters.

As indicated above, hydroclone performance estimates for Case 4 were

made using an Exxon-proprietary computer model. This model was developed
from experimental data on separation of fluid coker fines from recycie coker
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Table 5.1-40

CATALYST RECOVERY SCREENING STUDIES
SUMMARY OF -MATERIAL BALANCE RESULTS FOR WATER WASH CASES

Case 2 Case 3 Case 4 Case §
. Water Wash Water HWash With Water Wash Water Wash
Material Balance Result -Mith Filters Gravity Settlers  With Hydroclones  With Centrifuges
o Number of Stages in Countercurrent Water Wash 10 8 (+ 1 spare) 9 8
o Recovery in Water Wash, ¥ of Soluble K* Fed 94.9 93.1 93.6 93.7
o Rich Solution Concentration, wt¥ K* 11,7 6.9 . 7.0 9.4
, @ Catalyst Makeup Requirement
B - Percent of Catalyst on Feed Coal 33.9 35.2 34.8 34,7
@ - Rate, ST/SD KOH (Dry) 495 513 508 507
- Rate, klbs/hr KOH (Dry) 41.3 42.7 42.4 42,2
¢ Wash Water Rate, klbs/hr 712 1017 1001 816
o Water Evaporat w Requfrements, kibs/hr 235 568 556 351
o Spent Solids to Disposal, klbs/hr (Dry)
= From Polishing Filters 14 18 34 22
» From Final Stage of Water Wash - 200 196 180 192
) rqf'ta1 Slurry Feed to
SH1id-Liquid Separators, kibs/hr '
- To Stage 1 = 1280 2450 4310 1550
- To Stage 2 1810 3820 . 3590 2220
- To Stage 3 1750 © 3750 . ' 3520 %160
600

- To Final Stage 1390 2460 2360




scrubber Tiquid with 10 mm hydroclones. The model agrees well with vendor
and literature information on the performance of small hydroclones. The
model was adjusted using literature data for the performance of hydroclones
in the 3 to 6 in. diameter range. Predictions of hydroclone performance for
CCG solids were based on particle size distributions for dry bottom char and
dry overhead fines from the 100 psig Fluid Bed Gasifier (FBG). Two blends
of char and fines were used: “fresh" solids containing 68% char and 32%
fines (the proportion for the CC& Study Design) and "attrited* solids con-
taining, by assumption, 33% char and 57% fines.

The computer model gave the following hydroclone performance predic-
tions for a typical feed slurry using the two particle size distributions:

PERFORMANCE PREDICTIONS FOR HYDROCLONES

~ Hydroclone Diameter

3 in. 4 in. 6 in.
Feed Flow Rate, gpm 27 45 g2
OQverfliow/Underflow Ratio 1.5
Pressure Drop, psi 50
Efficiency, %
- Fresh Solids 94.5 93.8 82.6
- Attrited Solids 88.4 37.0 84.6

Based on these predictions, and assuming that the average particle size
distribution is between the two distributions, an efficiency of 90% for

4 in. hydroclones was used to develop the Case 4 water wash material
balance.

In specifying the hydroclones for the nine washing stages in Case 4,
it was assumed that the 4 in. hydroclones would be manifolded together in
radial units of 14 or 15 individual hydroclones. A total of 110 radial
units are required, including 92 normally cperating units and 18 spares.

Th§7tota] number of individual 4 in. hydroclones required in Case 4 is
1,578.

Centrifuge performar-e estimates for Case 5 were also made using an
Exxon-proprietary comput:- model. This model was based on the widely-used
“sigma® concept, which relates solids separation efficiency to centrifuge
geometry and throughput. The separations capacity of a particular centri-
fuge can be expressed in terms of its "sigma value®. Sigma is roughly pro-
portional to the settling area for the specific machine multiplied by the
centrifugal force developed. Of the many available centrifuge types, solid-
bowl centrifuges appear to be best suited for the solid-liquid separations

- 434 -




in CCé catalyst recovery. They have high throughput capability and can
separate a feed with relatively high solids content. The largest commer-
cially available solid-bowl centrifuges can process 400—702m§pm of slurry

feed and have theoretical sigma values of up to 2.0 x 108 To cerrect
for non-idealities in centrifuge performance, a correction factor of 50% was
applied, reducing the effective sigma value to 1.0 x 108 cm2.

.The computer model provided the following performance predictions for

these large solid-bowl centrifuges, using the -same "fresh® and "attrited”
CC& solids distributions described above:

PERFORMANCE PREDICTIONS FOR CENTRIFUGES
Effective Sigma = 1.0 x 108 em?

Centrifuge Feed Rate, gpm

400 500 600

Efficiency, % .
- Fresh Solids 97.4 96.9 96.4
- Attrited Solids 84.4 93.5 9.4

Based on these predictions, and assuming that the average particle size
distribution is between the two distributions, an efficiency of 95% at

500 gpm feed rate was used to develop the Case 5 water wash materijal
balance. For the seven washing stages in Case 5 served by centrifuges

(the separation in the eighth stage is made by vacuum rotary drum filters),
a total of 68 500 gpm solid-bowl centrifuges are needed, including 54
normally operating units and 14 spares.

The economics for the catalyst recovery screening cases 4 and 5 have
been developed on a 1978 dollar basis consistent with the revised CCG
Study Design as described earlier in this report. However, the investments
and operating costs for these screening cases include only the facilities
and operating requirements for catalyst recovery, waste solids storage, and
makeup catalyst. Changes in other onsites and offsites sections are incor-
porated as cost deltas with Case 2, Water Wash with Filters, treated as the
"base case®. Utilities requirements for the screening cases are reflected
by including investments and operating costs which are an allocated share --
based on usage -- of the total CCG Study Design utilities costs.

The invesiment estimates for catalyst recovery screening Cases 4 and 5
are summarized and compared to the investments for Cases 2 and 3 in Table
5.1-41. Investment for the catalyst recovery facilities in Case 4, Water
Wash with Hydrcclones, falls between that for Cases 2 and 3 with filters and
settlers, respectively. The mechanical complexity of Case 4 is intermediate
to that of Cases 2 and 3, and this is the reason for the intermediate invest-
ment cost. The investment for catalyst recovery in Case 5 is considerably
higher than for any of the other three water wash cases, because Case §
ing;udes 68 large centrifuges, which are expensive, high-speed rotating
machines.
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Plant Sectlon

¢ Catalyst Recovery
« Water Wash
= Fines Slurry Filtratfon
= Rich Solution Eveporation
Subtotal

Changss in Other Onsites
~ Preheat Fired Heaters
« Acld Gas Removal and
Sulfur Recovery '’
« Common Facilities
« Qther
Subtotal

Catalyst Related 'Offsites
- Catalyst Recefpt and Stau?e
« Onsites Waste Sotids Handling
Subtotal

Changes in Other Offsites

Allocated Gtilities
« Raw Water/Cooling Water
~ Steam
o Electric Power
Subtotal

TOTAL DIRECT AND INDIRECY COSYS

PROCESS DEVELOPMERT ALLOWANCE
(25% of Onsltes D&E Costs)

FROJECT CONTINGENCY
{25% of Tota) 0L} Costs)

TOTAL ERECTED COSY

Table 5.1-41

CATALYST RECOVERY SCREENIKG STUDIES
INVESTHENTS FOR WATER WASH CASES

Bastss e Jdenvary, 1978 Instant Ploneer Plint

e Eastern IV1linols Location

Javestment Breakdown, Hillion §

tase ¢ Case J Case 4 Case b
Water Hash Water Hash With Hater Wash Mater Wash
With Filters  Gravity Settlers  HWith Hydroclonss  Kith Centrifuges
6 2 39 %
3 4 8 9
10 19 2 15
-7K -5 . BN
Base 0 0 0
Base 0 0 0
Base 3 {1 {n
Base 0 0 0
Base 3 m 93]
3 3 3 3
1?7 13 16 13
=15 -5 -5 -
Base 0 . 0 0
2 2 2 2
5 7 9 6
2 1 3 8
-y -1 - -1
99 78 100 151
19 13 17 K 1]
25 20 25 38
f———1 f e ———— —
143 1l 142 219




The economic comparison among Cases 2-5 is presented in Table 5.1-42.
Results are shown in terms of 1978 dollars per million Btu's of product SNG
(substitute natural gas). As noted above, the economic basis is the same
used for the CCG Study Design. These initial-screening studies show Case 4,
Water Wash with Hydroclones, costing 0.98 $/MBtu, the same as Case 2, Water
Wash with (Rotary Drum) Filters. Water wash with centrifuges (Case 5) costs
1.24 $/MBtu, or 0.26 $/MBtu more than either Case 2 or Case 4 and 0.31 $/MBtu
more than Case 3 with gravity settlers.

Based on these screening cases, water wash with hydroclones is approx-
imately breakeven with water wash with rotary drum filters and water wash
with gravity settlers. However, water wash with centrifuges is considerably
more expensive than any of the other three solid-liquid separation alterna-
tives. Therefore, centrifuges were dropped from further study. Rotary drum
filters, gravity settlers, and hydrocliones were retained in the program for
more detailed laboratory and engineering studies.

Case 6: Water Wash With Horizontal Vacuum Belt Filters and Cake Washing

The process basis for Case 6, horizontal vacuum belt filters with cake
washing is shown below:

e Solution concentration, wt% K*

- Rich catalyst solution 12
- Concentrated solution from evaporator 23
e Soluble K¥, % of total K fed 70 i

® Solid-liquid separators

- Solids in underflow, wt% ' 30
- Solids in overflow, wt% 0.2-0.5
- Solids separation efficiency, % o9

This basis is identical to that of Case 2, Water Wash with Rotary Drum
Pressure Filters.

Potential advantages of horizontal belt filters with cake washing are
that belt filters utilize the rapid settling properties of the char slurry
and that cake washing may reduce the total number of stages. Disadvantages
include a Tower pressure driving force for filtration and a Tower tempera-
ture of filtration than Case 2.

A horizontal belt filter consists of a large grooved rubber conveyor-
type belt supporting a2 filter cloth upon which the slurry is applied. Since
the direction of filtration is the same direction as gravity, the fast
settling property of the char slurry becomes an advantage. After the cake
is formed and dewatered, it may be washed to remove residual catalyst solu-
tion. This leads to a reduction in the total number of water wash stages.
Bench-scale cake washing data reported in Section 5.3 of this report were
used to determine the washing effectiveness for the commercial system.
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Basfs: e Janvary
e 257 Bil

o 100X Equity Flnancing

Table 5.1-42

CATALYST RECOVERY SCREENING STUDIES
ECONOMICS FOR WAVER MWASH CASES

1978 Instant Ploneer Plant, Castern I11inois Loceation
focn Btu/Strean Day SNG (HHV Basis)
e 90% Capacity Factor

o 15% Current Dollar CCF Return
o Escalation Rates:
- Operating Cosls and By-Product Revenues at 5%/Vear
- SKQ Revenues at 6%/Vear

Catalyst Recovary
Cast Components

o I11inots No. 6 Coal @ 20 $/5T

o Major Chemicals
« KOH Solution @ 300 $/ST KoH
= Flacculant (D25A) @ 4200 §/ST
Subtotal

o Allocated Uttlities
- Raw Water/Cooling Watsr
= Stean
« Electric Power
Subtotal

8 Gther Operating Costs
» Wages and Benefits
« Salarfes and Bensfits
« Labor Overheads and Supplies
« Materfals and Gverhesds
« Haste Solids Disposal @ 1 $/ST
- Filter Madivm Raplacement

Subtotal

o By=Product Revenues
- Anmonia @ 160 $/ST i3
- Sulfur @ 25 $/LT
Subtotal

o Capital Charges

_ TOTAL CATALYST-RECOVERY-RELATED €oST
" CALL

Cost Broskdown, $/Miliion Btu SKG

Case ¢ Lase J Case 4§ Lase 5
Hater Wash Water Hash With Water Wash Water Wash
Hith Filters Gravity Settlers Kith Hydroclones Hith Cenirifuges
Base 0.000 0,000 0,000
0.578 0.599 0.593 0.592
0,030 0.059 - -
608 0.658 0.553 U.592
0.u05 0.00% 0.007 0.009
0.005 0.007 0.007 0,005
0.012 6.010 0,024 0,056
0.028 0.021 4,028 0,051
0,009 0.007 0.008 0.016
0.007 0.006 0,007 0.014
0.051 0.037 0.049 0.081
Base .0.000 0.000 0.008
0,001 0,000 0.001 0,001
Base 0.000 ©0.000 0.000
Base 0.000 0.000 0.000
356 . N 0.000
(.256 0.183 0.256 0.415
g o p——ue—1 prme—ene |
0,982 0.934 0.980 1.240
0.98 0.93 0.98 1.24




The following procedure was used to design the washing section of the
vacuum belt filters. The fraction of K* remaining in the cake solution is
related to the overflow solution and residual cake solution by the following
equation:

R=C-CN
Co - Cw

where: R is the fraction K* remaining in the cake solution after
washing.

C, Co, Cw are the concentrations of K* in the residual cake
solution, the overflow solution, and the wash solution respec-
tively.

R is calculated from cake washing data given the wash ratio for a particular
stage. The wash ratio is defined as the wash solution volume divided by the
cake solution volume. The overflow solution and wash solution concentra-
tions are then used along with R to determine the residual cake solution
concentration. The ratio of the overflow solution concentration to the
residual cake solution is the wash efficiency. Figure 5.1-16 shows a typi-
cal belt filter washing arrangement. The catalyst solution coming from the
leaner leaching stage is used to wash the cake before it slurries the rich
solids and is filtered to form the rich solution. The amount of wash
solution was set at the total lean catalyst solution which produced wash
ratios ranging from 1.5 to 2.0. These wash ratios are commercially repre-
sentative and maximize wash efficiency while minimizing wash rates which
increase belt area.

In addition to wash efficiency, the filtration temperature must also
be determined for energy balance and filter design purposes. Since vacuum
is being applied to the system, the filtration temperature must be kept
below the flash temperature of the solution to minimize the vacuum load.
However, reduction of the filtration temperature reduces the filtration
rate. Based upon flash temperatures of the catalyst solution, which ranged
from 180°F to 190°F for a pressure of 7 psia, the temperature of filtration
was set at 160°F to maximize the benefits of temperature on filtration rate
and to minimize the adverse effects of solution flashing.

The material and energy balance for Case 6 was completed in January.
Table 5.1-43 compares the material and energy balance for Case 6 with that
of Case 2. The most striking difference is in the number of stages for the
two cases. Case 6, because it included cak: washing, required only 6 stages
to achieve 95% recovery compared with 10 stages for Case 2. This cut in the
number of stages not only reduces the potential for attrition problems in
the circuit but also eliminates the investment needed for those extra stages.

The following table compares the filter designs for Case 2 (water
wash with pressure rotary drum filters) and Case 6.
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FIGURE 5.1-16

HORIZONTAL BELT FILTER WITH CAKE WASHING
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Tabie 5.1-43

CATALYST RECOVERY SCREENING STUDIES
SUMMARY OF MATERIAL BALANCE RESULTS FOR WATER WASH CASES

Case 2 Case 6
Water Wash Water Wash
Material Balance Result With Drum Filters With Belt Filters
¢ Number of Stages in
Countercurrent Water Wash ) 10 6
e Recovery in Water Wash, .
% of Soluble K+ Fed 94.9 93.8
e Catalyst Makeup Requirement
- Percent of Catalyst on Feed Coal 33.9 34.6
- Rate, ST/SD KOH (Dry) 495 . 506
- Rate, klbs/hr KOH (Dry) 41.3 42.2
’ ® Wash Water Rate, kibs/hr 712 707
o Water Evaporation Requirement, klbs/kr 235 233
e Spent Solids to Disposal, ki1bs/hr {Dry)
- From Polishing Filters 14 14
- From Final Stage of Water Wash 200 202
e Total Slurry Feed to Solid-
Liquid Separctors, klbs/hr :
- To Stage 1 1280 1250
~ To Stage 2 1810 1710
- To Stage 3 1750 1650
- To Final Stage 1390 1400

- 441 -



Case 2 Case 6

Total Area, ft2 - 17,000 25,000
Kumber of Operating Filters 22 40
Average Area/Filter, ft2 775 625

Case 6 requires nearly 50% more area and twice as many filters than Case 2,
even though Case 6 has only six stages compared with ten for Case 2. The
reasons for this large filtration area are that the temperature of filtra-
tion and the pressure drop for vacuum filters are much lower than thase for
pressure Tilters.

Table 5.1-44 compares the investment for Case 6, Water Wash with Belt
Filters and Cake Washing to Case 2, Water Wash with Rotary Drum Filters.
The water wash section of Case 6 is about 41 M$ more costly than the analogous
section in Case 2. The main difference between the two filter cases is that
Case 6 has a greater number of more expensive filters. This increased cost
of filters is directly responsible for Case 6 being 65 M$ higher in -invest-
ment than Case 2. The investment for cooling water and electric power for
Case 6 is a 1ittle higher as well compared %o Case 2, because of the vacuum
pumps used by the belt filters.

The effects of high investment is clearly represented in the economics
shown in Table 5.1-45., The SNG cost for Case 6 is nearly the same as Case 5,
Water Wash with Centrifuges, which was eliminated due to high cost. On this
basis, it would appear that Case 6 loses its attractiveness compared to the
other cases except for Case 5. However, new cake resistance data for PDU
solids, not reflected in this study, promises to benefit Case 6 more than
Case 2 by enhancirg the relative attractiveness of Case 6.

5.1.22 Catalyst Chemistry Studies

Work was initiated on a series of studies to determine the impact of
current catalyst chemistry on the catalyst recycle loop. Only a portion of
the work needed to complete these studies was finished before the contract
ended. These studies will lead to a revised commercial cataiyst recovery
system flow plan and will evaluate the effect of current data on other sec-
tions of the loop. The initial studies in this series will evaluate the

need for CO? treatment in the CCG process and the potential for buildup of
inactive salts in the catalyst loop.

Laboratory results reported earlier in this report identified potassium
silicate as having the potential to buildup in the CC& catalyst recycle
loop. It was also reported that treatment of CCG char slurries or catalyst
solutions with CO» was a potential method for reducing the silicate concen-
tration in the catalyst solutions. Additional Taboratory results indicatad
the solubility of silicates can be reduced by slurrying CCG char with catalyst
recovery solutions having a pH of about 8. A study was begun to propose
possible CO2 treatment fiow plans incorporating this data. The intenticn of
this study was to evaluate how COy treatment fits into the CCG process to
guide laboratory studies in this area.
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Table 5.1-44

CATALYST RECOVERY SCREEMING STUDIES
INVESTMENTS FOR BELT FILTER CASE

Basis: e January, 1978 Instant Pioneer Plamt
o Eastern I1linois Location
Investwent &-eakdom Hillion S

Water Wash Water Mash with Belt
Plant Section uith Filters Filter and Cake Washing

e Catalyst Recovery(l)
~ Water Wash

« Fines Slurry Filtration
« Rich Solution Evaporation

62
3
10
Subtotal 75
o Changes in Other Onsites
- Preheat Fired Heaters Base
- Acid Gas Removal and
Sulfur Recovery Base
- Comson Facilities Base
= Gthers Base
Subtotal Base
@ Catalyst-Related Offsites
- Catalyst Receipt md Storage 3
- Onsites Waste Solids Handling 12
Subtotal 15
o Changes in Other Offsites Base
o Allocated Utilities
« Raw Water/Cooling Water 2
- Stemn 5
- Electric Power 2
9
99
19
25
—
143

Subtotal

TOTAL DIRECT AND INDIRECT COSTS

PROCESS DEVELOPMENT ALLOWANCE
(25% of Onsites D and I Costs)

PROJECT CONTINGENCY .
(25% of Total D and I Costs)

TOTAL ERECTED COST

Note:

(1) Catalyst recovery building investments have been adjusted in
Case 6 to be comsiscent with Case 2.



Table 5.1-45

CATALYST RECOVERY SCREENING STUDIES

ECONOMICS FOR BELT FILTER CASES

Basis: e cJanuary, 1978 Instant Pioneer Plant, Eastern I1linois Location
e 257 Billion Btu/Stream Day SNG (HHV Basis)

e 90% Capacity Factor
e 100% Equity Financing

o 15% Current Dollar DCF Return

o Escalation Rates:

- Operating Costs and By-Product Revenues at 5%/Year

- SNG Revenues at 6%/Year

Catalyst Recovery

Cost Breakdown, $/Million Btu SNG

Case ¢
Water Wash with
Belt Filters and

Case 2
Water Wash

Cost Components With Filters Cake Washing
e I1linois No. 6 Coal @ 20 $/ST Base 0.0C0
® Major Chemicals
- KOH Solution @ 300 $/ST KOH 0.578 0.591
- Flocculant {D-25A) @ 4200 $/ST 0.030 0.031
Subtotal 5.608 0.621
e Allocated Utilities
- Raw Water/Cooling Water 0.005 0.005
- Steam 0.005 0.004
- Electric Power 0.012 0.027
Subtotal . .
" Other Operating Costs
- Wages and Benefits 0.028 0.038
- Salaries and Benefits 0.009 ) 0.012
- Labor Overheads and Supplies 0.007 0.010
- Materials and Overheads 0.051 0.075
- Waste Solids Disposal @ 1 $/ST Base 0.000
- Fuel Gas (SNG) @ €.18 $/MBtu Base 0.000
- Filter Medium Replacement 0.001 0.001
Subtotal 0.096 0.137
e By-Product Revenues
- Ammonia @ 160 $/ST NH3 Base 0.000
- Suifur @ 25 $/LT Base 0.000
Subtotal Base 0.000
e Capital Charges 0.256 0.386
TOTAL CATALYST-RECOVERY-RELATED COST 0.982 1.180
CALL 0.98 1.18
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