5.0 AREAS NEEDING FURTHER DEVELOPMENT

5.1  Backmixing Effecss

One of the key issues left only partially defined in this study is the exact extent of backmixing
effects on scale-up. The effect has been minimized by the choice of 80% rather than 90% as the
design conversion per pass. There may be cases where higher conversions are desired and further
study of backmixing effects is recommended.

Several more detailed slurry reactor models have been developed, and are discussed in A dices
A and B, which provide solutions t backmixing effects by incorporating 2xial dimio:pm
coefTicients. In order to use these models for scale-up, it is necessary to obtain axial dispersion
data in a system which s physically and geometrically similar to the proposed design. This means
that pilot plant da are required over 2 range of reactor diameters at superficial velocities and
catalyst concentrations equal to those proposed for design. It is also impornant that cooling tubes bx
incorporated into the reactor design in the same fashion and with the same surface to volume rano
proposed for the commercial reactor.

It has not been possibie to use published models directly for scale-up because of the way they
handle gas holdup and other factors. All of the models proposed to date use an overly simplified
expression in average gas velocity to estimate gas holdup. Most assume a constant contraction
factor. All use a simplified expression fo:u n-;ction rate \;hjch is first order in hydrogen
cencentration. These approaches may w adequate for design purposes, but pilot plant
confirmation is needed. In 2ddition, none of the previous experimental work has bccnpal the design
superficial velocity and camlyst concentration proposed in this study.

The La Pone reactor offers the possibility of obtaining useful design information for model
development if converted to Fischer-Tropsch operation. If backmixing effects are indeed
significant, some consideration might be given to installing baffles or trays in the reactor to reduce
backmixing. The presence of suspended camlyst is a potential problem, but if effective baffling car
be provided in a fluidized-bed reactor (as in Mobil's MTG process) then its use in a slurry reactor
may also be feasible.

5.2 Prssure Effect

As discussed in Section 2, Bechte! was unwilling to assume a linear pressure effect on the GHSY
requirernent for a given conversion level as predicied by the Fischer-Tropsch shurry reactor
models. Gulf data on fixed-bed cobalt catalyst indicated that the "catalyst activity” is not linear wit
pressurs but flattens off at pressures above 200 psia. For design purposes, a square root decrease
in the rate constant with pressure level above 1100 kPa (160 psi) was assumed. Further data woul
be useful and some may be available in the literature ( see Appendix B - part 3) but further
measurements of the pressure effect at reactor design conditions are recornmended.

It would be of interest in future studies 10 examine the effect of pressure on the reactor cost
comparison.AsdﬁaiwdinSecﬁonLampressimschhasbecnaddedwmughlydoublct}z
presswe out of the Shell gasifier before F-T synthesis. It should be possibie to gain a rough idea ¢
tbcdfactofpressmoncos:byprmﬁngﬁomnhissmdy.'[heasmmptionofasqumrooteffect
ofmmmmmﬁnwuhdmbempamdvﬁmmehnwmmpdonmswuld seta
“reasonable zoal for the proposed experimental studies.

5.3 BeatRemoval

ByhtmﬁngmmmudwﬂyauqmnmﬁmmmmmPam
reactor volume have been increased to the point where the reactor becomes quite packed with
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cooling tubes. A double tube sheet design with bayonet tbes has been adopted for this study, but
4t some point it may be worth again considering an external cooling loop. External cooling loops
have been provided in bubble columns in which rapid circulation is provided by the difference in
density between the aerated reactor and the exchanger. No pump is required. As far as is known,
such a design has yet to be applied when 2 slurry is present, but the concept still seems applicable.

5.4 lmproved Canlys Activity

Allowable space velocity in a methanol reactor is roughly four times that in a F-T reactor,
indicating that there may be room for improvement in F-T catalyst activity. If activity is improved,
_ the mass transfer resisiance will become more limiting. Some guidance could be provided by

. esumating the capacity of the reactor if the mass transfer resistance were completely controiling.
Under these conditions, heat removal would become a problem and an external circulation loor
might be a necessity. '

5.5 lscof Steam at Low H2/CO Ratio

The slurry F-T reactor used in this study operates below 0.67 Ho/CO inlet ratio so that the inlet
rano is less than the expecied consumption ratio. This has been compensared for by steam addidion.
Th_xs_conccpt appears reasonable but it would be usefu! to have actial data under these conditions.
If it is not feasible, the solution is an extra water gas shift reaction step, ahead of F-T synthesis, as
provided by MITRE. ‘

5.6  Camlyst Activity Maintenance

A primary consideration in choosing a slurry reactor is the expected life of the catalyst. If only a
few roonths life is expected, there is considerable incentive 1o go to a system which can handle
continuous catalyst replacernent. This is primarily an operating problem and the relative economics
can be defined by a sensitviry analysis. ’

5.7 Mixed Alcohols

Design datz on the Octamix process in a sharry reactor are lacking. For one thing, the proper slurry

liquid for mixed aicohol synthesis must be determined. Higher oxygenates will undoubxedly show

some solubtlity in the hydrocarbon liquid used for the slurry methanol process. If the higher

oxygenates form a stable Liquid phase, then a portion of the product could be used for shurry liquid

;s‘;g the Fischer-Tropsch design. Similar facilities would be required to recover product from
yst.

The assumption that GHSV requirement is the same as the fixed-bed may be conservative. Since
the equilibrium limitation is not as severe as when methanol alone is being produced, it may be
possible to take advantage of a somewhat higher average temperature in the slurry reactor to reduce
the GHSYV requirement. In this case the height shown for the slurry reactor can be reduced. Unless
the design pressure can be reduced, however, further test work is not recommended.

5.8  Exed-Bed Modelling

The gas phase fixed-bed reactor can be accurately modelled using stepwise integration procedures
and providing an indication of temperature profiles. The difficult part will be to simulate accurately
the_rwo-phase behavior in the portion of the reactor where condensation is occurring. This is
known 10 occur in F-T synthesis and, apparently, can also occur in high conversion methanol
synthesis with a swichiometric feed gas, enhancing the conversion. These phenomena may require
experimental verification before an acceptable model can be developed.
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6.0 CA?ITAL AND OPERATING COST COMPARISONS

Capital and opesaring costs differentials have been determined for the slurry and fixed-bed
reactor Fischer-Tropsch processing systems described in Section 4.3. The cost estimates
are for those specific units which are affected by the choice of reactors. Backup in terms of
process flow diagrams, equipment lists, material balances, overall sicam and water balance
diagrams and utility summaries are given in Appendix F. Capital costs have also been
'comparcd foxj the sh_my and fixed-bed methano! synthesis sections described in Secton
4.1. Backup is provided in Apperdix E . Appendix E also contains Lurgi material on their
Ocamix™ process.

For those plant sections where detailed information is provided, costs were estimated for
each item of major equipment and an overall direct cost was built up by using Bechtel
historical factors for installation labor, bulks and subcontracts. Cost of pertinent Fischer-
Tropsch upgrading units and udlity plants were read off of cost-capacity curves. To these
dﬂ'th costs were added the contractor’s indirect costs (distributable field costs which are
not identified with any particular process or udlity unit) to give the total field cost. An
allowance of 25% was then made for contractor's home office engineering, fee and
contingency to give the total plant investment. Owner's costs, working capial, s@rtup
costs and initial catalyst and chemicals are not included. Import duties on equipment which
might be purchased overseas are also not included. Costs ave for mid-1990 and represent a
typical U. S. Gulf Coast location, with labor at $16/manhour. These estimates shouid be
accurate to within £ 25%.

The alternative cases described in Subsections 4.5, 4.6 and 4.7 have not bsen costed, nor
have the mixed alcohol designs covered in Sectior 4.2. A preliminary estmate is provided
of the cost savings effected by doubling superficial velocity and slurry concentraton for the
sharry reactor over what has been demonstrated experimentally for the Fischer-Tropsch

process. ,

Becansc‘dzeFxscha-Tmpschcasesmof the greatest interest, these will be discussed first
6.1  Fischer-Tropsch Comparison |

As described in Section 4.3, there are key processing differences between the slurry reactor
case and the fixed-bed reactor case. The slurry reactors are operated on low Hp/CO rato
gasaspnducadind:Sbcﬂpsiﬁaxwithoutshifdngvhmmeﬁxed-bedmmm
waammzmlmﬁomw&hmmsmﬁngmcmmmgmm
thus starts with a distinct advantage in terms of gas preparation. This is partially balanced
byalugedownsumcozrmvureqnﬁmnthwmless.itwmndbeexmedm
ﬂﬁemmmeﬁﬁvehmﬁcmmﬂﬂmymprmﬁngschmwmm

InthefoﬂovdngsubsecﬁmﬂndcsipofﬂuFTmusismviewdmdm _
draudngsandeossmpmvidedfubahnsc&mﬂmmbemﬁufpmopamng
at a higher temperature Jevel and a higher conversion level Overall reactor dimensions are
simﬂuhnonlyémacmmmquhedascompuedmsm-bedmcm.mﬁmpal
capiminvesuncnsubdopaadngmfmthemoprw;ssingsysmsmﬂ)cnpmdd
ﬁnﬁﬂy.somehnpﬁcaﬂonsofchangesinﬁcmd&ngnpmmcmmdxswssed.



It is emphasized that these capital costs are for those selected process units which differ
depending on which reactor is used, so only the differential costs are truly meaningful.
Reference should be made to the block flow diagrams given in Figures 4.2 and 4.3 10 see
which units are covered and not covered by the estimate. Using previous Becitel and
MITRE studies, however, it is possible to put these differentials in perspective relative 1o
the overall cost of a coal-to-liquids processing scheme.

6.1.1 Reactor Costs

The reactor design bases provided in Tables 4.6 and 4.8 were reviewed by Bechtel -
process, mechanical and materials experts who provided the process sizing criteria, material
selection and vesse] design basis. The resulting designs are shown in Figure 6.1, for the
slurry reactors, and Figure 6.2, for the tubular-fixed-bed reactors.

These designs are preliminary. There will be specific site-related mechanical design criteria,
for example, that need to be considered. There are also cost optimization factors to consider
such as whether to design to Section VIII Division 1 or Division 2 of the ASME code. The
former, used for this design, is more conservative but the laner requires a greater number
of inspections, increasing the cost of manufacture.

Reactor costs were estimated by Bechtel based on cost quotations from related jobs and
studies such as the California Fuel Methanol Cost Study. Confirmation was sought by
obuaining quotations from Deggendorfer Werft und Eisenbau GmbH through their U. S. |
represcniauve, the Ferrostaal Corporation. Agreement was good when all factors were
taken into consideration.There is considerable variation, however, depending on the
tightess of the market for equipment and on currency exchange rates.

The delivered cost of the reactors shown in Figures 6.1 and 6.2 is estimated at $2.85 MM
and $4.3 MM, respectively. This cost includes shipping charges at $1000/40n but does not

include any import duty since alternative U.S. sources are available. The lower cost for the ‘

shurry reactor reflects its lower overall weight which results from the simplification of the
bottom head and the reduction in the weight of heat exchange tbes. Six slwrry reactors are
required as compared to eight fixed-bed reactors so the total cost of reactors is $17.1 MM
versus $34.4 MM. The slurry reactor requires & number of auxiliary pieces of equipment
such as cyclones, hydroclones, filters, centrifuges and a catalyst makeup and pretreament
system. Some of these can be common 10 a large number of reactors. When all such ‘
equiprpent is taken into consideration the delivered cost of the reactor systems rises to
$23.3 MM and $35.4 MM, respectively. ’

6.1.2 Capital Investment

As shown in Table 6.1, a cost savings of $91.4 MM is estimated for a 20,000 BPSD coal-
based Fisches-Tropsch plant using shoTy reactors versus & comparable one using fixed-bed
reactors. Some 85% of this savings is identified with tne process plants and 15% with the
utility plants. Judging from MITRE's study reported in WP89W00144-1 (February 1950),
a complete facility of this size starting from coal and producing firushed products would
cost in the neighborhood of $1.08 billion (this estimate factors MITRE's total plant
investment of $3.6 billion for an 80,000 BPSD plant by a 0.9 capacity exponent and adds
4% for escalation). Thus the projected cost savings are on the order of 8.5% of the total

plant investment.
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6.1.3 Openating Costs
Comparative operating costs are shown in Table 6.2 and are summarized below:
Slurry Reactor Fixed-Bed Reactor

Fuel Gas , 12.44 17.58
Raw Water ' 0.25 0.30
Caralysts and Chemicals ‘ 14.04 3.20
Total Variable Costs 26.73 26.08
Fixed CQ§I$7 o '

Maintenance @3% of Investment/yr. 10.66 '13.27
Total Selected Operating Costs 37.39 39.35
Operating Cost Diflerential , 1.96 ‘

The largest single operating cost items are the fuel gas costs, the F-T catalyst replacement
costs and maintenance. The fuel gas requirements are due to an imbalance in power and
heating demands as compared to what could be supplied by heat recovery, including that
from the gasifier. It was difficult 1o find a good use 1ar the low pressure sieam generated in
the _F-T reactors in the fixed-bed case. These initial results indicate that it is not necessary 1
achieve as high a synthesis gas utilization t liquid products as was done in this study, if
this would result in a cost reducton. :

InmlcuhdngtheF-TcamJystmakcupmquﬁemmtmeslmymcmassumesa60day
camlyst life, following MITRE's lead. For the fixed-bed reactors a one year life isassumed
sincemyﬂﬁng)as&anﬂﬁswoﬂdbehnmﬁcﬂmmmsimtwima%%m-m
factor. It is understood that Sasol dumps the ARGE catalyst more frequently than this but
indications are that Shell expects a reasonable catalyst life in their Middle Distllate Process.
If 2 one year equivalent life could also be demonstrated for the slurry reactor the operating
~ cost differential would rise to $9.06 MM/year.

In the slurry reactor case, 16.1 MW of power are available for export. If a market exists at,
say, 2.5 ceats per kWh, this would represent an additional annual revenue of $3.17 MM
for that case. There are also small differences in the relative distribution of products
hememumas&&ownhAppmdkF.Nowﬁaﬂrdgﬁﬁmmbcasdgmdwmm
dﬁmm,ﬁmmwmm&mi&nﬁfym&ﬁmmw
berween cases. As mentioned in Section 4, the recovery or disposal of oxygenates isa.
pmblemmqtﬁﬂngﬁmhasmdymbodnmmdd:cmmpdmdeqwoxygmyxdds
may be an oversimplification.

6.1.4 Discussion

ﬁcdcvdopmentafdnapimlmWisdocumnmthabk&SWhmmm]m
fmachrypcofequimtuﬂbulksucixmﬁzedfa@mﬁnﬁtmsynqm
costs given in Subsection 6.1.1 represent 25% of the identified major equpment COSIS 1n
thcﬂmymcwras:mmmmeﬁxed-bedmmm

Analmmﬁwcaschasbmdwelopedinwhichutnumbaofﬂmymmisi;rmsed
fmm6:oll.Reactorsysmcoasmnvwcompmnblewthcﬁxed—b:dcase.Tms

7 Other fixed costd are deemed not 10 vary between cases.
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increases the cost of the F-T synthesis section from $49 MM to $77 MM and inicreases total
plant investment from $372 MM w0 $411 MM, cutting the differential in favor of the slurry
case from $91 MM o $52 MM. Obviously, it is important to demonstrate that the reactor
design conditions assumed for this study can be achieved.

The present estimate compares roughly as might be expected with MITRE's figures where
a comparison can be made. MITRE's "plant consauction cost” corresponds in scope to
Bechtel's "total field cost” but is for a plant four times as large. MITRE's cos! for Sulfur
Removal, Shift, Fischer-Tropsch Synthesis, Autothermal Reforming and F-T Catalyst
Preparation is $877 MM. Scaling down by the 0.9 or 1.0 capaciry exponent and allowing
4% escalarion, this corresponds 1o a range from $228 to $262 MM. Bechtel's cost for COS
Hydrolysis, Acid Gas Removal, SynGas Compression, F-T synthesis and the F-T gas
plant is $195 MM, at the field cost level, but in the alternate case with 11 reactors this is
increased 1o $226 MM. MITRE would have used 14 or 15 reactors of roughly comparable
dimensions, but running at lower pressure, for the same capacity.

Increased pressure improves the capacity of cither the fixed-bed or slurry reactor. Because
of the superficial velocity limitation, doubling pressure doubles the capacity of a given
diameter slurry reactor (neglecting the area occupied by the cooling tubes). It also doubles
the reactor wall thickness (excluding corrosion allowance). The fixed-bed reactor is more
complicated but a good rule of thumb is that capacity increases as the square root of
pressure, which keeps pressure drop constant. In this case, however, only the wall '
thickness of the heads and tube sheet are affected. For this reason, increasing pressure is
expected to be more cost beneficial when using fixed-bed reactors. While the effect of
pressure needs to be examined for both cases, the catalyst activity and selectivity data
available to do so are extremely limited.
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FIGURE €.1
SLURRY REACTOR DESIGN STUDES
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Figure 6.2

SLURAY REACTOR DESIGN STUDIES
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Process Plants:

Shift Conversion
COS Hydrolysis

* Acid Gas Removal

SynGas Compression
F-T Synthesis

F-T Gas Plant

CO2 Removal
Subtotal from Lists

Caralyuc Polymerization
HGO Hydrotreater
Gasoline Alkylation
Subtotal from Curves
Subtotal Onsites

Power Generation
Cooling Water

Waste Water Treatment
Raw Water Treatment
Sour Water Suipping
Subtotal Offsites
Total Direct Cost
Contractor’s Indirects
Total Field Cost
Eng'ng + Cont. @ 25%
Total Project Cost
Cost Differential

Table 6.1

Capital Cost Comparison
_Fischer-Tropsch Cases - Selected Units

$Millions

Slurry Reactor

NA
15.3
43.3

1.2
49.0
11.3

NN
Y- - ) 8 N
PN A
bW WOOOO N

W
~
5

1249
356
1409

Capacity
61.4 MW
21 Mgpm
1900 gpm

461 gpm

91.4

Fixed-Bed Reactor

22.4
NA
65.7
11.6
82.1
324

228.4

1674
249
2136

Capacity
422 MW
209 Mgpm
3200 gpm
7788 gpm
1036 gpm



Table 6.2

Fischer-Tropsch Operating Costs
Selected Cost Itemns
90% On-Stream Factor
_ ' Slurry Reactor
Yariable Costs Unit Coss Quangry/ir
Fuel Gas $2.50/MMBtu 631 MMBu 12.44
Raw Water $0.08/MGal 398 MGal - 0.25
Catalysts
COS Hydr.  $377/CF 18.5CF 2.30
CO Shift $242.5/CF - NA
F-T $2.23/Lb. 11.8 Mib. 8.69
: , (60 day life)
Subtotal Catalysts .
Chemicals :
Selexol $2.00/1b. 98.3 Ib. 0.07
Rectisol $0.06Mb. ‘ NA
MEA $0.56/1b. 4277 1b. 0.79
Offsites Chemicals (unit cost is cost per gpm treated)
Water Tnig. : 0.90
Raw $10/yr 6638 gpm
Demin. $1086/yr . 657 gpm
BFW $1518/yr. . 84 gpm :
Cooling Twr.  $907/yr 1304 gpm 1.25
Effl. Trg. = $43/r 866 gpm 0.04
Subtotal Chemicals 3.05
Total Variable Costs 26.73
Eixed Costs @3% of Investment/yr. 10.66
Total Selected Operating Costs 37.39
Total with 1 yr F-T life 30.29

Fixed-Bed Reactor
Quangty/hr
892 MMBmny 17.58
467 MGal -0.30
NA
89 CF 0.71
5.3 Milb. 3.90
(1 year life) ,
4.61
NA
5506 1b. 0.11
645 ib. 0.12
2.10
7788 gpm
1743 gpm
84 gpm
1273 gpm 1.22
859 gpm 0.04
3.59
26.08
13.27
39.35




Table 6.3

Fischer-Tropsch Equipment Cost Summary
(Including Installation Labor) -
All Plants
. i Slurry Reactor Fixed-Bed Reactor
Major Equipment : $MM ' : - SMM
Pressure Vessels ' 40.32 , 54.16
Tanks 1.31 ' 0.55
Exchangers ‘ 30.08 43.15
Fired Heaters : 0.50 0.90
Purnps and Drivers 2.11 - 1,96
Compressors ' 18.83 . . 24.65
Package Equipment 2.57 ‘
Total Major Equipment 95.71 125.38
Bulks 78.15 103.95

Total Direct Cost 173.87 228.43



6.2  Methanol and Mixed Alcohols

The block flow diagram for both types of reactors is given in Figure 4.1. As described in
Section 4.1, only the methanol synthesis loop differs berween cases. Methanol producton
is idenucal a1 1488 tonnes per day (1640 short tons per day). The process flow diagram
and equiprment list for the methanol cases can be found in Appendix E.

In order to achieve capacity, the slurry reactor is operated at a pressure of 10,000 kPa and 2
recycle to fresh feed ratio of 2.2. The fixed-bed reactor opcrawgr:x '5600 kPa. While the
fixed-bed design is for a recycle to fresh teed rato of 3 to !, Lurgi has advised thata 410 1
rato 1s required but that the pressure balance can remain as shown. This is not reflected in
the equipment lists but adjustments have been made to the final cost estimate which allow
for the resulting change in capacity of the recycie compressor and exchangers. -

Methanol presents an entrely different situation than Fischer-Tropsch since conversion per
pass is limited by equilibrium. To achieve high ultimate conversions to methanol a recycle
operanon 1s required. High pressure is needed to achieve capacity in a slurry reactor and
this is a serious disadvanuage since the vessel walls become very thick and feed gas
compression 1s required. Recycle operation, however, suits the fixed-bed design very well.
With a swichiomerric feed gas, operation at the pressure level available from a Texaco
gasifier is possible and has actually been demonstrated at the Tennesses-Eastman facility.

The design of the slurry methanol reactor is provided in Figure 6.3, but the design of the
tubular fixed-bed reactor is proprietary to Lurgi. Overall reactor dimensions are 4.8 m L.D. -
by 7.5 m T-T height for the fixed-bed reactor and 4.8 m I.D. by 1625 m T-T height for the
slurry reactor. The slurry reactor shell is designed for $1000 kPa (1600 psig), whereas the
fixed-bed shell is designed for a maximum steam pressure of 4700 kPa (675 psig).
Delivered cost of the fixed-bed reactor is estimated at $4.6 MM, that of the slurry reactor, at
$7.9 MM. This includes shipping at $1000/ton. The slurry reactor synthesis loop requires a
feed gas compressor and auxiliary shur, handling equipment such as hoiding tanks, 2 -

_cyclone, filters, pumps and a catalyst prereduction system. All in all the slurry reactor
system is projected to cost $41 MM and the fixed-bed system $23 MM. The breakdown on
costs is given in Table 6.4. .

Several comments are necessary on this result. The slurry reactor has not been proposed

seriously for recycle type methanol operations but rather has been aimed at coproduction of |

methanol and power via a once-through operation, at low conversion, on gas without

H»/CO ratio adjustmnent. Pressure can be on the order of 5600 kPa with litiie reduction in
capacity since there is no recycle. In addition, it is understood that Air Products feels that
superficial velocity can be increased up to 0.25 m/s. All these factars will reduce the cost.

It would be of interest to compare the fixed-bed and slurry reactors for once-through
methano! operation if appropnate data can be obtained from the licensors of the technology.
While it is conceivable that the fixed-bed reactor could be operated under such conditons
there is no publicly available data on which to base a design.

The fixed-bed reactor is operated under low H2/CO ratio conditions in Lurgi's Ocramix™
process and the design of such a sysiem is provided in Appendix E. This proposed new
technology is a low space velocity, recycle operation intentionally producing mixed
alcohols as a superior automotive fucl. As described in Section 4.2, the economic potential
of the slurry reactor for this rype of operation depends on whether design conditions can be
altered in the direction of higher temperanure and higher space velocity as shown in Table
4.2 It would also be essential for an economically compettve design to be able torun at a

n




lowaopaaﬁngmhanthc%msphatsspedﬁadbngibwuseofuueffect
of pressure on the shell thickness of a shurry reactor. Bechtel's conclusion is that the mixed
alcohols application does not appear worth pursuing further. v



Figure 6.3
METHANOL PLANT
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Major Equipment
Pressure Vesssls
Tanks

Exchangers

Pumps and Drivers
Compressors
Package Equipment

Total Major Equipment

Bulks

Total Direct Cost
Conmractor's Indirects
Total Field Cost
Eng'ng + Cont. @ 25%
Total Project Cost
Cost Differendal

Table 6.4
Mecthanol Synthesis Section
Equipment Cost Suramary
(Including Installation Labor)

Slurry Reactor

O oo
oo
ot

Fixed-Bed Reactor

5.05
0.24
1.68
0.04
2.26

9.02
7.39

16.41
1.94
18.35
4.59
22.94

18.12
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Iable of Nomenclature
a gas-liquid interfacial area, m-!
Bo  Bodenstein Number = dr2-p -g/oL
¢ heatcapacity of the fluid, Bru/(ib-°F)
C  pressure drop coefficient in ft-hr/in2
CCat catalys: concentration, kg/m3
Cug hydrogen concentration in gas phase, kg mole/m3
C*HL  hydrogen concentration,liquid, in equilibrium with gas, kg mole/m3
CiL  hydrogen concentration in the liquid phase, kg mole/m3
d - effectve particle diameter, fi -
dr 1D. of reactor, cm
D internal tube diameter (fixed-bed), ft
Da  diffusivity of component A, m%/s
DL Axial dispersion coefficient, crm?/s
Dy  diffusivity of hydrogen, m?/s
f friction factor dependent on the modified Reynolds Number, dG/u -
Frg  Froude Number = ug?/(g-dg)
g gravitational acceleration in consistent units
G superficial mass velocity, Itv(h-f12). .
GHSV  Gas hourly space velocity, Nm? (H>+CO)1h - m3 reactor volume), (reactor volume
is expanded slurry height times cross section area)
hear ransfer coefficient, Bu/(h.fi2-°F) or W/(m?-s)
H solubility coeflicient of hydrogen = CHG/C*HL
He  Henry's law constant, kPa-cm3/mol
1 Inlet ratio of CO/H2
thermal conductivity, Ba/(h-fi2-°FAt) or equivalent SI units
ka  overall reaction rate constant defined by 1/K4 = 1/k a2 + 1/kr€L
raie constant in volume/(unit volume - time) for Ha, kr = ky = k'y-(kgCatm3)
liquid side mass transfer coefficient, m/s
effective reaction rate constant for hydrogen consumption, s-1
(note that 1o agree with space velocity in Nm3/{skgCat), ky = ky-CCat
rate constant for hydrogen in volume/(mass catalyst - time), m3/Tkg-s]
Length of expanded slurry bed or of fixed-bed, m or ft
pressure, kPa '
rate of hydrogen consumption, r = kH-CHL. kg moles/[m?-s)
Stanton Nurmber = -KA/SV
Space velocity in actual m? inlet gas/{s'm’)
temperanrre, °K
superficial gas velocity, cm/s or m/fs
inlet superficial gas velocity
Usage ratio of CO/H2 _
hydrogen fractional conversion per pass U=1LXH=XC0O
contraction factor, @={m3/s(XH3+C0=1)-m/s(inlet)/Im3/s(inlet))
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contraction factor modified for H2 conversion, a* = a-(1+U)(1+D)

pressure drop, psi or equivalent S] units

fractional gas hold-up -

. fractional liquid hold-up
- liquid viscosity, poise or 1b/(h-ft)

liquid density, g/cm3 or Ib/f13

~ surface tension, N/m
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