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SECTION 1 -- SUMMARY

Franz Fischer and Hans Tropsch are credited with the discovery, in
the 1920's, that carbon monoxide and hydrogen can be converted in the
presence of a metal catalyst to a variety of hydrocarbon products. Just
prior to and during World War II the “Fischer-Tropsch" reaction was commer-
cialized in Germany and used to produce military fuels in fixed bed reac-
tors. It was recognized from the start that this reactor system had
severe operating and yield limitations and alternative reactor systems
were sought. [In 1955 the Sasol I complex, using an entrained bed
{Synthol) reactor system, was started up in South Africa. Although this
reacior was a definite improvement and is stil] operating, the literature
is filled with proponents of other reactor systems, each claiming its own
advantages. This report provides a summary of the results of a study to
compare the development potential of three of these reactor systems with
the commercially operating Synthol-entrained bed reactor system.

1.1 DESCRIPTION OF REACTOR SYSTEMS
The three reactor systems to be evaluated are:

1)  The tube-wall reactor, developed by the U.S. Bureau of Mines
(1)}, resembling a shell and tube heat exchanger having catalyst
flame-sprayed onto the cooling tubes.

2) The slurry reactor as proposed by Koelbel (2), with catalyst sus-
pended in an inert liquid, coaled by immersed coils, with syngas
bubbled through the catalyst slurry.

3)  An ebullating bed reactor, which is also a 1iquid phase reactor,
but with larger size catalyst and heat removal from a ¢circulat-
ing Tiquid stream that is also used to keep the bed expanded
(3) -

These three reactors and the entrained bed reactor are shown in Figure
1.1-1.
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The commercial Synthol reactor is used as a benchmark against which
the development potential of the other three reactors can be compared.
This reactor system is operated by Sasol in South Africa. However, most
of the information on which this study is based was supplied by the M. W.
Kellogg Co. (4). No information beyond that in the literature on the
operation of the Synthol reactor system was available for consideration in
preparing this study, nor were any details of the changes made to the orig-
inal Synthol system to overcome the operating problems reported in the
Titerature (5).

Because of conflicting claims and results found in the Titerature, it
was delided to concentrate a large part of this study on a kinetic analy-
sis of the reactor systems, in order to provide a theoretical analysis of
intrinsic strengths and weaknesses of the reactors unclouded by different
catalysts, operating conditions and feed compositions. The remainder of
the study considers the physical attributes of the four reactor systems,
and compares their respective investment costs, yields, catalyst require-
ments and thermal efficiencies from simplified conceptual designs.




FIGURE 1.1-1
TUBE WALL EBULLATING BED
VAPOR
PRODUCT
PRODUCT STEAM
GENERATION
FEED o 20
GAS go%%g
Col %
80 305
l—g F—] o686
STEAM OO%OgO e ————
GENERATION 050 L
con T ' LiQuiD
FEED GAS PRODUCT
UOR 53
( ENTRAINED BED SLURRY
PRODUCT
BFW =y STEAM
— :—_" GENERATION
p VAPOR
_" STEA" 0% 2o mDUCT
GENERATION
BFW
STEAM
Mili =% GENERATION FILTER
BFW

L)

uoR §T3-1C

Uor 51



KX

1.2 KINETIC ANALYSIS

8efore computer models for any of the reactors could be written, it
was necessary to develop a mathematical description of the basic Fischer-
Tropsch reactions. As none of the kinetic analyses in the literature were
Jjudged to be appropriate for this purpose, a new kinetic analysis was made
which provided the basis for all of the work that followed. The mechanism
selected for the basic Fischer-Tropsch reactions, shown in Figure 1.2-1,
is discussed in detail in Section 4. The term "mechanism" as used here
and elsewhere in this report refers to the reaction scheme used as the
basis for the kinetic analysis. The principal features of this mechanism
are the equilibrium between the olefin product and the catalyst sites, and
the inclusion of the concentration of free catalyst sites [MH] in our
assumption of steady state concentrations for all intermediates attached
to tha catalyst sites.

Once the steady state assumption is made, the mechanism can be
analyzed by a simple mathematical definition of the reaction system that
will predict the product composition from the concentrations of the reac-
tants, and from the values of the various rate constants indicated on
Figure 1.2-1. While further work is required to check the validity of
this kinetic model of the Fischer-Tropsch reaction, the fact that good
agreement was obtained on predicted values of rate constants when it was
applied to data from different reactor systems operating under different
conditions, does provide some encouragement that this rather simple analy-
sis may be correct. Reactor models using this kinetic scheme, combined
with the parallel shift reaction, were then prepared for the entrained
bed, slurry and tube-wall reactors, and a considerable number of variable
studies are presented in Section 4.

From consideration of the general mathematical definition of the
Fischer-Tropsch reactions, combined with other reactions that may occur in
parallel, the following general conclusions can be drawn regarding the
best results that can be expected from this route for the liquefaction of
syngas:

1-4




1) While further studies to determine if rate constants vary with
carbon number are required before absolute conclusions can be drawn, it
does appear that the reaction mechanism will not permit significant depar-
ture from the Schulz-Flory distribution of products, except with respect
to methane and to a lesser extent light olefins (see Section 4.1).

2) Methane appears to result from at ieast two parailel reactions.

The methane produced from the basic Fischer-Tropsch reactions will fall on
a Schulz-Flory distribution with other paraffins, but considerably below a
Schulz-Flory distribution for paraffins plus olefins, particularly for
conditions that give high olefin-to-paraffin ratios. At high temperatures
2 significant increase in methane yield will result from a second route to
methane, probably that suggested by Dry (6}, and the methane yield will be
significantly above that of a Schulz-Flory distribution.

3) The equilibrium between olefins and the catalyst site assumed in
the kinetic analysis provides a basis for explaining why the Tight olefin
yield can be below that predicted by a Schulz-Flory distribution, particu-
larly when the 1light olefin concentration is increased by recycling light
olefins to the reactor.

4) The shift reaction can be combined with the Fischer-Tropsch
reaction in a singie reactor, provided that reactor is operated at a low
enough temperature to effectively eliminate free carbon formation.

5) A significant departure from the Schulz-Flory distribution could
result if an additional termination step, such as aromatization of the
olefins, is added to the reaction mechanism., This is not included in the
scope of this paper.

6) The degree of polymerization of the product is highly dependent
on CO concentration and, to a lesser extent, Hp concentration, in addition
to catalyst composition and temperature. The use of a kinetic mode] is,
therefore, almost essential for understanding the significance of experi-
mental data at varicus conversion levels and feed compositions, or when
comparing results from plug flow reactors with those from a back-mixed
system,
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It is immediately apparent that these gereral kinetic conclusions
support almost all of the claims made by Koelbel and co-workers (2, 7) for
the superiority of the slurry reactor system. Koelbel operated his reac-
tor at high conversion and low temperature. As this is a back-mixed
reactor, these conditions resulted in a low CO concentration throughout
the reactor. This in turn gave a degree of polymerization of about 4,
which is close to the gasoline optimum, even at the low operating tempera-
ture. Had Koelbel operated at lower conversion at this low operating
temperature, he would have had a much higher degree of polymerization and
perhaps duplicated the serious problems related to the high Tiquid viscos-
ity that were characteristic of Farley and Ray's work (8). The Tow temper-
ature could aTso'exp1ain the low methane yield and lack of free carbon
formation, while exploiting a simultaneous shift reaction by operating on
feed gas with a low (0.7) H2/C0 ratio. The slurry reactor model also
confirms Koelbel's claim that mass transfer has Tittle influence under the
operating conditions used. The only item in Koelbel's data not consistent
with the kinetic model is the gasoline yield. With a Schulz-Flory product
distribution, the gasoline yield peaks at about 48 wt-% of the product
with a degree of polymerization of 4. The gasoline yield shown in Table
1.3-2 corresponds to 56 wt-% of the product. However, the gasoline yield
for the operating conditions chosen for the slurry reactor, that does
correspond to a Schulz-Flory distribution, is still substantially above
that of the vapor phase reactors.

Similar application of these general conclusions to the entrained bed
reactor serves to explain some of the weaknesses of this system. In this
vapor phase reactor, the degree of polymerization must be held below that
which would result in the condensation of 1iquid on the—surface of the
heat removal coils. It is, however, a plug flow system and the CO concen-
tration at the entrance to the reactor will inherently be higher than ir a
back-mixed reactor running at high conversion. The degree of polymeriza-
ticn, therefore, is reduced by a combination of dilution of the feed CO
with large amounts of recycle gas and by operation at high temperature.
The high temperature puts the process into an operating region where free
carbon formation is a substantial problem and causes deactivation and
disintegration of the catalyst. To minimize free carbon formation, the
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process is operated at a high hydrogen concentration. This combined with
high temperature results in high methane yield. Also, the high hydrogen
concentration combined with h%gh levels of COz in the recycle gas effec-
tively eliminates the shift reaction, requiring external shift and an
extra step for removal of acid gas on the syngas feed. The reactor model
of this system also show it tao be the least flexible of those studied due
to the intermittent heat removal and the interrelation between operat-
ing variables.

FIGURE 1.2 -1
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1.3 PHYSICAL COMPARISON

The basis used for physical comparison is shown in Table 1.3-1. The
details of this physical comparison are presented in Section 5. The
reactors were compared at the same operating pressure, but octherwise the
operating parameters are those suggested in the literature for the
entrained bed, slurry and ebullating bed reactors. The operating condi-
tions for the tube-wall reactor were purposely selected to arrive at as
reasonable a design as possible for this system. The tube-wall reactor
model allowed a set of yields to be estimated consistient with these operat-
ing conditions. The model also showed that because of icw catalyst concen-
tration, this reactor must be operated at high temperature if the size of
the reactor is to be reasonable. This will result in a high methane
yield, and it is doubtful that the reactor could be operated at the condi-
tions selected without appreciable problems with free carbon formation.

Table 1.3-2 provides a comparison of the yields claimed for Kellegqg
and Koelbel for the entrained bed and slurry reactors, respectively, with
those estimated for the tube-wall reactor. Yields for the ebullating bed
reactor would be similar to that shown for the slurry reactor. Only costs
for major items of equipment are included in the cost comparison given in
Table 1.1-3, where estimated costs of the three potential systems are
presented as percentages of the commercially operating entrained bed
system. A comparison of estimated catalyst requirements is presented in
Table 1.3-4. This assuwes that the cost per pound of the granular fused
iron catalysts used in the entrained and ebullating bed reactors is the
same. The costs per pound for the precipitated iron and flame-sprayed
catalyst used in the slurry and tube-wall reactors, respectively, are
estimated. Differances in energy utilization, expressed as percentages of
the heat of reaction recovered, are shown in Table 1.3-5.

The results of the physical comparison indicate that two of the
reactor types can be eliminated from further consideration. The tube~wall
reactor can be dismissed because the investment cost and the catalyst
replacement cost are more than double those of the Synthol reactor. Also,
catalyst replacement is extremely laborious. The ebullating bed reactor




can be expected to show many of the advantages of the slurry system, byt

. PO catalyst is known to exist that combines physical stability with the

activity assumed for this study. The catalyst replacement cost shown in
Table 1.3-4 is, therefore, extremely high. The high cost of the liquid
Circulating system, combined with the Tow probability that this reactor
will ever show a significant advantage over the slurry system, makes it
unlikely that anyone will spend the effort required to develop a phys-
ically stable, high activity catalyst with large enough size for employing
an ebullating bed reactor.

The physical comparison study shows a clear advantage for the slurry
reactor over the others considered, and there is Tittle doubt that the
slurry reactor should be commercialized to provide a significant advance
over the commercially operating Synthol-entrained bed reactor. The slurry
reactor appears to be superior in having the Towest investment cost and
catalyst requirements, combined with the highest gasoline yield and ther-
mal efficiency and also providing the best hope <or a continuously operat-
ing process. The final paragraphs of this surmary briefly explain the
reasons for the advantages of the slurry reactor over the entrained bed

reactor.
TABLE 1.3-1 Basis for Physical Comparison

Design Rate: 28 x 109 SCFH CO + H, Converted

Operating Pressure: 400 psig
Reactor Type vesian Source Toute °F  GHSV, hr-1 Recycle Ratio
Entrained Kellogg 635 1100 2.3
Tube-Wall U.S. Bureau of Mines 640 230 0.4
Slurry _ Koelbel 527 480 0.1
Ebullating Chem Systems 547 390 0.1
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TABLE 1.3-2 Product Yields for Fischer-Tropsch Reactors

C1

C2-Cs

Gasoline {Cs5.11)
Diasel (012-25}
Heavy (Cog+)
Alcohols

Acids

Tetal

Entrained Bed,
1b/hr

44,000
125,800
59,800
32,800
12,100
27,800

4.300

346,700

Tube-Wall, Slurry,
1b/hr 1b/hr '
42,600 7,800
81,500 108,800
135,700 193,900 \
52,100 25,100
10,400 2,300
13,300 5,700

5,200 -
340,800 343,600

TABLE 1.3-3 Relative Investment Costs for Fischer-Tropsch Reactor Systems

No. of Reactors
Reactor and Receijver
Other Vessels

Heat Exchangers
Pumps

Total

Entrained Bed Tube-Wall Slurry Ebullating Bed
i 82 18 20
34 189 33 28
30 - <1 -
32 15 10 21
4 _4 2 16
100 208 45 65

TABLE 1.3-4 (atalyst Requirements for Fischer-Tropsch Reactors

Reactor Entrained Bed Tube-Wall Sturry Ebuliating Bed
Catalyst Inventory,
tons (ft2) 900 (4.4 x 109} 100 3,000
Catalyst Usage
tons/yr (Fte/yr) 8,400 (8.8 x 106) 950 18,000
Catalyst Cost,
10° $/yr 6,720 14,200 3,420 14,400
TABLE 1.3-5 Heat Recovery in Fischer-Tropsch Reactors
Entrained Bed Tube-Wall Sturry
MM Btu/hr % of A HR MM Btu/hr % of A Hp MM Btu /hr % of . Hy
Steam Generation 690 36 1660 85 1790 9l
BFW Heating 570 30 - - - - -
Total Heat of
Reaction & Hg 1900 100 1960 100 1960 100 ,
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1.4 COMPARISON OF SLURRY AND ENTRAINED BED REACTORS

The entrained bed reactor does have an advantage of scale over the
other systems. For 28 MM SCFH of CO + Ho converted, the basis used for
this study, two entrained bed reactors were required in parallel compared
to 18 in parallel for the slurry system. As would be expected, the cost
of the reactors alone is lower for the entrained bed reactors. Howe@er,
when the catalyst separation and catalyst recycle system are added, the
cost advantage is completely offset. The cost of two entrained bed reac-
tor systems, complete with catalyst separation and recycle equipment, is-
about equal to the cost of the 18 slurry reactors.

The vapor exiting the entrained bed system contains all of the
catalyst lost due to the high rate of fracture and attrition (4.1 tons/day
per reactor) {9). A guench tower is employed for the combined function of
heat recovery and catalyst fines remgval. This is a very expensive item
that is not required for the slurry system. The heat exchange equipment
is also much Targer for the entrained bed system, reflecting lower tempera-
ture Tevels in the quentch tower and higher flow rates due to the high
recycle gas ratio. When the cost of all of the items ineluded in the
reactor/heat exchange envelope are added up, the entrained bed invest-
ment appears to be more than double that required for the slurry system.
While it must be recognized that this was not a definitive cost analysis,
this difference is large enough to show clearly that the slurry system
should offer significant investment savings over the entrained bed system.

Two other points should be made in comnection with this cost
comparison. First, the cost comparison does not allow for any spare
reactors. With 18 reactors in parallel and an apparent ability to operate
continuously, it is unlikely that spare reactors would be required for the
slurry system. However, the Synthol entrained bed system is apparently
shut down every 50-60 days for catalyst replacement, and Sasol has
reported adding an additional reactor -system to Sasol I in order to main-
tain production rates (5). 1If spare reactors are required for the
entrained bed system, this further increases the investment advantage of
the slurry systam. Second, the reactors were all compared at the same
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operating pressure of 415 psig. While the entrained bed reactor is
operated at 300 psig, the bulk of the work on the slurry system is at 160
psig. Although it is believed that operation of the slurry system at
higher pressure could be accomplished with some modification to the cata-~
lyst composition, this requires pilot plant demonstration. If the slurry
system were operated at 160 psig, more than twice the number of reactors
would be required and a large portion of the investment advantage would be
Tost.

The higher thermal efficiency of the slurry system is readily
expiained by the much lower recycle gas requirements. The much lower
content of water vapor in the slurry gas effluent is also a contributing
factor.

The lower investment cost and higher thermal efficiency of the slurry
reactor itself can be combined with further investment savings and
increases in overall therma} efficiency when upstream shift and acid gas
removal steps along with the dawnstream recycle gas system are eliminated.

While catalyst makeup requirements are not well established for the
slurry system, the available data (10) indicate that the catalyst makeup
requirement would be 11% of that required by the entrained bed system, if
a precipitated catalyst is required.

Finally, it should be reemphasized that the above is a discussion of
the potential advantage of a slurry reactor system over the cormercially
operating entrained bed system. The slurry system still has to be commer-
cialized. However, a 5 foot diameter reactor was operated in the early
1950's, and scaleup to the 14 foot diameter reactor selected for this
study should not be difficult. The potential advantages determined from
this study for the slurry system, combined with similar conclusions
arrived at in independent studies (10, 11), provide a clear incentive to
Justify work on its commercialization.
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