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| SECTION IV
ASSESSMENT OF CS/R HYDROGASIFICATION PROGESS

1.0 SuUMMARY :

The asseésed process is a concep:ual complex by Rockwell which integrates
the Rockwell SRT Hydrogasifiexr with other more conventional units to produce an
SNG product at a rate of 250 billxon Btu/day and a cn-product of benzene at 448
T/D.

'Meetings and discussions with the developer were conducted to gather data
on the status of development. test results, conceptual block Flow diagram and
material halanées. From these several process strengthslweaknesses, potential
improvements, required companent development, critical questions and
reconmendations for Ffurther activity were derived.

The Rockwell material b.lance is keyed te a ratio of O.Z 1lbs Hzllb M.F.
coal fed to the hydrogasifier, a carbon conversion of 5.3% to benzene, 45% to
methane and 45% unconverted char. Although the balance around the
hydrogasifier is based upon considerable tests results, the overall piant
material balance is strongly influenced by factored estimates for other units.
without the benefit of a detailed design. This is especiélly true in areas
such as utility plants and oxygasification which are wholly or partfally fed by
coal, As a resmlt the overall cold gas thermal efficiency of 58% should be
viewed 28 an early estimate, and this may increase signiftcantly vhen the
conplex is opttnized. :

Critical areas 1n-quéstion‘as the overall process i1s now conceived are the
H2/Coa1 feed ratio, final proccis selected for H, production, the degree of
co—ptoduct benzene production as it affects the Final economics, addressing

scale-up designs for commercial level realistic expectations. of operating
Eactors and turn down.

The Hz production procesé'is yet to be selected ranpging from candidates.
such as Texaco's partial oxidation process to an SRT dry fed char oxygalifier
yat to be developed.
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The Strengths of the CS/R process as proposed appear to be high carbon
conversion te CH, in the gasifier;_accepting broad range of feeds, the option
of a valuable co-product with no tars and high throughput. A large H,

" recycle system and pxygen planﬁ might be considered as the principal

weaknesses.

Some potential improvements suggested as a result of this assessment are:
optimized benzere coproduct option; a more economical H, separation process;

use of catalyst, and reduced Hleoal ratio.

Several components or elemants whlch we envision to be 1mportant and
required for the [inal cummerclal developmen: are dense phase lockhopper feed
systems, control/safety systems, hot sollds flow wmeasurement and control hot
solids-in-gas heat exchange, dry hot char separation and feeding and

integrating pasifier units.
Following are fuxrther deécriptiuns of the subjects summarized above.
2.0 CURRENT STATUS OF DEVELOPMENT

2.1 Program Background Chronology

Rockwell originally made a proposal to the Office 6f Coal Reéearch (OCR)
in 1974 which resulfed in a coal liquefaction contract starting in 1975. In
1976 the dense phase coal Feed system was demonstrated and a 1/4=-TPH and a
1-TPH liquefaction reactor testing was started. In 1977 the coal gasification
program was started along with a 1-TPH coal liquefaction PBU. In 1978 Long
duration gasificatlbn tests were started and a 4-TPH gasiffication progfam
initiated. 1In 1979 the 4-TPil gasification program was redirected hy DOE
replacing the 4-TPH hydrogasifier reactor development Eacility with a 3/4-TPH
integrated proecess development wunit (IPDU). ‘ ' '

2.2 Hydroliquefaction Program

This program was conducted undet: Contract No. EX=-76=C-01-2044 (DOE) for
54, 250 000. The period of performance was originally 49 months extending from
August 1875 to September 1979 but was extended through February 1980, 4

three-year follow~on program is currently planned. The objectives are:
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Demonstrate Dense Phase Feeding

Demonstrate Injector Mixzing

1-TPH Engineering Scale Tests

Construct/Operate a 1-TPH PBDU to estaﬁlish quantity and quality of
liquid yields. o

- 2.3 .High Btu Hydrogasification Programs _
The first contract, EX-77-C-01-2518 (DOE), for $1,500,000 from February

1977 to

August 1978 (17 months) had the objectives of:

Bench scale testing at Clties Service R & D Company
1/4~TPH engineering scale tests

Preliminary process analysis

The second on-going contract, EX-78-C-01-3125 (DOE) for $22,000,000 from
Septémbgr 1978 to June 1982 (42 months) has for an overall objective the

further

'development of the Rockwell single-stage short~residence—time

hydrogasifier to demonstiation plant status. Special objectives are to:

Design, coﬁstruct, and operate a 3/4-TPH coal feed rate integrated
process deveIOpﬁent unit; demonstrate same in a 30-day test (continucus

operation).

Develop process data and opefa;ing expe:ienée to support design,

economic evaluation, and optimization of a viable commercial process.

Prepare a preliminary design of a practical commercial plant.

The program scope of work involves an integrated combination of design,

construction, and operation to demonstrate the Feasibility of the Rockwell

hydrogasifier reactor for commercial applicatiom.

Tasting is currently Being performed at 3/4~TPH in a short- duration

engineering-scale facility to improve and refine the process data basa by

generating. essential informatlon outside the scoﬁe of the previoué contract.
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Process conditions are being directed towards optinum benzene productton as a
co~product with SNG. '

It was initially planned that a 4-TPH unit be developed and used to make .
extended runs for various durations up to 30 days; However, in August 1979,
DOE decided to redirect the program, replacing the 4=TPH hydrogasifier reactor
develspment facility with a 3/4-TPH integrated proceSs development unit (IPDU).
Lengthy tests will be performed to demonstrate system operability, cdmpbnen;
durability and product quality, while shorter runs will be conducted to
evaluate process factors. It will no longer be possible to invebtigate

injection element scaling, as was originally plaanned, by studying
éingle—element and clustered mult1 le—element injectors.

Tests will be made with strongly caking bituminous caal as well as with
subbituminous coal; char from each will be characterized. Problems with the
- process, materials and operation shall be defined and resolved to the extent
necessary to warrant low-risk go-ahead with a demonstration plant venture
following completlon.of this project. ‘A preliminary design of a
comnercial-scale plant of such quality and detail as to be directly usefﬁl to
an Architect/Engineer firm in the final design df an actual commercial unit is
the ultimate output of the project. '

2.4 Data Base
The data base resulting from the above work covers three facilities and a
broad parametric range. The three facilities and resulting data points were:

— Cities Service Bench Scale ~ 58 data points
=~ . Rockwell 1/4-TPH Hydrogasification - 49 data points
- Rockwell 1-TPH Hydroliquefaction -110 data points

"The parametric ranges were:
- Bituminous, subbituminous coal and peat

- Résidgnce'times : S 30f5000 msec
- Pressures. 500-1500 psi
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- Temperatures | 1400-2000 F
- Hy/Coal ratios - 0.25-1.0
= Ceal throughput ' 1000-3000 1b/hr

Rockwell has judged the data from the diffefent facilities to be
consistent &t the full range of coal throughput (References 1 & 2).

" 2,5 Commercial Hydrogasification Reactor Operating Conditions
The range of hydrogasifler operating conditions which are épplicable in
the design of a commercial SNG plant using either bituminous or subbituminous

coals, or peat, include:

- Residence Times ‘ _ 1000-3000 msec

— Pressures : 500-1500 psia
- Temperatures - 1700~1900 F
- Hy/Coal Ratios 0.20-0.45

=~ Commercial Reactor Throughput _ 140-220 ton/hr.

3.0 PROCESS DESCRIPTION o _

The following describes the developer's Preliminary Commercial Concept
Design of the Cities Service/Rockwell (CS/R) Coal Hydrogasification Process to
produce SNG from coal at a rate of 250 billion Btu/day (HHV) and benzene, a
principal liquid co= product. -(Refef co Process Block Flow Diagram, Fig.
Iv-1).

3.1 Summary

The key features of this procese are: an entrained Flow
sHort~res;dence4time (SRT)‘cbal hydrogasifier reacting coal with hot hydrogen
to a raw gas high in methane content and to char} an entrained £lbw,
~char/coal/oxygen/steam . gasifier for the production of hydrogen makeQup: and a
_crycpenice hydrogen—methané separation system yielding an SNC product and
recyele Hye | - : ‘ R

_Because of the high initial cacbon coﬁversion to methane in the
hydrogasifier only a trim methanation‘suhsequent step is required.
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By controlling the temperature and the residence time of the reactants in

the coal hydrogasifier, benzene is also produced‘as a valuable ;oproduct;

Both the coal and char gasifiers are fed using a dense—phaée dry solids
system using H, or other reacting gas as the transport medium.

The balance of the process units in the plant are coﬁventionai consisting
of: coal_prepafation, oxygen plant, gas quench, benzene recovery, shift
conversion, acid gas removal,  trim méthanation, sour water stripping, ammonia
rec0very,‘5u1fur recovery, solids/liquids effluent recovery, steam/power/water
treatment and off sites.

Feed materials consist of coal, raw water and air. ?roducus are High-Btu
Gas (SNG) and Benzene. By-products are sulfur and ammonia. Effluents are
C0y, clean flue gas, and golids sludge {mainly ash} and water losses.

3.2 Coal Preparation/Feeding
The raw coal is prepared coaveh:ionally by erushing to 70% minus 200 mesh

and dfied to about 2% molsture.

"The prepared coal is fed to the gasifiers in dense phaée using Ry or
- other trangport gas through a pressurized, two-stage, cycling lock hopper. The
cozal to the steam power boilers_is faed by standard dilute phase pneumatic

means.

The coal analysis in the proposed Rockwell process using Pittsburgh Seam
No. 8 is as follows:
Wt. % Dry
71.50
5.02
.23
4. 42
Ash 11,30
0 (by difference) 6.53

n Z2 X 0
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3.3 Oxygen Plant _

The oxygen plant is comprised of commercially available air'separatlon
units from which liquid 02 is pumped to the reactor at a pressure of
approximately 1000 psig. The 02 is vaporized by hearing to ‘either 200F for
the. hydrograsifier or 300F for the char oxygasifier.

3.4 Coal Hydrogasification

This unit consists of three reactor trains, or modules, each.employing an
entrained flow reactor utilizing a rocket-engine-type injector snheme. Rocket
engine injector design techniques are used to achieve rapid and thorough mixing
of the pulverized coal and hot Hys  Each wodule is comprised of a ptebugngr.

. injector, reactor and heat recuperator, all of which are integrated within a
pressurized shell, :

The preburner’s function is to raise the recycle + make up gas'(abouc 82
vols % Hz) to the required temperatuve from 1500F by reacting with 056 The
gas then passes to the injecto:. '

In the injector, coal (2% moistuwre, 70% — 200 mesh)in dense phase is fed
using hydrogen as transport gas (apprax. 0.003 1b. mols per 1lb. of coal). The
coal rapidly mixes with the heatred H2 gas from the preburner at the reactor
inlet to achieve a theoretical mixed temperature of 1400F. The hydxapyrolysis
reactions are carried out in the reactor section. The product gases are
subsequently cooled in the recuperator section directly beneath.

In the reactor the gepal is bdth pyrolyzed and reacted with the hydrbgén
gass» The preducts are dependent upon thé residence time, ipitial temperature,
pressure and reactant composition and can vary from a totally gaséous product
to one in which significant amounts of high purity benzene are co-produced. In
the case described the variables are set to produce a modetate“ level of
benzene (nominally 5.8% carbom conversion to benzene) as well as about 26%
CH, in the raw gas. The H, recycle vate is set at 0.20 lbs Hy/1b MF coal

leaviug an excess of Hq carried uith the raw product gas. Most of the excess
: H, is recovered in_the cryogenic separation gnit and recycled.
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The overall reaction can be broadly expressed as follows:

Coal + H2 = GHA + CSHG + C2H6 + CO + coz +* Hz
- NH3 + HZD + Char

The reactor conditions based upon Rockwell 1/2-TPH bituminous coal test -
© No. 313-23 are:

Hy preburner inlet temp 1500F

Coall02 inlet temp 200F

02 inlet temp - 200F
Reactor outlet temp 1772¥¢
Recuperator exit temp 834F
Reactor pressure 1000 psig
Residence tine 2470 msec

The overall carbon conversion based on regressioh analysis of all Rockwell
1/4-TPH hydrogasifier bituminous coal tests and feeding Eastern Bituminous
Pittsburgh Seam No. 8 coal is taken as 55.0%. The carbon distribution is as

follows:

5,8% to CGHG' 45,4% to CHQ, 3.25% to CO, 0.42% to COz, 0.14% to
CoHg, and 45.0% residval in char.

The char stream is then separated from Lhe rav produéc gas via several
stages of cyclones and is subsequently fed to the char/coal oxygasifier unit.

3.5 Gas Treatment and H, Recavery ‘
The raw product gas which has been separated from the char and que .ched is
then processed through the following steps:

Benzene Solvent Absorption
Diglycol Amine Acid Gas Removal
Trim Methanation '

[+]

Gas Drying

DO‘O

Cryégenid Mechanelﬂz Separation

“Iv=8
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The SNG product gas exiting the cryogenic unit is compressed to 1000 psig
and 120F and has a composition of approx. 94.5% CH, and 4.8% H,, with the
balance consisting of N,, AR, ethane, CO and only traces (0.3 ppm) of 1,5,

" 3.6 Hydrogen (Make=~up) Production
Hydrogen is produced by reacting the char from the hydrogasifier uith
steam and oxygen to produce a raw syngas mixture of HZ' 0, CDz, i,S3,some
methane and ammonia. The char is supplemented with coal to produce the required
H2 quantity to balance the plant. '

The char coal gasifier 1s s pressurized, entrained flow,
short-residence-time oxygasificatien reactor. The saze dense phase solid
transpert feeding techniques used in the hydrogasifier will be employed in the
oxygasifier to maximize reactor thermal efficlency. Several candidate |
configurations for this application include those under development by Texaco,
Shell-Koppers and Mountain Fuel Resources. |

The overall reaction is broadly expressed as:

Char + Coal + 0, + Hy0 = CO + By + COy + HoS + CH,
+ NHq + N, + Hy0 (excess)

Reactor conditions are targeted at:

Reactor pressure = 950 psig
Reactor exit temp = 2460F
Char inlet temp = 834F
Steam inlet temp = 1000F

" 0Oy inlet temp = 300F
anl inlet temp = 200F

Performance data were determined from kinetic and equilibrium calculations
at the stated exit reactor ‘conditions.
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The raw syngas is further processed by conventional steps as follcws:
o Gas Quench & Solids Removal
o Shift Conversion
o Acid Gas Removal‘
o

Trim Methanation

The resclting make up gas consists of about 87.8Z H,, 4.6% CH, and
7.6% H,0. '

3.7 Other Operatlons
The other operations consist of conventional effluent treatment and

-‘byproduct recovery steps such as solids (ash) recovery, sour water stripping,

. ammonla recovery, sulfur recovery and bio- oxidation.

The utilities plant includes water treatment, steam and power generation
and other facilities. Since this complex is conceived to be self-supporting

from a utilities standpoint, the only major lmports are raw water and coal.

3.8 General .
The overall process described above is conceptual at this poinc. The
matecial balance is based upon Rockwell experimental data around the

hvdrogasifier to a large extent and around the oxygasifier. In addition, the
product gas treatment fro. the acid gas removal chrouqh cryogenic methane
' separation is based upon a screening type evaluation study performed by Air

Products and Chemicals, Imc., aui reported in May 1979. &2/

The balance of the plant units do not have the benefit of an enginsering
design from which a detailed closed material balance could be generated. As a
result much of the treatment units and the utility sections ‘have been Eactored
into this preliminary balance. Because of this it is suggested that
comparative conclusions not be drawn for such items as overall plant thermal
efficiency et.al., since power generation and heat recovery play signzﬁxcanc
roles in such factors. However, the process thermal efliciency may be viewed
with much greater confidence since this can be derived from the principal

process ‘stream material balance which is based on broad experimental

background.
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4.0 STRENGTHS AND WEAKNESSES

The ftems listed and briafly described below are considered to be strong
points and weak points characteristic of the CS/R Hydrogasification Process

relative to current commercial or near commercial processes for producing high
Btu SNG.

4.1 Strenmgths
o High Carbon to Methane Conversion

A relacively high single pass carbon conversion (45%) to methane in

the gasifier reduces the downstream conversion requirements using only
trim methanation.

o  Versatile Fuel Application :
~This type of gasifier has been found Lo be applicable to all types of

coal and other solid fuels such as peat and lignite.

"o No Catalyst Required

No catalyst addition or recovery systems required.

o Dense Phase Feed

Dry fed dense phase coal using rea-tant transport gas reduces heat
requirement relatively to a slurry feed.

.0 High Btu Gas with Liquid Option

The end product may be adjusted from all gas to benzene coproduction
providing an attractive potential flexibility.

o High Throughput Rates (Short—Residence-Time) and Small Reactor Size
Relative to reactor volume this type of reactor allows around 2000
lb/hrlft of coal feed. This is reflected in the short residence
time (seconﬂs or less) and the small reactor size.

The smail reaétor size results in meny advantages which wight be
unavailable or impractical for larger conventional reactors.
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The highest quality of materials of construction may be used since

they are not such an economic factor.

Use or modular reactor clements allows ease of transition'from_pilot
to commercial scale including testing ar full element or cluster
size.

Most of the key reactor components can be shop fabricated and tested
under high quality assurance levels. Maintenance and replacement of
elements is simplified and downtime theoretically reduced.

Small reactant invén:ory allows rapid shutdowm or quénch.

No Tars in Raw Product Gas

The absence of liquid hvdrocarbons and tars allows almost complete
vapor phase product recovery processing steps. The benzene is

recovered by Liquiﬂ absorption and purification.

4,2 Weaknesses

o

o

Large H, & Recycle System

An excess of Hy is needed to satisfy the CH, syntheslis and coal
heat up to reaction temperature. This Hy is carried through the raw

SNG processing steps; crvagenic separation and retycle.

92 Plant Required

The produrtion of H2 for make up requités a large 02 plant.

Lockhopper Systom

Coal and char Fed by dense phase which is an advantage still requires
a high pressure ( 1000 psi) lockhopper system.

Kay Stéhs Require Development

Several areas require further develupment io validate the ‘overall
proceés cancept as follows: .
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- Char oxygasifier
=~ Heat recovery of solids + gas streams
- Scale up from modular to full scale reactors

— Feed splitting to modular elements
= SRT control/safety sycstems

5.0 POTENTIAL IMPROVEMENTS

The following items are suggested as potential solutions to problem areas
that appear to exist as the processes are tow proposed by the dev=10pers.
These also take into account the stage of development of the overall process
and the conceptuﬁl status of many of the coﬁpanion operations to and around the
proposed pasification sﬁep. These sugpestions are the result of reviewing
items mentioned in other sections such as weaknesses, alternates, disadvantages
and status of develeopment. It is suggested that rhese are potentials only
viewed from the perspeciive 65 this assessment and w111 vequire more detailed
investigation and evaluation prior to testing. 1t is for this reason tley are
called potential improvements.

Some potential improvements which appeared worthy of_investigation are asg
follows:

1. Increase BTX (Benzene) production tc a maximum.
2.  Reduce the Hy/coal (or carbon) ratio to a practical minimum.

3. Apply catalysts to the gasification step(s).

4. Apply a Hy separation process (such as Monsanto hollow fiber
process) to recover H2 for recycle to reduce processes downs:ream of
gasification and acid gas remcval.

5. Process ail-the coal through the hydrogasifier produ@ing a larger
quantity of char. Use char only for H, production and any

V=13



balance for utiliry steam/power generation. A 1argér portion of the
total coal volatiles would be captured in the raw product gas and less
lost to COé in the steam boilers and to some extent in the char
gasifier.

6. Burn a stream of desulfurized raw produet gas or a stream of raw
syngas from the char pasifier for steam/power generation to reduce

need for flue gas desulfurization.

7. Produce hydrogen by reforming a portion of the product metﬁane vather
than oxygasification of char and coal.

5.1 TIncrease BTX (Benzene) Production to a Maximum
The base case considers benzene production at a moderate level of 5.34%
based on carbon converted in the hydrogasifier. Under conditions to produce a

maximum of this coproduct the yleld can double. .

On the basis of value placed on purified recovered benzene by Rockwell,
this increase would further credit operating costs by another $62.2 million
annually. This would reduce the gas cost by $0.76 per millfen Btu.

5.2 Reduction of ihe Hy to Coal or Carbon Rétio te a Minimum

The CS/R coal gasification process as proposed by the developers for this
assessment has fixed the Rz/coal ratio in the hydrOgasifier‘fgéd at 0.2041
lbs Hzflb MF coal. Experimental runs were made at ratios from 0.25 to 1.0.
The stoichiometric quantity of H, converted (gasifier + methanation) is
0.0904 1bs of Hy/1b MF coal with 0.128 1bs H, exiting with the raw product
gas to be recovered and recycled. The optimum (minimum} level of H, to coa’
has not heen established but is being approached gradually by ongoing testing.

For purposes of aéseséing the magnitude of cost reduction due to a
decrease in‘the H2/coa1 rﬁtio.'lc is assumed that the same conversion could
be achfeved at a Hp/coal ratio midway f:ém the stoichiocmetric requirement and
the level proposed. This would be 0.147 lbscnzlcoal and the following |

reductions could be expected:
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{a) Reduced gas flow through quench

(b) Reducad zas Flow through benzene recqvefy

{c) Reduced gas flow through acid gas removal

{d) Reduced‘gaa £flow ﬁhrough methanation

{e) Reduced gas flow through drying and cryocgenics
(£) Reduced recovered hydrogen flow

(g) Reduced total recycle flow.

Rough estimares of the percentage capital cost'reduction and the cost
‘effect on gas cost for the above are as follows:

Total Capital Cost
% Reduction Reduction ($106)

(a) | 17, 9.7
(b) . 2.3
(c) 17. 3.1
(@ . | 25 11.3
{e} 25
(£) 25 } 17.8
() 12 .
44,2

Effect on Gas Cost = $0.10/106 Btu reduction

5.3 Apply Catalyst to the Gasification Steps

Work in aveas other than SRT (short iesideﬁce time) coal gasifiers‘using
low cost catalyst additives to enhance the conversion and reéctivity of coal
suggests that there may be potential to apply catélysts.tn the Rockwell CS/R
‘Hydrogasification Process as well. Although experimental data are iacking for
SRT'applications:certain_advantagesfdrawn from other processes appear to merit
‘invéstigation. ‘ B ' | i ' '
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Some advantages envisioned are:

o Possible reduction of HZIC ratio with proportionate cost reductions
to all operations related to H,/C level.

o Lower gasifieatioh cemperatufes favoring higher CH, yields at = given
Hy/C ratio in the hydrogasifier.

o Reduced downstream process steps after gasification depending on the
reduction of recycle and excess components in the raw product gases.

Some of the added steps which would haﬁe'to be more than compensated by
the benefits would be: '

Catalyst cost and codsumption
- Catalyst addition operations
Catalyst recovery

o o © ©

Spent catalyst disposal

Since a measura of this po:ential is not available for an SRT gasifier at
this time, a quantitative escimate .of the benefits has mnot been attemp:ed and
this discussion is limited to qualitative items above. However, it is judged
that if catalyst addition proves to be justified the overall reductions should
be at leact equal‘tb that of minimizing the Hzlc ratio described above.

5.4 Apply an Improved Hz Separation Process .
A significant portion of the energy consumed in the RncRWell CS/R
Hydrogasification Process is related to the separation, recovery and recycling

- of a large stream of H, from the raw product gas. The proposed process

employs a cryogenic separation and recovery system.
The potential exists for cost reductions 1f a lower énergy consuning and

simpler operation could he devised and.applied'tq‘this process. One candidate
process might be the Monsanto Prisn® hollow fiber H, separation process.
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It appears that the pressure levels, Hy partial pressure and other
conditions of the raw product gas after acid gas removal present an ideal
applicatlon for trial of the Monsanto process. The process has been applied
successfully by the developer on a commercial scale for almost three years to

processes under similar conditions.

The most obvious advantages appear to be:

0 Elimination or significant reduction of the cryogenic operation.

o Reduced gas flow volume downstream of acid gas removal with
corresponding reductions to methanation and gas drying units.

Rough calculations applying Monsanto published.data and estimated

- recoveries of Hz indicate that by applying this procesé, after acid gas
removal, to the raw product gas the H, can be separated for recycle, the
cryogenic section can be eliminated, the gas volume through methanation and gas
drying is reduced to about half and the residual pressure remaining in the
product gas approximately compensates for the recompression required for the

recycle H2 A more rigorous analysis is required before recommending testing
" for this application.

An estimate of the cost effect shaws about equal total capital required.
Any gain would be achieved by reduced operating costs mainly in energy savings
around the eryogenic unit and gas compression. This would be reflected in coal
cansumption for steam/power generation. No estimate was attempted since the
Rockuwell conceptual process did not include a utility/power breakdcwn by
'process unit.

3.5 Process Total Coal Through Hydrogasifier . ‘

Rather than three separate coal feeds to the hydrogasifier. the
oxygasifier and the steam/power generatot, it was thought ‘that there may be an '
advantage in proce951ng all of the coal first throagh the hydrogasifier and.
using the resulting char to feed the oxygasifier and steam/power generator.
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Some potential advantages envisioned were:

. o The capture of a larger propartion of volatiles which are lost to COy
a3 the process is now proposed where about 33X of the total coal to the '
plant goes to the oxygasifier and steam/power generator. '

o  Recovering a higher level of BTX (benzene) in proportion to the SHG
product since all of the coal volatiles will exit the hydrogasifier for

TECOVETY.

o Little or no sulfur in the boiler flue gas. Using char fuel the sulfur
-would be reduced te 25% of coal fuel. Using & stream of desulfurized
raw-product gas the sulfur would have already been removed as H,S ir
the acid gas removal unit.

It becomes obvious that hydrogasifying sufficient coal under the ﬁame
conditions and conversion parameters to produce enough char for both HZ
production and boiler feed would lead to an excess of SNG. Possibly the way'a_

balanced plant would be achieved would be to hydrogasify that quantity of coal
to produce char for all Hz required-énd using a slipstream of raw product gas
afcer desulfurization as boiler fuel to balance the plant..

In addition, since a greater rate of coal is seen by the hydrogasifier for
a given amount of SNG the HZ quantity must be -about the -same as the quantity
used in the ‘process assessed in this study.

Uging a thermodjnamic equilibrium calculation program for the

hydrogasifiér'developed in Lewis Research Center by McBride and
(4>

coal consumption reflecting an increased gas cost of about $0. 23'per million

Gordon* ", the-calculations showed a net increase of about 13.0% total

Btu. The ‘increase in benzene production was only 8% with ‘an " off- setting -
'effecc on gas cost of only $0.06lmillion Btu. '
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5.6 Burn Raw Product Gas for Power/Steam Generation

This alternate is aimed at eliminating the need for the costly flue gas
.desulfurization step required if the feed coal at 4.42% sulfur were burned as
in the base case. | '

In order to achieve this a stream of raw product gas would be taﬁped-aftet
acid gas removal. To replace this gas quantity additional coal would be
processed through the hydrogasifier.

This alternate is actually similar in part to Alternate No. 5 where the
total coal feed is processed through the hydrogasifier ineluding that required
to supplement the char to the oxygasifier. Taken alone and still feeding coal
to the oxypgasifer about half of the effects might be realized. Since Alternate
No. 3 proved to be a cost increase this alternate would also be more costly and
wag, abandoned. ' '

5 7 Two schemes were con31dered to produce hydrogen by reforming part of the
product methane rather than oxygasification of char and coal, One scheme used
the char/coal as fuel to the methane reformer. A second scheme used additional
methane as fuel to the reformer.

The second scheme was rejected on the basis of signficantly higher capztal
costs.. The hydrogasification stream and the hydrogen plant stream called for
about twice the capital costs. Also, although the operating costs were not
evaluated, there would be an excess of char which would add to operating costs
and resulting overall product gas cost.

The first scheme was estimated to be.about aqual in'capital cost to‘the
base case. It was also rejected on the basis of probable higher operating
costs since the hydrogasification plant was about double the size of'the base
case requiring a proportionate increase in coal feed. In add*tion, it required
the use of a char/coal fired reformer which has not been developed.
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6.0 COMPONENTS REQUIRING UZVELOPMENT

In order to assess the CS/R Hydrogasification Process from the perspective
of a fully developed commercial scale operatibn several new operations .
auxiliary to the principal gasification steps must alsc be considered. These
may not be.apﬁarent during the pilot scale development but when expanded to the

required commercial scale the need for development becomes maore obvious.

Scme of these auxiliary operations which are critical'to the successful

performance of the conceptual design as proposed include:

(1) A full scale dense pﬁase coal or char feed system.

{(2) A Fail=safe control system for hydrogen preheating and feeding to
hydrogasification.

(3) A char separation, handling and dense phase feed system for
oxygasification with steam.

{4) A hot char feeder control system under high pressure into an oxygen

atmosphere reactor.

6.1 Dense Phase Coal Feed System (Commercial Scale)

A rough calculation indicates that pulverized coal at a relatively low
bulk density requires a significant number of large high pressure vessels and a
sizable recompression and letdown conservation system for transport gas to
accommodate the proposed dense phase feed system. ‘

Assuming an hourly cycling of the hopper feed vessels feeding into a 1000
psi reactor, limiting vessel sizes tu:lz feet diameter, using recycle Hz gas’
for -transport medium and allowing some excess pressure residual in the
evacuated feed vessels, approximate1y 25 vessels wouid‘be-required designed for

over 1200.p91 in a high hydrogen partial pressure vapor phase.

Aithough the trausport gas is ‘used in the reactor and figures in the
overall material balance, about tuice this quantity will remain behind when the
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feed vessel has exhausted its coal. This gas must be renoved, purged,

recompressed and transferred to another vessel filled with coal to repeat the
cycle. ‘

The total bulk volume of cozl amounts to about 25,000 cubic feet per hour.
The void fraction containing the high pressure gas amounts to more than half of
this volume. Translated to standard cubic feet per minute of‘circulating Hqy
gas this ts about 20,000 SCFM.

The possible impacts, response Intervals, mechanical Eailures and hazards '
of such a aystem must be thoroughly investigated to insure that the reliabili:y

and safety will be in accordance with the 90% operating factor set for the
commercizal facility.

6.2 A Reliable Safe Gasifier Feed and HZ Preheating System

An SRT high mass throughput gasifier system introduces requirements for
advanced techniques of control safety and reliabil_il:y when applied to a
comnercial scale mot yet available from existing technology. To a partial
extent rocket feed and control technology is certainly appropriate vhere

applicable. In a coal hydrogasifier however the products discharge to a very
large delicately balanced closed system with enormous inertia.

Precedents altéa&y_exist in coal oxygasifiers being constructed on a large
scale with failures in oparation due to unrecognized‘1nadequécies in ﬁnproven
feed mechanism designs. These gasifiers were not short residence time high
mass throughput which tends to compouﬁd the potential control problems. The
teansfer of compeonents from conventional systems to new applications should be

viewed with caution since uhet; incompatibili.y may easily escape discoiery.

While SRT reactors offpr many real potential advantages they also
introduce other potential problems.' The most readily recognized seem to center
on the area of cenitol, reliability, response time. Some of thase problems.
surface when viewed on é'c0mmercial scale by anticipating possible upset
_conditions and the requirements for safe and orderly recovery. Some of these
relative to the gasifier are: '
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Upstream Upsats

-~ Loss of Coal Feed = unreacted Hz‘to system,
‘ tepperature drop

- Loss of H2 Feed = unreacted 02 to system

~ Coal Feed Splitting to Modules

Downstream Upsets

= Char Plugging ~ Immediate over pressure and shutdown
~ Loss of Quench - Over temperature and shutdown

— Pressure Buildup .

= Relief System Failure

Reactor Upsets

- Ozll-lz Balance = 0, to system or temperature drop
= Module Balancing o

= Average Conditions vs. Individual Stream Sensing

~ Sound Attenuation and Mechanieal Soniec Effects

Looking at this limited list of upéets‘the most obvious of the
requirements seems to center around the problem of the very short time which
Will exist to sense, measure and effectively react before a failure or unwanted
condition prevails. The following are some of the requirements which must be
satisfied after first determining what and how fast an upset condition may

ocCcur:

= Anticipatory Sensing

= Direct Measurement Sensing
- Rasponse Rate

- Rerovery Rate

-~ Isolation

= - Relief- _ .

- SaEe'Orderly Shutdowh

= Provide Surge Capaqiry

V=22



_ The time intervals and inventories within and around the gasifiers are so
small that the sensing and control function wili probably not allow snpefvisory
‘confirmation or response. This means that almost total control loop functions
must be integrated within an instrumentation system with very high reliability
and possibly high redundancy.

6.3 lHot Char Handling Separation & Dense Phase Feed to Casifier

One of the bessiblc alternates to the proposed process is the dense phase
feeding of hot dry char to the oxygasiffer for the production of the required
hydrogen. Such a system doeg not e«,s5t and has not been tested in combinacion
with the hydrogasifier.

The integration of such a system will require the deveiapment‘of the
following components tu operate continuously with the rest of the process:.

o An efficient hot char separation and intermediate surge capacity.

) Dense phase feed system possibly with the introduction of
supplemental transport 8as if the raw product .gas carried with the
char is not sufficient or at high enocugh pressure. This will requiré
an isolation method to operate the dense phase char feeding in a
cycling lockhapper system similar to the toal feed to the:
hydrogasifier.

o A mathod oF combining and balancxng of a supplemental cnal feed with
the char if this is required as the proposed process indlcatea. If
the coal and the char oxygasifiers are separate trains the preduct
géses nust: be compatible.as to the overall process so either train
may be shutdown without shutting down the whole process, or a large
over—-capacity from each train may be requxred to carry. the load
temporarily. ' ' s

o Possibly develop the oxygasifier to operaﬁe aon zither coal or char or
a combinatidn of ‘coal plus thar. 'This will require a variable

steam-oxygen feed for optimum oxygasification and may introduce other
feed, halancing and control problems.
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Densle Phase Hot Char, Steam, Oxygen Feed Comtrol Systém
The dense phase feeding of hot char poses the same design problems as

noted for the dense phase coal feed system on a commercial scale but the

following present additional problems which must be confronteds

7.0
(1)

(2)

(3)

(4)

[ A safe system of control inm all modes, i.&., start-up, shutddwn,
emergency and norral transient operations. This is particularly .
fmportant vhen a large proportion of the reactant 1s high pressure

oxygen.

o The possiblity of catastrophic explosion with high concentration of
0, available to the oxygasifier due to several upset causes (ioss
of steam, loss of char feed, etc.).

o A reliable solids flow measurement and contral system with high
sensitivity, response and recovery.

o An injector mechanism Eunctioning similar td'che hydrogasifier
injector but which will accommodate both 0, and steam safely and
reliably coupled with its control system.

REFERENCES

"Development of a Single-Stage, Entrained-Flow, Short=-Residence Time
Hydrogasifier,” Final Report, Contract No. EX-77-C-01-2518, Rockwell
International, July 1979, Report No. FE-2518-24.

"An Analysis of Coal Hydrogasificaticn Processes,” Final Report, Contract
No. EF-77-A-01-2365, Bechtel Corporation, August 1978, Repart No.
FE=-2565-14. :

“Cryogeniec Methane Separation/Catalytic Hydrogasification Process
Analysis,” Air Products and Chemicals, Inc., Contract ET-78-C-01-3044,
Interim Report, 15 May 1979. : S S :

McBride, B.. J. and Gordon, S., "Fortran IV Progr#m for:Caiculétion‘of
Thermodynamic Data," NASA Lewis: Research Center, Auguat 1967.

=24



Iv-11

smexferq mMoTd }o0T9 uoTIedrIrseldoapig .m\mu‘ *T-A1 T¥NDIA

ant gt s
an gt €N aL %'l VM MV
an B INIZNI9 L v (4000 %0
Camg IX09= oNS WL 8691 {1SIOW%2) WO
‘ 1n00¥d _ EEY]
"y )
30T 4
s
@.@S@S& -] AHIN0I3Y AYIA0I3Y INIddIULS AYIA0D3Y| | IWLYL dIM
_ w@ _ ungins; | NOWYOIXO VINOWWY| | a0y unos| SANOS|™ | MdIWVALS| " ZZi, T
SYT I NVIIT § _ _ 'y A
@ . 1t | e &
03 uvwvHLw | | | vaowss |, nossuanog | ) | TACHS HIIIISVO-AXO
Wizt SVD a12Y 141HS SIS I G| WodravKD
@ s o
nIINAS & i | E
|1 < <&
WANIS) L], | waowas] .| suanoozw | ] womanol | adisvoouan [ 034
s 0 I h mim 5va a12v INIZN3S VORI TS| woo [T O [ é:s

Iv-25



1v-12

ana’L ” _ 88E s | 536> | 996 000t -] ooa’L> | 000t~ | s98-7 | oODtL- S98< | 000'Len VISd “553Hd
T 1w oavz | mawz | vee- | w8 | oosiz| oot ooz oz | oz 1wl |
evB'ser | £lgee | 026’83 |ooo'eee’s | zseme|  SesEm | serowl LOE"POP'l LG5S | 100'862 | LOG'BSP| 086K | OZI'LSZ | ERVOLZ| LLZGLE | bEE4E’) | HI/AT YIVHAAC TVLOL
=== - s ane
026’89 . 4ndIns
o2z HSV
ZE9'sor HYHD
QOL'SEZ | VAT | EBE'LUG | E6L'GYE"L 1wl vnad
_ YH/EY "S01M08
CHGOEY £AL'LE poo'eeg's) 26201 | SLoBEt | SREORL LOE'v08"t i I62'a88 | 100'88Z | (v6'ASY{ OBB'9Y | 028'F e’y | BBl | gegs2 HH/ET 1VLOL
!
SSL°4T 8L 209 2L0'vs 13- .umm.n.a..” 895°t6 | 116'66 | PZC'PI | 95B°1 "HH{IOW 97 TVIOL
18671 os'zL 1299 ) et 852 oz . | 020'L gl ofH
‘ i £5:%0 | 6961 o
62 Iil it zL 5 88 ’” i uY
azi £ BZL 921 z0z Zm Ty
z09 1 1] Eyng
899 @ n
zot'e sez Zno
i SPLEE Bt 03
584 19508 662V LLE'6L 9EL5 | LEVEE [T
By 8ty - 9,0,
BL ot R Ts
55892 ¥eL'L BEE'L &t LG8z | oL’y *uo
HHOW 81
130004 | 3N3zNIE |wnaIns| Haivm | Eun svs  |anawvm| Hsv ! svowas | uwvea | swo | sus | %o Zg wos | 1vod | WD |usionxzi LNINOIHNOD
INS MYH OHOAH Vo mvy MYy 1 -OBOAH| Syo sSVO svD {  SvD wod -
a3H3A003H| -OBOAH 313A938] -AXO - |-OWAAH |ALILN ] Ax0 | OBUAH| VL0 | quen -
8L an 9t 51 T3 £t H 1 (1]} [3 ] L -] g [ £ z L ¢ ‘ON - WV3H1S

soueTEg MOTJ TPTI93IE] SSO001 uopIedfjrse8oipAH ¥/S5D ‘T-AI FTIVE

Iv-26



Iv=-13

SECTION V
ASSESSMENT OF THE EXXON CCG PROCESS |

1.0 SUMMARY R

The Exxon.cétalytic coal gasification process consists esséntially of a ‘ '
single step gasifief which‘génerates hethaﬁe-_‘Thé‘réactions in the gasifier !
involve coal gasifiéation, steam—shift, and méthanation. Therefore, there is
no need for additional steps'dutside the gasifier for shift and methanation to
" produce SNG. | :

The coal feed is impregnated uith.K2CO3 éatalyst prior to entefing the
gasifier. Approximately $J percenkt of the earbon in'the‘coal is converted to
methane and carhon-dioxide in the gasifier} 10 perceat of the carbon is ' !
converted to char and remains uith the ash and catalyst. = About 90 percent of '
_the catalyst is recovered for reuse in the process. ‘The.residde

ash/char/catalyst mixture is then disposed of.

From the gasifier raw gas’SNG is separated Erom CO and H, which are then
- recycled to the gasifier. In the pasifier, recycled CO and H; are methanated
while more CO and H, are produced from coal gasification. When the process
operates at a steady state; the vate of CD/Hz'recycling equals the rate of
CO/H2 production resulting in a net production of CHA and CUZ in the
gasifijer.

2,0 CURRENT S5TATUS OF DEVELOPMENT

Exxon Research and Engineering Company is engaged in research and
development on a catalytic coal gasification (CCG) process for the production
of substitute natural gas (SNG) from coal. An outline of the stages of
development is shown below:

2.1 Previous Research Werk
Sponsar: Exxon
Period: Pre-1979 ‘
Objectivgs: General CCG concept_and catalyst recovery

‘USing bench-scale units.
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2.2 Predevelopment Progran
Sponsor: DOE, $2.4 MM, Contract No. RB(49-18)-2369
Period: July 1, 1976 through December 31, 1977.
Objective: o Operation of 6" x 30' fluidized Bed gasifier (FBG) with
Illinois coal. : | '
~ Operate with mixed K500,/ Na,C04 catalyst
- Operate with recycled catalyst

o Bench~scale studies on gasification kinetics and catalyst

recaveryes

- Broaden data base to other coals
= Test reactivity of recovered catalyst
= Study critical factors in catalyst recovery
- Dperate the small fluidized bed Continuous Gasification
" Unit (CGU) and fixed-bed units to obtain additional
kinetic data. '

o COnceptuhl design of a commetcial CCG plant.
- Continue engineering screening studies
- Prepare an updated commercial plant.study design.

During the Predevelopment Program geveral technical questilons were
resolved, and the technology has now moved intc the Process Development

Program.

2.3 Process Devélopment Pfogtam

Sponsor: DOE/GRI, §$16.8 MM
Exxon, $3 MM :
Period: = Juiy 1, 1978 through June 30, 1981

Objectives: o Operation of 1-T/D Process Devalopment Unit {FDU).

V-2
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- svart up of gasification, gas separation, and catalyst
recovery systems

- Operate PDU as a total plant integrating every process
system in the unit

o Bench research and pilot'plant SUPpPOrt. :

o Engineering research and development. | ;
= Study economics and guide vesearch ‘ ‘ ‘.‘ !
~ Define key features of the process for supporting | |

englneering design and operations of a Large Pilot !
Plant (LPP).

Exxon disclosed in March, 1980, that the PLU construction was almost 1
completed. Individual unlts had been tested for preparation of an integral FDU
operation. During the test, it was found that when the gasifier was operated
at 500 psi level, the bulk density of the fluidized bed was about ;13 of'ﬁhe
density which would be expected at the 100 psi pressure- level. '

After considerable development efforts, Exxon was able to adjust the !

- expected density in the fiuildized bed (e.g;, by wvarying methods of‘ca;aiyst

impregnation and drying, etc.) and operate the gasifier at about 300 psig.

In May 1980 Exxon announced plans to construct a 100 TPD LPP in Holland
with operation expectad to begin by mid-1985.

Furthe; detalls and discusaion of the development program are contained at
the end of this section. '

3.0 Process Description

The following describes the process flow of the overall couceptual process B :
plant of che Exxon Gatalytic Coal Gasification Process by section as indicated . _ !
in the block flow diagram, Figure v-1. The heat and material balance are taken . I
from Exxon ] Commercial Plant Study Design<1)
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3.1 Coal Preparation and. Catalynt‘ﬁddition
The feed coal ia crushed to minus 8 mesh size in the coal handling and
‘etoraga saction.

The feed coal as received by the plant is an Illinois No. 6 bituminous
coal, washed, or cleaned, in a beneficistien plant at the mine. The ultimate
analysis is as_follouae'

WE.Z (dry)
69,67

c
R . 5.05
0 9.8
N 1.84
S 4,19
[ 0,08
Ash ‘ ' 9,72

100.00

HRY (Btu/1b dry ceal) 12,730
Moisture, We. Z (as received) 16.5%

The feed conl from the storage is dried from 16.5 wt.X to 4 wt.% molsture
in the entrained dryer using flue gas generated in a coal-fired burner as the
drying mediume The dryer overhead stream, which contains hot vapor eutrainéd
with the dried coal is saparated in the cyclone separator._ The separated hot
gas 1s recycled te the coal-fired burner excep: that a slip stream is vented to
the flue gas desulfurization unit through an. electrostatic precipitator for
ranoval of solid fines. The dried coal separa*ed from the cyclone is
transferred via a screw éonveyer ta a zlg-zag blender where the catélyst
solution iz added and nixed with the coal. The. K2003 catalyst-soaked coal
is then tranaferred to ano:her entrained dryer where coal-fired burner flue gas
38 again employed as the drying medium to dry the catalyst impregnated coal.

" The overhead stream which contains the dried coal impregnated wlth catalyst and
hot gas 1s routed to a cyclone aeparator. ‘The separated hot gas ftom the
.cyclone is recycled to the coal=-fired burner except that a slip_st:gam is
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vented to the flue gas desulfurization unit after its solid fines are removed
by an electrostatic prééipitacor. The separated coal from the cyclone is rhen
transferred to a storage bin Eacility ready for feeding cthe gasifiev.

3.2 Gasifier Sysﬁem

The catalyst-impregnated coal is transferred by gravity to the lockhopper
Eeeding system which consists of the low pressure hopper, the lockhopper and
the high pressure Ffeeder. The recycle syngas containing carbon monoxide and
hydrogen is employed as the pressure médium for the lockhopper system.  After
the coal is transferred from the low pressure hopper to the high preésgre
feeder, it is pneumatically carried into the gasifier in dense-phase flow by
the preheated recycie syngas. The preheater is provided for supérheating the
sfeam—containing recycle syngas in the radiént section and for preheating a
slip stream of the dry recycle syngas in the convection sectfon. The latter is
used as the carrier gas for coal feeding. '

In the gasifier the catalyst-impregngted coal is fluyidized by the
superheated stream of the steam~containing recycle syngas. The steam reacts
with Ehe‘fluidized catalyzed coal char, in ptesence of the recycled syngas
containing carbon monoxide and hydrogen. Methane and carbon dloxide as well as

hydrogeﬁ sulfide and ammonia are produced.

The main reactions taking place in the gasifiar are the highly endothermic
Steam gasification veaction, the ﬁildly excthermic steam-gas shift reactioﬁ,
and the highly exotherhic:methanation reaction. The steam-gas shift_#nd'
methanation reaetions aré'essehtially at equilibrium over the catalyzed char in
the gésifier. The composite of the rhree reactioné results in no significant
net production of carbon monoxide and hydrogen. The resulting overall reaction

can be represented as Eollowa.‘
Coal % Hy0 = CH, + COy + 1158 + Niiq
The above reaction is essentfally thermo-neutral. Therefore, only a small

amount of heat input to the gasifier is required, primarily to preheat the feed
coal and to provide for heat losses. This heat requirement is supplied by the
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preheater via the coal feeding syngas stream and by the superheated steam-
containing recycle syngas streams. The reaction temperature and pressure in the
gasifier are maintained at 1275° and 500 psia, respectively.

The char and ash are withdrawn from the gasifier bottom to the char quench
drom and then te the char slurry drum for catalyst recovery.

3.3 Heat Recovery and Gas Scrubbing

The product gas from the gasifier is First routed through two cyclone
separators connected in series and integrated with the gasifler, and then
through a series of heat exchangers for recavery of high temperature heat by
generating and superheating high preéaure (600 psia) steam requived for the
gasifiet. After recovery of the high level heat, the process gas_stream is
still well above its water dew point. The bulk of solid fines contained in the
process gas stream 18 then separated in the tertiary cyclone. The gas then
proceeds to the process gas saturator and to the Venturl scrubber where the
final clean up of solid fines is effected. The clean process gas is thnen
routed through a series of heat exchangers for further heat recovery by
preheating boiler feed water and generating low pressure (65 psig) steam. At

' some point of heat recovery when the process gas is cooled to about 330°F, it

1s passed through a fixed-bed reactor to catalytically hydrolyze carbonyi
sulfide (COS) to H,S. The remaining heat in the process gas stream is then

rejected by the coolers. At the end of heat recovery. the process gas enters

the ammonia scrubber at 120°F, vherein ammonia fs removed from the gas.

3.4 Acid Gas Removal and Sulfur Recovery

The overhead gas stream from the ammonia s&rubbet is routed to the Selexol
acid gas removal unit which primarily éonsists of the H,5 absorber, the HyS
stripper, the Co, absorber and the CO0, stripper. The effluent stream from
the HyS stripper is routed to the sulfur recovery unit and the overhead -
stream from the coz stripper is vented to the atmosphere. Low pressure steam
is employed for reboiling the HZS stripper- -Air ig used for stripping off
002 from the Selexol solution in the 002 stripper.
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The sulfur recovery unit consists of the Claus plant and the tail gas
treating plant. Sellable elemental sulfur is recovered in this unit as a .
byproduck. '

3.5 SNG Separation .
The treated process gas from the acid gas removal unit is then passed
through' the Molecular Sieve unit for drying and trace €O, removal. This

preparation is required for Eeeding the downstream cryogenic SNG separation
unit.

The ‘process gas stream, now contdining only methane, hydrogen and carbon
monoxide is heat exchanged with various cold product streams from the cryogenic
fractionation system, and is chilled doﬂn to a eryogenic temperature. A flash
separation is érovided at a cryogenic temperature to vaporize the major‘bortion
of co, andlﬂz from the liquid CH,. The liquid from this fiash separation
is then fed te the cryogenic fractionation column operating at approximately 40
pei. where the final separation of methane .from the remaining synges is
'performed. The overhead B8as stream containing primarily the syngas is heat
exchanged Qich the [eed stream and then routed to combine with the Fflashed
' syngas stream at the feede The total combined syngas stream is then recycled
through the preheater to the gasifier and the lockhopper system. The bottom
" product from the cryogenic fractionation column is also heat exchanged with the
. feed stream, vaporized and then compressed to the gas pipeline pressure for
sales.

3.6 Sour Water Stripping and Anmonia Recovery
This section primarily consists of the sour slurry stripper, the
 HyS/NH, stripper and the ammonia recovery system.

The”sbur:slurry stream containing approximately 107% of solid fines is
routed Erem the Venturi screbbing system to the sour slurry stripper.: The
overhead vapor stream ffem the sour sIurry stfipper is fed to the sulfur
recovery unit and the bottoms is routed to the fiiter belt press. The filter
cake is transferred to disposal end_the filtrate routed to the eatelyst

recovery system.
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_The.snur eondehsate gtreams from various K.O. drums in the heat recovery
and gaa scrubbing section and che NH3 scrubber bottoms are routed to the sour
water stripper. The st rich stream is separated by ﬁistillatian from the
NH3 stream and fed to the sulfur recovery. Ammonla 1s recovered as 20 weight
percent aqueous Solution as a byproduct. The stripped water is routed to waste
.ﬁater treating. |

3.7  Catalyst Recovery _ .
This section consista of the Ca(QH)z digester and fourteen
water~leachling stages. All the catalyst containing streams throughout the
~ plant are first routed to the Ca(OH), digester and then to the water-leaching
stages fbr‘recovery of the catalyst. Thése streams include:

o The char from the bottom of the gasifier, after being slurried in the
char drum,

o The solid fines from the tertiary cyclone separator, after being

slurried in the fines slurry drua, and
o The filtrate of the sour slurry strippet bottoms.

Lime (Cao) and the nmakeup catalyst as 30 wt.X KOH are added to the
Ca(OH)2 digester for recovery of catalyst tied up with the coal minerals.
Fraosh catalyst nakaup is necessary since a portion of the catalyst is not
recoverable from the coal minerals. ‘ B

The CaG is hydrolyzed in the digester to form Ca(OH),» The ratio of
caleium in the lime feed, to potassium in the feed char and fines solid is Q.7
lb Ca/lb K. The char and fines slurries are soaked in the digester for two
hours by agitatlion at 70 psia and 300‘, Under these conditiens, approximately
90X of the potiassium in the feed solids is solubilized. The remaiﬂing_"

' potessium leaves with solids'in water-ingcluble compoundas. o

About  98.52 of the potassiuﬁ salts so1ubi1ized in the Ca(OH), digestion
are recoverad in the downstream water—leaching stages. Overall, this section
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_recovers 872 of the total potassium catalyst which entered the gasifier with
the feed coal. The remaining 13X is supplied by the makeup KOH.

All the recovered plus the fresh-mhkeup catalyst, containing 37 wt. %

K,COB equivalent, are then recycled to the catalyst addition section for

impregnation of the feed coal.
3.8 The Plant Arrangement
The conceptual commercial process plant with a capacity of 250 MMSCFD

product SNG is envisaged to consist of the following trains:

¢ Four trains of Coal Drying and Catalyst Addition (threc trains normally
in operation, one train spare);

o Oune train of Coal Storage Binsj

@ Four trains of Reacltors, except two trains of pressurization gas
handling and one common spare train of feed hopper system and the
lockhopper recycle gas compressor;

o Feur trains of Acid Gas Yemoval and Sulfur Recavery;

‘o fuo trains of SNG Separgtion system;
o Two trains of Sour Water St;ipping and Ammonia Regovery;
o .Tuo trains of Caﬁ#lyst Reeo#ery System.
4,0 STRENGTHS AND WEAKNESSES - |
The following are the screngths and the ueakngsses of Fhe Exx?ﬂ Cagalyt;c

Coal Gasification Process.

4.1 Strengths -

o Simple Process Sequence

The gasification ster combines the reactions of coal gasification,

steam ghift and methanation in one single gasifier vessel. The net
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products of the 3nalfiei are methane and carbon dioxide. It therefore
eliminates the requirement of having additional downstream pfocessing
steps of shift reaction and wethanation for producing SNG.

o High Carbon Conversion

The carbon conversion in the gasifier is estimated to be in the

90-percent range, and the primary products are methane and carbon
dioxide.

o Heat Intzgration/No Oxygen Plant

As the reaction in the gasifier 18 a combination of coal gasification,
steam shift and methanation, the composite heat balances of these
reactions are essentially neutral. The net chemistry of these
reactions can be represented as follows:

As Indicated above, this reaction lé almost thermally neutral and in
fact only a small amount of heat is required in the gasifiér to preheat
the Feed coal and to provide for heat losges. Due to this specific
feature, an oxygen plant 1s not required, and potén:ial slagging
problems assoclated with oxygen use are eliminated.

o No Caking Problem

‘No pretreatment is required for caking coals. The action of the
catalyst to the pore structure of coal minimizes the caking problem

assoclated with metaplast formation in the beginuing of the coal=gas
reactions.

o Easy te Control

- The gasification reaction in the gasifier reaches equilibrium. The
residence time 1is not critical to the product compnsitions, therefore,
the process is easy to control.
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0 - Simple Gasifier _
The gasifier is a fluidized bed. No complicated special internals are
required. Ewen tempefature‘dis:ribution in the gasifier is expected
due to the fluidizat;on ﬁixing'effects of the bed.

o No Slggglgglﬂo Tar

45 the gasifier reaction temperature is 1275“?, the slagginr problem is
eliminated._ Due to the gasification temperatute, exotic materlals are
not required for the gasifier construction. '

o Energy Efficient for CHQ Recbverz

The eryogenic system for separation of G, from syngas uses pressﬁre'
.reduction to achieve auto—-refrigeration required in the system.
~ Additional heat exchange between the product streams and the feed
"‘stream to chill the feed stream to cryogenic temperature is provided.
External mechanical refrigeration 15 not required for normal operation:
of the system.

‘0 Recovered Catalyst Activity Maintained

- The ezperiments have indicated that the recovered ca:alyst ‘malntains
its catalytie effect over long recycle operation, as there were no -
indications of activity reduction.

o Data Base . _
= During the Predevelopment Program, the fluid bed gasifier has
demonstrated the following characteristics:

&. Good quality data .
- bs  High on-stream factar
€. Recycle catalyst as active as fresh catalyst
~ds . Fluid=bed operation stable and easy to - cantrol

e High carbon and steam conversions with a simulated syngas
.recycle.
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- A computerized mathematical model was developed for simulation of
the gasifier operation. The simulated results agreed well with the
observed data obtained from the 100 psig gasifier operation tests.

- TRuring the Process Development Program, the Process Demonstration
Unit (PDU) gasifier sustained 165 hours of stable operation with
[llinois No. 6 coal feed in August, 1979 with the following

conditiaons:

a. 90 percent carhbon conversion. ‘

b. Gasification at 1250°F and 500 psig.

c. The bed fluidized with steam and N, gas.
d. Fines returned to bed by cyclone.

e+ The run terminated by failure of liquid nitrogen pump.

The PDU work is currently in progress. The major effort of this work is
to demonstrate a continuous stable operation for a period of time of the PDU (1
T/D capacity) which consists of all the process systems to be provided in a
commercial plant. Also, an investigation will be made of the effect of trace

'componenCS bulld-up in each system of the overall process operation.

4.2 Weaknesses (Areas Needing Development)

¢ Catalyst Recovery

The catalyst recovery system currently being ¢ ontemplated will recover
approximately 90 percent of the catalyst orlginally impregnatad with
the coal. The long residence time needed in the water-leaching
catalyst recovery process indicates high investment on equipment. The
catalyst tends to tie—up with aluminum compounds in coal forming
ﬁater—ineoluble salts. Therefore, if the feed coal contains a large
amonnt of aluminum compounds, high rates of catalyst makeup will

result.

¢ Gasifier

. As the reactions in the gasifier are to reach equilibrium, a high
residence - time is required resulting in a big reactor vessel. "Exxon is
invescigacing ways for improvement in this area.
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o Digestion
Ca(OH), digestion is required to recover the water—-insoluble portion

of the catalyst. However, the dipestion step produces a lot of saolid
fines which contribute difficulties in solid/liquid separations in the
downstream water-leaching process.

o High Steam Requirement

The gasification needs a steam rate of 1.585 pounds of steam per pound
. of dry coal. In order to supplement the requirement, the off-site
" reboiler needs approximately 16 percent of the tutal plant coal Eeed as
" fuel for generating the required process steam.

o 10% Char Loss

The gasifier converts'apﬁroximately‘go percent of carbon in the feed
coal to gases. The remaining uncanverted char is transferred with -

ashes to the catalyst recovery system and eventually disposed.
off—plot

5.0 POTENTIAL IMPROVEMENTS
The following potential improvements For the Exxon CCG process are
huggested from the perspective of this assesament and will require more

detailed evaluation prior to testing. Some potantials which appear worthy of
iavestigution are:

1. Improved Flue Gas Desulfurization
24 Improved Low Level Heat Recovery
3. Improved Cryogenic'SNG Recovery
4, Improved Cétalyst Récovefy

5.1 Improve& Fiue Gas Desulfuriéation

Exxon's original process design showed two coal dryers: one for crushed
feed coal, the other for catalyst impregnated coal. Both dryers usé thé hot
fiue pases generated from the coal-feed burners as the drying media.. Since the
‘flue gases are from the coal burners, they contain sulfur compounds, thgrefore,

the Elue gases from both. dryers are routed o a desulfurization unit for making
H,50, as a by-product.
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A potential improvement might be to replace the coal generated flue gases
by the flue gas from the recycle gas preheater. The‘preheater is Eueled‘by the
alean product SNG; therefore, its flue gas is environmentally clean. If this '
clean flue pgas is used as the drying medium in each dryer, then the flue gas
from the dryer can be vented to the atmosphere without being desulfurized, and

the flue gas desulfurization unit dan be eliminated.

As to the flue gas from the coal-burning offsite boiler, it might be
routed to the tail-gas treating unit of the Claus sulfur recovery plant. A
section. of the treating unit could incorporate a hydrolyzer and an absorber for

such treatment.

A preliminary cost estimate indicates that the additional equipment would
cost about 30% more than that saved, but the coal feed saved by deletion of the
coal burners would pay out in abOut four years. In addition, the separate
“2504 storage, handling and shipping facilities could be deleted by

elimination of the flue gas desulfurization unit.

5.2 Improved Low Level Heat Recovery
Exxon's original process design showed that the low level heat helow 313°F
in the process gas stream is rejected to both air and water coolers. The

process gas its cooled to [20°F prior to entering an ammonia serubbing column.

The proposcd improvement is to utllize the low level heat currently
rejected to air for generating refrigeratlon(z' 3). This 1s made
pdssible by providing an ammonia~-absorption refrigeration unit. This unit '
would have a single stage absorber and ;he process gas stream would be used for
providing desorption heat from 313°F to 288°F.

‘The refrigeration load would be used primarily in the ‘acid gas removal
unit (Selexol Process), and the dry-bed unit. The latter is provided For
dehydrating the process gas stream prior to entering the cryogenic'SNG

separation unit.
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As a part of the low level heat is recovered for generating refrigeration
load, part of the heat rejected is redhced, tvesultling in savings on cooling
surfaces as well.

A preliminary cost estimate indicates that the net capital cost for ‘ *
équipment added versus deleted is zero. llowevey, there would be a utility ‘
savings by reduced power requirements of packaged refrigeration units and on

air coolers.

5.3 Improved Crvopenic SNG Racavery
Exxon's original design was improved by an Air Products scheme. The !
.inprovements include elimination of the cascade.refrigerntion unit, and
feplacing a fractionation coiumn with a_stripping calunn. These improvements
were made possihle by pressure letdown of the methane énntniniug gas. The
effect of auto-refrigeration plus heat exchange was sufficient to condense the
bulk of the methane. Flash ssparation and stripbing at a lower pressure than

the original design effect the separation of SNG (methane) from CO and H,
gas. ' ' h

Further improvements over the Air Product's scheme are suggested by JPL.
These improvements_include-feplacing the letdown valve upstrean of the feed
drum.(to the stripper) with a turbo-expander. The latter will not only extract :
hersepower for driving the recycle and gés compressor, but alse cool the
brocess 8as stream further. This will result in savings in operating |
hefseﬁowar. The second improvement suggested by JPL is to use a multi-stage
LNG pump to deliver the pressure required for SNG product; namelj; pump the LNG .
up to the 1000 psi level and vaporize the remaining Liquid downstfeam at the - i

battery limit. This will save SNG compressors and horsepower as well.

A preliminary co§t estimate indicates-that the equipment cost savings
would be about SZ,DO0,000.and utility power savings would be about $4,000,000
per year. ‘ ' ' o

5.4 Improved Catalyst Recovery

The catalyst [s knoun to associate with minerals in the coal to form

water—insoluble compounds. The improvement concept is to remove some of the :
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ash and minerals of the coal upstream of catalyst impregnation by
"beneficiation. Should this bereficiation prove feasible, the catalyst tie-up

with the coal mineral would be reduced with che potentiél of increased recovery.

of the catalyst.
6,0: DEVELOPMENT STATUS DETAILS

6.1 Key Results From Previous Research Work

Previous Exxon sponsored research on catalytic coal gasification was
performed in bench-—scale units which have the capability of opgrating at
pressures up to 1000 psip as well as in a small pilot—sealé Fluid'Bed Gasifigr

(FBG) unit with a coal feed capacity of up to 25 lbs/hr and a maximum operating

préssure of 100 psig. This pressure limitation is present because the FBG was
originally built for thermal gasification work. During 1975, the FBG Pilet
Plant was operated with KqC03 catalyzed Illinois coal for continuous ‘

periods of up to two weeks. Good_quality data were obtained for yield periods

covering a wide range of operating coaditions. For many yield periods, the FBG.

operated with synthetic gas makeuﬁ {simulated recycle) such that inlet and
outlet synthesis gas rates were in approximate balance.

Close approaches to gas methanatibn equilibrium were demonstrated with
K9C03 catalyst in both bench~scale units and the FBG pilot planc.
Bench—scale rate data were obtaived for Illinois coal with both K,C04 and
a2LO3/k9F03 catalysts.. These data were combined with analytical
descriptions of fluid bed contacting :o develop a firsn—pass computer model of
a E1u1d bed catalytlc gasification reactor.

In Ehe_area of catalysL recovery, the effectiveness of a watgf wash for
recovering ahout two-thirds of the catalyst was demonstrated. The forms of
this_recovered'catalyst_weremidentified_and"work was initiated;on_the_recovery
of water- insoluble catalyst. Also during this phase, engineering screening
studies were carcied out for commerciul plants to_eshablish preferred

-configurations for process Flow and eqﬁipment sequenéing, and to determine
investwent and operhting costs, . o
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6.2 Key Results from Predevelopment Program

6.3.1 Fluid Bed Gasifier (FBG) Operation

- The continuous operation of the 6" x 31' fluid bed gasifier (FBG)

was to simulate all commercial gasifier parameters except pressure, the effect

of recycle gas rate, and the resulting effect on reaction kinetics. These

parameters which were representative of expected commercial conditions include

type of coal, coal size distribution, catalyst loading, :eachion témpérature,

steam conversion, carbon conversion, fluidizing velocity, residue compositioen,
bed density, and fluidization properties of the gasified solida. Results from

the FBG operations are summarized below:

(2)

The urit was used to develop Eifty material balanced periods.

_0f these, eighteen were selected to represent a‘variety of

procass variables for detailed workup. Unit operations were
of high quality. The service factor during the last six

“ waths il npcﬁhtion averaged more than 80% of real time, with

'Tiirﬁna—monthlﬁaximum of 96%.

(b

{c)

FBG Ope;ngions confirmed.the ineffectiveness of mixed sodium

-~ nd pctass‘m catalyst.

Opérations using reeycled water soluble catalyst reached a
recovery level of 94% of water soluble potassium (64% of total
potassium). After approximately ten cycles of operation with

recoverad catalyst, no loss of activity nor any significant

‘buildup of other constituents was:observed-' Pilot scale

calcium digestion experiments demonstrated recovery of more
than QOZ.of the'totél'ﬁdtaésium from FBG residue. Recyéle of
catalyét at tﬁis recbvery level will be,é part of the
development phase. ‘

6.2.2 Bench-Scale Studies

‘Thé bench~scale research activities gemerated several 51gnifi¢#nt

rosults as follows:



(a)

()

.(c)

{0

A computer model of the rate controlling reaction kinetics was
developed. It describes gasification rate as a function of
tempetaturé, catalys; loading, and gas compositionm. Pressure

is important only because it influences gas composition.

Early testing of mixed sodium-petassium éafalyst indicated

that this system would be ineffectivé For reducing catalyst
CGSC. ‘

The effort was redirected toward increasing the recovery level
oE.the_water—insolﬁble potassium; The most premising approach
is the reacﬁibn éf:ash/char residue with calcium hydroxide to
pruducé'soluble.potaséium salts and insoluble calcium aluminum
silicates.  This réaction is carried out in an aqueous
digestion system at relatively mild conditions. It results in
an increaée'in catalyst recoﬁery from about 70% with ne '
caieiuﬁ'hydroxide to about 90%_§ith ratics 6f calcium to

potasstium of the order of 0.7 malas/mole.

Exposure of char te air was found to oxidize suifides to

apltfates amd to inhikie the offectiveness of the watsr wash,

elabeium digusLinn;in the presence of OO wis observed to

conwert sope of the potassiem anlfale Lo porassiam formate.

Potassimn sulfide was Found o be catalytically active bur

Ines o fgetive than the hydrozide and carbonate forms when the
aawiTeian medium is puve steam.  The carhonatle and hydroaxide

Farms are equal in elfectiveness.

CWvomTan subbituminows coal was found to be kinetically

anqui calent tn Tilinnis bituminous coal in the presence of

porassiam catalyst,

6.2.7 Enpinecring Screening Studies

conelusions:

The englneering screening studies led to the following major
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{(a) The preferred form of makeup catalyst for catalytic
gasification is potassium hydroxide {KOH) manufactured by
electrolysis of potassium chloride (KCl). Reserves of KCl in
North America are very large relative to the:amounts needsd.
Because KOH for catalytic gasification would be produced in
rela:ively large guantities and low purities over a long term,
the cost could be significantly below the current market

price.

I {b) With KOH at the current market price, calcium hydroxide
| digestion to recover water insoluble cataiyst from spent
gasifier solids is justiEied in addition to water‘washing to
. recover water soluble catalyst.

(c) The addition of a secondary gasification step to raise carbon
conversion to 95% from the base level of 902 provides only a

'marginal economical incentive.
(d) The selective Selexol scrubbing process for acid gas removsl
. 1s somewhat lower in cost than scrubbing with non-selective

hot potassium carbonate or selective refrigerated methanol.

6.2.4 Commercial Plant Study Design

The engineering research and development efforts culminated with
the preparation of a ne» Catalytic Coal Gasification Commercial Plant Study
Design. The process bases for the Stﬁdy Design were set based on the results
of the laborstory and engineering;sﬁudies carried out during the P:edevelopmént
Program. The key findihgs of the Study Design are:

(a) .The esﬁimaﬁeditotal-invsstﬁent.for.sspisnser cpdmerciai ﬁiaﬁt .
' féeding Illinois No. 6 cpél'and producing 257 billion Btu per
 stream day'of substitute natural gas (SNG) is Sl 530 million.
This 1is for a January, 1978 cost . level at an Eastern Illinois
location. 4 "process development allowance” and a “"project
contingency are included in- this estimate, consistent with
standard Exxon - practices.
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¢(b) The estimated cost of SNG produced Erom this planeer
gasification plant is $6.20 per million Btu (SIMMB:u). This
gas cost is an initial selling price based on 100% equity

financing, a 15% DCF raturn,'and escalation

rates of 6% per year for SNG revenues and 3% per.year:for net
operating costs. On an alternative financing basis of 70%
debt/30% equity with 9% interest on debt, the comparéble
initial gas cost is $4.70 per MMBtu.

{e) Several factors ﬁould reduce the SNG cost below.the Study
Design rhnge of $4.70-6.20/MMBtu. These include laxger plant
capacities, surface—mined coals, fncreased government
financial incentives, and future savings based on the- 1éarning
experience gained Erom the pioneer plant and from further

research and development.

The Study Design economics are believed to be a realistic
prediction of the costs (in 1978 dollars) for a pioneer commércial_plant.
Caution wust be used when comparing these economics with published estimates
for other coal gasification processes. ' Such estimates can vary widely
‘depending on the process, offsites, énd econonic bases, the investment estimate
approach, and the maturity of the teclmology. It is expected that é'consistent
comparison with state-of-the-art gasification technology will show a
significant incentive Eor further development of the Catalytie Coal .

Gasification Process.

The details on the Predevelopment Program of the'GCG process have
been documented in the Final Project Report on Predevelopment Program for Exxon
Catdlytic Coal Gasification Process dated December, 1978 prepared by Exxon

(1),

Research and Engineering Company, Baytown, Tbxas
6.3 Process Development Program

_ This program is‘currently in progress. Work plans and the current status
are summarized in the followlng sectionms.
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6+3.1 Overall Milestone Schedule _

The overall project milestone schedule for the SNG Pfogram is
included as Figufe V-Z.-‘It_shdws the folloﬁing four major tasks from 1978
cthrough 1981. | | C -

643.2

followa:

e -

b.

Ce
d.

PDU Startup |
Integrated PDU Operation
Bench Research and Pilot Plant. Support

_Engineering Research and Development

Status of Process Develapment Unit {PDU)

As of October, 1979, the PDU status is reported as

(a)

(v

{c)

(d)

(e)

= Activated automatic systenm.

Shstained_lGS hdurs of stable operation with Illinois No. 6
coal feed and steam in unit from August 10 to 17, 1979.

5 s

80 to 90% carbon conversion

- 1250°F and 500 peig

- Fluidized with steam and nitrogen

-~ Fines returned-ﬁﬂ bed by cycloné

~ Run términa;éa by, 19§SQ6f liquid N, pump.

‘Manually removed char as a water slurry.

H2 and CO sqpply systems ready for use in next run' on a
once-through basis. '

Gas cleanup and recycle system nearly ready.

= MEA and wmolecular sieve systems complete and in startup
cperation.

- Cryogénié‘fractienator in final assembly.

Catalyét recovery consttuction underway.

V=21



V-8

6.3. 3. CCG Development Issues

The following summarizes various CCG issues to be resolved in
different stages of the development.

Issues  Sench FEDU LPP
o Fluid Bed Gasification- '
- Lockhopper'Feed-System X X 'x
~ Gasification Reaction Rate X X -
- Fluid Solid Contacting - X X
- Propettiéé of Steady-state
Char ' X X -
- Floes Gcneratibn - X X
o Gas Recycle Loop
- Preheat Furnéce ' ‘.X X -
- Cryogenic Separation ’ X - -
- Trace Components Build-up - X -

a Catalyst Addition and Recycle Loop

- Trace Componénts Build-up X X -
- Fines Generation. X X -
- Solid—Liqhid Sep&:stion X X X
- Solid Dispasal X X X
- Water Wash vs. Ca(OH), X X -

Digestion

6.3 4 Research Studies Plannad for 1979

The following items are the research efforts planned for 197%9.

(a) Catalyst Loop Research - L _
« ' Costs of concentrating dilute catalyst bolutiona by
~evaporation.
—~ Evaluation of alternative solid-liquid separation methods.
- Evaluation of tradeoffs between numbar of stages,
concentrations, and recovery ' '

- Catalyst addition process cznfiguration studies.
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Gasificatic Recycle Gas Loop Research

- Tdentification of preferred gasifier operating conditions.

- Identification of technical uncertainties and data needs
‘assoclated with trace impuricies.

~ Evaluation of improved gas separation schemes.

6.3.5 En gineerigg_Technology StLdies

The following lists the engineering study efforts planned for the

CCG process.

.(a)

(b)

(c)

(d)

(e)

Catalytic Gasifier Solids Balance Model
- Madify proprietary computer model for use with CCG.
~ Validate model with available PDU.data.

Wet Scrubber Operability and Peiformance-

~ Evaluate interfacial properties of CCC solid-liquid
streams. '

- Carry cut lab studies on wet scrubber performance.

Slur: ' Rheology and Solid-quuid Separations for Catalyst

Recovery. '

- Identify and evaluate solid-liquid separation
alternatives.

- Measure viscosity of char-catalyst slurries.

Vapor-Liquid Equilibria in Sour Water/Catalyst Systems.

- Review data needs to establish deficlencies

-~ Undertake expetiméntal program as needed to improve data
base. '

Physical and Thermodynamic ?roperties of Catélyst Recovery

Solutiuns.‘

~ Establish 11ke1y data needs.

- Loi‘ect and evaluate available data.
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{f) Dynamic Simulation of CCG Reactor System.
=~ Develop dynamic process control

- Determine response to changes in major variables.

(¢) Environmental Control: Water and Solid'Effluents.
- Characterize and evaluate waste water streams from PDU.

- ldentify treatment alterna:ives.:

(h) Environmenta! Control: - Atmospﬁerid‘ﬁmiséiohs."
- Identify and quantify emissions through PDU testing..
- Identify control alternatives.

(i) Preheat Furnace Tube Selection. . _
= Evaluate carbonization behavior of selected tube
materials. '

- Screen and aglect prOJccted comnercial furnace lube

materials.

{j) Ewvaluation of Construction Materials for Catalytic
Gasification. ' ‘ .
- Test and evaluate materials for CCG in PDU.

6.3.6. PDU Flow Diagram _
' Included as Figures V-3 through V-5 are the PDU flow diagram, PDU
gAs sep«ration sectlon, and oryogenlc methane separation scheme in the PDU,

respectively.
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502 2 28 10,472 (11} 9,205 6,308 1300 409 - - - - .
44 - - as 4 Y] 1,629 5 3 - - . -
%5 - - 3T 65 5,082 33,094 30,017 4,674 1,48% - . - -
100 1,81 27,542 5,747 a0 5,050 4,337 ns 221 - . - -

3 . 1 . . . - N i - . . -
L) - - 3,885 FITY 1%0 2,705 443 142 - - - -
%9 1,633 27973 52,512 4707 50,536 48,9496 7,137 2,270 - - . .

12 - - R 1 pH 86,008 2 - - - : -

11 1,613 21973 57,525 4,708 50,547 131,004 7,139 2,270 . - - -

» 26 449 Sed o4 a9 2,004 70 22 - - - -

. . - " - _ N - a4 16 - -

ol 2. 449 564 & 496 2,004 70 22 84 1% 30 30 1
B4 14,69 5478 52394 4 a60.38| 1,193,208 65,02 20.68 - . - -
.93 16,06 16,06 %81 vy 9.81 15,30 2,80 9,78 - - . -

S 120 . 175 115 175 . 1,593 800 175
o 45 1,015 - 600 520 &00 520 558 555
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