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SECTION IV 

ASSESSMENT OF CS/R RYDROCASIFICATION PROCESS 

t.O SUMMARY 

The assessed process is a conceptual complex by Rockwell which integrates 

the Rockwell aRT Hydrogaslfler with other more conventlonal units to produce an 

SNG product at a rate of 250 billion Btu/day and a co-product of benzene at 448 

T/D0 

Meetlngs and discussions with the developer were conducted to gather data 

on the status of development, test results, conceptual block flow diagram and 

material balances. From these several process strengths/weaknesses, potentlal 

i m p r o v e m e n t s ,  r e q u i r e d  component  d e v e l o p m e n t ,  c r i t i c a l  q u e s t i o n s  and 

r e c o m m e n d a t l o n z  ~or  £ u r t h e r  a c t l v i t y . w e r e  d e r i v e d .  

The Rockwell mateclal b~lance is keyed to 8 ratio of 0.2 Ibs H 2 / I b  r l .F .  

coal fed to the hydrogaslfler~ a carbon conversion of 5.3% to benzene, 45% to 

methane and 45% unconverted char. Although the balance around the 

hydrogasifier is based upon considerable tests results, the overall plant 

material balance is strongly influenced by factored estlmates for other uults 

w i t h o u t  t he  b e n e f i t  o f  a d e t a i l e d  d e s i g n .  T h i s  i s  e s p e c i a l l y  t r u e  I n  a r e a s  

s u c h  as  u t i l l t y  p l a n t s  and o x y g a s i f l c a t l o n  which a r e  w h o l l y  o r  p a r t l a l l y  f e d  by 

c o a l .  As a r e s u l t  t h e  o v e r a l l  c o l d  gas  t h e r m a l  e E f l c l e n c y  o f  58% s h o u l d  be  

v i ewed  as  an e a r l y  e s t i m a t e ,  and t h i s  may i n c r e a s e  s i g n l f ~ c a n t l y  when t h e  

complex is opt~mlzed. 

Crlttcal areas tn  question as tile overall process is now conceived are the 

H2/Coal feed ratio, final process selected for H 2 production~ the degree of 

co-product benzene production as i t  a~fects the final economics, addressing 

scale-up designs Eor commercial level, realistic expectations of operating 

f a c t o r s  and t u r n  down. 

The H 2 p r o d u c t i o n  p r o c e s s  i s  y e t  to  be s e l e c t e d  r a n g i n g  f rom c a n d i d a t e s  

s ~ c h  as  T e x a c o ' s  p a r t i a l  o x i d a t i o n  p r o c e s s  to  a n  SRT d r y  f e d  c h a r  o x y g a s l f i e r  

y e t  to  be d e v e l o p e d ,  

IV-I 



The strengths of the CS/R process as proposed appear to be high carbon 

c o n v e r s i o n  to  CH 4 in  t h e  g a s i f i e r ,  a c c e p t i n g  b r o a d  r a n g e  o f  f e e d s ,  t he  o p t i o n  

o f  a v a l u a b l e  c o - p r o d u c t  w i t h  no t a r s  and h i g h  t h r o u g h p u t .  A l a r g e  H 2 

r e c y c l e  s y s t e m  and o x y g e n  p l a n t  m i g h t  be  c o n s i d e r e d  as  t h e  p r i n c i p a l  

weaknesses. 

Some potential improvements suggested as a result of this assessment are: 

optimized benzene coproduct option; a more economical H 2 separation process; 

use of catalyst, and reduced H2/Coal ratio. 

Several components or elen~nts which we envision to be important and 

required for the final commercial development are dense phase lockhopper feed 

systems, control/safety systems, hot solids flow measurement and control, hot 

solids-in-gas heat exchange~ dry hot char separation and feeding and 

integrating gaslfier units. 

Following are further descriptions of the subjects summarized above. 

2 . 0  CURRENT STATUS OF DEVELOPHENT 

2.  t P rogram Background  C h r o n o l o g y  

R o c k w e l l  o r i g i n a l l y  made a p r o p o s a l  to  t he  O f f i c e  o f  Coa l  R e s e a r c h  (OCR) 

i n  1974 which  r e s u l t e d  i n  a c o a l  l i q u e f a c t i o n  c o n t r a c t  s t a r t i n g  i n  1975. I n  

1976 t h e  dense  p h a s e  c o a l  f eed  s y s t e m  was d e m o n s t r a t e d  and a I /4 -TPH and a 

l~CPH l i q u e f a c t i o n  r e a c t o r  t e s t i n g  was s t a r t e d .  In  1977 the  c o a l  g a s i f i c a t i o n  

p r o g r a m  was s t a r t e d  a l o n g  w i t h  a 1-TPH c o a l  l i q u e f a c t i o n  PDU. I n  1978 l o n g  

d u r a t i o n  g a s i E l c a t l o n  t e s t s  were  s t a r t e d  and a 4-TPH g a s i f i c a t i o n  p r o g r a m  

i n i t t a t e d .  ~n 1979 t h e  4-TPH g a s i f i c a t i o n  p r o g r a m  was r e d i r e c t e d  by DOE 

r e p l a c i n g  the  4-TPH h y d r o g a s i f i e r  r e a c t o r  d e v e l o p m e n t  f a c i l i t y  w i t h  a 3 /4 -TPH 

i n t e g r a t e d  process d e v e l o p m e n t  u n i t  (IPDU). 

2 . 2  H y d r o l i q u e f a c t i o n  P rogram 

T h i s  p r o g r a m  was c o n d u c t e d  u n d e r  C o n t r a c t  No. EX-76-C-01 -2044  (DOE) f o r  

$ 4 , 2 5 0 , 0 0 0 .  The p e r i o d  o f  p e r f o r m a n c e  was o r i g i n a l l y  49 months  e x t e n d i n g  f rom 

A u g u s t  1975 t o  S e p t e m b e r  1979 but  was e x t e n d e d  t h r o u g h  F e b r u a r y  1980. A 

t h r e e - y e a r  f o l l o w - o n  p r o g r a m  i s  c u r r e n t l y  p l a n n e d .  The o b j e c t i v e s  a r e :  
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- Demonstrate Dense Phase Feeding 

- Demonstrate Injector Mixing 

- I-TPH Engineering Scale Tests 

- Construct/Operate a I-TPH PDU to establish quantity and quality of 

liquid yields. 

2,3 High Btu Hydrogasiflcation Programs 

The first contract, EX-77-C-01-2518 (DOE), for $1,500,000 from February 

1977 to August 1978 (17 months) had the  objectives of: 

- Bench sca le  t e s t i n g  a t  C i t i e s  S e r v i c e  R & D Company 

- I/4-TPH engineering scale tests 

- Preliminary process analysis 

The second on-going c o n t r a c t ,  EX-78-C-01-3125 (DOE) f o r  $22,000,000 from 

September 1978 t o  June 1982 (42 months) has for an overall objective the 

further development of the Rockwell single-stage short-resldence-tlme 

hydrogaslfier to demonstration plant status. Special objectives are to: 

- Design,  c o n s t r u c t ,  and o p e r a t e  a 3/4-TPH c o a l  feed r a t e  i n t e g r a t e d  

process  development u n i t ;  demons t ra te  same in  a 30-day t e s t  ( c o n t i n u o u s  

o p e r a t i o n ) .  

- Develop process data and operating experience to support design, 

economic evaluatlon= and optlmizationof a viable commercial process. 

- Prepare a preliminary design of a practical commercial plant. 

The program scope of work involves an integrated combination of design, 

constructlon~ and operation to demonstrate the feasibility of the Rockwell 

hydrogaslfler reactor for commercial application. 

Testing ts currently being performed at 3/4-TPH in a short- duratlou 

englneering-scale facility to improve and refine the process data base by 

Eeneratlng essential Informat£on outside the scope of the previous contract. 
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P r o c e s s  c o n d i t i o n s  a r e  be ing  d i r e c t e d  towards  optimum benzene  p r o d u c t i o n  as a 

co-product with SNG. 

It was initially planned that a 4-TPH unit be developed and used to make 

extended runs for various durations up to 30 days. However, in August 1979, 

DOE d e c i d e d  to r e d i r e c t  the  p rog ram,  r e p l a c i n g  the 4-TPH h y d r o g a s i f t e r  r e a c t o r  

development f a c i l i t y  wi th a 3/4-TPH in tegra ted  process development u n i t  (IPDU). 

Lengthy tes ts  w i l l  be perfonaed to demonstrate system o p e r a b i l i t y ,  component 

durability and product quality, while shorter runs will be conducted to 

evaluate process factors. It will no longer be possible to investigate 

injection element scaling, as was originally planned, by studying 

single-e lement  and c l u s t e r e d  multi le-element injectors. 

Tests w i l l  be made with s t rong ly  caking b i t~n inous coal as we l l  as with 

subbitumlnous coal ;  char from each w i l l  be charac ter ized.  Problems wi th  the 

process, mater ia ls  and operat ion sha l l  be defined and resolved to the extent  

necessary to warrant low-rlsk go-ahead with a demonstration plant venture 

following completion of this p r o j e c t .  A preliminary d e s i g n  of a 

commercial-scale plant of such quality and detail as to be directly useful to 

an Architect/Engineer firm in the final design of an actual commrcial unit is 

the  u l t i m a t e  o u t p u t  of the  p r o j e c t .  

2 . 4  Data Base 

The data base resu l t i ng  from the above ~ r k  covers three f a c i l i t i e s  and a 

broad parametrlc range. The three facilities and resulting data points were: 

- C i t i e s  Service Bench Scale 

- Rockwell 1/4-TPI{ l l yd rogas i f i ca t i on  

- Rockwell I-TPH l~droliquefac~ion 

- 58 data points 

- 49 data points 

-II0 data points 

The parametric ranges were: 

- B i t u m i n o u s ,  s u b b i t u m i n o u s  c o a l  and pea t  

- R e s i d e n c e  t imes  

- Pressures 

30-5000 msec 

500-1500 ps i  
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- Temperatures 

- H2/Coal ratios 

- Coal throughput 

1400-2000 F 

0.25-1.0 

1000-3000 lb/hr 

Rockwell has judged the data Erom the different facilities to be 

consistent at the ~ull range of coal throughput (References 1 & 2). 

2.5 Commercial Hydrogasiflcatlon Reactor Operating Conditions 

The range of hydrogasi~ler operating conditions which are applicable in 

the design of a commercial SNG plant using either bituminous or subbituminous 

coals, or peat, include: 

- Residence Times 

- Pressures 

- Temperatures 

- H2/Coal Ratios 

- Commercial Reactor Throughput 

1000-3000 msec 

500-1500 psia 

1700-1900 F 

0.20-0.45 

140-220 ton/hr. 

3.0 PROCESS DESCRIPTION 

The following describes the developer's Preliminary Commercial Concept 

Design of the Cities Servlce/Rockwell (CS/R) Coal Hydrogasi~Icatlon Process to 

produce SNG from coal at a rate of 250 billion Btu/day (HHV) and benzene, a 

prlncipal liquid co- product. (Refer to Process Block Flow Diagram, Fig. 

IV-l). 

3.1 Summary 

The key f e a t u r e s  of  t h i s  p r o c e s s  a r e :  an e n t r a i n e d  f low 

s h o r t - r e s i d e n c e - t i m e  (SRT) coal  h y d r o g a s i f i e r  r e a c t i n g  c o a l  wi th  ho t  hydrogen  

to  a raw gas h igh in  methane c o n t e n t  and to c h a r ;  an e n t r a i n e d  f low,  

c h a r / c o a l / o x y g e n / s t e a m  g a s i f i e r  ~or the p r o d u c t i o n  of  hydrogen make-up;  and a 

c r y o g e n i c  hydrogen-methane  s e p a r a t i o n  sys tem y i e l d i n g  an SNG p r o d u c t  and 

r e c y c l e  [i 2. 

Because of  the h igh i n l t l a l  ca rbon  c o n v e r s i o n  to methane in  the  

h y d r o g a s l f i e r  on ly  a t r im  me thana t lon  subsequen t  s t ep  i s  r e q u i r e d .  

t . . . .  



By controlling the temperature and the ~esidence time of the reactants in 

the coal hydrogasi~ier, benzene is also produced as a valuable coproduct. 

Both the coal and char gasiflers are £ed using a dense-phase dry soltds 

system using H 2 or other reacting gas as the transport medium. 

The balance of the process units in the plant are conventional consisting 

of: coal preparation, oxygen plant, gas quench, benzene recovery, shift 

conversion, acid gas removal, trim methanatlon~ sour water strlpplng~ ammonia 

recovery, sul fur recovery, solids/llqulds eff luent recoverys steam/power/water 

t r e a t m e n t  and off slt~s. 

Feed materials consist of coal, raw water and air. Products are High-Btu 

Gas (SNG) and Benzene. By,products are sulfur and ammonia. Effluents are 

C02, clean flue gas, and solids sludge (mainly ashy and water losses. 

3.2 Coal Preparation/Feeding 

The raw coal is prepared conventionally by crushing to 70% minus 200 mesh 

and dried to about 2% moisture. 

The prepared coal is fed to the gasiEiers in dense phase using H 2 or 

other transport gas through a pressurized, two-stage, cycling lock hopper. 

coal to the steam power boilers is fed by standard dilute phase pneumatic 

means. 

The 

The coal analysis in the proposed Rockwell process using Pittsburgh Seam 

No. 8 is as follows: 

Wt.% Dry 

C 71.50 

H 5 . 0 2  

N 1.23 

S 4.42 

Ash 11.30 

0 (by d i f £ e r e n c e )  6.53 
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3.3 Oxygen P l a n t  

The oxygen p l a n t  i s  comprised of commerc ia l ly  a v a i l a b l e  a i r  s e p a r a t i o n  

u n i t s  from whlch l i q u i d  02 i s  pumped to the r e a c t o r  a t  a p r e s s u r e  of  

a p p r o x i m a t e l y  1000 pslgo The 0 2 I s  v a p o r i z e d  by h e a t l n g  to e i t h e r  2OOF f o r  

the  h y d r o g r a s I E i e ~  o r  300F fo r  the  cha r  o x y g a s i ~ i e r .  

3~4 Coal H y d r o g a s i f i c a t i o u  

This  u n i t  c o n s i s t s  o f  t h r e e  r e a c t o r  t r a l ~ s ,  o r  modules ,  each  employing an 

e n t r a i n e d  f low r e a c t o r  u t i l i z i n g  a r o c k e t - e n g i n e - t y p e  i n j e c t o r  scheme. Rocke~ 

eng ine  i n j e c t o r  des ign  t e c h n i q u e s  a r e  used to  a ch i eve  r a p i d  and thorough  mixing 

o f  the  p u l v e r i z e d  coa l  and hot  I[2. Each module i s  comprised  of  a p r e b u r n e r ,  

i n j e c t o r ,  r e a c t o r  and hea t  r e c u p e r a t o r ,  a l l  o f  which a re  ~ n t e g r a t e d  w i t h i n  a 

p r e s s u r l z e d  s h e l l .  

The p r e b u r n e r ' s  f u n c t i o n  i s  to  ~a i se  the  r e c y c l e  + make up gas ( abou t  92 

v o l .  X H 2)  to  the  r e q u i r e d  t e m p e r a t u r e  from 1500F by r e a c t i n g  wi th  02 . The 

gas then passes  to  the  i n j e c t o = .  

In the  i n j e c t o r ,  c o a l  (2% m o i s t u r e ,  70% - 200 mesh) in  dense  phase i s  fed 

us ing hydrogen as  t r a n s p o r t  gas  ( app rox .  0 .003  l b .  mols per  l b .  of  c o a l ) .  The 

c o a l  r a p i d l y  mixes wl~h the hea t ed  H 2 g a s  £rom the p r e b u r n e r  a t  the r e a c t o r  

i n l e t  to  a c h i e v e  a t h e o r e t i c a l  mixed t e m p e r a t u r e  o£ 140OF. The h y d ~ o p y r o l y s i s  

r e a c t i o n s  a r e  c a r r i e d  out  in the r e a c t o r  s e c t i o n .  The p roduc t  gases  a r e  

s u b s e q u e n t l y  coo led  in the r e c u p e r a t o r  s e c t i o n  d i r e c t l y  b e n e a t h .  

In  the  r e a c t o r  the coa l  i s  bo th  p y r o l y z e d  and r e a c t e d  wi th  the hydrogen 

gas .  The p r o d u c t s  a re  dependent  upon the  r e s i d e n c e  t ime ,  i n i t i a l  t e m p e r a t u r e ,  

p r e s s u r e  and r e a c t a n t  compos i t i on  and can v a r y  from a t o t a l l y  gaseous  p roduc t  

to  one In which s i g n i f i c a n t  amounts o~ high p u r i t y  benzene a re  c o - p r o d u c e d .  Tn 

the  case  d e s c r i b e d  the v a r i a b l e s  a r e  see. to  produce  a "modera t e"  l e v e l  of  

benzene ( n o m i n a l l y  5.8% carbon c o n v e r s i o n  to  benzene)  as w e l l  as about  26X 

CH 4 in the  raw g a s .  The H 2 r e c y c l e  r a t e  i s  s e t  a t  0 .20  i b s  H2 / Ib  HF c o a l  

l e a v i n g  an e x c e s s  of U 2 c a r r i e d  w i t h  the  raw p roduc t  gas .  Most of  the  excess  

H 2 i s  r e cove red  In the c r y o g e n i c  s e p a r a t i o n  u n i t  and r e c y c l e d .  
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The overall reaction can be broadly expressed as follows: 

Coal + H 2 = CH 4 + C6116 + C2H 6 + CO + CO 2 + H 2 

~ NH 3 + H20 + Char 

The reactor conditions based upon Rockwell I/2-TPH bituminous coal test 

No. 313-23 a r e :  

H 2 p reburner  i n l e~  temp 

Coal/O 2 i n l e t  temp 

0 2 i n l e t  temp 

R e a c t o r  o u t l e t  temp 

Recuperator  e x i t  tamp 

R e a c t o r  p r e s s u r e  

Residence time 

15O0F 

200F 

20OF 

1772F 

834F 

i000 pslg 

2470 msec 

The o v e r a l l  c a r b o n  c o n v e r s i o n  b a s e d  on r e B r e s s i o n  a n a l y s i s  o f  a l l  R o c k w e l l  

I / 4 - T P H  h y d r o g a s I E i e r  b t t u m i n o u s  c o a l  t e s t s  and f e e d i n g  E a s t e r n  B i t u m i n o u s  

P l t C s b u r g h  Seam No, 8 c o a l  i s  t a k e n  a s  5 5 . 0 Z .  The c a r b o n  d i s t r i b u t i o n  i s  a s  

~ollows: 

5.8% to C6H 6, 45°4% to CH 4, 3.25X to CO, 0.42% to C02, 0.14% to 

C2H6, and 45°0% residual in char. 

The c h a r  s t r e a m  i s  t hen  s e p a r a t e d  f r o m  the  r a~  p r o d u c t  g a s  v i a  s e v e r a l  

s t a g e s  o f  c y c l o n e s  and I s  s u b s e q u e n t l y  fed  to  t h e  c h a r / c o a l  o x y g a s l f i e r  u n i t .  

3°5 Gas T r e a t m e n t  and H 2 R e c o v e r y  

The raw p r o d u c t  g a s  which has  been  s e p a r a t e d  f rom the  c h a r  and qu~ .chad i s  

t h e n  p r o c e s s e d  t h r o u g h  the  f o l l o w i n g  s t e p s :  

o Benzene S o l v e n t  A b s o r p t i o n  

o D i g l y c o l  Amine Acid Gas Removal  

o Tr im M e t h a n a t l o n  

o Gas D r y i n g  

o C r y o g e n i c  b l e thane /H  2 $ e p a r a t l o n  

: ; .  " ,  . - 
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The SNG p r o d u c t  gas e x i t i n g  the c r y o g e n i c  u n i t  i s  compressed to  1000 p s i g  

and 120F and has a compos i t i on  of  approx.  94 .5g  CH 4 and 4.8Z H2~ w~th the  

balance consisting of N2, AK, ethane, CO and only traces (0.3 ppm) of li2S. 

3.6  Hydrogen (Make-up) P r o d u c t i o n  

Hydrogen is  produced by r e a c t i n g  the char  from the h y d r o g a s i f t e r  wi th  

steam and oxygen to produce  a raw syngas m i x t u r e  of  H 2, CO, 002, H2S,some 

methane and ammonia° The c h a r  i s  supplemented wi th  c o a l  to  produce the  r e q u i r e d  

H 2 q u a n t i t y  to ba lance  the p l a n t .  

The char  coa l  E a s £ f i e r  i s  a p r e s s u r i z e d ,  e n t r a i n e d  f low,  

short-resldence-tlme oxygaslflcatlon reactor. The sa~e dense phase solid 

transport feed ing  techniques used in the hydrogasifier will be employed in the 

oxygaslfler to maximize reactor thermal efflclencyo Several candidate 

configurations for this application include those under development by Texaco, 

Shell-Koppers and Moun~aln Fuel Resources. 

The o v e r a l l  r e a c t i o n  i s  b r o a d l y  e x p r e s s e d  a s :  

Char + Coal + 02 + H20 - CO + II 2 + C02 + H2S + CH 4 

+NH 3 + N 2 + H20 (excess) 

Reactor conditions are targeted at: 

R e a c t o r  p r e s s u r e  = 950 p s l g  

R e a c t o r  e x i t  t e m p =  2460F 

Char i n l e t  temp = 834F 

Steam i n l e t  temp = IO00F 

02 i n l e t  temp = 300F 

Coal inlet ~emp - 200F 

Performance  da ta  were de te rmined  from k i n e t i c  and e q u i l i b r i u m  c a l c u l a t i o n s  

a t  the s t a t e d  e x i t  r e a c t o r  c o n d i t i o n s .  
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The raw s y n g a s  i s  f u r t h e r  p r o c e s s e d  by  c o n v e n t i o n a l  s t e p s  a s  f o l l o w s :  

o Gas  ~ e n c h  & S o l i d s  R e m o v a l  

o S h i ~ t  C o n v e r s i o n  

o A c i d  Gas Remova l  

o Trim He~hanatton 

The resulting make up gas consists o f  about 87.8Z I] 2, 4.6% CH 4 and 

7.6% H20. 

3.7 Ocher Operat ions 
The  o t h e r  o p e r a t i o n s  c o n s i s t  o f  c o n v e n t i o n a l  e f f l u e n t  t r e a t m e n t  and 

b y p r o d u c t  r e c o v e r y  s t e p s  s u c h  a s  s o l i d s  ( a s h }  r e c o v e r y ,  s o u r  w a t e r  s t r l p p i n g ,  

ammonia  x e c o v e r y ,  s u l f u r  r e c o v e r y  a n d  b l o -  o x i d a t i o n .  

Tim utilities plant includes water treatment, steam and power generation 

and other facilities. Since this complex is conceived to be self-suppor~Ing 

~rom a utilities standpoint, the only major imports ace raw water and coal. 

3.8 General 

The overall process described above Is conceptual at this point. The 

material balance is based upon Rockwell experimental data around the 

h y d r o g a s l f l e r  to  a l a r g e  e x t e n t  a n d  a r o u n d  t h e  o x y g a s l f l e r .  I n  a d d i t i o n ,  t h e  

product gas treatment fr~.: the acid gas removal through cryogenic methane 

separation is based upon a screening type evaluation study performed by Air 

Products and Chemicals, Inc., a::~ reported in Hay 1979o (3) 

The  b a l a n c e  o [  t h e  p l a n t  u n i t s  do  n o t  h a v e  t h e  b e n e f i t  o f  an  eng in , ,~ .e r ing  

d e s i g n  f r o m  w h i c h  a d e t a i l e d  c l o s e d  m a t e r i a l  b a l a n c e  c o u l d  be  g e n e r a t e d .  As a 

r e s u l t  much o f  t h e  t r e a t m e n t  u n i t s  a n d  t h e  u t i l i t y  s e c t i o n s  h a v e  been  f a c t o r e d  

i n t o  t h i s  p r e l i m i n a r y  b a l a n c e .  B e c a u s e  o f  t h i s  i t  i s  s u g g e s t e d  t h a t  

comparative conclusions not be drawn for such items as overall plant thermal 

efficlency et.al., since power generation and heat recovery play significant 

roles in such ~actors. llowever, the process thermal efficiency may be viewed 

with much greater con£1dence since this can be derived from the prlnclpal 

process stream material balance which is based on broad experimental 

b a c k s  round. 
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4.0 STRENGTHS AND WEAKNESSES 

The items listed and briefly described below are eonsldered to be strong 

points and weak points characteristic of the CS/R Hydrogasiflcatlon Process 

relative to current commercial or near commercial processes for producing high 

Btu SNG. 

4.1 St reng ths  

o Hish Carbon to  Methane Convers ion  

A r e l a t i v e l y  h igh  s ing le  pass carbon convers ion (45%) ~o methane tu 

the  g a s i f i e r  reduces the downstream convers ion  r equ i r emen t s  us ing  only 

trim methanatlon. 

Versatile Fuel Application 

This type of gaslfler has been found to be applicable to all types of 

coal and other solid fuels such as peat and llgn~te. 

o No C a t a l y s t  Required 

No c a t a l y s t  a d d i t i o n  or r ecovery  sys tems requ i red .  

o Dense Phase Feed 

Dry fed dense phase coal using ree~'~ant transport gas reduces heat 

requirement relatively to a slurry feed. 

o High Btu Gas wi th  Liquid Opt ion 

The end product  may be a d j u s t e d  from a l l  gas to benzene coproduc t lon  

p r o v i d i n g  an a t t r a c t i v e  p o t e n t i a l  f l e x i b i l i t y .  

o High Throu~hp,ut Races (Shor t -Res ldence-Time)  and Small  Reac to r  S ize  

Relative to reactor volume this type of reactor allows around 2000 

lb/hr/ft 3 of coal feed. This is reflected in the short residence 

time (seconds or less) and the small reactor size. 

The small reactor size results in ms.ny advantages which might be 

uvavailable or Imprsetlcal for larger conventional reactors. 
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The hi~hest quality o_F materials of construction may be used since 

they are not such an economic factor. 

Use o[ modular reactor elements allows ease of transition from pilot 

to commercial scale inch~d[ng testing ac full element or clt,ster 

size. 

Most of the key reactor components can be shop fabricated and tested 

under high quality assurance levels, blalntenance and replacement of 

e lements  i s  s i m p l i f i e d  and downtime t h e o r e t i c a l l y  reduced.  

Small r e a c t a n t  i n v e n t o r y  a l lows rapid  shutdown or  quench. 

No Tars in Raw Product Gas 

The absence of liquid hydrocarbons and tars allows almost complete 

vapor phase product recovery processing steps. The benzene is 

recovered by liquid absorption and purtflcatton. 

4.2 Weaknesses 

o Large H.2_J, Recycle System. 

An excess of II 2 is needed to satisfy the CH~ synthesis and coal 

heat up to reaction tumpecature. This li 2 is carried through the raw 

SNG pcoce.,;sing steps, cryogenic separation and r e c y c l e .  

O Plant  Requi red  

The p r o d u c t i o n  of  ti 2 fo r  make up r e q u i r e s  a l a r g e  0 2 p l a n t .  

Loc.khoppor SysLom 

Coal and char fed by dense phase which is an advantage still requires 

a high pressure ( I000 ps%) lockhopper system. 

0 Key Steps  Requ i re  Development 

S e v e r a l  a r ea s  r e q u i r e  f u r t h e r  development  to v a l i d a t e  tim o v e r a l l  

process concept as follows: 

IV-12 



III-53 

p 

- Char oxygasifier 

- Heat r e c o v e r y  of solids + gas streams 

- S c a l e  up f rom m o d u l a r  t o  f u l l  s c a l e  r e a c t o r s  

- Feed s p l i t t i n g  to  m o d u l a r  e l e m e n t s  

- SRT c o n t r o l / s a f e t y  s y s t e m s  

5.0 POTENTIAL IMPROVEMENTS 

The ~ollowing items are suggested as potential solutions to problem areas 

that appear to exist as the processes are now proposed by the developers. 

These also take into account the stage o£ development of the overall process 

and the conceptual status of many of the companion operations to and around the 

p r o p o s e d  g a s i f i c a t i o n  s t e p .  T h e s e  s u g g e s t i o n s  a r e  t h e  r e s u l t  o f  r e v i e w i n g  

i t e m s  m e n t i o n e d  In  o t h e r  s e c t i o n s  such  as  w e a k n e s s e s ,  a l t e r n a t e s ,  d i s a d v a n t a g e s  

and status of development. Zt is suggested that these are potentials only 

viewed £rom ~he perspective of thls ~s~sumeut and will require more detailed 

investigation and evaluation prior to testing° It is for this reason they are 

called potential improvements. 

Some potential improvements which appeared worthy of investigation are as 

f o l l o w s :  

1. Zncrease BTX (Benzene) production to a maximum. 

2. Reduce the R2/coal  (o r  carbon) r a t i o  to a p r a c t i c a l  minimum. 

3. Apply ca ta l ys t s  to the g a s i f i c a t i o n  s t e p ( s ) ,  

. App ly  a H 2 s e p a r a t i o n  p r o c e s s  ( s u c h  a s  Monsan to  h o l l o w  f i b e r  

p r o c e s s )  t o  r e c o v e r  H 2 f o r  r e c y c l e  to  r e d u c e  p r o c e s s e s  downs t r eam o f  

g a s i f i c a t i o n  and a c i d  g a s  r e m o v a l .  

5 .  P r o c e s s  a l l  t h e  c o a l  t h r o u g h  the  h y d r o g a s l f l e r  p r o d u c i n g  a l a r g e r  

q u a n t i t y  of  c h a r .  Use c h a r  o n l y  f o r  H 2 p r o d u c t i o n  and any 
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b a l a n c e  ~or u t i l i t y  s team/power  g e n e r a t i o n .  A l a r g e r  p o r t i o n  of the 

t o ~ a l  coa l  v o l a t i l e s  would be c a p t u r e d  in  the raw p r o d u c t  gas and l e s s  

l o s t  to CO 2 in  the steam b o i l e r s  and to some e x t e n t  in  the char  

gasIE£er. 

. Burn a s t ream o£ d e s u l f u r l z e d  raw produc t  gas or  a scream of raw 

syngas  from the  char  g a s i £ 1 e r  f o r  s team/power g e n e r a t l o n  to  reduce  

need  f o r  f l u e  gas d e s u 1 ~ u r l z a t l o u .  

7. Produce hydrogen by reeorming a portion of the product methane rather 

than oxygasi~Lcatlon o~ char and coal. 

5.1 Increase BTX (Benzene) Production to a Maximum 

The base case considers benzene production at a moderate level of 5.34% 

based on ca rbon  c o n v e r t e d  in the  h y d r o g a s i ~ i e r .  Under c o n d i t i o n s  to  produce a 

maximum of  t h i s  coproduc t  the y i e l d  can double .  

On the  b a s i s  o~ va lue  p laced  on p u r i f i e d  r ecove red  benzene  by Rockwell j  

t h i s  i n c r e a s e  would f u r t h e r  c r e d i t  o p e r a t i n g  cos t s  by a n o t h e r  $62 .2  m i l l i o n  

a n n u a l l y .  This  would reduce the gas c o s t  by $0.76 per m i l l i o n  Btu.  

5 .2  Reduc t ion  of  Lhe H 2 to  Coal o~ Carbon Ra t io  to a Minimum 

The CS/R c o a l  g a s t E i c a t i o n  p r o c e s s  as proposed by the  d e v e l o p e r s  fo r  t h i s  

assessment has fixed the H2/coal ratio In the hydrogaslfier feed at 0.2041 

ibs R2/ib MF coal. Experimental runs were made at ratios from 0.25 to ~.0. 

The stoichiometric quantity of H 2 couverted (gaslfier + methanatlon) is 

0.0904 l b s  o f  H2/ lb  MF coa l  with 0 .128  l b s  H 2 e x i t i n g  wi th  the  raw produc t  

gas to be recovered and recycled. The optimum (mlntmum) level of R 2 to coa I 

has not  been e s t a b l i s h e d  but  i s  be ing  approached  g r a d u a l l y  by ongoing t e s t i n g .  

For p u r p o s e s  of  a s s e s s i n g  the  magni tude  of  co s t  r e d u c t i o n  due to a 

d e c r e a s e  in  the  H2/coa l  r a t i o ,  i t  i s  assumed ~hat the same c o n v e r s i o n  could  

be a c h i e v e d  a t  a H2/coa l  r a t i o  midway from the s t o i c h i o m e t r i o  r equ i r emen t  and 

the  l e v e l  p r o p o s e d .  This  would be 0 .147  l b s  H2/eoa l  and the  f o l l o w i n g  

r e d u c t i o n s  c o u l d  be expec ted :  
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(a) Reduced gas flow through quench 

(b) Reduced gas flow through benzene recovery 

(c) Reduced gas flow through acid gas removal 

(d)  Reduced gas flow through methanation 

(e) Reduced gas f low through d r y i n g  and c r y o g e n i c s  

(f) Reduced recovered hydrogen flow 

(81 Reduced total recycle flow. 

Rough estimates of the percentage capital cost reduction and the cost 

effect on gas cost for the above are as follows: 

Reduction 

T o t a l  C a p i t a l  Cost 

Reduction ($I0 6) 

(a) 17, 9.7 

(b) 17. 2.3 

(c) 17. 3.1 

(d) 25 11.3 

(e) 25 l 
25 ~ 17.8 ( f )  

J (g) 12 

44.2  

Effect on Gas Cost = $0. I0/I0 5 Btu reduction 

5.3 Apply Catalyst to the Gasification Steps 

Work in areas other than SRT (short residence time) coal gaslfiers using 

low cost catalyst additives to enhance the conversion and reactivity of coal 

suggests that there may be potentlal to apply catalysts to the Rockwell CS/R 

Hydrogaslfication Process as well. Although experimental data are lacking for 

SRT applications certain advantages drawn from o~her processes appear to merit 

investigation. 
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Soma advantages envisioned are: 

o P o s s i b l e  r e d u c t i o n  o f  82 /C r a t i o  w i t h  p r o p o r t i o n a t e  c o s t  r e d u c t i o n s  

to  all operations related to H2/C level. 

o Lower gaslflcatlon temperatures favoring higher C8 4 yields at a given 

H2/C ratio in the hydrogasifler. 

o Reduced downstream process steps a f t e r  g a s i f i c a t i o n  depending on the 

reduction of recycle and excess components in the raw product gases. 

Some o f  t he  added  s t e p s  which  would h a v e  to  be  more  t h a n  c o m p e n s a t e d  by 

t h e  b e n e f i t s  would be :  

o C a t a l y s t  c o s t  and c o n s u m p t i o n  

o C a t a l y s t  a d d i t i o n  o p e r a t i o n s  

o C a t a l y s t  r e c o v e r y  

o Spen t  c a t a l y s t  d i s p o s a l  

Since a measure of this potential is not available for an SRT gaslfler at 

this time, a quantitative estimate of the benefits has not been attempted and 

this discussion is limited to qualitative items above. However, i~ is Judged 

that if catalyst addition proves to be Justified the overall ~educ~ions should 

be at lea~t equal to that of mlnimlztng the H2/C ratio described above. 

5.4 Apply an Improved H 2 Separation Process 

A slgnlficant portion of the energy consumed in the Rockwell CS/R 

Hl, drogasiflcatlon Process is related to the separation, recovery and recycllaE 

of a large stream oE R 2 from the raw product gas. The proposed process 

employs a cryogenic separation and recovery system. 

The potential exists foe cost reductions if a lower energy consuming and 

simpler operation could be devised and applied to this process. One candidate 

process might be the Monsanto Prls~hollow fiber 8 2 separation process. 
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It appears that the pressure levels, H 2 partial pressure and other 

conditions oE the raw product gas after acid gas removal present an ideal 

application for trial of the Monsanto process. The process has been applied 

successfully by the developer on a commercial scale for almest three years to 

processes under similar cGudltlons. 

The most obvious advantages appear to be: 

o Elimination or significant reduction o f  the cryogenic operation. 

o Reduced gas flow volume downstream of acid gas removal with 

corresponding reductions to  methanatlon and gas drying unlcs. 

Rough calculations applying Monsanto published data and estimated 

recoveries of H 2 indicate that by applying this process, after acid gas 

removal, to the raw product gas the H 2 can be separated for recycle, the 

cryogenic section can be eliminated, the gas volume through methanation and gas 

drying is reduced to about half and the residual pressure remaining in the 

product gas approximately compensates for the recompresslon required for the 

recycle H 2. A more rigorous analysis is required before recommending testing 

f o r  this a p p l i c a t i o n .  

An es t imate  of the cost  e f f e c t  shows about equal  t o t a l  c a p i t a l  r e q u i r e d .  

Any ga in  would be achieved by reduced ope ra t i ng  costs  ma in ly  i n  energy sav ings 

around the c ryogen ic  u n i t  and gas compression. Th is  would be r e f l e c t e d  in  coal  

consumption f o r  steam/power gene ra t i on .  No es t imate  was at tempted s ince  the 

Rockwel l  conceptua l  process d id  not  i n c l u d e  a u t i l i t y / p o w e r  breakdown by 

process unit. 

5.5 Process To ta l  Coal Through H y d r o g a s t f i e r  

Rather than th ree  separate coa l  feeds to the h y d r o g a s i f i e r ,  the 

o x y g a s i f i e r  and the steam/power generator~ i t  was thought  t h a t  there may be an 

advantage i n  p rocess ing  a l l  o f  the coal  f i r s t  through the h y d r o g a s i f i e r  and 

us ing  the r e s u l t i n g  char to feed the o x y g a s i f i e r  and steam/power genera to r .  
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Some potential advantages envisioned were: 

o The capture of a larger proportion of volatiles which are lost to CO 2 

as the process is now proposed where about 33Z of the total coal to the 

plant goes to the oxygasifler and steam/power generator. 

o Recovering a higher level of BTX (benzene) in proportion to the SNG 

product since all of the coal volatiles will exit the hydrogasifier for 

recovery. 

o Little or no sulfur in the boiler flue gas. Usin E char fuel the sulfur 

would be reduced to 25Z of coal fuel. UsiDg a stream of desulfurized 

raw product gas ~he sulfur would have already been removed as H2S in 

the acid gas removal unit. 

It becomes obvious that hydrogasifylng sufficient coal under the same 

conditions and conversion parameters to produce enough char for both H 2 

production and boiler feed would lead to an excess of SNG. Possibly the way a 

balanced plant would be achieved would be to hydrogaslfy that quantity of coal 

to produce char for all B 2 required and using a slipstream of raw product gas 

after desulfurizatlon as boiler fuel to balance the plant. 

In addition, since a greater rate of coal is seen by the hydrogasifier for 

a given amount of SNG the H 2 quantity must be about the same as the quantity 

used in the process assessed in this study. 

Using a thermodynamic equilibrium calculation program for the 

h y d r o g a s i f i e r d e v e l o p e d  in Lewis Research Center by McBride and 

Gordon (4),- the-calculatlons showed a net increase of about 13.0% total 

coal consumption reflecting an increased gas cost of about $0.23 per million 

Btu. The increase in benzene production was only 8Z~rlth an off- setting 

effect on gas cost of only $0.06/million Btu. 
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5,6 Burn Raw Product Gas f o r  Power/Steam Generation 

This alternate is aimed at eliminating the need for the costly flue gas 

desulfurizatiou step required if the feed coal at 4.42% sulfur were burned as 

in the base case. 

I n  order to achieve this a stream of raw product gas would be tapped after 

acid gas removal. To replace this gas quantity additional coal would be 

processed through the hydrogaslfler. 

~Is alternate is actually similar in part to Alternate No. 5 where the 

total coal feed is processed through the hydrogasifler Including that required 

to supplement the char to the oxygaslfler. Taken alone and still feeding coal 

to the oxygasifer about half of the effects might be realized. Since Alternate 

No. 5 proved to be a cost increase this alternate would also be more costly end 

was abandoned. 

5.7 Two schemes were considered to produce hydrogen by reforming part of the 

product methane rather than oxygasification of char and coal. One scheme used 

the char/coal as fuel to the methane reformer. A second scheme used addltional 

methane as fuel to the reformer, 

The s e c o n d  scheme was r e j e c t e d  on ~he basis o f  slgnflcantly higher capital 

costs. The hydrogaslflcatlon stream and the hydrogen plant stream called for 

about twice the capital costs. Also, although the operating costs were not 

evaluated, there would be an excess of char which would add to operating costs 

and resulting overall product gas cost. 

The first scheme was estimated to be about equal in capital cost to the 

base case. It was also rejected on the basis of probable higher operating 

costs since the hydrogasificatlon plant was about double the size of the base 

case requiring a proportionate increase in coal feed. In addition, it required 

the use of a char/coal fired reformer which has not been developed. 
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6.0 COMPONENTS REQUIRING DEVELOPMENT 

Zn order to assess the CS/R Hydrogaaificatlon Process from the perspective 

of a fully developed cormerclal scale operation several new operations 

auxiliary to the principal gasification steps must also be considered. These 

may not be apparent during the pilot scale development but when expanded to the 

r equ i r ed  commercial s c a l e  the need fo r  development becomes more obvious.  

Some of t h e s e  auxillary o p e r a t i o n s  which are  c r i t i c a l  to  the successEul  

performance of the conceptual desigu as proposed include: 

(1) A f u l l  s ca l e  dense phase coa l  or char  feed  sys tem.  

(2 )  A ~ a i l - s a f e  c o n t r o l  system f o r  hydrogen p r e h e a t i n g  and feed ing  to 

hydrosasification. 

(3) A char  s e p a r a t i o n ,  h a n d l i n g  and dense phase feed system fo r  

oxygaslflcatlon ~Ith steam, 

(4)  A ho t  char f eede r  c o n t r o l  system under h igh  p r e s s u r e  i n t o  an oxygen 

atmosphere reactor. 

6.1 Dense Phase Coal Feed System (Commercial Sca le )  

A rough c a l c u l a t i o n  i n d i c a t e s  t h a t  p u l v e r i z e d  coa l  a t  a r e l a t i v e l y  low 

bu~k d e n s i t y  r e q u i r e s  a s i g n i f i c a n t  number of l a r g e  h igh  p re s su re  v e s s e l s  and a 

s i z a b l e  recompress ion and letdown c o n s e r v a t i o n  system f o r  t r a n s p o r t  gas to 

accommodate t h e  proposed dense phase  f eed  system.  

Assuming an hour ly  c y c l i n g  of  the hopper feed  v e s s e l s  f eed ing  i n t o  a 1000 

psl reactor, limiting vessel sizes to 12 feet diameter, using recycle H 2 gas 

f o r  t r a n s p o r t  medium and a l lowing  some excess p r e s s u r e  r e s i d u a l  in  the  

evacua ted  feed  v e s s e l s ,  app rox ima te ly  25 v e s s e l s  would be r equ i r ed  designed f o r  

over  1200 ps i  in a high hydrogen p a r t i a l  p ressure  vapor phase .  

Although the t r a n s p o r t  gas i s  used in  ~le r e a c t o r  and f i g u r e s  in the 

o v e r a l l  m a t e r i a l  ba lance ,  &bout twice  t h i s  q u a n t i t y  w i l l  remain behind when t h e  
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f e e d  v e s s e l  has  e x h a u s t e d  i t s  c o a l .  T h i s  g a s  must  be re t~oved ,  p u r g e d ,  

r e c o m p r e s s e d  and t r a n s f e r r e d  to  a n o t h e r  v e s s e l  f i l l e d  w i t h  c o a l  t o  r e p e a t  t h e  

c y c l e .  

The t o t a l  b u l k  volume o f  c o a l  amounts  to  a b o u t  25 ,000  c u b i c  f e e t  per  h o u r .  

The v o i d  f r a c t i o n  c o n t a i n i n g  t h e  h i g h  p r e s s u r e  g a s  amounts  to  more than  h a l f  o f  

t h i s  v o l u m e .  T r a n s l a t e d  to  s t a n d a r d  c u b i c  f e e t  p e r  m i n u t e  o f  c i r c u l a t i n g  It 2 

g a s  t h i s  is about 20,000 SCFM. 

The possible impacts, response i n te r va l s ,  mechanical fa i l u res  and hazards 

of such a system must be ~horoughly investigated to insure that the reliability 

and safety w111 be in accordance wlth the 90Z operating factor set for the 

commercial facility. 

6 . 2  A R e l i a b l e  SaGe G a s i f i e r  Feed  and H 2 Preheating System 

An SRT h i g h  mass  t h r o u g h p u t  g a s i f l e r  s y s t e m  i n t r o d u c e s  r e q u i r e m e n t s  f o r  

a d v a n c e d  t e c h n i q u e s  o f  c o n t r o l  s a f e t y  and r e l i a b i l i t y  when a p p l i e d  to a 

commercial scale not yet ava i lab le  froa exis¢iug technology. To a partial 

extent rocket feed and control  technology i s  ce r ta in l y  appropr iate where 

appl icable.  In a coal hydrogast f ter  however the products discharge to a very 

l a r g e  d e l i c a t e l y  b a l a n c e d  c l o s e d  s y s t e m  w l t h  enormous  i n e r t i a .  

P r e c e d e n t s  a l r e a d y  e x i s t  i n  c o a l  o x y g a s l f l e r s  b e l n  B c o n s t r u c t e d  on a l a r g e  

s c a l e  w i t h  f a i l u r e s  i n  o p e r a t i o n  due to  u n r e c o g n i z e d  i n a d e q u a c i e s  in  u n p r o v e n  

f eed  m e c h a n i s m  d e s i g n s .  These  g a s i f l e r s  we re  no t  s h o r t  r e s i d e n c e  tL..~e h i g h  

mass  t h r o u g h p u t  which  t e n d s  to  compound t h e  p o t e n t i a l  c o n t r o l  p r o b l e m s .  The 

t r a n s f e r  o f  c o m p o n e n t s  f r o s  c o n v e n t i o n a l  s y s t e m s  to  ne~ a p p l l c a t ~ o n s  s h o u l d  be  

v lowed  w l t h  c a u t i o n  s i n c e  ~ h e i r  l u c o m p a t l b i l f a y  may e a s i l y  e s c a p e  d i s c o v e r y .  

Whi l e  SRT r e a c t o r s  o f f e r  many r e a l  p o t e n t i a l  a d v a n t a g e s  t h e y  a l s o  

i n t r o d u c e  o t h e r  p o t e n t i a l  p r o b l e m s .  The mos t  r e a d i l y  r e c o g n i z e d  seem to c e n t e r  

on t h e  a r e a  o f  c c n t T o l ,  r e l i a b i l i t y ,  r e s p o n s e  t i m e .  Some o f  t h ~ s e  p r o b l e m s  

s u r f a c e  when v iewed  on a c o m m e r c i a l  s c a l e  by a n t i c i p a t i n g  p o s s i b l e  u p s e t  

c o n d i t i o n s  and the  r e q u i r e m e n t s  f o r  s a f e  and o r d e r l y  r e c o v e r y .  Some of  t h e s e  

r e l a t i v e  to  t he  g a s i f t e r  a r e :  
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U p s t r e a m  U p s e t s  

- L o s s  o£ C o a l  F e e d  - u n r e a c t e d  H 2 t o  s y s t e m ,  

t e l ~ p e r a t u r e  d r o p  

- L o s s  o f  H 2 F e e d  - u n r e a c t e d  02 t o  s y s t e m  

- C o a l  F e e d  S p l i t t i n g  t o  M o d u l e s  

Downstream Upsets 

- Char Plugging 

- Loss of Quench 

- Pressure Buildup 

- I m m e d i a t e  o v e r  p r e s s u r e  and  s h u t d o w n  

- Over  t e m p e r a t u r a  and  s h u t d o w n  

Rel ie f  S y s t e m  Failure 

R e a c t o r  U p s e t s  

- 0 2 / H  2 B a l a n c e  - 02 t o  s y s t e m  o r  t e m p e r a t u r e  d r o p  

- N o d u l e  B a l a n c i n g  

- A v e r a g e  C o n d i t i o n s  v s .  I n d i v i d u a l  S t r e a m  S e n s i n g  

- Sound  A t t e n u a t i o n  ~nd M e c h a n i c a l  S o n i c  E f f e c t s  

Looking at this limited llst of upsets the most obvious of the 

requirements seems to center around the problem of the very short time which 

will exist to sense, measure and effectlvely react heEore a failure or unwanted 

condition prevails. The following are some of the requirements which must be 

satisfied alger first determining what and how fast an upset condltlon may 

O C C U r =  

- Anticipatory Sensing 

- Direct Measurement Sensing 

- Response Rate 

- Recovery Rate 

- Isolation 

- Relief 

- Safe Orderly Shutdown 

- Provide SucRe Capacity 
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The time intervals and inventories within and around the gaslfiers are so 

small that the sensing and control function will probably not allow supervisory 

confirmation or response, This means that almost total control loop functions 

must be integrated within an instrumentation system with very high reliability 

and possibly high redundancy. 

6.3 Hot Char Handllng Separation & Dense Phase Feed to Caslfler 

One of the possible alternates co the proposed process is the dense phase 

feeding of hot dry char to the oxygaslfier for the production of the required 

hydrogen. Such a system does not e~st and has not been tested in combination 

with the hydrogasi~ier. 

The integration of such a system will require the development of the 

~ollowlng components co operate contlnuously with the rest of the process: 

o An efficient hot char separation and intermediate surge capacity. 

Dense phase feed system possibly with the introduction of 

supplemental transport gas if the raw product gas carried with the 

char is not sufficient or ar high enough pressure. This will require 

an isolation method to operate the dense phase char feeding in a 

cycl~ng lockhopper system similar to the coal feed to the 

hydrogaslfler. 

A method of combining and balancing of a supplemental coal feed with 

the char if this is required as the proposed process indicates. If 

the coal and the char oxygasifiers ate separate trains the product 

Bases must be compatible as to the overall process so either train 

may be shutdo~ without shutting down the whole process, or a large 

over-capaclty from each train may be required to carry the load 

temporarily. 

Possibly develop the oxygaslfler to operate on either coal or char or 

a combination of coal plus char. This will require a variable 

steam-oxygen feed for optimum oxygasificatio n and may introduce other 

feed, balancln~ and control problems. 
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6.4  Dense Phase Hot Chard Steam, Oxygen Feed Cont ro l  Sys tem 

The dense phase f eed ing  of  ho t  char  poses the same d e s i g n  problems as  

no ted  f o r  the  dense  phase c o a l  f e e d  sys tem on a commercial  s c a l e  buc the 

fo l l owing  p r e s e n t  a d d i t i o n a l  problems which must be con f ron t ed~  

A s a f e  system of c o n t r o l  i n  a l l  modes, i . e . ,  s t a r t - u p ,  shutdown, 

emergency and normal t r a n s i e n t  o p e r a t i o n s .  This  i s  p a r t i c u l a r l y  

impor tan t  when a l a r g e  p r o p o r t i o n  of the r e a c t a n t  i s  h igh  p r e s su re  

oxygen.  

The p o s s l b l t t y  of  c a t a s t r o p h i c  exp los ion  wi th  high c o n c e n t r a t i o n  of 

02 a v a i l a b l e  to the  o x y s a s t f i e r  due to s e v e r a l  u p s e t  causes  ( l o s s  

of steam, lo8s of char feed, etc.). 

o A reliable solids flow measurement and control system with high 

s e n s I t i v i t y ~  r e s p o n s e  and r e c o v e r y .  

o An injector mechanism fcnctloning similar to the hydrogaslfler 

injector but which will accommodate both 0 2 and steam sa~ely and 

reliably coupled with its control system. 
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SECTION V 

ASSESSMENT OF THE EXXON CCG PROCESS 

1 . 0  SUI,~ARY 

The Exxon catalytic coal gasification process consists essentially of a 

single step gasifler which generates methane. The reactions in the gasifler 

involve coal gaslficatlon~ steam-shift~ and methanatlon. Therefore, there is 

no need for additional steps outside the gaslfler for shift and methanatlon to 

produce SNG. 

The coal t e e d  is impregnated with K2CO 3 catalyst prior to entering the 

gaslfler. Approximately 90 percent of the carbon in the coal is converted to 

methane and carbon-d~oxide in the gasifler; i0 percent of the carbon is 

converted to char and remains ~th the ash and catalyst. About 90 percent of 

the catalyst is recovered for reuse in the process. The residue 

ash/char/catalyst mixture is then disposed of. 

i 

From the gasi~ler raw gas, SNG is separated from CO and II 2 which a r e  then 

recycled to the gasi~ier. In the gaslfler, recycled CO and H 2 are methanated 

while more CO and H 2 are produced from coal gasification. When the process 

operates at a steady state, the rate of CO/If 2 recycling equaJs the rate of 

CO/H 2 production resulting in a net production of CH 4 and CO 2 in the 

8as£fier. 

2.0 CURRENT STATUS OF DEVELOPMENT 

Exxon Research and Engineering Company is engaged in research and 

development on a catalytic coal gasification (CCG) process for the production 

of substitute natural gas (SNG) from coal. An outline of the stages of 

development is shown below: 

2.1 Prev:~ous Research Work 

Sponsor: Exxon 

Period: PTe-1979 

Objectives: General CCG concept and catalyst recovery 

using bench-scale units. 
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2 . 2  Predevelopment  Program 

Sponsor :  IX)E, $ 2 , 4 N H m  C o n t r a c t  N o .  R(49-18)-2369 

Pe r iod :  J u l y  Is 1976 t h r o u g h  December 31, 1977. 

O b j e c t i v e :  o Opera t ion  of  6" x 30' f l u i d t z e d  bed g a s £ f i e r  (FBG) wi th  

I l l i n o i s  c o a l .  

- Operate ~ t h  mixed K2CO~/ Na2CO 3 c a t a l y s t  

- Operate wi th  r e c y c l e d  c a t a l y s t  

o Bench-scale  s t u d i e s  on s a s i £ i c a t i o n  k £ n e t i c s  and c a t a l y s t  

r ecovery .  

- Broaden da t a  base to o the r  coa l s  

- Test r e a c t i v i t y  o£ recovered c a t a l y s t  

- Study c r i t i c a l  f a c t o r s  in  c a t a l y s t  r e cove ry  

- Operate the  smal l  £$uidized bed Cont inuous  G a s i f i c a t i o n  

Unit (CCO) and £1xed-bed u n i t s  to  o b t a i n  a d d i t i o n a l  

k i n e t i c  d a t a .  

o Conceptual  d e s i s n  of  a commercial CCG p l a n t .  

- Cont£nue eng£neer ing  s c r een iu s  s t u d i e s  

- Prepare an updated commercial p l a n t  s tudy  des ign .  

l)ur2ng the  Predevelopment Prosram s e v e r a l  t e c h n i c a l  ques t2ons  were 

r e s o l v e d ,  and the  technolosY has now moved in to  the Process  Development 

Program. 

2.3 Process  Development Program 

Sponsor:  DOE/GRI, $16.8 ~ i  

Exxon, $3 ~4 

Pe r iod :  Ju ly  1, 1978 t h rough  June 30, 1981 

O b J e c t i v e s l  o Operat ion of  1-T/D Process Development Uni t  (PDU). 
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- start up of gasification, gas separation, and catalyst 

r e c o v e r y  sys tems 

- Opera te  PDU as a t o t a l  p l an t  i n t e g r a t i n g  e v e r y  p roces s  

system in the unlt 

o Bench r e s e a r c h  and p i l o t  p l a n t  s u p p o r t .  

Eng inee r ing  r e s e a r c h  and development ,  

- Study economies and gu ide  r e s e a r c h  

- Def ine  key f e a t u r e s  o f  the p roces s  f o r  s u p p o r t i n g  

engineering design and operations of a Large Pilot 

Plant (LPP). 

Exxon disclosed in March, 1980p that the PDU construction was almost 

completed. Individual units had been tested for preparation of an integral PDU 

operation° During the test, it was found that when the gaslfler was operated 

at 500 psi level, nhe bulk density of the fluldized bed was about 1/3 of the 

density which would be expected at the I00 psi pressure level. 

A f t e r  c o n s i d e r a b l e  development e f f o r t s ~  Exxon was ab l e  to  a d j u s t  t he  

e x p e c t e d  d e n s i t y  i n  the  f l u l d l z e d  bed ( e . g . ,  by v a r y i n g  methods of c a t a l y s t  

impregna t ion  and d r y i n g ,  e t c . )  and o p e r a t e  the  g a ~ i f l e r  a t  about  300 p s l g .  

In May 1980 Exxon announced plans to construct a I00 TPD LPP in Holland 

with operation expected to begin by mld-1985. 

F u r t h e r  d e t a i l s  and d i s c u s s i o n  of  t h e  development  program a r e  c o n t a i n e d  a t  

the  end o f  t h i s  s e c t i o n .  

3.0 Process Descr iP t ion  

The fol lo~rlng describes the process f low of the overa l l  conceptual process 

p lan t  of  t he  Exxon C a t a l y t l c  Coal G a s i f i c a t i o n  Process  by s e c t i o n  as i n d i c a t e d  

in the block flow diagram, Figure V-I. The heat and materlal balance are taken 

from Exxon's Commercial Plant Study Design(L). 
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3.1 Coal P r e p a r a t i o n  and C a t a l y s t  Add i t i on  

The feed coal  i s  c rushed  ¢o mSnua 8 mesh s i z e  £u the  coa l  hand l ing  and 

s t o r a g e  s e c t i o n .  

The feed coa l  as r ece ived  by the p l a n t  i s  an I l l i n o i s  No. 6 b i tuminous  

coals  washed~ or  c l e a n e d ,  i n  a b e n e f i e l a t i o u  p l a n t  a t  the  mine. The u l t i m a t e  

a n a l y s i s  i s  as  follovm~ 

Wt.g ( d r y )  

C 69.67 

H 5.05 

O 9.45  

N 1.84 

S 4 ,19  

Cl 0.08 

Ash 9.72 
= 

100.00 

HHV ( B t u / l b  dry c o a l )  12)730 

Moi s tu re .  Wt. Z (as r e c e i v e d )  L6.5Z 

The feed coa l  from the  s t o r a g e  I s  d r i e d  from 16.5 wt .Z co 4 wt .Z m o i s t u r e  

i n  the  e n t r a i n e d  d rye r  us ing  f l u e  gas gene ra t ed  In a c o a l - f i r e d  burner  as the 

d ry ing  medium. The d rye r  overhead streams which c o n t a i n s  hot  vapor e n t r a i n e d  

wi th  the  d r i e d  coa l  i s  s e p a r a t e d  In tim cyc lone  s e p a r a t o r .  The sepa ra t ed  hoc 

gas i s  r e cyc l ed  to the  c o a l - f i r e d  burner  except  t h a t  a s l i p  stream £s vented co 

the  f l u e  gas d e s u l f u r i z a t i o n  u n i t  through an e l e c t r o s t a t i c  p r e c i p i t a t o r  fo r  

removal of  s o l i d  f i n e s .  The d r i e d  coal  separa~.ed from the cyclone  i s  

t r a n s f e r r e d  via  a screw conveyer  r~ a z l g - z a g  b l ende r  where the c a t a l y s t  

s o l u t i o n  i s  added and raixed wi th  the c o a l .  The K2CO 3 c a t a l y s t - s o a k e d  coa l  

i s  then  t r a n s f e r r e d  co ano ther  e n t r a i n e d  d rye r  where c o a l - f i r e d  b, .rner f l u e  gas 

i s  a g a i n  employed as the d ry ing  medtum to dry  the  c a t a l y s t  impregnated coa l .  

The overhead  s t ream which c o n t a i n s  the  d r i e d  eoal  impregnated with  c a t a l y s t  and 

ho t  gas  i s  rou ted  Co a cyc lone  s e p a r a t o r .  The s e p a r a t e d  hot  gas from the 

cyc lone  i s  r e c y c l e d  co the  c o a l - f i r e d  burner  except  t h a t  a s l i p  stremn l s  
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vented to the glue gas desulfurizatlon unit a~ter its solid fines are removed 

by an electrostatic precipitator. The separated coal from the cyclone is ~hen 

transferred to a storage bin ~acility ready for feedlng the gasi~ier. 

3.2 Gaslfier System 

The catalyst-lmpregnated coal is transferred by gravity to the lockhopper 

feedit~ system which consists of the low pressure hopper, the lockhopper and 

the high pressure feeder. The recycle syngas containing carbon monoxide and 

hydrogen is employed as the pressure medium for the lockhopper system. After 

the coal is transferred from the low pressure hopper to the high pressure 

~eeder, it is pneumatically carried into the gasi~ier in dense-phase flow by 

the preheated recycle syt~as. The preheater is provided for superheating the 

steam-containing recycle syngas in the radiant section and for preheating a 

sllp stream of the dry recycle syngas in the convection section. ~te latter is 

used as the carrier gas for coal feeding. 

In the gasifier the catalyst-lmpregnated coal is fluidized by tile 

superheated stream of the steam-contalnlng recycle syngas. The steam reacts 

with the fluidlzcd catalyzed coal char, in presence of the recycled syngas 

containing carbon monoxide and hydrogen. Methane and carbon dioxide as well as 

hydrogen sulfide and ammonia are produced. 

The main reactions taking place in the gasifier are the highly endothermlc 

steam gasification reaction, the mildly exothermic steam-gas shift reaction, 

and the highly exothermic methanation reaction. 11~e steam-gas shift and 

methanatlon reactions are essentially at equilibrium over the catalyzed char in 

tile gasifler. The composite of the three reactions results in no significant 

,tel production of carbon monoxide and hydrogen. Tile resulting overall reaction 

can be represented as follows: 

Coal  ~ R20 = CI{ 4 + CO 2 + ll2S + NIt 3 

The above reaction is essentially thermo-neutcal. Therefore, only a small 

amount of heat input to the gasi~ier is required, primarily to preheat the feed 

coal and to provide for heat losses. This heat requirement is supplied by the 
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p r e h e a t e r  v ia  the  coa l  f e e d i n g  syngas s t ream and by the  s u p e r h e a t e d  s team- 

c o n t a l n i n g  r e c y c l e  syngae s t r e a m .  The r e a c t i o n  t e m p e r a t u r e  and p r e s s u r e  in  t he  

g a s l f i e r  a re  main ta ined  a t  1275 ° and 500 p s i a ,  r e s p e c t i v e l y .  

The char  and ash  a re  wi thdrawn from the  g a s i f i e r  bottom to  the  char  quench 

drum and then to the cha r  s l u r r y  drum f o r  c a t a l y s t  r e c o v e r y .  

3.3 Heat  Recovery and Gas Scrubbing  

The produc t  gas from the  g a s i f i e r  i s  f i r s t  r ou t ed  th rough  two cyc lone  

s e p a r a t o r s  connec ted  in  s e r i e s  and i n t e g r a t e d  wi th  the  g a s i f i e r ,  and then  

th rough  a s e r i e s  of hea t  exchanger s  f o r  r e c o v e r y  of  h igh  t e m p e r a t u r e  hea t  by 

g e n e r a t i n g  and s u p e r h e a t i n g  h igh  p r e s s u r e  (600 p s i a )  s team r e q u i r e d  f o r  the  

g a s i f i e r o  A f t e r  r e c o v e r y  of  the  h igh  l e v e l  hea t s  the  p r o c e s s  gas s t ream i s  

s t i l l  we l l  above i t s  wa te r  dew p o i n t ,  l~e  bulk  of  s o l i d  f i n e s  c o n t a i n e d  in  t he  

p r o c e s s  gas s t ream is  then s e p a r a t e d  in  the  t e r t i a r y  c y c l o n e .  The gas then  

p roceeds  co the  p roces s  gas s a t u r a t o r  and to t he  Ven tu r i  s c r u b b e r  where the  

f i n a l  c l e a n  up of  s o l i d  f i n e s  i s  e f f e c t e d .  The c l e a n  p r o c e s s  gas i s  then 

r o u t e d  th rough  a s e r i e s  of  h e a t  exchanger s  f o r  f u r t h e r  hea t  r e c o v e r y  by 

p r e h e a t i n g  b o i l e r  f eed  wa t e r  and g e n e r a t i n g  low p r e s s u r e  (65 p s l g )  s team.  At 

some p o i n t  of  hea t  r e c o v e r y  when the  p r o c e s s  gas i s  c o o l e d  to about  330°F~ i t  

i s  passed  th rough  a f i x e d - b e d  r e a c t o r  to  c a t a l y t i c a l l y  h y d r o l y z e  c a r b o n y l  

s u l f i d e  (COS) t o  H2S. The remain ing  hea t  in  the p roces s  gas s t ream i s  then 

r e j e c t e d  by the c o o l e r s .  At the  end o f  hea t  r e c o v e r y ,  the  p roces s  gas e n t e r s  

the  ammonia s c r u b b e r  a t  120°F, where in  ammonia i s  removed from the gas .  

3.4 Acid Gas Removal and S u l f u r  Recovery 

The overhead  gas s t ream from the  aumtoaia s c rubbe r  i s  rou t ed  to the S e l e x o l  

a c i d  gas  removal u n i t  which p r i m a r i l y  c o n s i s t s  of  the  H2S a b s o r b e r ,  the H2S 

s t r i p p e r ,  the  CO 2 a b s o r b e r  and the CO 2 s t r i p p e r .  The e f f l u e n t  s t ream from 

the  H2S s t r i p p e r  i s  r ou t ed  to the  s u l f u r  r e c o v e r y  u n i t  and the overhead 

s t r eam from the  CO 2 s t r i p p e r  i s  ven ted  to  the a tmosphere .  Low p r e s s u r e  steam 

i s  employed f o r  r e b o i l i n g  the  H2S s t r i p p e r .  Air  i s  used f o r  s t r i p p i n g  o f f  

CO 2 f rom the  S e l e x o l  s o l u t i o n  in the  CO 2 s t r i p p e r .  
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The sulfur recovery unit consists of the Claus plant and the tall gas 

treating plant. Sellable elemental sulfur is recovered in this unit as a 

byproduct. 

3.5 SNG Separation 

The treated process gas from the acid gas removal unit is then passed 

through the Molecular Sieve unit for drying and trace CO 2 removal. This 

preparation is required for feeding the downstream cryogenic SNG separation 

unit. 

The process gas stream~ now containing only methane, hydrogen and carbon 

monoxide is heat exchanged with various cold product streams from the cryogenic 

fractlonatlon system, and is chilled down to a cryogenic temperature. A flash 

separation is provided at a cryogenic temperature to vaporize the major portion 

of CO 2 and H 2 from the liquid CH 4. The liquid from this flash separation 

is then fed to the cryogenic £ractionation column operating at approximately 40 

psl, ~ere the final separation of methane from the remaining syngas is 

performed. The overhead gas stream containing primarily the syngas is heat 

axchanged with the feed stream and then routed to combine with the flashed 

syngas stream at the Feed. The total combined syngas stream is then recycled 

throuBh the preheater to the gaslfler and the lockhopper system. The bottom 

product from the cryogenic fractlonatlon column is also heat exchanged with the 

feed stream, vaporized and then compressed to the gas pipeline pressure for 

sales. 

3.6 Sour Water Stripping and Ammonia Recovery 

Thls section primarily consists of the sour slurry stripper, the 

~2S/NH3 stripper and the ammonia recovery system. 

The sour slurry stream containing approximately 10% of solid fines is 

routed from the Venturi scrubbing system to the sour slurry stripper. The 

overhead vapor stream from the sour slurry stripper is fed to the sulfur 

r e c o v e r y  u n t t  and t h e  b o t t o m s  i s  r o u t e d  t o  t h e  f i l t e r  b e l t  p r e s s .  The f i l t e r  

cake is transferred to disposal and the filtrate routed to the catalyst 

recovery system. - -  
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The s o u r  c o n d e n s a t e  s t r e a m s  f r o m  v a r i o u s  K.O. drums i n  t he  h e a t  r e c o v e r y  

and g a s  s c r u b b i n g  s e c t i o n  and t h e  NH 3 s c r u b b e r  b o t t o m s  a r e  r o u t e d  to  the  s o u r  

water stripper. The H2S rich stream is separated by distillation from the 

NH 3 s t r e a m  and f ed  co the  s u l f u r  r e c o v e r y .  Ammonia i s  r e c o v e r e d  as  20 w e i g h t  

p e r c e n t  a q u e o u s  s o l u t i o n  a s  a b y p r o d u c t .  The s t r i p p e d  w a t e r  i s  r o u t e d  to  w a s t e  

water t reat ing°  

3,7 Catalyst Recovery 

This section consists of the Ca(OH) 2 digester and fourteen 

water-leachlng stages. All the catalyst containing streams throughout the 

plant are first routed t~ the Ca(0H) 2 digester and then to the water-leaching 

stages for recovery of the catalyst. These streams include: 

o The c h a r  f rom the  b o t t o m  o f  t h e  g a s i f i e r ,  a f t e r  b e i n g  s l u r r i e d  in  the  

c h a r  drum,  

o The s o l i d  f i n e s  f rom t h e  t e r t i a r y  c y c l o n e  s e p a r a t o r ,  a f t e r  b e i n g  

s l u r r i e d  in  ~he f l u e s  s l u r r y  drum,  and 

o The f i l t r a t e  of  t h e  s o u r  s l u r r y  a t r l p p e c  b o t t o m s ,  

Lime (CaO) and the makeup catalyst as 30 wto% KOH are added to the 

Ca(OH) 2 d i g e s t e r  f o r  r e c o v e r y  o f  c a t a l y s t  t i e d  up w i t h  t he  c o a l  m i n e r a l s .  

Fresh catalyst nakeup is necessary since a portion of the catalyst is not 

r e c o v e r a b l e  f rom the  c o a l  m i n e r a l s .  

The CaO i s  h y d r o l y z e d  i n  t h e  d i g e s t e r  to  form Ca(OH)2.  The r a t i o  of  

c a l c i u m  i n  t h e  l i m e  f e e d s  to  p o t a s s i u m  in  t h e  f e e d  c h a r  and f i n e s  s o l i d  i s  0 . 7  

l b  C a / l b  Ko The c h a r  and f i n e s  s l u r r i e s  a r e  soaked  in  t he  d i g e s t e r  f o r  two 

hours by ag£tatlon at ?0 psia and 300 °. Under these conditions, approximately 

9U% of the pol:asslum in the feed solids is solubillzed. The remaining 

p o t a s s i u m  leaves with s o l i d s  in w a t e r - i u s o l u h l e  compounds .  

About  9 8 . 5 Z  o f  t h e  p o t a s s i u m  s a l t s  s o l u b i l t z e d  in  t he  Ca(OH) 2 d i g e s t i o n  

a r e  r e c o v e r e d  i n  t h e  d o w n s t r e a m  w a t e r - l e a c h i n g  s t a g e s .  O v e r a l l ,  t h i s  s e c t i o n  
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r e c o v e r s  87% of  the t o t a l  potass ium c a t a l y s t  which e n t e r e d  the g a s i f i e r  with 

the feed coal.  The remaining I3% is suppl ied by the makeup KOH. 

All the r ecove red  plus the f r e s h  makeup c a t a l y s t ,  c o n t a i n i n g  37 wt.% 

K2CO 3 equivalent, are then recycled to the catalyst addition section for 

impregnation of the feed coal.  

3.8 The Plant Arrangement 

The conceptual commercial process plant with a capacity of 250 MHSCFD 

product SNG £s envisaged to consist of the following trains: 

o Four trains of Coal Drying and Catalyst Addi t ion (three trains normally 

in opera t ion ,  one train spare) ;  

n (hm t r a i n  of Coal Storage  Bins;  

O Four trains of ReacCors, except two trains of pressurizatlon gas 

handling and one common spare train of feed hopper system and the 

iockhopper recycle gas compressor; 

o Four trains oE Acid Gas Removal and Sulfur Recovery; 

o Two trains of SNG Separation system; 

o Two trains of Sour Water Stripping and Ammonia Recovery; 

o Two trains o£ Catalyst Recovery System. 

4.0 STRENGTHS AND WFAKNESSES 

The following are the strengths and the weaknesses of the Exxon Catalytic 

Coal Gasification Process. 

4. t S t r e n g t h s  

o Simple  P roces s  Sequence 

The g a s i f i c a t i o n  s t ep  combines the r e a c t i o n s  of coa l  g a s i f i c a t i o n ,  

steam s h i f t  and methanatton In one s ing le  g a s t f l e r  vesse l .  The net 

V-9 



I V- Z2 

0 

produc t s  of the  g e s i f i e r  a r e  methane and e.arhon d i o x i d e .  I t  t h e r e f o r e  

eliminates the requirement of  having additional downstream processln~ 

steps of shift reaction and m~thanatlon for producing SNG. 

o HiGh Carbon Convers ion  

The carbon c o n v e r s i o n  in the  g a s i f i e r  i s  e s t i m a t e d  ~o be in  the 

9 0 - p e r c e n t  r ange  , and the pr imary  p r o d u c t s  a re  methane and ca rbon  

d i o x i d e .  

Heat Inte~ratlon/No Oxygen Plant 

As the reaction in the gaelfler is a eomblnatlon of coal gasification, 

steam shift and methanatlon, the composite heat balances of these 

r e a c t i o n s  a r e  e s s e n t i a l l y  n e u t r a l .  The ne t  c h e m i s t r y  o~ t h e s e  

r e a c t i o n s  can be r e p r e s e n t e d  as f o l l o w s :  

Coal + H20 - CH 4 + CO 2 ~U-o 

As i n d i c a t e d  above,  t h i s  r e a c t i o n  i s  a lmos t  t h e r m a l l y  n e u t r a l  and in 

f a c t  on ly  a smal l  amount of  hea t  i s  r e q u i r e d  in  the g a s i f i e r  to p r e h e a t  

the  feed  c o a l  aud to p rov ide  fo r  h e a t  l o s s e s .  Due to  t h i s  s p e c i f i c  

f e a t u r e s  an oxygen p l a n t  i s  not  r e q u i r e d ,  and p o t e n t i a l  s l a g g i n g  

problems a s s o c i a t e d  wi th  oxygen use a r e  e l imiua tedo  

No Cakin~ Problem 

No p r e t r e a t m e n t  i s  r e q u i r e d  f o r  cak ing  c o a l s .  The a c t i o n  of  the 

c a t a l y s t  to the  pore  s t r u c t u r e  o f  c o a l  minimizes  the  caking problem 

associated wlth metaplast formation in the beginning of the coal-gas 

r e a c t i o n s .  

o Eas 7 to  C o n t r o l  

The g a s i f i c a t i o n  r e a c t i o n  in  the g a s i f i e r  r eaches  e q u i l i b r i u m .  The 

r e s i d e n c e  time i s  not  c r i t i c a l  to  the  p roduc t  c o m p o s i t i o n s ;  t h e r e f o r e ,  

the  p r o c e s s  i s  easy  to c o n t r o l .  
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Simple G a s l f i e r  

The g a s l f i e r  is a f l u l d l z e d  bed. No c o m p l i c a t e d  s p e c l a l  I n t e r n a l s  are  

r e q u i r e d .  Even t e m p e r a t u r e  d i s t r i b u t i o n  in  the  g a s l f i e r  i s  e x p e c t e d  

due to the f l u l d l z a t l o n  u~Lxing e f f e c t s  o f  the bed. 

o No Slagging/No Tar  

As the gasifler r e a c t i o n  t empera tu re  i s  1275aF, the s l agg ing  problem i s  

eliminated, Due to the gasiflcation temperature, exotic materials are 

not required for the gasi~ler construction. 

Energy E f f i c i e n t  f o r  CH~ Recovery 

The c ryogen i c  sys tem f o r  s e p a r a t i o n  of  CH 4 from syngas uses p r e s s u r e  

r e d u c t i o n  to a c h i e v e  a u t o - r e f r i g e r a t l o n  r e q u i r e d  in the sys tem.  

A d d i t i o n a l  hea t  exchange between the  p r o d u c t  s t r eams  and the feed  

s t ream to c h i l l  ~he f eed  s t ream to c r y o g e n i c  t empe ra tu r e  i s  p r o v i d e d .  

E x t e r n a l  mechan ica l  r e f r i g e r a t i o n  i s  noc r e q u i r e d  f o r  normal o p e r a t i o n  
o f  the sys tem.  

o Recovered C a t a l y s t  A c t i v i t y  ~ i n t ~ n e d  

The exper imen t s  have i n d i c a t e d  t h a t  the  r e c o v e r e d  c a t a l y s t  m a i n t a i n s  

i t s  c a t a l y t i c  e f f e c t  over  long r e c y c l e  o p e r a t i o n ,  as t h e r e  were no 

i n d i c a t i o n s  og a c t i v i t y  r e d u c t i o n .  

o Data Base 

- During the Predeve lopment  Program, the  f l u i d  bed g a s l f l e r  has 

demons t ra ted  the  f o l l o w i n g  c h a r a c t e r i s t i c s :  

a .  Good q u a l i t y  da ta  

b. High o n - s t r e a m  f a c t o r  

c .  Recycle  c a t a l y s t  as a c t i v e  as  f r e s h  c a t a l y s t  

do F lu id -bed  o p e r a t i o n  s t a b l e  end ea sy  to c o n t r o l  

e.  High ca rbon  and steam c o n v e r s i o n s  t r l t h  a s imu la t ed  syngas 

r e c y c l e .  
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- A c o m p u t e r i z e d  m a t h e m a t i c a l  m o d e l  was d e v e l o p e d  f o r  s i m u l a t i o n  o f  

the gast~ler operation. The simulated results agreed well wlth the 

observed data ob ta ined from the I00 ps ig  g a s l f i e r  ope ra t i on  t e s t s .  

~u r ing  the Process Development Program, the Process Demonstcatt0n 

Un i t  (PDU) g a s l f i e r  s u s t a i n e d  165 hours o f  s t a b l e  o p e r a t i o n  w i th  

I l l i n o i s  No. 6 coa l  feed i n  August,  1979 w i t h  the f o l l o w i n g  

c o n d i t i o n s :  

a .  90 p e r c e n t  c a r b o n  c o n v e r s i o n .  

b. G a s i f i c a t i o n  a t  1250°F and 500 ps tg .  

c. The bed fhz td i zed  wt~h steam and N 2 gas. 

d. Fines returned to bed by cyc lone.  

e. The run terminated by failure o~ liquid nitrogen pump. 

The PDU work is currently in progress. The major effort of thls work is 

to demonstrate a continuous stable operation for a period of time of the PDU (1 

T/D capacity) which consists or all the process systems to be provided In a 

commercial p l a n t .  Also, an i n v e s t i g a t i o n  w i l l  be made of  the e f f e c t  of t race 

components b u i l d - u p  in each system of  the o v e r a l l  process o p e r a t i o n .  

4.2 Weaknesses (Areas Needing Development) 

o C a t a l y s t  Recovery 

The c a t a l y s t  recovery system c u r r e n t l y  being contemplated w l l l  recover 

app rox ima te l y  90 percent  of  the c a t a l y s t  o r i g i n a l l y  impregnated w i t h  

the coa l .  The long res idence  t ime needed i n  the ~ a t e r - l e a c h l n g  

c a t a l y s t  recovery process i n d i c a t e s  htgh inves tment  on equipment. The 

catalyst tends to tie-up wlth aluminum compounds in coal forming 

water-insoluble salts. Therefore, If the feed coal contains a large 

amount of aluminum compounds, high rates of catalyst makeup wlll 

r e s u l t .  

G a s i f i e r  

As the reac t i ons  in  the g a s i f l e r  are to reach e q u i l i b r i u m ,  a h igh 

res idence  time i s  r equ i red  r e s u l t i n g  in  a b ig  r e a c t o r  vesse l .  Exxon I s  

i n v e s t i g a t i n g  ways f o r  improvement in t h i s  area.  
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o Digestion 

Ca(OH) 2 digestion is required to recover the water-lnsoluble portion 

of the catalyst. However, the digestion step produces a lot of solid 

fines which contribute difficulties in solld/llquld separations in the 

downstream water-leaching process, 

o Hi6h Steam Requirement 

The g a s i f i c a t i o n  needs s steam r a t e  of  1.585 pounds o f  s team per pound 

o f  d ry  c o a l .  In o r d e r  to supplement  the  r e q u i r e m e n t ,  t he  o f f - s l t e  

reboller needs approximately 16 percent oE the total plant coal feed as 

fuel for generating the required process steam. 

10% Char Loss 

The g a s I E i e r  conver t s  a p p r o x l m a t e l y  90 pe rcen t  of  ca rbon  in  the  feed 

c o a l  to g a s e s .  The remain ing  u n c o n v e r t e d  char  i s  t r a n s f e r r e d  with 

a s h e s  to  the  c a t a l y s t  r e c o v e r y  sys tem and e v e n t u a l l y  d i s p o s e d  

o f f - p l o t .  

5.0 POTENTIAL IMPROVEMENTS 

The following potential improvements for the Exxon CCG process are 

suggested from the perspective oF this assessment and will require more 

detailed evaluatlon prior to testing. Some potentlals which appear worthy of 

investigation are: 

iQ 

2. 

3. 

4. 

Improved Flue  Gas D e s u l f u r l z a t i o n  

Improved Low Level  Heat Recovery  

Improved CryoEenlc SNG Recovery 

Improved C a t a l y s t  Recovery  

5.1 Improved Flue Gas D e s u l f u r l z a t l o n  

E x x o n ' s  o r l g l n a l  process  de s ign  showed two coal  d r y e r s :  one f o r  crushed 

feed coal~ the  o t h e r  f o r  c a t a l y s t  impregna t ed  coa l .  Both d r y e r s  use the hot  

f l u e  gases  g e n e r a t e d  from the c o a l - f e e d  b u r n e r s  as the d r y l n  E media .  Since thz 

f l u e  gases  a r e  from the  coa l  b u r n e r s ,  t hey  c o n t a i n  s u l f u r  compounds;  t h e r e f o r e ,  

the  f l u e  g a s e s  from both d r y e r s  a r e  r o u t e d  co a d e s u l f u r l z a t i o n  u n i t  f o r  making 

H2SO 4 as  a b y - p r o d u c t .  
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A po ten t ia l  Improvement might be to replace the coal generated f lue  gases 

by the f lue  gas ~rom the recyc le gas preheater.  The preheater is  fueled by the 

clean product SNG; therefore, its flue gas Is environmentally clean. If thls 

c l e a n  ~ l u e  ga s  i s  u s e d  a s  t i l e  d r y i n g  medium i n  e a c h  d r y e r ,  t h e n  t h e  f l u e  g a s  

from the dryer can be vented to the atmosphere w i thou t  being dest, l f u rJzed ,  and 

the f lue gas d e s u l f u r t z a t i o n  un i t  can be e l im ina ted .  

As to the ~lue gas from the coa!-burnlng o f f s l t e  b o i l e r ,  t t  might be 

r o u t e d  to the t a i l - g a s  ~reat ing  un i t  of the Claus s u l f u r  recovery p lan t .  A 

sec t ion  o£ t he  trea~£ng u n i t  could incorporate a hydro lyzer  and a n  absorber for  

such t coa t m e n t .  

A pre l iminary  cost est imate ind icates that  the add i t i ona l  equipment would 

cost  about 30Z more than tha t  saved, but the coal  ~eed saved by de le t i on  of the 

coal  burners would pay out in about four years. In add i t i on ,  tlm separate 

112SO 4 storage, handl ing and shtpp~ig f a c i l i t i e s  could be deleted by 

e l im ina t i on  of the f lue  gas d e s u l f u r l z a t l o n  u n i t .  

5.2 Improved Low Love1 Heat Recovery 

Exxon's original process design showed that the low level heat below 313°F 

in  the process gas stream is  re jected to both a i r  and water coolers.  The 

process gas ts cooled to 120°F prior to entering an ammonia scrubbing column. 

The proposed improvement is to utilize the low level heat currently 

re jec ted  to a i r  for  generat ing refrigeration (2' 3).  Thls i s  made 

poss ib le  by prov id ing an ammonia-absorption r e f r i g e r a t i o n  un i t .  This u n i t  

would have a s ingle stage absorber and the process gas stream would be used fo r  

p rov id ing  desorpt ion heat from 313°F to 288DF. 

The re f c i ge ra t i on  load would be used p r i m a r i l y  in  the acid gas removal 

unit (Selexol Process), and the dry-bed unit. The latter is provided for 

dehydrating the process gas stream prior to entering the cryogenic SNG 

separat ion unit. 
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As a p a r t  oE the  low l e v e l  h e a t  i s  r e c o v e r e d  f o r  g e n e r a t i n g  r e f r i g e r a t i o n  

l o a d ,  p a r t  o f  t h e  h e a t  r e j e c t e d  i s  r e d u c e d ,  r e s - l ~ I n  8 I n  s a v i n g s  an e o o l l n g  

surfaces as well. 

A preliminary cost estimate indicates that tile net capital cost for 

equipment added versus deleted is zero. llowevek, there would be a ut[llty 

savings by reduced power requirements o~ packaged refrigerat[on units and on 

air coolers. 

5.3 Improved Cryogenic SNG Recovery 

Exxon's ocig%nal design was improved by an Air Products scheme. The 

£1aprovements £nclude elimination of the cascade refrigeration onit, and 

replacing a fractlonation column with a stripping column. These improvements 

,Jere made possible by pressure letdo~ of the methane containing gas. The 

effect of auto-refrlgeration plus heat exchange was sufficient to condense the 

bulk of tile methane. Flash separation and stripping at a lower pressure than 

the original design effect tlte separation of SNG (methane) f r o , .  CO and H 2 

gas. 

F u r t h e r  i m p r o v e m e n t s  o v e r  t l l e  A i r  P r o d u c t ' s  s cheme  a r e  s u g g e s t e d  by JPL.  

These improvements include replacing the letdown valve upstream of the feed 

drum (to the stripper) with a turbo-expander. The latter will not only ~ctract 

horsepower ~or driving the recycle and gas compressor, but also cool the 

process 8as stream further. This will result in sav~ngs in operating 

horsepower. The second improvement suggested by JPL is to use a multi-stage 

LNG pump to del[ver the pressure required for SNG product; namely, pump the LNG 

up to ~he lO00 psi level and vaporize the remaining liquid downstream at the 

battery limit. This will save SNG compressors and horsepower as well. 

A preliminary cost estimate indicates that the equipment cost savings 

would be about $2,000,000 and utility power savings would be about $4,000,000 

per year. 

5.4 Improved Catalyst Recovery 

The catalyst £s known to associate ~th minerals in tile coal to form 

water-insoluble compounds. The improvement concept is to remove some of the 
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ash and minerals of the coal upstream of catalyst impregnation by 

beneftclatton. Should this beneficlation prove feasible, the catalyst tie-up 

with the coal mineral would be reduced with the potential of increased recovery 

of the catalyst. 

6.0 DEVELOPMENT STATUS DETAILS 

6.1 Key Results From Previous Research Work 

Previous Exxon sponsored research on ca=alytlc coal gasification was 

performed in bench-scale units which have the capability of operating at 

pressures up to IOOO pslg as well as in a small pilot-scale Fluid Bed Gasifier 

(FBG) unit with e coal feed capacity of up to 25 ibs/hr and a maximum operating 

p r e s s u r e  of  100 p s l g .  T h i s  p ~ e s s u r e  l i m i t a t i o n  i s  p r e s e n t  b e c a u s e  the  FBG was 

orlglnally built for thermal gasification work. During 1975, the FBG Pilot 

Plant was operated with K2CO 3 catalyzed Illinois coal for continuous 

periods of up to two weeks. Good quality data were obtained for yield periods 

c o v e r i n g  a w~de r a n g e  of  o p e r a t i n g  c o n d i t i o n s .  For many y i e l d  p e r i o d s ,  the  FBG 

operated with synthetic gas makeup (simulated recycle) such that inlet and 

outlet synthesis gas rates were in approximate balance. 

Close approaches to gas methanatlon equtlibrlum were demonstrated with 

K2CO 3 catalyst in both bench-scale units and the FBG pilot plant. 

Bench-scale rate data were obtained for Illinois coal with both K2CO 3 and 

Na2CO3/K2CO3 catalysts. These data were combined with analytical 

d e s c r i p t i o n s  o f  f l u i d  bed c o n t a c t i n g  to  d e v e l o p  a f i r s t - p a s s  c o m p u t e r  model  o f  

a f l u i d  bed c a t a l y t i c  g a s i f i c a t i o n  r e a c t o r .  

In the a rea  oE c a t a l y s t  r e c o v e r y ,  the  e f f e c t i v e n e s s  o f  a w a t e r  wash f o r  

r e c o v e r i n g  a b o u t  t w o - t h i r d s  of  the  c a t a l y s t  was d e m o n s t r a t e d .  The fo rms  of 

t h i s  r e c o v e r e d  c a t a l y s t  were  i d e n t i f i e d  and  work was i n i t i a t e d  on t h e  r e c o v e r y  

of water- insoluble catalyst. Also during this phase, engineering screening 

s t u d i e s  were  c a r r i e d  o u t  f o r  c o m m e r c i a l  plants to  e s t a b l i s h  p r e f e r r e d  

c o n f i g u r a t i o n s  f o r  p r o c e s s  f low and e q u i p m e n t  s e q u e n c i n g ,  and to d e t e r m i n e  

i n v e s t m e n t  and o p e r a t i n g  c o s t s .  
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6.2 Key Results from Predevelopment Program 

6.2.| Fluid Bed Gaslfier (FBG) Operation 

The continuous operation of the 6" x 31' fluid bed gaslfier (FBG) 

was to simulate all commercial gaslfler parameters except pressure, the effect 

of recycle gas rate, and the resulting effect on reaction kinetics. These 

parameters which were representative of expected commercial conditions include 

type of coal, coal size distribution, catalyst loading, reaction temperature, 

steam conversion, carbon conversion, fluidlzing velocity, residue composition, 

bed density, and flu~dizatlon properties of the gasified solids. Results from 

the FBG operations are summarized below: 

(a)  The u n i t  was used to d e v e l o p  f i f t y  m a t e r i a l  ba l anced  . p e r i o d s .  

O f  t h e s e ,  e i g h t e e n  were s e l e c t e d  to r e p r e s e n t  a v a r i e t y  o f  

p r o c e s s  v a ~ a b l e s  f o r  d e t a i l e d  workup. Unit  o p e r a t i o n s  were 

o f  h igh  q u a l ~ y o  The s e r v i c e  f a c t o r  du r ing  the  l a s t  s i x  

, " '  :~n ths 'a~  epe~ 'a t lon averaged more than 80% oE real time, with  
. - ~ 

.... "~ ~n~-month m.xlmum of 96%. 

Cb~ ~BG O, e r ~ t i o n s  conf i rmed  the  i n e f f e c t i v e n e s s  of  mixed sodium 

.nd p c ~ J s ~ : m  c a t a l y s t .  

Cc) O p e r a t i o n s  us ing  r e c y c l e d  w a t e r  s o l u b l e  c a t a l y s t  r eached  a 

r e c o v e r y  l e v e l  o f  94% of  w a t e r  s o l u b l e  po tass ium (64% of  t o t a l  

p o t a s s i u m ) .  A f t e r  a p p r o x i m a t e l y  ten  c y c l e s  of  o p e r a t i o n  wi th  

r e c o v e r e d  c a t a l y s t ,  no l o s s  of  a c t i v i t y  nor  any s i g n i f i c a n t  

b u i l d u p  of  o t h e r  c o n s t i t u e n t s  was obse rved .  P i l o t  s c a l e  

ca l c ium d i g e s t i o n  e x p e r i m e n t s  demons t ra t ed  r e c o v e r y  o f  more 

than  90% of  the  t o t a l  p o t a s s i u m  from FBG r e s i d u e ,  Recyc le  of  

c a t a l y s t  a t  t h i s  r e c o v e r y  l e v e l  w i l l  be a p a r t  o f  t he  

deve lopment  phase .  

6.2.2 Bench-Scale Studies 

The bench-scale research activities generated several significant 

r~su~ts as Eollows: 
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(a) A computer model of the rate controlling ~eacClon klneclcs was 

developed. It describes gasification rate as a function of 

temperature, catalyst loading, and gas composition. Pressure 

is important only because it influences gas composition. 

(b) Early testing of mixed sodlum-potasslum catalyst indicated 

thac this system would be ineffective for reducing catalyst 

COSK. 

(c) The e f f o r t  was redirected toward increasing the recovery level 

off the water-lnsoluble potassium. The most promlsir~ approach 

is the reaction o~ ash/char residue with calcium hydroxide to 

produce soluble potassit~ sal~s and insoluble calcium aluminum 

silicates. This reaction is carried out in an aqueous 

digestion system at relatively mild conditions. It results in 

an increase in catalyst recovery from about 70% with no 

calcium hydroxide to about 90% with ratlcq of calcium ~O 

potassium of the order of 0.7 moles/mole. 

i.::<p,)~,u-e ,ft. , : l :a r  t~ air wa.q found :o oxidize sulfides t,) 

eu] ! ' a t~ . ,g  .1,'hi t o  i'~b. ib~L " h e  effectivenes.~ ,.~f t h e  w a t - . : r  wash. 

,:al,'iun, di'.,7.,.,.qti,m in the pr,.~sence o f  CO ,,,+~s observed to 

,'..~nv..,'t .~,)me ::.~ t'ltt: p , ' ~ t ; l S ~ " : : :  c u ' ! . T a t . .  ° - i.n per.ass[urn f , ) r ; , , . a t : e ,  

(,~ l'.~:~s~iu,., s u l f i d e  was f,.~und to be ~:atalyt[ , :a l . ly  a , . t ive  hut 

l,:.,:a ,.,Erect iv,:: t h a n  the hy,ir,~:<l,le and carbonate  ~orms ,.¢h,.:t~ the. 

7..,,',irTi:Ip. medi.u:n !.,; p u r e  s:.eam. The v.arbon.iLu and h)':ir,.,xLdu 

!'.~t"lD.q ;11"C' t '( |Ha~, i l l  t ~ . * , ' f e g t [ v ~ l l e s S .  

!¢y,:;:i~.~e..quhbttuminou.,' m~al was fontal Co be klneticnlly 

,:,!ulv.kl::nc ~,~ illinnis bituminous coal in t~he presence o[ 

;,,,,  a.qs~, .m r a t a  l y s I ' .  

6.2,3 ~.~Ineerin~ Sc'.reeni.nR Studies 

The engLnecrin~ screening studies led to the following major 

C O ,IC ]. ll.q i on .q : 

I!-I 
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(a) The p r e f e r r e d  form of  makeup c a t a l y s t  f o r  c a t a l y t i c  

g a s i f i c a t i o n  i s  potass ium h y d r o x i d e  (KOH) manufac tu red  by 

e l e c t r o l y s i s  of  po tass ium c h l o r i d e  (KCI).  Reserves  of  KC1 in 

North America are very large relative to the amounts needed, 

Because KOH for catalytic gasification would be produced in 

re!atively large quantities end low purities over a long term, 

the cost could be significantly below the current market 

price. 

(b) With KOH at the current market prices calcium hydroxide 

digestlon to recover water insoluble catalyst from spent 

gasifier solids is Justified in addition to water washing to 

r e c o v e r  water soluble catalyst. 

( c )  The a d d i t i o n  of  a s econda ry  g a s i f i c a t i o n  s t e p  to r a i s e  carbon  

convers ion  to  95Z from the base l e v e l  o f  90g p rov ides  on ly  a 

marginal economical  i n c e n t i v e .  

(d )  The s e l e c t i v e  Se l exo l  s c r u b b i n g  p roces s  f o r  a c id  gas removal  

i s  somewhat lower in  cos t  ~mn sc rubb ing  w i th  n o n - s e l e c t l v e  

hot  po tass ium c a r b o n a t e  o r  s e l e c t i v e  r e f r i g e r a t e d  me thano l .  

6 . 2 . 4  Commercial P l a n t  Study Design 

The e n g i n e e r i n g  r e s e a r c h  and development  e f f o r t s  cu lmina t ed  with 

the preparation of a ne~ Catalytic Coal Gasification Commercial Plant Study 

Design. The process bases for the Study Design were set based on the results 

of the laboratory and engineering studies carried out durlug the Predevelopment 

Program. The key findings of the Study Design are: 

(a) The e s t i m a t e d  t o t a l  i nves tmen t  f o r  a p i o n e e r  commercial  p l a n t  

f e e d i n g  I l l i n o i s  No. 6 c o a l  and p roduc ing  257 b i l l i o n  Btu per  

stream day of substitute natural gas (SNG) is $1,530 million. 

This is for a January~ 1978 cost level at an Eastern Illinois 

location. A "process development allowance" and a "project 

contingency" are included in this estimate~ consistent with  

standard Exxon practices. 

: V-19 
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(b) The estimated cost of SNG produced from this pioneer 

gasification plant is $6.20 per million Btu ($/MMBtu). This 

gas cost Is an initial selllng price based on 100~ equity 

~inancing, a 15% DCF return, and escalation 

rates of 6% per year for SNG revenues and 5% per year for net 

operating costs. On an alternative financing basis of 70% 

debt/30% equity with 9% interest on debt~ the comparable 

initial gas cost is $4.70 per HMBtu. 

Cc) Several factors could reduce the SNG cost below the Study 

Design range of $4,70-6.20/MMBtu, These include larger plant 

capaeltlesp surface-mlned coals~ increased government 

financial incentives, and future savings based on the learning 

experience gained Erom the pioneer plant and from further 

research and development. 

The Study Design economics are believed to be a realistic 

prediction of the costs (in 1978 dollars) for a pioneer commercial plant, 

Caution must be used when comparing these economics with published estimates 

for other coal gasi£1catlon processes, Such estimates can vary widely 

depending on the process, offsites, and economic bases, the investment estimate 

approach~ and the maturity o~ the technology. It is expected that a consistent 

comparison with state-of-the-art gasification technology will show a 

slgnIEicant incentive ~or further development of the Catalytic Coal 

Gasification Process, 

The details on the Predevelopment Program of the CCG process have 

been documented in the  Final Project Report on Predevelopment Program for Exxon 

Catalytic Coal Gasification Process dated December, 1978 prepared by Exxon 

Research and Engineering Company, Baytown, Texas (1). 

6.3  P roces s  Development Program 

This  program i s  c u r r e n t l y  in  p r o g r e s s ,  Work p lans  and the c u r r e n t  s t a t u s  

are summarized in the  followlng sections. 
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6.3.1 Overa l l  Mi lestone Schedule 

The o v e r a l l  p ro jec t  mi lestone schedule for  the SNC Program is  

i nc luded  as F igu re  V-2. I t  shou~ the  f o l l o w i n g  f o u r  major t a sks  Erom 1978 

th rough  1981, 

a. 

b, 

c, 

d. 

PDU S t a r t u p  

I n t e g r a t e d  PDU O p e r a t i o n  

Bench Research  and P i l o t  P l a n t  Suppor t  

En@ineerlng Research and Development 

6.3.2 

follows: 

Status of Process Development Un i t  (PDU) 

As of  October ,  1979, the PDU s ta tus  i s  reported as 

(a) Sustained 165 hours o~ s tab le  o p e r a t i o u w t t h  I l l i n o i s  No. 6 

coal  feed and steam In u n i t  from August l0 to 17, 1979, 
; ?. 

- 80 to 90% carbon conversion 

- 1250OF and 500 ps ig  

- Fluldlzed with steam and nitrogen 

- F ines  r e t u r n e d  to bed by c y c l o n e  

- Run termlnated b~. loss of l i q u i d  N 2 pump. 

(b)  Manual ly  removed c h a r  as a w a t e r  s l u r r y .  

- A c t i v a t e d  a u t o m a t i c  sys tem.  

(c )  H 2 and CO supply systems ready f o r  use tn next run on a 

once-through basis .  

(d) Gas c leanup  and r e c y c l e  sys t em n e a r l y  r e a d y .  

- HEA and m o l e c u l a r  s i e v e  sys tems  complete  and in  s t a r t u p  

o p e r a t i o n .  

,,,~° 

- Cryogenic  f r a c t l o n a t o r  in  f~ua l  assembly .  

( e )  C a t a l y s t  r e c o v e r y  c o n s t r u c t i o n  underway, 
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6.3.3. CCG Development Issues 

The following summarizes various CCG issues to be resolved in 

dlf~erent stageu of the development. 

Issues 

o Fluid Bed Gasification 

- Lockhopper Feed System X X X 

- Gasification Reaction Rate X X - 

- Fluid Solid Contacting - X X 

- Properties o~ Steady-state 

~,ar X X - 

- Fines Generation - X X 

Bench PD_~U LPP 

Gas Recycle Loop 

- Preheat Furnace X X - 

- Cryogenic Separation X - - 

- Trace Components Build-up - X - 

Catalyst Addition and Recycle Loop 

- Trace Components Build-up X X - 

- Fines Generation X X - 

- Solld-Liquid Separation X X X 

- Solid Disposal X X X 

- Water Wash vs. Ca(OH) 2 X X - 

Digestion 

6.3 4 Research Studies Planned f o r  1979 

The following i~ems are the research efforts planned for 1979. 

(a) Catalyst Loop Research 

- Costs of concentrating dilute catalyst solutions by 

evaporation. 

- Evaluation of alternative solld-liquid separation methods. 

- Evaluation of tradeoffs between number of stages, 

concentrations, and recovery- 

- Catalyst addition process c~n~guratlon studle~. 
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(b) Gasiflcatlc Recycle Gas Loop Research 

- Identification of preferred gaslfler operatiP~ conditions. 

- Identlfication of technical uncertainties and data needs 

associated with trace impurities, 

- Evaluation of improved gas separation schemes. 

6.3.5 En~Ineerin~ Technology Studies 

The following lists the engineering study e £ f o r t s  planned for the 

CCG process .  

(a) Catalytic Gaslfler Solids Balance Model 

- Modify proprietary computer model for use with CCG. 

- Validate model wlth available PDU data. 

(b) Wet Scrubber Operability and Performance. 

- Evaluate Interfaclal propettles of CCC solid-liquld 

streams. 

- Carry out lab studies on wet scrubber performance. 

(c) Slur~. Rheology and Solld-L1quld Separations for Catalyst 

Recovery, 

- Identify and evaluate solid-liquld separation 

alternatives. 

- Measure viscosity of char-catalyst slurries. 

(d) Vapor-Liquld Equillbrla in Sour Water/Catalyst Systems. 

- Review da~a needs to establish deficiencies 

- Undertake experimental program as needed to improve data 

b a s e .  

Ce) P h y s i c a l  and Thermodynamic P r o p e r t i e s  o f  C a t a l y s t  R e c o v e r y  

Solutions. 

- Establish llkely data needs, 

- CQllect and evaluate available data. 

V-23 



V-lO 

o 

(~) Dynamic Simulation of CCG Reactor System. 

- Develop dynamic process control 

- Determine response to changes in major variables. 

(g) Environmental Control: Water and Solld Effluents. 

- Characterize and evaluate w~ste water streams from PDU. 

- Identify treatment a l t e r n a t i v e s .  

(h) E,~vlronmenta I Control: Atmospheric Emissions. 

- IdenClfy and quantlfy e~!sslons through PDU testing. 

- Identify control alternatives. 

(1) Preheat Furnace Tube Selection. 

- Evaluate carbonization behavlor of selected tube 

materials. 

- Screen and select projected commercial ~urnace e.ube 

materials. 

(j) Evaluation of Construction Materlals for C~alytic 

Gasification. 

- Test and evaluate materials for CCG in PDU. 

6.3.6. PDU Flow Dlasram 

Included as Figures V-3 throughV-5 are the PDU flow diagram, PDU 

gas separation section, and cryogenic methane separation scheme in the PDU, 

r e specu ive ly .  
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