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summary and Conclusions

A synthetic liquid fuels plant, designed to produce 10,000
barrels per operating day of liquid hydrocarbon product from the syn-
thesis unit, will require an investment of spproximately $11k,356,500.
Operating costs, with the cost of coal es a varisble, are estimated to
emount to the following: :

Coal cost/ton Operating cost/gallon
$3.00 $0.215
4,00 «230
5.00 c2kh

Federal corporate income tax and & capital return are not
i{ncluded in the ebove costs. Incorporating these two items as a gross
return on investment results in the following production costs:

Production cost[gallog

Gross return on Coal at Coal at Coal at
investment, % $3/ton $l/ton $5/ton
6 $0.274  $0.289 $0.303

12 <333 .348 .362

20 : L2 L426 Ll

30 .510 «525 .540

Process Description

Three major processing steps are required to convert coal to
liquid fuels: ‘

1. The manufacture of purified synthesis gas with a desired
1:1 HQ:CO ratio for use in the subsequent step,

2. Synthesis of liquid hydrocarbons, and

3. The refining of the hydrocarbons to produce gasoline,
gas oil, LPG, and refinery off-gas.

Synthesis gas with an H2:00 ratio of 1:1 is produced by gasi-
fying coal with 95 percent oxygen and superheated steam. The synthesis
gas is cooled in a waste heat recovery system after which the dust is
removed by cyclones and electrostatic precipitators. The CO, content of
the gas is then reduced to 0.1 percent by hot carbonate scrubbing. The
hot carbonate system will also remove the greater portion of the sulfur
content of the gas; however, iron oxide boxes are required for final
sulfur clean up.




The conversion of synthesis gas to hydrocarbons is accom-
1ished in Pixed bed reactors which are filled with steel lathe-turnings
Eatalyst- The synthesis gas is mixed with recycled oll which absorbs
post of the heat of reaction. The oil is separated from the non-
condensgble gases, cooled in a waste heat recovery system, and then re-
cycled to the synthesis reactors. The gases are cooled and further
processed in the refining section. The process flowsheet is shown in
figure 1, and detailed equipment lists are given in tebles 18 through 22.

The following sections give a general description of the
various processing operations.

Coal Preparation

The coal preparation facilities are designed to handle
approximately 5,300 tous per day of run-of-mine coal, The coal as
received has the following analysis:

Moisture

The coal is conveyed from the track hopper to the hammer
mills where the size 1s reduced to minus 3/h inch., After leaving the
bammer mills the coal passes over magretic separators and then to
storage hoppers or to the outdoor storage pile. The coal feeds from
the storage hoppers to the ball mills where the size is further re-
duced to 70 percent through 200 mesh. The pulverized cosal 1is conveyed
by eir to the storage bins and from there it is fed through a lock
hopper and a Balley feeder to the gasifier.

Gasiflication

The gasification process is designed to produce synthesis
gas, a mixture of carbon monoxide and hydrogen, with an :CO ratio
of 1:1. The gasification reaction is carried out at approximately
435 p.s.i.g. 8o that no recompression is necessary prior to the syn-
thesis reaction.
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) e Teed to the three operating gasifiers consists of 190 ) ii}
tons of coal per hour, 332,000 pounds of superheated steam per bour, /;’,/’
135 tons of 95 percent purity oxygen per hour, and 10,000 pounds of
oxygenates end water per hour. The exit gases leave the gasifier at

2,200° F. Approximately 50 percent of the ash and unreacted carbon

18 removed as slag through the slag accumulating system to a settling

basin while the remainder is entrained in the raw synthesis gas and
subsequently removed in a dust removal system.




A waste heat recovery system consisting of economizers,
.anorizer, superheaters, and boiler feed water pumps 1s designed to
‘aﬁl the exit gases to 300° F. The heat recovery unit will produce
;io 000 pounds per hour of steam at 460 p.s.1.g. and 1,000° F. A
or%ion of this steam is recycled to the gasifier and the surplus is

used in other sections of the plant.

The oxygen supply for gasification 18 provided by three
1100 ton-per-day oxygen plants, Steam driven compressors are used to
compress the oxygen to 46O peSeieie

The composition of the gas leaving the gasification systenm
i1s as follows:

H0 29.6%
co 29.7
Co2 9.k
X, 1.3
s 0.3

Dust Removal

The entrained ash and carbon must be removed from the gas
stream prior to the synthesis stage. This 18 accomplished by cyclone
separators and electrostatic precipitators operating in series.

The .cyclones are designed on the basis of an allowable
entrence velocity of 50 feet per second. The electrostatic precipi-
tators are sized for a 5 second retention time with a linear velocity
of 4 feet per second.

Purification

After the entrained ash has been removed from the gas stream
it is necessery to remove the COp and sulfur. Specifications for the
synthesis reaction necessitate the reduction of the COp content of
the gas feed to 0.1 percent, Further, since the synthesis catalyst
is rapidly poisoned by sulfur, it is essential that the sulfur be re-
duced to 0.1 grain per 100 cubic feet.

The CO, content of the gas stream is reduced to the required
concentration by use of hot K5CO solution. The hot solution, approxi-
mately 194° F., is circulated countercurrently to the gas stream in
packed towers. The fouled hot carbonate solution is regenerated with
low pressure steam in packed towers and the sour gas is sent to ‘the
sulfur recovery unit.
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Sulfur removal is accomplished primarily in the hot carbonate
towers o:t the residual must be renoved by passing the gas through iron
oxide boxes. " Facilities have been provided to revivify the iron oxide
without removing it from the calch boxes.

The composition of the exit gas from purification is:

B0 0.2% /

e 48.8

5 18.8

CO, 0.1
2.1

Np

Primary Synthesis

The purified synthesis gas is fed to the fixed bed catalytic
reactors where it 1s reacted over an oxidized iron catalyst, Catalyst
preparavion is outlined in a later section. By varying the temperature
and pressure of operation it is possible to control, within limits, the
type of product which will be formed. By operating the reactors at
gbout 400 p.s.i.g. and an average temperature of about 525° F., the
formation of gasoline range hydrocarbons is favored at the expense of
oxygenated chemical synthesis.

The synthesis gas is fed at a space velocity of 500 V/V/H
to the 9 foot diemeter by 30 feet high reactors where 90 percent of
the feed gas 1s reacted. The pressure drop across the catalyst bed
is 30 pes.i. and an 0il recirculating pump is required for each
reactor.

The overhead stream from the reactors is separated into three
streams, water and water soluble oxygenates, the light hydrocarbons and
CO5, and the heavy oil which is recirculated to the reactors. The water
end oxygenates are recycled to the gasifier and replace part of the
steam required for gasification. The hydrocarbon stream is scrubbed to
remove CO, and then the liquid products are recovered as outlined in a
later section on refining.

Recycle CO, Scrubbing

The hydrocarbon stream which contains approximately 11 percent
C0, is scrubbed in hot carbonate scrubbers to reduce the COp content to
approximately 0.5 percent. The design and operation of this section is
similar to the initial purification except that no sulfur removal equip-
ment is required.

Secondery Synthesis

In order to obtain the maximum gasoline yield from coal a
secondary synthesis unit has been designed. The reactors and awxiliary
equipment of this unit are the same as the primery synthesis unit and
may be used as primary synthesis reactors if required.
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In the second-stage synthesis 50 percent conversion of the
reed gas is achieved at a space velocity of 300 V/V/H. No recycle,
and therefore, no intermediate COp scrubbing is required. The pro-
duct streszs from this unit ere added to the product streams from
the first-stege syntheels unit.

Catalyst Preparation

The corversion of synthesis gas to hydrocarbons is
greatly accelerated by the use of oxidized iron catalysts. An
oxidized iron lathe-turnings catalyst has been developed by the
pruceton leboratory of the Bureau of Mines. This catalyst presents
high active surface with fairly low pressure drop. Careful control
of cutting speed and depth of cut in the lathe operation regsults in
a catalyst with sbout 83 percent to 85 percent void space. The
turnings will be cut from S.A.E. 1018 steel on 40 standard lathes.
The operetion of these lathes would be programmed so that an operator
would not be required for each lathe,

A batch oxidation process is then carried out in s stain-
less steel lined rcactor whare 20 percent of the iron is oxidized by
superheated steam. The steem is fed to the reactor at 1,110° F, and
a space veloclty of 40O V/V/H. After an oxidation period of
epproximately 40 hours the batch is cooled and impregnated with a
solution of potascium carbonate, After drying to remove the water
the oxidized catalyst is traneferred to the synthesis reactors.

The final reduction step, with hydrcgen, is done in the
spare synthesis reactors. The hydrogen is fed to the reactors at
840° F. and a space veiocity of 2,000 V/V/E. The iron oxide is
reduced to iron and water is produced, Since it is neccessary to
remove this water, the hydrogen recycle stream is cooled, dshydrated
with gilica gel, end reheated before re-entering the reactor. The '
reduction cycle is approximately 48 phours.

Refining
The refining section includes four units:
1. Light ends recovery,
2., Catalytic cracking,
3. Catalytic polymerization, and
L, Catalytic reforming

The refinery is decigred to refine a high gravity crude
for maximum gasoline yield.
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sulfur removal is accouplished primarily in the hot carbonate
towers Tut the residual must be rewoved by passing the gas through iron
oxide boxes. Facilitiea have been provided to revivify the iron oxide
witbout removing it from the catch boxes,

The composition of the exit gas from purification is:

H.,0 0.2% /
e 18.8
08 48.8
CO5 0.1
No 2.1

Primary Synthesis

Tne purified synthesis gas is fed to the fixed bed catalytic
reactors where it is reacted over an oxidized iron catalyst. Catalyst
preperacion 1s outlined in a later section. By varying the temperature
and pressure of operation 1t is possible to control, within limits, the
type of product which will be formed. By operating the reactors at
gbout 400 p.s.i.g. and an average temperature of about 525° F., the
formation of gasoline range hydrocarbons is favored at the expense of
oxygenated chemical synthesis.

The synthesis gas is fed at a space velocity of 500 V/V/H
to the 9 foot dismeter by 30 feet high reactors where 90 percent of
the feed gas is reacted. The pressure drop across the catalyst bed
is 30 pes.i. aad an o0il recirculating pump is required for each
reactor.

The overhead stream from the reactors is separated into three
streams, water and water soluble oxygenates, the light hydrocarbons and
€O, and the heavy oil which is recirculated to the reactors. The water
and oxygenates are recycled to the gasifier and replace part of the
steam required for gasification. The hydrocarbon stream is scrubbed to
remove CO, and then the liquid products are recovered as ocutlined in a
later section on refining.

Recycle CO, Scrubbing

The bydrocarbon stream which contains epproximately 11 percent
CO, is scrubbed in hot carbonate scrubbers to reduce the COp content to
approximately 0.5 percent. The design and operation of this section is
similar to the 1initial purification except that no sulfur removel equip-
ment is required.

Secondary Synthesis

In order to obtain the maximum gasoline yield from coal a
secondary synthesis unit has been designed. The reactors and auxiliary
equipment of this unit are the same as the primory synthesis unit and
may be used as primary synthesis reactors if required.
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In the sccond-stage synthesis 50 percent conversion of the
reed gas is achieved at a space velocity of 300 V/V/H. No recycle,
and therefore, no intermediate COp scrubbing is required. The pro-
duct stresms from this unit ere added to the product streams from
the first-stege syntheeis unit.

Catalyst Preparation

The corversion of synthesis gas to hydrocarbons is
greatly accelerated by the use of oxidized iron catalysts. An
oxidized iron lathe-turnings catalyst hes been developed by the
Bruceton laboratory of the Bureau of Mines. This catelyst presents
high active surface with fairly low pressure drop. Careful control
of cutting speed and depth of cut in the lathe operation results in
e catalyst with sbout 83 percent to 85 percent void space. The
turnings will be cut from S.A.E. 1018 steel on 4O standard lathes.

The operation of these lathes would be programmed so that an operator

would not be required for each lathe,

A batch oxidation process is then carried out in a stein-
less steel 1lined rcactor whoere 20 percent of the iron is oxidized by
superheated steam. The steem is fed to the reactor at 1,110° F. and
& space velocity of 400 V/V/3. After an oxidatlon period of
approximately 40 hours the batch is cooled and impregnated with &
solution of potascium carbonate, After drying to remove the water
the oxidized catalyst is traneferred to the synthesis reactors.

The final reduction step, with hydrcgen, is done in the
spare synthesis reactors. The hydrogen is fed to the reactors at
8l0° F. and a soace veiocity of 2,000 V/V/E. The iron oxide is
reduced to iron =2nd water is produced, Since it is neccessary to

remove this water, the hydrogen recycle stream is cooled, dshydrated

with silica gel, end reheated before re-envering the reactor. The
reduction cycle is spproximstely 48 hours.

Refining
The refining section includes four unitss
i, Light ends recovery,
2, Catalytic cracking,
3. Catalytic polymerization, and
L, Catalytic reforming

The refinery is desigred to refine a high gravity crude
for maximum gasoline yield.



The light ends recovery unit is designed to accumulate and
ozpress the light overkead streams and to separate and recycle them to
fh;*polymerization or reforming units. The off-gas, principally methane,

;; distribted to the plant for process heating.

The catalytic cracking unit is designed to process 3,835 barrels
per operating day of heavy oil and wex product from the synthesis unit
and heavy polymers from the polymerizetion and reforming units. With
reactor operating conditions of 900° F. and 12 p.s.i.g. the following
yield structure has been estimated: ‘

Cy 1, O% Ch 3. 1%
Co 1.1 C5* 37.1
C3*® 3.2 Gas oil 40.1
C3 1.6 Coke 6.0
CL= 4,8 Water 2,0

The caielytic polymerization plant will use the U. O. P.
solid phosphoric acid catalyst type process. Oiefins in the C, - C
range are convertod to gasolire range material by contacting them w%th
the catalyst at 425° F, and 1,100 p.s.i.g. At theae operating conditions
90 percent olefin conversion can be accompiished if the olefin concentra-
tion in the feed stream is maintained at 4O percent (by volume), This is
done by recycling a poriion of the propane from the top of the depropani -
zer back to the pclymerization unit.

The struight-run gasoline boiling range material will be re-
formed over a platimum catalyst using the “Ultra-forming" process. Use
of this process is well suited to a low sulfur feed and will give a maxi-
wum yield of high octane reformate. The fcllowing yield pattern has been
estimated:

H 2.0% C 5.
cs 1.5 cg* 79.1
Cé 3.5 Heavy

C3 5.3 Polymer 3.2

The refinery product has high lead susceptibility and the
addition of 3 ce. of TEL will give a product with an octane rating com-
parable to premium gasoline, Sufficient butane will be recovered for
blending to 10 pounds Reid vepor pressure.

Tankage facilities have been designed to insure adequate
storage for the finished product and sll intermediate streams,




Czpitel Investment

As shown in table 1 the totel cepital investment, including
working capitsl, is $11k4,356,500. The capital investment costs include
allowances for spare parts. The capital requirements for each opera-
ting unit are given in tables 5 through 13. The cost of the oxygen
plant and the sulfur recovery plant were estimated from available quot-
ations.

The power plaent cost was estimated on the basis of the steam
and power balance, figure 9. A spare boiler and turbogenerator were
provided. The cost of individual items for plant facilities and plant
utilities are given in tables 2 and 3.

Table 1 shows a total construction cost of $101,006,500. The
capital investment for initial catalyst and chemical requirements is
$1,604,900. Interest during comstruction, calculated on the basis of a
two year construction period, is $2,052,200.

Total working capital, $9,692,900, is estimated as shown in
table k.

Operating Costs

Teble 15 shows the estimated annual operating cost summary.
Tt has been assumed that this plant will have a 90 percent operating
factor. This 35 day down time allowance assumes two 10 day shutdowns
for equipment overhaul and 15 days for unscheduled interruptions.

Personnel requirements have been estimated using as a base
the synthetic fuel plant operation at Brownsville, Texas. They are
summarized in the two manning tables, table 16 and 17.

The operating cost with coal at $l4 per ton is shown in table
15 as $26,656,700. The unit operating cost is calculated by considering
the gas oil to have TO percent of the value of gasoline, Credit is taken
for propane at the current market price. The resulting operating cost is
30,230 per gallon of premium gasoline. Gross return on the investment is
an important varisble which exerts a large effect on the cost of the fin-
ished product. The effect of this varisble is shown in figure 1l.

The principal item of operating cost is the cost of coal. Coal
at $3 per ton represents 20 percent of the annual operating cost; at $4
per ton coal is 26 percent of the operating cogt, and at $5 per ton coal
is 30 percent of the operating cost. Figure 10 shows the effect of coal
price on the operating cost.
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Unit

Coal Preparation
Oxygen Plant 20,700,000 18 1 5
Casification 3,304,700 7, 2,9 7& 170 /ﬁ.iﬁf
primary Waste Heat Recovery 1,804,100 1.6 L
Dust Removal . . 243,800 0.2 'V’
el B
ri .
Recycle COo Scrubbing h’le 300 : 4.0
Secondary Synthesis ., 982, 800'/ 0.9
Catglyst Preparation ~___L;L;ff”f 2,907,800 B 2.5 .
ank Farm ~— "}, 691,600 A7 ;7 e
}"' ([/\' / ' o
pover Plant L O I
Plant Facilities 12,351,0001 , 10.7
Plant Utilities 207 13,716,400 Vv "12.0
Total Construction Cost $101,006,500 / 88.3 ..
Initial Catalyst Requirements 1,604,900 1.4
Total Plant Cost
(Tax & Insurance Beses) $102,611,400 89.7
Interest During Construction 2,052,200 - 1.8
Sub-Total for Depreciation $10k, 663,600 . 91l.5
Working Capital 9,692,900 8.5

Total Investment

TABLE 1 /

10,000 BPOD Fischer-Tropsch Synthesis Plant

Total Estimated Capital Requirements

Cost Percent

$ 2,985,200 ;;j

$114,356,500 \/  100.0

///’f £ A



TABLE 2

10,000 BPOD Fischer-Tropsch Synthesis Plant

General Plant Facilities Cost Summary

Admj-nistration ‘...'...'.‘..'.‘..‘..‘.....‘-‘."‘
Cafeterif ececsecscvssessccscasosasessscscorvanse

I’Ledical Building ..Q.......O....".‘..Q....‘.I.

mployee Building ..I....‘...Q..‘..O.'.IO‘...C.

Field Laboratol'y ..‘...........“....'l..""..‘
Vlarehouse and Ec-uipment ..'.‘.......'."......'.
ShOPS and Equipment l‘.'.".'.'.“.’l‘...‘C.....

Gate and GUuardhOUSE eeevesscccccvrcosscoscssssccce

Area TolletsS cesceccscesocsscccoccccrrsccaccacscs
CATYEEE +esecvsccarsescsvscenersscssasmscccrcrce
Site Preparation .eeceececccccccecoscccocssccres
RE11TO80 eeeecccsessccscsocssscvcsccscvcscnoccne
Roads, Park Area cceeecvcccccccocescscosvacscce
TEHCE ososcecscsccsssscensascsssecooccacsescsccvsse
Trucks, CArS cececsccsevsccsccsssosccccccancccss
Refinery Equipment cececceccccscacocssccocsccscs
Waste DisposS@l .eeccecessvsosvscscoacssscecsascss

MiscellsnNEOUS ceveessacssscscccccsseensssccaceas

*
O.thers .‘0..‘.C.C.....'.Q.I..."....‘.‘.0..'.'.

Total ...C.Q."C.'.‘.O.'C.‘..'.......l..'...'..

% Tncludes a contingency factor, engineering, overhead, administra-

tion, and indirect field construction costs.

$  6L4k,000
266,000
42,000
637,000
238,000
812,000
1,064,000
25,000
18,000
56,000 -
1,155,000
171,500
294,000
24,500
161,000
8l,000
987,000
1,162,000
$ 7,841,000
4,480,000

$12,321,000
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