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fnis invention relatecs to an improved method
for hydrogenating carbon oxides t0 produce hydrocarbons
and oxygenated organlc compounds. Primarily the
improved process involves reacting hydrogen and carboen
monoxide under ﬁighly officient condtions to produce
hydrocartons and oxygenated organlt gorpouncs, Ths
lmproved process 1s appllcablo also in reacting hydrogen
with other organic compounds contalning the carbonyl
group, and hersin designated as "carbon oxides", whoss
reactlion with hydrogen is promoted by the cé%alysts
which are effecﬁiva with carbon monoxide, such as
carbon dloxlde, ketonea, aldehydes, and acyl halidssg,
organic ecids and thelr salts and paters; acld anhydrldes,
and amines, In the following description of the
invention the hydrogenation of carbon o#ida wilk be
referred to specifically, It will be understood,
however, that the invention iz of wider application,
ineluding within itsscope the hydrogenation of any
sultable carbon oxide.

Ths improved.process involves flowlng a
gaseous mixture comprising hydrogen and the carbon
oxide to be hydrogenated upwardly ln a reactlon zone
containing a mass of finély divided metal catalyst

for the rescblon. The hydrogen and carbon oxide

renctant are passed in the gas form through the resction .
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zone, under conditions effective to react all, or a
major proportlon, of the carbon oxilde reactant, at a
charging rate, in relation to the quantity of catalyst

in the reaction zone, which is much higher than the
charging rates proviously employed In gimilar operations.
The gaseous mixture 1s passed upwardly through the mass of
catalyst at a veloclty effective to suspend or entrain the
catalyst mass In the gas stream, The veloclty of the

gas stroam passing through the reaction zona} howaver,

is proferably suffliclently low to maintain the catalysat
mass 1n a denso, fluidized,gggaggsliquid conditlions

In this conditlion the caglyst mass may be aaid to Dbe
suspended in the gas étream, but not entralned therein
in the sense that there 1s movement of the catalyst mass
as sueh in the directicn of flow of the gas stream. 1t
is preferred, however, to maintain the-upward vélocity
of the gas stream sufficiently hlgh to malntaln the
fiuidized catalyst mass in a highly turbulent conditlon
in which the catlyst particles clreulate at a high rate
in the pseudo-liguid mass. In this prefefred oonditlon
of operation & small proportion of catalyst in the
fluldized mass may becoma entrained 1ln the gas stream
emerging from the upper surface of tho fluldlized mass
whereby catalyst thus entrained ia carried away from the
masa. -

n the improved process 1t is preforrod to
employ the hydrogen and carbon oxlde in ratios such that
thera is @ substantlal excess of hydrogen. Therefore,
the charging'raba in the improwed procesas is deflned by

roforence to the rate at which the carbon oxlde is charged,
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1y torms of standard cuble feet, in the gas form, of the
carbon oxide, paf hour per pound of the metal catalyst
in the dense pseudo-liguld masa of catalyst in the

renchtich sone. he lmproved process 13 operatod at o

‘minimum space volodélity egulvalent to charging 1.1 standard

cuble feet of the carbon oxide ngactant, peor hour, per
pound of the metal catalyst in the dense catalyst phase,.
A standard cubic foot of the carbon oxlde is tha¥b
quantity of a normally gaseous carbon oxide which would
occupy one cubic foot at atmospheric pressure and 60°F,
or an egulvalent guantlty of o normally liquld carbon
oxide reactant., When reacting carbon monoxide it 1s
preferred to employ st11l higher spacé velocities, as
will be described in more detall below.

The catalyst employed in the prosent inventlon
1z a flnely divided powder conslating of = metal, or
metal oxide, which ls, or becomes in the reactlon z0ne,
a catalyst for the reaction, or a mixture of such
metal and metal oxlde catafytic materials. TFinely
divided metallic irom, or iron oxide, or a mixture of
metallic iron and iron oxide, are representativa
oxamples of the catalysts employed in this invention.
Othor metals, and metalllc oxides, may bo employed
which are effectlve in catalyzing the hydrogenatlon of
carbon monoxids, such as coball and nickel, or thelr
oxldes, While the catalyst powder conslsts easentlally
of such catalytic metals and metalllc oxldes 1t may
include also a minor amount of promoting ingredients,
sueh as alkalles, nlumina, sillea, titanla, therine,

manganese, oxlde, magnesia, okc., In the following
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description and claima, catalyst powders conslsting of a
metal and/or a metal oxide and contailning at most a minor
proportion of promobter are referred to ag "finely dlvided
metal catalyat?. ‘

The exact chemical condition of the catalyst in
1ts most actlive form is not certain, It may be that the
active form 1s present when the metal 1s 1In an optimum
degres of oxidation or carburization. Conssguently, the
powdered catalyst which 1s in a substantially completely ‘
reduced condition when flrst contacted with the reactants,
may reach 1lts state of highest activity through belng )
oxldized and/or carburized in the reaction zone. Therefare,
in thils specificatlon and clalms the catalyst employsd is
described by reference to 1ts chemical conditlion when
first contacted with the reactants,

The catalyst 1s émployad in & fine astate of
subedivision, Preferably the powdered catalyst initielly
oontalins no more than a minor proporticn by weight of
material whose particle slze 1la greater than 250 microns.
Preferably also the greater proporticn of the catalysh mass
somprises mgterial whose particle size is smaller than
100 microns, including at least 25 welght percent of the
naterial In partlele aizes smaller than 37 microns, A
highly desirable powdered catalyst comprises at least 75
percent by we;ght of materlial smaller than 150 micprons in
partlecls slze, and zt least 25 peé#cent by welght asmaller
than 37 microns in partlcle slge.

Tn the preferred form of the invention the powdepr-
od catalyst mass 1s maintalned in a reactor substantially

larger than the volume ocoupled by the
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catalyst mass in the fluidized condition. In this
operation all but a minor proportion of the catnlyst
mass ls contalned in the denae fluidized pseudo-liguid
mags, which may e designated ns the denae phase of the
catalyst. Tho dense pnase of the catalyst occupies the
1lower psrt of the rsactor while that part of the reactor
above the donse phase 1is oceupled by a mlxture of gases
and powdered catalyst in which the concentration of
catalyst 1s much lower, and of a dlfferent order of
magnitude, than the concentration of the catalyst in

the dense phese. This diffuse phaso may be aald to be a
dlsengeging zone 1n which the sclids lifted above the
denss phase by tho gas stream are disengaged therefrom
and returned to the dense phase to the extent that such
solida are present ln the diffuse phase ln excess of the
carrying capacity of the gas astpoam at the superflciel
velocity of the gas stream. The latter 1s the vaelbeity
at which thaféas stroam would flow through the reactor
in the absence of catalyst. In the dense phase the
concentration of the catalyst in the gas stream varies
from & maximum near the gas Inlet To a minimum in the
upper pert of this phase, Likewise the concentration of
catalyst in the diffuse phase variecs from a maxlmum
near the upper surface of the dense phase to a minimug
1n the upper part of the reactor. Betwoen the dense
phaas of high averags conecentratlion and the diffuse
phase of low average goncentration there 13 a relatively
narrow zone in which the concentratilon of sollds in

the gas stroam changes In a short space from the high

concentration of the dense phase to the low concentration
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of the diffuse phase. This zone has the appearance of
an lnterface between two visually distinet phases.

Aa the improved method of opsration ordinarily
involves employment of catalyst powders and gas
voloclties such that a portion of the dense fluldized
catalyst mass 1s carried away by entrainment, it la
necessary to provide means in the reactor for
separating such entrained catalyst and returning it
to the dense phase, or to provide means exbternally of
the reeotor to separate entrained catalyst from the gas
stream end return 1t Lo the reactor, or otherwlse to
recover catalyst from the product gas stresm. When

eatalyst is permitted to pass out of the reactor 1n

_entrainment in the gas stream 1t is necessary to return

such catalyst to the reactor, or replace it with fresh
or revivified catalyst, in order to maintaln the desired
volume of fluldized oatalyat in the reactlion zone.

Tne improved method of operation, in which
the flnely powdered catalyst 1s employed in a form
conslsting of the motal catalyst, or 1ts oxide, and
contalning at most minor proportions of promoting
agents, provides very high catalyst concentrations iIn
the reoaction zone. The employment of the finely
powdered metal catalyst in a fluldized bed with
afficlent cooling means also is & facter in permitting
the use of high catalyst concentrations, since 1t
facilitates the removal of heat from the relatively
concontrated reactlon zone, The lmproved operatlion,
employing the finely divided metal catamlyat, results

in inltial catalyst concentrations of at least 30 poundas
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per cublc foot of the fluldized dense catalyst phase,
while the preferred gas velocltles result in initlal
concentrations of 40 to 120, or more pounda per cubic
foot of dense phase. It will be understood that thess
figures refer to tho initial average concentration in
the dense phase. The accumulation of reaction products
on the caialyst particles as the operatlon proceeds
reduces the catalyst density and increases the bulk of
the dense flulidlzed mass,

The temperature employed may approximate thoao
employod with the catalyst in questlon in fixed catalyst
bed operations. With the iron catalyst, temperatures
in the range of 3B0-TEOCF are employed, while tempera=-
tures Balow 4509F may be employed with the cobalt
catalyst, Lilkowlse the pressures employed may ADProx-
imete “hoco previously employed in flxed bed cparatinng,
Wwith the lron catalyst, for example, pressures betweoen
atmoapheric pressure and the maximum pressure at which
condensation is avolded may be employed. It 1s
deairable, however, to employ pressures of at least BO
Pegsls

In thils spegification, pressures are_expressed
as pounds per sguare inch {gage) and gas volumes as
cublc foet measured ot &0° F and atmospherlc pressureo.

The linsar veloclty of the gas stream passing
upwardly through the dense phase i1s convenlently
expressed in terms of tho'superficial yolocity, which
1 the linear velocity the charge gas stream would
assume 1f pussed through the reactor In the absence

of oatalyst. Thls 1s designated elther as initial
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superflicial velocity or average superficlal veloclty,
the latter taklng into account the shrinkage In volume
caused by the reaction. Those superficial velocltles
preferably are in the range of from 0.1 to 10 feet per
second, but higher velocities may be used without
departing from the scope of this invention.
Tn a preferred modification of the invention
a motallic iron powder, having the preferred distribution
of partlecle sizes and having combined therewith a small
amount of promoters such as alkalies and non-roduclble
oxides, is employed under speolal conditions of operatlon
to effect rates of conversion not proviocusly attained.
The improved process ls sarried out at space
veloeitles substantlally greater than those previously
employeds The reactants are passed into and through the
reactlion zone at a space veloclity aquivaiant to at
least 1,1 standard euble feet of the carbon oxide per

hour per pound of metal catalyst in the dense catalyat

.phase, In the hydrogenation of carbon monoxide with

the iron catalyst it 1s preferred to operate at a space
velocity equivalent to at least 2.2. standard cuble

fest of carbon monoxide per hour per pound of iron
catalyst in the denss catalyst phase. The charging rate
is defilned by reference to the carbon monoxide reactant,
gince the ratlo of the hydrogen reactant to the carbon
menoxlde reactant in the charge gas may vary within
wlide limits., In the improved pfocess, howaver, thils
ratio will be in excoess of 1:1 and preferably at least
2:1. At the 1:l ratio the preferred charging rate of

hydrogen and carbon monoxide would, therefore, be at

-9a
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least 4.4.5tandard cublc feet per hour psr pound of iron
catalyst in the dense catalyst phase, A the 231 ratlo
thia preferred rate would be £.8 standard cublc feet

of hydrogon and carbon monoxide.

Tho volume of reactants, per hour, per volume
of dense catalyst phase depends upon the cherge rate and
also upon the density of the dense phaze, the latter
being affected by the condltion of the catalyst and the
gas veloclty. At the proferred gas velocitles mentioned
above, and when employlng the iron catalyst, the minlmum
space velocity may be deflned es 100 volumes of carben
monoxide (measured at standard ponditions of temperature
and pressure) per hour per volume of the dense catalyst
phasge.

The volume of donse catalyst phase ig that

_ occupied by the catalyst when fluidized Iln a fresh

conditlon by the charge gas at the reaction veloclty.
The absolute space veloclty of the charge gas ia
determined by dividing the carbon monoxlde space
veloclty by the vodumetrle fractlon of the charge gas
represented by carbon monoxides Thus when omploying &
charge gas conslsting entlrely of hydrogon and carbon
monoxlde in a 21l ratio the above mlnimum space veloecity
would be 300 volumes of such a gas par hour per volume
of dense catalyst phase. DNegessarily, the absolute
space veloclty of the charge gas 13 affocted by the
Hp3:CO ratio as well as by the prosence of other
constitusnts whilch aro relatively inort under the
conditions for reacting carbon monoxide, such as

nitrogen and hydrocarbon gases.
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The roaction gas mixture may consist entlrely
of hydrogen and carbon monoxide but mey includs, 1n
addition, other relatively nen=reactive ingredients such
as nitrogen and hydrocarbon gases such &3 methene, ethane
and propands
— ™e operatlon is carrled out with a charge gas
containing hydrogen and carbon monexids in a ratio
substantially greater than the ratio in which these
compounds are converted to other compounds in the reaction
zona. Frovious investigators have noted 11ttle advan¥tage
fn the use of Hy3iC0 ratiocs greater than 1lil 1n connectlon
with iron catalysts. In this improved process it has
beon discovered, nowever, that material advantages
follow the use of HpiCG'ratlos greater than about 1.2:1,
preferably greater then abont 23:1. The presence of oxcess
hydrogen 1n the reaction zone favorably affects the
quallty of the product, lmproves the selectivity of the
reaction, minimizes the formatlon of earbon and thus
facilltates operation at high temperature laevels, lessens
the formatlon of carbon dioxide, and minimizes the need
for revivificatlon of the catalyst.

In conmection with the present inventlon it has
besn dlscovered that the converslon operation carrled
out in the manner described above oan be extendsd sube
stantlally indefinltely wilthcut the necesslty for
catalyst regeneration by carefulmontrol of the ratio of
hydrogen %o carbon monoxide. In the foregolng operatlon
the motal catalyst accumulates carbonaceous deposits
tneluding tarry material, waxy materials, hydrocarbon

1igulds and oxygenated compounds of hlgh molecular welght.
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Tt ia found tha® theae deposlts contlnuo to ascumulate
on the catalyst at a rate and to a final percentage which
1s affected by the temperature and the ratio of hydrogen
to carbon monoxide in the charge gas mixture. It has
been found, when operatlng at tomperatures effective for
s high converslon rate, that the lower the ratio of
hydrogen to ocarbon monoxide in the charge gas nmixture
the more vapid will be the accumulation of carbonaceous
deposlts on the catalyst surface and the higher will be
tho percentage of the tatalyst mass represented by
carbonaceous deposits when equilibrium conditlions are

reachads More specifically, 1t has been found thet 1f

the mol ratio of hydrogen to carbon monoxide 1s

meintained greater than 531 the aceumulation of
carhonaceous deposits is stabillzed at a relatively
low percentage of the total catalyat mags whereby the
actlvity of the catalyst under such stabllized conclilons
of operation 1s sufficlently high to econtinue the |
operation lndefinltely without the necesslty for
rovivification tfeatment of the catdlyst. More
apecifically, it has been found that the operation tan
be continued indefinitey without catalyst regeneratlon
1f the Hp3iCO ratio is maintained greater than 5:1, for
axample abeut iOsl, or greator,

Conveniently, the high Hp:CO ratic may be
maintained in the charge ges mixture by the combined
offect of supplying a fresh feed gas mixturs containing
hydrogen and carbon monoxide in a relatively high ratlo
and recycling unconverted gases to form a composite

charge gas mixture having the desired ratio of hydrogen

12
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to earhon monoxide. Tt the hydrogenatlion of carbon
monoxilde by the manner descrived ebove the carbon
monoxide content of the charge gas mixture 1s substantially
complotely reacted during the passage of the charge gas
through the reaction zone. Consequently, the unconverted
gas containa hydrogen in an HpiCO ratio substentially
groater than in the charge gass By recycling such
unconverted gas in combination with a fresh feed contaln=
ing Ho and GO in a lower ratic than that desired in the
charge gas a composite charge gas mixture having the
desired ratlo may be preoperede

The gases to be recycled may bo obtalned from
the reaction product by a simple preliminary cooling of
the product which separates only the more readily
separable liguld reamction products, or the recycls gases
may be obtained from the produst gas after extenalve
condensation treatment to remove substantlallyxall
condenaable hydrocarbons.and oxygenated compounds. The
volumetric ratlo cof recyele gas to fresh feed gas 1s
preforably betwoen sbout 0,531 and about 5il, but other
ratios may be used if desired. For example, a composite
charge gas mixiure may be formod by combining a fresh
food mixture having an Hg:CO ratle of about 3311 wlth a
recycle gas stream containing essentially no carbon
monoxlde to produco a composite foed contalning hydrogen
and carbon monoxide in a ratio of about 12:51. The
carbon monoxide in thls composito food is substantially
comp&@teiv reacted in paasing the mixture through the
roaction zone. A portion of the unconverted gases 1s

discarded from the system to prevent the accumulatien of

=] B



i
Vi
B
-
I

TR4277

inerts, such ag ndtrogen, anc the remalnder may be
recycled In an smount effectlve to produce the deslred
ratio in tho composite charge gade

The principel effect of a high HpiCO patio on
the reactlon product is the subatantial eliminatlon of
CQp as & product., In previous operations smploylng Ho3CO
ratios heretofore consldered desirable about 40 pqi:éent
of the €O converted appeared in the product as GOgs In
the practice of thls iInvention 1% has bean possible to
avold any productlon of COg and even effect consumption

of COg in the feed gas.

The improved operatlon ls carried out at
temperature levels which are rolatively high as compared
to those which would be permlssible in fixed catalyst bed

operetlons under comparable operating conditiona. This
results from the excellent heatb transfer capacity of

the fluldized mass of finely dlvided iron or iron oxlde

and the effect of excess hydrogen ia minimizing carbon
formatlon. It ls preferred to oporate at whatéver
temperature level, in the range of S5509F to 750°F, 1is
necesaary to effect hlgh or substantially completa
conversion of carbon moncxide when treating o gas
charge cortalniung were hyleogen than carbon monoxide,
at space velocitles equivalent to at least 1.8 standard
cublic fest of carbon monoxlde per hour per pound of iron
catalyst in the dense phave.

The invention will be described further by
reference to tho accompanying drawing which 1s a view
in olevation, partly in section, of a relatively small

voactor employed 1n carrylug out the present lnventlon,
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and by reference %to apecific exemples of operatlions
embodying the present lnvention and garried out in
apparatus exemplified by the drawing..

Referring to the drawing, reactor 1 conslsts
of a length of extra heavy Z~Iinch steel plps which 1s
153 inches long and has insids and outside diamsters of
1.94 inches and 2,48 inches rospectively. Reactor 1is
connected by a conical section 2 to an inlet pipe & made
of extra heavy half-inch steel pipe having an inside
diemeter of 0.55 inches. Reactor 1 1s connected at the
top, by means of conleal section 4, with an enlarged
condult 5 comprising a length of é-inch extra heavy
steel pipe having an inslde dlameter of 5.76 inches.
Conlcal section 4 and condult 5 constitute an enlarged
axtenslon of reactor 2 which facllitates disengagoment
of catalyat from the gas stream afier passage of the
latter through the dense catalyst phuse.

Condult 5 1s connected by means of manifold &
with condulis 7 and 8 which comprise other sections of
extra heavy &-inch steel plpe. Condults 7 and 8 conbtaln
filters O end 10 which are constructed of porous material
which 1s pormsable to the gas and vapors emorglng from
the roaction zone but tmpermeable to the catalyst
particles carried by entrainment lr the gas stream.
Piltars 9 and 10 ars cylindrical in shape and closed at
the bottom ends. They ars dimensloned in relatlon o
condults 7 end 8 to provlde a substantial annular space
between the fllter and the imner wall of tho enclersing

“sondult for the pasaage of gases and vapors and antralned

catalyst upwardly about the outer surface of the flilber.
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The upper ends of filters 9 and 10 are mounted in ¢losure
moans 11 and 12 1n a manner whereby the gases and vapors
must pass through sither filter 9 or fllter 10 to reach
exit pipes 13 and 14, Hach of filters 9 and 10 ia
approximately 36 inches long and 4 1/2 inchea in outslde
dlameter, the filter walls hoing apnroximately 3/4 of an
inch thlcks

The greater part of rveactor 1 1s enclosed In
a jacket 15 whlch extends from a point near the top of
resctor 1 to a point sufficiently low to enclose the 3=
inch length of conieal sectlon 2 and approximately 5
inches of pipe 3. Jacket 15 comprises a length of extra
heavy 4-inch steel plpe having an inslde diameter of
4,83 inches, 7The ends of jacket 15 are formed by closing
the ends of the 4-inch pipe in any suifable manner, &as
showns Access to the lInterlor of jacket 15 is provided
by an opening 16 in the top thereof through a 2-inei
ateel plpe. Jacket 15 1s adapted to contain a bedy of
liquid ftor temperature control purposed, such as water,
or "Dowtherm™. The vapors which are svolved by the
heat of reoaction aro withdrawn at 15, condensed; and
returned to the body of tempsrature control fluid in
Jacket 15, ‘The eondensaate raturned to jacket 15 may be
introduced through line 16, or dlrectly at a low point,
adjacent pipe 3, by an inlot moans not shown. The
temporature control fluid in Jacket 15 1in maintained
under a pressure at whilech the 1liguid bolls at the
temperature deslired in jackot 15, Heatling colls, not
shown, are provided in connoction with jacket 15 to

maintaln the temperature control fluld therein at any
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desired temperaturd when it is deslred to hoat the
contents of reesctor l.

In order %o show sll tho ossential parts of the

reoactor and sssociated catalyst separation means on &
single sheet a large proportion of the apparatus has been

ellminated by the breaks at 17 and 18. For a clear

understanding of the relative proportions of the apparatus
roference may be had to the over-all length of the
apparatus, from the bottom of jacket 15 to exit plpea 13
mnd 14, which 1s 224 inches. In spch of breaks 17 and

18 the portion of the apparatus glimlnated 18 identleal

with that portion shown immodiately above and below each

broake

In operaticns carried oub in this apparatus

the catalyst recovery weans, comprising filters 9 and 10,
are effectlve to assparate substantlally completely

sntrained catalyst from tho outgoing gtream of gases and
vapora., The disengagement of sollds from the gas stream 1s
promoted by the lowered geloclty of the gas stroam in
condult 5 and remaining gollds ars separated on the

outer surfaces of filters 9 and 10, The latler are
employed alternatively durilng the coperatlon so that the

stroam of gases and vapors and entralned sollds passes

" from condult 5 through elther the left or right branches

of manifold 6 into condult 7 or condult B. During the
alternste periods the flltor whioh 1z not in uae 1ia

subjected to a back pressure of gas which is introduced

at a rato sufficlent to dlslodge catalyst whlch has

acoumulatad on the outer surface of the filter during the

17~
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actlive period. Such blow-back gas and dlalodged catalyst
flows downwardly in the condult encloging the filter

and into manifold 6, in which the blow-back gas 13
combined with the reaction mixture flowing upwardly

from condult 5. The greater part of the catalyst thus
dislodged settles downwardly into the reactor and 1z thus
returned for further use.

fhe mmount of catalyst charged to the reactor
initially is regunlated, with reference to any preliminary
treatment of the catalyst in tho remctor and tho gas
yaloclty to be employed, whereby the upper level of the
denso phass is substahtlally lower than the top of reaotor
1, During the operation the scoumulatlion of deposited(
reaction products on the catalyst particles may cauae
an expansion of the dense phase and & rlgse 1n the helght
of the dense phass, In certain of the operations dis~
cussed hersinafter the dense phass became extended up
into members 5 and 6, and in other operations e portion
of the catalyst was withdrawn to control the volume of
the dense phase.

Tn the operation of the apparatus of the
drawing the desirad quantitynof powdered catalyst 1a
introduced directly into the reactor through a sultable
oonneotion, not shown, 1n conduit 5. After any deslred
preliminary activatlon treatment the temperature of the
£luld in jacket 15 is adjusted, by the heating moans
mentioned above and by the pressure control means, o the
tomperature desired in jacket 15 during the reaction.
Aftor the catalyst mass has reached the reaction

temperature the introductlon of the reaction mixbture

w]l8e
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through pipe 3 is Inltiated. During the reactlon the
l1iguid in jacket 15 is maintained at theo doslred
temperature by controlling ita prossure. The reaotion
mixture may be preheated approximately to tho reaction
temperature prlor to 1ts introduction through pipe 3,
or the roactants may be hoated to the reactlon tempera-
ture through the passage thereof through that portion of
pipe 3 which is enclosed by jacket 15 and by contact
with the hot catalyst., In most of the operations
descriped hereinafter it ‘was preferred to proheat the
reaction mixture to temperatures of at loast 3850° F.

Pipe 3 is dimensioncd with raspoct to reamctor 1
and tho desired superficial velocity whereby the
veloclty of the gases passing through pipe 3 is '
sufficlently high to provent e passage of.solids
downwardly into plpe 3 against the incoming gas stream,
A ball chock-valve, not shown, is provided in pipe 3
to provent sollds from passing downwardly out of the
raactor when tho gas stream 1s not being introduced into
plpe 3.

In this apparatus operating runs wore made Lo
tost tho efficacy of the process in the troatment of a
gas chargo containing hydrogen and carbon monoxlde to
convert these reactants to hydrocarbons and oxygenated
compoundds, In each operating run gonditions were varled
to test the offect of varlous comblnatlions of operating
condltionse, The results of each operating run are
rapresonted by the results observed during a stabillzed
pariod of oporatlon undor s glven combination of

oparating conditions, The conditlons of coperation and
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the results obtalned in these operating runs are
described below in tho followlng oxamplos.

In the following more detalled description
referancog Lo linear velocity in the recactor are based
on the cross~sectional area of tho straight portion of
the reactor, ignoring the effect of the presenco of the
catalyst. The Inlet velocity 1s calculatsd from the ges
rate ontering tha vottom of tho reactor, with corrsctions
for temperature and pressure existing at the bottom
of the reactor. Tho average superfieial lilnear velocity
18 calculated from the arithmetic average of ,the gas
pate at tho bottom of the reactor and at the top of the
roactors The latior is arrived ot by correcting the
outlet gas volume for water and hydrocarbons cmdensed
in the receivers, with corrections for pressuro and
averago catalyst temperature. Contact times roeferrod
to below are the superflcial fime, in seconds, that the
gas takos in passing through the donse phaso of the
catalyst bed, It 1s calculated by divliding the dense

bed helght by the average superflcial veloclty.

-

Example T

The catalyst for use in this operation was
propared from an emwmonia synthoais catalyst which had
been prepercd by fuaion of alumina and potasalum oxide
in melten iron oxlde to produco a mixture of lron oxlde,
alumina and potassium oxlde. This material conslstod
principally of iron oxide and containod 2.9 porcent
alunina, 2,7 percent potassivm oxide and 6B.6 percent
iron, To propare this matorial for uso in this lmproved

process it was flrat ground to a 6-20 mosh sizo and then
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subjected to loaching with water to remove potassium
oxlde. Thils treatmént reducodé tho potassium oxide
contont frowm 1.7 percent to 0,55 percent., The leacheod
meterial was then dricd at 21009F. and reduced in a
stroam of hydrogon.

In the reductlon troaiment a heated stream of
hydrogen was passed through a granular mass; treated to
remove -water formed by the reduction reaction, and then
roclrculated. Tho tamperature'was rolsed gradually and

the roduction reaction was initiated at about T700~8000F,

The temperature of the catalyst mass was thon ralsed to

about 1215°F, in 2 hours while continuing the flow of
the hydrogen stresm. During the next 4 hours the

temperature was ralsed to approximately 128597, , during
which time the reductlon was substantlally completed,

as evidenced by the practleal cessation of water

formation.

The reducod catnlyst was ground in an

atmosphers of COy, first in a hand grinder tand the

in a ball mill, to produce a poWdér having the followiné” ﬁ
scroon and Roller analyses:

Roller Analysais

Particle Size

0~10 Microns 11.0
16=-20 16.4 I
20~40 _ 20,6 "
40-80 32.2 "

604 _ S 19,8 ™

A
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Screen Analysis

U.3. Standard Sieve

+40 maah Trace

40- 80 Trace

60- BO . 0,6 &
B0-100 0.5 "
100-120 Trace
120~140 Trace
140~200 13.5 "
200-FPan 84.5 n

11,316 gfams of catalyst thus prepared were
charged into reactor 1 through en inlet (not shewn) in
section 54 During thls 6peration the catalyst was
maintalned in the atmosphere of CO, and a small stroam
of 1 or 2 cu, ft. of COo per hour was passed upwardly
through reactor 1 to prevent packing of the catalyst.
After the catalyat was charged to reactor 1 the COg
stream was roplaced with a stresu of hydrogen which waa
paased upwardly through reactor 1 at the rate of 15 te 20

cu. Tte por hour, The reactor was then heated externally

.whils hydrogen was passed upwardly through the reactor

at this rato. When a tomperature of 5300F, was reached
the hydrogeﬁ atream was roplaced by a atream of
synthosls gas consisting essentlally of Hp and CO in the
ratio of about 23l., The synthesls gas was passad |
upwardly through reactor 1 at the rate of 32-46 cu. ft.
per hours At the samo, tima the butlat preasure on %tho
renctor was increased to 15 pounds. After 3 houré at
this condition fhe flow rate was ralsed to 60,01, Plt,
per hour and the pressure was ralsed to 30 pounds.
After 5 hours longer tho flow rato was raised to 90

cu. £t. per hour and the pressuro was ralsed to 60
pounds,. Aftor 5 hours of operation at tho last-

montioned conditlion the flow rato wes incremsed to 120

Y1



cu. ft. per hour and tha pressurc was ralsed to 100
pounds. At that condition the degiirod conversion of Hp
end CO to hydrocarbons was soon achieved and subseguently
the pressura was reduccd to 80 pounds to control the
rate of resction.

Because of tho extreme rapldlity of the strongly
exothermic reaction between Hg and CO relative to the rate
of mixing et the rather low linear veloclties employed,
the initial perilod of operation may be consldered as a
catalyst activation conditloning, or induetion period,
During the first several days of oporation temperature
conditions were observed to be somewhat different from
those observed subsequently. Following this preliminary
condltioning period, the activity and composltion of the
eatalyst tocamo mord or Legs .stahillzed, the rate of
change being largely a functlon of operating conditions,

This operation was continued for a botal oun
length of 812 hours, at which time the operation was
torminated voluntarily to free the apparatus for
another operatlon. During the operating run various
combinations of operating econditilons wero tested. The
results obsarved in periods of stebilized oporation are

set forilr in Table I.

- e
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TABLE I
A B C D b
Operating Conditions
Reactor Temp. - Ave. - °F.
12 I, above pipe & 535 528 524 531
10.5 4. sbave pipe 3 §50 845 538 549 543
g.5 & noouwon 562 556 562 581 558
5.5 mooom 566 578 572 587 594
4.5 Z; oo 587 558 628 614 820
2.6 i L 5ol 892 806 588 580
1s ’1; o oon A 561 572 612 579 6
0.5 ° " L] 479 564 372 403 484
Poed Gas Temp, =~ °F.. 438 441 425 435 436
Reactor Outlet Pr. -« PSI 98 80 81 80 81
Gas Throughputs - SCF/Hr.
Gas Entoring Catalyst Bed 13232, 146.4  133.7 162,7 ° 81b.1
Gas Leaving Catalyst Bed 70.7 B2.7 73.0 87.8 107.6
Blow Back to Filter 29.7 33.4 17,9 25.0 24.2
Anelysis - Gas Entering Bed .
% Hydrogen 62.7 62.5 63.9 63.8 63,1
575 Carbon Monoxide 32.8 33.0 30.4 31.2 33.2
% Carbon Dioxide 1.7 1.6 1.6 2.1 1.4
% Hydrocarbone and Inerts 2.8 2.9 4,1 2.9 ‘2.3
BC0 ~ Gas Entering Bed 1.91 1.89 2.10 2.04 1.90
Inlet Velooity - F’b./Seo. 0.42 0.49 0.43 0.54 0.76
Co/Br./tb.Fo. - 8.C.F. 1.8 2.1 1.8 2.2 3.7
Yiolds (based on {resh feed)
Vol. % Contraction 45.1 41,9 44,1  44.5 48,9
Czts - 0,0,/cn, meter - a2
Ci's ﬁ [ | 8
Ci's d it " . 8
» W 11 20 15
Light Haphtha oo 54 48 a1 22 a2
eavy ;
Tot, Lig. Hydroourbons’a" e 108
Water 4 v 50 40 69 84 68 _-
Tot. Lig. Hydroecarbona - 0.21
Ggla./Day/‘I.,'b. Fa
Oxygenated Comp'de ¥n Water - 7 5 T B 7
: eo/ou.mater
% Hp Disappearance 47,7 48,2 52,0 =~B1i7 85.5
% o o 100.Q  100.0 100.0 100.0 100.0
Hat €O Reaction Ratlo .01 0.01 1,09 1,06 1.08
L0 Distribution
% Lo C0p 38,0
% to CHy 12.2
% to Cpls : 6.8
% to Cz's and heavier 38.6
% to Oxygenated Comp'ds 3:4_
% to Og's and heavier 26,3
“l-
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F G H J K L N .

540 540 5437 580 649 511 800

531 532 545 535 572 649 559 596

552 546 559 547 570 850 615 805

587 549 567 554 568 851 614 610

813 581 g8p 564 572 864 . 622 - 617

‘ 562 565 585 569 569 861 620 618
! 538 548 588 572 570 652 622 519
} 512 519 587 571 569 644 616 616
1 444 449 499 507 568 816 544 505
: 81 80 81 149 52 49 80 80
250  293.3 B11 408,4 291. 7  204.8 292,17 194.8

120.9 168,5 156.5 186.2 214. 0 96,5 153,5 94.8

25,1 31.7 1.2  18.4 22,5 22,8 26.6 17.9

5 62,6 62,4 62,9 61,6 62.9 §2.1 62,6 54,7
g 33.7 34,4 51.5 3l.2 29.6 32,6 31.0 38,8
: 0.7 1.1 1.8 2.7 2.6 1.8 1.2 0,9
. 3.0 2.1 3.8° 4,5 5,0 3.5 5.2 5.6
E;: 1.88 1.81 2.00 1.97 2.12 1.91 2.02 1.41
i 0.90 1.06 1.21 0,986 1.45 1.05 1.18 0.81
: 4.5 5.5 5.2 6.7 4.6 3.6 4.8 4.0
i 50.7 41,2 50.0 52.8 24.6  65l.3 46,1 49.8
= 35 23 34 44
i 5 14 12 13
i 6 2 1 ‘ 1.
R 20 19 23 13 19 26 27
5 50 42 47 62 13 19 20 49
g 118 100 127 144

i 62 42 67 79 21 74 o 59_ ..
A 0.28 0.28 0,38 ‘ ~ - 0,27 =

0 7 535 6 10 2 5 5 3
E 56.8 44.8 . 53,8 62,0 30.7 63.5 57,3 85.9
100.0 B5.6 100.0 100.0 57,9 L LORD  98.8 100.0

1.05 .95 1,10 1.22 1,12 1.21 1.17 0.93

4.2 37.9 30.4 37.3

9.2 10,1  10.8 10.4

8,0 8,4 9.3 8.3

; 44.0 42.6 47,1 : 42,7
4,8 3.0 2.4 : 1.3

' 31.7  29.4 33,0 . 28,3

1
i
i
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Heavy 01l Inspeotions
Gravity - °2A.P.I.
ASTY Pigbillation - °F.,

5%
10%
30%
50%
70%
90%
95%
EIB lP.

% Mono=-olefins

Ahsorber Naphtha Inspaotions

5am D?.rsi-ination - OF,

I.B.P.

5%
10%
30%
50%
70%
90%
95%
E.B.P.

Reid Vapor Pressure ~ PSI

% Mono-clefing

Hours on Condition
Total Operating Hours

-25
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A B D B
54.6 52.1 51.5 51.9 §1.8
150 185 136 166 121
183 227 183 202 -178
221 243 210 221 v 196
298 302 273 280 264
390 38 337 248 333
524 497 4472 457 445
102 722 B48 698 544
722 crkd. 735 orkd. 738
747 8t 92.5 765 at 93.5 orkd.
34.9 59.5 69.3 64.8
84.1 80.8 80,3
8z . 80 8B
94 93 98
98 g8 102
109 " 114 115
123 134 131
145 172 156
212 234 219
254 265 251
297 306 292
15.56 16,4 16,0
33,6 65.9 70.2
18 12 12 18,3 24
48 58 130 148.3 214
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TABLE I
G H J X L M N
53.4 50.0 55.2  56.9 45,8 35.8 52,2 52,9
132 164 180 134 1 208 144 140
179 208 190 180 233 263 188 180
; 197 228 208 196 257 283 210 206
i 264 291 264 256 528 350 273 264
4 331 371 332 524 420 439 357 338
246 479 430 233 580 569 459 a4z
i 670 696 682 665 757 744 679 646
i erkd. orkd. orkd. erkd. arkd, orkd, erkd. 782
i at 94.6 st 95% orkd.
:.;z
g 66.1 76.7  70.7 61.2 55.6 66.9 55.2
i
4 83,2 81,5 82.2  80.6 77.8 79.4 - 82.0
| 80 83 85 87 84 83 83
36 96 94 104 99 98 95
: 89 - 200 o7 110 106 102 98
) 97 111 107 128 125 116 108
: 112 123 120 143 148 12 . 120
i 182 144 140 168 176 156 138
. 198 201 180 189 208 197 187
260 246 194 204 221 216 208
i 307 300 219 234 248 258 230 -
20,2 16.5 15,6  13.6 13.6 15,2 14.9
4 78.8 80.6 74,1 70.3 76.6 73,0 72.4
17 12 72 30 24 24 4z 36

251 266.5 45445 497 608 662 737 787

25w (L
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The dath in Table I are arranged to present the
vosults observed in 1% pericds of stabillized operatlon
during thils operating run. Befors and after each of
these perinds of stabllizsd operation there wéra gshort
periods of oparation in whieh operating condltions weare
being changod. Results observed during these perlods of
unsettled operatien are not pregented, as they would
be Without significance. In effect, therefore, each of
the periods of opergtion for whlch date are presented in
Tatle T represents an independent run whose results are
comparable with the results eof the other runs, except for

changes in the conditlon of the catalyst. The supers

‘ficlal contact times employed in these periods ranged

from 35 to 95 ssconds. The data'in llne 20 are based
on the tokal gquantity of iron in the catalyst inlitially
charged to the reactor. The effective charge rates
would, therefors, be somewhat hlgher than the figures
given in line 20, since some of ﬁhe catalyst would be
rotained on the sloping surfaces of the apparatus at L
and 6 and out of effective contact with the stream of
reactgnts, Likewlse some of the catalyst formas a |
permanent mat on the filter surface. ‘At the beginning
of the operation of Table I the seration of the catalyst
bed résultad in an average density of the pseudo-
1iguid fluldized dense phase of over 100 pounds per
cubic foot and the upper level of the dense phase was
approximafely 10 fost above pipe .3, Howsver, accumula-
tiong of carbonmceous deposlt on the catalyst particles,
which doubled the weight of the catalyst mass and reduced

the density of ths catalyst particles, redueed the

w2 -
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denslty of the fluid bed whereby the upper lavel of the
dense phase rose gsubstantlially higher than 10 faet above-
pipe % %0 levels in manifold 6; The density of the dense
phase was roduced also by the auﬁsequent inereasesa in

the lnlet veloclty of the gas stream. The combinatilon

of thesé offocts reduced the density of the dense phase
to about LO pounds per cuble foot and increased the
volume about four-fold.

Puring the whole operation of Table I the flow
of ths reactlon mixture out of the rsactor was albter-
nated between fllter § and filter 10 every 15 minutes,
and the off-stream filter was blown back with fesd
gas at the rate necegsary to clear the filter of
adhering the catalyst.

During the run of Table I the reaction products
were recovered for the moat paft by cnoling'the
reactlion mixture to room temperature, or lower, to
obtain a condensate, and then passing the remalnling gas
through an adsorbent. The condensate comprised both
heavy 0il and water produet fractions. The heavy oll
fractlon contained a small guantity of oxygenated
compounds and the water product fraction contained
substantial amounts of oxygenated cempounds. The
adsorbed producﬁ was rec0varedlby steam diatlillatlon,
whieh produced a light naphtha fraction condensate watey
and a gas frantion.. The condensate water contained
additionsl oxygenated compounds. The gas fraction was
almost entirely hydrocarbons having 3, I, or 5 ecarbon
atoms per molscule. The ylelds of the various

fractions were determined by measursment of the condensed

27
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product and by absorptlon and combustion analyses of

the gas framn the condenser.

- After period L, hydrogen at a rate of 15 cu. ft.

per hour was substituted for synthesia gas. 8lmultan~
sously the pressure was reduced to one atmogsphere and
the temperature to 500° ¥. The hydrogen was kept 1n
for nine hours, after which aynthesls was rogumed.

Tmmedlately followlng period ¥ and after 737
houra of operatlon, thers occurred a brief pericd of
operation al relatively high temperature. Followlng
this high temperature oparation, the catalyst was
gubjected to a revivification treatment with hydrogen.
In this treatment, the unlit pressure was reducad to 30
pounds per square lnch and one hour later the ayntheals
gas was replaced wlth hydrogen at about 25 eublce feet
per hour and the temperature was reduced to about 500°
P. After I hours, the temperature was ralsed to about
6i5° F. over a pariod of 3 hours. The pressure was
melntained at 30 pounds per sduers inch for & hours of
the hydrogen treatment and then raised to 80 pounds per
square inch for the remaining 3 hours.

Operating beriod N, which immediately followed
the revivificqtion treatment, may be referred to for an
exaﬁﬁle of the results obtained during this operating
runs In this period of 36 hours the "Dowsherm A" 1in
jackét 15 was malntalned under a pressure of 20 pounds
per square inch to produce‘a temporature in jacket 15
’.7!‘ : of 580° F. During this operation the helght of the
dense bed was approximately 15.h feet above pipe 3,

whereby the upper level of the dense bed was located in

i -28~
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manifold 6., The catalysat density in the dense phase
was approximately Lli pounds per oubic foot whereby the
space velocity was approximately 160 volumes of feed
gas per hour per volume of dense phase. The quallty

of the liquid products obtained is indicated in Table I.
The gaé fraction obtailned from the adsorber comprised
about 75 percent clefins. The gas from the condenser
contalned no carbon monnxide not attributable to the
blow-back gas. This indicated complete conversion of
carbpn nenoxide 1n the reactor to hydroearbons,
oxygenatod compounds and carbon dloxide. The amounts
of these producka datéctad in the reaction product
mixture accounted for 99 pereent of the carhon monoxide
charged to tho reactor,

Por an example of the quality of the product
made during the operating run of Table I, reference can
be had to determinasbtions made on the product obtained
in poried H. These determinatlons were mads on a
specimen prepared by blending the light naphtha and
eondenaed oil, debﬁtanizing'the blend, and dAistilling
1t to 300° P. end point. At the same time a dlesel olil
boiling‘bebween 2389 and £50° F, was obtalned, The raw
gasoline thus obtained was 65.1 percent of the total of
the light naphtha and condenased oil. The dilesel oil
fraction acoounted for 31.5 persent, and the remalning
2.0l parcent was material bolling above 6£50° F. The raw
gasolino fraction had an aniline poﬁnt of B8° ¥., a
gravity of 73.1 API and a Reld vapor prossure of 8.5
pounda poxr sqﬁare inch. The dliesel o0ll fractlon had an

ASTM pour point of -15% F., and a dlessl index of £1.5.

-2 G
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The oetane numbar determinatlons on the raw gasoline are

glven in the first column of the followlng table.

B ' ' Raw 100% Pentane Total

,] Gesnline Recovery Product

‘ Oetans No. (ASTM) 69 71 7L
Octane No. (ASTM) + % ce. TEL 79 80 82
Octane No. (CFR-R) 1 80 Bly
Ocbans Yo. {(CFR-R) + 3 ecc. TEL 91 g2 ol

|

A : In the Toregoing table the octane numbers given
| undar the heading "MO0% Pentane Recovery” are based on
blending, with the raw gasollpe, all the pantane-
pantene fractlon not recovered in the condenaate oll

or in the light raphtha. The octans mumbers under the
eolunn headed "Total Product" are based on 100% pentane
LE | recovery, the addition of the polymer product obtalned
by polymerizing the propylene and butylene portion of
the product, and the additlion of a gufficlent propobtion
f} L of the butane product to produce a gascline having a

B Reid vapor pressure of 10 pounds per square inch.

4 concentrate of low molecular walght oxygenated

chemicals was obtained by careful distillation of a

blend of seversl aqueous fractlons produced at 80 pounds

per square inch, Originally, the water layer contalned
approximately 8 percent oxygengted compounds. The
diastillation was coﬁducted in a bateh enlumn equlvalent
oo to about 10 theorstical plates. Before commenclng the

distlllation, a small emount of caustlc was added to the

gtill pnt to noutralize the organie mclds present.

i Formaldehyde and acetaldeshyde were preasent in the

|
{
!

originsl water sclutlen, but the amounts were very
small and not determlned. The concentrate of oxygenated

compoundas fram the primary distlllation was sub-
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sequently refractionated for identiflcatlon purposes.
Five principal cuts were obtained which were predom-
inantly acdtone, methylethyl ketone, ethanol, n-

propannl, and n-butanel, resulta for which appear below.

' . Yield on

N . Blend  Vapor Principal  Water Bontent Noncerbrese
L “Mumber Temp.-OF. fonstituent | of Cut- Wt.% tra{e%

: ' S . Vol.

' 1. - 131=1l32 . Acetons 0.5

; II  162-163" Methyl _ethyl ketone 7.6 7

1 11T 171-175 Ethanol 746 30
s v 1 gf190:‘.n—Propanol ) 277 15

" V- 198-200 n-Butanol . - 5

As'hhe_distiliaéioﬁ progressed to a vapor temperature

:{ : _ aboge 1927 F., & condensate consisting of two phases
appeareds Therhppéf and'lOWer phases were principally.

C n=butanol andﬂwatef, respsctively.

Exampls IT
The catalyst for ugse in this operation was

prepared from the same source material as the cafalyst
in Exsmple I, and by the same general procedures In
this case, however, the cabalyst was leached sufficliently
to reduce the potassium oxide content frem 1.7 to 0.41
percent. The leaghed granular material was drled at
200° ¥, overnight and then reduced in a atream of
hydrogeﬁ in the generﬁl mannar described in Exampla I.
Redustion of the catalyst was initiated at about 700° ¥.
thereafter and the temperature of the catalygt massg
was ralsed to about 13507 F. in L hours, while
continuing the flow of the hydrogen stresm. This
condition was maintained for 2 hours longer, during
which time the reductlon was substantialiy completeds.
The reduced mass was then coolsd to room temperature in

the hydrogen atmoaphere.
| : =B] -
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The reduced catalyst was then grnund,.first in
a hand mill and then in a ball mill, to tho desired
degrse‘of finsness. Thpoughou# this period the catalyst
was not pormittsd to como in cbntact.wi?h q;r; the -
grinding oparabiﬁns'being-rohdﬁctéd iﬂ an'ahnosphere of
A'coz. Tho catalyst powdar had the following scréen and
roller analyses'

Roller Analysis

articla Biza ?il i

0-10 M;arons-3,v"}_ 17. ‘%‘;'fbi‘:
10-20 - ," S 195 M e
20 %o o e
ST R /
, o : L}
60"‘ . ) 7:,5 .

Screen Analys;s

. g =
T. s. Standard Sieve- -

+40 mesh . . fTrage -

Lo- 6o, | ... ., Trace '

60= 80 . % ' Tpace . -

-go-100 - . Trace:.". .
+100-120 n ~ . Trace”

120-10 . - Trac&
- 1ho-2c0. . 5 g

200- Pan o © 95.5

9,080 grams “of. this catalyst wers .then charged
lonto reactor 1 by the procadure deseribed in Example Ta
. 4ftep starting the passage ofuﬁédrogén through the
reactor at the rata of 15 20 eubic foot per hour the
putlet pressure on the reactor was then ralsed to B0
poundsg and the temperaturse in the reactpr was ralsed to
appraximatal§ 4509 F. by means of £he heatingicoils
_ érognd Jacket 15. The hydrogen flow rate was then
inoreased to 50 cublc feet pep hour mnd the temperature
weas thenfraised o 500° F. : Then the hydrogen stream
wag replaced with a stream of‘synthesls gas consisting

espentlally of H2 and €O 1n the ratle'of 2:1. The

LTy
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synthesis gasg was passad upwardly ithrough the reactor ab
the rate 5f 140 cubic feet per hour. After one hour the
temperabture waa raiged to 5500 T, amd the Tlow t;te-was
increased to 200 cubic fest per hour. After 5 hours
longer the temperature was raised %o 620° P. and after
Z hours operation at £20° P, the flow rate was increased
to 325 cuble feet per hour. At that point converslon of
the Ha and CO tn hydrocarbons started, and the temperature
was reduced to 6007 F. Operation at these conditlons was
eontinued for 35 hours longer, at whilch time the
preagure was raiséd tn 100 poundse

This operatlon was continued for a total run
length of 1166 hours, after which the operation was
torminated voluntarily to free the apparatus for another
operation. During this period the superficial gas
contact times wore varied between 1l and 35 seconda.
The results obaserved in perleds of stabllized operation

are set forth in Table II.

=35
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24
25
26

Operating Conditions
m Reacter Temp, - 4ve. = °F.
12 f+. sboave pipe 3
10,5 f't. above pipe 3
B.‘L.‘ n 1 n "

' Feed Gas. Temp. - °F.

Resctor Outlet Pressure ~P31

Gas Throughputs - SCF/Hr.
Fresh Feed
Gas Entering Catalyst Bed
Gas Leaving Catalyst Bed
Not Product Gas
Biow Baock to Filter

Recyoled GasiFresh Feed

Anmlysia - Gas Entering Bed
% Hydrogen
% Carbon Monoxide
% Carbon Dioxide
% Hydrooarbous

H,8C0 - Gas Entering Bed

Frash Feed
Total Hy and CO - %
Hp: €O Hatio

Frogh Faed/Hr./Lb,Fe - SCF
Total Gas/Hr./Lb.Fe ~ SCF
co/dr,/Lb.Fe - SCF

Yields (Based on Fresh Feed) -
Tol, % Contraction .
Cazta - - .

04'5
Cg's )
Light Naphtha

Heavy 0il

Tot. Liq. Eydrocarbons _
Oxygenated Comp'ds

Total Liquid

Water Produced

C+Cs CU.
1 ]
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RS2, i S S

A | g D B
540 549 548 562 583
541 548 548 561 576
546 553 555 567 B75
550 659 561 576 578
580  B75 562 ‘B@d 587
571 594 608 607 588
576 538 814 609 586
575 582 592 893 580
450 370 403 . 512 501
102 148 150 248 250
220,6 176, 402,4 464,0  329,%
310.2 401.1 402.4 £29.9  670.3
165.1 209.7 176.3 343.2  448.4
8%.3 ©7.0 176.3 141,7  109.5
9,0 18.6 23.6 31.6 31.1
.3 .5 0 .5 1,0
£0.6. 58.5  59.7 58.1 5.2
24,1 24,1 B5.0  22.7 18.7
7.4 9.3 1.1 9.0 13.1
7.8 10,1 4.2 10.2 13.0
2.5 2.3 1.7 2.8 2.9
95.1 95.3 94,7 94.3 94.3
1.9 1.8 1.7 1.9 1.8
11.9  14.9 21.6  21.7 18.6
16.7 21.6 21,6 33.9 37.9
4,0 - 5.2 7.6 7.7 7.1
57,7 6B.6  §6.2 85,0 66.8
moter 30 28 33 35 36
g 11 8 16 18

39 16 14 18 12
20 35 23 35 3
Ap2 81 64 53 68
157 149 142 157 137
14 14 13 17 18
151 183 - 185 174 155
98 126 75 119 136
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& G “Hi J K L M N P 9 R 8
585 577 538 523 500 506 530 557 578  BS5 630 530
580 574 543 526 510  B2B 547 562 577 563 543 543
581 576 560 542 536 556 574 5867 593 584 575 570
585 583 560 554 546  B56B- 593 608 608  60B 691 587
594 590 EY9 561 BEE 687 611 518  §18 618 610 605

" B96  BBD  B79 558 565 604 612 614 618 608 621 617
694 587 577 554 556 606 606 612 520 607 623 619
591  &76 575 544 539 587 583 598 610 578 617 615
508 626  50B 507 545 450 381 463 575 481 552 546
245 151 150 248 250 152 251 245 249 249 250 285

351,6 281,5 277,53 504,8 220,3 380,7 425,6 4322,3 467 o3 286.7 207,0 210,7’

666.7 404.9 403.9 636,7 636.0 380.7 687.3 866.6 901 3 585,2 424.0 410.7

407.5 230.5 216.5 400.0 476.0 202.7 579.4 660,5 527 .5 418.3 275.1 269,9

104.4 100.8 90.1 B6.6  60.4 202.7 133,2 106.2 193..5 109.8 68,9 70,0

28.6 23.7 16,0 10.4  10.9 15,8 14.9 15,2 17 .0 12.8 19.2 5.5

.3 .4 4 .9 11.8 0 1.0 1.6 .9 1.0 1.0 .9

‘54,1 58,0 B9.5 56,2  50.4 68.3 ~5253  3B.5 50.3 4648 49.1 Bd.l

21.0  25.1 23,6 19.8  14.9 25,3 19.0  19.6 24.2 25.9 18,3 16,5

11,9 ° 7.6 5.8 - 11,2 13,7 2.9 12.5 22.1 11.9 14,8 12.4 8.3

13.0 8,3 10.1 13.8 =21.0 3,5 15.2  19.8 13,6 11.5 20.2 21.1
2.6 2.3 2.5 2.8 3.6 2.7 2.8 2.0 2.0 1.7 2.7 3.3

95,4 94,7 95,0 953 94,9 93.6 095.9 93,8 94,1 95,4 93,9 91.9
1.7 1.8 1.9 1.9 2.0 2.7 1.8 1,3 1.5 1,3 1.8 2.1

19.9  16.3  18.3 18,4 13,8 33,1 39.0  32.6 S51.3 33.6 27,2  27.7

37.1  23.4 23.8 38,3 35,2 33,1 79.5  87.4 09.0 6B8.B 55.8 54.0
7.8 5.8 5.6 7.6 5.9 68,4 15.1 -17.2 24,0 B.8 10.2 8,9

70,2 64.2  67.5 7.6 72,8 (46.74 68.0 67,0 586 6l.6 71,6 66.8

38 36 34 32 38 30 43 35 34 42 33 35
19 13 13 16 18 12 16 13 22 20 12 10
21 15 20 13 11 8 5 20 10 14 22 15
37 a3 20 28 33 23 15 34 25 28 1B 26
46 4 52 5 35 27 58 39 33 38 54 28

__.160 137 148 14 135 100 137 4] 124 142 139 113
18 12 T4 18 20 11 15 11 13 I 14
176 149 1682 1683 155 111 152 162 137 155 153 127
119 56 110 128 1285 76 116 80 66 58 112 118
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10%
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Reid Vapor Pressure - PSI 12.6

% Mono=~olefins
Hours On Condition

Total Operating Hours

TABLE 11 -
A B c iy B F
4.4 78.5  82.2  72.5  73.4  81.1
100 100 100 100 100 100
1.24 1.42  1.06  1.35  1.31 1.4l
27.1 24.9 32,1  19.3  20.3 21.3
10.8 11.1 8.7 9,5 9.8 10.3
6.6 1.7 6.6 8.5 9,2 8.3
61.5 55,6 49,1  B8.1  55.4 55,0
3.9 3.7 3.5 4.6 5.5 4.2
42,0 24,8 ST.T 82,6  37.6 30,5
24,8 49,1 35,85  59.5 87,5 55.8
53,5 56.5  57.2  58.0  57.9 57.9
131 114 106 110 105 105
187 158 152 145 144 144
209 182 164 167 164 164
272 248 226 235 234 234 .
335 306 284 203 298 299
430 392 380 590 393 393
610 548 564 586 581 581
706 630 855  erkd 702 702
718 698 668 — crkd orkd
‘ 740
75.8 76,0  76.9 (78500) 73.5 73.5
k—-_‘::’
76,9 79.6 82,0 78,7  70.4 76.6
89 87 82 86 114 86
109 100 92 98~ 144 104
116 105 94 108 156 110.
138 118 103 124 179 130
156 133 115 142 202 152
181 156 136 169 227 184
219 "202 188 218 256 242
235 228 226 241 265 264
258 256 252 280 316 292
15.6  17.6  13.2 6,6 12.9
9.0 78.1  78.8  75.4  64.0 75.6
47 46 44 16 24 48
100 152 196 242 286 314

.1
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85.3

118
174
194
259
318
418
619
760
orkd

"T1.9

79.4

87

97
101
113
134
1686
228
238
280

15.0
T7.2
68

282
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UED
~TH J X L M i P Q R s
74.8 78,8 85,6 48.4 78.0 84,2 71.6 771 84,3 78.3
100  69.6 100 95,0 100 95,4 92.5 93.2 100 100
1,43 1580 1.87  1.38 1,37 1,13 1.12 1,12 1,59 1.25
23.9 21.7 19.8 23.0 27.3 34.2 35,0 31.8 21.5 18.9
5.7 4.9 9,6 15,2 10.B 9.0 10.6 11.2 11,8 15.6
8.7 8.4 10.6  11.3 9.1 Bed 8.8 9.0 9,3 10.5
§7.7 53,7 53.7 46,8 - 50.3 45,6 43.9 44.9 63.3 50.7
4.0 5.6 8.3 3.7 2.8 2,8 - 3.7 3.1 4.3 4,5
42.8 43,7 ° 54.9 29.8 32.1 32.8 26.8 28,4 38.6 33.5
51.4 54.8 58,0 B3.6 44.9 32.0 33.4 36.8 65.8 60.3
e

56,9 56.4 58.1  58.8  63.6 57.2 54,6 54,8 63.1 59.2
115 117 118 113 94 107 112 114 87 108
- 164 163 - 119 140 176 154 128 152
195 191 183 - 158 159 194 184 141 172
253 265 263 229 188 239 : 268 266 151 231
315 332 336 283 250 %05 335 330 248 297
408 534 441 359 330 400 440 434 334 368
580 648 707 513 506 608 668 Tl2-crkd 529 539
688 crkd crkd 633 618 726 orkd 667 658
702 840 628 orkd orkd 676
64.6 65,9 64,2 59.8 85,1 68.9 69,0 87.5 63,4 60,1
{81.0) 79.8 78.9 80.2 80.8 76.3 75.4 75.9 T4.7 78.8
B2 89 92 89 94 80 94 a2 93 80
95 101 104 101 105 104 112 107 106 102
98. 107 111 105 108 1i0 118 113 113 107
110 121 126 117 117 129 135 128 138 123
122 136 145 132 127 153 156 146 173 138
146 159 171 160 145 171 183 175 223 166
203 207 215 2231 197 253 238 240 275 230
244 243 241 255 243 291 276 284 3 278
274 274 278 28¢ 280 325 334 338 357 334
18.8 13.7 13.0 13,8 13.8 12,4 10.1 13.1 11.8° 1l4.4
73.8 72,3 0.4 66.9 (72) 78,8 72,2 63.4 68.3 84.5
48 72 80 52 34 48 24 24 18 51
447 £19 579 679 728 828 940 988 1062 1114

-558~
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The data in Table II are arranged to present

the resulta observed in 17 perlods nof stabllized
operation durlng ﬁhe operating run. Throughout thls
operating run the fregh feed to the operation contalned
hydrogen and CO in ratlos varying from 1.3:1 to 2.7:l.

In most of the perlods of stabilized operatlon presented
in Table II sufficient unconverted gas was recyecled to
increase the H,1C0 ratlo in the gas entering the catalyst
bed substantially above the eorresponding figure in the
fresh feed. In the reéycling oparatlons the‘Héaco ratlo

in gas sntering the eatalyst bed varled from 1.7:1 to

3.t1. In most cases no .unconverted CO was observed in
the product mixture when operating even at relatively
high spacs velocitles. For example, at a charge rats as
high as 15.1 cuble feet of carbnh monoxlds per hour pep
pound of iron complete disappearance of the CO was
observed. At the maximum charging rate employed, 24.0

cuble feet of OO per hour per pound of iron, only 68

percent of the CO charged to the reactor was observed
in the produst mixtura. This occurred 1n period P, -
during which time the total gas charge entering the bed

was introduced at the rate of 99,0 cuble faset per hour

per pound of iron. This corregmded to a space veloelty
of 1,915 voluwes of gas entering-tha catalyst bed per
houp per cuble foot of dense catalyst phase.

Duriné tha operating run of Table IT the
quantity of iron catalyst ln the reactor
was reduced periodically during thé nperation.in order
to obtaln asmples for analyeis, and in order torreduce
the volume of the catalyst mass in the reactor. The -

- s
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noccumulation of carbonaceous deposits on the eatalyst
particles increased the volume of the catalyst 1n the
ragetor as the opevation proceeded so that the upper
Jevel of the dense phase rose to over 1l feet above pipe

Z to a level in manifold 6, In order to maintain all

of the dense phase in reactor 1 proper, and in order to
permit operatlon at relatively high space velocities,

the guantity of 1ron catelyst in the reactor was
progreasively reduced whersby the amount of iron
cabalyst in the dense phase decreaged from about 16 g;#-
pounds in peried A to about 5 pounds in period(j) The /
catalyst density decreased from an initial figure of ‘
over 50 pounds per cublc foot Lo about holpounds in

period P, The density also was affected by changes in

the velocity of the gases passing through the reactor.

- Durlng the operation of Table II the flow of>the
reactlon mixturé out of the reactor was alternated

petween filter 9 and filter 10 every 15 minutes, and

the off-stream filter was blown back with feed gas at

the rates indlcated in Table II.

_The reaction products were recovered durlng the
operation of Table II by coollng the reaction mixture to
rocn temperature, of lowsr, to obtaln a condensﬁte and
then paséing‘the ramaining gas through an adsorbent.
Heavy oll ﬁnd wabter produet fractlons were obtained
from the condanaata. The hsavy oll fractlion contained, .
in addition, oxygenated compoundé such as butyl, amyl, }
hexyl and heptyl alcohols. The wabter product fractien
eontained apbstantlal amounts of oxygenated compounfnids
sueh ag othyl, propyl and butyl alecohol, acetons and

-37m
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methyl ethyl ketone. The adsorbed product was
rocovered by steam distillation, Which produced a
3ight naphtha fraetion condensate water and a gas
fraction. The condensate wabter ylelded additional
oxygenated comounds. The gas fraection was almost
entirely hydrocarbona having 3, I or 5 carbon atoms per
molecule, The smounts of other compomds in the reaction
product mixture was determined by absorption, combuation
and mags apectrometry.

Forty-one hours after synthesis gas was introduced

to the asystem hydrogen was added for a short perilod of

- time to dilute the synthesis gas and lmprove the

genaral operation. Just before the addition of hydrogen
the maximum temperaturse iﬂ the_catalyst bed was on the
order of 6900 F. After period G of the operatlon of
Table II the feed to the operation was changed to
substantially pure hydrogen. At the sams time the
tpowtherm!" was removed from jacket 13 and the reaction
chamber was heated by means nf the external heating

coils to a higher temperature to effect reductlon of

the catalyst by means of the hydrogen. In thls operation

tho hydrogen was passed through the reactor at flow
rates varying from 18 to 37 cubic foot per hour. and the
tempsrature of the catalyst was raised 1n about 6

hours to an avarage tempqrature of approxiﬁately 930°
F. This condltion was maintalned, with a maximum
catalyat temperature of 9?2° r,, for approximateiy 10
hours, after which time ths ﬁemperature of the catalysat

was reduced in 7 mors hours to approximately L30° F.

The temperature waas zubssguently raised to about 500-

e
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550% P, and maintalned for a short time.

The pressure during the hydrogen treatment was
held at atmospheric for 27 hours with hydrogen once
through, then it was raised %o 150 pounds per square
inch and then hydrogen recireulation was started. The

fnlleowing hydrogen rates entdring the reactor were usedi

. Pressure Hydrogen . Rate
1 Atmosphere ' Once-through 9-37 Std.cu.ft./hr.
150 #/sq.in. Once~through 20-65 Std.cu..ft1/hr.‘
150 #/aq.in. Recyeling 60-500 Std.cu.ft,/hr,

Tho total length of hydrogen treatment was 4O hours,
Thereafter, the Teed to the reactor was changed to the

aynthesls gas mixturs and ths conversion reaction was

regumeds Prior to this reduction traatmént of the
catalyst the contact mass contalned 0.195 pounda of
carbon, 0.268 pounds of oxygen, ahd 0.091 pounds of oil
and wax, per pound of iron. After the treatment the
gt | contact magss contained 0.17C pounda of carbon, 0.070
| pounds of oxjgan, and 0.001 pounds of oll gnd wax,

peyr pound of iron.

' After this reduction treatment of the catalyst
end aftefra short period of variable conditiona perled
‘H of the operatlng run was started. The improvement in
activity of the catalyst following the reduetion
treatment is shown by a cdmpariSOn of the data of pertods
G and H, which show that a lower temparatupe aften
reductionlprovidad Eha same rate of econversgion of

carbon monoxlde as was reached previously at a highsepr

| . temperatures. These data show also an Improved yleld of
| ' oil and reduced production of hydrocarbon gasos,

Mnst of the operating perlods of the operating
=39~ '
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run of Table IT involved recyeling of unconverted gas

at ratios of reeyeled gas tc fresh feed varying from
.3:1,0 to 1.8:1.0. The recyeling operations ordinarily
involved relatlvely high HE:CO ratlos in the gas sntering
the cabtalvst bed. However, the data indlcate that, - .hv
other conditions being egual, and at the same HB:CO
ratio, the operating runs under rdcycling conditions
producsd substantially more oll per uniy quantitﬁ of
fresh feed.

One of the beneflcial effecta of recyciing liaes
in the great improvement in the selectivity of the
gynthesls reaetion. This point ls clearly demonstrated
by comparison of perleds selected after 828 and 1114
hours of operation. Recyeling was employed in each
caan; however, in the former period the H2=CO ratlo
entering the reactors was 2.0 and in the latter case,
%5.%, . A fow sallent features of each of these testa are

listed bslow:

Teat Designation N . 8
Hours on Operation 828 111l
Freggure. - #/sc.in. “amm=2B0 wm————
Presh Feed/Hr./Lb.Fs z2.6 27,2
H?:CO - Gas Entering Bed- 2.0 3.3
CO Distribution

% to CO . , 3.2 18.9

% to CHf & Cyts 184 - 26.1

. Total : T1.6 45.0

Thus the.nonversion to carbon dioxidé, methane,
ethyleno, and ethane was materially lower at Condltion
8 than st Condltlon N.

' Varylng emounta of hydrocarbona and oxygenated

chemiecals were recycled with the fresh Ieed to the

~l{Om
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synthesia reactor. The recycle stream was taken aftey
the produst gas had passed through the secondary
recelver which was ordinarily weintained, during the
recycling tests, at approximatoly 40° ¥, and reactien
pressure, During scme of thess operations the racycle
gaé was pagsed through the charcoal adsorbey and
stripped of tho oxygenated compounds present and of all
but the very lightest hydrocarbons. In other operations
‘the gtream was nob adsorbed and contalned light oxygen=-
ated materials and hydrocarbons, predeminantly oleflins,

through © The recycle stresm was taken Just after

10*
the sacondary receiver and after passing through or

by-pagsling the adsorbers the pregsure was reloeased and

‘the gas fed to the suction of the asynthesls compressor.

When the reeycle was passing through the adsorber the
product gas was merely vented to the atmosphere afteyr
metering and sampling whereas during a number of the
operationa where the recycle wasz not édsorbed the
adsorber was on the product stream. When Conditions

A B, D, P, G, H, J, P and § were obtained the recycle

~ gas wao taken after passage over activated earbon, and

when Conditions X and S were obtalned the recycls wasg
passed over activated carbon for the greater part of
the tests.

' At the beglinning of the operatlng run of Table
II the reactor was f1lled with catalyst to a catalyst
bed helght of about .10 feet above plpe 3. At an
average supsrfielal veloeclty of about 0.76 feet per
second the dense phase had, in the lower portion

thereof, o density of about 83 pounds per cuble foot.

g
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As the operatlon proceeded the iron become partilally
oxidized and the catalyst also accumulated carbon and
depoaits of oll and wax. After 586 hours operatlon a
gample of the catalyst was withdrawn and aerated with
inert gas at 1.2 feet per second. The catalyst density
was 5.0 péunds per cubic foot. A similar testab 1166
kours 1ndicated a density of 1.5 pounds per cubié
foot. iChanges in the ecmaponsition of the catalyst during
the run are indicated below 1n the table headed
"Catalyat Cqmpositioﬁ".

CATALYST COMPOSITICON

Total Hours On Stream-- 0 245 585 383 445 586 940 1114 l1lls8s

Hours After Hz Troat.-. - - 0 62 203 560 7R 780
Catalyst Analgysis- _ 7
Jcarbon - Wb, % - - 0 12.4 1%.4 13.4 15,1 13.6 18,3 20,92 23.2 ~
041 + Wax 0 4.1 5.8 0.1 1.8 8.0 18.9 18.6 15,6
Fe - - 93 63.8 63.7 79.1 8%.1 59.8 47.4 45,0 46.5
O3 4 |
K28 0.5
. Iron Distribution
~ 011, wax and C Froo .
Fu . 89,1 37.2 46,0
Fo Oxides 5.0 57.1 : ‘ 37.0
Lbs. G/100 Lbs. Fo. 0 19.4 19.5 16.9 22.5 22.7 38.6 46.5 50,0

" Lba, Cat/lOO Lbs, Fe- 107 157 157 128 149 187 211 222 21b

The effect of the intermedlate hydrogenatlion treastment
of the cabalyst 1s indleated. in the two columns at 38%
hours on stream. The spetlifl: effect of thig treatmanf
_on the various ingredlents of the catalyst has been |
indicated above. Ths overall effect can be sesn in the
foregoing table in the reduetlon of the walght of
catalyst per 100 pounds of iron frem 157 te 126.
Oxygonated chemlcala were recovered from synthol

oll produced at 250 pounds par square lnch by means of

. -}_l_'a';'u—
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the followlng procedure. The oil product was first

ranstlc-washed to remove organlc aclds and subgeguently
troated with a solvent to obtaln the remaining oxy-
chemicals. The condensed oill fraction subjected to the
extraction step was found td contain 6.25 welght

TH percent of oxygenated chemicals. Since a small amount
of carbonyl compounds aldehydes and ketones - was
produced, thils extract material was hydrogenated and

then redistilled, The distillation ilndlcated a

;\ distribution of aleokols in the hydrogenated sxtract

J from the oll shown bsalow.

Ethyl Alcohol - % B8
Propyl Alcohol - % 9
Butvl Alcohol - 1%
Anyl Alcohel - % 22
Hexyl Aleohel - % 22
Heptyl Alcohol - % 13
Higher Alcohals - % - 1%

The alcohols produced in thisg opebation were princlpally
stfaight chaln. ‘

A breskdown of ths prinoipal acld-free oxy-
chemicals from this operation, includlng those chemicals
racovered in the water product, 1s presenﬁsd in the
followling tabulation:

Acetone 8.
Mathyl ethyl kebtoue 5.
Ethyl alcohol L4,
Propyl alcohol 26.
Butyl aleohol 8.
Amyl alecohol 1.
" Hexyl aloochol 1.
L Hoptyl & higher alcohola 0.

A amgll amount of carbonyl cdmpounds recovered with the
+8ynthol oll has nnt been included.
EXAMPLE 1T

Thig wag a stabllized period of operation in g
W B
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relatively long operating run carrled out in the
regctor whosge construction and operation are gimilar to
that shown in ths drawing and described in Example I.
The catalyst, employed 1n a finsly divided condition,
consisted principally of iron and contained 0.70 weight
per cont Kéo. The average operating tempsrature 1n the
reactor during this operating perlod was 551°F. The
fresh feed to the opsratlon was G0 per cent Ha.and Co,
the remainder belng C0p, No and hydrocarbon gasos. In
tha fregh feed the 52100 ratlo was 2:1. The fresh feed
was charged to the operation at the rate of 3.8 standard
cuble feet per hour per pound of the original reduced
catalyst present in the reactor. The Eail gas from the

operation was recyeled to the reaction zone in a ratio

-of reeycled gas to fresh feed of 5.2:1. During the

operation all, or nearly all, the CO was converted to

products other than CO Conasquently, the H,:CO ratio

2* 2
in the total charge gas was 531 to 10:l.
Under these conditions of operation the total

1iquid hydrocarbon production (including oil-soluble

: organic_campounds) equalled 104 ¢ic. per cublc meter of

fresh feed gas. Thias product was obbained by
eondensation at lce-water temperature and 250 pounds per
square inche This product ha¢ an A.P.I. gravity of
5.1 and contained 69.8 mol per cent mono-blefins. A4t
the same tlime Lhe production df water (ineludlng water-
soluble organlc compomds) equailad 198 e.c. per cuble
metar of fregh feed gag. The sizo of the water

production indicated clearly that the oxygen eliminated

from the sysbem, in forms other than organic compouids,

_ml_..
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was being eliminated largely as Hy0, rather than €05
Thlg was a perlod of a relatively long operating
run carried out in a reactor generally similar to the
reactor employed In Example IIT and under gensrally
gimilar conditions. Ths finely divided iron catalyét
contaeined, per part of iron, 0.01 part Algo5, 0.011 part
0,008 part 810

T30 and 0.01L part K,0. 1In this

2° 27
oporating perioed the temperature varied from 610°F near
the Inlet to 59?°F near the outlet, and a pressure of
250 pouﬁds was malntalned on the reactor. PFresh feed
was charged to the operation at the rate of L5.3 cubic
feet per hour per pound of iron in the catalyst 1n the
reactor. Tall gas was recycled to the operation in g
ratlo of recyecled gas to fresh foed of 2.8:1. Tho
fresh feed gas éontained 75.2 mol per cent H, and 18.8

per ecent CO, the remainder belng CO_ and hydrocarbén

2
gases. The tobal gas charge, including fresh feed and

recycled gas, contalned 75.1 mol per cent H, and 1l.l4

2
mol pey cent €O, the remainder belng 602 and light
hydrocarbon gases. Under these conditions Th.7 per

cent of the CO was reacted, 1lacluding 2.3 per cent

'convertad to CUZ' This operatlon produced total liquid

hydrocarbons to the extent of £% c.c. par cublio meter
of fresh feed gas and 21 c.uz. of oxygenated compounds
per cublec meter of fresh feed gads

The solectivlity of the operation wasg excellent
when these conditlons were employed, e.g., 66.5 per cent
of the carbon monoxide which reacted was converted to
oll {propylens and higher hydro:arbons} and oxygenatead

chemlecals, and only %.3. per cent of the reacted carhbon

wlt5
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monoxlide was converted to carbon dioxlde. In spite of
the groater hydrogenating activity of the catalyst as
a rosult of the relatively high concentration of
hydrogen in the reactlon zdno the Co fraction contalned
LY per cont ethylene, the 05 “roction 86 par cent
propylene, and the C) fraction 84 per cent butylenes.
The 01l which was condenased from the reactor effluent
at ice-water temperature and operating pressure
contained nearly 30 per'cent oxygenated chemicgls,

largely aleohols and aclds.

-
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BLANKET CASE

‘The embodiments of the- invention in which an
exclusive property or privilege ls clalmed are deflned as
Tollows:

1. A procesg for hydrogenating carbon oxides whilch
comprises continuously flowlng a gaseous mixture comprising
hydrogen and a carbon oxlde in a'mol rétio of at least
1.2:1 and greater than the mol ratio in which the reactants
zre conﬁaptsd to other compounds. Upwardly in a reaction
zone through a mass consigting essentially of a finely
divided iron catalyst to suspend the catalyet mass in said
gtream, pasaing sald stream through sald mass at a
velocity sufficlently low to maintain the mass In a dense
fluidized pseudo-liquld oondition hut sufficlently high to
produce rapld circulatlion of the ' catalyat particles in the
mass, passing the gaseous mixture through sald catalyst
mass at a fesd rate squlvalent to at least 1.1 standard
eubic feet of gald carbon oxlide per hour per pound of iron
catalyét-in the dense fluldized masa of catalyst, maintalin-
ing a temperature between about 4S0°F. and about 750°F.,

a presgsure of at'least 80 1ba. per édﬁare inch gage and a
sufficlent centact time to convert at least 'a major
proportion of the carbon monoxlde at the cperating
conditlens employed, and withdrawlng sald gaseous mixture
from the reaction zone after padsage thersof through |

the dense catalyst mass and recovering reaction products
therefrom.

2 . A proceses for hydrogenating carbon monoxide which
comprises continuously flowing a gaseous mixture comprising
hydrogen and carbon monoxide upwardly in a reaction zone
through a mads conslsting essentlially of a finely divided

iron catalyst to suspend the catalyst mass in sald stream,
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' operating conditlons employed, and withdrawing sald gaseous

passing sald stream through saild mess at a velocity suffic-

lently lew to maintain the mass in a dense fluidized

pseudo~-liquld conditlion but sufficlently high to produce
rapid circulatlon of the catalyst particles in the mass,
passing the gaseous mixture through said catalyst mass

at a feed rate equivalent te at least 1.1 stendard

cublc feet of carbon monoxide per hour per pound of iron
catdlyst in the denss fluidized mass of catalyst, charging
hydrogen-and carbon monoxzlde in said gassous mixture %o
saild reaction zone in an H5:C0 ratlo substantially greater
than 2:1 and the ratlo in which thess reactants are
converted to other compounds in the reaction zZone,
maintaining at a temperature betwsen about L50°F. and
about 750°F,, = pressure of at least 80 lbs. per ‘sgquare
inch gage'and & sufficlent contact time to convert at

leaat a major proportion of the carbon monoxide at the

mixture from the reaction zone after passage thereof through
the dense catalyst mass and recovering reaction products
therefrom.

3. ‘ A procegs for hydrogenating carbon monoxide which
comprlses continuocusly flowing a gaseous mixture comprialng
hydrogen and carbon monoxide upwardly in a reaction zone
through a mass consisting essentially of a finely divided
iron catalyst to auspend the catalyst mass in sald stream,
passing sald stream through sald mass at a velocity
sufficiently low to maintain the mass in a dense

fluldlzed pseudo~liquid condition but sufflelently high

te produce rapid circulation of the catalyst rarticles in
the mass, passing the gaseous mixturs through sald catalyst
mass at a feed rate equivalent to at lesm t 1.1 standard
cuble feet of carbon monoxide per hour per pound of iron

cetalyst in the dense fluidized mass of catalyst, charging

1




T

y |y

D]

S24A27Y

to the process a fresh feed mixturs comprising hydrogen
end carbon monoxide in an H;:C0 ratio substantially i
greatsr than 2:1 and the ratio in whlch these reactants

are converted to other compounds in the reaction zone,
malntaining at a temperature between about 450°F. and

about 750°F., a pregsurs of at least 80 lbs. per aquare
inch gage and a sufflcient contact time to converteut lesst
a majJor preportion of the carbon monoxide at the operaitlng
conditions employed, withdrawing said gaseous mixture from
the reactlon zone after passage thereof through the

dense catalyst mass, treating the wilthdrawn easeous mixture
to separate reactlon producta and a recycle mixture
comprising a substantial proportion of hydrogen in an

H5:00 ratio substantially greater than the corresponding
ratio in saild fresh feed mixture, and combining said
recycle mixture with said fresh feed mixture to form saild
flrst-menticned gaseous mixture.

. A process for hydrogenating carbon monoxide which
compriges continuously flowing a gaseous mixture comprising
hydrogen and carbon monoxide upwardly in a mol ratio of at
least 1.2:1 and greater than the mol ratio in whieh the

reactants are conwerted to other compounds In a reaction

' zone through a mags consisting esgentially of a finely divi-

ded ifon ostalyst to suspend the catalyst masgs in said
atream, passing sald stream through said mass at'a velocity
aufflciently low to maintaln the mass in a dense -fluidized
Pseudo-1liquld condition but sufficlently high to produce
rapid circulation of the catalyst particles in the mass,
ragsing the gaseous mixture thrdugh gald catalyst masg at a
foed rate equivalent to at least 2,2 standard dublec feet of
carbon monoxide per hour per pound of iron catalyst in the

dense fluidized mass of catalyst, maintaining a tenperaturs

t ‘/




between about J50°PF, and about 750°F., a pressure of at
leaat B0 1lbs. per sguare 1nch gage and a sufflclent contact
time to ‘convert at least a major proportion of the

catbon monoxlde at the opsrating condiii ons employed, and
withdrawing said gaseocus mixture from the rsactlon zone
after passage thereof through the dense catalyst mass and
recovering reaction products therefrom.

5. A proocesa for hydrogenating carbon monoxlde which
comprises continuously flowing & gaseous mixturse comprising
hydrogen‘and carbon monoxide wpwardly in a mol ratio of

at least 1.2:1 and greater than the mol ratio 1n which the
reactants are converted to other compounds in a reaction
zone through a mess conslsting essentially of a finely
divided iron catalyat to suspend the catalyst mass In

sald stream, passing sald stream through sald mass at

a veloclty sufficlently low to maintain the mass in a

denae fluldized pseudo-liquid condltion but sufficiently
high to produce rapid clrculation of the catalyst particles
in the mass, passing the gasecus mixture through said
catalyat masas at a feed rate equivalenﬁ to at least 1.1
standard cubic feet of carbon monoxide per hour per pound
of lron eatalyst in the dense fluidized mass of catalyst,
cooling at least a portion of the dense mass of catalyst

te maintaln the mass temperature at a desired reaction
temperature lesvel, malntalning a temperature between about
hSQ“F. and about 750°F., a pressure of at least 80 lbs. per
squére inch gage and a sufficlent contact time to

convert at least a major proportion of the cérbon monoxlde
at the operating conditions emﬁloyed, and withdrawing

sald gaseous mixture from the reaction zone after passage
thereof through the dense catalyst mass and recovering re-

actlon products therefrom.
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6. A process for hydrogenating carbon monoxide which
comprigses continuously flowlng a gaseous mixture comprising
hydrogen and carbon monoxide upwardly in a mol ratio of

at least 1.2:1 and greater than the mol ratio 1n which the
reactants are converted to other compounds in a vertically
elongated reaction zone through a mass consisting
essentially of a finely divided iron catalyst to suspend
the catalyst mass in sald stream in the reaction zone,
passing said stream through sald mass at a velocity
sufficiently low to malntaln the mase in a2 dense fluildlzed
pssudo~lliguid condition but sufficilently high to produce
rapld circulatlon of the catalyst particles in the mass,
prasaing the gaseons mixture through sald catalyst mass at
a fesd rate esquivalent to at least 1.1 standard cuble

feet of carbon monoxide per hour per pound of iron catalyat
in the dense fluidized mass of catalyst, subjecting the
dense fluildized mass of iren catalyst along the length of
the elongated reaction zone to indirect heat exchange

with a cooling fluid to remove the exothermic heat of
reaction from the reaction zone, malntaining at a
temperature between about L50°F. and about 750°F;, a
pressure of at lesast 80;bs. pér square inch gage and a
sufficient contact time to convert at least a major
proportion of the carbon monoxide at the operating condl-
tlons employed, and withdrawing said gaseous mixture from
the reactlon zone after passage thevsol through the

dense catalyst mass and recovering reactlon products
therefrom,

7. A process for hydrogenating carbon monoxide which
comprises continuously flowlng a gaseous milxturs comprlsing
hydrogen and carbon monoxide upwardly in a reaction zone

through a mass consisting essentially of a finely divided
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l1ron catalyst to suspend the catalyst mass in said

streem, passing sald stream through sald mass at a
voelocity sufficiently low to maintaln the mass in a

dense fluidized pseudo-liquid conditlion but sufficliently
high to produce rapld circulation of the catalyst
partlicles in the mass, passing the gaseous mixture through
sald catalyst mass at a feed rate equivalent to at least
1.1 standard cubilc fest of carbon monoxide per hour per
pound of lron catalyst in the dense fluldized mass of
catalyst, charging hydrogen and carboen monoxide in =zaid

gaseous mixture to sald resction zone in an H,:00 ratlo

o>t
‘aubstantially greater than 1:1 and greatser than the ratio in
which these reactants are converted to other compounds,
maintaining a temperaturs between about 450°F. and about
750°F., & preasure of at least 80 pounds per square inch .
gage and a sufflcient contact time to convert at least a -
major proportlion of the carbon monoxide at the operating
conditions employed, withdrawlng sald gaseocus mixture from
the reactlon zone after passage thersof through the dense
catalyst mass and after substantially compleéte conversion
of carbon monoxlde to other compounds, treating the withdrawn
gageons mixture to separate reaction products thersfrom and
reincorporating at least a portion of the.remainder including
unreacted hydrogen Iin said first-menﬁioned gassous mixture
prior to introduction thersof into the reaction zons,

8. A procesa for hydrogenating carbon monoxlde which
comprises continuously flowlng a gassous mixturs comprising
hydrogen and carbon monoxide upwardly in a reaction zone
through a mass consisting essentially of a finely dlvided
lron catalyst to suspend the catalyst mass In sald strean,
passing sasld stream through sald mass at a veloclty

sufficlently low to malntaln the mass in a dense fluldlzed

£ &
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pseudo-llguid condition but sufflelently high to producs

rapid circulation of the catalyst particles in the mass,

l pasaing the gaseous mixture through said catalyst mass at

g8 feed rate equivalent to at least 1.l standard cublc feet df

i
i
i

carbon monoxide per hour per pound of iron catalyst in the
dense fluldlzed mass of catalyst, charging to the process a
fresh feed mixture comprising hydrogen and carbon monoxide
in an Ha:CO ratlo not substantlally less than 2:1 and

ﬁ} greater than the ratlioc in which these rsactants are converted
. to othsar compounds, combining said fresh Teed mixture wlth
recycle gas to form sald first-mentloned gaseous mlxture,
maintaining at a2 temperature betwsen about 450°F, and about
750°F., a pressure of at least 80 1lbs. per square inch gage
and a sufficient contact time to convert at least & major

proportion of the carbon monoxide at the operating conditions

employed, withdrawing said gaseous mixturs from the
reaction zone after passage thereof through the dense catdlyst

mass, treating the withdrawn geseous mixture to separate

reactlon products and a recycle gas comprising hydrogen
! in an H2:00 ratio substantially greater than 2:1, and
recycling =ld lagst-mentlioned gas as described,;

9. A process for hydrogenating carbon monoxide which
comprlses continucusly flowlng a gaseous mixturs comprising
hydrogen and carbon monoxide upwardly in a reaction zone
through a mass consisting essentially of a finely dlvided

iron catalyst to suspend the catalyst mass in sald stream,

passing sald streamthrough sald mass at a veloclty
sufficlently low to maintain the mass in a denss fluldized
pseudo-liquid condition but sufficiently high to produce
rapld circulatlon of the catalyst particles in the mass,

passing the gassous mlxture through said catalyst mass at

a feed rate equivalent to at least 2,2 standard cuble Teet

LR
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of carbon monoxide per hour per pound of iron ecatalyst

in the dense fluildized mass of catalyst, charging to the
process a fresh feed mixture comprising hydrogen and

carbon monexlde In an HytCO ratvio not substantially less
than 2:1 end greater than the ratio in which these resctants
are converted to other compounds, combining sald fresh

feed mixturs with recycle gas td;orm gald first-mentioned
gaseous mixture, maintalning at ; temperature between about
U5G°F., end about 750°F., a pressure of at least 80 lbs.

per square Inch gage and a sufficient contact time to
convert at least a major proportion of the carbon monoxide af
the operating conditions employed, withdrawing said gaseous
mixture from the reactlon zone after passage thereof through
the dense catalyst mass, treating the withdrawn gaseous
mixture to separate reaction products and a recycle gas
comprlising hydrogen in en H,:C0 ratlo substantially greater
than 2:1, and recyeling sald last-mentioned gas as described.
10. In the hydrogenation of carbon cxides wherein a
gageous nmixture of hydrogen and a2 carbon oxide resctant is
paased through a reaction zone in contact with a finely
divided metal catalyst suspended therein, the Improvement
which comprises minimlzing catalyst deactivation by 1limit-
ing the mol per centage of sald carbon oxlde reactant Iin the
gas mixture passing through sald zone for a major pfoportion
of the time of operation to an amount equivalent to a mol
ratlo of hydrogen to said carbon oxlde reactant greater than
S:1 and greater than the mol ratlo in which these reactantg
are converted to other compounads, pagalng the gageous mixture
through said catalyst mass at a feed rate squivalent to at
laast 1.1 stendard cubic feet of gald carbon oxide per hour

per pound of metal catalyst in the denss fluldlzed mgss of
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catalyst, and meintaining a temperature between about 350°F.
and about 7H0°F. and a pressure of at least 80 pounds per
square inch gage.

11. In the hydrogenation of carbon oxides whersin a
gaseous mlxture of hydrogen and a carben oxlde reactant l1s
passed through a reaction zone in contact with a finely
divided metal catalyst suspended therein, the improvement !
which comprises minimizing catalyst deactivatlon by 11miting;
the mol percentage of sald carbon oxlde reactant in the

gas mixture passing through said zone for a major
proportion of the time of operatlion to an amount equivalent
to a mol ratio of hydrogen to sald carbon oxide reactant
sbout 10:1, passing the gaseous mixture through sald catalysty
mass at a feed rate squivelent tec at least 1.1 standard
cublc feet of said carbon oxide per hour per pound of metal
catalyat in the dense fluidized mass of catalyst, and main-
taining a temperature between about 350°F. and about 750°F,
and o pressure of at least B0 pounds per sguare inch gage.
12. In the hydrogenatlion of carbon oxides whereln a
gageous mixture of hydrogen and a carbon oxide reactant is
passed upwardly through a reaction zons contalning finely
dlvided metal catalyst to suspend the catalyst mass%n =zald
gtream in a dense fluidized pseudo-llguld condition, the
improvement whlch comprises minimizing catalyst deactlvation
by limltlng the mol percentage of sald carbon oxide remctant
in the gas mixture passing through said zone for a major
proportion of the time of operatlon te an amount equivalent
to a mol .ratic of hydrogen to sald carbon oxide reactant
greater than 5:1 and greater than the mol ratlio in which
these reasctants are convertsd to other cormpounds, passing
the gaseous mixture through said catalyst mass at a feed
rate egqulivalent to at least 1.1 stendard cublc feet of sald
carbon oxlde per hour per pound of metal catalyst in the

£
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224277
dense fluildized mass of catalyst, and maintalining a
temperature between about 350°F. and about 750°F. and a
pressure of at least 80 pounds per square inch gage.
13. In the hydrogenation of carbon oxides whereln a
gaseous mixture of hydrogen and s carbon cxide reactant is
pessed upwardly through a reaction zone containing finely
divided iron catalyst to suspend the catalyst mass In seld
stresm in a dense flutdized pseudo-liquid condition, the
improvement which comprises minimizing catalyst deactivation
by limiting the mol percentage of sald carbon oxlde reactant
in the gas mixture passing through sald zone for a major
proportion of the time of operation to an amount equivalent
to & mol Tatio of hydrogen to S3aid carbon oxide reactant
greater than 5:1 and greater than the mol ratio in which thede
reactants are converted to other compounds, passing the
gaseous mixture through sald cabtalyst mass at a feed rate
sgquivalent to at least 1.1 standard cuble feet of gald
carbon oxide per hour per pound of iron catalyst in the dense
fluidizedkass of catalyst, and maintaining a temperature
between about 350°F. snd about 750°F. and a pressure of at
ieast 80 pounds per sguare inch gage.

1L. In the hydregenatlion of carbon monoxide wherein e

upwardly through a reaction zone contalning finely divided
metal catalyst to suspend the catalyst mesa in sald stream
in a dense fluldlzed pseude=liguid condition, th; improvement
whlch comprises minlmizing catalyst deactlvation by maintalnd
ing the mol ratlo of hydrogen to carbon monoxide .in the

gas nmixture passing through sald zone for a major proportion

of the time of operation greater than 5:1 and greater than

the mol ratlio in whilch these reactants are converted to
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other compounds, passing the gaseous mixbure through said
catalyast mase at a feed rabe equivalent to at least 1.1
stendard cublc feet of szald carbon monoxide per hour per
pound of metal catalyst in the dense fluidized mass of
catalyst, and malntaining & temperature between about 350°F.
md about 750°F. and a pressure of at least 80 pounds per
square inch gage.

15. In the hydrogenation of carbon monoxide wherein a
gaseous mixture of hydrogen end carbon monoxide la passed
upwardly through a reaction zone contmining finely divided
iron catalyst to suspend the catalyst mass In said stream

in a dense fluidlzed psgeudo-ligquld condition st temperatures
in the range of L50-750°F,, the irprovement which comprises
malntaining a pressure of at least 80 1bs. per square inch
gage and a H,:C0 ratio of at least l:l In the fresh feed

to the operation, passing the gaseous mixture through sald
cetalyst maas at a feed rate equivalent to at least 1.1

standard cubic feet of aald carbon monoxide per hour per

pouﬂd of iron catalyst in the dense fluidized mass of catalyst,

geparating unconvertsd gasss eand recycling unconverted gases
for passage through the reaction zone in admixture with the
fresh.feed, and malntaining the H,:CO ratio of the fresh
feed gresgter than the ratio in which these reactants are

converted to other compounds to malntaln the H,:00 ratle

%
in the compeoasite feed for & major proportion of the time

of cperation greater than 5:1.

16. In the hydrogenation of carbon monoxide wherein a
gasecus mixture of hydrogen and carbon monoxide iz passed
upwardly through & reaction zone contalning finely dlvided
lron catalyst to suspend the cabtalyst mass in sald gtream Iin
a dense f[luldized psgoudo-lliquid conditlion at temperatures 1in

the range of L50-~-750°F., the improvement which comprisecs

minlmlezling catalyst deactivation by meintalning the H

S/

2:CO
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ratio in the gas mixture pasassing through sald zone for a
ma jor proportion of the time of operabtion greater than 5:1
and grea ter than the mol ratio in which thess reactants
are converted to other compounds, and passing the gaseous
mixture through seld catalyst mass at a feed rate eguivalent
to at least 1.1 standsrd cublc feet of sald Sarbon monoxlde

per hour per pound of iron catalyst in the dense fluldized

masg of catalyst.

17, In the hydrogenation of carbon monoxide whereln a
gaseous mixture of hydrogen and carbon monoxlde 1s pasaed
upwardly through a reaction zone contalning finely dlvided
iron catalyst to suspend the catalyst mass In sald stream in
8 dense fluldized pseudo-liquld condltion at temperatures in
the range of }}50-750°F., the improvement which comprises
minimizing catalyst deactlvatlion by malntainlng the HE:GO
ratio iIn the gas mixture pessing through said zone for a
major proportion of the time of operatlion sbout 10zl and
paasing the gaseous mixture through sald catalyst mass at

a fesd rats egquivalent to at lemst 1.1 standard cubic feet
of said carbon moncxide per hour per pound of iron catalyst

in ths dense fluldized mass of catalyat.
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