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This invention relates to the catrlytlc conversion

of carbon nxides with hydrogen to form valuable synthetic
products. The invention 1isa ﬁore particularly concerned with
an improved method of. employlng and reconditioning finely
dtvided catalysts having a high activity and gelectivity for
the formation 6f normally 1iguid hydrocarbons in the catalytic
conversion of carbon monoxide wlth hydrogen employing the
gpo-called fluid solide technldue.

The synthetic productlon of 1iguid. hydrocarbons
from gas mixturee containing various proportions of carbon
monoxide and hydrogen ig already known and numerous catalysts,
usually containlng ean iron group metal, have been degcribed
which are apecifically aetive in promoting the deslred reactions
at certsin preferred operating condltlions. For example, cobalt
'aupportpd on an lnert carrier 1s uged when relatively low
presgures {atmospheric to-about 5 atmospheres} and low
temperatures {about 975°-425°,) are applied in the manufacture
of a substantially saturated hydrocarbon product while at the
higher temperatures {about 450-750°F.) and higher pressures
{about 5-25 atmospheres and higher) reguired for the productlon
of unsaturated and branched.-chaln products of high anti-knock
value, iron-type catalysts are more suitable.

In both cases, the reactlon is strongly exothermle
and the utility of the catalyst declines steadily in the course
of the reaction due in part at least to the deposition of non-
volatile conversion products such as carbon, paraffin wax, and

the like, on thé catalyst.

The extremely exothermic character and high
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temperature sensitivity of the synthesls reaction and the
relatively rapld catalyst deactivation have led, in recgnt years,
to the application of the so-called fluid seollds technidue
wherein the synthesis gas is contacted with a turbulent bed of
finely dilvided catalyst fluidized by the gaseous reactants and
products. This technique permits continuous catalyst replacement
and greatly improved heat dissipation and temperature coqﬁrol.
However, the adaptation of the hydroecarbon syntheslsa
to the fluld sslide technique has encountered serlous
difficulties, particularly with respect to catalyst deposits and
thelr detrimental effects on the fluidizatlon characterlstice

and mechanleal strength of the catalyst.

Ag stated above, one of the most important
modifications of the hydrocarbon synthesis requires the use of
iron~type catalysts. Thege catalysts are the outstanding
repregentatives of a group of catalyste which combine a high
ayntheaizing activity and selectlvity toward normally liguid
products with a strong tendency to carbonize durlng the synthésis
reaction, that 1s, to form filxed carbon or coke-like caﬁalyat
deposita which can not be readily removed by conventional methods
of synthesis catalyst regeneration such as extraction, reductlon,
or the like.

These carbon deposits, when allowed to accumulate,
weaken the catalyst structure which leads to rapid catalyst
disintegration, particularly in fluld operation. The reduction
of the true density of the eatalyst resulting from 1ts high
content of low-density carbvon coupled with the rapid

disintegration of the catalyst particles causes the fluldlzed
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catalyst bed to expand, thereby reducing 1ts concentration of
catalyst and ultimately resulting in the loes of the catalyst
bed because 1t becomes lmpossible to hold the catalyet in a
dense phase at otherwige similar fluildization conditions. With
these changes in fluid bed characteristics, the heat transfer
from and throughout the bed decrease markedly, favoring further
carbonlzation and ascelerating the deterioration of the fluldity
characteristics of the bed.

Priocr to the present invention, 1t has been suggested
to reduce the carbon contenk of the catalyst of this type
by withdrawing the carbonized material from the synthesis
reactor and subjecting it elther to a destructive hydrogenation
treatment or to & combustion treatment with free oxXygen-contalining
gases to remove carbon either in the form of volatile _
hydrogenation products or of carbon oxldes. These traatmentéa;;
have various dlsadvantages. Destructive hydrogenation requires
large amounts of expensive hilgh preseure hydrogen. Removal of
the carbon by combustion with free oxygen-~contalnlng gases may
eitther excessively oxidize the catalyst or lead to undesired
physical changes, such as agglomeration due to sintering, etc.
Also, the combustion temperatures and oxygen reduirements are
usually excessive if substantlally complete carbon removal 1a
deslred.

The present invention overcomes the aforementloned
difficultlies and afforde various additional advantages. These
advantages, the nature of the invention and the manner in which
it is carried out will be fully understood from the following
deseription thereof read with reference to the accompanying

drawings.
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In accordance with our embodiment of the present
invention, catalyst carbonized in the aynthesla of hydrocarbons
from CO and Hp 18 subjected to an oxldizing treatment with
an oxidizing gas at conditions permitting substantlally com-
plete removal of the carbonaceous deposit without unde-
girable effects on the active catalyst componert, particularly
iron. It hae been found that i% is possible to effect the
oxidatlon of cokxe with such oxidizing gases as alr, oxygen,
gteam, carbon dloxide or mixtures of these gases, wlthout
oxidizing the iron or even wlth an appreclable reduction of
any iron oxlide present in the catalyst.

This embodiment of the inventlon is baeed on the
dlscovery that the ultimate state of oxidatlon of the iron,
aoke and hydrogen present in the system may be controlled by
a suitable control of pressure, temperature and rate and
composition of the oxidizing gas. The syetem may be operated
at preesures ranging from close to vacuum %o 100 atmospheres
or more and temperatures varying from about 800°-2000°F.,
provided temperatures, pressures and gag feed are properly
correlated. However, relatively low presesures of, say,
about atmospherlc and high temperatures of above about 1300°F.
generally favor the desired reactions.

The reactions encountered in this process may be

summarized briefly as followa:
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C + 0p = 002 (1)
20 + 0, = 2 00 (2)
Fed + Hy = Fe + Hp0 (3)
HpO + € = CO + Hy (%) ’
0O + Hy0 = €0, + Hy (5)
€O, + C = 2 €O {6)
1/4 Fes0y + Hy = SQgOFe + -

) At any glven temperature ang presaure of the system, the ultimate
results obtalned depend onéyﬁe total pressure of the carbon
.oxiﬂes and the ratio of partial pressures of carbon dloxlde and
carbon monoxide present. Whether or not the iron is lefs
unaffested, oxldized, or reduced depends on the partlial pressure
- ratio C0,/CO or H,0/H, within the reacting atmosphere. The
f1uid technique results in the gas composlitlon throughout

‘the reactor tending to be essentlally the pame as the exit

gas composition. Thére“are different ratlos of 00,/C0 or A
H,0/H, et which the state of the lron will not he affected.
Thege ratlos are slightly dependent on the temperature but
independent of the pressure of the operatlon. There aleo
exipts a certain ratio of carbon dloxlde 5o carbon monoxide
partial preesures above whlch carbon will be oxidized by

the gas phase or below which carbon will be deposited from the
gaa phase. The ratlo is dependent on both temperature and
carbon oxides partlal pressure. Thus, at a glven tempefature
and coz/co ratio, a decrease in the sum of partial pressures

of the carbsn oxides allows for easler oxidatlon of carbon

and vice versa. For a definite temperature and C0,/CO

b
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ratilo there exiets a definite partial pressure of carbon
monoxide above which carbon will be deposited and below
which carbon will be oxldized.

The present embediment of the invention is based on
the dlscovery of the practical conditions which will permit
the treatment of the coked iron catalyst with an oxldizing
Bag 80 a8 to remove the coke deposit but leave the iron
unchanged, or even 8o as to reduce the iron. In effect,
the process of the invention comsists in an oxidation of
the carbonaceous deposit with a predetermined guantity
of oxidizing gae under these conditions of temperature and
preseure so that the flue gas formed will not burn iron.

The followlng tabulation shows the partial pressures
of carbon monoxide plus carbon dioxide below whieh our

process can be made tn operate at different temperatures,

Temperature, °F. 1100 - 1200 1300 1472
Pco + Pcop, Atm. 0.132 0.42 1.32 6.14
Pco,/Pco 0.84 0.74 0.65 0.52
Minimum Pco,/Peo 0.50 0.Ul 0.36 0.30
oxide Type Fe0 Fe0 Fe0  Feo

At these conditions, the ratio Pco,/Peo is such
that the gas phase is just in equilibrium with solid carbon and
also with both Fe and FeO0. Practlical operation will prefer-
ably be conducted at a pressure sufficlently low ao that the
value of Pco + Fcop, 18 lower than indicated for the respective
regeneration temperature glven in the above tabulation. Under

these conditions, the ratio Pcoz/Pco may be taken from the

trbulatlion at the temperature chosen for‘operation in which
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case the iron oxide will remain unaltered but the carbon will
tend to be removed. A lower ratio may be chosen in which case
gome iron will be reduced. The ratio, hoﬁever, should not% be
lower than reduired for coke oxidation. The minimum ratios
which must be exceeded for coke oxidgﬁion at an operating
pressure such that Pco + Pcoé is, fﬁ; example, 1/2 the value
indicated are likewlse given in the above tabulatlon.

The ratio of Pcoz/Pco and the value of Pco + Peoj
attalned, are functions of the relative rates of oxldizing
gas to coke and the operatlon of the process is dependent on
proper control of thesg rates. Perfect control is not necesg-
ary, since considerabléfliata.tude is poesible while etill
maintaining the déﬁired condltlons. For example, 1f et 1472°F
the combined éarbon oxides partisl pressure i1s maintained at

6,14 atmospheres in the reactor outlet, no reaction will

oeccur on either the irdn or coke in the system providing the .

002/00 ratio 18 held at 0.52. However, if at this temperatgr%$ 
the combined carben oxides partial pressure 1s reduced to i _
atmosphere and the 002/00 ratic 1s maintained at 0.52, the lron
will not be affected while the coke will be oxidized. In
other words, at 1 atmosphere partial pregsure of the combined
carbon oxldes, if the qu/co\ratio is permitted So go below
0.52 the iron will be reduced while coke will continue to be
oxidized unless the C0,/CO ratioc drops to 0.12 at which point
no change will occur 1n the coke. However, if the C0,/C0
ratlio ie permitted to fall below 0.12, coke will tend to be
deposited. At 1472°F., Af the combined carbon oxildes partial

pressure ig allowed to rise above 6.l4 atmospheres and 1f the

-
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ratio of GOZ/GO igs permitted to rise above 0.52 both the
coke and the iron will tend to change to the oxidized state.
Broadly, these relationships may be expressed by

the followlng eguations:

~1.170 + 1730 0 ' s
e (1)

: _a_ (9.25 ~ 161%0 »
1+I‘ = rolo t+ D) ----.-.,‘(2)

wherein r 1s the ratlo of the partial pressure of 002 to that

of €O, 8 18 the Bum of these partlal pressures in atmospheres
and t 1s the temperature of operation in °F. For operation
excluding an oxidation of iren during carbon remcval, the value
of r should be egual %o or less than that given by equation
(1) but greater than that defilned by equation (2). In using
equation {2), the temperature t and the sum s must be selected
and any value of & which reesults in a value of r from eduation
{2), lower than the value of r resulting from equation (1),
is satiasfactory. '

I+t may be desirable to reduce the oxygen content
of the iron catalyst without affecting i%ts carbon content or
even with an acconmpanying increase of 1ts carbon content in the
form of free carbon. In these (nalances, r should be equal
to or lower than the value defined by equativn (2). Prablems
1ike this may occur in connection wlth synthesis reactlons
whereln little or no ;arbon 1s formed in the syntheslae stage.
In order to oxidize the iron without burnlng carbon, the
value of r must be greater than that gilven by eguation (1)
and the value of s must be at leagt equal to that given

by equation (2) for a value of r greater than that given by
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edquation (1).
8imilar results may be obtailned when using steanm
as the oxidizing gas in place of free oxygen or carbon dioxlde.
Instead of using the combined partial presssurea of carbon
oxides and the ratio of oarbon dioxide to carbon monoxide as
the factors controliing the oxidation conditions, the reactlon
with steam may be governed in the direction of carbon removal
without iron oxidation by‘gontrolling the steam guantity eo as
to establish the proper Hédg?z ratic and the proper partial

Peop X PH
pressure ratlo P

relationships outlined above also héld in the cage of using
ateam. as the oxidizing gas.

| A particular advantage in using steam instead of
free oxygen in the form of aif ig the fact that the exit
feactor gages are sultable for use 1ln the hydrocarben synthesis
process since they do not contain nitrogen which would be
present had alr been used as the oxldizing agent.

cd Free oxygen, carbon dioxlde and steam have besn

treated ébove ap oxidizing gases substantiaslly equivalent

for the purposes of the invention. While this is trus as

far as the reaction mechanism is concerned which determines
the degree of oxldation in the lron-iron oxilde - carbon-carbon
“oxldes - hydrogen-steam system, the heat effects of. the ’
resctions involved are basically different. The oxldatlon
with free oxygen 18 strongly exothermie, those with carbdon

dioxide and steam are endothermic. Oxidation with free

exyeen in the form of air, mixtures of ailr with oxygen, or

~10-
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pure oxygen, redquires, therefore, the provision of sultable heat

withdrawal means which may have the form of oonventional cocling.
equlipmenst or of a preferably contlnuous sellds cycle from the
combustion zone through a coollng zone bacX to the combustion
zone. Oxldation with steam or carbon dloxide, on the other
hand, demands the addition of heat which may be accomplished

by Inatalling a firetube heating coll, or the like wilthin

the reactor ao that the reaction may he carried out at any
desired temperature.

However, it hes been furtier found that the process
of the invention may be carried ovi substantially adlabatically
when sultable mixtures of air and/cr oxygen, steam and/or
carbon dioxide are used ag oxldizing gaseg under properly
controlled condltlons.

For example, 1t is pogsible to control both tempera-
ture and aelectivity of coke oxidation and/or iron oxldation
by the use of proper mixtures of air and ateam. The ratlo
of air to 8team required depends on the temperature and
pressure of the operation -as well a3 the composltlon of the
coke to be burned in order adiabatically to control the
process. However, it may be stated that the decarbonization
of an iron catalyst containling in the neighborhood of 15%

of carbton and 1% of H,, without affecting the state of oxidation

20
of the lrmn, may require about 0.03 1b. mole of alr and about
0.0L 1b. mols of steam for each pound of catalyst to be regen-
erated. Tune temperature in this medifieation of the process
may convenlently be controlled by regulating air preheat, which

ig most readlly accomplished by heat exéhange of the alr with

~13-
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the exit regenerator gasea. The presence of steam, 1n addition

to making the operation adiabatlc, has the further advantage

of diluting the carbon oxldes in the aystem wherchby it ise poszsible
te operate the system at hlgher total pressure at a given
temperature than without the steam addition, slnce the partial
vressure of carbon oxide 1s reduced.

Adiabatie operation ¢f the process may also be
accompllshed when ueing carbon dloxide as the prineipal oxid-
izing gas, by the addition of free oxygen, for instance in
the form of air, to the system in onantitles that depend on
the quantity and composition of the coke to be removed, 1in
a manner similar to that outlined in connection with the use
of gteam.

Instead of adding air alone to the steam oxidation
systen, mixtures of free oxygen. such as alr, with gaseous or
liquid hydrocérbons or hydrogen may be used in proportlons
adequate to balance the heat requirements of the system, by the
exothermic combustion of the hydroearbons or hydrogen with the .
free oxygen added. This modification is particularly beneficial
when there ig insufficlent coke on the carbonized catalyst to
supply the reguired heat for malntaining the deslired reactor
gemperature. Suitable proportions are, for example, 8200 1lbs/hr.
of iron, 11.2% of coke on iron, the coke containing ol 5% C
and 5.5% Hy, a temperature of 1400°F., a maximum pressure of
140 p.go.i.a.and a supply of 26 1b. mols/hr of CHy, 52 1b.
mole/hr. of 0,, and R1.9 1b. mole/hr. of steam.

A similar procedure may be followed when carbon dloxlde

is used as the principal oxidizing gas. Thus, 1t -2s been

12
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fourd that by charging a mixture of methane and free oxygen

containing gas, such as air, to the steam oxldation system
either internally or externally from the coke-burning reactor
1t 1s poseidble to operate the system adiabatically. In all
cases; there willl be a definite ratic of carbon dloxlde, free
oxygen and hydrocarbon required for adlabatic decarbonlzation,
depending on the type of hydrocarbon used, the amount and com-
poeltion of the coke to be burned and the temperature and
preesure of the operation.

Inastead of using m hydrecarbeon as deserlbed above,
hydrogen may be added to the system to render the operatlon
adiabatic. It has been found that this may be accompllshed
by charging a mixture of hydrogen and oxygen ln a ratio of
about 2:1 along with the steam. The amount of hydrogen
required for this type of operation agaln depends on the
tenperature and pressure of the operation as well as the
composltion and qQuantity of the coke to be burned. In general,
the oxygen 1s fed in a ratio such that 1t suppliea the heat
requirement of the system and has the same effect on the
gystem as the steam which 1t replaces. By way of example,
operating conditions suitable for this embodlment of the
invention may be given as follows: 8200 lbs./hr. of catalyst
expressed as iron, 11.2% of coke on iron, the coke containing
g, 5% C and 5.5% H,, temperature 1400°F,, maximum pressure
189 p.s.l.a,, supply of about 85.9 1b. mols/hr. of steam,
71.8 1b. mols/hr. of H, and 36 1b. mols/hr. of 055

It has Dbeen shown above that for every temperature

there is a definite combined carbon oxldes partial presesure

=13~
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sbove which, and & definlte C0,/CO ratio below which 1t is not
possible to oxidize coke. Now, i1t has been further found that
the process may be operated at any pressure desired for any
glven temperature when an inert gas, such ag nitrogen, 1s
added to the system in suiltable amounts. In thle manner, the
total pressure of the system may be ralsed without affecting
the ratio and relatlve partial pressures of the carbon oxldes.
By the same means it becomes poesible %o operate at lower
temperatures, Aif 1t is desired to operate at a definlte
pressure, For example, when uslng pure oxygen, the’maximum
pressure may be, say, about 80 p.s.i.a. to produce 100 mols
of inert-free outlet gas. By adding 100 mols of inerts such
&8 nitrogen ta the gas feed, the proceas may be operated at
& maximum pressure of 160 p.8.i.a. Thus, in this case, the
maximum &llowable preasure is doubled by a dilution of the
active gas constituents wlth an equivalent guantity of inerts.
It will be readily understood that this modification
of the invention has significant advantages eince 1%
facllltates operation of the catalyst regeneratlion system
at the pressure of the synthesls process and at temperatures
more cloeely approaching those of the synthesls process.
Having eet forth its objecte and general nature,
the embodiment of the invention described above will be best
understocd from the more detalled description hereinafter in
which reference will be made to Flgs. 1-3 of the accompanylng
..drawings whereins
Figure I is a seml-dlagrammatical view of a gystem

sultable for carrying out the regeneration of iron-type

==
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synthesls catalyst in an exothermic or endeoethermle reactlon in

# accordance with the present inventlon;

Pigure II ig a similer illustration of a systen
sulteble for the regeneratlon of the asame catalyst ln an
adlabatic operatlon: while

Figure III illustrates the case of indlrect heat
supply to the systen.

o ,. ' ? :ﬁeferring now in detail to Flgure 1, the system
_illustrafsd therein esseﬁtially compi ises a synthesls reactor
(10} and a catalyst regenerator (30), whoee functions and
cooperatlon will be forthwith explained.

In operation, syntheels reactor (10) contalns &
dense, turbulent, fluldized mass of iron catalyst such as
gintered pyrites ash promoted with about 1.5% of potasalum
carbonate. Synthesis feed gas contalning about 0.8=3.0
volumes of Hz per volume of CO is supplied from line (1) te
reactor (10) at a sultable synthesis pressure of 5-50
atmospheres, preferably 20-40 atmospheres. The synthesls
terperature may be maintained between the approximate limite
of 500°-800°F., preferably between about 550% and 700°F. by
conventional methods of heat removal (not ahown). Detalls
of the opefétion of fluid synthesis reactors using iron
catalyst are well known and need not be further specified here.

Ag stated before, carbon depositas form on the
cataiyst in reactor (10) and in about 100 hours as much as 50
1bs. of carbon may be deposited on each 100 1lbs. of catalyst.
This will tend to dlminiéh the activity of the catalyst and

algo cause 1lts physical disintegration 8o that fines in
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excegpive gquantities will be formed. If this conditlon 18 not
corrected, thé density of the catalyst phase will drep rapidly
and the entire catalyst will be eventually blown out of reactor
{(10). The present inventlon corrects thls difficulty by sub-
Jesting the carbonlzed catalyst to & continuous regeneratlomn

in regengrator {30) at the conditions of the invention as

will appear more clearly hereinafter.

By way of example, 1t is assumed that 8200 1bs. per
hour of catalyst (expressed as weight of pure iron} contalning
11.2% coke on iron is to be regenerated without affecting the
atate of oxidation of the iron; The coke contains 94.5% C,
5.5% H. The carbonized catalyst is withdrawn downwardly
through a system of lockhoppers (12} wherein the pressure may
be reduced to atmospheric at which the catalng may be charged
through 1line (15} to regenerator (30) which‘mﬁy.have a diameter
of about 10-12 f£t. and a helght of about 25-40 ft. Alr is
sﬁpplied by bBlower {(17) through lines (19) and (2z1) to the
bottom of regenerator (30} which it enters through a dl?tri—
buting means, such as grid (23), at a velocity of about 0.5-5 Tt.
per second to regenerate and convert the catalyst within
regenerator (30) into a dense flnidized mass having an upper
level (L30)° About 1,620 normal cu. ft. of air per ninute
is gpuitable for this purpose at the conditicne indicated.

The regeneratlon reaction 1s exothermic and about
3.5 mlllion'BTU per hour must be removed from the catglyst
maBss to maintain it at a temperature of about 1&Q05Fa At
these condlitions, the comblned carbon oxidegﬁpﬁﬁtial préssures

Peop whv e
equal 0.24 atmospheres and the ratlo Peo gquals 0.58, and

1=
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the iron will leave the regenerator with the same oXygen concen-
tration as it enters the regenerator.

However, in order to assure a non-oxidizing atmos.-
phere wilth respect to iron throughout regenerator (30), it
1g desirable to circulate flue gas from the top of regenerator
(30) to the regenerator inlet. For this purpose, the flue gas
leaving level (L30) overhead may be passed through a conventlonal
gas—-gollds separatlon system (25) which may include ecyclones,
precipitators and/or fllterse and from which separated ocatalyst
fines may be returned through line (27) to regenerator (30),
or élscarded through line {29). The gas now subatantially
free of entrained solids may be passed through line (31)

and @ cooling means such ag a waste heat exchanger (33) over

"a recycle blower (35) and line (37) back to air feed line (21},

The proportion of gas recycled through line (37) preferably
amounts to about 2-8 times the quantity of flue gas produced
in regenerator (30)n Excess flue gas may be vented through
line (39).

In accordance with a preferred embodiment of
the invention, the recycle gas is sublected to a partial com-
bugtion in an auxillary bufner {40) by the process alr
supplied Sthrough line {19). In this manner, substantially
all the oxygen of the alr is converted to ocarbon oxldes
outside the regenerator, which Ffacilitates the maintenance
of the desglred oxidqtion conditions in regenerator (30} so
ag Lo avoid undesired oxidation of iron. As a result of the
high flue gae recycle ratlo, all the oxygen in the air is

converted into carbon oxides and water vapor while atlll

19~
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maintaining a desirable ratio of C02:C0 In the feed gas to
regenerator {(30). 8ince, in thls case substantlially no .
exothermic reactlon takes place ln regenerator (30) itself,
no cooling of the regenerator is required, the heat needed
to aﬁpport the endothermic re%ction in regenerator {30)
being generated 1in burner (hof which is preferably operated
at a temperature of about 1B00° to 3000°F.

In this manner, the temperature of regenerator (30)
may be readlly controlled. ‘In cases requiring heat removal
from regenerator (30), any additional heat withdrawal means
such as cooling coila or Jackets (not shown) may be provided.
It is preferred, however, to accompllieh any necessary
additional cooling by means of catalyat circulated from
regenerator {(30) through a cooling means such as & wasgte
heat exchanger (42) back through line (21) to regenerator (30).

Decarbonized catalyst is withdrawn downwardly through
bottom drawoff 1ine (45) and cooler {47) to be cooied to
about 400°-600°F,., and to be passed via a lock hopper system
(49) to synthesis gas feed line (1). The catalyst suspended
in the syntheais gas 1s returned to syntheeis reactor {(10)
for reuse.

The system illustrated by the drawing permits of
various modlfications. For example, certaln iron catalysts
tend to sinter under the above described decarbonlzatlon
conditiona, which interferes with a proper fluildizaticn of
the . eatalyst 1n regenerator {30} In these cAaBes, regenerator
(30) may have the form of & rotary kiln to which the oxldlzing

gas 18 charged. Iron oxidatlon may be substantially elimlinated

—18-
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by paBsing sollds anéd gases coneurrently through the rosary kiln,
pecause although lron may tend to be oxldized in the feed
portion of the kiln, the gas compesition in the remalning portion
of the kiln is such &8 will reduce any iron which may have

been previously oxldized. Fiue gas recycle substantislly as
describéd above may be uaed o suppress iron oxldation 1n

the cage of either concurrent or countercurrent flow of catalyst
and gé.sesa Heat may be remdved by recycling a cooled portlon

of the flue gases to the X1ln.

The regeneration may also be carried out at elevated
preassures, 1f desired, particularly 1n the presence of inert
gases s8o that pressure reduction on the catalyst flowing from
the synﬁhesia reactor Lo the regenerator may be substantially
minimized. For example, at the conditions speclifled above for
the ﬁperation of the aystem of Pigure.l, pregsures up to about
222 1lbs. per s4. in. abs. may be used. Operation at higher
temperatures permits the useﬁof higher pressurea. Either one
or boﬁh of the lock hopper systema (12) and (49) may be
replaced by standpipes or mechanical coanveyors, 1if the pre-

valling pressure conditions permit. :
As & regult of the high temperature employed in the
. regeneration stage, substantial prqporfiohm of the alkall

metal promoter content of the catdlyst may be lost. This

promoter may be adVantageoualyJ;Epiaced at any peoint of

the system after the catalyet has been completely regenerated.
For example, & sultable promoter aolution'such ag an aguesus
golution of a potasaium hydroxide, carbonate or halide may be

injected through line (51) into catalyst withdrawal pipe (45).
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A conventiecnal astcam-separating zone {(not shown) may then be
arevided above line {(51). Additlon of the promoter at this
or & similar peoint rather that in the synthesis reactor 1ls of
advantage 8ince the catalyst at this point is free of oil
and eoke and the promoter may thus penetrate the catalys$
much more offectively than 1f it is added toe the catalys:
in the aynthesig reactor.

It may alsc be desirable to subject the regenerated
catalyst to a carbiding treatment pri.r to its return fto
the synthesis stage. This may be advantageously accomplighed
by epntacting the regenerated catalyst, preferably after
reduction, with CO-containing gages at relatively low CO-
partial pressures, of preferably less than 1 atm. and
temperatures of about 5007-800°F. Conditlons should be so
controlled that the atmosphere in contact with the catalyst isg
non-oxidizing with respect to iron and its carblides and that
about 20-%0% of the iron is converted to iron carbides,

Other modifications will appear to those gkillled
in the art without deviating from the spirlt of the invention.

Referring now to Figure II, the system illustrated
thierein is similar to that of Figure I, like reference char-
acters ildentifying Iike elements. However;, the regeneration
of the caftalyst le carried out adiabatically in the cage of
Figure IIp.a suitable mixture of Iree oxygen and steam being
used as the oxidizing gas.

The carbonized catalyst is $raneferred from fluld
synthesis reactor (10) to regenerator {30} substantially

as described before. Ailr is fed by blower (17) through line
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{21} and mixed with steam supplied through line {22). The
air-gteam mixture enters the bottom of regenerator (30)
through grid {23), in sultable proportiona and in amounts
sufficient %o maintaln a regeneration temperature of about
900° %o 1500°F. without the addition or withdrawal of heat
and a flue gas composltion permltiing substaniially complete
coke removal without affecting the state of oxidatlon of the
iron.

For cxample, when 5,660 1bs. per hour of catalyst
expressed as iron contalning 15.3% of carbon and 0.9%
of hydrogen on iron 1s to be regenerated, the alr reduired
for regeneration amounts to 169.6 1b. mols per hour and
the steam needed to establish the desired heat balance
amounts toc 53.3 1b. mols per hour.

The alr may be preheated to about 200° to 10C0°F.
in heat exchange with flue gas flowing through lines (31)
and {37) and heat exchanger (33). If desired, a portion of
the flue gas from line {(37) may be reeycled to regenerator
{30) substantially as described above. The remainder may be
vented through line (41). Pressures up to about 210 lbs. per
8. in. abs., may be used at the conditions apecified above.
However, higher pressures may be used at higher temperatures.
If the temperatures attain or exceed the sintering temperature
of the cabalyst, & rotary kiln may replace fluld regenerator
{30) substantially ag described in connection with Figure 1.
Return of decarbonized catalyst and promoter restoration,
likewise, may take place 1n the manner previously descrlibed.

In the asystem of Figure III, steam alone ia used
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to remove the coke in mn endothermic reaction and heat must be
supplied to regenerator {30). For thls purpcsc, a bank of

fire tube heatlng coils {55) 1s arranged within regenerator (30)
below level (L303 of the fluidized catalyat mass therein.

Steam is supplied through line {22). A combustion mlxture of
air and gaseous, liguld or powdered solld fuel is fed from
tines (57) and (59), respectively, through line (61) to colle
(55) whereln combustion takes place at a temperature of about
1500° to 3000°F. to maintain the flu‘dized catalyet bed at a
sultable coke oxidation temperabture of about 1100°-1500°F.

The amount of steam suppiled is so controlled thet
conditions non-oxidizing with reference to 1ron are maintalned .
Suitable operating conditions may be chosen, for example,
ag follows: 8200 1bs./nr. of catalyst as iron, 11.2% coke on
iron, the coke contalning 94.5% C and 5.5% Hp, supply of 157.7
lﬁomols/hrn of steam, temperature 1400°F ., maximum pressure
189 p.a.l.a. A% these conditions, about 9,000,000 BTU per
hour of heat must be tranaferred through tubes {55}, which
requires & supply of about 40 1b. mols/hr. of methane and 380
1b. mols of air o tubes {55) for heating.

511 other steps are simllar to those set forth in
connection with Figures I and II, like reference characters
identifying like clements. The system of Figure III may be
nged in a substantially analogous manner when GO2 alene is
employed as the oxldlzling gag. When it is desired to supply
heat to regenerator (30) by burning & hydrocarbon or hydrogen
with free oxygen within reactor {30), suitable mixtures of alr

with hydrogen and/or hydrocarbons may be supplied through lines
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(21) and/or (22) in any of the systems illustrated 1n the drawing.
Ligewise, an inert gas sueh ag nitrogen may be supplied through
these lines whenever hnigh prozsure operation or low tempera%ure
operatlion at a definlve pressure ig desired.

If the oxygen content of the catalyst withdrawn
from regenerator (30) through line (&5) in any of the gystems
described is higher than would be desirabtle for an efficlent
operation of the hydrocarbon synthesls, the regenerated catalyst
may be subjected to a reduclng treat ent with a reducing gas,
preferably hydrogen, under conventinnal conditions and, 1if
desired, at temperatures and pressures approximating those
of the hydrocarbon syntheels.

It may also be deslrable to ecarry out the hydrocarbon
synthesis in a plurality of fluld type reactors through which
the catalyst ls passed in serlee to withdraw catalyst of unl-
formly highest carbon montent rather than of average carbon
concengration from the 1last reactor and the return regenerated
catalyst to the flrst reactor. This method of operation,
which ie disclosed hereinafter, affords substantial savinge in
oxidizing gas and sollds elirsulation rate, as will be
subsequently shown in greater detail, in conneetlon with
Figs. V=-VIIXI.

While synthesls catalysts, such as iron-type catalyst,
nave been specifled by way of exanple in the preceding des-
cription, itwi'l be understood by thoee skilled in the art
‘that the process of the inventlion may be applied in a
substantially analogous manner to the decarbonization »nf other

oxidizable materials which are assoclated with carbon, such asg
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other wetals, for example nickel, cobalt, molybdenum, mARga-
nese, chromlum, noble metals, etc. or thelr oxides, without
affecting their state of oxldation. Generally 1t may be stated
that the process of the inventlon may be successfully applled
to carbonized metals or thelr oxides which stand in about the
same or a higher {(nobler) position than lron, in the electro-
motive series. The nobler the metal the broader may be the
range of operatives ratlos of 002/00 partial pressures and

the lower may be the operating temperatures.

’When operating in the manner previously deseribed,
such catelyst fines of undesirably small particle size as may
have beer formed prior to regeneration may, sccumulate and in
runa of long duratlon eventually interfere with an efficient
operation of the process unless they are discarded from the
catalyst cycle.

The embodlment of the present invention described
below overcomes this difficulty and affords various additiconal
advantages.

In sccordance with this embodiment of the present
invention, catalyst carbonized and dialntegrated in the
catalytic asyntheais of hydrocarbons from CO and H2 is con-

tinuously cor intermittently sulbijected to a combined oxidation and
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gintering treatment with & fres-oxygen econtalning gas such as
air at temperatures of about 100°-2000°F. followed by reduc-
tion at similar temperatures and grinding to a fluldizable
partiecle size whereupon the catalyst is returned %o the
synthesis stage. Sintering temperatures in the nelghborhood
of 1400°F. or thereabove are generally suitable for iron
catalysts. The reduction temperature may be the same or
slightly lower than the sintering temperature. The catalyst
is preferably cooled %o about 100° to 200°F. prior %o
grinding. Since at the high temperatures here involved,
substantial proportlons of alkaeli metal promoters may be lost,
the cool catalyst is preferably impregnated with & sultable
solution of a promoter such ag the halldes, carbonates or
hydroxides of sodium or potasslum, prior to its return to
the synthesls stage.

For the purpose of reductlon, the relatively expensive
nydrogen normally used as & reducing agent is replaced by a
reducing atmosphere formed on the eatalyst undergoing reductlon,
by contacting the oxidized and sintered catalyet wilth
carponaceoue materials and air and/or steam at temperatures
suiltable for the reduction of the oxidlized catalyst. Coke,
coals, fuel olls and fuel gases ineluding methane may be
used as ocarbonacecus meterials. In accordance with a preferred
embodiment of the invention, sufficient carboen ls left on the
catalyst during the sintering treatment to react with steam
and/or air admitted to the reducing zone so as to form a
suitablé reducing mixture, if necessary in cooperation with

extranecud solid, lidquid or gaseous fuel admitted to the
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reduction zone. Complete reduction te metal of the catalyst
oxidized during the sintering treatment 1s freguenily not
required.

From the above absorption of the first embodlment
of the invention it follows that at relatively high
temperatures of about 1200° to 2000°F. 1% is possible %o
produce, by the reaction of steam with coke or other
carbonaceous fuela, a gaseous mixture of hydrogen, wager
vapor, carbon monoxide and carton dicxide which willl be
oxidizing with respect to carbon but will tend to reduce
irpn oxide to metallic iron. For this purpose, the feed
ratio of steam to carbonaceous fuel should be so controlled
that the values of the volumetrlc ratio 002200 and the sum of
the partial pressures Pco + Pco, stay below those previously
tabulated, These conditions and relationships are fully
applicable to the present embodiment of the inventlon,

Operation in two subsequent sintering and reduction
stages afforde the advantages of hlgh process flexidbility.
However, it 1s noted that satisfactory results may often be
gecured by treating the catalyst in a single stage at conditlons
conducive to decarbonization and sintering and gimultaneous
reduction of iron oxide by charging a mixture of steam, air
and fuel, if necessary, to establish the gas composition
described in connection with the above table.

Any conventional type of slntering apparatus may
be used for the purposes of the inventlon. Good results may
be obtained when the sintering and/or reduction treatment 1is

carried out in rotary kilns with concurrent or countercurrent

26



011647

flow of catalyst and treating gases. In accordance wlth & pre-
ferred embodiment of the invention, two rotary kilns are used
in the first of which the catalyst 1a sintered and oxldized
with countercurrently flowing air, while in the second klln
the catelyst 1s sublected to reduction with a concurrently
flowing reducing gas mixture of the type gpecified above.

This embodiment of the invention will be best
understood from the more detailed description hereinafter
in whicn reference will be made to Flg. IV of the accompanying
drawing, which is a seml-diagrammatic 11lustration of a
system sultable for carrylng out a preferred modificatlon.

Referring now to Fig. IV, the system illustrated
therein essentlally comprises a synthesis reactor (410), =
sintering reactor {430) and & reductlon reactor {440), whose
functione and cooperation will be ferthwith explalned.

In operation, synthesis reactor (410) contains a
dense, turbulent, fluldized mass of iron catalyst such as
sintered pyrites ash promoted with about 1.5% of potassium
carbonate and having an original particle slze of about 20-100
microns, preferably 50-100 mlcrons. Synthesls feed gas con-
talning sbout 0.8~3.0 volumes of H2 per volume of CO 1s supplied
from line (401} to reactor (410) at a sultable aynthesls
pressure of 5-50 atm., preferably 20-40 atm. The synthesis tem—
perature may be maintained between the approximate 1lmits of
500°~800°F., preferably between about 550° and 700°F., by
conventional methods of heat removal (not shown). Details of
the operation of fluld synthesis reactors using iron catalysta

are well known and need not be further speclfled here.
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As stated before, carbon is deposited on the catalyst
in reactor (410) and in about 100 hours as much as 50 1bB.
of carbon may be depoeited on each 100 1bs. of catalyst.
This will tend to diminieh the actlvity of the catalyst and
also cause its physical disintegration so that fines having
particle sizes smaller then 2C microns will be formed 1in
excessglve quantities. If this condition igs not corrected, the
density of the catalyst pnase will drop rapldly and the entire
catalyst will be eventually blown ous of reactor {410). The
present embodiment of the invention corrects this difficulty
by subjecting the carbonized and partially disintegrated
catealyst to an oxldative sintering treatment in reactor {430)
followed by a reducing treatment in reactor {4140) and by
regrinding to the degired size as will appear more clearly
hereinafter.

By way of example, 1t 15 agsumed that 100 1lbs. pser
hour of catalyst expresgsed as pure iron, containing about 15.5%
coke on iron, 6.0% 0, on iron, and about 40% of fines smaller
than 20 microns particle size, 18 %o be decarbonized and restored
to its original particle slze. The carbonized and partlally
digintegrated catalyst 1s wlthdrawn downwardly through a systen
of lockhoppers (412) whereln the pressure m&y be reduced to
atmoapheric at which the catalyst may be treated in reactors
(430) and (Lh0) .

After pressure release, the catalyst Ls conveyed by
any suitable conventional mechanical or pneumatlc conveylng
means (414) to a feed hopper (416). The catalyst in hopper

{416) may be kept in a readily flowing state by admitting

28




011647

through line (418) an aerating gas, such as air, flue gas, stesam,
etc. which may be withdrawn through line (420). From hopper
{416) the cataiyst is fed by gravitijia feeding means {(425)
to the upper end of reactor {430}, whlch may have the form of
a conventional rotary kiln. Simultaneously, eir is blown from
1ine (432) into. the lower end of reactor (#30). The amount of
alr sdmltted should be sufficient to heat the catalyst by
combustion of coke to & temperature high enough to cause
sintering of -the catalyst and the formation of larger catalyst
agzlomerates from the fines present, Reactlon temperatures of
about 1200°-2000°F. are sultable for this purpose. Thus,
reactor (430) may be #o operated that an average temperature of
about 1900°F. 1s maintained while about 90% of the carbon 1is
burned off and about 15 to 35% by welght of oxygen 1s bound by
the iron. An amount of about 5,000 to 9,000 standard cu. ft.
of air per hour is sultable to establish these condltions in
the case of the specific example here involved. If desired,
heat may be removed from reactor (430) in any conventlonal
manner, gsuch as ude of excess &air, recirculation of cooled
gsollids, injection of & water spray, etc., Spent oxidizing gas
is removed through line (433), preferably after a sultable
gas-solide aeparation 1n conventlonal squipment such &8 &
cyclone separator (not shown) from which separated solids
may be returned to reactor (430).

The sintered and oxidized catalyst is supplled at
the outlet temperature of reactor (#30), l.e. mbout 1500°-
1900°F., from the lower end of reactor {(430) to a feeding and

mixing means (434) wherein i% iz mixed wlth gubdivided coke or
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a @imilar carbonaceous fuel supplied from iine (436}. The mixture
of sintered catalyst and fuel enters the upper end of reactor
(440) which may likewise be & rotary kiln of guitable dimensions.
Simultaneously with the solids feed, a mixture of steam and alr
1s supplied to the upper end of reactor (440) from lines {43R)
and (439), respec‘tively° The relative amounta of fuel, alr and
stean are 8o controlled that an atmosphere reducing wilth respect
to iron oxide is formed within reactor {440) by the converslon
of the fuel with steam into CO and H, while, at the game time,
_aufficient heat 1s generated by the combuetion of fuel with air
to support the endothermie water gas and reduction reactions.
At the condltlons of the present example, this may be accomplished
by feeding about 15 to 25 1ba. of coke, 1,000 to 1,300 standard
cu. fto. of air and 2 to 10 1lbs. of gteam. These proportlons are
based on & preheat of the alr-steam mixture of about 500°-1500°F.
in neat exchange with flue gages from reactor (430) and/or (440).

It will be appreciated that the gas at the inlet of
reactor (440) 18 oxldizing with respect to both iron and coke,
since it consists mainly of alr and steam. However, in the
lower portlons of reactor {L40) the air, steam and coke will
have had opportunity te react and, there, gases reducing with
respect $o iron will be obtained, The temperature of the
solids entering reactor (4%0) will be 1in the neighborhood of
1500° to 1900°F. at which the catalyst was removed from
reactor (430). The temperature of the outlet gas and sollds
depends on the fuel, air and steam guantlities and preheat.

In any cass, the steam, air and coke rates may be

as controlled that the desired gad composition le obtained
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prior to the discharge of the catalyst from reactor (4¥0). Thus,
1t may be stated, dquite generally, that for a discharge temp-
erature of about 1500°F. these rates should be do controlled
that the ratio of C0, to 00 is less than &bout 0.5. At 1BOO°F.
this ratio should be less than about O.4. These conditions
may be easily met by varying the quantity of steam charged to
the kiln, no matter whether reactor (440) is heated externally
or, as described above, operated substantially adiabatlcally
by the admission of controlled amounts of alr. The treatment
of the catalyst with a CO+Hs mixture rather than pure H, has,
at relatively low temperatures within the Tanges indicated
above, the further edvantage of sultably preconditionling the
catalyst for the subsequent synthesis reaction, since 1% has
been found that the carbonizatlion tendency of iron catalysts
may be substantially reduced by & pretreatment with 00 at
elevated temperatures conducive %o carblde formatlomn.

The sintered, decarbonized and reduced catalyst
discharges from the lower end of reactor (440) into & quenching
chamber (442) wherein the temperature of the catalyst may be
reduced to about 400°-600°F., by heat exchange with catalyst
cooled by guench water in vessel {443) and recirculated to
chamnber {442) through line {445} by any conventional means.
Chamber (442) may have the function of, or comprise & conven-
tional gas-sclids separator, puch ag & cyclone. Quench water
may be introduced through line (b44). The catalyst cooled to
sbout 200°F. passes, by gravlity, intc a conventional grinding
and sizing device {446} from which 1t dlscharges at a particle

aize of about 50-100 microns into lockhopper eystem (448).
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Device (446) may comprise sieving and/or elutriatlon means sult~
able for properly sizing the ground catalyst. Particles of
undesirably small size may be discarded through line (450)

or returned to reactor (430) for resintering.

As A result of the high temperatures employed in
reactore (430) and (440), substantial proportions of the
alkali metal promoter content of the catalyst may be lost.
Thias promoter may be advantageously replaced at any polnt
of the syatem after it leaves duenching zZone {442). For
example, & suitable promoter solution, such as an squeous
selution of & potassium hydroxide, carbonate or halide, may
be injected through line {4t51) into the catalyat leaving
grinding device (4U46). Addition of the promoter at this or
a similar point rather than in the synthesls reactor is of
advantage since the catalyst at this point 1s free of oll
and coke and the promoter may thus penetrate the catalyst
much more effectively than if it is added to the catalyst in
the synthesls reactor.

Properly sized regenerated and reduced catalyst may
be passed from lockhoppers {448) at the synthesis pressure to
gyntheeis gas feed line {401) to be returned thereln &8 &
dilute suspension of solida-in-gas o synthesis reactor
{410) for reuse.

The system illustrated by the drawing permita of
various modifications. Reactors (430) and/or (4L40) may be
operated at elevated pressures, if desired, sBo that pressure
reduction on the catalyst may be substentially minimized.

Either one or both lockhopper systems {412) and {(44B) may
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be replaced by standpipes or mechanical conveyors, if the press-
ure conditiong permit. Concurrent rather than countercurrent
flow of gases and solids may be applied %o reactor (430).

As previously indicated, decarbonization, sintering
and reductlon may aleo be carried out in = aingle reactor
of the type of reactors (430) and (440}, by properly controll-
ing the reaction temperature 1in combination with the
composition of the regenerating atmosphere. For example,
this may be accomplished by feeding spent casalyst, a&ir,
and steam (coke may be reguired in addltion) to m reactor 1ln
concurrent flow, the ailr and ateam being controlled so &s
to adjust the atmoephere ot the kiln outlet.

;ﬁInstead of uaing rotary kilna &s reactors, either

one or both of reactors (430) and {440) nmay be of the
type of a Pwight Floyd machine or Herreshoff burner. Other
modifications will appear to those sgkilled in the art with-
out deviating from the spirit of the invention.

In normal fluid synthesls operatlon, the individual
particles making up the fluldized catalyst mass vary
widely in carvon content, i.e. the withdrawn catalyst
particles fall within the wide range of from carbon-free
parficles to particles of higheast degree of carbonization.
When & catalyst mass of thls type ig subjected to oxidative
regeneration at conditlone optimum for a catalyst of average
carbonization, it will be apprecilated that only a relatively
small propertion of citaiyst particles will be fully
benefited by these optlimum conditions while the major portlon

of the particles will be either over- or undsr-treated.
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The embodiment of this invention described below
eliminates this drawback and affords various addltional
advantages,

In ncocordance with this embediment, the hydrocarbon
synshesis using fluidized iron-type catalysts 1s carried
out in a plurality of conventional fluld-type reactors
through which the fluldized catalyst flows in series con-
tinuougly or intermitiently. Catalyst is withdrawn from the
last reactor in the directlon of ecat lyst flow, regenerated by
a treatment comprising complete combustion of the carbonaceous
deposits and usually some oxidaticn of the iron, and the
regenerated catalyst is returned %o the first synthesle
reéactor in the direction of catalyst flow. The synthesis gas
may be passed through the synthesis reactors either in
serles or in parallel. When applying geries flow of synthe-
gls gae, 3t may De advisable %o pass the synthesis gas
countercurrently to the catalyst flow through the reactors.
The advantages of thils progedure are aa follows:

Agguming that a given coke formation rate occurs
in a fluid-type synthesle reactor, the larger the catalyst
girculation rate through the regeneratlon eyatem the lower
will be the coke content of the spent catalyst. Large
elreulation rates of the catalyst are abriously expensive
inasmuch as larger transfer means, such as lock hoppers, are
required and, what ie more important, more air is needed for
regeneration aince a larger quantity of iron 1e oxidized.
Laboratory work has shown that when the carben content

approaches 30% or there about on iran catalyst, dlsintegration
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tends %o become excesalve. At concentrations substantially

below thias percentage, the carbon has 1ittle eifect elther
on catalyst disintegration or on catalyst activity.

It will be understood that in a system such as
deseribed in which a stream of regenerated catalyst 1s
charged to a fluld type syntheslis reacter, not all of the
particlea of the catalyst will remain in thils synthesles
reactor for the same length of time. Some will remain for
much less than average and some for : time much greater than
average. Conasequently, in order to operate in such a way
that only a small fraction of the catalyst, say about 5%,
has less than about 30% carbon it will be necedsary to
circulate sufficient catalyst to the regeneration system
so that the average carbon concentration on the gpent catalyst
18 much less than 30%. It will be observed then that one
of the moet serious probleme encountered here is that of
decreasing the catalyet flow rate.

When operating in accordance with this embodiment of
the present invention, the catalyst particles withdrawn
from the last syntheels reactor in the directlon of catalyst
flow will have a very nearly uniform carbon content
approaching the average carbon content of partlcles wlthdrawn
from a single reactor synthesis aystem after a residence
time roughlv corresponding to the tctal residence time of the
catalyst particles in the plurality of gaynthesis reactors,
provided the regenerated catalyst 1is returned to the synthesls
reactor firat in line in the directlon of catalyet flow, in

accordance with the invention. The more reactors in series the
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oloser will be the approach of the carbon concentratlon on
each particle to the average. As a result, catalyst cir-
eculation between the regeneration and reactlon stages may
be redumced wlthout inoreasing the proportion of catalyst
particles having a carbon concentration above the dls-
integration limlit. When a sufficient number of stages ls
used, thils proportion may even be substantlally reduced.

It followe that operation according to the inventlion pernlte
e substantlal reduction in the redquireoments of oxldizing and
reducing gases ag well as size of regeneration edqulpment.

These relationshlps will be best understood from
an inapectlon of the curves shown 1n Figures V and VI of the
drawing.

Figure V illustrates the effect of catalyst clr-
culation rate and plurality of reaction zones on the
regidence time distribution of the spent catalyset in the
reasctlon stage, i.e. the percentages of catalyst remalning
in the reaction stage for definite minimum times.

Figure VI illustrates the effect of catalyst
circulation rate and plurality of reaction zones on percent
carbon on spent catalyst, based on the pure iron content of
the catalyst, i.e. percentages of catalyst conialning definite
minimum quantlities of carbon.

The curves of Flgures 1 and II are based on a coke
produgtion of 975 1bs. per hour apd a catalyst hold-up
based on iron, of 65 tona. The following comparison may be

derived from tlhese curves,
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% Iron Hydrogen
Iron No. Having Alr Reduirements
Circulation Stages More Ave.% Reguire~ for Catalyst
Curve Rate, Tons in Than C on ments Reductlon
No. Per Hour Series 30% C Iron (MSCFH) (M30FH)
A 2.83 4 8.0 17.25 211 72
B b1 1 B.0 11.9 252 105
¢ 4.l 4 1.5 11.9 252 105

Curves A and B Andicate that 8.0% of catalyst 1s 2n
the dlsintegration range for both curves, l.e. above 304 C.

Thé 4 stage operation A 1s at a lower clrculatlon rate. Hence,
in operation A lese oxygen 1ls consumed by oxidatlon of the iron
assoctated with the coke, whiech results ln a substantially
reduced overall oxygen requirement.

Comparison of curves B and C, which are for the same
circulation rate of 4.1 tona per hour, indlcates that the same
amount of oxygen is required. However, the L stage process
(c) has only 1.5% of the spent catalyst 1n the disintegration
range (above 30% C) as compared with 8% for ocurve B,

Tt has been pointed out heretofore that the oxldative
regeneration treatment 1s preferably carrled to a acomplete
decarbonization of the catalyst. This may involve an oxldation
of the lron component beyond the degree desirable for an
efflcient operation of the synthesis stage. The catalyst may
also contaln an undeairabiy high exygen concentratlon when
1t leaves the synthesis stage. In these cases, the catalyst,
after carbon removal and prior to ita return to the synthesls
gtage, may be reduced at least in part, as indicated in the
above table. This separate reduction stage 1s preferably

condueted at an elevated pressure approximating that at which

-7



511647

-the aynthesis is carried out. Hydrogen 1a the preferred re-
dueing agent. Water formed during the reduction reaction
should be removed from the system, which may be best accom-
plished by drying the effluent gases from the reduction
reactor and recycling the drled gases. Thle operation 18
greatly alded by hilgh pressures because the condensation of
water lg facllltated.

The need of a separate reductlon stage may be
avolded by se controlling the oxidatlon conditions in the
oxldative regeneratlon zone that the carbonaceous deposlts
are removed in the form of carbon oxides either without
affecting the etate of oxldatlon of the iren or even with a
simultanecus reduction of iron oxide to iron. Thie may be
accomplished by properly correlating the amount and composi-
tion of the oxidizing gas with the temperature and pressure
of the regeneration zone and the partial pressures of the
components of the oxidlzing atmosphere in contact with the
catalyst, as disclosed above 1n gconnection with Fig. I-IV,

It may alsp be dealrable to subject the regenerated
catalyst to a carbiding treatment prior to ite return to the
synthesis stage. This may be advantageously accomplished by
contacting the regenerated catalyst, preferably after
reduction, with CO~containing gases at relatively low CO-
partial pressures, of preferably less than 1 atmosphere
and temperatures of about 500°-800°F, Condltions should be
so controlled that the atmosphere 1n contact with the
catalyst is non-oxidizing with respect to iron and 1ts

carbides and that about 20-50% of the iron 1s converted to
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iron carbldes.

This embodiment of the inventlon will be best under-
etood from the more specific description hereinafter 1n whlch
reference will be made to Figures VII and VIII of the accom=
panying drawing, whereln:

Figure VII is a semi-dlagrammatical illustration
of a‘aystam gultable for carrying out a preferred embodlment
of the invention: and

Figure VIII is a similar iZlustration of a system
involving & separate catalyst reduction stage.

Referring now to Figure VII, the gystem illustrated
therein essentlally comprises a series of conventional fluld
type. synthesis reactors (710a}, (710b), (710¢) and {7104) and
an oxidizer regenerator (730) whose functiona and cooperation
will be forthwith explained.

In operation, synthesis reactors {(710a), (710Db),
(710c) and (7104) contain a dense, turbulent, fluidized maéa
of iron éatalyst auch es sintered pyrites ash promoted with
about 1l.5% of potasslum carbonaie. 8ynthesle feed gas con—
taining about 0.B8-3.0 volumes of H, per volume of CO ls
supplied from line {701) through line {703}, manifold {705)
and line (707) to the various synthesls reactors vhich are.
arranged for parallel flow with regpect to the gas feed 1n the
case of the present example. As indicated by lines (711),'
{712) and (713) the catalyst 18 passed through the syntheels
peactors in séries from reactor {710a) through J?lOb) &nd
{710c) to reactor (?10d} from whiech it is wlthérawn and re-

turned to reactor (?10&)}&3 will appear more clearly herein-

3G
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after. Any conventlonal means for conveylng finely divided
aolids such ap aerated standpipes, lockhoppers, mechanical
conveyore, eic. {not shown) may be uped in a mmanner known 1n
the art o malntain the desired catalyst flow between the
reactors.

The reaction conditions in the synthesis reactors
are those known for the conversion of CO and Hp on fluidized
iron catalysts. They may include pressures of about 5-50
atm., preferably 20-40 atm., temperatures of about 500°-800°F.,
preferably about 550°-700°F., total gas throughputs of about
5 to 500 v/w/hr., preferably about 10 to 50 v/w/hr. and
superficlal gas velocities of about .3-5.0 ft. per second,
preferably about .5-1.5 ft. per second for catalyst pertlcele
glzes of about 20-150 microns, predominantly about 50-100
microns. The synthesis gas enters the lower portlon of the
synthesie reactors through sultable distributing means such
as grids (G). Vaporous and gaseous reactlon products and
unconverted reactants are withdrawn overhead from catalyat
levels (L) through lines (714}, (715), {716) and {717}
to be worked up in a conventlonal product recovery aystem
{not shown). If depired, tail gas may be rescycled %o the
reactors in conventional ratios of about 1l-5 volumes, pre-
ferably 1-2 volumes of tall gas per volume of fresh synthesls
gag. Other defalls of the opgration of fluid synthesis reac-
tors are weéll known and need not be further speclfled here,

Ap stated before, carbon deposits form on the
catalyst in the synthesls reactors and in about 100 hours of

catalyst residence time as much as 50% of carbon may be
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deposited on each 100 1lbs. of catalyst. This will tend %o

dimintsh the actlvity of the catalyst and also cause its
physlical disintegration so that fines in excessive quantitles
will be formed. If this conditien ls not corrected, the
denalty of the catalyst phase wlll drop rapldly and the
active catalyst wlll be continually blown out of the syn-
thesle reactors. p

Ag & result of the serles flow of catalyst through
the synthesis reactors, the carbon cuntent.will Inerease in
the direction of catalyst flow and will be lowest in reactor
(710a) and highest in reactor (7104} because the catalyst
maintained in reactor (710d) has been subjected to carboniza-
tion condltions for the maximum time. It is an essentlal
feature of the invention that the catalyst circulation rate
through reactors (710a), (710D), (710¢c) and (7104) is so0
ad justed that the total catalyst residence time in reactors
{7108), {710D), (7l0c) and (710d) is below that which will
cause carbonizatlion sufficient serieusly to interfere with.
proper fluldization in any, and particularly the las?t one;
of the synthesis reactors employed. While this total resld-
ence time depends on the speclfilc reactlon condltions employed, B
1% may be stated that at a throughput of about 20 v/v/ar. tothiﬂ?;
reaidence tlmes of about 50 to 700 hrs., preferably ?5;200 f?ﬁ
hra., which may cause total coke deposits of ebout 10 to 20% |
by welght of iron, are sultable for the purposes of the inven—
tion &t the conditions apeciflied above.

The catalyst resldence times wiﬁhin the individual

reactors (710a), {710b), {(710c) and (7104) may be equal or
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unequal fractlons of the total catalyst residsnce time as desired.
It is also noted that the reaction conditions in the individual
synthesis reactors need not be identical. Allowences mey be
made fTor the steadily increasing age and degree of carbonizetion
of the catalyst as it advances through the reactors. This mey
be compensated for by lncreasing the temperature in the direction
of catalyst flow, for example. If serles flow of synthesis gas
18 employed, the reactlon conditlons in the successlve reactors
may be adjusted %o the changes in sy.ithesls gas composition in
a manner known per se for multi-reactor systems. It 18 also
pomsible to operate the individual reactors at different condi-
tions to produce producte of dlfferent character in the
individual reactors. The level (L) within any reactor le
preferably maintained constant so &8 not %o disturd the syn-
thesls operation. The catalyst flow to, among and from the
synthesis reactors may 1ikewise be matntalned at & substantislly
constant average rate.

Fluldized catalyst containing about 10.0 to 20.0%
nf carbon by welght of iron in subetantially uniform dle-
tribution over the individuel particles 1s wilthdrawn down-

wardly through a system of lockhoppers {720) wherein the

pressure may be reduced Hq;fétmospheric at which the catalyst: .
may be charged through ii§; k?25) to regensrator (730). :
An oxldlzing gas, such &p air, is supplled by blower (732)
through line {734) to the bottom of -regenerator (730) which

1t enters through a distributing means, such as grid {736),

at @ veloclty of about .5-3 ft. per‘second to regenerate and

convert the catalyst within reactor {730) into a dense
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fluidized mass having an upper level (L30)= About 25 to 75
normal cu. ft. of alr per pound of 1lron on the catalyst 1s
normally sufficlent substantially completely to burn off the
carbon from the catalyst, taking into consideration the
oxygen consumed by simultaneous iron oxidation. Temperatures
of about 900°-1800°F,., preferably about 1000° to 1200°F.,
are puitable.

The regeneration reaction is exothermic and heatb
must be removed from the catalyst mess to malntain it at the
degired temperasure. This may be accomplished by a sultable
recycle of cooled flue gasea, and, if necespary, any additlonal
heat withdrawal means, such as cooling colls or Jackets (no%
shown}). It is preferred, however, %o employ & catalyst
clroculation from regenerator (730) downwardly through line
{736) to alr feed line (734) and through & cooling means, such
as waste heat exchanger (738), back to regenerator (730).

The flue gas leaving (Lp3g) overhead may be passed
through a conventional gas-solids separation syatem (740)
whieh may include cyclones, preclpltators and/or filters and
from which separated catalyst fines may be returned through
line (742) to regenerator (730) or discarded through line (74l).
The gas, now substantlally free of entrained sollds, may be
passed through line (746) to a cooling means, such as = waste
neat exchanger (748) and line (750) provided with blower (751),
back to air feed line (734) as indicated above. Excess flue
gas may be vented through line (752).

Catalyst substantially completely decarbonlzed ls

wlthdrawn downwardly through bsottom drawoff line (754) and
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cooler (756) to be cooled to about 400°-~600°F. and te be passed
via a lockhopper system {758) to synthesis gas feed line (707).
The cabtalyst suspended in the synthesies gas in line {707) 1e
returned to synthesile reactor (710a) to repeat the cycle,

The system illustrated by Flgure VII permits of
various modifications. For example, certain lron catalysts
tend to sinter under the above desecribed decarbonizatlon
‘condltions, which interferes with a proper fluldization of
the catalyst in regenerator (730). 1In these cages, regensrator
(730) may have the form of a rotary kiln to which the
oxldizing gas is charged. Heat may be removed by recycling a
cooled portlon of the flue gas to the kiln, or by recyeling
cooled catalyst to the kiln, or by quenching within the kiln
with water. The regeneratlon may alsc be carried out at
elevated pressures, if deslred, #o that pressure reductlon on
the catalyet flowlng from reactor {7104} to the regenerator
may be substantlally minimized or eliminated. Either one or
both of the lookhopper systems {720) and (758) may be
replaced by standplipes or mechanical conveyors if the prevailling
pressure condltlons permlt.

Ag a result of the high temperatures employed in
_regenerator (730), substantial proportions of the alkall metal
promoter content of the catalyst may be lost. This promoter
may be advantageously replaced at any point of the syatem
after the catalyst has been completely regenerated. For example,
a sultable promoter solution such as an aqueocus solutlion of a
potassium hydroxidé, carbonate or halide may be injected through
1ine (760) into catalyat withdrawal pipe (754). A conventional

steam-separating zone (not shown) may then be provided above
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1ine (760). Additlon of the promoter at this or a similar
point rather than in the aynthesis reacfors is of advantage
glnce the catalyst at this polnt 1s free of oil and coke and
the promoter may thus penetrate the catalyst much more
effectively then if it is added to the catalyst ln the
syntheals reactor.
Other modifications will appear to those skllled
in the art wilthout deviating from the splrlt of the lnvention.
As indicated above, the ca.alyst withdrawn Irom

regenerator (730) may, as a result of overoxidation in

regenerator (730) or of oxidation in the synthesis stage,

contaln more oxygen than deslrable for an efficlent operation
of the synthesle stage, Bay more than about 10.0 %o 15.0%

hy weight. In thls case, the decarbonized catalyst may be
subjected to a separate reduction treatment in equipment of
the type illustrated in Figure VIII.

Referring now to Figure VIII the aystem shown
therelin comprises a gyntheais stage (810) and a regeneratlon
ptage (830) of the type 1llustrated in Figure III, like
reference characters being used to ildentify llke elemente.
The system, partieularly the synthesle stage (810), is
drawn in a simplified manner, only one reactor belng shown
ag representatlve of a ﬁulti—reactor aystem of the type
deseribed above. The operation of the system of Figure VIII
18 pubstantially the same as that of Figure VII up to the
polnt of withdrawlng the regenerated catalyst from regenerator
{830) through llne {854). |

Now, instead of cooling and returning the catalyst

45
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to the synthepsis stage 1t 1s passed to catalyst reducer (870)
which is preferably operated at an elevated pressure at
least a8 high as that of the synthesla atage. Pressured of
about L00-700 1bs. per sd. in. are generally sultable.
The oatalyst from line (854) 1s passed, therefore, through
lockhopper system (858) to build up the desired pressure
and thenoe directly to reducer {870). Since the reductlon
reactlon is endothermic, the senslble heat of the decarbonizéd
catalyst mey be utilized to advantage in reducer (870} which
may be operated at about 400°-1200°F., preferably 700°-1000°F.,
using hydrogen as the reducing agent. '

Reducer (879)%;3 preferably of the fluld type and
has & constructlon slmilér to that of regenerator (830).
Hydrogen; preheated to & temperagure sufficiently high to
‘malntain the desired reduction temperature ln cooperation with
the sensible heat of the catalyst, is supplied from llne
'(8?2) through grid (B74) to the bottom of reducer (B70) to
preduce and convert the catalyst therein lnto & dense,
turbulent, fluldized mase of solids, substantially as
deseribed in connectlon with regenerator {B30). Reducer (870)
1s go ‘designed as to allow for a eatalyst residence tlime
adequaté for the desired degree of reduction. The proper
amounts of hydrogen to be used depend on the amount of
oxygen to be removed from the catalyst and may be readily
determined by those gkilled in the art for each given aet
of conditions. HReduced catalyst 13 withdrawn downwardly
through line (876), cooled in cooler (8B0), enriched, 1if

depired, with promoter pupplied through line (878) and

.
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returned through gas feed line (807) to the final reactor of
gynthesls stage (810), if desired after carbiding, all sub-
stantially as descrlibed hereteofore.

The aydrogen, after contacting the catalyst, passes
through a gas-sollids separation system, such as cyclone (382)
provided with selids return pipe.(BBk)‘ and thence through
Line (BB6) to a& heat exohanger (888) whereln 1t gives off aome
of 1ts heat to a mixture of fresh and ‘recycle hydrogen. The
partlally cooled spent hydrogen pasq s on to aﬁpgoler {B890)

wherein 1t ie cooled sufficiently to.sog(ij; _nﬂgwﬂter whieh

1‘\1 T

KRN
18 finally knocked out of the gagf}n dru“ (892)' The separated

water along with suspended catalyst earnyvover is returned '
through line (89%) to regenerator LBBO)

The subatantinlly ary gas ia withdrawn from drum
(892) through line (896) to which mnke-up hydrogen nay be
.added through line (898). <The reésulting gae mixture is passed
by recycle booster {300} through 1ine {902) to heat exchanger
(888), wherein it picks up heat from the exit hydrogen, and
thence through line {904) and recycle heater (906) back to
1ine {B72) and reducer (B70) &t the desired preheat tempera-
ture for malntaining the endothermic reactlion in reducer (870).
Since inert gases will accumulate in the hydrogen recydle
system just described, 1% is desirable to bieed part of these
gases from the system. Thle may Dbe dohe by way of line {90B).

It will be understood that‘the gystem of Figure VIII
permits of substantlally the sanme modifications as those
deseribed with referense to Flgure VII.

Thﬁ;embodiment of the invention will be further 1llus-
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trated by the following specific examples.
EXAMPLE L

A multi-reactor hydrocarbon aynthesla eyetem designed
for & dailly production of 6,200 Dhl. of gasoline, 565 bbl. of
gas o0ll and 570 bbls. of alcohols and other oxXygenated comp-
ounds 1g operated at the conditions given below using reduced
pyrites ash promoted with 1.5 potaseium carbonate as the catalyst
in a fluidized bed.

Synthesis Condltions

Synthesls Gas Quantity, MMSCFD 226.5
Synthesis Gag Composition, Vol. % .
Hp 60.1
o 33.6
o2 1.3
N2 3.8
HzO o
CHy 1.0
Total 100.0
No. of Reactors L
Total Catalyst in Reactors -~ Tons 65

Average Oatalyst Residence Time in Reactors - Hra. 159.5

Throughput, v/hr./w (Hy#CO in Fresh Feed) 7245
Recyole Ratio (Recycle to Total Fresh Feed) _1.62
Bynthesis Reactor Temperature, °F. 650
Bynthesis Reactor Pressure, p.s.i.g. Lo
00 Converalon, % on Fresh Feed 58.0
Hy Oonversion, % on Fresh Feed ' 88.0

At these condltlons mbout 975 bbls. of coke are
formed per hour,.. The following table compares the condition £
and results of catalyst regeneration when applying eerles

flow of catalyst in the reactors in accordance with the
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’1nvenpion with those of regeneration when uelng conventional

parallel flow of catalyst, substantlally as described 1n
connection with Figures V and VI of the drawing.

Catalyst Regeneration A B [}

Catalyst Flow Through Reactors In Series In Parallel In Seriee

Total Catalyst Circulaticn Rate, R =
] To.nB/HI". of Fe 2583 !"ol L”ol
% Gatalyst Having More Than
30% Oarbon on Fe 8.0 8.0 1.5
Relative Quantity of Catalyst
Disintegrated/Hr. 7 5.33 5.33 1.0
Average % 0 on Iron (Carbon
and Oxygen Free) 17.25 11.9 11.9
Avefage % 0 on Iron (Carbon
and Oxygen Frees) S 5.8 5.8 5.8
Average # 0 on Regenerated
Cataly=t 38.6 38.6 38.6
Alr For Regeneration, MSCFH 211.0 261.5  251.5
Temperature of Regeneration, °F. 1000 1000 1000

Pressure of Regenerator,
pPr8.l.g- 5 5 5

Resldence Time 1n Regensrator,
Hrs. 25 25 25

Relatlive Regenerator Hold Up
Volume 1.0 145 1.45

The above data demonstrate that operation in
accordance with the inventlon permits sither a substantial
reduction in catalyet circulation, air requirements and
equipment size at & glven coke content and dlsintegration of
the catalyst (Column A), or a substantial reduction in coke
content and disintegratlon at a glven oatalysy cirenlation,

alr consumption and equipment size (Column C).
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EXAMPLE II
In order to 1llustrate the application of a separate
reducing stage in accordance with the invention, a compa&rlson
of the conditlons and results of the reduction of catalysts

decarbonized as indicated in Columns A and B of Example I are

gsummarized in the table glven below.

Catalyst Reduction A B
Catalyst Plow Through Reactors In Serles In Parallel
Total Catalyst to be Reduced,
Tons/hr. of Fe 2.83 .1
Hydrogen Fresh Feed Composition,
Hp 93.4 93.4
Inerts 6.4 6.6
Hydrogen Fresh Feed, MB8CFH as Hydrogen 72.2 10k4.6
Hydrogen Recycle Ratlo {As Hydrogen) 18.2 18.2.
Hydrogen Purge, MSCFH (As Hydrogen) 20.25 29.4
Hyarogen Purge Composition, 3
o . Hz o, 8090. BO-O
- Jdnerts - : 20.0 20.0
Temperature, °F. 900 900
Pregsure, p.s.1.g- 415 L5
Residence Time, Hrs. ‘ ' 2 2
s Hydrogen Preheat Temperature, °F. 1000 1000
% 0 on Catalyst Charged (on Fe) 3B.6 38.6

% 0 on Catalyst After Reduction o
(on Fe) o £1.0 Pag

The above data ilndlcate savings of about 30% in
the hydrogen reduirement for the case of the present--inventlon
{Column A}. :

While the foregoing description and exemplary opera-

tions have served to illustrate speclfic applicatlons and
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resulta of the invention, other modificatlons obvious %o those
gkilled in the art are within the scope of the inventlon. Only
such limitations should be imposed on the inventlon a&s are

indicated in the appended clalms.
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THE EMBODIMENTS OF THE INVENTION IN WHICH AN EXCLUSIVE PROPERTY
OR PRIVILEGE IS CLAIMED ARE DEFINED AS FOLLOWS:

£, A method for removing ecarbonacecus deposits from an
iron catalyst contaminated therewith without substantially
inereasing the oxygen content of the iron, which comprilses
oxldlizing the contaminated catalyst in a decarbonlzatlon zone in
an atmosphere containing carbon oxides and essentlally no free Op
at a temperature above about 1000°F. while correlating the partial
pressures of (Op and CO wilth the temperature in such a manner that

r will not be greater than that defined by the equation

1730
-1.170 + J
but greater than r as defined by the equation
bg
(2)
r=—1/2+ 1/2 1+ g05_— 16170 s

10
whetein r is the ratio of the partial pressure of C0p to that of CO
g 13 the sum of these partial pressures in atmospheres and t is

sald temperature in °F,

..'2, The process of claim 1 in which sald atmosphere

comprlses steam.

3. The process of claim 1 In which free oxygen and an
extraneous combustlble material are added to said combustion zone
in amounts and proportlons adequate to supply by combustion of

sald material the heat required by sald oxldatlon reaction.

4, The process of claim 3 in which said material is a

hydrocarbon.

o
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5. The proceag of claim 3 in which sald material is

hydrogen.

6, The process of clalm 1 in which an inert gas is

added to sald decarbonlzatlon zone.

7. The process of clalm 1 in which gas produced 1in sald
decarbonization zone 18 recycled to sald decarbonization in a
vblumé ratio greater than 1 with reference to the net volume of

gas leaving the decarbonizatlon zone.

8. The process of claim 7 in which sald recycle gas 1s

partly burned prior to its return to sald decarbonlzatlon zone.

G. The proecess of claim 1 in which a promoter is added

to the decarbonized catalyst.
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