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Scclion L

INTRODUCTION

Methage rich gas is formed as a byproduct during coal pgasificarion and Fischer
Tropsch synihesis. Melhane s also the pritnary copstiwent of both natural gas and the
associatcd gas resulting from crude cil production. These gascs bave lule value urless
they can ‘bt moved w large scale COONSUMErs via pipeling, as tiguefied gas or by other
means of tramspanation. The conversion of melthane w a Lransporlable ligrid
hydrocarbon fuel would open now markets and is & goal which is being actvely
pursucd around the world.

There are cutfently awo comnercisliy wiable apprauches for methane Lonversicn 1o
liguid hydrocarpons:

Q The methane o gasoline route via neibanol synthesis proven in New
Zeatand swarting 1985,

Q The Fj.sr:har-Tmpsch route proven in Scuth Alrica and in 7 plam in Texas
The laticr was shut down in §937 for ECOBOMEC ICASLOS.

Both of these proccsses starl wilh Lhe produciion of synthesis pas: a high temperature,
cndothermic and cosly operation. Much eaploratory werk 19 carrently being carried
out on concepls for direct COMYEISION of methane o a liquid hydrgcarbon fuzl without
iniial meothane reforming 1o synthesis gas, A lew of ihese concepts, while stll
developmemial, have reached 1he s1age where a preliminary engineering and
ceonomic evaluaiion is possible.

1.1 DBIECTIVE

The ohjccuve of this study 1s 10 comparc Jdircct mclhane conversion technologies,
using the same rigorous mothods used by Bochtel in previous swudics {Refergnce ¥ for
\he mssessment of conveniional lechoology.

Three of the most promising of (hese pew develppments, selected inoa scrocming slady,
have been subjected 1w evaluation. Since the kay issue i Row these oow techoologies

compare with convepiional wehnoiogy, casts of syngas based processes fron
referepce 1 have been adjusted o the samc basis to provide thif comparisom.

1.2 CASES STUDRLED

A& briel description and block [low skeich ot cach of Lhe three direct conveision ¢ascE
sclecwed in the screeoming study and three more convenlional symibcsis gas based cases,
used for comparison in Lhis study, [cllows: -
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Decsulfurized methane-rich gas is contacted at 1,472°F (800°C) and 55 psia with a
reducible metal oxide catalyst in & circulating fluid-bed riser rcactor. The catalyst is
rcoxidized in a separate oxidizer using air. A skcich of the rcacior/foxidizer is given in
Figurc 1.2. Mcthane and other light paraffins undergo oxidative dehydrogenation with
the rcactor catalyst to produce frce radicals and water. The radicals combine to form
light olefins which are oligomerized 10 gasoline in a sccond reaction stcp over ZSM-5
catalyst in fixcd bed rcactors. Byproduct CO2 and water are removed beiween the two
rcaction steps. Conversion in the first siwep is limited 1o 25 percent 10 maintain 78%
sclectivity, thus unconverted gascs are recycled between reactors. Since the second
rcaclion step opcrates at 440 psia, there is a large compression rcquircment and an
cxpander on the recycle gas rcturn recovers part of this cnergy. Heat recovery
produces stcam to supplement the cxpander in driving the rccycle compressor. The
large amount of rccycle moderates the lemperature risen in the second sicp permiuting
the use of fixed-bed reactors. The design is based primarily on ARCO data

(Reference 2). :

FIGURE 1.1

OXIDATIVE COUPLING

g—

sTamuzID
| —

FERD OAS casouNE

=, pd nEAcTION 2 By rracnenstion
sugouiRgAna e DISTILLATE

|
*LNGIAATION
meoxipanow ] "tUECAY
et

31¢



FIGURE 1.2
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Al clevated pressure (60 aimospheres), methanc is sclectively oxidized with

99.5 percent oxygen to produce mcthanol and formaldchyde in a 4 to 1 raiio. A low
conversion per pass (5.5 percent) is used to obtain 80% sclectivity, Temperature rises
from 750°F at the inlct 10 930°F at the ouilcl. The rcaction product is cxpanded to 45 aim.
pressurc and fed dircctly w0 a fixed bed ZSM-5 oligomerization recactor where gasoline
and byproduct waler arc produccd. Light componcnts are recovered in a refrigerated
lean oil system and recycled to the oxidation siep. Paraffins heavier than methane
rcact more rapidly and promoic he reaction of mcthane. Stcam is generated from the
hcat of reaction in a tubular reacior and used 10 supplement expander power and drive
the recycle gas. and oxygen plant compressors. Carbon dioxide removal is required
sincc CO2 is the major byproduct in the oxidation sicp. The yield versus sclectivity
rclationship used for design is shown as Curve 2 in Figurc 1.4. This curve is based
primarity on thc data of Gesser (Reference 3). While others have had difficulty
reproducing this data, a great decal of rescarch is undcrway on improving partial
oxidation sclectivity to incthanol and the rclationship used provides a reasonable
targcet.

FIGURE 1.3
PARTIAL OXIDATION
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Qxvhyvdrochlorination (Figure 1.5)

Mecthane-rich gas is rcacted with oxygen and hydrogen chloride in a fluid bed reactor
at 230 psia and 650°F over cawlysi made of CuCl, KCl, and LaCly. The reactants are cooled

and condensed. Waicr containing unrcacted hydrogen chloride and byproduct formic
acid is removed and the HCL is recovercd for recycle by mcans of azeotropic
distillation. The products of the oxyhydrochlorination sicp are primarily
chloromethane and dichloromethanc in a 4 10 1 raiio. Seleclivity to COjp is 3%.
Conversion of methane is limited 10 25 percent to maintain this selectivity, Paraffins
hecavier than mecthanc arc assumed 10 give 50 pereent coaversion and to yield the
corresponding chlorinated product. The chlorinated hydrocarbons are dried, heated
and fcd 1o a radial fixed bed rcactor where they are oligomerized 10 gasoline. Hydrogen
chloride byproduct along with unconvericd mcthane and other light hydrocarbons
arc rccovered by low icmperature distillation and recycled to the first reactor. Heat
rccovery produces sicam to drive the recycle and oxygen plant compressors. A purge
of rccycle gas is taken o remove nitrogen. Carbon dioxide is removed by an amine
sysiem prior to oligomerization. HCl is scrubbed from the purge gas so that the purge
gas can be used for fucl. The HCl-water solution is scnt 10 the azecotropic distillation
scction for recycle. Rccovered water is treated and used for makeup. The design is
based on rescarch being conducied at the Dcpartment of Energy's Piusburgh Energy
Technology Center (PETC). Rcfercnce 4.

FIGURE 1.5
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A coaventiopal methanol placi, using 1CI iechnology, produces crude mcthanel which
is stared as a Hquid. In tho fixed-brd desigm. cruge methangl is vaporizod and fzd to ap
oligomerization section consisting of & dgimeihylether reactor followed by five parallel
fixed-bed reaciors containlng ZSM-§ catalyst. Cullcl conditions are 715 OF and 260 psia
Reaclor efflyant gas from (he producl scparalor is recycled for temperalute control
The methanol it completely comverted w0 bydrocarbon praducl and a byproduct waler
sircam coniaining abest 2500 ppm of oxygenaies. The waler is wea=d 2nd rcused for
cooliog tower makeup. The hydmcarbons arc recovered in a [ractionauion section
where gasoline recovery is approximately 86% by weight, The remainder of the _
hydrocarbon produc: is wsed as fuci gas, supplementing lhe Rydrogen nich purgs gas
from methanol synthesis, The reactors are periodically cyclad our of service for
regeneration. The overall procoss 1% thar described in Reference 4 except that Heavy
Gasoline trearment (for durcac contrdl) is omiued.

The fuid-ped scheme alsp sians with ccavenlionsl crude melhagol synthtsis, DUt uses
a single floid-bed MTG reaciar wilh intsrnal steam gencration coils for the second step.
The rcacier operates at 55 psia and 765 9F. Since independent heal removal is provided.
the large reeycle gus reguirement of the Mixzd-bed sysiem i3 climinated. This removes &
considerable ampunt of cosily eguipment. The yield of €3 and C4 components is highct
han in the fized-bed case. This resulis in larger [ractionators and the addition. of a
gasafine alkylation uweit, but ovecrall gasoline recovery jncreases to BE W% and product
quality incfeases aboul TWO DCLanc pumhers 10 94-95 rescarch clear. A further
description of the fluid bed process may be found in Relfzrence 6.

FLURE 1.8
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Fischer-Tropsch (Figpre 1.7

Synthesis gas is produced in a mon-catalylic partial oxidation (POX) gasifier operating
ai 2600 OF and pressure sufficient that comprcssion of synthesis gas is not required.
Alter hcat recovery and water removal, synthesis gas is admiued directly to the
Fischer-Tropsch synthesis loop. Fouricen tubular fixcd-bed reactors are used with
sicam gencration in the shell. These are pauerncd afier the ARGE reactors at SASOL
(South Africa) but have 3.3 timcs the capacily. Conditions are 400 OF and 250 psig. CO
conversion per pass is 60%, with an ultimaic conversion of 89%. Sclectivity to C5 and
hcavier is 84% and the Schulz-Flory parameicr is 0.9. A siabilized waxy syncrude is
produced for shipment. Wax cracking, shown as optional in the diagram, has not bcen
inciuded in this siudy. Excecss tail gas from the fractionation scction, over and above
that required for fucl balance, is rccycied back 10 the POX converter. C02 Removal on
the recycle stream prevents buildup of CO2 in the sysiem, Condilions and yiclds are
based on information provided by Gulf-Badger (7). Similar daia have also been given

by Shell (8).

FIGURE 1.7
FISCHER TROPSCH ViA POX

Ge— : ot
: FUL QAD -
—_‘”

STABILIZED

FESD QaAS SYNGAS
PREPARATION FRACTIONATION
———— PARTIAL g SYNGAUDE

ORIDATION !
H
1
13
............... i
= i
f [
£
reede e !
AR “ wWATER ! .
2 TO .':'- 1 wAX pe=——— MAPHTHA
TREATMENT %I chacxma proTt-® KERORENE
' foesemat GAS O,
A amamem -

321



1.3 "STUDY BASI

1.3.7 Tgchnicgl Paromgicrs

The basis for comparison s & seli-sullicienl grass-roots facilily producing 14,500 BPSD
of » siabilized hydrocarbon product loaded omw taokers for shipment The feed gas is s
wypical high methane gas CORLMIMING suflicient sullur to rcquire removal by zinc
oxide beds if 2 swam relommer were used. The ges conains minor quantities of CO7 and
Nz, Tahle 1.1 summarizes fecd gas composition and conditons. The compositicn is
wpical of a lean natura? gas. The primary Jiffercnce if his were byproduci gas from
coal gasification of Fischer Tropsch 'would be the presence of some Jight oleflins.
Nawural gas was selecled &5 feed gas for his siudy smince it is cagy 1@ define in temms of
composition and Cosl

The plants are, in cach cusc, sell-sullicient in power. since all of i1he processcs undeor
consideration  gererale substaniiab quantitics of sicam lrem pyproduct heat, the puarnts
usc high pressure scam for the lurbine drivers. Eor reliability, a gas turhine drive is
used for the backup cleclric powcr geéneraler. I general, COmpressors ane At spared
but pumps are, The prinary conling medium i5 cooling water with zn inlel
temperalure of 35°F and an average oullel lemperaiure of 120°F. The only materiala
gntering the plant are fued gas. raw cooling wals! of river wmer Quality, air and the
catalysts asd chemicels requircd 10 operaie Lhe planl. Table 1.2 summarizes design
parameters, including  utiliiies,

Offsites provided include raw water ucating and condensate polishing, waste walsr
treatment, cooling waler sysiem, stcam boiler and power plaal, relicf and blowdown,
air supply, nitrogen supply, inlerconnecting piping, clectrical diswibuiton, buildings
and product slorage. No inermcdiaie storage 1S provided, but the facilities iaclude 30
divs linal product sletage and & mwone wermingl for shipping cui the product and
recciving supplics, A nawral harbor is assumed with no paicular dredging or siing
problems,

In cach case studicd. conversien must be limied in the first siep in order 1o oblain
good selectivity. The final step is oligomerizalion o gasoline over Z5M-5 cauwslysi. The
gasaling is siabilizcd and the lighicr componcmis aIc recirculated back 1o the first siep
reaclor or purged to the fuel gas sysiem. The gasoline will be blended intc 3 large
gasoline poecl so hcavy gaaoline treaiment for durcpne temoval is not rcquired. The
product in each casc 15 an <¢acellent gasoline with a clear research octane of $2-104.
Any distillate produced wiil ziso be of excellent quatiiy.

The oligomerization step is modeled on known 25M-5 tcchoology but differs in cernais
imporiant resSpEClSl

o In ihe cagse of onidative coupling the eolelin coment of the feed 2
oligemerization is predominamly cihytenc. Oligomerization of Cy and

highar alelins 1o gusoline and distiliates is standard MOGD! technology, but
ethylere is knowo g be morc difficuls o react. Yields and condirions are
inferred from both MOGEH and mcthanol to gasoline {MTG) cxpericnce and
the product 5 sxpeeted Lo resembie olefinic MOGD gssoline plus a small
quartity of distliate. -

IMobil Olefins 10 Cusaline and Ristillale
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o ‘In the oxyhydrochlorinution c¢asc. the fced to oligomerization is a 4:1
mixture of monochloro and dichloromcthune. Preliminary PETC data
indicales that such a mixture can be oligomerized over ZSM-5 without
undue carbon dcposition but the siwoichiometry is such that production of
light goses and parailins is suppressed, favoring aromatics production.
MTG fixced bed yields were, thercfore, adjusted to achicve carbon and
hydrogen balances. This resulted in a reduction by a factor of 0.4 in the Cq4

minus yiclds and a dcnscr, morc aromatic gasoline product.

0 A very similar situation exists in the pariial oxidation case where the fecd
consists of mcthanol and formaldehyde in a 4:1 ratio. The same adjusiment
to MTG yiclds was applicd to account for the deficiency of hydrogen
relative 10 carbon in thc feed. The similarity bciween this case and the
oligomerization of chloromeihancs was noted by Kuo (Refercnce 9, page
V-4). No daia, however, are available 10 support the adjustment.

o In alt three cases thic feed to the oligomerization step is quite diluie in the
aciive componcnts duc 10 the pressurc of unconverted methane from the
first step. In acruality, however, the concentration of reacting species is
not wo different from flixed bcd MTG where the practice is to use an
internal recycle loop for the control of temperature rise. It is assumed that
concentration cffects cun be accounted for by maintaining similar partial
pressurcs. Space velocity has been assumed to be the same as Fixed Bed MTG
on a carbon atom basis (i.e., 0.05 atoms C/hr/unit weight of catalyst).

Since sclectivity, conversion and space velocily are generally not well-defined in
these processes, an auempt huas been made to provide realistic estimates which err, if
anything, in being favorable 10 the process under cvaluation. Key assumptions are
identificd as a guide 10 future rescarchers and, in particular, the effect of improving
the sclectivity-conversion rclationship is reviewed in a semi quantitative manner.

1.3.2 Cost Parameters

While cach facility is sclf-sufficient, as would be cxpecied in a remote location, the cost
csiimates assume on-site construction at a Gulf Coast, U.S. location. Gulf Coast
constryction is familiar 10 cost cstimalors cverywhere, most of whom have developed
location factors for other siics around the world using this as a standard. In many
arcas of the world, wage raies, productivity, shipping and other factors cancel out to
give location factors close 1o 1.0. Typically, the range is between 0.6 and 2.0. In cenain
high cost arcas such as Alaska, crcatlive construction methods, such as barge mounting
and modularization, can be used to reduce the location factor.

Capital cosis prescnied in this rcport are mid-1988 cosis for the main process plants,
offsites and suppon facilitics. No cscalation bcyond mid-1988 is included. The
infrasiructurc to support thc [facility is assumed to cxist, though this may not always be
thc casc in rcality. The cost of production and transport of fced gas and water are built
into the delivery price used for thcse materials.
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Table L.}

THRECT METHANE CONVERSION PROCESS EYALUATI ONE

Feed Gas Composilion

CHy - Mol %
C2Hg

CaHg

N3

s,

LAY - Buw/ECF
HHY - BuySCF
H25 - ppmv

Condilions @ B/L
Pressure - psia
Temperature - - °F
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FEEDGAS

95.5

0.5

9237
1024.8
E14

460
#0
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DIRECT METHANE CONVERSION PROCESS EVALUATIONS

DESIGN BASIS SUMMARY

Production - BPSD
Specifications
Valatility
Durene Rcmoval
Byproduct Disposition
Utilities Basis
Water Source
Cooling Mcdium (Primary)
Temp. in - °F
Max. Temp. out - °F
Steam System
Water Quality
Pressure Lecvels
Condcnser Pressure - "Hg
Drivers
Blowdowns
Capital Cost Basis
Location Factors
Construction
Timing
Exclusions
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14,500

Stabiliced 10# RVP
Not Reguired
Fuel Gas, Recycle or Waste Disposal

River Water
Coociing Water
85

120

.Demincralized and Polished

As dictated by the process

3

Sicam with GT Backup for Power
Efflucht Disposal

U.S. Gulf Coast

Stick Built (On site construction)
2nd Quanecr 1988

No Infrastructure Cost,

w/o Escalation, w/o Sales Tax



Process plant costs are based on mgjor eyuipment definition. Bulk malgrials {piping,
insrumentation. o1 and labor rocuirements arc laciored from major cquipment
custs using Bechiel histgrical records. An $18 por saahour wagt rale is wsed,
corresponding 10 Guif Coast uniom agreements. Combining major eguipmernl, bulk
malerisls and lsbor gives the dircct ficld cost for 1bese plantis,

Direct costs for siandard procgss planis {such a5 exygen) and for offgiie plants are
cstimzled (rom hisiorical records of cost wersus capacity andfor oiher definition
pravided. Offsitc plumis for which capacities are idemiilicd include: :

o Raw wulpr Lrcalment

2 Demencralization

o Couoling water circulalion

o Electric power gensralion and  distribulion

o Sicam generation {boiler plant)

o Product stovape

Oiher offsiles are prorated direcily based on the relaiive cost of the proccss facilines
unless an obvious feuson oxists why this procedure should be modificd.

Indircet consiruclion cosis ingluge swch icmis os the [icld office, caonsiruclion
cquipment, tecls and construction supplies and are normally factorcd [rom the direct
labar cast. An allowence of 10% .is Lhen made for (he contracior's home oilice
cngincering cosis and [os. The total thus amived al is the wotal plant eost, exclusive of
owner's ¢osi and @ conungency altowance. This is somctimes felerred w0 28 the
"eonirecIors cost” :

Owner's costs include ilems such as licensc [ces/royalties. sparc parts invemlory,
organization and sitarlup cosis, ihe owner's eaginccnng cosls, warking capital,
allowange [or funds dering consirustion and land cosis. These cosls can vary beiween
10 and 30 pereent of the total plant cost. For this swdy, cwner's ¢osls have been
cilimated using [actors piven in Table 1.3 and average out 21 about 10% of the total
planl cosl .

A conlingency allowance has becn applicd w0 Lhe Lotsl invesument. This varies beiween
cases, 45 discusied later. !t should be emphasized thar the planl cosiy in this study do not
ocoessarily cover all of be cost [actors that could be encountersd im 8 given
insiallation #t a specific sie. They are aimed primarily wl providing a realistic
cafapatison belween processes and should be guite adequats for thal purpose.
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Table 1.3
BASIS FOR OWNER'S COSTS

Liccnse Fees and Royalties at 1% of Plant Cost
Spare Pants Inventory at 3 months of Mainicnance Materials
Organization and Startup Costs at 3 months fixed O&M Cosis

3 months variable costs excl, gas

1 month feed gas

1% of Plant Cost
Owncr's Management Cost ‘ at  10% of Contractors Home Office Cost
Working Capital at 3 months of Labor Costs

2 months of Other Consumables

Contingency of 25% on above 2 items

30 days Product Storage @ $40/Bbl
Land Costs - 200 acres - at. $100 per acre

No allowance has been made for interest on funds required during construction
(AFDC). This is built into the capital recovery factor in the cstimation of production

cost.
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Seclion 2

SUMMARY OF RESULTS

20 The primary conoclesion from this stedy is that’ direst methane canversion
tcchaoiogy has the poweniial far a significant ceoramic breakihrougn provided
improvemeonts in selectivity and conversion arg achieved. The direct conversion
lechnalogies considercd ir this swdy have yo Lo ackieve 1his potential, The best of the
threc [oxyhydrochlorinalion) is compelilive wuh syclbesis gas based processing only
when na differcntial coatingency sllowance is made.

Polensial impravemenis in ¢ach of the cases have been identificd and the uliimate
polemiial of dircet conversion technology has becn examined by locking at a process
with ideal scleclivity ard improved comversion. It is shown thai breakihroggh
cconomics (Le. compelitive with gasoline from $20/barrel crude oil) can be achicved ir
good sclectivity com be achieved in a reldlively uncompliceled process ¢hviroDment,

21 COMPARATIVE ECONOMICS (INCLUDING MTG AND F-T)

2.1.1 Capitgl Cost Comparicon

Estimaics of plam cost and todal investment {or the three darect cOnvEISIon
wechnologies, in & plant producing 14,500 BPSD ol liquid hydrocarbos product, arc
summarized in Table 2.1, (2nd Q. 1988 basig). The breakdown, at the direct cost level,
between ihe progess planis and the olfsie fegilitics is shown, along with provisions
for consruction distributables, home officc sngincering, owner's cosis and 2
conlingency eilowance. Previpus Bechiel siadics (11 of relzied synihesiz gas based
wehnologies have becn adjusted 16 the bosis for the present siudy aod are shown for
comparison. Oxyhydrochiotination is clearly the best of 1he direct conversion
technolagics, despite- the nced- for special malerials of copgiruciion. Comparing results
without the zddivion of a comingency ullowapce. Oxidative Coupling is cempelitive
with Fixed-Bed Meothanol-to-Gasoline (MTG) Oxyhydrochlerination, with Fluid-Bad
MTG. Adding in 3 reasomable comlingency, noné of the now direct copversioo
techr.ologies shows any significont advaniage.

A more demailed breakdawn of the relalive cost percentages accounted for by cach
process plant is depicicd in the bar chan, Figure 2.1, This chan is uscful in ahowing
that while the expensive synthesis gas proparation swep bas been climinaied, it has
been replaced by increascs in the cost af the 1wo main rcaction sieps and, in sevcral
cascs, by the addition of oxygen planis. The refrigrraliom plants, shown for all the
dircet conversion cascs, aro foquired by the low cooversions in these processcs and
the large amouni of methane that must be meovered and recycled.

A simiiar breakdown for the offsiic plams is given in Figure 2.2, Costing of be utility
plants is based oh Ihe ulility reguircments fisicd in Table 2.2

9



Table 2.1
CAPITAL COST COMPAR!SOM
GAS TO LIGUID PROCESSES

o - sid 1988
14500 arsD
Oxidative Partial Oayhydro Fined- Flyid- Fischere

Coupiing Oxidation ehlorin ed Sed Tropach
stion NTG L1 {1] (POx)

Direct Conts
Process Plants 273.2 344.9 218.4 2811 220.% 260.0
Ottgites 208.2 s 2041 208.3 3.6 216.9
Total Direct Costs 31.4 6206 42.4 694 4240 456.9
bistributabis Cogta n.o .7 58.0 ».2 5.4 7.3
Home Office Coats 55.8 r0.3 8.0 5.9 50.% 53.5
Total Plant Cest 64,2 7.4 528.4 6.4 556.1 $88.7
Catalynt ancdt Chamicals 3.9 2.2 4.5 10.4 10.8 4.2
Owner‘'s Coats 65.4 .4 3.3 57.6 4.4 539
Total w/0 Contingency &83.5 | T} 596.1 o82.4 1.4 6hée.B
Contingency 136.7 1688 1%.2 0.0 M e7
........... R emeree  sccaanw  ameman  seases
Total lrwestment 820.2 t012.8 T15.4 2.6 652.5 7.8
% Contingency 20 20 20 0 - 10

Table 2.2

UTILITY REQUIREMENTS SLOBMART
GAS TO LTQUIDS PROCESSES
14500 prs0

Oxidative Partial Oxyhydro Fiaed- Fluid- Flscher-

Cowpling Ouidation chlorin Sad [ 1] Tropach
stion L] L1(] (POt)
Eloctric Power - Ky
Npreml 6170 19000  1t81& 7082 7413 5130
Corrwected 12000 25000 18000 13000 13300 12000
Cooling Requiremmts
Duty - MMBCW/Ne 2600 uns 2292 2269 2049 nr
W Flow - gpa 220450 328700 187800 181500 145500 237000
Deita T - Doy F 1.8 2.1 2.4 5.0 %0 - .8
Water Regts - gpm
Row Weter [ ¥.] 851 5793 5350 5410 &35
Demirmral izer Makeup [ s ”» 76b M 1645
Stomm Productian - MLb/Nr
Syprochct Steam 1257 192 1199 1268 1743 302
Amilliary Steam %o F{c 3Te 0 0 n
Soiler Duty -MMBtu/Hr Abs 00 1000 450 120 120 550
EffL to Trestment - gpm (549} 902 1] o 853 524
Fusl Gas - MMBtWNr - LY
Requireamnts 58 1027 as 2930 2000 248
Produstion 50 662 &2 2484 2048 268
Feed to Fusl ” 345 178 453 212 ]
Feod Gaa - WMRtU/NF - LNV 531% 6257 $213 $113 5001 5390
Oxygen - TRO air 4970 5626 323 [*] 0 4907

{ 7 indicates effluent doss Mot require Diotrestment
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The contingency allowances shown in Table 2.1 are intended to account for :
cngincering uncertaintics and lack of complciec delinition from the process side. This
is somewhat differcnt than the usual application of a coatingency allowance by a cost
¢nginccr,, which would also include site factors and procurement factors. Any design
which is costed from a process {low diagram and cquipment list is likely to suffer from
a lack of complcie definition lcading to an underestimation of the actual cost. In any
braund new technology this cffecct may be cxaggeraied. (There are also possibilities for
optimization of both process planis and utilities, but generally the negative factors
prevail). Unfortunately, the contingency allowancc can be so large as to mask possible
improvements, so thc cconomic comparisons in this sludy are made botk with and
without contingency.

2.12 Operating Cost Comparison

Opcrating costs for the three dircct conversion technologies and the three reference
syathesis gas based tcchnologics are compared in Tables 2.3 and 2.3A. (The former does
not include the capital cost contingency, the, laticr does.) The primary differences
identificd are in Lhe variable opcrating costs and in mainicnance. Labor and
administrative costs for these cascs are judged to bc about cqual since the degree of
complexity and number of plants are roughly cquivalent. Total staffing is 245 persons
and the wage raic averages outl at $20.80 per hour

Diffcrences have been identificd in the percentage applied 1o the capital cost in
estimating annual maintenance cost. Oxyhydrochlorination is pecnalized because of the
corrosive conditions and Oxidative Coupling because of the elevated icmperature. Total
annual mainienance as a percentage of plant cost is as follows:

Oxidative Coupling 4%
Partial Oxidation 3.5%
Oxyhydrochlorination 5%
Synthcsis Gas Bascd Processcs 3%

The maintenance labor componcnt has been kopt constant with the difference being
applicd 10 mainicnance material and subcontract maintenance cosis (Maint Matl + S/C
in Tables 2.3 and 2.3A).

The imponant variable cost componcnts are the cost of catalyst and chemicals and the
cost of Lhe feced gas. No credit is given for byproduct nitrogen produced (in excess of
intcrnal demand) since the facility is considered to be remowe from any market for
nitrogen.
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Table 2.2
OPERATING COET ELmdARY
GAT TG LISJICS MROCESSING
L TA L
/O Cont ingerey
ocicat ive Puriial  Gxyhyore  Fined-
Loupl ing Caidation chlorin e

atien MTG
Dperat (g Coats irziuding Cont of G
Fiasd CogTd
Sperating Labor 2. F8 2.9 i
Hainterarce Labor 5,19 5.1% 5.19 5.1
Wmint Mael = 5/C 19,38 k4. 2.0 17.24
docim 1 LA v g.50 2.50 2.50 2.50
Tgtal Fixed CodTs 2wl 32,49 L1 -1 23 .85
varinbly Costs
Catalyit L Chamicals R T.%% 13,85 B.82
A Mpter o.12 Q,1% .1 [ I [1]
Tetal Warisble CopTs 15.08 L) 1584 1.9
Tetah Coat sx=i Gax A5.BE &g, 5T 5,77 32.77
Cai 3 50.50/mm Jra 357 20.9% 23.59 .M
Total Dparstirg Cost 45,54 e 55 7.3 §7.11
Tukla 2,38

OPEAATING COST FIMMART
oAs TO Lioy 1DE FEDCESSTNG
’ T
With Contirmemy
Oxidetlve Partial Crynpdrp  Flasd-
Coupling Gaidatisn chlerim Hed

tion ulG

Cperatimng Costs Excluding foat of Gue

Filamd COATSE

Opmrating Laber . 2.7 2.7 2.8

wainterence Laor §.19 5.1% L L) 5.19

Maint Matl +~ $°C Zh. 29 2729 24 .51 13.2% |

Adminiatrerive .50 2.50 1.50 2,50
Torel Finmd Conte L 7.9 .12 23.8%
wmrisdle CokCh

Catulyst & emicals 15,78 FR- Y 11_A% 8. 88

el water 0.12 0.1% a.11 o0
fotal var!isote Conls 15. 64 8. 15.%4 p.9k
Total Coat #acl Gos L1 45,90 51.0& n.m
Gae & RO 505 Btu 23 ar FER 75.5% k.3
Totel Dpararing CoEt ¥k, 4l Ta. ¥ Th RS .
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2.1.3 Produgction Cost vs. Cost of Gas

In estimaling production costs, the annual capital recovery factor is taken at 20% on
the 1otal investment. It has been found that this corrcsponds to a 12% imernal rate of
reiurn on a 20 year project life, with cquily financing, without inflation and using
U.S. tax law. Investment is distributed over a three ycar period prior to the sian of
operation and allowance is made for operation at SO % of design capacity for the first 6
monihs. At a 25/75 debt to cquity ratio and 10% interest on debt, the corresponding
inicnal rate of return is 15%. Production cost (in $/bbl) is the sum of the annual
opcrating and capital. recovery costs divided by the annual production in barrels.

Production cosis are shown as a funciion of gas cost in 3/MMBu (HHV) in Figures 2.3
(w/o contingency) and 2.3A (with contingency). In cither case, the direct conversion
cases fall above the best of the conventional synthesis gas cases (Fluid-Bed MTG) and.
in the order of incrcasing cost, rank as follows: ' ‘

0 Oxyhydrochlorination
0  Oxidative Coupling
o  Partial Oxidation

When the contingency allowance is removed, Oxyhydrochlorination compares
favorably with Fixcd-Bed MTG.

The slope of the lines in Figures 2.3 and 2.3A is an indication of gas consumption per
unit of production, in other words the thcrmal cfficiency. The intercept at zero gas
cost (cxtrapolated) is composed of (wo coniributions; that due to capital recovery and

‘that duc 1o operating cosis exclusive of gus cost. These are summarized below for each

of the six cases shown in Figure 2.3A:

$/Bbl Production Cost at Zero Gas Cost
With Contingency
Capital Recovery Totai

Partia! Oxidation 9.65 42.53 52.18
Oxidative Coupling 10.66 34,44 45.10
Oxyhydrochlorination 10.72 30.04 40.76
Fischer-Tropsch 6.13 29.87 356.00
Fixed-Bed MTG 6.88 28.66 35.54
Fluid-Bed MTG 6.72 27.40 34.12

The suirong influence of capital cost recovery is apparent in these numbers, but the
maintcnance cost allowance is also cvident in the increascd operating cost for the
three direct conversion processcs..

Some significant differences arc cxpected in the quality of the hydrocarbon product.
The Fischer-Tropsch product, for cxampic. has a broad range molecular weight
distribution and might properly be called a synihetic crude. The heavier cuis are
amenable 10 hydrocracking, producing a good dicscl fraciion, but the gasoline is
paraffinic and of low octanc. The Fixed-Bed MTG process produces an excellent
gasoline, 92 - 93 RON unleaded. The Fluid-Bed product is scveral octane numbers
higher.
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The exact nawure of the product produced by the direct conversion processcs is
unknown but the yquality is cxpected 0 be good. The Onxidative Coupling process (using
olcfin oligomerization), - should produce a mixture of good quality gasoline and diesel,
Since the feed is predominantly eihylene, the exact ratio of gasoline 1o diescl is
unknown. The product from the Parniial Oxidation and Oxyhydrochlorination cases is
produced by oligomcrization of a hydrogen deficient intermediate (in the first case
from a mixture of mcthanol and formaldchyde; in the sccond, from a mixture of mono
and dichloromcthanc). To achieve an clemental balance in this study, it was necessary
to adjust the typical MTG product distribution in the dircction of increased C6 to Cl0
aromatics and lower light ends and paraffins. The product should be of very high
octane but is more dense than the MTG product. Production of 14,500 BPSD of product
thus requires about 14% more fced gas. (The possibility exists that durcne content of
the product will be higher in these two cascs. Assuming thal the gasoline will be
blended ino a large pool at a distribution cenicr, this has becen acglected in this study.
Some care may be rcquired in processing, sioring and transporting the product to
avoid precipitation of durene. Hcated contuincrs may be required. Exactly the same
situation cxists in the casc of Fischer-Tropsch syncrude. The durene content of the
product from the Oxidative Coupling and MTG cases should not give special handling
problems except, perhaps, under arclic conditions for the Fixed- and Fluid-Bed MTG
products.)

While it is true that hydrocarbons are sold on a volumetric basis, the hecating value of a
fuel is also of prime imponance. Figures 2.4 and 2.4A show production costs in
$/MMBuw (HHV) of product as a function of gas cost. On this basis, both Partial Oxidation
and Oxyhydrochlorination economics are improved and the lauecr becomes competitive
wilh conventional icchnologies even with a 20% contingency allowance on the capital
investment. The slope of these lines is cqual 0 the reciprocal of the thermal efficiency
(HHV basis), as dcfined in Section 2.2.1.

2.1.4 Key Parameters Affccting Capital Cost

Each of the dircct conversion cases operatcs at low conversion in the primary reaction
step. If conversion could be increased without a penalty in sclectivity, there would be
savings in the size of compressors and cxchangers and reduced utilities consumption.
Rough estimates have becen made of the savings that would result from increases in
conversion which arc significant, but not large cnough to compictely change the
design of the plant. These differ from casc to casc and are summarized below:

Brocess i 3 Cost Degreased
Erom To Io
Oxidative Coupling 25% 35% 89.5%
Partial Oxidation 5.5% 10% 85.5%
Oxyhydrochlorination 5% ) 50% 1%

Sclectivity is. also of considerable imporiance, particularly where the alicrnative is
carbon dioxide production. Sclectivity affects not only gas consumplion but the whole
cncrgy balance and ihe amount of hcat dissipated to the cnvironment. The favorable
result for the Oxyhydrochlorination case, despite severe materials of construction
restrictions, is aulributable 1o the high sclcctivity. The point is developed further in
Scction 2.3.
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An analysis “has also been made of the effcet of malcrials of consiruction on the cost of
the Oxyhydrochlorination case. It is cstimated that a 15% overall savings could be
effecicd if special matcrials could be rcplaced with carbon stcel throughout.

Figure 2.5 shows the breakdown in identificd major cquipment costs by type of
equipment for the three direct conversion cascs plus conventional Fixed-Bed MTG. Of
particular note is the high cost of compression in the Oxidative Coupling and Partial
Oxidation cases. Vesscl cosls represent a high perccntage of the total for all the direct
conversion cascs, taking the place of the high fumace cost in the MTG case.
(Precautions are neccssary in the interpretztion of Figure 2.5 since the cquipment
rcquirements for standard plants arc not ideatified. An Oxygen Plant, for example, is a
standard plant which is high in compressor and cxchanger cosis. The percentage of
the 1otal cost for which the cquipment breakdown can be identificd is noted om the
diagram in cach casec.)

A rcview has been made of the very large compression costs in the Partial Oxidation
and Oxidative Coupling casecs. It is concluded that further optimization of both cases
may be possible but would require redesign cifons beyond the scope of this study. The
original concept for Partial Oxidation was that linking the 1wo reaction steps in a
single circuit without intermediaic condensation (similar 1o Topsoc's TIGas design -
Reference 10) would reduce process sieps and save moncy. The problem is that the
pressure levels for the two reactions may be too far apart. Unless the pressure level in
the partial oxidation reactor can be reduced or conversion per pass increased,- it might
be better to recover the oxygenates by condensation from the recycle gas before
feceding them to the sccond step, as in the conventional MTG process.

In the Oxidalive Coupling casc, the initial stcp runs at a much lower pressure level

than the oligomerization siep. Intermediate condensation is not feasible, but it still

may be possible 10 reduce compression requirements by design optimization. The
oligomerization reactor pressure level has been set by product scparation
rcquircments and may be higher than that required for olefin conversion. If this is
true, compression rcquircment can be reduced at the cxpense of a more costly
absorber system. Alternative oligomerization reacior designs which reduce pressure
drop may aiso be feasible The radial reacior, used in the Oxyhydrochlorination case,
might also have been used here to reduce pressure drop.

Vessel costs are strongly dependent on operaling conditions such as pressure,
lemperature, and space velocity. The high pressure (65 aim.) in the Partial Oxidation
reactors, the high temperature (1600 ©F) in the Oxidative Coupling reactors and the
corrosive coaditions in the Oxyhydrochlorination rcactors all contribute to the high
vessel costs indicated in Figure 2.5. It will be imponant to define space vclocity
requirements more accuratcly as these rcuclors are scaled-up.

The high reaction temperature in the Oxidative Coupling casc permits very efficient
usc of the cncrgy rcicasced by the reaction and leads 10 improved thermal efficiency
(scc Scction 2.3.1, last paragraph). On the other hand, it also leads to high exchanger
cosis. The large catalysi circulalion requircment docs not have a major cffect on the
cost of the recactor as long as there is enough recycle gas to provide transport. (This is
the reason why the increment in conversion per pass was limited to 10% for this case
when estimating capital cost savings,) Catalyst circulation does have significant side
cffecis on thermal cificiency and indirectly on capital cost by vinue of catalyst
stripping steam requirements and the carryover of rcactive matcrials from the reactor
to the regenerator and inerts from the regencrator to the reactor. Even with
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considcrably betier stripping than in a cat cracker, it is cstimated that this carryover
results in 8 2% increase in gas consumption. Both this and the stripping steam
requircment lead 1o higher hcat loads. (Catalyst circulation is defined by sioichiometry
and the oxygen carrying capacity of the cuatalyst. It is sirongly influenced by the
sclectivity of the reaction.)

Fced gas composition is also a significant faclor in the design of the direct comversion
processes. Incris present in the fced gas must be rcmoved by purging to the fuel gas
sysiem. The quantity of purge and the level of incris buildup in the recycle is
deicrmined by cagincering judgement, since a wruc optimization is beyond the scope of
a preliminary evaluation. In gencral, a rcasonable balance is achieved bciween fuel
supply and demand at 0.5% nitrogen in the feed gas. Fucl balance problems could exist
at higher levels than this. Of the other components, CO2 is not a real problem since it is
removed along with CO2 produced in the process. Hydrocarbons other than methane
arc assumed to convert more rcadily than methanc, They should thus be beneficial.

2.2 TECHNICAL REVIEW
2.2.1 Thermal Efficiency

The facilities in this study are scif-sufficicnt in terms of fuel requirement and produce
no cxport sicam or power. This is accomplishcd, where nccessary, by recycling
byproduct light hydrocarbons back to the first stcp for further reaction, taking only
enough purge gas to balance fuel rcquirements. Since all plants are thus in balance,
the thermal efficiency can be cxpressed as the heating value of the product as a
perecntage of the heating valuc of the total gas (fced plus fuel) to the plant. Normally
the lower heating value is used, although a casc can bc made for using the higher
heating value since most of the water produccd by reaction is condenscd and leaves as
a liguid.

Table 2.4 summarizes csiimates of thermal efficicncy for the three dircet conversion
cascs and compares them o cstimaics made previously for conventional synthesis gas
based 1cchnologies when using a similar high mcthane foccd gas. (Feed gas composition
is a particularly significant factor in csiablishing the thermal efficiency of processes
using mcthanol as an intcrmediate. Higher hydrocarbons in the feed gas result in a
synthesis gas which is closer to the stoichiometric composition for methanol and CO2
in the gas is, in effect, a rcactant for the production of mecthanol.)

Thermal efficiencies obtained in this swudy for the direct conversion processes
compare favorably with those for conventional processing, but are somewhat lower
than those reponied in earlier studies by Mobil (Rel9) and Mitre (Ref.11). This is
attributed to the more dclailed accounting of incfficicncies, 10 the use of a more
rcalistic feed gas and, in the casc of Partial Oxidation, 10 a less oplimistic interpretation
of the literature data on conversion vs. sclcctivity.

In asscssing performance, it should be rccognized that the ultimate thermal efficiency
for a mcthane conversion process producing liquid hydrocarbons and water is about
76% (LHV basis). This point wili bc developed further in Section 2.3, There is a similar
limit for processes which procced via synthesis gas, since the excess hydrogen
produced is burncd to supply hcat for the rcforming rcaction.
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2.2.2 Tcechnology Sialus

All of the direct conversion proccsses considercd in this study must be considered
highly developmental at this time, though it is undersicod that ARCO has completed the
dcsign of a demonstration unit for their Oxidative Coupling technology and
undoubtedly has unpublished information on which to base their design. A large scale
demonstration is rcquired for both the Oxidative Coupling and Oxyhydrochlorination
rcactors owing to difficultics in csiablishing backmixing cffects when scaling up
fluid-bed processes. Where tubular reaclors provide for reaction with simultaneous
heat and mass transfer, pilot plant scalc-up swdics will also be required. Wall effects
may be significant in the small-scale test units uscd to daie. The erratic
yicld/conversion data reperied in the litcrature for the Partial Oxidalion process may
be a conscquence of catalytic wall cffects,

Typically, fluid-bed reactions are dcmonsirated in vessels several feet in diameter with
capacities of 50 to 200 BPD. Tubular reaciors require iests on one commercial size tube,
whereas adiabatic fixed bed reaciors have been successfully scaled-up from property

done bench scale tests.

The designs provided in this siudy should not be considered definitive. There is a
distinct possibility that further optimization is possible, Before any addi.ional design
effort is expended, however, further definition of the process sieps. should be
available. The primary nced, in thesc low conversion processcs, is to demonstrate both
steps in an operation involving recycle. In all cases, the level of information available
on thc sccond sicp reaction is unsutisfactory and rccourse has bcen made to
cxtrapolations from MTG cxpericnce. The luic of light cnds recirculaied with the
unconvericd mcthane back to the first siep reaclor is not well defincd. These effects
can be simulated scparaicly, but cventvally there is a nced o pilot the entire process
in a lrue recycle mode.

Certain design factors in cach of the direct conversion cascs are not well defined.
Assumptions have becen made which will require additional test data for confimation.
These include:
Materials of construction and non-idczl scparation data in the
Oxyhydrochlorination case, .
Catalyst reaction ume and regeneration ratc in the Oxidative Coupling case,
Contact time and calalytic wall effccts in the Partial Oxidation reactor

The results of this study also indicate that [further bench scale development is required
lo improve on seleclivity and conversion. This is probably thc most pressing
requirement and will be developed further in the next Scction.

2.3 DIRECTIONS FOR FUTURE RESEARCH

The economical conversion of mcthanc und other light hydrocarbon gases to liquid
fucls is not an easy task for scveral reasons:
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o Msthane, io pamicelar, is 2 very suable compound and i difficult o activat
Opee aciivalion occurs, il iz easy 10 OVErCOnver.
o Swichiometry leads w0 large usages of resclenis and iniermedlates such as
oxygen, HC! and the Oxidarive Coupling catalys.
¢ Hezas of reaction are Subsiantial.
In order tp put dirxl conversion processes o & more consistent basls and assess Lhe
ultimate econgmic poleniial, 1be stoichipmerry and thermodynamics of the r=actions
have been reviewed and actzl results relatsd 10 the model rzactions as z function of

selectivity.

2.3.1 Thermodynamics of Modet Reaclions

Direct merhans 1o liquid processes can be characierized es aither oxidarlve or
reductive. In the reductive processes. hydrogen is produced as a2 byproduch, ihe
reaclion is endodtermic and equilibrium is unfavorable, shkhough above 1600 oF
aromatics formation becomes possible, In the oxidative processes, cxcess hydrogen is
oxidized creating e favorsble equilibrium situation. By considering lbe bydrocarben
product a5 an oligomer of -CH2- groups and oxygeo as the oxidant, the overall reaciion

can be writien:

(1 n(Hg 405007 = (CHzp+ o HIO
If 10% of the methane rescts 10 CO2, the overall maction is:

{2} aCH4 + 0650 07 = D9(-CH2-}p +0.1 2 CO2+1.1 n HIO
If 20% of the methane reacts w0 C072, the overall rcaction i3

3 nCH4+08r G2 = 0.8(-CHz)p «0.2n CO2+1.2 o H20

Some key thermodynamic and stoichiomelric constanis for these reactiont arc a5
follows {reaclants are reegied as pases and hydrocarbon product as a liguid}):

-% 1] 10 pil,
Heat Release-Bruflb Oxygen
LHY Basic 5179 5245 5286
HHY Basis 63521 . G245 6iT4
Efficiency-% '
LHY Baais 76.0 8.4 50.%
HHY Basis 73.4 6&.1 8.7
Ilb Oz/1b Product 1.14 1.65 2.28

To Produce 14,500 BPSD @ a deosity of 252 lb/bbi:
Heat Release MMBtu/fhr

LHY Basis B9 1516 1E36
HHY Basis - 1105 1567 2144
TPD Oxygen 2084 anig +168
gom Water Byprodust 391 : 478 587

The relative coastancy of the heat relesse per ton of oxygen comsumed is worth noung.
as it simplifies making ecstimatcs for dlffering stoichiomelry.
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In the Partial Oxidation and Oxychlonnation cases the hydrogen to carbon ratio of the
hydrocarbon product reduces from 2 10 1.6 because the feed gas has been overoxidized
in the first step. Stoichiometry requires that Equations (1), (2) and (3) now become:

4 nCH4+0.6n02 = (-CHig)n+121n H20
(5) nCHy +0.74n02 = 0.9(-CHj g-)p +0.1 n CO2+1.28 n H0
{6) nCH4+08n02 = 08(-CHyg)p+02n CO2+1.36 n H20

The thermodynamic and stoichiometric constanis are revised as follows:

Seleclivity 10 CQ2-% Q 10 20
Heat Release-Buu/lb Oxygen

LHV Basis 5225 5271 5582

HHYV Basis 6409 6294 6216
Thermal efficiency %

LHV Basis 70.9 63.8 56.7

HHYV Basis ) 67.9 61.1 54.3
b O2/lb Product 1.41 1.93 2.58

To Produce 14,500 BPSD @ a density of 287 lb/bbl:
Heat Release-MMBiu/hr

LHV Basis 1277 1765 2501
HHYV Basis 1566 2108 2785
TPD Oxygen 2933 4019 5376
gpm Water Byproduct - 550 743 - 980

Whea the above predictions are checked against the utility consumptions and oxygen
demand in Table 2.2, using aciual CO7 sclectlivities, there is a reasonably good
correspondence. This is shown in Table 2.5. For the cases which do not involve steam
reforming, the heat rcleasc estimates account for 75 to 85% of the co~ling water duty.
Oxygen requirements and byproduct water production rates are in rough agreement,
with differences being explainable by diffcrences assumed in the H/C ratio of the
product. Estimates for the conventional synthesis gas bascd processes are also shown,
including a typical steam reformer Fischer-Tropsch operation.

The carbon selectivity to product is closely rclated to the thermal efficiency for all
these cases. Very roughly the thermal efficiency is about 75% of the carbon
selectivity. A comparison has been made of actual thermal efficiency as a percentage
of values predicted from the above stoichiomctry. Results were as follows:

Oxidative Coupling %1%
Partial Oxidation 84%
Oxyhydrochlorination 85%

These cstimates measure the actual cfficicncy of the process design. It is believed that
the higher ratio for Oxidative Coupling is indicative of the effectiveness of energy
recovery at the high temperawres employed in the process.
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2.3.2 Eifect of Scleclivity on Cost

The significance of the previous Scciion is that it cnables some rough estimates to be
madc of the effect of sclectivity on cost of the plant. If the selectivity of the Partial
Oxidation process can be made 10 approach 100%, thcn the various portions of the plant
would reduce in size substaniially,

as follows:

0 The Oxygen plant, by a [actor of 0.4,

o CO2 Removal climinated, .

o The rest of the process planis, by a factor of 0.88 duc 10 product density
reduction, )

o Total compressor load by a factor of 0.6,

o Total. heat relcase and cooling water load by a facior of 0.4,

© The reactor would be simpler duc to the reduced heat load.

It is csiimaled that the totul plant cost would reduce from $773MM to $525MM, & factor
of 0.68, under conditions of idcal sclectivity. [t is probuble that the plant would remain
close 10 fuel balance. If no CO2 were produced, but the methanol to formaldehyde ratio
stayed at 4:1, the resulting cost becomes $593MM, a cost rcduction factor of 0.767.

The Oxyhydrochlorination case is already opcrating at high selectivity (only 3% CO2)
except for the monochloro 1o dichioromethane ratio of 4:1. The effect of this ratio is to
increase the size of the whole facility by 14% owing to the increased density of the
product. There is an additional 24% increase in capacity of the hydrochloric acid
rccovery and oxygen plants. Offsites are also affccied. At optimum selectivity, it is
csiimated that the cost reduction factor is 0.812.

Some significant effects would also occur in the Oxidative Coupling process if
scleclivity were improved to 100%:

0 A reduction in catalyst circulation by a faclor of 0.46

0 A rcduction in air flow 10 the regenerator by a similar facior, reducing
regencraior size and air comprcssor horscpower.

0 A similar reduction in cooling water duty.

A simple analysis is not possible for Oxidative Coupling, since the reactor design and -
the heat balance around the sysiem would have to be completely revised. A substantial
cost reduction is probable.

2.3.3 The Ideal Procgss

Various cost reduction factors have been cstimaied previously in this siudy and these
can be put together 10 get some ideca of what an ideal direct reduction process would

look like. The following table summarizes the siwation, assuming that effects can be
combined:
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. 'Sludv Busis Coxt* Eaciors Lltimate Cost
Brocess SMM MM

Oxidative Coupling 614 .B95 550 @L2%CO;
Pariial Oxidation** 773 .855x.68 449 @ 0% 00
Oxyhydrochlorination®** 528 S1x.B12x RS 332 @ 0%C02

* w/0 contingency and owncr's costs. _
** 100% to mcthanol or monochloromcihanc in these cascs.

The first factor in cach case is the corrcction for increased conversion/pass given in
Scciion 2.1.4, the sccond is the idcal sclectivity correction from the previous section,
the third (in the casc of Oxyhydrochlorination) is that for non-corrosive reactants.

The results provide a rough indication of the cost of a process with ideal sclectivity,

improved conversion per pass and no corrosion resistant matcrials rcquired.

There will also be a substantial reduction in cost of the Oxidative Coupling process if
selectivity can be improved. While a redesign of the Oxidalive Coupling reactor is
beyond the scope of this siudy, a rough estimate is possible assuming that the effect is
similar to that in the Panial Oxidation casc. The resulting estimate for Oxidative
Coupling is a plant cost of $385 MM.

Figure 2.6 depicts the above cffects in graphical form, using the theorctical oxygen
consumplion as a measurc of sclectivity. Cost correclions which have actuaily been
cstimated are shown as solid lines. extrapolations as dotted lines. The intercepts at 2084
TPD oxygen consumption corrcspond to the costs of processes with ideal selectivity. A
rough pattern can bc scen indicating that selectivity and conversion/pass dominate
the cost cifccts, despite significant differences between processes.

It is concluded that a cost in the ncighborhood of $300MM - $350 MM may be feasible
for the ideal dircct reduction protess. Full advantage has not becen taken of complete
climination of recycle, of the possibility of a single-sicp rcaclion or of further process
and ulilities optimization. On the other hund, 100% sclectivity is probably an
unrcachable goal. It should be notcd that all of the above cosis are plant costs without
contingency and do not include owners costs.

If plant costs can be reduced to this level then a delivery cost of under $30/barrel is
considered achievable.

234

In a screening study, possible improvements in synthesis gas based technoiogy were
reviewed. It was concluded that a rcduction 10 77% of the cost of the conventional
Fixed-Bed MTG process (as used in New Zcualund) may be possible by a combination of
Fluid-Bed MTG with improved icchnology for producing synthesis gas. This would
reduce plant cost to the level of $473 MM. Low icmpcralure methanol synthesis
tcchnology has the potential 10 reduce this still further.

It is rccommended that both dircct conversion and improved synthesis gas techrology
continue to be pursucd, ncither having a clearcut advantage at this time. It does
appear that a dircct conversion process achicving high selectivity without penalty
will be superior 1o processcs using the synihesis gas route. The problem is that high
sclectivity at reasonable convcrsion per pass appears 10 be a difficult goal for the
dircct conversion processcs.
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2.4 CONCLUSIONS .

The iReee direct conversien processes cvzlomed in this siudy have ihe poentizl 10
compete (avorably wilh conventional icchnology  provided improvemsmis ¢an be made
in the scloclivity and conversign por pass. This may unal be pasy Lo accomplish becauss
cf the inhzrent nom-seloCrivily af free rudical rowcklans.

Of the three tcchnologies siudizd, Oxyhydrochiorinahen, followed by oligo-merizalion
of mecthy! chloride to gasoline. showcd ihe lowcst cost ans best eranoraics. COxldative
Coupling 1o olefins, [oliowed Dy oligamerization of elefins, was a close sccond and
Partisl Dxidagon o methanal, followed by MTG, was 2 distant third. i 1z considersd
significan: that this ranking is in the same order as scloeuwity:

o Oxyhydrochlosination has by .far the Jowest cooversion to carbon dioside
(3%]. bul overchblorioaies 20% of the methane mologules 10 methylsns
dichloride, ie. a dichlors 1o monachioro ratio of 1/4. The dichioro (o
monochlors fatio can be decreesed only the expense of reduced
copversion per pass. This is alrcady caly 25%.

o Oxidative Coupting, al 25% conversion pet pass. has 3 22% seiectivity o carbon
oxidos [ assemplion ig Lhai curbon moenoxide will cquilibraie 1o carbon
dioxide).

o Pamial ozidation, at 5.5% cOnversion per [uss. las buolh a 20% tonversion 1o
carbont emides and a wydrogen deficient imermediate  product, 1.2 Lhe
formzidchyde 10 methanal TaLio is 144,

Ll is concludcd shat sclccliviy 15 imporiant nol aniy in terms of ferd gas consumplion
and its effect on operaking cosl. bul also in 1orms of the capital cost of the praject Poor -
scleclivity increases heat relcase, okygen consumpiion eand €02 removal, all of which

incrcase  capilal  CostL, ‘

Other faciors found 1o have a significant effeci on capital cost were ponversion pet
pass {doubling fonversion pef pass was found to reduce capital cosl abput 10 e 15%)
and the magrials of constructian required dug 10 corrosive rcagents in the
Oxychlorination case (15% effect on overall capital costy. Not specifically svalualed,
but alsc judged imporiani worc the Kigh operaling pressurc in the Partiai Oxidation
case and the high remperature o ihe Cxidative Coupling case. Operating  conditions
were judged o be significam from & mainienance siandpaint as well. Higher
maintcnance faclors vhan moncal werd appiicd i dovelaping gperaling costs where
operaling condilions  werc  SCVErc.

In compariog direct cunversion processcs with conveational MTG &r Fischer. Tropsch
wechoology via synibesis gas, the key fosl faciors were as follows:

i

Capial Invesiment SMM FProduction Cost in $/bbl
Procexs & MMMW
Oxidative Coupling 624 43
Pariial Oxidation f44 : 50
Oxyhydrochlorinalion L1 40
Fixcd-Bed MTO 623 41
Fluid-Becd MTG 621 37
Fischer-Tropsch (High MW) 547 38
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With Allowance for Continpency
Capital Invesiment SMM  Production Cost in $/bbl

Process @ 145 A3
Oxidative Coupling @(20%) 820 50
Partial Oxidation @(20%) 1013 58
Oxyhydrochlorination @(20%) 715 46
Fixcd-Bed MTG @(0%) 683 41
Fluid-Bcd MTG @(5%) 653 39
Fischer-Tropsch @(10%) 712 41

Il production costs are comparcd in $/MMBiu, then the Partial Oxidation and
Oxyhydrochlorination cases improve their relative standing and
Oxyhydrochlorination has the lowest cost of all on a non-contingency basis.

An analysis of capital cost indicates that the large cost of the synthesis gas preparation
step in conventional technology is being supplanted, in direct conversion, by large
reaction sections with high compression costs and large oxygen .planis. The key issue .
in oxidative direct conversion is the reaction sioichiometry. For every mole of
mcthane reacted, 1/2 mole of oxygen must rcact. This is roughly 4 moles of oxygen per
mole of product. Even with perfect selectivity, 2084 TPD of Oxygen are required io
produce 14500 BPSD of product. Hecat rclcase is almost dircctly related 1o oxygen
consumplion at about 6300 Biu per pound of oxygen. In the same regard, production of
mecthyl chloride requircs onc mol of HCI per mole of meihane, thus 4750 TPD of HCl
must be recirculated. A loss in sclectivity affects these numbers directly.

Thermal efficiency (LHV basis) is somewhat improved over the synthesis gas based
proccsses:

Oxidative Coupling | 54%
" Partial Oxidation T 4B%
Oxyhydrochlorination 59%
Fixed-Bed MTG _ 51%
Fluid-Bed MTG 55%
Fischer-Tropsch 55%

The synthesis gas bascd processes all have a limit on thermal efficiency because of the
large amount of fucl rcquired to produce synthcsis gas. As a result, carbon selectivity
is ncver above about 70%. Dircct conversion processes have the capability of quite
high carbon selectivitics, in fact the Oxychlorination casc has a carbon selectivity of
81% and this does iranslate into a higher thermal efficicncy as shown above. It
appears then that direct conversion processes have the greater potential for improved
thermal efficiency. Analysis of an idecal dircct conversion process shows that it may be
possible, ultimately, 1o reduce the capital cost by 50%.

Rccommendations for further rescarch can be summarized as follows:

1. Develop catalysts and conditions which Icad 10 improved sclectivity without
sacrificing conversion/pass. This can lcad 10 significant reductions in the cost
of process plants and offsites.

2. If recommendation No. 1 can be implemented in a non-corrosive environment at
moderatc temperaturc and pressure so much the bettet.
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. Lock "at the possibility of o single siep procsss where Lthe nlcomedialcs afe
removed fesier than Lhoy cun overvonyed. Remember that B ta 10 moles of an
imtermediate such as mclhupul must be handled per moic of gasoime produced.
Tha ralio is cven higher for a distilfate.

If a iwo-siep provess is regquired, (ry 1O match opcraiing pressures and
{cmperalurcs  BElween  SLEps.

_ Capital cost is more significant in the ccopomics Lhan operating cost when he
fecd gas is ow i value, s the design docs not need 1o maximize thermal
efficizncy.

. If she process is carricd out in x remolc location (ihe basis for this study}, then it
is required that ihe plani be. in energy belance as ihere is a0 market for export
power or stcam. There will ajways be byproduct {fuef produccd o supply intzrual
anergy demands. A sclective. low [omperaturc proccss while Energy TECOVEry is
not practised could shew the lewest sapital cosi, Thermal efficiency would sl
be adegiawe if a very Digh selectvity were achicved.

all of the dircet cpaversion cases ¢overed In inis sludy reguire further test work
1o dofine condilions. yields und conversion in A Luc recycie operamion. [t bas
been assemed in this sludy hal byproducs light hydrocarbons can be recycled,
producing additioral produci.

lmprovements are boing made in meothasel production which olfer Lhe
possibiliy of bigher ctficency énd lower cost im ibe lhe Gynthesis gas
production siep. These ¢ould zléo lgad 10 improyed cconamigs in rascline
production. It is comcluded tha bah dirccl comversion and improvements io
synihesis gas iechnology ghoold be aciively pursaed.
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