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LEGAL NOTICE This report was prepared by institute of Gas Technology ("IGT") as an account of work
sponsored by Gas Research Institute (“GRI"). Neither GRI, members of GRI, IGT, nor any person acting on behalf
of either:

a. Makes any warranty or representation, expressed or implied, with respect to the accuracy, completeness, or
usefulness of the information contained in this report, or that the use of any information, apparatus, method, or
process disclosed in this report may not infringe privately owned rights, or

b. Assumes any liability with respect to the use of, or for damages resulting from the use of, any information,
apparatus. method, or process disclosed in this report.

Reference to trade names or specific commercial products, commodities, or services in this report does not
represent or constitute an endorsement, recommendation, or opinion of suitability by GRI or IGT of the specific
commercial product, commaodity, or service.
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The objective of this program was to develop subsystems
for streamlining downstream processing of raw produact gas
from coal gasifiers to reduce the cost of SNG from coal.

As part of the strategic objective of improving
reliability and operability and reducing gas costs of coal
gasification processes, the Gas Research Institute (GRI)
has developed a new process for comverting synthesis gas
to SNG. The key to this process was the development of a
sulfur-resistant, direct methanation catalyst. This new
raw-gas process, the direct methanation process, could
decrease both capital and operating costs because the
final SNG can be produced with equimolar carbon monoxide

‘and hydrogen if the methanation catalyst is sulfur-

resistant.

Preliminary cost estimates show that the direct methana-—

tion process could decrease capital costs by over 207 and
operating costs by 10%, resulting in gas cost savings of

about 157 over state—of-the-art methanation and combined

shift/methanation processes.

To ensure that the direct methanation process is applic-
able to existing coal conversion processes, simulated
quench gases of the Lurgi, BGC/Lurgi, Westinghouse,
Underground Coal Gasification, and Shell processes were
used toc obtain design data and to provide information for
economic analyses. Twelve catalysts were evaluated, and
life tests of 200, 2,000, 5,000, and 10,000 hours were
conducted. To support process development work,
experiments were conducted to study the COS hydrolysis
reaction, the steam reforming reaction, the effect of low
sulfur concentration in the feed on the life and activity
of the catalysts, and the evaluation of altermative
options for the direct methanation process in coal
conversion processes,

This ongoing project is an integral part of GRI's overall
program for developing the direct methanation process.
The direct methanation process offers a major advance in
the technology and economics of producing SNG from coal.

iii
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Whereas conventional shift and methanation processes use
the water—gas shift reaction with steam addition to adjust
the gas composition to around 3.1 moles of hydrogen per
mole of carbon monoxide, the direct methanation process
requires equal concentrations of the two reactants and, as
such, is much more compatible with the gas compositions
from advanced coal gasifiers. The direct methanation
process operates with a sulfur-tolerant catalyst, such
that the bulk of the gas conversion reactions takes place
before acid gas removal; thus the volume of gas to be
treated by downstream equipment is considerably smaller
and the costs of those plant sections can be reduced. The
direct methanation system has also been shown to avoid
coking of the catalyst bed even though no steam is
present. The major economic advantage of the direct
methanation process appears to be greater recovery of heat
at useful levels, resulting in smaller capital and
operating costs for the utility area.

Howard Meyer
Manager, Gas Processing
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SECTION I. INTRODUCTION

The United States has vast resources of energy in the form of coal. One
method of distributing this energy source to the consumer is to gasify the
coal and distribute the gas through the existing natural gas pipeline
distribution system. However, raw synthesis gas from a coal gasifier is not
of sufficient purity and does not provide heating value suitable for use
directly as substitute natural gas (SNG). The synthesis gas produced by a
coal gasifier requires extensive purification and upgrading before it can be
interchanged with natural gas., The current raw gas conversion systems were
not specifically designed with the production of pipeline-quality gas from
coal in mind. Potential significant cost reductions could result from the

development of an improved, integrated processing system.

As part of the strategic objective of improving reliability and
operability and reducing gas costs of coal gasification processes, the Gas

Ress

(i

arch Institute (GRI) has developed a new process for converting synthesis
gas to SNG., The key to this process was the development of a sulfur-—
resistant, direct methanation catalyst. Preliminary cost estimétes show that
the direct methanationm process could decrease capital costs by over 20% and
oparating costs by 10%, resulting in gas cost savings of about 15% over state-

of-the-art methanation and combined shift-methanation processes.

Overall Project Objective

The objective of this program was to develop subsystems for streamlining
dovnstream processing of raw product gas from coal gasifiers to reduce the
cost of SNG from coal. GRI has sponsored a team approach to the development
of raw-gas processes using sulfur-resistant direct methanation catalysts. The
structure of this research team is presented in Figure 1; the function of each

team member is —

¢ Catalyst Development

Formulate catalyst
Conduct initial evaluation

Provide process definition
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RESEARCH TEAM
GAS RESEARCH INSTITUTE
PROGRAM MANAGEMENT
CATALYSIS INSTITUTE C E RRAUN
RESEARCH OF GAS _—
CORPORATION TECHNOLOGY KELLOGG RUST
0 Catalyst ® Evaluation and ® Technical and
Development Design Data Generation ° Economic Assessment
METAL PROPERTIES
SRI COUNCIL
INTERNATIONAL -—-
11T RESEARCH
® Catalyst Composition ® Materials of Construction

L4 Evaluation

and Morphology

Screening

Figure 1. STRUCTURE OF RESEARCH TEAM

of Design Data Generated

Parametric

Life tests:

Design Data:

tests: Sulfur, steam, ammonia, hydrocarbons, light-off and
maximum temperatures, pressure, space velocity, carbon

dioxide

Long-term testing (2,000 to 10,000 hours)
Controlled testing (24 to 250 hours)

Catalyst Composition and Morphology

X-ray diffraction

Scanning electron microscopy

Composition, temperature, pressure, space velocity

Energy-dispersive X-ray fluorescence microanalysis
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Auger electron spectroscopy
X~-ray photoelectron spectroscopy

© Technical and Economic Assessment

Develop conceptual design
Perform first—cut economic assessments
Racommend modifications

< Materials of Construction Screening

1,000-hour scoping test
10,000~hour exposure test

Methanation Processes

A comparison of a conventional gas processing system with improved
processing systems is shown in Figure 2. The conventional (Figure 24) sjstem
includes gas quench, water—gas shift, gas cooling, acid gas removal,
methanation dehydration, and compression. These cleanup processes produce
separate streame that require further purification so that by-products such as
sulfur, phenols, ammonia, BTX, and tars can be isolated for sale whenever
possible. The gas quench utilizes oil and/or water to cool the raw gas and to

remove particulates, tars, and oils and other coandensable components.

A - CONVENTIONAL GAS PROCESSING SYSTEM

. Dehydration Pipeline
Gasifer t— Gusnch — Shilt  |— c;?; — g:ig‘:f Methanation—] & ——  Quality
g Compression SNG

E - COMEINED SHIFTIMETHANATION GAS PROCESSING SYSTEM

s | Acid Gas Comleins—d co, Fina! Dehydration Pipa!i.ne
Gasthsr +— Qusnch — Remoual Shiftt Removs! Mathanationl | & —  Qualily
= Mathanation - Comprassion SNG

C - DIRECT METHANATION GAS PROCESSING SYSTEM

. . . Dehydration Pipeline
Gasifier |— Quench _Heg;i?ﬁen* g!:;o(flzis Mei;;ﬁuon_— & ——  Qualily
Compression . SNG

Figure 2., WMWETHANATION PROCESSES
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Water—gas shift (Equation 1) is required to adjust the H2/CO molar ratio
to over 3 as needed for methanation. Added steam reacts with the carbon
monoxide to produce the required hydrogen. The use of new sulfur-insensitive
shift catalysts shows an economic advantage by allowing the shift process to
be upstream of the gas cooling and acid gas removal systems. The acid gas
removal system removes water, carbon dioxide, and sulfur-containing compounds.
The current methanation process uses nickel-based catalysts for converting
(methanating) carbon monoxide and hydrogen to methane (Equation 2). After
methanation, dehydration is required to remove the water formed during

methanation, after which the gas is compressed to pipeline standards.

“
Co + HZO > H, ¥ co2 (1)

3H, + CO > CH, + i,0 (2)

Nickel catalysts have demonstrated their effectiveness for converting
synthesis gas to methane. However, there are very stringent process
restrictions for successful use of nickel catalysts. Adhering to these
restrictions can require process steps that are costly. A majér restriction
of nickel catalysts arises from their extreme sensitivity to poisoning by
sulfur compounds that are always present in coal-derived synthesis gas.
Although "sweet” pipeline gas can contain 4 ppm hydrogen sulfide (0.25 grains/
100 SCF), gas processed by nickel catalysts must be purified to 0.1 ppm sulfur
to avoid irreversible poisoning of the catalyst. The nickel catalyst can also
be irreversibly poisoned by carbon fouling, unless the hydrogen/carbon
monoxide ratio of the input gas is maintained above 2.85 and/or excess steam
is added. Nickel catalysts are also deactivated at high temperatures (above
950°F), such as those that can occur during the exothermic methanation
reaction. Nickel catalysts cannot be exposed to oxygen after activation.
They require special handling and pretreatment procedures to maintain

reactivity.

Improvements to the conventional methanation process are those embodying
combined shift/methanation, such as those developed by Conoco, R. M. Parsons,
United Catalyst, ICI, and UOP. These processes utilize the water formed in
methanation for water-gas shift (Equations 1 and 2 simultaneously). A
combined shift/methanation process is shown in Figure 2B. Since nickel-based

catalysts are used, sulfur removal is required prior to shift/methanation. All
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the combined shift/methanation processes require steam addition for
stoichiometry, temperature moderation, and/or to prevent carbon formation. An
additional acid gas removal system is required downstream of the shift/

methanation process to further reduce the high comcentration of CO5 .

The direct methanation process being developed for GRI shows significant
improvements over the conventional methanation and combined shift/methanation
processes. The direct methanation process, shown in Figure 2C, methanates the
raw gas directly using equimolar concentrations of carbon monoxide and
tydrogen to form carbon dioxide and water. The chemistry of the process is
such that steam is not needed either to suppress carbon formation or to drive
the water—-gas shift reaction. Although the overall reaction for combined

hift/methanation is the same as for direct methanation (Equation 3), the

m

mechanisn appears different im that COy is produced directly rather than by

[l

th

water—gas shift, thus eliminating the high steam requirement. The process

shows potentizl savings in steam usage and acid gas removal.

<~
2C0 + 28, CH, + co, . 3

Direct Methanation Process Advantages

The direct methanation process offers the following advantages:

€ Reduced plant investment, operating costs, and gas costs
o Higher energy efficiency

< Effective hydrogen utilization

4 Lower process steam requirements

€ Decreased heat exchanger area

e One acid gas removal step

& Smaller acid gas removal feed stream

° Carbon fouling tolerance

€ Sulfur tolerance.

Description of Improved Process

“ith conventional catalysts, existing coal gasification processes require

partizl gas cleanup before shift conversion and total gas cleanup before



WATER »
QUENCH CO, AND o
(o]] SHIFT 2 SULPHUR Zn0 w
FEED -+ GASIFIER - AND - = WATER |— - »{ METHANATION }—SNG
QUENCH AMMONIA CONVERSION REMOVAL REMOVAL. GUARD
RECOVERY

A. CONVENTIONAL COAL GASIFICATION PROCESS USING CONVENTIONAL SHIFT AND METHANATION CATALYSTS

850 °F 550 °F
ME THANATI ~| SHIFT -
(A) ON TiooF 750 °F
oL |390°F WATER | B50°F 550°F 02, SULFURS,
FEED—~{ GASIFIER | - METHANATION ~| SHIFT AND WATER | SNG
QUENCH (B) | QUENCH [jo5°F 00 °F | J1ooo *F REMOVAL.
550°F _| warer
o] SHFT meser quence fizseF METHANATION ool

B78020362

B. IMPROVED COAL GASIFICATION PROCESSES (Three Options) USING SULFUR-RESISTANT METHANATION CATALYSTS

Figure 3. COMPARISON OF COAL GASIFICATION PROCESS ALTERNATIVES USING SULFUR-RESISTANT SHIFT
AND METHANATION CATALYSTS WITH THAT USING CONVENTIONAL SHIFT AND METHANATION CATALYSTS

1¥490]9




12/85 30523

methanaticn. (See Figure 3.) Successful completion of this task will supply
the design data necessary to carry out the methanation conversion before

purification.

Tne gas cleaning steps needed to prepare raw gas for shift and methana-
tion conversion when using conventional catalysts are shown in Figure 3A.
Gases from the gasifier are quenched at 400°F to recover the bulk of the oil;
a water quench then cools the gas to about 125°F. Most of the process water,
as well as additional light oil, is condensed here. The gas is scrubbed for
ammonia removzl. The condensed water contains most of the phenols and
cyanides generated during coal gasification. The gas is preheated, and some
steam is injected before it enters the shift reactor. After the gas leaves
the shift reactor, the excess water and carbon dioxide are removed, and the
gas is purified by removing sulfur compounds, most of the carbon dioxide, and
any oil vapor before it passes through a zinc—oxide bed to reduce the total
sulfur content to less than 0.5 ppm. The gas is preheated to 500°F before it
enters the methanation reactor. This generalized progression is common to
many cozl gasification processes, such as the Lurgi, British Gas Corporation

Slagging, Westinghouse, Texaco, Shell, HYGAS, and COGAS processes.

The improved processes (Figure 3B) would simplify the plant flow scheme
and greatly reduce the purification requirements. Three options are presented
below. The selection of the process option depends upon the catalysts'

performance.

Process Option A

In Process Option A, raw gas is quenched with oil or water to 390°F and
preheated to 850°F before it emters the methanator. The feed gas contains all
the sulfurs, all the light hydrocarbons from Cl to Cg, oil (benzene, toluene,
€tc.), up to 10 wmole percent carbon oxides, hydrogen, nitrogen, ammonia,
phencl, and up to 457 steam. The hydrogen/carbon monoxide ratio may be as low
as 0.8:1. Therefore, the methanation catalyst used in this option must be
sulfur-resistant and unaffected by steam, ammonia, phenol, or oil, and the
methanation rezction must be sufficiently fast that the carbon formation
reactions can be avoided. One more requirement is needed: The methanation

reaction must take place despite the low hydrogen/carbon monoxide ratio.
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The temperature of the exit gas from the methanator is estimated to be
about 1100°F, and the gas is cooled to 550°F, where energy is recovered as
high—-quality steam before it enters the shift reactor. The purpose of the
shift reactor is to shift the unreacted carbon monoxide to hydrogen, thus
meeting the requirement of pipeline—quality gas and eliminating a cleanup
methanator. The sulfur~resistant methanation catalyst is a high-temperature
catalyst, and at those temperatures, the carbon monoxide concentration in the
product will, due to equilibrium limitations, be above the 0.1% limit set by
pipeline standards. Should a cleanup methanator be used, a coaventional high-
nickel catalyst would be used. This would require strict purification, and,
as a result, would minimize the advantages in using sulfur-resistant

methanation and shift catalysts.

The gas is then purified. The requirements for purification can be
greatly reduced because the strict limit on the sulfur content in the product
gas can be relaxed. The simplest and the least costly purification system may

be used in this process for all three options.

Process Option B

In Process Option B, raw gas 1s first quenched to 390°F and then water
quenched to 125°F., Most of the water, oil, ammonia, and phenol are
condensed. The feed gas will contain all the sulfurs, all the light hydro-
carbons from C; to Cg, carbon oxides, hydrogen, and nitrogen, just as that in
Option A. The differences are that the ol1l concentration will be reduced to
about 2 mole percent, the water concentration will be reduced to less than
10%, the phenol concentration will be about 0.05%, and the ammonia concentra-
tion will be about 0,01%. There are fewer requirements for the performance of
the methanation catalyst for this option than for Option A. Also, there is
less possibility of carbon formation in this option because of the low
concentrations of oil and phenol. The subsequent steps are similar to those

described in Process Option A.

Process Option C

In Process Option C, the requirements are the same as those described in
Process Option B except that the shift reaction is carried out prior to water
quenching and methanation. This change is necessary only if the methanation

catalyst is unable to promote the methanation reaction with a feed gas having
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a hydrogen/carbon monoxide ratio of less than 3:1. Note that the shift
reactor temperature will be controlled to no more than 750°F in this option.
Carbon formation will take place in the shift reactor at temperatures higher
than 750°F, as was proven in the A.G.A. Project IU~-4-9 (GRI-78/0047, NTIS:
PR81-201865),

Definition of Terms

The terms total CO conversion, methane selectivity, methanation
efficiency, and methane production are used throughout this report. They are

defined as follows:

Cof d - C0 roduct
Total CO Converison = ce Pro
GCo
feed

X 100%

CH4 product B CHA feed

X 100%
COfeed Coproduct

Methane Selectivity =

Cﬁé product CH& feed

X 100%
%
(Co + HZ)feed/'

Methanation Efficiency

Methane Product CH4 product - CH4 feed
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- SECTION II. WORK PLAN

The work plan followed during this program is described below. It was
developed over the 8 years of this program and was modified during the

performance period, as noted in later sections.

Tagk I, Establishment of Consistency of Catalyst Performance

The initiazl activity of the catalyst will be established at the same
conditions (T, P, X, Q) as those recommended by the catalyst supplier. The

consistency of the catalyst's performance will be checked.

Tasgk I1, Measurement of the Effect of Temperature, Pressure, and Feed

Composition on the Methanation Reaction

Thze effect of temperature on the methanation reaction will be measured at
several pressures with a feed mixture that has a composition simulating that
of z gasifier effluent. This feed mixture will contain a HZ/CO mole ratio of
about 1.0 and the data obtained will be presented as shown in Figure 4. This
type of presentation shows the effects of temperature and pressure on the
rezetion, the light-off temperature, the temperature upper limit, and the

approach to egquilibrium.

Pressure, psig
5 1000
[24]
[
= 500
(=
L)
[}
O
s 200
L]
|

Temperature, °F

Figure 4. EFFECT OF TEMPERATURE AND PRESSURE
ON  THE METHANATION REACTION
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Task III. Measurement of the Effect of Space Velocity on Conversion

The effect of space velocity on the methanation reaction will be measured
at several pressures. Based on these data, a preliminary reactor design
formula may be obtained as a function of space velocity and pressure. An

economic evaluation may be conducted on the basis of these data.

Task IV. Measurement of the Effect of H,/CO Molar Ratio and H,0 on
Conversion

The methanation reaction will be measured with feed mixtures containing
HZ/CO molar ratios of from 0.5:1 to 3:1, and with H,0 concentrations from 0 to

30 mole percent to determine the selectivity range of the catalysts.

Task V. Measurement of the Effect of Benzene, Phenol, and Ammonia on
Conversion

The effects of NH;, C6H6, and C6H50H on the methanation reaction will be

measured so that the tolerance levels of these "poisons" may be determined.

Task VI. Measurement of the Effect of Carbon Dioxide on Conversion

The effect of C02 on the methanation reaction will be measured at several

concentrations, temperatures, and space velocities.

Task VII. Reporting

Monthly, quarterly, annual, and final reports will be completed as

contracted.

Task VIII. Technical Services

IGT will provide technical services in the area of process and component

studies, reporting, etc., as requested by GRI.

Task IX. Obtain Design Data

A feed-gas mixture that simulates the composition of the raw gas from a
gasifier will be processed in a series of reactor stages. The CO conversion
as a function of space velocity and temperature will be determined at the
process pressure for each of the reactor stages. The final CO concentration
from the last reactor stage should not exceed 3.5 mole percent, so that after
acid-gas removal, the effluent gas stream can be easily processed in a once-

through reactor to meet pipeline specifications.
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Experiments will be conducted to give data on the performance of each
reactor stage. The effluent from the first reactor stage will be simulated
and uged as feed to the second reactor stage, and so on. This will be
repeated until the desired overall conversion to 3.5 mole percent CO is
achieved. For each reactor stage (with its corresponding feed composition),
the GO conversion will be determined atvtemperatures of 750°, 850°, and 950°F
and at space velocities in the range of 2,000 to 15,000 SGF/h—ft3. The
pressure, temperature, space velocity, and feed and product compositions at

each reactor stage will comprise the needed design data.

Task X. Design, Construct, and Operate an Adiabatic Reactor System

Catalyvsis Research Corporation (CRC) has been contracted to design,
construct and verify an adiabatic reactor system, which will be forwarded to

IGT for dzta zcquisition.

Task XI. Obtain Adiabatic Design Data

Data will be obtained with an adiabatic reactor system to provide
information for a second-cut design and economic analysis. The mode of
reactor control and the light—off temperature of both the fresh and the
temperzsture—cycled catzlysts as a function of feed composition will also be

determined.

Task XIl. Test Direct Methanation Catalysts

Newly developed sulfur-resistant direct methanation catalysts, fabricated
on both a laboratory scale and a commercial scale, will be tested at process
conditions and with feed mixture compositions simulating those of the raw gas
from an established gasifier. The catalysts will be tested for their light—-
off temperatures and activities as a function of temperature, pressure, space

veloeity, and steam.

Task XTI1. Determine Catalyst Life

Life tests will be conducted on the existing catalysts and any newly
developad and commercially fabricated catalysts that have successfully passed
the tests outlined in Task XIL. During each life test, the catalyst will
reach temperatures from 480° to 1150°F, pressures from 450 to 600 psig, space
velocities of 1,000 to 16,000 SCF/h—ftB, feed compositions ranging from raw
gasifier effluents to the last reactor-stage gases, and any other conditions,

such as sintering temperature, as directed by GRI.

13
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Task XIV. Determine Kinetics of Reaction(s)

This task will be carried out by CRC, assisted by IGT. The kinetics of
reactions are to be obtained isothermally in a continuous stirred-tank
reactor. Data obtained from this study can be expressed in both the rate of
CO conversion and the rate of CH, formation. These rate equations can be used
in the material and energy balance of the process design. Rates of deactiva-
tion resulting from poisoning, aging, and fouling will also be determined if
directed by GRI.

Task XV. Support Process Development

XV-1. The reaction of the steam reforming of a sulfur-containing natural gas
will be studied at temperatures up to 1605°F at atmospheric pressure
using the GRI-C-318 and the GRI-C-600 catalysts.

XV-2. The effect of low sulfur concentration in the feed on the life and
activity of GRI-C-500 and GRI-C-600 catalysts will be studied.

XV~3. The method of regeneration of the spent catalysts will be studied.

XV-4. The CO, reforming of a sulfur-containing natural gas will be conducted
at various temperatures and pressures using the GRI-C-600 catalyst.

XV-5. The fate of COS in the post conditioner will be determined as a
function of a combination of water—gas shift and COS hydrolysis
catalysts and steam concentration.

XV-6. The steam requirement in a COS hydrolyzer will be determined as a
function of temperature, pressure, and steam concentration.

XV-7. A skid-mounted mini-PDU (process development unit) will be constructed
so that it can be transported to various gasification sources to test
the catalysts with real effluents and to prove that the direct
methanation process is applicable to any and all gasification
processes.,

XV-8. First-cut design data using a UCG-type raw gas will be obtained.
XV-9. Design data will be obtained for the evaluation of alternative options
for the direct methanation/Lurgi, lignite gasification process as

requested by KRSI (GRI Contract No. 5082-222-0754).

Task XVI. Provide Storage of Chemical By-Products Derived From the
Gasification of Illinois Basin Coal by the Lurgi Process

IGT will provide storage, security, and property management functions for
the samples and for additional by-products up to a total of 200 55-gallon

drums, if such storage is required by GRI.
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SECTION I1I, EVALUATION OF GRI-C-284 CATALYST

The GRI-C-284 catalyst was supplied by Catalysis Research Corporation
(CRC), developed under A.G.A./GRI (GRI Contraact No. 5014-322-0115) sponsor-—

ship and screen tested by CRC. In 1978, IGT conducted experiments to

deternine —

® The effect of sulfurs

e Tne effect of temperature, pressure, and feed composition
e The effect of steam

€ The efféct of feed H,/CO molar ratio

© The effect of benzene and phenol

on the activity of the catalyst. The GRI-C-284 catalyst was on—stream for
5232 houre, and the evaluation test was terminated voluntarily. The catalyst

wzs zetive at the time of termination.

Study of the Effect of Sulfurs on the Activity of the Catalyst

One of the most important features of a sulfur-resistant methanation
catalyst is, of ccurse, sulfur resistance. The catalyst's activity was first
tested at 860°F, 200 psig, 4800 SCF/h—ft3, a hydrogen/carbon monoxide ratio of
3:1, and no sulfur to establish a base performance. The activity (expressed
as total CO conversion) increased gradually with time and temperature. After
the inltizl activity was established, sulfurs were added, and the activity
increased. However, the selectivity of methane production seemed to be
independent of sulfur presence. Light hydrocarbons from methane to butanes and
nitrogen were added to the hydrogen and carbon oxides feed mixture, and their
cffect on the totzl CO conversion was negligible within the composition range
used in this study. The concentration of total sulfurs was increased to
0.3 mole percent in the feed, and it was found that there was no change in
activity once the sulfur level reached 1000 ppm(v) at 200 psig total pressure.

Study of the Effect of Temperature, Pressure, and Composition on the Activity
of the Catalyst

The catalyst was evaluated at two pressures, 200 and 1000 psig, and
temperatures ranzing from 825° to 1100°F. The catalyst was still active in
this temperature range. The feed composition was changed back and forth from

a mainly binary mixture of carbon monoxide and hydrogen to a multi-component
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mixture that contained light hydrocarbons and sulfurs. The mole ratio of
hydrogen/carbon monoxide was kept at about 3:1 for all the feeds used for this
study, and there was little change in the total conversion of carbon monoxide

and the selectivity of methane in the product.

Study of the Effect of Steam on the Activity of the Catalyst

The presence of steam in the feed retarded the methanation reaction and
promoted the water—gas shift reaction. At about 1000°F, the equilibrium does
not favor the water-gas shift reaction, and the result was a decrease in the
total CO conversion. The same effect is seen in the binary feed gas mixtures
and in the multi-component feed-gas mixtures. Each run was started with a dry
feed mixture., Steam was added after steady-state conversion of carbon

monoxide was achieved.

The molar ratio of hydrogen/carbon monoxide in the feed was changed from
3:1 to 2:1, then further changed to 1:1 and to 0.8:1. The average decrease in
total CO conversion due to steam addition was 20 mole percent for feed
hydrogen/carbon monoxide ratios of 3:1 and 2:1, and 11 mole percent of
hydrogen/carbon monoxide ratio of 1:1 and 0.8:1. An average of a 65 mole
percent decrease in methane production was observed when steam was added to
the feed.

Study of the Effect of Hydrogen/Carbon Monoxide Ratio on the Activity
of the Catalyst

To successfully carry out methanation as described in Section I,
Introduction‘(Description of Improved Process, Process Option B), the catalyst
must first be able to promote the methanation reaction at hydrogen/carbon
monoxide ratios (mole) lower than 3:1 and as low as 0,8:1., Second, 1t must be

able to do so in the presence of 2 mole percent benzene and 0.05% phenol.

It was found that total CO conversion decreased with decreasing hydrogen/
carbon monoxide ratio. It was significant that no carbon formation was
detected throughout these rums, even at the conditions (1100°F, 985 psig, and
a hydrogen/carbon monoxide ratio of 0.8:1) where carbon formation was favored
thermodynamically. The methane selectivity was relatively independent of
pressure, dependent on temperature, and more dependent on hydrogen/carbon
monoxide ratios at high pressure (985 psig) than it was at low pressure

(200 psig). It was found that an average of 0.12 mole percent carbon monoxide

16
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wzs converted to ethane. Although the analytical measurements on the
concentrations of propane and butanes were not precise enough to draw a

definite conclusion, they appeared to be unchanged.

Study of the Effect of Benzene and Phenol on the Activity of the Catalyst

It is estimated that about 2 mole percent benzene and 0.05 mole percent
pheriol may bs contained in the effivent from some gasifiers after water
quenchinz and liquid removal. To establish the feasibility of Option B in the
improved coal gasification process using a sulfur—resistant methanation
catalyst, 2.33 mole percent benzene and 0.05 mole percent phenol were added to
the feed gas mixture to evaluate the GRI-C-284 catalyst. 1In general, the
total CO conversion was decreased by about 50% at 200 psig and by 30% at
1000 psig. Tne methane selectivity remained relatively comstant at about 55%
for all cases. Hydrogen/carbon monoxide ratios of 3:1, 2:1, and 1:1 were

studind,

In the presence of the abovementioned concentrations of benzene and
phenol, some carbon in the form of fine powder was detected at 1100°F in the
1iquid product, although the reactor was not plugged. No carbon was detected
in the absence of benzene and phenol at the same temperature. The reactor was
disassembled, and the catalyst was delivered to CRC for analysis. Some carbon
was found in the bed, but the amount was small and it did not cause any

noticeable pressure drop during the last few experiments.
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SECTION IV, EVALUATION OF UNION CARBIDE CRL-T-1 CATALYST

The CRL~T-1 catalyst was supplied by the Union Carbide Corporation, which
screen~tested this catalyst at 400 psig and 1000°F and found it to be active
in the presence of 3500 ppm(v) HoS. 1In 1979, IGT used feed mixtures
containing Hz, Ny, Hy0, HoS5, CO, COS, CO,, CH,, CH3SH, CZH6’ CoHgSH, C3H8,
C3HySH, ChHigS, CpHuS, CgHg» and C6H50H te conduct a set of experiments
similar to that for the GRI-C-28%4 catalyst to determine the effects of
sulfurs, temperature, pressure, composition, HZ/CO molar ratioc, benzene, and
phenol on the activity of this catalyst. The CRL-T~l catalyst was on—-stream
for 1520 hours, and the evaluation test was terminated voluntarily. The

catalyst was active at the time of termination.

To test the catalyst, the reactor system was pressure—~tested at 1200 psig
with inert gas (argon) and was heated at a rate of 150°F/h. When the bed
temperature reached 400°F, a sulfur—containing feed mixture was introduced
with no interruption in the heating of the reactor. A sulfur-containing (3500
ppa), 20 mole percent H2/80 mole perceunt CO mixture was used to evaluate the
CRL-T-1 catalyst at test conditions of 400 psig, 3100 SCF/h—ft3, and 600°F,
which were identical to those disclosed to IGT by Union Carbide. The initial
light—off temperature was 600°F, and the reactor temperature rose immediately
to 1100°F., All emergency efforts were employed to keep the hot spot below
1200°F while keeping the cold spot above 600°F., The temperature was

stabilized at 1130°F, This run was repeated and the behavior was the same.

The feed gas flow was stopped and the reactor was allowed to returm to
its original standby temperature (600°F). Data could not be obtained at
temperatures lower than 1100°F using the gas composition and the space
velocity mentioned above, The high and rapid rise in temperature, due to the
exothermic heat of reaction, was an indication of the high activity of the
catalyst. That was a good sign because it meant that the same conversion
might be achieved at 2 much higher space velocity than the one that was used;
however, datz could not be obtained at temperatures lower than 1100°F. This
was especially disappointing because low-temperature data were reported by the

catslyst supplier,

A number of discussions were held with Union Carbide to clarify the
experimental results. It was found that the major difference was in the

reactor ssetup. IGT's reactor was made from l—-inch Schedule 80 pipe loaded
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4 inches deep with 47 wlL of 1/8-inch-cylinder catalyst sandwiched between
inerts. There were four thermocouples in the catalyst bed. Union Carbide's
setup was a thick-wall l-cm-ID reactor loaded with 15 mL of 10 to 20 mesh
catalyst, and there was one thermocouple in the reactor. This indicated that
the Union Carbide reactor may actually have hot spots in the catalyst bed that

were not measured, and it would dissipate heat faster than IGT's reactor.

The feed gas composition was then changed to 50 mole percent H2/50 mole
percent CO with 3500 ppm of sulfur introduced to the catalyst bed. As before,
the reactor temperature rose rapidly to 1125°F, The heaters were turned off,
and air was used to cool the reactor walls to keep the bed temperature
stable, The same procedure was used to obtain data at 200 psig with various
feed compositions. As the reactor temperature was cycled, the light-off
temperature shifted higher and higher until it was stabilized at about 785°F.
It was feared that the catalyst was sintered due to the inadverteat excursion
to the high-temperature region. The reactor was disassembled, and the
catalyst was delivered to Union Carbide for analysis. A fresh batch of
catalyst was lcaded, and the evaluation test was continued. The behavior
pattern of the catalyst was identical to that of the first batch, although
care was taken that the bed temperature never exceeded 1100°F, The light-off
temperature, as before, shifted from 600°F to about 800°F as the reactor

temperature was cycled.

The feed HZ/CO molar ratio was varied from 0.94:1 to 4:1 at pressures
from 200 to 1000 psig and temperatures from 600° to 1250°F, and the CO
conversion and CH, yield was measured. No carbon formation was detected. At
feed HZ/CO molar ratiocs of 2 3:1, as pressure decreased from 1000 to 200 psig,
the total CO conversion decreased steadily by about 15%., At feed H,/CO molar
ratios of about 1:1, the decrease in the total CO conversion was also about
15% between 1000 and 200 psig but was less than 5% between 1000 and 400 psig.

At a feed HZ/CO ratio of about 1, the effect of temperature on CO
conversion was measured at 200 psig and about 4500 SCF/h—ft3. Although the
conversion increased as temperature was increased, the average methane
selectivity was about 52% at temperatures above the light-off temperature.
The selectivity increased as the HZ/CO ratio increased. The total CO
conversion decreased when 2,5% Cehg and 0.057% CcH5OH were added to the feed
mixtures, and carbon formation was observed at 1100°F. However, the reactor

was not plugged and no deactivation of catalyst was measured.

20




12/85 30523

On the basis of IGT's experimental measurements, it can be concluded that

the general behavior of the CRL~T-1 catalyst was similar to that of the GRI-C-

fute

284 catzlyst. 1t is a sulfur-resistant catalyst; it promotes the methanation
reaction at all HZ/CO ratios. At sulfur concentrations higher than 3 mole
percent, slight deactivation occurred, which was reversible. Therefore, its
upper sulfur tolerance level ig 3 mole percent. Data were obtained at three
pressures, 200, 400, and 1000 psig and about 4500 SCF/h—fts. The activity of
the CRL-T-1 catalyst was higher at the HZ/CO ratio of 3:1, about the same at
the HZ/GO ratio of 2:1, and slightly lower at the HZ/CO ratio of 1:1 than that

of the GRI-C-284 catalyst.
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SECTION V. EVALUATION OF GRI~C~-318 CATALYST

The GRI-C-318 catalyst, which was developed by Catalysis Research
Corporation (CRC) during 1978-1979 under GRI sponsorship, was of a different
formulation than the GRI-C-284 catalyst. Screening tests conducted at CRC
showed that the 318 catalyst was about 207% more active than the 284 catalyst
for the direct methanation reaction. This catalyst was on-stream at IGT for
1048 hours, and its performance and characteristics (sulfur resistance;
selectivity; effects of HZO’ COZ’ temperature, pressure) are similar to those
of the CRI-C-284 catalyst. It has an initial light-off temperature of about
600°F and a steady-state light—off temperature of about 800°F., This catalyst

was active at the time of test termination.

Tne ability to have high CO conversion in the presence of 20 or more mole
percent of COZ is important to the direct methanation process because most of
the gasifier effluents contain CO, coucentrations in the range of 5 to 24 mole
percent that can increase to more than 40 mole percent in the later direct
methanation reactor stages because of COZ production and the decrease in
overall mwoles viz Equation 3. The imability to promote the direct methanation
reaction in those high CO2~concentration—containing-reactor stages would
require the addition of interstage COz-removal steps im the total process.
Therefore, the effect of COZ on the conversion of CO in the methanation
reaction was evaluated at €0, concentrations of 0, 6, 9, and 12 mole percent.
Dzata were obtained at 200 and 1000 psig, 1000°F, and 4500 SCF/h-ft> and with

feed mixzture Hz/CO ratios of about 1.

The effect of C0, concentration on the total CO conversion was more
pronounced at 200 psig than at 1000 psig. At 200 psig, the CO conversion was
about 507 with z feed containing less than 1 mole percent of C0, and it
decreased to zhout 107 as the C0, concentration was increased to 12 mole
percant, whercas at 1000 psig, the CO conversion was 90+% and 75% at CO4

concentrations of lese than 1 and 9 mole percent, respectively.

The effect of space velocity on the CO conversion in the methanation
reaction was measured with feed mixtures containing about 5 mole percent €O,
at 200 and 1000 psig, and 1000°F.

Unlike the GRI-C-284 catalyst case, for which the presence of steam

decrezsed both the total CO conversion and the CH, selectivity, the presence
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of steam at a low feed H2/C0 molar ratio (1.2:1) increased the total CO
conversion but decreased the CH, selectivity when the GRI-C-318 catalyst was
used. CH, selectivity is defined as the portion of the CO in the feed

converted to form CHA in the direct methanation reaction,

>
2CO + 2H2 < CHA + CO2

The reason for this difference is that the GRI-C-318 catalyst has higher
activities in promoting both the direct methanation and the water—-gas shift
reactions than the GRI-C-284 catalyst., The GRI-C-284 catalyst promoted the

water—-gas shift reaction but little of the direct methanation reaction in the

presence of steam,

Ammonia (0.45 mole percent) was added to the feed, and no adverse effect
was detected for the duration of the run, which was about 70 hours. Within

the experimental accuracy, the ammonia came through the catalyst bed

unreacted.
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SECTION VI, EVALUATION OF SHELL CHEMICAL Co. CB 79-57 CATALYST

Frior to submitting this catalyst to IGT for evaluatiom in 1980, Shell
Chemical Co. screen—tested it at 400 psig, 4800 SCF/h—ftS, and temperatures
from 700° to 900°F. The feed Shell used contained 2500 ppm Hy8 and had an
Ho/CO molar ratio of 3:1. The results were encouraging, and the CB 79-57

catelyst was evaluated by IGT under GRI's instructiomn.

Using the same evaluation procedure used for other catalysts such as GRI-
C~28&, GRI-C-318, and Union Carbide CRL-T-1, it was established that this
atalyst was sulfur-active, was capable of promoting the methanmation reaction

with feeds éontaining H,/CO molar ratios of 3:1, 2:1, 1l:1, and 0.81, and was

=

ot affected by NH3 or low concentrations of CgHg and C6H6OH at temperatures
balc

-t

v 1000°F., The catalyst was on~stream for 846 hours and was still active

test termination.

]
re

Te be used as a sulfur-active methanation catalyst in Process Option B of
the Improved Coal Gasification Process (Figure 3), a catalyst must have
accertable activity in the presence of at least 20 mole percent of 002 so that

interztasza C02 removal is not necessary.

Therefore, the effect of COy on the methanmation reaction was measured at
000 psiz, 4400 SCF/h—ftB, and 700° to 1100°F. About 50% of the CO in the

wzs converted at a GO,y concentration of 25 mole percent. The feed
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2 & steam concentration of 32 mole percent and was used with a €Oy
concentration of 23 mole percent. The total co conversion was increased, but

tie CH, selectivity was decreased. The addition of steam enhanced the water-
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shift reszction and inhibited the direct methanation reaction, which took
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ot imultaneously with the water—gas shift reactiom. A catalyst with higher

(6]
mn

o

activity in the presence of high CO,5 concentration (30+ mole percent) than the
Shell CB 79-57, GRI-C-284, GRI-C-318, or Union Carbide CRL-T-1 catalysts was

nezded,

Tue effect of temperature on the direct methanation reaction was also

&

mzagured, All the feed mixtures had a H2/00 molar ratio of about 1.2:1. 1In
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eneral, the conversion of CO increased with increasing temperature within the
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of 1lighi-off temperature to 1150°F,
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SECTION VII. EVALUATION OF GRI-C-486 CATALYST

A1l the catalysts (GRI-C-284, GRI-C-318, CRL-T-1, and CB 79-57) evaluated
prior to the GRI-C-400 series catalysts were sulfur-resistant, had high upper
temperature limits (1100° to 1200°F), and promoted the methanation reaction at
all Hy/CO molar retios (0.5:1 to 17:1). it was found that the methanation
reaction was inhibited by the presence of C0y- This finding was confirmed by
both CRC and SRI. Process analysis by CRC and CFB showed that either a
catalyst that can tolerate high concentratioms of COy (20 mole percent or
more) or a hot C0y removal system prior to methanation is needed, because most
of the gasifier effluents contain CO, concentrations in the ramge of 15 to

24 mole percent.

A catalyst specifically developed by CRC for this application possessed
all the qualities of the previously developed catalyst and, in addition,
showed high CO conversion (85 mole percent) in the presence of 22 mole percent
€0, during CRC's screen test. This catalyst was shipped to and evaluated by
IGT, where the screcning-test results found by CRC were confirmed. Additional
experiments were conducted to measure the total CO conversion as a function of

temperature in the presence of 20+ mole percent COq

The total CO conversions using the GRI-C~486 catalyst are higher than
those using the Shell CB 79-57 catalyst for the conditions measured in these

experiments,

The GRI-C-486 catalyst has a light-off temperature of agbout 480°F, has

higher activity in the presence of high C0, concentrations (20+ mole percent)
and ie less selective to the water—gas shift reaction than the GRI-C-284,
GRI-C-318, CRL-T-1, and CB 79-57 catalysts. Imitial process amalysis by CRC
and CFE showed that this catalyst could be used in several raw-gas process

schemes without adding a hot CO, removal stage.
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SECTION VIII. EVALUATION OF MC—-100 CATALYST

The MC-100 catalyst supplied by the Union Carbide Corporation is a
conventional nickel-based methanation catalyst. 1In previous work* this
catalyst was found to be one of the best conventional methanation catalysts.
For this project the MC-100 catalyst was evaluated at process conditions under
which no experimental data were obtained before: 372° to 745°F; 55 to 919
psigs and 9,000 to 20,000 SCF/h—ft3, using a feed whose composition (5 mole
percent CO, 1% CO,5, 197 H,, 0.03% CyHg, 0.07% Ny, and the balance, CH,)
simulated that of an inlet stream to the polishing reactor stage in a raw-gas

processing scheme.

Near-equilibrium conversions were obtained im all the tests conducted in
this set of experiments. The CO concentrations in all the products were less
than 0.1 mole percent which met pipeline gas specifications. The light—off
temperature of this catalyst for the compositions used in this study was about
350°F. The lower temperature limit (LTL) of this catalyst was 370°F which was
lower than most nickel-based methanation catalysts. The lower temperature
1imit ie defined as the lowest temperature at which the catalyét reaches
steady~ctzate activity after light—off. Catalysts with low LTL are preferred
because less energy is required to start up the process unit. During the
experimental program, the C0, concentration in the feed was increased to about
6 mole percent, and measurements showed that a large percentage of the €0, was
methanated when there was excess hydrogen available. An optimum concentration
of C0, may be purposely left in the feed to the polishing reactor stage to
reduce the product hydrogen concentration and, in turn, increase the finzl SNG

teating value.

" Institute of Gzs Technology, "HYGAS: 1964-1972., Pipeline Gas From Coal —
Hydrogenation,” R&D Report No. 22, Vol. 3, Part V: Methanation. Prepared
for Energy Research and Development Administration, July 1975,
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SECTION IX. EVALUATION OF G-93 CATALYST

The G-93 catalyst supplied by United Catalysts, Inc., which is a sulfur-
resistant Co/Mo~based water—gas shift catalyst, was evaluated by IGT in
previcus work.” The new designation of this catalyst is the C-25 series

catalysts.

For this project, a set of expseriments was conducted to provide design
information in the case where the process stream is rich in €O, (40 mole
percent), has some process steam (10 mole percent) and is deficient in Hy
(H5/C0 < 1) and therefore inadequate for efficient methanation in the
polishing reactor stage where a conventional nickel~based catalyst is used and
a HZ/CO molar ratio of 3.2:1 is required. It was hoped and anticipated that
the water-gas shift reaction would adjust the product conceuntration in which
the HZ/CO molar ratio would be about 3+:1, and the process conditioms (T, P,
8V) at which this occurred would be the information needed for design. The
experiments ware conducted at 580°F, 1000 psig and space velocities from 1200
to $200 SCF/h—ft3 using a feed mixture containing about 4 mole percent CO, 36%
€Oy, 3% Wy, 1% H,S, 10% Hy0, and the balance, CH, + CoHg + CqHgs The GO
conversion increased with decreasing space velocity, and the product CO
concentration decreased with decreasing space velocity. The HZ/CO molar ratio
in the product varied from 1,74:1 at 9200 SCF/h~ft> to 6.92:1 at 1300 SCF/h-
ft3, The desirad HZ/CO ratio of about 3.2:1 could be achieved at a space
velocity of about 4500 SCF/h—ft3.

=

A. L. Les, "Evaluation of Shift Catalysts," Report prepared by Institute
of Gas Technology for American Gas Association/Gas Research Institute, 1983.
NTIS: PR81-201865,
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SECTION X. EVALUATION OF LB 121479L (GRI-C-525, GRI-C-528,
AND GRI-C-529) CATALYSTS

Shortly after the development of the GRI-C~400 series catalysts, CRC
developed the GRI~C-500 series catalysts. The 500 series catalysts showed
improvemsnt in all phases over all the previous formulations and were more
stable at high temperatures than the 400 series catalysts. Screening tests
were conducted on these catalysts by CRC, and the test results were verified
by IGT, where additional experiments were conducted at 1000 psig, 480° to
1010°F, 2200 to 4600 SCF/h-ft> and with a feed mixture of H,/CO molar ratios
from O.4:1 to 1.5:1. Experiments with steam concentrations of 1 to 8 mole
percent were conducted to study the selectivity of this catalyst. Some water=—
gas shift reaction, in addition to the direct methanation reaction, was
observed, but the water—gas shift activity was less than that of the GRI-C-200
or the GRI-C-300 series catalysts. It was decided im 1980 that the GRI-C-500
series catalysts were to be used for design data acquisition while the

development of the direct methanation work continued.

Determinstion of Catalyst Bulk Demsity

In the scaling up of reactors, dimensionless analysis was used, and
cartain physical properties of the catalyst were needed. These properties are
particle density, bulk density, heat capacity, and thermal conductivity. IGT
provided information on particle and bulk densities, and SRI was to provide

information on heat capacity and thermal conductivity.

The densities of the GRI-C-525 catalyst that were used in the process
evaluation were measured. The weight of each 1/8-in.-diameter x 1/8-in.-long
cylinder was found to be 0,08815 g, and the bulk density was 145 1b/ft3 at
D/d_ 2 15,

/ P
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SECTION XI, EVALUATION OF GRI-C-V CATALYST

The GRI-C-V catalyst supplied by CRC was a vanadium~containing catalyst

and was designed to increase ethane formation during hydrogenation of CO.

To set up a base case, a mixture with a nominal composition of 25 volume
percent CO and 75 volume percent E, and containing 400 ppm of H,S was passed
through a catalyst bed that contained GRI-C-V catalyst, at a space velocity of
zbout 4800 SCF/h—ftS, a temperature of 450°C, and a pressure of 200 psig.
Under these conditions, an overall CO conversion of 33% was obtained at
selectivities for CHy of 49%, for CoHg of 1.4%Z, for CgHg of 0.1%, aund for CoHy

of 0.1%. Tne remainder of the CO conversion was to COZ and HZO.

To illustrate that the selectivity for the production of light hydro-—-
carvbong is a function of process conditions and catalyst characteristics, a

second experiment was made with a mixture having a nominal composition of 25

(,l

olume percent CO and 75 volume percent Hy and containing 400 ppm of HyS. The

-{

ocess conditions were 1200 v/v/h, 420°C, and 600 psig. Uander these

gl

conditions, an ovarall CO conversion of 76% was obtained at selectivities for
Chy of 554, for CoHg of 4.67%, and for CaHg of 0.2%Z. The remainder of the CO
conversion was to €Oy and Hy0.

To illustrate that the ethane production is favored by high pressure, low
temperature, low space velocity, and low H,/CO ratio in the feed, experiments
were conducted at 1000 SCF/h-£t3, 600 psig, 420°C, and an H,/CO ratio of 1:1,
end at 150 SCF/h-ft3, 1000 psig, 420°C, and an H,/CO ratio of 1:1,
respectively, The selectivity of ethane increased from 5.2% to 7.2%, an

increase of 38%, whereas the actual ethane produced increased 270%.
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SECTION XTI. EVALUATION OF GRI-C-600 CATALYST

The GRI~C~600 series catalyst was specifically developaed by CRC for high
activity in the presence of a high concentration of CO0y (40+ mole percent).
CRC conducted screening tests first, and this catalyst showed higher activity

than the GRI-C-500 series catalyst.

IGT evaluated this catalyst with both the first-stage and third—stage
Lurgi-type raw gases. At comparable conditions, the GRI-C-600 catalyst had
higher activity and selectivity than the GRI-C-525 catalyst.

The GRI-C-600 catalyst was tested with a standard gas mixture (457 Hy,
394 €O, 167 CH,, and 1% HyS) at 200 psig, 950°F (510°C), and 4800 SCE/h~ft>.
The total CO conversion was 74%. When fresh GRI-C-525 catalyst was used, the

total CO conversion was 63%Z.

Although the activity was very encouraging, the life of the GRI-C-600
catalyst was not proven, whereas that of the GRI-C-500 catalyst was

established aud proven satisfactorye.

The GRI-C-500 series (525) catalyst was on—stream for more'than
10,000 hours and was used to obtain the first—cut design data for the British
Gas Corporation Slagging gasification process design case (October 1980 to
October 1981), the Westinghouse gasification case (October 1981 to January
1882), and the dry-bottom Lurgi gasification case (January 1982 to March
1982)s During this 18-month period of design data gemeration, this catalyst
wag subjected to high steam concentrations (37 mole percent), high
temperatures (1150°F), low Hy/CO molar ratios (0.5:1), and multiple exposures
to atmospheric air. The total CO conversion decreased from 637 when the GRI-
C-525 catalyst was fresh to 50% at the end of the 18-month test period when
this catalyst was subjected to the standard test (200 psig, 950°F, 4800 SCF/h-
£t3, and with a feed gas containing 45% Hy, 39% CO, 16% CH, 1% HyS). The
toss in zctivity of this catalyst would have been much smaller if it were
operated under steady-state, optimum design conditions. Therefore, this

catalyst is considered to be durable and satisfactory.

To datermine the life of the GRI-C-600 catalyst and to be able to compare
the test resulis fairly with those obtained using the GRI-C-500 catalyst, a
microprocessor-controlled reactor system was modified to include two reactors
in parallel sc¢ that Llife tests of these two catalysts could be conducted
simultansousliy.
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SECTION XIII. EVALUATION OF GRI-C-700 SERIES CATALYSTS

The GRI-C-700 series catalysts supplied by CRC have the same composition
as that of the GRI-C-600 series catalysts but were formulated by a different
method. A Lurgi-type raw gas was used in the evaluation of these catalysts

concurrently in the dual-reactor system described in the previous section.

The initial total CO conversion for the GRI-C-700A catalyst was about
78%, which was higher than that for the GRI-C-500 (65%) and was the same as
that for the GRI-C-600 (78%Z). The conversion stabilized at about 58% after
180 hours, which is lower than that of the GRI-C-500 catalyst (60%) and the
GRI-C-600 catalyst (65%) for the same time duration. The Llight—off
temperature was 482°F (GRI-C-500: 485°F; GRI-C-600: 510°F), and the methane
selectivity was 857 (GRI-C-500: 82%; GRI-C-600: 84%).

The total CO conversion for the GRI-C-700B catalyst started at about 74%,
stabilized at about 55% after 180 hours and remained steady for the test
period of azbout 260 hours. The light—-off temperature was 490°F and the
methane selectivity was 85%. Standard tests were conducted when the
activities of these catalysts were changing to emsure that the experimental
procedure was conducted correctly. Also, these tests provided a record of the
catalyst activity during start-up that can be compared with that from all the
other catalysts evaluated previously. The time required for these two
catalysts to reach steady state was about 180 hours, which was about the same
as that for the GRI-C-500 or GRI-C-600 catalysts (200 hours). However, the
cecrease in total CO conversion during this period, about 20% (absolute), was

Larger than that of the GRI-C~500 or the GRI-C-600 catalysts (9%).

The results obtained from the standard tests follow the pattern set by
using the Lurgi-type raw gas. To make certain that the catalysts were not
deactivated, the control temperature was increased from 950° to 975°F at 250
houre of this experiment. The catalyst responded quickly, and the total CO
conversion increased from 56% to 60%, which was an indication that the

catalyst was not deactivated.

The GRI-C-700A catalyst showed better activity than the GRI-C-700B
catzlyst at steady state, but it was not significantly better. The GRI-C-700
catzlysts are at least equivalent to the GRI-C-500 catalysts within the

temperature limits tested.
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Effect of Low Sulfur Concentration

The same Lurgi-type raw gas as used previously, except with a sulfur
content of 450 ppm, was used to evaluate the effect of sulfur at low
concentrations on the activity of the GRI-C-700A and the GRI-C-700B
catalysts. When no change in catalyst activity was detected for 190 hours,
the temperature was intenticnally changed from 950° to 975°F and back to 950°F
during this test run, and the total CO conversion responded by changing from
57% to 63% and back to 57%, correspondingly. This corresponding movement of
the conversion with the temperature indicated that the catalysts were
active. Within the range of sulfur concentration tested, the catalyst

activity does not appear sensitive to the sulfur concentration.
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SECTION XIV. EVALUATION OF GRI-C-800A AND GRI-CG~800B CATALYSTS

Two recently formulated catalysts, the GRI-C-800A and the GRI-C~800E,
which were prepared and screen~tested by GRC, were evaluated simultaneocusly in
the dual-reactor system at IGT. They were on-stream coatinuously for about
300 hours at 950°F, 450 psig, and 6000 SCF/h—ft3, using a simulated Lurgi-type
raw gas. The same type of gas used in previous evaluation tests and life
teste was used to start up the reactor system. This synthesis gas simulates
the composition of a Lurgi-type raw gas. After 120 hours on-stream, the total
CO conversion stabilized at about 65 mole percent for the 800A catalyst and at
zbout 59 mole percent for the 800B catalyst and remained steady for the

duration of this test.

All of these GRI catalysts were screen—tested by both CRC and IGT prior
to any evaluation and/or life tests. This screening was conducted at
"standard test” conditioms, listed in Table 1. The standard test provides
information on the initial activity of the catalyst and the results can be
compared readily with those obtained for all the catalysts formulated.

Therefore, the standard test is one of the bases for making decisions.
Table 1. STANDARD TEST CONDITIONS

Gas Composition, mol %

BZ 45
Cco 39
CHy, 15
HyS 1
Pressure, psig 200
Space Velocity, SCF/h-ft3 4800
Temperature, °C 400-550

The ipnitizl and steady-state activities, the methane selectivity, and the
methanation efficiency of the GRI-C—-800A catalyst are proximal to those of the
GRI-C-600 catalyst. The GRI-C-800B catalyst performance is proximal to the
CRI-C-700A catalyste.
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Additional Design Data for the Direct Methanation/Lurgi Process

In 1982, a set of design data for the direct methanation step in a dry-
bottom Lurgi process was obtained using the GRI-C-525 catalyst. Since then,
the 600, 700, and 800-series catalysts were developed; these are more active
in the presence of high concentrations of €Oy than the 200, 300, 400, and 500-
series catalysts. Although the evaluation and life test data using the 600,
700, and 800-series catalysts were incorporated into the process designs and
the preparation of spread-sheet calculations by both CRC and GRI, experimental
data were available for only a few selected process conditions for these

catalysts.

To complement the design data obtained previously, additional data were
obtained to provide information on the total conversion of CO and the CHy
selectivity as a function of space velocity using a dry-bottom Lurgi-type raw
gas. As expected, the total CO conversion using the 800A catalyst was 30% to
50% higher than that using the 500-series catalysts for the same process
conditions. Near-equilibrium conversion was obtained at 450 psig, 950°F, and
2000 SCF/h—ft3, using the 800A catalyst. The methane selectivity 1is more

dependent on feed H2/CO molar ratio and temperature than on space velocity.
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SECTION XV, FIRST-CUT DESIGN DATA FOR THE DIRECT METHANATION PROCESS
USING A BRITISH GAS CORPORATION SLAGGING GASTIFICATION~TYPE RAW GAS
(BGC/Lurgi Slagger)

To develop initial commercial concept designs and first—-cut economic
analyses for the dry-bottom Lurgi, BGC Slagger, HYGAS, Westinghouse, and other
processes using the GRI-C-500 series catalyst, specific design data, including

the temperature, pressure, and gas composition at each reactor stage in the
process, must be determined. As a guide to estimate the number of reactor
stages needed and the composition at each stage, a laboratory-scale packed—-bed
rezctor was used to study the total CO conversion as a function of space
velocity and temperature at 500 psig. Experimental data were obtained at a
pressure of 500 psig, temperatures of 700° and 900°F, and space velocities
from 2,000 to 10,000 SCF/h—ft3, using a simulated preconditioned BGC/Lurgi

Slagger raw gzs.

Preconditioning means that both direct methanation and water—gas shift
reactions are occurring simultaneously, and by adjusting the process
conditions and steam concentraiton in the preconditioning stage, the feed
HZ/CO ratie was controlled., The selectivity of any one of these two reactions
may be controlled by the reactor temperature and the concentration of steam in

the inlet stream.

A feed gas mixture simulating the composition of a preconditioned raw gas
from a BGC Slagger was processed in a series of four reactor stages. The
percent of CO conversion as a function of space velocity and temperature at
450 psig was determined for each of the reactor stages. The effluent from the
first reactor stage was simulated and used as feed to the second reactor
stage, and so on. For each reactor stage, with its corresponding feed
composition, the CO conversion was determined at temperatures of 750°, 850°,
and 950°F and space velocities from 2,000 to 15,000 SCF/h—ftB. The pressure,
temperature, space velocity, and feed and product compositions at each reactor

stage provided the needed design data.

Preconditioning BGC Slagger-Type Raw Gas to Adjust the H,/CO Ratio

Using a gas mixture that simulates the quenched BGC Siagger process raw
gas required & preconditioning shift from a 0.5:1.0 HZ/CO mole ratio to a
1.1:1.0 or 1.3:1.0 H2/00 ratio prior to direct methanation. This shift was
achiaved by using the GRI-C-318 catalyst and controlling the feed steam

concentration, temperature, and space velocity in the preconditioning step.

43



12/85 30523

Experimental data were obtained at a pressure of 500 psig, temperatures
from 590° to 610°F, space velocities from 2200 to 5000 SCF/h—ft3, and 10 to 37

mole percent steam in the feed.

Obtaining Design Data for Each Methanation Stage

A packed-bed reactor with a catalyst (GRI-~C-525) bed length-to-diameter
ratio (L/D) of 3.5 and a bed-diameter to particle-diameter ratio (D/Dp) of 6.0
was used. At the anticipated operating conditions for the adiabatic reactor,
a temperature rise of approximately 100°F would be realized for every mole
percent of carbon monoxide in the feed gas which reacts. The design space
velocity that we are looking for is the one that corresponds to a net CO
concentration reduction of about 5 mole percent because it means a temperature
increase of about 500°F in the reactor. The light-off temperature of the GRI-
C-525 catalyst is 480°F, and the upper temperature limit is about 1100°F. The
upper temperature limit is defined as the temperature at which the rate of
reactant conversion 1is at maximum. For each reactor stage, experimental data
were obtained at at least two temperatures (750° and 950°F) and at least three
space velocities (2,000, 10,000, and 16,000 SCF/h—ft3). The pressure was kept
constant at 450 psig, which is the present design pressure for the BGC Slagger
based on information supplied by CFB. The feed compositions for each reactor

stage were dictated as described in the previous two sections.

The total CO conversion was measured as a function of temperatures and
space velocities, at a pressure of 450 psig, and with a feed composition

determined from the preconditioning stage of an original BGC Slagger-type raw

gas.

There are more data points in tests to simulate the first methanator than
any other methanators because the feed mixture to this methanator was also
used to verify the activity of the catalyst from time to time. Check rums
were made after design data were obtained for each reactor stage, and some of
these check runs were duplicates of one of the runs made in the evaluation of

the first methanator.

To arbitrarily select a 5-mole percent reduction in CO concentration in
each reactor stage was a conservative approach because the GRI-C-525 catalyst
has an operating temperature range of 670°F (480° to 1150°F), which

theoretically can tolerate a 6-mole percent CO reduction. The conservative
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approach was intended to allow possible hot spots in the catalyst bed,
maximize catalyst life and activity, and minimize possible carbon formation
when trace ¢il or high-molecular-weight oxy-hydrocarbon components are
present. At the same time, the desired final product CO concentration of
3.5 mole percent was not achieved at the end of four reactor stages; a fifth

was needed,

The experimental procedure described above was repeated for each reactor
stage, and preliminary design data for four reactor stages were obtained
during 1980.

Although it is gemerally assumed that bulk oils, phenolic compounds, and
ters are removed during the water—quenching step, trace quantities of these
compounds will be contained in the feed stream to the catalytic reactors.
These sulfur-resistant direct methanation catalysts have been evaluated in the
presence of 2.3 mole percent benzene and 0.05 mole percent phenol. The
results showed that the total CO conversion decreased by about 30% and that mno
carbon deposition was detected at temperatures lower tham 1100°F. The fate of

other oils and tars is not known at this time.

The steam concentration selected for use in the preconditioning stage was
13.78 mole percent, and subsequent product compositions were used for all
reactor stages, although the optimum steam composition was determined to be
about 16 mole percent. The steam concentration can be controlled by the
cuench temperature in the water—quenching step. A higher initial steam
concentration would result in higher H,/CO ratios for each reactor stage and

would also result inm higher rates of CO conversion.

At any given temperature, pressure, and feed composition, the total Co
conversion in a shift converter is inversely, but not linearly, proportiomal
to space velocity. (The higher the space velocity, the lower the
conversion.) Detailed discussions and experimental data may be found in the
GRI-78/0047 Final Report, "Evaluation of Shift Catalysts.” No techniecal
problems or difficulties were encountered in achieving CO conversions from
less than 5% to equilibrium conversion (usually in the 90+% range) in the

water-gas shift reaction.

Almost daily communication was maintained between IGT and CRC during the

design data accumulation period. CRC presented an optimum design scheme based
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on IGT's experimental work that was within the range covered by IGT's previous

experimental work, although it was not identical.

To complete the data acquisition for the direct methanation process using
a BGC Slagger-type raw gas, the design data for the final reactor stages were
obtained. A proven active water-gas shift catalyst, United Catalysts Inc.'s
G-93, was also tested at conditions of the fifth reactor stage to establish

that the desired H,/CO ratio for the polishing methanator can be achieved.

To achieve high CO conversion in the final reactor stage, low space
velocities were used. The reason for this low rate of CO conversion is the
inhibiting effect of high CO; concentration (35+ mole percent). The product
Hz/CO ratio, which was 2.4:1.0, is not sufficient for use in the subsequent
polishing reactor. The polishing reactor requires a feed Hy/CO molar ratio of
about 3.2:1.0 and a CO concentration of not more than 4 mole percent. An
active water—gas shift catalyst might be used in place of this methanation
catalyst (GRI-C-525) in the final reactor stage. This shift catalyst would
reduce the CO concentration and increase the H, concentration, and it would
accomplish the objective of this final reactor. The United Catalysts Inc.
G-93 catalyst was evaluated using the product gas of the final reactor
stage. This stream had the highest CO, concentration (42 mole percent) of all
reactor stages and therefore had the greatest potential for the undesired
reverse water—-gas shift reaction over water gas shift. The G-93 catalyst was
evaluated extensively in the A.G.A./GRI-supported Project IU-4-9 and has shown
good activity in the presence of CO2 concentrations up to 25 mole percent
(Final Report GRI-78/0047 NTIS: PB81-201865). Evaluating this catalyst with
the product gas composition instead of the feed composition of the final
reactor stage was a conservative approach. If the water-gas shift reaction
could proceed in as high a CO, concentration as in the product, it would most

likely also proceed in a lower CO, concentration as in the feed.

It was also desired that the process steam be sufficient to accomplish
this shift adequately. Therefore, experiments with steam concentration from
about 5 mole percent to about 10 mole percent were conducted. At 450 psig,
590°F, and 2000 SCF/h—ftB, the H2/CO ratio in the product could be adjusted to
as high as 8.7:1.0. The concentration of steam in the process at the fifth
reactor stage was about 5 mole percent, and at this condition, the product

H,/CO ratio averaged about 3.2:1.0. Experiments with a mixture similar to the
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feed composition of the final reactor stage were also conducted at 450 psig,
550°F, and 2000 SCF/h—ft3. These results and those obtained using a feed
composition simulating that of the product from the final reactor stage
illustrzrted that the desired HZ/CO ratio in the produect can be successfully
adjusted. The space velocity used was well within the design range, and only
ninimz2l stean addition was required. The steam concentration im the process
stream at the final reactor stage was about 4 mole percent, whereas the

required steam councentration is 6 mole percent.

Evalvation of GRI-C-525 Catslyst for High-Temperature Resistance

To provide solutions to the concerns about kinetically controlled
reactors, the catalyst was tested directly with a mixture simulating the
ccrmposition of & BGC/Lurgi Slagger raw gas with and without steam at 450 psig,
9535°F, and 5000 SCF/h-ft3. A steam concentration of about 15 mole percent was
uszd to provide an initial data point under conditions similar to those used
ir. the preconditioning reactor stage. No steam was added in some experiments,
no resulting carbon deposition was detected, and the hydrogen concentration

wzg reduced from 30 to about 4 mole percent.
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SECTION XVI. FIRST-CUT DESIGN DATA FOR THE DIRECT METHANATION PROCESS USING
A WESTINGHOUSE GASIFICATION-TYPE RAW GAS

The objective of these tests was to obtain sufficient experimental data
to develop an initial commercial concept design and a first—cut economic
znalysis of the use of a direct methanation process in the Westinghouse
gasification process. Twenty-three experiments were conducted to provide the
information for analyses. This experimental work has benefited from the more
detailed "mapping” method used in the earlier tests on the BGC Slagger case
(55 experiments), where the findings provided an exact guideline to pinpoint

the conditions at which the data are needed for design.

Feed stezm concentrations of 0, 4, 10, and 16 mole percent were used.
This set of data could be used for the designing of the first direct
methanation reactor stage. A mixture simulating one of the product
compositions was prepared and used in subsequent experiments to provide design

data for the second direct methanation reactor stage.

Comparing the product HZ/CO molar ratio obtained from this work with that
using the GRI-C-284 catalyst, one may observe the difference of water-—gas
shift and “"conditioning.” 1In the water-gas shift reactiomn controlled reactor,
there was uwo methanation reaction and the product HZ/CO ratio was adjusted to
a much higher ratio than that im the conditioning-type reactor, in which both
water—-gas shift and direct methamation reactions took plaéee The GRI
cztalysts were designed for direct methanation applications, and they canm also
promote the water-gas shift reaction. Although the GRI~C-200 and -300 series
catzlysts promoted the water—gas shift reaction as well as many of the
conventional weter—-gas shift catalysts, the GRI-C-400 and —500 series

atzlyste did not. However, the GRI-C-400 and -500 series catalysts have

higher direct methanation activity than the —-200 and -300 series catalysts.
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SECTION XVII. FIRST-CUT DESIGN DATA FOR THE DIRECT METHANATION PROCESS
USING A DRY-BOTTOM LURGI-TYPE RAW GAS

The GRI-C-525 catalyst was on—stream from October 1980 to March 1982. It
was exposed to air three times during this periocd for visual examination; no
regeneration was conducted. The catalyst was cycled between 480° and 1015°F
numaerous times at pressures between-450 and 1000 psig with feed compositions
that simulated that of the BGC Slagger, the Westinghouse, and the dry—bottom
Lurgi processes, with steam concentrations from O to 16 mole percent and with
amunonia concentrations from 0 to 1 mole percent. The catalyst activity
decreased about 10% after 14 months of operatiom. The same batch of catalyst
which was used to obtain the first—cut design data for the direct methanation
process using a BGC Slagger-type raw gas and a Westinghouse-type raw gas was

used in this work.

The composition of the Lurgi-type raw gas was supplied by CFB and was
based on data from the Lurgi Westfield tests using a Western coal. This raw
gas composition is vastly different than that of either the BGC Slagger or
Westinghouse. The key differences are high H,/CO ratios in the feed (2.55 for
Lurgl versus 0.4 to 0.6 for the Slagger and Westinghouse) and a high G0,
concentration (28 mole percent for Lurgi versus 6 to 18 mole percent for the
Slaggzer and Westinghouse). A high HZ/CO feed ratio will result in a hydrogen-—
rich product gas and, therefore, a lower product gas heating value. A high
C0; concentration will result in the promotion of the reverse water-gas shift
reaction at high temperatures, which, in turn, will compete with the direct
methanation reaction. This may be the case where a more active or more

selective catalyst is needed.

Because of the high H,/CO ratio, which eliminates the need for shift
prior to direct methanatioun, there is no requirement for steam in the
mathanation feed stream. Therefore, the raw gas from the dry~bottom Lurgi

gasifier may be quenched to a temperature as low as economically feasible.

Experiments were conducted with a feed gas simulating the composition of
a Lurgi-type raw gas at 450 psig, 950°F, and space velocities of 4,000, 6,000,
&,000, and 10,000 SCF/h—ft3. In all experiments, water was detected in the
producte although the feeds contained no water. This indicates a competing

reverse water-gas shift reaction.
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Equilibrium conversion was not reached in any of these experiments. The
CO concentrations in the products of these runs ranged from 3.9 to 4.4 mole
percent. When the CO, (43 mole percent) and Hy0 (5 mole percent) are removed,
the CO concentrations double, making the composition of the stream high in
both carbon monoxide and hydrogen. A two-stage or one-stage reaction with the
recycle, polishing reactor may be needed to reduce the final CO concentration

to less than 0.1 mole percent.

The activity of the GRI-C-525 catalyst was checked at the end of this set
of experiments. The CO conversion had decreased from 577% to 49%. The exposed
GRI-C-525 catalyst was tested with the same standard gas, and the total CO
conversion was 50%. This catalyst was on-stream from October 1980 to April
1982 (19 months), and these test results were used to obtain the first—cut
design data for the direct methanation process using feed compositions

simulating those of BGC Slagger, Westinghouse, and Lurgi gasifier effluents.

During an 18-month period, the total CO conversion decreased from 63% to
50%. This period of data generation can be called a "quasi-accelerated aging
test" because the catalyst was subjected to severe conditions, such as high
steam concentration, high temperature, and repeated exposures to atmospheric
alr, which it would not experience during normal plant operation. The loss in
activity of this catalyst would probably have been much smaller if it were

operated under steady-state, optimum design conditions.

During the period from October 1980 to October 1981, the first—cut design
data for the direct methanation process using a BGC Slagger-type raw gas were
obtained; from October 1981 to January 1982, design data were obtained using
the Westinghouse-type raw gas; and from January 1982 to March 1982, design
data were obtained using a dry-bottom Lurgi-type raw gas. The differences in
the time spent to obtain the needed design data were due to the detailed
"mapping" method used. This method is designed to save time over the entire
experimental stage and is described as follows: A feed gas mixture simulating
the composition of a quenched raw effluent from a gasifier was processed in a
laboratory-scale reactor to simulate a series of reactor stages. The CO
conversion was determined for each stage as a function of space velocity and
temperature at 450 psig. The product composition from the first reactor stage
was measured and a feed mixture was prepared for the second reactor stage, and

so on, until the final CO concentration was reduced to less than 4 mole
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percent, which can be converted to methane by a polishing reactor in a once-
through procedure. The pressure, temperature, space velocity, and feed and
product compositions at each reactor stage provided the design data. For each
reactor stage, experimental data were obtained for at least two temperatures

and at least three space velocities.

Evaluation of Alternative Options for the Direct Methanation Process

One of GRL's objectives for KRSI was the evaluation of various direct
methanation configurations for dry-bottom Lurgi gasification to determine if
any of the alternative schemes offers any advantages. On the basis of CRC's
proposed base case, KRSI proposed schematic diagrams and feed compositions for

six alternative options, described as follows:

Base Case Two reactor stages are connected in series with interstage
heat exchange and without either product gas or co,
recycle.

Cases T, II, IIX Three reactor stages are connected in combinatioms of
series/parallel, with interstage heat exchange and with
split fresh feed to each reactor stage.

Cases IV, V Three reactor stages are connected in combinations of
series/parallel, with interstage heat exchange and product -
gas recycle.

Case VI Three reactor stages are connected in series with
interstage heat exchange and COZ recycle.
Mcst of the design data needed for the evaluation of these cases are available
from the data generated from the first—cut design work and the life tests,
escept the data at 1250°F and a high 002 concentration. A set of experiments
wag conducted to obtain this information. Data were obtained at 950°, 1125°,
and 1250°F; 400 psig; and 6000 SCF/h—ftB, using a dry-bottom Lurgi-type raw
gae, The total CO conversion increased with increasing temperatures of from
950° to about 1000°F and then decreased with increasing temperatures of from
1000° to 1250°F. This type of temperature-conversion behavior is not unusual
and occurs frequently in heterogeneous catalysis. The only unknown is the
life of the catalyst at temperatures where the decline in total conversion

takes placa.

CRC hzs conducted experiments at 700°C (1292°F) with the GRI-C-600 series
cztzlyst and found that the total CO conversion stabilized at a level lower

than that at 550°C (1022°F)., To confirm CRC's finding, a 300-hour test was
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conducted at 1250°F, 400 psig, 6000 SCF/h-ft3, with the GRI-C-600 catalyst,
using a Lurgi-type raw gas. The CO conversion stabilized after 100 hours on-
stream, and remained steady for the next 200 hours. The HZ/CO molar ratio in

the product was close to 1:1 at 1250°F,

The product H,/CO molar ratlios were 2:1 at 950°F and 1.3:1 at 1150°F.
The mass of CO, in the product showed a decrease rather than the increase that
was observed at temperatures lower than 1250°F. This behavior was expected
because, on the basis of thermodynamic equilibrium, the extent of the reverse
water—-gas shift reaction (COZ + HZ 1 CO + HZO) should increase with increasing
temperature. To provide a measure of the actual methane produced, the term

"methanation efficiency" is defined as —

(cH,)  _ (CH,)
out in
(CO + HZ) /4
in

where the numerator represents the net methane produced and the denominator
represents the reactants in the methanation reaction. It is assumed that
hydrogenolysis reactions are absent in this case. The light-off temperature
was about 500°F, and no methane was produced prior to light-off. The methana-
tion efficiency increased as temperature increased from 500° to 1000°F because
the total CO conversion increased with increasing temperature, and the CHQ
selectivity remained relatively constant for this temperature range. At
temperatures higher than 1000°F, the total CO conversion started to decrease
with increasing temperature, although the CH, selectivity increased due to the
increased activity of the catalyst for the reverse water-gas shift reaction.

As a result, less methane was produced, and therefore the methanation

efficiency was lower.
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FIRST-CUT DESIGN DATA FOR THE METHANATTION PROCESS
USING AN UNDERGROUND COAL GASIFICATION-TYPE RAW GAS (UCG)

First~cut design data using a UCG-type raw gas were obtained according to

three different direct methanation process schemes, described as follows:

L.

IiT.

uce
gas

uceG
gas

UGG
gas

The process conditions were:

Strezm Number

lixture

Composition, mol %

co
€0,

Pressure:

Temperature:
Space Velocity:

Steam Concentration:

<:> = lst Stage (:) 2nd Stage |—=
Hy0
é @ = ist @ == 2nd —=
HyO
@ = I1st l@X@> 2nd =
521 psia (506 psig)
750°, 850°, and 950°F
3000; 6000; 10,000; and 15,000 SCF/h—ft>
0, 10, 15, and 20 mol 7
Feed Mixtures
1 2 3 & ‘ 5 57
23.15 15.33 20.40 11.26 13.84 12.32
33.97 47 .43 29,91 36.80 42,82 38.11
33.98 10.03 31.68 19.72 9.06 8.06
7.52 25.52 6.58 15.73 23.04 20.50
0.14 0.21 0.21 0.37 0.19 0.17
404 ppm 15 ppm 463 ppm 0 ppm 14 ppm 12 ppm
1192 ppm 635 ppm 0.22 - 0.18 573 ppm 510 ppm
0 ppm 0 ppm 0 ppm 0 ppm 0 ppm 0 ppm
1219 ppm 1352 ppm 1294 ppm 0.35 1221 ppm 1000 ppm
431 ppm 914 ppm 387 ppm 525 ppm 825 ppm 734 ppm
0.91 1.19 0.73 0.62 1.07 0.96
0.00 0.00 10.06 14,93 9.72 19.66
100.00 100.00 100.00 100.00 100.00 100.00
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The UCG raw gas has a HZ/CO molar ratio of about 1.5:1.0, which is ideal
for direct methanation but insufficient for the polishing reactor stage where
the CO concentration must be reduced to less than 0.l mole percent to meet
pipeline gas standards. From experiments conducted during the past 8 years it
has been established that these GRI-C-type catalysts are able to promote both
the water—gas shift and the direct methanation reactions simultaneously. The
extent of the catalyst activity for each reaction is a function of process
conditions and the catalyst., The product HZ/CO ratio can be controlled by the
quantity of steam carried in the feed. Therefore, in the three process
schemes presented in this section of the report, steam is introduced at
various reactor stages and process conditions, and data were obtained to
provide information for both process and economic analyses for the integration
of the direct methanation process into the UCG process. By selecting the
optimum scheme, we may eliminate the shift stage from the UCG process and
utilize the process steam or use less steam than the base case, therefore
reducing the steam requirement. The results can be compared with those of the
UCG in-situ base case; it is hoped that incorporating the direct methanation
process will simplify the overall process, reduce power requirements, and
result in a decrease in both capital investment and operating costs as in the

Lurgl, British Gas Corporation Slagger, and Westinghouse cases.

Direct Methanation Process Scheme I

The composition of the feed mixture in tests to simulate Reactor Stage 1
was that of the UCG-type raw gas, after being quenched at 125°F and 211 psia
and subsequently compressed to 321°F and 521 psia (Stream l). Data were
obtained at 521 psia; 750°, 850°, and 950°F; and 3,000, 6,000, 10,000, and
15,000 SCF/h-ftB. The composition of the feed mixture in tests to simulate
Reactor Stage 2 was that of a product gas from Reactor Stage 1 (Stream 2).
Data were obtained at 521 psia, 950°F, and 3,000, 6,000, and 10,000 SCF/h—ft3.

Direct Methanation Process Scheme 11

The composition of the feed mixture used in the inlet to Reactor Stage 1
simulated that of the UCG-type raw gas with the addition of 10 mole percent of
steam (Steam 3). Data were obtained at 521 psia, 950°F, and 6,000 and
10,000 SCF/h—ft3. The feed mixture to Reactor Stage 2 simulated that of a
product of Reactor Stage 1 (Stream 4). Data were obtained at 521 psia, 950°F,
and 6,000 and 10,000 SCF/h-ft>.
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t Methanation Process Scheme ITT

simul

deser

The composition of the feed mixture used in the inlet to Reactor Stage 1
ated that of the UCG-type raw gas (Stream 1), The data obtained were

ibed in Process Scheme I. The mixture used in the inlet to Reactor

Stage 2 simulated that of a product mixture with the addition of 10 mole

perce

obtai

nt (Stream 5) and 20 mole percent of steam (Stream 5'). Data were
ned at 521 psia, 950°F, 3000 and 6000 SCF/h-ft3,

bxperimental Results

6

Data were obtained at 506 psig; 750°, 850°, and 950°F without steam; at
950°F with 10 mole percent of steam; and 3,000, 6,000, 10,000, and
15,000 SCF/h-ft>., These data provided information for analyses of
Strezms 1 and 3 in the three UCG/direct methanation cases mentioned
zbove,

Dzte were obtained at 506 psig; 950°F; without steam and with 10, 15, and
20 mole percent steam; and 3,000, 6,000, and 10,000 SCF/h—ft3. These
datz provided information for analysis of Streams 2, 4, 5, and 57.

t these process conditions, the addition of steam in the feed increased
the total CO conversion, increased the product HZ/CO molar ratio, and
decreased the methane selectivity. However, the methane yield — €O in
the feed converted te methane — was relatively unaffected.
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SECTION XIX. DESIGN DATA FOR THE DIRECT METHANATION/SHELL PROCESS

The estimated gasifier effluent composition of a Shell gasification

process using Wyodak coal after quenching at 175°F is —

Component mol 7%
co 62.8

Hy 32.5
CHL} —

Nz 0.3
Ar 0.2
Hzo 2.6
Total 100.0

The following two process cases were proposed, and process calculations

were performed by both GRI and CRC.

Case 1: The effluent is water-—gas
H,/CO molar ratio is 1:l.
direct wethanation stages

shifted to produce a product in which the
This stream is then processed through the
until the final product comtains about

4 mole percent CO and 16 mole percent Hy after acid gas removal. A
poliching reactor is then used to reduce the CO councentration to
meet the pipeline gas specifications.

Gace I1: The effluent is introduced directly into the direct methanation
stages with sufficient process steam so that both the direct
methanation and the water-gas shift reactions may take place in the

rezctors containing the GRI-C-800A catalyst.

This stream is

processed until the final product contains 4 mole percent of CO, as

in Casze 1.

The inirizl estimation of the direct methanation process coanditionms and mass

balances of each reactor stage might not be accurate because no prior

euperimental data were available for a feed composition such as the Shell-

Wyodak. Nevertheless, the calculation was useful because

picture of this process and some numbers to consider.

of the bases for deciding if the experimental work should

extensive the work should be.

A set of experiments was completed to provide design

direct methanation stage of Case 1.

The feed composition

it gave an overall
also served as one

be conducted and how

data for the first

uged in the experi-

ments was estimated based on the water—gas shift reactiom, as described in
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Case 1. Data were obtained at 485 psig; 750°, 950°, and 1100°F; and 10,000
and 16,000 SCF/h—ft3. The total CO conversion increased rapidly with
increasing temperature in the temperature range studied in this set of
experiments. Experiments at 25,000 SCF/h-ft3 were attempted but were not
successful because the test conditions were unsteady due to the rapid
temperature rise from the exothermic reaction. The methane selectivity is

about 50% for the conditions studied.

Another set of experiments was completed to provide design data for the
first and fifth direct methanation reactor stages of Case II, The CO
conversion increased; the product HZ/CO molar ratio increased; and the CH,
selectivity decreased with increasing steam concentration. This set of data
confirmed the previous findings that the GRI catalysts may be used in a
process without a shift convertor and the product HZ/CO molar ratio may be
controlled by the amount of steam carried into the direct methanation stages.
At high CC, conceatrations (40+ %), such as the fifth reactor stage of Case II

1ov space velocities may be used to achieve the desired CO conversioms.
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SECTTON XX, LIFE TESTS OF THE GRI-C-525 AND GRI-C-600 CATALYSTS

Reactor System

The microprocessor-controlled reactor system is presented in Figures 5
through 8. The control room, shown in Figure 5, comsists of a GRT control
unit, a data logger, a gas partioner (that was replaced by the Perkin~Eimer
Sigma 1 gas chromatograph) and a toxic gas analyzer/alarm unit. The reactors,
presented in Figure 6, consist of a dual-reactor system and their downstream
units. The reactor countrol panel is presented in Figufe 7, and a schematic

flow dizgram of this reactor system is presented in Figure 8.

Several additions and improvements were made to facilitate the operation

of the microprocessor-contolled dual-reactor system:

L A multipoint temperature recorder was added to record all furnace, line,
and reactor temperatures continuously, providing immediate visual
observation of the behavior patterns of all the temperatures inm the
reactor system over the two unattended shifts.

© The Brooks mass flow controllers were replaced by a combination of a
Barber Coleman proportional coantroller, a Brooks E/I convertor, a
Validyne power supply amd transducer, and RCI control valves. The Brooks
mass flow controller's capillary tubing can be plugged by solids and/or
liquids more readily, and this controller is more difficult to
disassemble and clean than the RCI control valves. It must be
disassembled and cleaned at the factory because of its electromic sensing
devices, whereas the RCI valves can be disassembled and cleaned at IGT's
leboratory by IGT technicians.

€ 4 Fisher gas chromatograph with a detector with the same sample size loop
as that of the Perkin—Elmer Sigma T was added to the sample system to
measure hydrogen concentration. It provides an improved hydrogen
bzlance.

< tive computer chips for temperature control were replaced with new chips
that were reprogrammed so that the upper temperature limit could be
increased from 1200° to 1800°F and the catalysts could be evaluated at
higher temperatures.

Test Couditions

Tests were conducted at a pressure of 450 psig; temperatures of 750°,
850°, 950°, and 1050°F; space velocities of 4000, 6000, and 8000 SCF/h—ft3;
end gas compositions that simulated a dry-bottom Lurgi gasifier as listed

he Lows:
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Component mol %

co 16.60
Co, 28,11
Hy 41,31
CH, 11.00
CoHg 0.70
CoH, 0.50
CqHg 0.01
Cilio 0.01
CsHjq 0.01
H,S 0.50
cos 500 ppm
Ny 1.00
H,0 0.20
Total 100.00

The composition of the mixture simulates the feed gas to the first

reactor stage of the direct methanation process.

The data obtained included the total CO conversion and the CH,
selectivity as a function of temperature, space velocity, and time. 1In

addition, the fate of C2-C5 was measured, as were the changes in HZS/COS

ratio.

Effect of Metal Carbonyls on The Life and Activity of Catalysts

The GRI-C-500 and GRI-C-600 catalysts were loaded into the dual-reactor
system and tested concurrently with a standard gas at standard conditions.
The conversions were checked, and the standard tests were repeated just before
the life tests began. The initial life test conditions were a dry-bottom
Lurgi-type raw gas using a Western coal, 450 psig, and 950°F. The light-off
temperature of the GRI-C-500 catalyst was between 500° and 550°F; that of the
GRI-C-600 catalyst was between 525° and 580°F., With both catalysts, the total
CO conversions increased in the beginning, then gradually decreased. They
were still decreasing after more than 500 hours on-stream. The methane

selectivity was about 73% using the GRI-C-500 catalyst and 83% using the GRI-
C-600 catalyst,
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Total CO conversion continued to decline after 600 hours on~stream.
Informal discussions were conducted among GRI/CRC/IGT personnel to determine
the czuse(s) of the deactivation. The feed gas supply, especially the GO, was
znzlyzed for metals by ¥-ray fluorescence. Fe and Ni were detected. The Czr
peaks were present in the blank run and therefore were not contained in the
gas., Quantitative analysis was done by flame atomic absorption; 330 pg of
iron and 2.5 ug of nickel were found in each liter of gas. The chromium
content was less tham 0.1 pg per liter and was beyond the detection limit.
For comparison purposes, the feed gas that was used in the previous 10,000-
hour runms to cbtain the first-cut design data was analyzed for metals
content. The concentrations of Fe, Ni, and Cr were 2.7, 1.2 and 0.1 ug per
fiter, respectively. The gas supplier, Fred Peters Welding Supply Company,
obtained its gases from Union Carbide, Linde Division, and stored them in
cerbon steel tanks. It is possible that metal carbonyls formed during

groTras

=

[ts}

a

Arrzngement was made with the Matheson Company te purchase gases (CO,

~

05, CHy, and H,) directly from its plants and to store the gasés in IGT's own

[

alumlnum cylinders. Teflon balls were inserted into each cylinder to improve
mizing of gases during preparation of the needed multicomponent feed mixtures.
Tne mstal content im this batch of feed gas was analyzed; 0.7 to 1.7 pg of Fe
and 1.2 and 1.7 pg of Ni per liter of gas were found. These concentrations

are lower than those found in the feed gases used in the 10,000-hour rums.

Yresh GRI-C-500 catalyst was loaded into the reactor, and fresh GRI-C-600

catalyst was prepared by CRC. Hot and cold traps were installed to filter out

)]

regidual metal carbonyle, and the life test was continued.

%)

Thez newly prepared Lurgi-type raw gas was then introduced,'and the total
co convérsion declined continually for 300 hours, and the CH, selectivity
increzsed, Scmz of the C0, in the feed was also converted to CHz. The
standard gas was used to check the catalyst activity, and runs were continued
for zbout 130 hours. The total CO conversion and the CH4 selectivity remained

consistent with those obtained previcusly.

-]

o pinpoint the catalyst/reactor behavior, two blank runs, one om an

d

empty reactor with inerts only and another on the empty reactor after the
reactor system was thoroughly sulfided with H,S, were conducted. No reaction
was detected in either case. The catalyst was reloaded and sulfided

thoroughly, and the same Lurgi-type raw gas was reintroduced.
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This 1life test of the GRI-C-500 catalyst was then resumed continued with
the same Lurgi-type raw gas. The total CO conversion again decreased
continually. The CH4 selectivity remained constant; about 5% of the COZ in

the feed was also methanated.

This GRI-C-500 catalyst—containing reactor was cooled, purged, locked-in,
and relocated from the dual-reactor system to another reactor system, which
was used in obtaining the first-cut design data. The catalyst was reevaluated
with the same feed at the same conditions, and the results agreed with those
obtained from the dual-reactor system. It appeared that the catalyst was
being deactivated by some additional active species, such as iron. 1t was
deduced that these specles (Fe, Ni, Cr) came from the transfer lines that were
previously contaminated by metal carbonyls because the feed gases were clean
and were passed through traps. 1t is mandatory, therefore, that in the
future, all the tubing, valves, regulators, and flow controllers be either
replaced or thoroughly cleaned once they have been exposed to metal carbonyls

or any other poisons.

2000-Hour Life Test of the GRI-C-500 and the GRI-C-600 Catalysts

Life tests of the GRI-C-500 and the GRI~-C-600 catalysts were then
conducted. These two catalysts were on-stream for approximately 2300 hours.
The process conditions were 950°F, 450 psig, and 6000 SCF/h-ft3. A Lurgi-type
raw gas (Western coal) with a sulfur content of 0.5 mole percent, a C02

content of 28 mole percent, and a H,/CO ratio of 2.4:1 was used.

Next, fresh GRI-C-500 and GRI-C-600 catalysts were loaded in new reactors
and were evaluated one at a time, under standard conditions (200 psig, 950°F,
4800 SCF/h-ft3) with the standard gas (37 mole percent CO, 42% Hy, 1% CO,, 1%
HZS, 1% No, and 18% CHA). The total CO conversion for the GRI-C-500 catalyst
was 68%; CRC reported 667%, and previous work also reported 66%. The total CO

conversion for the GRI-C-600 catalyst was 797%; CRC reported 75%, and previous
work reported 76%

The total CO conversion for the GRI-C-500 catalysts was initially about
65%, it stabilized at about 60% after 200 hours, and it gradually declined to
467 at the end of this test period. It was found that the temperature also
had gradually decreased during this time period. The cause of this tempera-

ture decrease was traced to the microprocessor temperature control module and
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to the thermocouples in the catalyst bed and in the furmace controller. Two
of these thermocouples were found to be slightly corroded and caused
inaccurate feedback to the microprocessor temperature control module. The
rezson for the corrosion of the thermocouples is not known. It is suspected
that sulfur compounds reacted with the nickel in the Inconel in which the
thermocouples are sheathed. However,vthe same type of thermocouples (Inconel-
sheathed, type-K, ungrounded) were used in catalyst work for the past 22 years
at IGT and were found to be the best. A batch of 316 SS—sheathed thermo-
couples was ordered and imstalled for the subsequent experiments. The light~

off temperature of the fresh catalyst was 485°F, and the CH; selectivity was
about 827,

The total CO conversion was sensitive to the catalyst bed temperature in
the range of 930° to 980°F. On the basis of the temperature effect, the
activity of the GRI-C-500 catalyst is comsidered to be steady.

The total CO conversion for the GRI-C-600 catalyst started at about 787,
stabilized at zbout 65% after 200 hours, and remained steady at 65%Z for the
entire test period. The fluctuation in the total CO conversioﬁ was due to the
variation in the catalyst bed temperature. The light—off temperature was

510°F, and the CH, selectivity was about 84%.

During the 2000-hour test of the GRI-C-500 and GRI-C-600 catalysts, check
runs were made with a standard feed mixture at standard conditions. The
composition of the feed mixture, the process conditions of the standard run.
The totel CO comversion for the GRI-C-500 catalyst was initially 72% and then
decreased to 60%Z at the end of 1600 hours; the total CO conversion for the
GRI-C-5600 catalyst was initially 80%, stabilized at 70% after 700 hours, and
ther remaired constant for the remainder of the test. The comversion patterns
of these standard runs closely followed those of the life tests. The initrial
decreasze in total CO conversion was observed in all previous experiments using

2ll direct methanation catalysts. The reason for this decrease is mot known.

FEydrogenation reactions were detected; that is, the olefins were
hydrogenated to their corresponding paraffins. Hydrogenolysis reactions were

not detectsd; that is, paraffins were not reduced to lower molecular forms.

On the basic of the 2000-hour test and the knowledge of the formulation
and the method of preparation of the GRI-C-600 and the GRTI—-C~500 catalysts,
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IGT concludes that the GRI-C-600 catalyst is as durable as and has higher

activity than the GRI-C-500 catalyst.

Measured Effects of Process Conditions on CO Conversion and CH, Selectivity

During the experiments for the collection of the first-cut design data

and the 2000-hour life tests, feed mixtures with various compositions were

used. The typical compositions used are —

15.78
28.05
20.94
29.34

0.32

0.10
0.74
0.03
0.35

4.35

100.00

.77
33.6.
15.8¢
35.9%

0.39

0.09
0.85
G.02
C.35
.09
100.00

Conposifzzg, wol % Catslyst Evaluation British Gas Corporation Slagging Gasficiation
co 10.7¢ 11.02 39.88 3.65 35.60 3u.12 27.69 22,52
€0, 0.57 0.09 0.10 0.37 2.14 14.37 16.04 25.14
H, 30.00 32.09 38.31 68.79 18.25 36.86 34.62 27.19
Ch, 52.38 53.34 16.65 20.11 5.98 10.56 17.67 19.96
CoHg 0.48 (YA 0.79 0.0% 0.03 0.33 0.2% 0.28
CaH, - - - - -_ - - -_
Cqkg 0.19 0.18 0.17 0.12 0.01 0.11 0.10 0.10
CLH e - 0.05 0.02 - _ 0.05 0.05 0.05
K-S 0.28 0.10 0.20 0.0¢ 0.63 0.98 0.66 0.64
cos - - - 200 ppo - 0.02 0.02 0.02
N, 0.57 0.31 1.33 G.07 0.28 0.33 0.33 0.33
Nty - - - 0.45 — -— - -_
Cehip - 2.33 2.49 - -— -— -_— -—
CeHeOH -— 0.05 0.06 — - —_ _ -
H,0 4.77 —_— —_ 6.39 37.08 2.27 2.53 3.77
Total 100.00 100,00 100.00 100.00 100.00 106.00 100.00 100.00
Feed
Composition, mol % Westinghouse Gasification Dry-Bottoz Lurgi
cc 40.16 35.77 33.47 21.47 1l.60 16.76 11.52 5.81
co, 18.40 16.39% 15.33 31.88 4U.53 28.35 32.63 41.01
H, 25.35 22.57 21.12 17.54 11.17 39.70 27.64 19.82
CH, 14.36 12.79 11.97 22.41 29.65 12.20 23.65 27.95
CoHg 0.12 0.11 0.10 0.09 0.09 0.47 0.19 0.19
CoH, - - - -- - 0.28 - -
C3h8 - - - -- -- 290 ppom - -
CLH10 - - - - -_ 41 ppm -- -
LPY 1.47 1.31 1.23 0.60 1.11 0.51 0.40 0.40
cos 0.11 0.10 0.09 0.09 0.05 230 ppm - —_
L5} 0.03 0.03 0.03 0.03 0.05 1.49 0.19 0.19
NH, -— 0.66 0.99 0.38 0.37 —_ -—_— -
CeHe -_— - - -— - - - -
CgHgOH - - - - -_ - - -
Hy0 -— 10.27 15.67 5.51 5.38 0.19 3.80 4.63
Total 100.00 100.00 106.00 10C.00 10G.00 10G.00 100.00 100.00
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Although these experiments were not designed specifically to study the

ts of 002 concentration and HZ/CO molar ratio on the total CO conversion

and CHé selectivity, some general trends were observed at temperatures from

480°

to 1100°F, pressures from 200 to 1000 psig, and space velocities from 300

to 16,000 SCF/h—ft3. These observations are —

©

tion,

The higher the GOy concentration, the lower the CH, selectivity for the
temperatures ranging from 480° to 980°F. )

The higher the steam concentrationm, the higher the total CO conversiom,
the lower the CH, selectivity, and the higher the Hy/CO molar ratio im
the product,

The lower the space velocity, the higher the CH, selectivity and
conversion.

The higher the KZ/CO molar ratio, the higher the CH, selectivity and the
higher the total CO conversion.,

The higher the CO, concentration, the lower the total CO conversion.
Although the presence of €0, decreased the total CO conversion inm all
cases, the effect is much less when the GRI-C-600 catalyst is used than
in other cases. From a process design viewpoint, interstage hot CO
removal might be required if the Shell, Union Carbide, GRI-C-200, and
GRI-C~-300 types of catalysts were used, but it is unnecessary when the
GRI-C~-300 or the GRI-C-600 catalyst is used,

In general, the higher the HZ/CO ratio and the lower the C02 concentra—
the higher the CH, selectivity and the higher the total CO conversion.

The pressnce of steam promotes the water—gas shift reaction and therefore

causes the CH; selectivity to decrease; it may also cause the total CO

conversion to increase.

conti

Although the tests were conducted on a 24~hour—per—day basis and

nously, the actual time on-stream was only about one-hzlf of this year.

The overzall reason for this shortage of run—-time was the manner in which these

experiments were conducted., For example —

¢

Two of the feed gas components, H, and CO, were obtained directly from
the producing plants and stored in IGT's own aluminum cylinders to
minimize the possibility of metal carbonyl formation. It was not always
possible to synchronize the date of gas production with that of cylinder
availability. To alleviate this problem, more aluminum cylinders were
ordered so that a larger supply of "clean" gases were stored and more gas
cylinders ware circulated.

More time was required to prepare this 15~component mixture containing a
high concentration of €0, (30 mole percent) than was required previously,
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when the CO, content was low and the CH, selectivity was not as sensitive
to the H2/C0 ratio. At pressures higher than 900 psig, CO, is either
stratified and/or exists in a two-phase region in a constant volume
cylinder. During the preparation of the l5-component mixture, each
component is added one at a time. The component with the lowest
concentration, and therefore the lowest partial pressure, is added to the
evacuated cylinder first, and so on. Hydrogen is added last to bring the
total pressure of the feed supply tanks to about 1800 to 2000 psig.

After CO, has been introduced, the remaining components must be added
gradually and the cylinder must be mixed from time to time during
addition to avoid the "non-isenthalpic" effect on the bulk CO,. The
"non-isenthalpic" effect can be detected during mixing: The cylinder
temperature decreases while the total pressure of the cylinder increases.
These steps are necessary to assure a uniform composition and to ensure
that the desired composition is achieved. Short-cut methods were tried,
but the result was mixtures with undesirable compositions that could not
be adjusted. Premixed gases can be purchased from a number of suppliers,
although they are reluctant to make a sulfur-containing gas mixture with
more than six components., Also, two to three weeks are required for
delivery, and the suppliers will not guarantee the final composition.

o When the pressures of the feed-mixture—containing cylinders fall below
500 psig, they are no longer sufficient for runs conducted at 450 psig.
These gases then are compressed, combined, and mixed in one or two
cylinders for the continued experiments. The gases in the.remaining
cylinders are vented through NaOH solutions to trap the sulfur
compounds. The vented cylinders are evacuated to minimize the moisture
that came with the supply gases.

* Due to the formation of sulfide particulates in the system, the mass flow
controllers, gas regulators, and wet test meters were cleaned —
disassembly was frequently necessary — and calibrated. The columns in
the gas chromatography analyzers were regenerated when the deviation of
the calibration factor exceeded 3% of the mean, and recalibrated or
replaced if the deviation exceeded 5%.

The Fate of Ethane, Ethylene, Propane, and Butanes

The changes in ethane, ethylene, propane, and butanes were measured. The
increase in the ethane mass flow rate was equivalent to the decrease in the
ethylene mass flow rate. It appeared that the hydrogenation reaction had
taken place and the hydrogenolysls reaction had not. A slight increase in the
mass of propane and no change in butanes were noted. The reason for this
behavior is not known. Some reverse water—gas shift reaction was detected.
The approach to equilibrium is about 120°F for the GRI-C-500 catalyst. In all
prior work, the reverse water—gas shift reaction was detected whenever the

feed HZ/CO ratics were more than 1.5:1.0.
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SECTION XXI. COS HYDROLYSIS AND HYDROGENATION REACTIONS

The fate of COS in the process was uncertain, which led to uncertainties
in the economic/process evaluation of both the base case and the direct
methanation case for a Westinghouse gasification process. Therefore, an
experimental program was conducted to determine the concentrations of COS in

the two cases.

United Catalysts, Imc.'s C25-2-02 water-gas shift catalyst, which was
used in the design analysis by CF Braun & Co. (CFB), was tested for the base

case a2nd for the direct methanation case.

The test conditions are a pressure of 600 psig; temperatures of 600°,
800°, and S00°F; and space velocities of 3000, 5000, and 7000 SCF/h—ftB. The

typical feed gas composition is as follows:

Composition, mol %

Westinghouse Westinghouse

Component Base Case CRC Case
co 24.0 6.0
COZ 8.0 46.0
HZ 21.0 2.0
CZ-C4 1.0 1.0
st 1.0 2.0

COoS 480 ppm 700 ppm
NHB 005 OOO
NZ 0.3 0.5
HZG 37.2 12.43

Total 100.00 100.00

Tnz datz obtained included the total CO conversion as a function of
temperature and space velocity, and the concentrations of sulfur compounds
were carvefully measureds The C25-2-02 catalyst was supplied in the oxide
form, but the activated state was its metal/metal sulfide forms. Though this
catalyst can be activated by the sulfur—containing feed gas, it is time-
consuning. To accelerate the reduction period, a pretreatment procedure was

devised as follows —

1. Purge reactor system with an imert gas, N, or He.
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2. Start heating at a rate of 150°F/h.

3. Change purge gas to a mixture of 5% H,5-95% H, when the reactor
temperature reaches 300°F.

4, Increase flow rate to about 2000 SCF/h-ft3 while gradually increasing
pressure to 200 psig.

5. Increase the bed temperature to 600°F after sulfur breakthrough is
confirmed,

6. Reduce inlet temperature to less than 550°F and introduce the
Westinghouse feed mixture, introducing steam first.

74 Adjust the reactor temperature and pressure to the desired conditions and
obtain data at the required space velocities.
Based on the design specifications provided by CFB, the test conditions
for the Westinghouse base case were 600 psig; 600°, 800°, and 900°F; and 3000,
5000, and 7000 SCF/h—ftB. The water-gas shift reactlon has a 50°F approach to
equilibrium, and the COS hydrolysis reactlon has a 100°F approach to
equilibrium (based on API Project 44 thermodynamic data).

For the Westinghouse/CRC direct methanation case, conditions were
600 psig; 600°, 800°, and 900°F; and 3000, 5000, and 7000 SCF/h—ftB. The
water—-gas shift reaction had a 10°F approach to equilibrium, and the COS
concentration was 350 ppm at 600°F and 800 ppm at 900°F.

For this catalyst (UCI C25-2-02), which was not designed for COS
hydrolysis, and at the steam concentration (13.9%) of the feed to the post-
conditioner, the COS concentrations were 350 ppm(v) at 600°F and 800 ppm(v) at
900°F. To determine the possibility of improvement of COS hydrolysis at these
operating conditions, the data are compared with calculated theoretical
equilibrium curves. 1If the experimental data are close to the values
calculated from the theoretical equilibrium constants, the possibility of
improvement is minimal. The further away the experimental data are from the
theoretical values, the greater the opportunity for improvement. This
improvement can be made by means of the addition of a layer of COS hydrolysis
catalyst and the use of a feed with a high steam concentration to the post
conditioner. Two different sets of equilibrium constants were reported in the
literature for the COS hydrolysis reaction. One set was reported in UCI's
publication, "Physical and Thermodynamic Properties of Elements and

Compounds," that were obtained from API Project 44 (NBS) publications.
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Another set was reperted in the JANAF Thermochemical Tables. Values found in
recent experimental work by UCI agreed with the values reported by JANAF,
Taus, UCI is revising its publication on thermodynamic properties. The
eszperimental data of the COS hydrolysis reaction have a 250°F approach to the
JANAT equilibrium. It should be possible, therefore, to reduce the CO0S
concentration, at equilibrium, to as low as 100 ppm(v). For example, at
600°F, the equilibrium constant is 300 based on API and 1000 based on JANAF,
The COS concentration in the product was measured to be 350 ppm. If the JANAF
K-value were approached, the COS concentration in the product would be agbout

105 ppm.

The significance of this is 1) CFB's design of the COS-hydrolyzer may
nave used more steam than necessary and 2) the COS hydrolysis reaction may be
conducted co-currently with the water-gas shift reaction in the shift

convertor with the addition of COS-hydrolysis catalyst and steam.
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SECTION XXiTl. STEAM REFORMING OF A SULFUR—CONTAINING NATURAL GAS

For all reversible reactions, if a catalyst is active in promoting the
forward reaction, it has the potential to promote the reverse reaction. All
of the GRI-C catzalysts have shown that they are active in promoting the
methanation reaction, and they are sulfur-resistant. It is then logical to
zssume that they can also promote steam reforming and/or COy reforming of

methane in the presence of sulfurs.

Thereforé, a2 set of experiments was conducted to study the steam
reforminz of & sulfur—-containing natural gas. A gas mixture was prepared to
simulate natural gas. The conditions were 700° to 1600°F, 0 psig, 21 ppm

sulfur (as HZS), 300 to 1000 SCF/h—ft3, and a H20/C molar ratio of 3:1.

GRI-C-318 catalyst was selected for testing because it is an oxide—based
cztalvst. The oxide-based catalyst was thought to have the greatest

rrobability for success because other conventional reforming catalysts are

The light-off temperature was about 903°F, and the total'CH4 conversion
wzs about 2 mole percent at 950°F, 8% at 1150°F, and 25% at 1600°F. The

enuilibrium CH, conversion was sbout 607 at 1100°F and 99% at 1600°F. Most of

ﬁ
e
0

sieam-reforming systems in present—day hydrogen and ammonia plants are

apsreted at temperatures near 1650°F.
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SECTION XXIII. MAJOR ACCOMPLISHMENTS

Eleven sulfur-resistant catalysts were evaluated with feed gases
simulating raw gasifier effluents for extended periods: GRI-C-284&
(5,232 h on stream), GRI-C-318 (1,048 h), GRI~C-486 (1,542 h), GRI-C-525
(10,000 h), GRI-C-600 (2,300 h), GRI-C-700A (450 h), GRI-C-700B (450 h),
GRI-C~800A (300 h), GRI-C-800B (300 h), CRL-T-1 (1,520 h), and CB 79-57
(846 h). Species contained in the feed gases included H,, CO, €Oy, Ny,
He, Ar, CHy, CyHg, C3Hg, CuHyp, CgHg, CgHgOH, NHg, HyS, COS, CH4SH,
CoHgSH, C4HySH, C4HyS, and HyO. These catalysts are sulfur—active and
were active in the presence of sulfurs up to 3 mole percent.

Some of these sulfur-resistant catalysts (GRI-C-486, GRI-C-525, GRI-C-
600, GRI-C-700, GRI-C-800) were able to promote the methanation reaction
at H,/CO ratios of from 0.5:1 to 3:l. The optimum range of H,/CO ratios
is between l.1:1 and 1.3:1 for the raw-gas process schemes considered.

With quenched gases, simulating those from the dry-bottom Lurgi, BGC
Slagger, Westinghouse, UCG, and Shell processes, direct methanation with
a high CO conversion (85 mole percent) was obtained using the GRI-C-525
catalyst with feed gases containing Hy/CO ratios of 1.1 to 1.3 and a CO
concentration of 25 mole percent. The equilibrium conversion for this
test condition was 95%. In addition, the presence of less than 5% steam
had no detrimental effect on the methanation reaction. This GRI-C-525
catalyst is the best direct methanation catalyst tested from 1978 to
1982,

With quenched gases, simulating those from the BGC Slagger process, &
preconditioning shift from a 0.5 Hy/CO ratio to a 1.1:1.3 H,y/CO ratio was
required prior to direct methanation. This shift was achieved by using
the GRI-C-318 catalyst and controlling the feed steam concentration and
space veloclity in the preconditioning step. The following design operat—
ing conditions for this preconditioning step were developed: 580°F,

500 psig, 3000 SCF/h—ftB, and approximately 16 mole percent steam in the
feed.

The initial light-off temperature of the GRI-C-525 catalyst was 480°F.
This temperature is within the start-up capability of commercial plants.

Acquisition of the first-cut design data for the direct methanation
process using a BGC-Slagging-type raw gas was completed.

Acquisition of the first-cut design data for the direct methanation
process using a Westinghouse~type raw gas was completed.

Acquisition of the first-cut design data for the direct methanation
process using a dry-bottom Lurgi-type raw gas was completed.

The GRI-C~600 catalyst, which was developed by CRC with the intention of
naintaining high activity in the presence of a high concentration of CO
(40+ mole percent), was evaluated with both the first-stage and the
third-stage Lurgi-type raw gases and the standard gas mixture. The C-600
catalyst showed an average of 347 higher conversion than the C-500
catalyst.
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A microprocessor—controlled reactor system was modified to include two
parallel reactors so that life tests of two catalysts can be conducted
simultaneously.

Detectors were installed and calibrated (FI, FP, TC) in the Perkin-Elmer

Sigma I chromatograph analyzer to measure CyHg, CpH,, C3Hg, H,S, COS, and
mercaptans in the 1 to 20 ppm range.

The COS hydrolysis and hydrogenation reactions were determined at
conditions of the shift convertor of a Westinghouse base case and those
of the post—conditioner of a Westinghouse/CRC case. The catalyst used
was United Catalysts, Inc.'s C25-2-02, a shift catalyst similar to the
old Girdler G-93 catalyst. The water—gas shift reaction has a 10°F
approach to equilibrium; the COS hydrolysis reaction has a 50°F approach
to equilibrium by API Project 44 data, or a 250°F approach to equilibrium
by JANAF data.

A single reactor system was modified to include a low-~flow, high-pressure
pump (6.5 cm /h 8000 psig) for introduction of potential poisons (BTX,
naphtha, Lurgi oils) in the ppm range to the feed mixtures.

Concurrent life tests of the GRI-C-500 and the GRI-C-600 catalysts were
completed in a dual-reactor system. These two catalysts were on-stream
for about 2300 hours. The process conditions were 950°F, 450 psig, and
6000 SCF/h—ft3. A Lurgi-type raw gas (CO 17 mole percent; CO, 28%; Hy
39%; CH% 12%, Cy=C; 1%; H)S-COS-CHaSH-CS, 1%; N, 1.5% H,0 0.5%) was
used. he total conversions stabilized after 150 hours on-stream and
remained steady for the test period.

A set of experiments was conducted to study the steam reforming of a
sulfur-containing natural gas using the GRI~C-318 catalyst. The process
conditions were 700°, 9OO°3 1000°, 1100°, 1200°, 1400°, and 1600°F; 0
psig; 300 to 1000 SCF/h-ft”; 21 ppm sulfurs (as H,S); and a H,0/CO molar
ratio of 3:1. The catalyst was active in promoting the steam reforming
reaction. The total methane conversion was 25% at 1600°F.

The evaluation of GRI-C-700A, GRI-C-700B, GRI-C-800A, and GRI-C-800B
catalysts, which were formulated by a new dry-mixing technique, was
completed. These four catalysts were on-stream for about 250 hours. The
process conditions and the feed gas composition were identical to those
used in the life test of the GRI-C-500 and GRI-C-600 catalysts. The
total CO conversions stabilized after 180 hours on-stream and remained
constant for this test period. The GRI-C-700 catalysts are at least
equivalent to the GRI-C-500 catalysts within the temperature ranges
tested. The GRI-C-800 catalysts are about equivalent to the GRI-C-600
catalyst.

The effect of low sulfur concentration in the feed on the life and
activity of the direct methanation catalysts was studied. The catalysts
used were the GRI~C-700A and GRI-C-700B. The process conditions and feed
gas composition were the same as those used in the evaluation of the
GRI-C~500 and GRI-C-600 catalysts except that the sulfur concentration
was reduced to 450 ppm(v). No changes in the activities of the catalysts
were detected for 190 hours.
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A set of data was obtained using an underground coal gasification—type
raw gas (CO 23 mole percent; COy 34%; Hy 34%; CHy 7%; HyS 0.13%; Cg, C3»
C4, Ny, COS, CH3SH, balance). The process conditions were 7502, 850°,
and 950°F; 506 psig; 3,000, 6,000, 10,000, and 15,000 SCF/h-ftB; and 0,
2, and 10 mole percent of steam in the feed. The GRI-C—600 catalyst was
used in this study. This set of data should provide sufficient
information for a first—cut design of a direct methanation process to be
used with a UCG gasification system.

81



12/85 30523

SECTION XXIV. MAJOR TECHNICAL PROBLEMS ENCOUNTERED

In the absence of steam, the presence of 0.05 mole percent of CgHsOH and
2 mole percent of CgHg promoted carbon formation reactions at temperatures
higher than 1000°F for the four catalysts tested (GRC's GRI-C-284 and GRI-C—
318, Union Carbide's CRL-T-1, and Shell 0il's CB~-79-57). The presence of 002
inhibited the methanation reaction when the same four catalysts were used,

although the catalysts were not poisomed.

Metal carbonyls (iron and nickel), which were detected in high concentra—
tions in the feed mixtures obtained from one gas supplier, caused deactivation
in the catalysts. Because the gas supplier stored the gases (CO, Hy, COy,
CHy, etc.) in carbon steel tanmks, it is possible that metal carbonyls formed
during storage. An arrangement was made with other gas suppliers to purchase
gases directly from their plants and to store them in IGT's own aluminum
cylinders. Hot and cold traps were installed in IGT's reactor feed systems to

further eliminzte metal carbonyls.
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SECTION XXV. CONCLUSIONS AND SIGNIFICANT FINDINGS

No conventional nickel-based methanation catalyst, in the presence of a
high sulfur concentration, has shown 1life as long or activity as high as these
sulfur-resistant catalysts. These sulfur-resistant catalysts were tested with
fead mixtures simulating raw gasifier effluents for up to 5232 hours im the
presence of sulfurs (HyS, COS, CHgSH, GyHs5SH, C4H,S, and CSy) of up to 3 mole

percent.

The seven sulfur-resistant catalysts have much higher upper temperature
limits than conventional nickel-based catalysts. Catalysts with a high upper
temperature limit (1200°F) decrease the possibility of sintering and permit
higher quality steam generation than do those with a low upper temperature
limit. Conventional nickel-based catalysts have an upper temperature Llimit of
about 950°F. Because the design operating temperature is about 850°F, a high

recycle ratio is required.

The sulfur-resistant catalysts are much more durable and are easier to
handle then conventional nickel-based catalysts. No pretreatment is needed to
aciivate the catalytic surfaces, and no special precautions are needed to shut
down the reactors. These catalysts can be exposed to air at room temperature

after use and still retain their original activity upon restarting.

The direct methanation process is an improvement over current methanation
conversion processes because it minimizes the total steam usage and reduces

the loade on acid-gas removal systems.

The GRI-C~type catalysts are capable of promoting steam reforming of a
sulfur-containing natural gas. The GRI~-C-318 catalyst was tested for this
application; the conversion was comparable to that reported by other
investigators. However, it is not clear that the catalysts reported by other
investigetors were truly sulfur-resistant because the life expectancy of those
catzlysts is not reported. The GRI-C-type catalysts are proven to be sulfur-

resistant, sulfur-tolerant, and sulfur—active.

Tn the presence of 40 mole percent of carbon dioxide, the GRI-C-600
catalyst is about 20% more active than the GRI-C-500 catalyst and is about 40%
mote active than the GRI-C-200 and GRI~C-300 catalysts. The ability to have
fiigh CO conversion in the presence of 20 or more mole percent of €Oy is

important becauss most of the gasifier effluents contain CO, concentratioms in
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the range of 15 to 24 mole percent, and inability to methanate would
necessitate a CO, removal stage. With catalysts such as those in the GRI-C-

600 series, no CO, removal is needed prior to the methanator.

The GRI-C-600 catalyst has higher activity than the GRI-C-500 catalyst.
More important, the GRI-C-600 catalyst promotes a much higher total CO

conversion in the presence of high concentrations of CO, (40 mole percent)
than the GRI-C-500 catalyst.

For the COS hydrolysis reaction, the equilibrium constants reported by
the API Project 44 publications differ from those by the JANAF Thermochemical
Tables. If the equilibrium as calculated from JANAF table data were
approached, the COS concentration in the product at 600°F would be 105 ppm
instead of 350 ppm. It would not require as much steam as in CFB's design of
the COS-hydrolyzer in the process analysis. Also, the COS hydrolysis reaction
might be conducted concurrently with the water-gas shift reaction in the shift
convertor with the addition of COS hydrolysis catalyst and steam.

The presence of iron and/or nickel carbonyls deactivates the direct
methanation catalysts, as indicated by a decrease in CO conversion. The CO,
concentration in the product gas decreased rather than increased, as observed

under normal conditions. It appeared that the CO, and the CO reacted with H,
to form CH,.
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