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Disclaimer

This report was prepared as an account of work sponsored by an agency of the
United States Government. Neither the United States Government nor any agency
thereof, nor any of their employees, makes any warranty, express or implied, or assumes
any legd liability or responsibility for the accuracy, completeness, or usefulness of any
information, apparatus, product, or process disclosed, or represents that its use would not
infringe privately owned rights. Reference herein to any specific commercial product,
process, or service by trade name, trademark, manufacturer, or otherwise does not
necessarily constitute or imply its endorsement, recommendation, or favoring by the
United States Government or any agency thereof. The views and opinions of authors
expressed herein do not necessarily state or reflect those of the United States Government

or any agency thereof.



Executive Summary

Because our phase equilibrium measurements for Fischer-Tropsch waxesin
supercritical fluids encompass both liquid and vapor compositions, they present us with a
unique opportunity for evaluating equation-of-state models for short akane-long alkane
systems. Thus, a modification of the Peng-Robinson equation (m-PR) is being
investigated for fitting our VLE measurements, with an emphasis on those containing the
longer (i.e., Co4 and up) waxes. The essence of the modification is that pure component
liquid densities and vapor pressures are used to determine new pure component
parameters. After eliminating the unreliable pure component data in the literature, our
experimental results for mixtures of hexane with tetracosane (C,,), squalane
(2,6,10,15,19,23-hexamethyltetracosane), and hexatriacontane (Css) were fit with m-PR.
Good fits were obtained to both vapor and liquid phases, in fact, better fits than are
obtained with SAFT. For systems containing waxes smaller than Cy, k;; is essentialy
constant over awide range of temperatures. For C,, and higher solutes, kj;' s decreased
with increasing temperature. Whether or not this change in ki; with temperature is well-
behaved and independent of solvent will require alarger database, that is, additional VLE

measurements for model wax compounds with solvents other than hexane.



Technical Objectives

The objective of this research project isto evaluate the potential of supercritical
fluid (SCF) extraction for the recovery and fractionation of the wax product from the
dlurry bubble column (SBC) reactor of the Fischer-Tropsch (F-T) process. The wax,
comprised mostly of branched and linear alkanes with a broad molecular weight
distribution up to Cyoo, Will be extracted with a hydrocarbon solvent that has a critical
temperature near the operating temperature of the SBC reactor, i.e., 200-300 °C. Initial
work is being performed using n-hexane as the solvent.

The success of the project depends on two factors. First, the supercritical solvent
must be able to dissolve the F-T wax; furthermore, this must be accomplished at
conditions that do not entrain the solid catalyst. Second, the extraction must be controlled
so as not to favor the removal of the low molecular weight wax compounds. That is, a
constant carbon-number distribution in the wax slurry must be maintained at steady-state
column operation. Three mgjor tasks are being undertaken to evaluate our proposed SCF
extraction process. Task 1: Equilibrium solubility measurements for model F-T wax
components in supercritical fluids at conditions representative of those in a SBC reactor.
Task 2: Thermodynamic modeling of the measured VLE data for extending our results to
real wax systems. Task 3: Process design studies of our proposed process. Additional

details of the task structure are given below.

Task 1: Equilibrium Solubility Measurements
a. apparatus modification and construction.
b. experimental measurements of selected model systems.
c. design and construction of new apparatus for measuring VLE of Csst+ akanes
with hexane.

Task 2: Thermodynamic Modeling
a. modeling VLE data using cubic equations of state.
b. examination of theoretically based models, including the SAFT equation.

Task 3: Process Design Studies
a. process configuration studies using the ASPEN PLUS simulation package.




Detailed Description of Technical Progress

Task 1a. Apparatus Modification and Construction
This task has been compl eted.

Task 1b. Experimental Measurements for Model Wax Components
This task has been compl eted.

Task 1c. Design and Construction of New Apparatus

Even with cost-sharing by Clemson University being greater than was originaly
proposed, project funds turned out to be insufficient to build an apparatus of the
complexity required for measuring systems containing F-T waxes greater than Cy. A

future goal of our research is to secure the necessary funds to build such an apparatus.

Task 2a. Modeling VLE Data Using Cubic Equations of State
Investigation of the modification of the Peng-Robinson equation of state (m-PR),

in particular a modification that determines pure component parameters by regressing pure
component liquid density and vapor pressure data, continued. Before using m-PR, it was
necessary to critically evaluate the liquid densities and vapor pressures to be used in the
regression. Of particular concern was the accuracy of data for the higher molecular
weight wax compounds. For liquid densities, data over a wide range of temperatures and
pressures are available from Dooalittle up to a carbon chain length of 40 [1]. Other density
data are available for even higher molecular weight alkanes (up to Css), but the
measurements are limited to small temperature and pressure ranges. Fortunately, we have
found that the methods given by Doolittle for extrapolating density data to higher
molecular weight alkanes agree with experimental measurements from other sources. For
example, extrapolation to calculate the density of Cg4 shows good agreement with
experiment (see Table ). Therefore, the method of Doolittle was used to calculate

densities for use in parameter regression when experimental values were not available.



Tablel. Comparison of experimental and calculated densities for Cgy.

T(°C) r (exp) r (calc) % error

115 0.7833 0.7848 -0.19
125 0.7774 0.7796 -0.28
135 0.7714 0.7742 -0.36

Few experimental vapor pressure data are available in the literature for akanes
larger than Css. Furthermore, it has only been possible to examine vapor pressure data
from multiple sources (i.e., to check the consistency data) for alkanes up to C,s. Although
API-44 lists vapor pressures for components up to Cyoo, they are not actual experimental
measurements, but an extrapolation to long-chain alkanes from short-chain alkanes.
Another source for vapor pressure “data’ isfrom a handbook by Stephenson and
Malanowski [2]. This source aso has Antoine constants available up to Cioo, but it is
unclear to us how these constants were determined. It is almost certain, however, that
they are only estimations for the higher molecular weight alkanes.

To determine the best data source for high molecular weight alkane vapor
pressures, a comparison was made between the vapor pressures from the various sources
to those determined from extrapolating our binary VLE datafor hexane/hexatriacontane
(Cs6). Using the enhancement factor plot (used previoudly to check the consistency of
experimental vapor-phase compositions), one can use low to moderate pressure vapor
phase data from binary VLE to extrapolate to the pure model wax component vapor
pressure (i.e., where the In of the enhancement factor equals zero). Asan example, Figure
1 shows how vapor pressure (P™) data obtained by this method agree closely with
measured P data for hexadecane. Similar agreement between measured and extrapol ated
P swas found for tetracosane and squalane. Therefore, to test the various P data
sources for Csg, Vapor pressures were obtained by extrapolation of the binary C¢/Css VLE
data. Ascan be seenin Figure 2, the vapor pressures from Stephenson agree most closely
with our results. Thus, it was assumed for the time being that the Antoine constants from
Stephenson best represent the actual vapor pressures of long-chain alkanes.

Regression of parameters for m-PR continued during this reporting period to

systems containing Cso and higher alkanes. During the previous quarter, it was reported



that the regressed critical properties for hexatriacontane were not well-behaved functions
of molecular weight when compared to smaller linear alkanes. This has now been found
not to be the case. When densities [1] and vapor pressures [2] over a wide range of
temperatures were used, the new regressed parameters are well behaved when compared
to smaller alkanes.

Both the hexane/hexatriacontane and hexane/squalane systems were modeled using
m-PR. Figures 3 and 4 show the fit of m-PR to the liquid-phase data for C¢/Css and
Ce/squalane, respectively. The vapor-phase fits for C¢/Css and Ce/squalane are shown in
Figures 5 and 6, respectively. As can be seen in the figures, it was possible to obtain good
fitsto both the liquid- and vapor-phase compositions. However, as was seen previousy
with hexane/tetracosane, m-PR does not represent the critical region well. Thisis not
unexpected, as the parameters are not fit to the pure component critical points. In
addition, the optimized binary interaction parameters are relatively large and vary strongly

with temperature (see Tables |1 and 111).

TableIl. Optimized binary interaction parameters for m-PR and deviations between
experimental and calculated results for the hexane/hexatriacontane system.

Temperature (°C) Optimized k;; x error * (%) y error (%)
248.5 -0.04 18.2 16.3
299.9 -0.08 3.1 134
348.7 -0.10 49 134
a . (Xi[®<p] - Xi[CaIC])
AAPD = § | ——1 | "100%
: x [exp]

Table I11. Optimized binary interaction parameters for m-PR and deviations between
experimental and calculated results for the hexane/squal ane system.

Temperature (°C) Optimized k;; x error * (%) y error (%)
196.6 0.00 16.1 1.7
251.1 -0.03 12.3 12.3
301.4 -0.05 3.9 8.2
350.1 -0.08 5.0 8.8

a . | Gc[expl - x [calc])

AAPD = § - — | "100%

i Xi[®<p]

Although only limited experimental data are available, it was nevertheless used to



determine if the interaction parameter (kj;) varied in awell-behaved manner with system
parameters such as reduced temperature and system asymmetry. Initia results indicate

that when the solute is smaller than Cy in Size, the interaction parameter is small (kj; = -

0.01) and constant with respect to temperature and the size of the solvent. For example,
the interaction parameters for C¢/Cys and for C,/C, are the same at al temperatures (see
Figure 7). However, for systems where the solute is larger than Cy4, the interaction
parameter islarger and is aso afunction of temperature. As can be seen in Figure 8, k;;
decreases with increasing reduced temperature. However, the limited data available
suggest that the size of the solvent is not important (see Figure 8). More high quality
VLE data are required to determine what effect alkane length has on the optimized k;;.

Task 2b. Examination of Theoreticaly Based Equations of State
This task has been compl eted.

Task 3a. Process Configuration Studies Using the ASPEN PLUS Simulation Package

Recent results will be presented in the next quarterly report.

Plansfor Next Quarter
Simulation results that demonstrate the feasibility of our proposed process will be

completed. The end of the next quarter is the end of this project.
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Figure 1. Comparison of the vapor pressure extrapolated from binary VLE data with

measured P? data for hexadecane.
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Figure 2. Comparison of literature data sources versus the vapor pressure extrapolated
from VLE datafor Ce/Cas.
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Figure 3. Comparison of Peng-Robinson with experimental data for the liquid-phase
compositions of the hexane/hexatriacontane system (the solid line is m-PR and the dashed

lineis P-R with experimental critical properties).
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Figure 4. Comparison of m-PR with experimental data for the liquid-phase compositions

of the hexane/squal ane system.

13



80

248.5 °C
= 299.9 °C
70 - |2 348.7 °C

10 +

0 | | | |
1E-05 0.0001 0.001 0.01 0.1 1
y (mole fraction hexatriacontane)

Figure 5. Comparison of Peng-Robinson with experimental data for the vapor-phase
compositions of the hexane/hexatriacontane system (the solid line is m-PR and the dashed

lineis P-R with experimental critical properties).
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Figure 6. Comparison of m-PR with experimental data for the vapor-phase compositions

of the hexane/squal ane system.
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Figure 7. Variation of optimized kj;'s versus solvent reduced temperature when the solute
issmaller than Cy. (Datafor the the Cs/Cys, Cs/Cig, and C;/Cyg systems from Nederbragt
and De Jong [3]; data for C,/C,, from Peters et al. [4])
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Figure 8. Variation of optimized kj;'s versus solvent reduced temperature when the solute
islarger than C,,. (Datafor the the C3/Cs, System from Peters et al. [5])
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