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R ABSTRACT

As the result of early efforts. in the fields of catalysis,
coal gasification, and methanation, Union Carbide developed
a novel orocess for the direct concentration and conversion of
'CO in dilute waste §§;§gp§1to.hégp;ggglity.gethane (SNG). This
two bed, two step process was dubbed COthane, a contraction of
the feed carbon monoxide (CO) and the product methane.

The objectiveé of tnis:contracf'was to develop the COthane
process up to the large pilot plant stage, to develop an
improved catalyst, and to estimate the cost of methane produced
by this process. |

The process development studies yielded all of the design
parameters required to design a large scale pilot plant, the
catalyst development pregram produced a catalyst with promising
stability, and the ecoﬁﬁmic studies showed that methane production
cost would generally be more than $6/MM BTU.

Because this cost is above those for natural gas,
further work on this project has been suspended until rising
natural gas prices catch up with the more slowly rising |

COthane production cost.
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1 SUMMARY

Each year large guantities.of dilute carbon monoxide in
industrial waste streams are flared or vented to the atmosphere.
In an effort to recover this wasted source of energy, Union
Carbide developed, on a laboratory scale, the COthane process for
the direct conversion of the dilute carbon monoxide in such streams
to pipeline quality natural gas (SNG).

buring the first step of this two step, multi-bed process,
the waste gas is passed over a bed of catalyst where the carbon
monoxide disproportionates into ejected carbon dioxide and de-
posited active carbon. During the second step, moderate pressure
steam reacts with the active carbon to form methane and carbon
dioxide. Removal of the carbon dioxide aﬂd residual water
yields pipeline qﬁality SNG. |

A three phase program was planned for the commercializa-
tion of the COthane process.’ Phasé I, completed and detailed
in this report, defined the process parameters. Phase II, not
yet started, would further test the process with an integrated
pilot unit operating on industrial waste streams. Phase III would
monitor the operation of the first commeréial unit,

.The primary purpose of DOE contract DE-AC03-78CS40177, which
ran from 25 Septemﬂer 1978 to 31 December.1980, was to carry
out the Phase I effort. This effort covered bench scale pilot
runs, the development of an improved catalyst, -and technical-
economic studies. The purpose of this Final Technical Report
is to describe the work done in these areas during the course

of the contract.
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' The bench scale pilot plant runs yielded the reaction zone
' lengths, heat dissipation requirements, production ratésfand-
reactant utilizations,-requiréd'fo size and cost-a commercial
system and to supply the design parameters for the Phase Il
pilot plant. New catalysts developed with different matrixing
agents, metal components, stabilizing agents, and synthesis .
té?hniques showed a promising degree of stability. - Finally, the
techniéal and economic studies showed that, under certain con-
ditions, the COthane production costs (in mid-1980 dollars) are
$5.78/Mﬂ BTU for blast furnace off-gas, $7.11/MM BTU for basic
oxygen furnace off-gas, and $6.00 tc $8.10/MM BTU for carbon
black off—gas.

Recent market surveys, carried out by Union Carbide Corpora-
tion, have indicated that there is no longer a surplus of blast
furnace off-gas available for the COthane process, and that the
basic oxygen furnace off-gas and carbon black off-gas applications
are promising only if the COthane production costs are competitive
with the current $2-$4/MM BTU price for natural gas.

The magnitude of the difference between the COthane production
costs and the current price for natural gas suggests that all wofk
on the COthane process should be temporarily suspended. Because
the cost of the COthane process will increase less rapidly than
the cost of the fuel, and because a reasonable increase in catalyst
performance will have a significant effect on reducing COthane
costs, an additional catalyst development effort would be
appropriate at some future time when fuel costs have risen sub-
-stantially above their present levels. Such an additional catalyst

development effort would preceed the Phase II pilot plant studies.
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The objectives of this contract, to define the ﬁasic design
parameters of the COthane process, have been achieved. Sufficient
technical, economic and marketing data were obtained to conclude
that the proéram should be temporarily suspended, be re-e¢xamined
in a few years, and then possibly be resumed at that time with
an additional catalyst development effort prior to the.commence-

ment of the Phase II pilot plant studies.



II INTRODUCTION

BACKGROUND

Table I, compiled from data given in a 1976 survey (31),
shows that as much as 24 million tons/yr. of diluté carbon
monoxide are probably being wéstefully flared or vented to the
atmosphere by steel mills, foundries, oil refineries, and
carbon black plants. This is the energy equivalent of about
570 million cubic feet/day of natural gas. Until now, no
economical means of recovering this energy has existed. The
dilute carbon monoxide would first have to be separated and
then reacted with hydrogen to convert it to useful methane fuel.
The cost of these routine processes of concentration and methana-

tion are presently greater than the value of the enerqgy recovered.

Union Carbide has been working for several years in the
fields of catalysis, coal gasification, methanation and related
research. As a result of these efforts, a novel process was
developed, on a laboratory scale, for the direct concentration
and conversion of carbon monoxide in dilute streams to higp
guality methane (SNG) at a cost believed to be competitive
with natural gas (33). This new process was dubbed COthane—.
a contraction of the feed carbon monoxide {(CO) and the product

methane.



TABLE 1

SUMMARY OF DILUTE CO SDURCES AND METHANE POTENTIAL

(1) METHANE POTENTIAL
AVAILABLE CO BY COthane
CO SOURCE (% CO) (MM _TONS/YR) ' {SCFD)
BLAST FURNACE GAS (22-26%) 12.40 : 250
sor (*) (54-68%2) 4.10 82
GRAY IRON CASTING (15%) 1,30 26
ALUMINUM PRODUCTION (30%) 0.24 5
CARBOR BLACK MFG (6-98) 2.28 a5
PETROLEUM REFINING (8%) 3.60 72
_IN-sIT0 casIFICATION(*) (15%) 0.55 1

TOTAL 24.47 MM TONS/YR - 491 MM SCFD

(1} onLY CO FLARED OR EXHAUSTED IS CONSIDERED {31}.
{2) AT BOF VESSEL MOUTH (BEFORE COMBUSTION): A CONSERVATIVE ESTIMATE.
{®) pROJECTED HANNA IV LEVELS.



THE COTHANE PROCESS

The COthane process (13 for the carbon monoxide-to-methane
conversion is a two-step, multiple reactor system. Figure 1
shows that during the first step the waste gas is appropriately
pretreated, preheated, and passed through the first reactor
containing a bed of nickel or cobalt catalyst. At ~270-300°C
the catalyst causes the carbon monoxide in the stream to dis-
proportionate into CO; and an active carbon species, C*, The
COy is carried out of the reactor along with the'diluents in
the waste gas. The active cgrboh ié deposited at the surface
of the catalyst. This first step can be expressed as:

270-300°C
4C0 — > 200 + 2c* (1)

ENI,CO

Tﬁis reaction continues in'the first reacto? until most
of thezéaéalyst has been loaded with active carbon., The waste
gas isithen diveried to a second reactor containing catalyst
which ﬁas been strivped of its previously accumulated carbon.
Moderaéé pressure steam is simultaneously introduced into the
first reactor where it reacts with the active carbon to form
methane and carbon dioxide. This second step can be expressed
as: |

270-300°C

2C* + 2HA0 —p CHyg + CO (2)
2 " DL .
Ni,Co

This reaction continues in the first reactor until all of
the active carbon has been removed from the catalyst. The
Quration of this step is the same as that of the first step,
g0 that upcn its complgtion the waste gas will be switched back
from the second reactor to the first reactor. This cycle

continuously repeats itself.
-6=
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The wet CO3 and methane stream produced from the second
step ig treated to remove the carbon dioxide and water, so that
the remaining high guality methane may be piped into the local
natural gas distribution system.

The feed pretreatment step shown in Figure 1 will depend
on the nature of the constituents in the feed gas. If the
feed gas contains oxygen; it will react with the active carbon
as guickly as it is formed to produce carbon dioxide. In
addition to lowering the overall efficiency of the conversion
of the waste carbon monoxide to recoverable methane, this
oxidation reactiofi is highly exothermic and will increase the
cooling requirements for the already highly exothermié dispro-
portionation step. Consequently, the oxygen level should be
kept to some reasonable fraction of the carbon monoxide content
beforerthe feed gds is sent to the COthane reactors, presumably
with a pre-oxidation step. Other reactive diluents in the
feed gas, such as water vapor and hydrogen; ¢can also be expected
to react with the active carbon as it is formed. However, the
actual effects of these reactants on the formatién of active
carbon at the disproportionation step conditions is negligible
for water and helpful for hydrogen, as is showri in Chapter 1IV.

The feed gas should also be treated to remove catalyst
poisons. Hydrogen sulfide, for instance, requires the use of
not only a preliminary treatment step, such as an amine scrubbef,

but the use of a zinc oxide guard bed as well.



During each of the COthane process cycles described

above, there will be a small fraction of carbon formed during
the disproportionation step that will not be removed during

the steaming step. This "inactive" carbon will slowly build up
as the number of cycles increases, until its presence on the
catalyst hinders the efficiency of the cycle. When the methane
production rate drops to a minimum allowable level, the reactor
containing this inhibited catalyst is withdrawn from service

and subjected to a carbon removal step. This "regeneration"

step is usually carried out with a low concentration (~% vol.%)
oxygen stream at a 400°C initiation temperature; when all of.
the carbon has been oxidized in this manner, the catalyst is
then subjected to a hydrogen-containing stream so that the
nickel oxide formed during the oxidation step is reduced back

to nickel.

Combining the disproporticnation step reaction (Reaction 1)
with the steaming step reaction (Reaction 2} yields the overall

COthane reaction,

Four volumes of carbon monoxide produce one volume of -
methane. Sirnce one volume of methane has 3.15 times the gross
heat of combustion of one volume of carbon monoxide, 78.7% of the
gross énergy available in the original carbon monoxide remains

in the product methane {(3.15)(100)}/(4) = 78.7%}.



The flow scheme for the cyclic COthane process not only
has the operating simplicity of the commercial pressure-swing
adsorption processes, but, simplistically, it performs the
separation of carbon monoxide from its diluents and the subse-
quent conversion of that CO to moderate pressure mefhane in a
single reactor, without the need for the standard, expensive.”
steps of CO concentration, steam shifting, methanation, and -
tail gas compression. Consequently, the .COthane process is
potentially 5 relatively uncomplicated and inexpensive way to
transform waste carbon ﬁonoxide into.pipeline quality natural

gas.



THE COTHANE PROGRAM

The COthane program was' divided into three phases. Phase I,
completed and detailed in this report, defined the basic process
details, including design parameters, and the preferred catalyst
composition. Phase II, not yet started, would prove out the
results of Phase I in an integrated pilot unit operating on
industrial gases. The engineering data from Phase II would be
used to design the first commercial unit under Phase III.

The primary purpose of DOE contract DE-ACO3-78CS40177, which
ran from 25 September 1978 to 31 December 1980, was to carry
out the Phase I effort of developing the COthane process to
the point where it was ready to be demonstrated on a large
scale process development unit (PDU). This Phase I effort
was broken down into five tasks.

Tagsks 1 and 2 called for the construction and operation of
a miniature process development pnit (mini PDU)} to determine
the process variables and efficiencies of the COthane process
steps for the most promising catalysts, using both a simple
CO/No mixture (Task 1) and more complex synthetic feed streams
(rask 2). This mini PDU reactor was of a type that insureq
approximate design data for the type of commercially-sized
reactor envisioned from the studies done as part of Tasks 4
and 5. It should be realized that, because of its small size,
this mini PDU reactor yielded basic design data for a commer-
cial reactor that would undoubtedly need to be confirmed by

runs on a large~scale PDU reactor, during Phase II.
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Task 3 called for the development of catalysts having
higher efficiencies, greater stabilities, and superior physical
properties than the catalysts previously developed by Union
Carbide.

Task 4 called for a technical feasibility study of the
various reactor configurations required for carrying out the
two exothermic steps of the COthane process in a commercially-
sized unit. i

Task 5 called for the costing of these different possible
reactor configurations to determine the most economically and
technically attractive design. The mini PDU reactor used in
Tasks 1 and 2 was designed to reflect, as closely as possible
for a small-scale laboratory reactor, the behavior of the
chosen commercial unit. These technical and economic analyses
were continually updated as experimental data became available.

The results obtained for these five Tasks are described in
Chapters IXI1, IV, Vv, VI, and VII, respectively, of this Fingl

Technical Report.



ITI MINI PDU RUNS WITHOUT
REACTIVE DILUENTS

Once the preliminary technical and econcmic studies, des-
cribed in Chapters VI and VII, indicated that a tubular reactor
held the most promise for a commercial success, a bench-scale
process development unit (PDU) was built to imitate the envisioned
commercial design as closely as was practical. Runs were made
on this unit with a simple CO/N2 feed stream to yield the following
design parameters:' i) The effectiveness of heat .dissipation from
the two process steps, ii) The lengths of éhe two reaction zones
for the two process steps, iii) The methane production rate,

iv) The CO utilization, v) The steam utilization, and vi) The

extent to which other, ancillary reactions may occur.

DESCRIPTION OF THE UNIT

Figure 2 shows the flow diagram for the mini PDU unit.
During the disproportionation step the synthetically blended
feed gas is passed successively through a preheat coil, the
reactor, a cooler/condenser, a separator, a back pressure
regulator! and a gas meter. At the end of the disproportionation
step, the CO flow is stopped and the remaining N, flow is
diverted from the reactor to the vent line. The reactor is
then pressurized to the desired steaming pressure with another
nitrogen line (not shown), and the steam flow, which has been
by~-passed through a condenser and a back pressure regulator
during the disproportionatién step, is routed to the reactor.

After a sufficient amount of steam has been fed into the reactor

-] 3~
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at the desired steaming pressure, the steam flow is again by-
passed around the reactor, and the reactor is depressurized in
preparation for the ne#t disproportionation step. Thé CH4/
CO9/Ny/Ho0 effluents from the steaming and depressurization
steps pass through the condenser/cooler, the knockout pot, and
either a second back pressure regulator for the steaming step,
or a by-pass valve for the depressurization step.

The disproportionation feed and effluent streams were
monitored continuously with an on stream CO analyzer. The
effluents from the steaming and disproportionation stéps were
either monitored continuously on a spot sample basis with
a G.C. analyzer, or they were collected in a large gas collec-
tion cylinder and analyzed as a single sample,

The mini PDU reactor ifself ;s a single tube having a
diameter and length similar to one of the many such parallel
tubes that are incorporated into a commercial tubular reactor,
Similarly, the superficial gas velocity, and hence the molar
flux, through the tube was also the same as that envisicned‘
for the commercial reactor. Figure 3 shows that the reactor
was in a hot circulating air oven. Four additional fans
(not shown), mounted horizontally.through the two vertical
side walls of the oven, insured a high degree of turbulence and
temperature uniformity within the interior of the oven.

Initial debugging runs were made with a 1" diameter, 5' long
reactor tube and a nickel-zirconia catalyst, which was shown to

have in the Chapter V catalyst development studies a high initial

-16-



activity and a propensity to form inactive carbon. These charac-
teristics made temperature control difficult for oven temperatures
greater than 235°C (14). When the 1" diameter reactor tube was
replaced with a 3/4" diameter reactor tube (16), the temperature
and mass transfer fronts behaved in the manner anticipated from
the Chapter VI reactor studies with an oven temperature at 260-
2709C, The runs that were used to obtain-design data were made
with the more stable nickel-silica catalyst AS-8209-14-22 in 3/4"

diameter reactors having five foot and ten footr tube lenghts.

HEAT DISSIPATION

Automatic, cyclic operation of the COthane catalyst AS-8209-
14-22 in the 3/4" diameter reactor tubes for cycles as short
as 1% minutes (45 seconds for the dispropdrtidnation step and
45 seconds for the pressurization/steaming/depressurization step)
showed that the heat dissipation was compiéte (14, 19, 20), and
that the reaction-heating fronts rippled down the tube for the
two cyclic steps in the manner predicted b} the Chapter VI reactor
studies (7). The maximum temperature of these fronts rarely exceeded
a desirable 300°C when the oven temperature was 270%¢.

The overall heat transfer coefficient for the air-cooled
mini PDU reactor tube was found to be 2.8 BTU/ft.%hr.SF, which
is considerably lower than the 6-11 BTU/ft.2?hr.°F overall heat
transfer coefficients expected (23) for a Dowtherm-coocled, 1"
diameter, commercial tubular reactor. The Chapter VI reactor
studies indicate that such a difference in the overall heat transfer
coefficients would probably permit 1" diameter tubes to be used

in a commercial reactor.

-17-



/ \

REACTION ZONE LENGTHS

t

Early runs with the five foot long reactor tube indicated
that the length of the react;on zone for the dlsproportlonatlon
step was st111 expand;ng wheh it _reached the end of the tube (17).
Since bhe Chapter VII economlc studles indicated that commerc1al
reactor tubes would be lD 15 feet long, most of the mlnl PDU runs
were made with a 10 foot long reactor tube.

Figures 4 and 5 show the extended CO breakthrough curves
for three different flowrates at the five foot and ten foot
sample taps, rgé?ch;Ye;y. The reaction zone length, calculated (28)
from these breakthrough curves("ranged from‘3-é feet for the five
foot taps to 6-8 feet for the ten foot taps. Conseéuently, a
properly desiapedllg foetilong eommercial reactor tube would, at
the end of the‘disproportionation-step, contain a ~7 foot reaction
zone, where the active carbon was still being formed, .and a
three foot long equilibrium zone, where the active carbon had
already formed to the fullest extent possible.

Figures 6 and 7 show how the CO fronts are shortened when
the disproportionation step times are reduced from 1 minute
to 45 seconds, indicating the.development of a shorter egquilibrium
zone. Similariy,-Figutesf}5’énd g éhqw:ﬁgwlthe.fronts'are
further shortened when the feed rate is cut in ﬁelf during the
45 seécond disproportionation step, indicating a further shrink-

age of the equilibrium zone.

-18-



FIGURE 4

EXTENDED CO BREAKTHROUGH CURVES POR DIFFERENT FEED (258 CO/?5% No) -
FLOWRATES WITH THE 3/4" OD REACTOR, A 2709C OVEN TEMPERATURE, A S PSIG.

EXIT PRESSURE, AND 1/8° EXTRUDATES OF CATALYST NO. AS-8208-14-22 AT THE
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FIGURE 5

EXTENDED CO BREAKTHROUGH CURVES FOR DIFFERENT FEED (258 £0/75% Nj)
FLOWRATES WITH THE 3/4" OD REACTOR, A 270°C OVEN TEMPERATURE, A 5 PSIG.
EXIT PRESSURE, AND 1/B" EXTRUDATES OF CATALYST NO. AS-B209-14-22 AT

THE 10 FOOT TAP :
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FIGURE 6

CO BREAKTHROUGH CURVES POR 248 LITERS/MIN. OF 258 CO/75% No

DISPROPORTIONATION FEED, A TWO MINUTE CYCLE TIME, A 2700C OVEN

TEMPERATURE, A 5 PSIG. EXIT PRESSURE, AND-1/8" EXTRUDATES OF
CATALYST NO. AS-8209-14-22
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FIGURE 7
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The reactors sized for the Chapter VII economic studies
assumed a meximum seven foot long reaction zone for catalysts
developed to date, and a maximum three and a half foot long
reaction zone for a catalyst that could result from some
future development effort.

Reaction zone lengths for the high pressure Steaming
step were considerably shorter than those found for the dis-
proporticnation step. They are discussed further in subsequent

sections on steam utilization and anc¢illary reactions.

METHANE, PRODUCTION RATES

The methane production rates, defined as the amount of
methane produced during the steaming step divided by the grams
of catalyst present in.the eguilibrium 2zoner and obtained with
the mini PDU reactor, were consistently in good agreement with
the 2-5 ml CHy/gm-cycle rates obtained with the catalyst scfeenn

ing unit during the Chapter Vicatalyst development studies.

CO UTILIZATIONS

Table II shows the cO utilizations, defined as the amount of
produced methane divided by the amount of reacted CO, Were 19-20%(19)
for a typlcal set of runs made with the mini PDU reactor. These
values were.in good agfeement with the 18-20% efficiencies observed
with the catalyst screening unit during the catalyst development
studies. Table II also shows that the carbon balances around the

reactor over the course of the cycles were ~94%, an indication of the

experimental error.
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The descrepancy between the theoretical 25% efficiency
and the measured 18-20% efficiencies could be attributed to
analytical error and to some, as yet undefined side reaction (19).
One such side reaction might bé tﬁe reaction éf wéter adsorbed on
the nickel catalyst, left over from the steaiming step, with the
CO in the disproportionation feed gas to form hydrogen via the

water gas shift reaction.

STEAM UTILIZATIONS

The steam utilization is defined as the amount of steam
used in the steam;ng rgaction divided by the amount of steam
fed into the reactor. The amount of steam used for the reaction
was calculated from the amount of methane produced during the
steaming step. The amount of steam fed ihto the reactor was
found from noting how much steam was pumped into the reactor
up to the elution of the relatively sharp steam front, the point
at which the steaming step for a commercial reactor would be
terminated. ‘

Table III shows that of all the steam pumped into the reactor
up tntil the breakthrough of the steam front, 11.3% of it
((1.7) (100} /(15.0) = 11.3) was used for the.COthane reaction,
10.0% ((1.5) (100)/(15) = 10.0) of it filled the void spaces in
the reactor, and 78.7% ((11.8) (100)/(15.0) = 78.7) of it was
evidently adsorbed onto the catalyst. Since there were approxi-
mately 550 grams of reduced catalyst in the reactor, the adsorbed
water loading amounted to 2.1 wt.% ((11,.8)(100)/(550) = 2.1), a
value that is reasonable, in view of the alumina content of the

catalyst, for the 0.14 P/P, rétio (where P = the parfial pressure
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TABLE I11

~ STEAM BALANCE FOR THE STEAMING STEP UP TO TﬁE

ELUTION OF THE STEAM FRONT

1. TOTAL STEAM IN:

2. TOTAL STEAM OUT:
USED IN COTHANE REACTION
ESTIMATED VOID SPACES

ESTIMATED ADSORBED
(15.0-1.7-1.5)

-27=

1.7 GRAMS

15.0 GRAMS

1.5 GRAMS

. 11.8 GRAMS

15.0 GRAMS



of the steam, and P, = the vapor pressure of the steam) used’
for the steaming step.

This adsorbed steam is not used, and is presumably desorbed
during the ensuing depressurization and flushing steps.. Since,
the loss of an amount of steam that is 7 times the stoichiometric
amount of steam required for the COthane reaction (11.8/1.7 = 6.9)
will increase the methane production cost by ~$2/MM BTU (1),
final commercialization of the COthane process will require the
development of a more hydrophobic catalyst, probably one with a

different binder.

ANCILLARY REACTIONS

A, Reaction of the Nickel Catalyst With Steam

It was noted during many of the mini PDU runs that a signi-
ficant émoﬁnt of hydrogen was present in the product gas when-
ever a large aﬁount of eicess steam was used in the steaminé
step (20). It i1s believed that this hydrogen is formed from
the reaction of steam with the nickel in the catalyst according
to the reaction, Ni + HOH === NiO + H,. It is further believed
that this nickel oxide is then reduced with some of the CO
introduced during the disproportionation step, according to
the reaction, Ni0 + COT=Ni + CO3. Consequently, there is a
zone in the catalyst bed, presumably located near the inlet.
end of the reactor, which is oxidized, and then reduced, during

each process cycle.
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The hydrogen produced this way during the steaming step
could be troublesome if it were eluted simultaneously from tﬁe
bed with the product methane. However, prior runs on the
catalyst screening unit (18) indicated that the hydrogen does
not leave the bed until after the CH,/CO, front has passed,

presumably because the hydrogen formed upstream of that front
reacts with the active carbon in that front to form methane.
A .

In order to verify these past observations, spot samples
were taken from the mini PDU reactor during the steaming step
and were analyzed for their hydrogen content. Figure 3 shows
that the amount of hydrogen relative to the amount methane
was indeed low prior to the arrival of the steam front, and
that hydrogen was a significant component of only the small
amount of non-condensible gas that eluted from-the bed during
the steaming step. .

As stated previously, the hydrogen §s formed from the
reaction of the steam with the nickel in .the catalyst,. via
Ni + HOH === Ni0 + Hz. The value of Py;/Py,q, calculated from
the amount of collected hydrogen and the amount of steam that
passed through the bed after the passage .of the steam front,
was found to be 0.036, a value that was in general agreement with
the 0.007 (for solid nickel) - 0.09 (for active nickel) range

given in the literature (29).
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B. CO Chemi~sorption

The typical mini PDU results given in Table II indicate
that the C0,/CH, molar ratio'in the steaming/depressurization/
flush effliuent was more than twice the eguimolar value expected
from equation, 2C* + 2 Hy0 —=xCH4 + CO,. Furthermore, the
amount of CQ,5 collected in the disproportionation step effluent
was less than the sum of .the a.mounts of 'coz and CHg4 collected
in thé.steaming/depressurization/flush effluent, as predicted
by the COthane equations, 4C0 &=—=2C* + 2C02 and 2C* +
2H50 ====CH, + coz. "Both of these phenomena are probably
caused by the chemi-éérption of CO (30) on the nickel caﬁalygt
at the moderate <300°0C disproportionation temperatures preéent
in the bed during these cycles. The chemi-sorbed CO reacts
with the steam via the reaction 4CO + 2H;0z=xCH, + 3C05
(the overall COthane reaction), and thus produces relatively

more CO, per mole of methane than that which results from.the

second step COthane reaction, 2C* + 2H,0==CH, + CO, (19).
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Iv___ MINI PDU RUNS WITH
REACTIVE DILUENTS

Many CO-containing waste gas streams, which are potential
feed streams for the COthane process, aiso contain varying
amounts of hydrogen, water, or oxygen. All of these components
might be expected to react with any active carbon that is formed
from the disproportionation of the CO and thus lessen the CO
utilization, which is defined as the amount of methane produced
during the steaming step divided by the to;al amount of CO
reacted.

The expectation of lower CO utilization is justified whén
the thermodynamic equilibrium for such mixtures are calculated
at the COthane process conditions. Table IV shows (19} that for a
feed gas Eontaining 0.25 gram moles of CO, 0.05 gram moles of
Hzo, and 0.7 gram moles of Ng, only 0.085 gram moles of active
carbon, C*, can be expected to form, versus the ~0.125 gram
moles of C* that would be expected to form if there were no
water present. This means that in order to "load" the catalyst
bed up to its full potential with C*, more feed gas would be
required to supply more CO, which in turn would lower the co
utilization.

Table V shows (19).that the same behavior could be expected
for feed streams containing 6 and 10 mole % Hs. Furthermore,
Table VI shows(19) that if both hydrogen and water are present
in relatively large amounts, as would be the case for untreated,
cooled carbon black off-gas, no C* would be expected to form

at all. In fact that mixtur® is shown to be a net C* consumer,



TABLE 1V

EQUILIBRIUM PRODUCT DISTRIBUTION FOR DISPROPORTIONATION

FEED GAS CONTAINING WATER

Feed 4 Moles Equilibrium, mcles Equilibrium mole fr,

co 0.25 -. 24929616 .00070384 .00080319

Hj 0.0 +.00191024 .00191024 .00217988

H0 0.05 -.04045933 .00954067 -01088736

N3 0.70 .70 79880677

c* +.08514387 .08514387 -

ca, +.14487775 14487775 16332761

CHy +.01827455 01927455 .02199520

Sum excluding C* .87630705
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CASE I

co
Ha
H20
N2
c*
€0,
CH,

EQUILIBRIUM

TABLE V

PRODUCT DISTRIBUTION FOR DISéROPDRTIONATION

Pedd
0.25
0.0625
0.0-
0.6875

Sums excluding C*

Sums including C*

CASE 1II

Feed
0.25
0.10
0.0
0.65

Sums excluding C*

Sums 1n=1uﬁ1ng c*

FEED GAS CONTAINING HYDROGEN

A Moleé
-.249372
-.060354
+16099215

+.104430
+.119725
+.0252165

A Hoies
-.24938224
-.09725324
+.01276510

+.08882960
+.11830857
+.04224407

“BEguilibfium, moles

Equilibfium mole fr.

00062835
00214572
00992129
.6875"

10442998
11972518
.02521649

Egquilibrium, moles Equilibrium mole fr.

.B84513703
+94956701

.00074249
00253890
.01173927

".B1347755

.14166363.
.02983716 -

-34=

-00061776
00274676
-.01276510

“65

.08882960
.11830857
.04224407

«B2668226
.91551186

.00074728
+00332263
»01544136
. 78627549

.14311251
«05110073



TABLE VI

_E_DUILiBRIUH PRODUCT DISTRIBUTION FOR DISPROPORTIONATION

FEED GAS CONTAiNIﬂG HYDROGEN AND WA’:['ER {SIMILAR TO

COOLED CARBON BLACK TAIL GAS)

Feed 8 Moles Equilibrium, moles Mole Fraction

co 0.15 -.149448 00055176 000647371
Ha 0.15 -.145934 . 00406595 »004770513
Hy0 0.05 -.033631 01636940 .019205949
P 0.85 , .65 . . 76263434

c* Present  -,0318735 -.03187350

€0, 0915394 .09153942 10740170
CHyg .0897823 08978232 . »10534012
Sum excluding C* .85230885



indicating the COthane.process could not operate with untreated

carbon black off-gas.

Similarly, the presence of oxygen in the feed gas can
be expected to reduce the CO efficiency by its propensity
to oxidize either the CO or the C*, However, if the oxygen
level is relatively low, both the lowered CO utilization
and the higher exothermicity might still be acceptable.

These equilibrium-based assumptions were checked with
a series of mini PDU runs using unregenerated catalyst
AS-8209-14-22, a 1% minute cycle, a 24 liter/minute feed
flowrate, and various hydrogen, water, and oxygen-containing
feed streams({19,20). In most cases the runs were made with
an accompanying blank run, which used a feed stream that
contained the same amount of CO, but none of the other
reactive components. In such cases the oven temperature
was adjusted so that the maximum tube temperatures for the
two comparison runs were the same.

Table VII shows that the CO utilization for a feed
stream containing 5-10% mole % Ho0 was only slightly effected
by.the water. The ~3% decrease in CO utilization was far
less than the expected ~32% decrease ((0.125-0.085)/(0.125)=0.32)
predicted by the equilibrium calculations presented in Table IV.
Similarly, Table VIII shows that the CO utilization for a feed
stream containing 5~-10% hydrogen actually increased by 26-41%,
instead of decreasing by 17-29% as predicted by the equilibrium

calculations presented in Table V. Finally, Table IX shows
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that the ~26% CO utilization for a simulated carbkon black off-
gas feed stream was well above the ~20% utilization for hydrogén
and water-free streams, as well as tlie zero utilization pre-~
dicted by the equilibrium cdlculations preserited in Table VI.

This data indicates that at the low pressure of the dis-
proporticnation step, edquilibrium is not reached during the
short time that is required for the feed gas to pass through
the reactor. It is likely that during this short residence
time-an initial, fast reaction predominates, such as CO +
H2 ——3 C* + H50, which would permit one gram mole of C* to
form from one gram mole of CO, instead of from two gram moles
of CO, as is required by the disproportionation reaction. This
lower CO consumptior, in turn, would result in a higher CO
utilization. Such in¢reased performance is particularly per-
tinent to the handling of cooled carbon black off-gas, sinde
there will be n¢ technical need to remove the hydrogen prior
to sending it to the COthane unit.

It is also apparent that the reactioms involving water,
particularly 2C* + 2H20 g==> CH; + CO,, are relatively slow
at the low pressure gf the disproportionation step. This
means that a feed gas with a relatively high CO concentration
and a ~100°F dew point could be sent to the Cothané unit with-

out being dried.
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Vv ' CATALYST DEVELOPMENT

The development of a moreveffective Cothane catalyst has
entailed the construction of a suitable catalyst screening unit,
and the subsequent .testing of different catalyst formulations

in that screening unit.

CATALYST SCREENING UNIT

Figure 10 shows the flow diagram for the catalyst screening
unit. During the four minute disproportionation step 1 liter/
minute of a 20 vol.% CO/80 vol.% N, gas mixture is fed from a
cylinder, through a preheat coil, through the reactor, and on
through a back pressure regulator set at 5 psig. The effluent
~gas is either vented or collected in a gas collection vessel.
The preheat coil and reactor are immersed in a fluidized bed
temperature bath, which is usually maintained at -2709C. Upon
completion of the disproportionation step, the system is pres-~
surized to 150 psig with nitrogen, and the four minute steaming
step is begun. A little over 0.2 ml/min of distilled water is
pumped through the preheat coil, where it is vaporized, and on
through the reéctbr. The product methane and carbon dioxide
are displaced through a back pressure regulator set at 150 psig,
and into either the vent line or a second gas collection
vessel. The system is then slowly depressurized to ~1 psig over
a one minute period, and the released gas is again either vented

or collected ih the same gas collection vessel used for the

steaming step.
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The unit repeats this nine minute cycle automatically.
During most of the cycles the effluent streams are vented.
However, during other, designated cycles the gas samples are
collected for the disproportionation and steaming/depressuri-
zation steps, and are andlyzed for their methane and carbon
dioxide contents. The gquantities of these gases indicaté
the performance of the catalyst during eachlstep of the
Cothane cycle. The most important measure of the performance
of a catalyst is its methane production rate, expressed as
ml of methane/gm of caﬁalyst-cycle.

The 0.033 gm moles {(4)(0.2)(1)/(24.2) = 0.033} of carbon
monoxide fed into the reactor would require, from Equation 3,
0.017 gm moles {(0.5)(0.033}) = 0.017} of water, if all of the .
carbon monoxide should dispropcrtionate. The actual amount
of water fed to the reactor was 0.044 ¢gm moles {(4) (0.2)/(18)=
0.044}, or 2.1 times {0.044/0.017 = 2.1} greater than would be
theoretically required. Furthermore, the 0.8 liters {(4) (0.2)(1l)=
0.8} of cO fed to the eight grams of catalyst in the reactor
is capable of theoretically yielding 25 ml of methane/gm of- - -
catalyst {(0.25)(0.8B)(1000)/(8) = 25} during each complete
Cothane cycle. Since this amount of methane is considerably
greater than the 5 to 10 ml/gm-cycle of methane that was |
actually produced by most of the tested catalysts during each
cycle, it can be concluded that these measured rates were not
limited by the amount of CO and water fed to the reactor during

- each cycle,
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Figure 11 shows that the catalyst screening reactor itself
consisted of a 5" long, 5/B" 0.D. piece of stainless steel tubing
with a 20 cm? capacity that held the 8 gm catalyst sample and
~10 grams of diluent quartz chips. A thermocouple, placed
approximately one third the distance down from the top of bed,
served as the standard temperature indicator for all of the test
runs. In'each case the temperature at that point would be
close to the temperature of the finidized temperature bath
(typically 270°C) at the beginning of the disproportionation
step. That bed £emperature would then climb during the dispro-
portionation step, level out (typically ~300°C) during the
steaming step, and return back down to the fluidized bath
temperature by the end of the depressurization step. During
the initial runs made with this reactor, a second thermocouple
was placed in the space directly above the bed, in order to
verify that the 20 feet of 1/8" preheat tubing was sufficiently
long to bring the temperatures of both the disproportionation
and steaming influents up to the fluidized bath temperature.

The 270°C to 300°C temperature swing experienced by the
catalyst bed during each cycle is representative of what tﬁe
catalyst bed in the presently envisioned commercial reactor
would experience under analogous process conditions. Conse-
quently, this catalyst screening unit is considered to be an
appropriate tool to test improved catalyst formulations.

Each of these new formulations were placed in the catalyst
screening reactor, heated with the fluidized temperature bath
to 400°C, reduced with a 4 vol.® H,/96 vol.% N stream, cooled

to 270°C, and then subjected to the first set of test cycles.
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After this first set of cycles the catalyst was usually re-
heated to 400°C, burnt off with a 1 vol.% 0,, 99 vol.% N,
stream, reduced with a 4 vol.% Hy/96 vol.% ﬁz stream, cooled -

down, and subjected to the second set of test cycles.

CATALYST DEVELOPMENT - FORMULATION STUDIES

The zatalyst used in the COthane process has to catalyze
both the disproportionation of CO to active surface carboﬁ and
CO,, and the reaction of the active surfacé carbon with steam
to form equimolar quantities of methane and carbon dioxide.

In order to perform these tasks satisfactorily, the Coﬁhane
catalyst must: a) have a‘'high capacity and selectivity for

the fofmation of active carbon over a 16ng period of time,

b) either have a negligible tendency to form inactive carbon,

or if inactive carbon is formed, be able to withstand oxidaéive
regenerations, and c) have good mechanical stability. Further--
more, the calculations described in Appendix I show that a 3
nickel surface area of ~32 m? Ni/gm of catalyst i; neéded‘fbr

a theoretical 1 wt.% loading of active surface carbon. Since
all supported nickel catalysts are prone to sintering and .
forming larger nickel particle sizes (15~20 nm) with an attendant
lessening of the nickel surface area at elevated (>200°C) tem-
peratures, the attainment of a 32 m? Ni/gm surface area.gén

only be realized with high concentrations of nickel (60-70%)

in the catalyst.
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These characteristics were partially met by the nickel-
zirconia catalyst originally developed for the COthane process. .
This formulation was prepared by the addition of 1 liter of
1.15 molar solution of sodium hydroxide to a I liter solution
containing 0.5 mole (145.5 gms) of Ni(NOg3)-6H,0 and 0.0375 mole
(10.0 gms) of ZrO(No3)2'2H20. The resulting gel was then
filtered, washed with distilled water, and subsequently dried
at 650C in air. The resulting catalyst was reduced in a stream
of 5% hydrogen in nitrogen with the temperature programmed to
increase gradually to 400°C, where it was maintained for several
hours.

Efforts to improve the long term capacity, selectivity, and
activity of this original formulation during the initial stage
of the catalyst development program were directed towards try-
ing new matrixing agents, new metal compositions, and différent
synthesis techniques. Furthérmore, the attainment of good
mechanicai stability resulted from the continual product develop-
ment effort which accompanied the large scale production of
five;pound batches of the more promising catalyst formulations
required for the mini PDU unit, as dictated by the-mini PDU
studiés.

Twenty-four catalysts were tested during this first

stage 6f the catalyst deﬁelopment effort. The results obtained
in this period indicated that the catalysts fell into three
classifications. Tables X through XV lists the characteristics,

ingredients used during synthesis, and analyses for all of the
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catalysts of each type. The methane production rate, expressed
as ml of CH,/gm of catalyst~cycle and listed in Tables X, XII
and XIV for each catalyst after it had undergone a single burn-

off, defines the catalyst type.

Type I catalysts showed high initial activity, often in
excess of 10 ml CH4/gm-cycle, in the first 5 cycles. The
activity declined quickly through 20-25 cycles to 3-6 ml CHg/gm
cycle, at which point it appeared to stabilize, Type II
catalysts had moderate initial activity of about 5-7 ml CH,/
gm-cycle, which declined slowly and also stabilized to the
3-6 ml CH4 range. Type IIX catalysts showed poor initial
activity (less than 4 ml CHy) and tended to reach a lower level.
Figure 12 illustrates the performance of Type I and Type II
catalysts.

The other data shown in Tables XI, XIII and XV, such as
the carbon analysis on ;he used sample, X-ray analyses of
fresh and used catalysts, surface area measurements, and H/Ni
chemisorption ratios, characterize the important physical para-
meters of the catalyst. These results suggest that the residual,
inactive carbon left on the catalyst after the steaming step
tends to be higher for the catalysts having high initial
activity and a Type I designation. It is speculated that the
inactive carbon is formed during the initial cycles, when the
CO conversions and attendant catalyst surface temperatures
are unusually high. Type II catalysts do not have high initial
exothermic activity, and conseguently have substantially lower

inactive residual carbon. Temperature control of the COthane
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process using Type II catalysts is expected to-be facilitated
by their moderate initial activity.

Type I .catalyst behavior was typically observed for alumina
(AS-4988-~96~32, AR-5404-37-18) and ziriconia (AS-5005-3-25,
LE-4441~36A) based catalysts, although a Raney nickel catalyst’
(AS-5005~85-17) and a catalyst with a titania matrix (AS-5005-
38-28) also showed Type I behavior. Type I performance was
changed to Type II performance in zirconia-based catalysts wiéh
the addition of copper (AS-5005~66-11), cobalt (AS-5005-70-10),
or potassium (AS-5005~67-12). The addition of 2.3% palladium
to a zirconia catalyst (AS-5005-69-13) enhanced the type I
performance and resulted in the highest initial activity
observed in the COthane program.

Catalysts prepared with a silica matrix (AR-4988-87-27,
AS-5005-53-10, AS-5005-2-32) showed Type II activity, produced
the lowest level of inactive carbon, and maintained a stable
4-5 ml CHa/gm-cycle production rate for over 200 cycles. A
catalyst prepared with a magﬂesia matrix (AS-5005-72-11) also
demonstrated Type II behavior. |

In general the Type III catalysts listed in Tables XIV and
XV were not reactive. Catalyst AS-B8209-1-5 was an ineffective
iron nitride composition. Catalyst AS=-5005-64-13 was a silica’
matrix catalyst reduced at 800°C. The severity of the reduction
generated a 14.7 nm nickel particle size and a 2.9 ml CH,/gm-

cycle methane production rate.
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Several synthesis techniques were used in preparing
the catalysts listed in Tables X through XV, and are detailed in
Appendix II. The variability of these techniques did not cause
meaningful differences in catalyst performance. Catalysts made
with the rapid precipitation technique, the slow precipitation
techniques, and different precipitating agents did not have
significant differences in performance wh%n they all contained
the same nickel and matrix compounds.

The data for most 'of the Type I and Type II catalysts assembled
in Tables X and XII was obtained from the second test run, after
the initial test run and sequential oxida@ive regeneration
had been completed. All the Type I and Type II catalysts show
some degree of catalyst surface area loss after use. However,
since Type I performance is exhibited both by fresh catalyst
formulations with low surface areas (AS-5005-71-8, AS-5005-86-
17, AS=-5005-69-13) and by fresh catalyst formulations with high
surface areas (AR-5404-37-18, AS-5005-3-25, AR-4989-96-32), it
is concluded that the initial severe performgnce decline
observed with all type I catalysts (Figure 12 ) is not caused
by a rapid change in the catalyst surface area from a high
value (~140 m2/gm) to a low value (~70 m®*/gm). Additionally,
since both Type I and Type II behavior is observed with high
surface area catalysts and low surface area catalysts, it is
concluded that the type of catalyst performance is independent

of surface area.
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Similarly, since catalysts with high nickel dispersions
(AS-5005-3-25, LE-4441-36A, and AS-5005-75-18) and catalysts
with lower nickel dispersions (AR-5404-37-18, AS-5005-50-17,
and AS-5005-69-13) both showed Type I behavior, and .since
catalysts with high nickel dispersions (AR-4988-87-27, AS-5005-
53-10, and AS-5005-70-10) also showed Type II behavior, the per-
formance of the catalyst is not effectgd by the efficiency of .
the n@ckel dispersion.

Other parameters evaluated during the initial stage of
catalyst development included the conditions of the air calcina-
tion and hydrogen reduction of fresh catalysts. The goals of
these experiments was to maximize the percentage of the nickel
in the reduced (metallic) state and minimize the formation of
inactive nickel phases with the support,such as nickel aluminate
and nickel silicalite.

Air calcination was necessary for the synthesis of a
catalyst with good crush resistance, but was not critical for
catalyst activity. Catalyst AS-5005-87-14 (12} did not undergo
‘the usual 450-500°C air calcination, but was directly reduced
at 639°C. The catalyst showed expected Type II performance.
Various catalysts were air calcined at 450-500°C and subse-
quently reduced at different temperatures,

Although many fresh catalysts showed more efficient nickel
reduction at higher temperatures, no important improvements
in catalyst activity were apparent in the second run data for
any of these catalysts. This result suggests that the active
form of the operating catalyst is.more strongly influenced by the

process conditions (including the regeneration step) than the

ﬂsd;



activation conditions given the fresh catalyst. Furthermore,
the silica-matrixed catalyst AS-5005-42-26, which underwent only
the usual 400°C in-situ reduction, exhibited the same catalytic
activity as did similar catalysts that had undergone high tem-
perature pre-reduction steps (16).

Catalyst AS-5005-42-26 was also used to demonstrate the
feasibility of using a CO,/CO mixture to oxidize only the
inactive carbon on the catalyst, and not the nickel catalyst
itself (16). The results inéicated that while the removal of
the inactive carbon was satisfactory, there was still the same
loss of activity between the COp/CO regenerations -that were
observed for the O regenerations.

In another test, Type I catalyst AS-5005-50-17 (13) was
evaluated at low {220°C} temperatures, in order to prolong the
catalyst 1life through controlling the Type I exothermic activity
and the attendant build-up of inactive carbon. Although the
reactivity, and hence the magnitude of heat releése, was
controlled by starting the run at low temperatures, the long
term performance declined rapidly, even as the reaction tempera-
ture was slowly increased to 285°C. Furthermore, the performance
was not superior to the steady state perfofmance of catalysts
with silica matrices.

In a corollary -experiment, a silica-matrixed Type II
catalyst (12), AS-5005-87-14, was evaluated at a temperature
which started out at the usual 270°C, and then was slowly in-
creased to 341°C over 500 cycles. IThe catalyst had poor activity

and a maussive build-up of inactive carbon, indicating that the
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operation of the COthane process with this catalyst is con-
fined to a lower temperature regime.

In an attempt to increase the active carbon content of
" a"Type II catalyst through increasing its nickellcontent,
catalyst AS-8209-4-27 was prepared with substantially more
nickel and less silic¢a than the previous silica-matrixed
catalysts. The test results showed that this high nickel, low
silica catalyst had poor stability and a tendency to develop
larger nickel particle sizes (16).

In summary, all of the data assembled in Tables X through
XV suggest that three types of catalyst performance was observed
for the COthane process. The performance produced b& a particular
catalyst appeared to be more strongly dependent on the chemical
composition than on the physical properties. Although long
term stability runs indicated that both Type I and Type II
catalysts might have a 2-3 month service life (17, 18), the-
silica-matrixed Type II catalysts showed a more stable operation,
moderate evolutipn of heat, and the lowest level of residual
inactive carbon. These characterizations made the silica-
matrixed Type II cata}yst the most promising candidate for a
further study into the effects of binder composition and dopant

addition.
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CATALYST DEVELOPMENT - BINDER/DOPANT STUDIES

The silica-matrixed catalyst AS-8209-6-13 was formulated
with a sodium-doped silica binder by mixing the undoped nickel
oxide/silica co;precipitate with a sodium hydroxide-gelled
Ludox AS-40 silica. This catalyst, tested for ~400 cyclgs,
showed a superior stability and a low residual level of inactive
carbon, but an intolerance to repeated oxidative regenergtions (16) .

The increased fresh catalyst stability observed for AS-
8209-6-13 may have resulted from the absence of acidic alumina
in the formulation, or it may have resulted from the presence
of. sodium ions which came from the sodium hydroxide used du;ing
the bonding step. On the other hand, these sodium ions may

have migrated to active sites during burn-offs, and thus may

have caused the drop in activity that was observed after each
burn-off, as indicated by the Electron Spectrgscopy Chemical

Analysis (ESCA) studies (22).

In an attempt to further increase stability by indfeasinq
the amount of the silica matrix, catalyst AS-B8209-22-16 was
formulated with a sodium-doped high silica, low nickel oxide
co-precipitate and bonded with the same sodium—hydroxide-gelieﬁ
siliqa procedure used for catalyst AS-8209-6-13. The test
results showed no improvement in the activity, stability, or
regenerability of this catalyst over the corresponding per-
formance of catalyst AS-8209-6-13 (18).

In order to measure the effect of an increased sodium level,
catalyst AS-8209-31-18 was formulated with the standard, soda-

free nickel oxide-silica co-precipitate, and bonded with a



sodium hydroxide—gel;ed silica that contained twice as much
sodium as was contained in the binder of catalyst AS-8209-6-13.
The test results showed a slightly lower catalytic activity
than that of catalyst AS-8209-6-13 (21).

In order to determine the effect of a different alkali
metal dopant with an alumina binder, catalyst AS-8209-18-30
was formulated with a nickel oxide-silica co-precipitate that
had been previously soaked in a potassium carbonate solution.
The test results also showed a lower catalytic activity than:
that of catalyst AS-8209-6-13 (19).

In order to determine the effect of an alkaline earth
metal dopant, catalyst AS-8209-24~33 was formulated with a
nickél oxide-silica-barium oxide co-precipitate, and bonded
with a barium hfd;oxide-gelled silica. The test results showed
'a far lower caiglytic activity than that of catalyst AS-8209-
6=-13 (19).

In order to determine the effectiveness of lithium as a
dopant, catalyst AS-8209-26-26 was formulated with a lithium
oxide-doped nickel oxide~silica co-precipitate, and bonded
with a lithium hydroxide-gelled silica. These test results
also showed a iowér»catalytic activity than that of catalyst
AS-8209-6~13 (19).

The three catalysts doped with potassium (AS-8209-18-30),
barium (A$=8209-24-33), and lithium (AS5-8209-26-26) incqrporated
all or part of their dopants into their nickel oxide-silica
matrix, whereas catalyst AS5-8209-6-13 incorporated its sodium

dopant into only.its binder. In order to determine the effect
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of this parameter, catalyst AS-8209-28-6 was formulated with

the standard, undoped nickel oxide-silica co-precipitate, and
bonded with a potassium hydroxide-gelled silica. The resulting
extrudates had a potassium content which was one third that of
catalyst AS-8209-18-30 . The tests results showgd a catalytic
activity that was comparable to ;hét of catalyst AS-B209-6-13(20}.

In order to investigate this effect further, catalyst AS-
8209-32-23 was formulated with the standard, undoped nickel
oxide-silica co-precipitate, and bonded with a barium hydroxide~
gelled silica. The initial test results were so promising that
they were extended to a 28 day, 4550 cycle ruﬁ. Figure 13
shows this extended run for catalyst AS-8209-32-23, as well as
the shorter runs for catalysts AS-8209-28-6 and AS-8209-6-13.

These runs show that when the dopant is added to the silica
binder, long term gtabi;ity is enhanced. However, catalysts
prepared with no alkali or alkaline earth éopants, or catalysts
prepared with the dopant added to the nickél oxide-silica co-
precipitate, have faster deactivation rates and higher carbon
build-ups. '

The least squares fit shown in Figure 13 for the barium-
doped catalyst AS-8209-32-23 indicated that the methane production
rate mig@t 1evgl out to a 2.05 ml CH4/qm cycle asymptote, thus
negating ;pe need for regenerating a‘qommercial catalyst bed
‘which wgsrgiged for the asymptotic methane production rate.
Naturally, such long term extrapolation of such limited data
is risky. Furthermore, the 26.5 wt.% of residual inactive carbon

found on the catalyst after the last cycle was in poor agreement



"ON dT0R0

00S¥ 00ZY O0GE GO9t OOEE QO0OE QOLE cn.vN uo.,nﬂ.oa.o.n co.md oerﬂﬂ oma 009 oo0c
'l 'l [] '] F 'l i A L

£Z~ZE-6028~SY o
ISXTVLIYD HOA TIAOH AVDAq
IYIINENOINE 40 LI STUVNDS ISVIT —

_ 9-8Z-60Z8-SY¥ ISATVIVD v
EY1-9-60Z8-8V IIXTVIVD e
E2~ZTE-60ZB-SV ISATVIVD o

‘SLEAIVIVO QIXTUIVH-YOITIIS GIdOA ¥Od SHOE NOILVAILOVAG WH3l DHOT

€T NDYd

=T

- Z

=3

FTIDAO~LSATNIND WO/VHD TN

~66=



with the <0.35 wt.% residual inactive carbon levels found for
catalysts AS-8209-28-6 and AS-8209~6-13 at the end of their
somewhat shorter runs.

It is obvious that additional catalyst development runs
would have to be made to define more fully the extent of the
inactive carbon formation and the true asymptotic value of tﬁe
methane production rate for this, and other similarly doped

catalysts, before Phase II of'the Cothane program could begin.



VI REACTOR STUDIES

A study of reactor configurations for the COthane process . -
requires a consideration of the thermodynamic equilibrium limi-
tations of the reactions and the amount of heat released during
each step of the process(4). Table XVI shows that if the active
carbon is assumed to have a thermodynamic activity half way
between that of graphite and that of an active carbon describe&
by Dent(24), as was indicated by the experimental data, then
both steps of the COthane process can be expected to go nearlf f
to completion over the 270-300°9C operating range for a feed
stream containing only CO as a reactant. Furthermore, Table XVII
shows that under these conditions the total amount of heat
released over the entire cycle will be ~80 kilocalories/4 gram
moles of reaéted CO, and that dif the thermodynamic activity of
the active carbon is half way between that of graphite and dent
carbon, the 80 kilocalorie heat release will be made up of a
57 kilocalorie heat release from the disproportionation step
and a 23 kilocalofie heat release from the steaming step.

These heat releases can pose two problems. They can cause
an unacceptably high temperature rise to occur in the reactor .
during any oﬁe of the COthane steps, thus favoring the forma-
tion of a less active, more graphitic carbon, and they can
cause heat to accumulate over the course of eaéh cycle. Conse-:
quently, any reactor design considered for COthane service
must be able to moderate the temperature rises and insure that
all heat released during each complete cycle is removed from

the reactor prior to the beginning of the next cycle. Figuré 14
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shows the four commonly used reactor configurations that were
studied from the view of controlling the temperature rise and

ensuring complete heat dissipation.

HEAT EFFECTS IN ADIABATIC PACKED BED REACTORS

Cases I and II in Figure 14 are adiabatic packed bed
reactoérs, whose operation are characterized by the movemehnt: of
separate mass and heat transfer fronts down the length of the
bed, The relative speeds of the fronts determine the maximum
temperature rise that occurs in the bed, as well as the positions
of the temperature fronts when the mass front has nearly reached
the end of the bed at the end of a cyclic step.

Figure 15 illustrates thie situation when the heat front
travels faster than thé reaction-cooling front. As the reaction-
cooling front-moves forward, the inert components in the gas
passing through it pick up the heat of the reaction, carry this
heat forward. ahead of the reaction-cooling front, as sensible heat,
and then transfer it back to the cooler portion of the bed,
downstream from the reaction-cooling front. The nét result
is a slow moving reaction-cooling fran separated from a imore
rapidly moving heating front Sy an expanding region of constant
temperature heat storage. This region expands until it reaqﬁes
the end of the bed, at which point the heat front pagsses out
of the bed. Moreover, when the slower movirg reaction-cooling
front reaches the end of the bed, usually at the end of a
process step, most of the bed will be at the temperature of the

feed gas. Thus, under these circumstances the heat of the
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reaction, and any residual latent heat in the bed, will have
been flushed from the bed by the end of the cycle step(4).

Figure 16 illustrates the situation when the reaction-
heating front trazels faster than the cooling front. As the
feed gas passes through the slower-moving cooling front, it
picks up sensible hegt from the bed and passes on to the leading
reaction-heating front. As the hot gas moves through the
front, the sensible heat of the gas and the heat of reaction
are used to heat up the bed ahead of the front. Consequently,
by the end of the cycle, when the reaction- heating front has
reached the end of the bed, the portion of the bed between
thig froni and the cooling front will be at some higher tem-
perature than that of the feed gas. Moverover, no heat will
have been flushed from the bed(4).

Which of the front distributions shown in Figures 15 and 16
will actually occur during each of the COthane process steps
will dépend on the values for the heat capacity of the gas
stream, the heat capacity of the catalysts, the mole fraction
of CO in the stream, Y, and the active carbon loading of the
catalyst, X (4). The actual temperature rise occurring in the
bed between the two temperature fronts will additionally depend
on the bulk density of the bed and the heat of reaction(4).
Figure 17 shows the bed temperature rise occuring during the
dispropbrtionation step .as a function of the mole fraction of
CO with a catalyst having an assumed 1 wt.% loading of either

graphite cr Dent carbon. Figure 18 shows a similar relationship
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for the steaming step. In each of these figures,-the curve
lying to the left of the peak represents the temperature rises

. —that will occur in the bed as the reaction~cooling front lags
behind the heat front. Similarly, the curve lying to the right
of the peak represents the bed temperature rises thatwill
occur as the reaction-heating front leads the cooling front.

If the active carbon loading is less than 1.0 wt.%, the curves
are simiiar, but are displaced to the left.

If a feed gas containing ~25 mole% CO, such as blast furnace
off-gas, is fed to an adiabatic reactor, Figufe 17 shows that
the reaction-heating front will lead, so that when this process
step ends and the reaction-heating front is at the end of the
bed, no heat will have left the reactor, and a portion of the
bed will be at a higher temperature, ATy, than the feed gas
temperature. 'figure 18 shows that the same thing will happen
during the steaming step, wheh 100% steam is introduced into the
bed. It thus can be seen that unless the bed is cooled with a
purge gas at the end of ‘each process step, the generated heat
will accumulate in tﬁe bed from step to step until the cumulative
rise in the bed temperature will prevent further cycling.

However, if the feed gas is sufficiently diluted with
recycled effluent gas, Figure 17 indicates that the reaction-
cooling fiont will lag behind the heating front, so that when
this process step is over and the reaction-cooling front is at
the end of the bed, all of the heat that was released during

this step, and all of the heat that was released and left behind
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in the bed from the previous steaming step, will have been swept
out of the bed. Because operaﬁing the disproportionation step
with diluted feed gas removes the heat released from both steps,
there is no cumulative heat build-up, and the cycle can be run
repeatedly.

The amount of diluent mixed with the feed gas will depend
on the size of the temperaturé rise that man be tolerated in
the bed. This temperature rise.can be no larger than the
difference between the maximum temperature at which the catalyst
can operate with an acceptably low inactive carbon formation
rate and the lowest temperature at which the active carbon
formation will proceed at a desirably fast rate. This lower
temperature is usually called the initiation temperature and
is the feed inlet temperature. The initiation temperature for
the COthane catalyst is ~240°9C and the optimum upper temperature
is ~300°C. Consequently, AT, is ~60°C. Figure 17. indicates
that for a 60°C AT, and a 1 wt.% loading of an active carbon
having a heat.of reaction half way between that of graphite
and Dent carbon, the feed gas must be diluted to the extent
that the mole fraction of CO will be ~0.022. Similarly,

Figure 18 indicates that the temperatureé rise during the steam-
ing step, with the use of pure steam, will be ~100°C, 40°C
higher than would be desirable. However, if the loading of
active carbon on the catalyst were only 0.5 wt.%, which is

more in line with the catalysts developed ta date, a 60°C tem-
perature rise during the disproportionation step would require

a 0.017 mole fraction of CO entering the reactor, and the
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steaming step would cause a 53°C bed temperature rise.

These calculatiops show that a straight through adiabatic
packed bed reactor, such as that shown for Case I of Figure
could effectively handle the heat loads of the COthane process
if the CO feed concentration were low. However, if the CO feed
concentration were high, then either the bed would have to be purged
between process steps, or the inlet gas would have to be diluted,
presumably by recycled effluyent gas as is shown for Case II of

Figure l4.

HEAT EFFECTS IN A COOLED, PACKED BED TUBULAR REACTOR

The heat geﬁerated in a packed bed reactor can also be
diséipated through radigl conduction, when the catalyst is placed
in many paralled tubes surrounded by a cooling medium, as spown
for Case III of Figure 14. Consequently, a mathematical model (27),
describing such dissipation of Qqat fronpg in packed bed reactors,
was usad to anticipate what would happen when the COthane cycle
was run with a high coné¢entration feed gas(7).

' Figure 19 shows the calculated bed temperature rises as a
function of the tube length and the overall heat transfer co-
efficient, U, with a 2" diameter tubular reactor, a 0.5 wt.%
active carbon 1oadipgé a l foot 1ong rgactiqn front, a 0.275
co mole fraction, and an eiqgt minute step time, when the
reaction front has reached the end of the reactor at the end
af the diqp;opoxtiopgtion step. ;f can be seen that when U=0,
the bed is adiabatic and the temperature fronts are disposed in
the same way as was shown in Figure 16 fof the case where the

reaction-heating front preceeds the lagging cooling front.
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However, when U>0, the bed is no longer adiabatic and the heat
profile becomes skewed. Figure 19 indicates that the temperature
rises have dropped tc their lowest values at the entrance of the
bed, which has had the longest time to dissipate heat, and for
systems with the highest overall heat transfer coefficients.
Similar plots for different tube diameters also illustrated the
expected decredse of the temperature rise with a decrease of
tube diameter (7). Furthermore, the maximum temperature rise
occurring at the reaction-heating front can be expected to be
smaller with a longer reaction zone, where there is more tube
surface area available to dissipate the heat as 1t is formed.
Similarly, the residual temperature rises remaining at the
beginning of the hed at the end of a cycle step can be expected
to be emaller mith longer step times, when there is more time
for the heat to dissipate. -

The actual shape of the temperature proflle for a given
tube diameter, overall heat transfer coeff1c1ent, molar gas flux,
and process step time will depend on the actual length of the
reaction zone. Both reaction zone lengths and resulting tem-
perature profiles were found from the mini PDU reactor runs B
described in Chapters IIT and IV.

During the complete COthanelcycle, each of the two steps-
causes 1ts own reaction—heatlng front to move dcwn the length |
of the reactor tube._ By the time this front has reached the
bottom of the reactor tube, the ‘top of the tube has cooled and
is ready for the next reaction-heating front of ‘the next cycle

step. The cycle cperates continuously in this manner with the
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heat fronts from the twoc steps sequentially rippling down
the length of the tube. The diameter of the reactor tubes
and the temperature of the Dowtherm coolant are such that
the peak temperature rise occurring at the reaction-heating
front is within acceptable limits;and all of the reaction
heat ‘is dissipated through the tube walls over the course of

each cycle.

HEAT EFFECTS IN A FLUIDIZED BED REACTOR

The heat of reaction can also be removed with a fluidized
bed reactor, as indicated by Case IV of Figure 14. While the
catalyst charge in this fluidized bed.reactor is in a turbulent,
fluidized state, it is never remo&ed from the reactor. As was
the case for the packed bed reactors, there are two fluidized
beds, and the feed and‘steam streams are alternstively switched
back and forth between ;hem in a cyclic manner. The flﬁidized
state of the caté}yst charge results in a uniforp aperating
téﬁperatufe throughgut the bed. _The heat of rééction is removed
from the bed through submerged cooling coils; éimilar to Ehoéé
envisioned for fluidized combustign beds. -

The reactor will be ogeratéé in a fluidiéed—bed mode fof
the disproportioqation step, and ip a set;led, fixed—bed mode
for the low flux steaming step(9). During the fixed bed opera-
tion of the steaming step, when the subme;ged céoliné coils become
ineffective, the reaction-heating front will 1éad the cooling
front, the heat of reaction will remain within fhe bed as sgnsi-

ble heat, and the bed temperature between the leadihg and lagging
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fronts will rise from ~250°C to ~300°C. During the subse~
quent fluidized bed operation of the disproportionation step,
when the submerged cooling coils become effective, the tempera-
ture profile will disappear, both fhe sensible heat accrued
during the steaming step and the heat of the disproportionation
reaction will dissipate through the.qooling coils, aﬁd the bed
temperature wiil drop from ~300°C to ~250°C. This cycle will
repeat itself continuousl&, with both the direct removal of
the heat of the dispropoftionation reaction and the indirect
removal of the heat of the stéaﬁing reaction occuring'dufing
the disporportionation step. - ‘

The primary disadvantage of a fluidized bed reactor is
that the catalyst mﬁst have a high resistance to attrition,
a requirement which would necessitate a catalyst development
program‘whicﬁ'wgé beyond the scope of the one envisioned for
this contract. Furthermore, because of the gas by-passing éh%f '
intrinsically occurs in fluidized beds, as much as 10% of the

CO present in the feed gas could pass through the bed unreacted.
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VII ECONOMIC STUDIES

PRELIMINARY ECONOMIC STUDY

The reactor studies showed that the temperature rises
associated with the COthane process for most potential feed
streams can be con;rolled either by recycling effluent feed
gas around én adiabatic packed bed reactor, by feeding the
undiluted feed gas directly into a tubular react&r, or by
feedindhundilqted feed gas directly into a fluidized bed
reactor. These three cases were evaluated (8) early in the
program with assumed design parameters for the treatment of
a typical quantity of blast furnace off-gas.

This preliminary study showed that the tubular reactor
case had the lowest dapital and production costs. The
adiabatic bed case required a prohibitively expensive recycle
compressor, while the fluidized bed case required a reactor
thét was at least as expensivé(lB) as the tubular reactor, a
lower CO utiliz;tion, and an attrition resistant catalyst.

. "In 1igh£ of these initial flindings, the efforts of the
experimental studies were directed towards measuring CO
utilizations, active carbon loadings, and reactor zone lengths
for a tubular reactor. Once these design numbers were measured,

they were used in a final, more comprehensive aconomic study.

=85~



FINAL ECONOMIC STUDY

Table I shows that 77% of all recoverable waste CO is
present in the off-gases of the blast, basic oxygen, and
carbon black furnaces. Consequently, COthane process economics
were examined for all three of these cases in accordance with
the tﬁbular reactor design data obtained over the course of
the program. This design data was translated into the follow-
ing majqr»assumptions:

@ The COthane cycle time is 1% minutes, with the dis-

proportionation and the pressurization/steaming/

depressurization steps each taking 45 seconds apiece.
8 The reactor tubes are 1" in diameter.

@ The catalyst will last 1 year. During this service
life the active carbon loading will not fall below
0.2 wt.% and the reaction zone length will not extend

beyond 7 feet.

® The CO utilization is 20% for the blast furnace off-
gas and basic oxygen off-gas cases, and 25% for the

carbbn.black off-gas case.

e All feed streams are dehydrated prior to their being
sent to the COthane reactor. HS is also removed

from the carbon black gas, but hydrogen is not.
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Additional process and economic assumptions, as well as
the feed compositions and the component parts of the methane
productioﬁ costs, are given in Tables XVIII through XX1IV for
the three different feed streams. The costs were calculated
in conformance to the procedures laid down in an ESCOE report (22},
with the exception that there is no provision for off-sites,
such as buildings, paving, utilities and other auxiliaries
needed for an automonomous plant. Such off-sites are assumed
to be available at any of the plants that would be using the
COthane process to upgrade their waste gases. Furthermore,
the feed'gasés for the COthane process were assumed to be pre-
viously flared off-gases, which had no use to ;he user, and co-
sequently a zero value for the study. |

Fig&fe 20 shows the flow diagram for a COthane.unit
handling 15.7 MMSCFD of blast furnace off-gas. ' It'is similar
to those for the COthane units handling the basic oxygen and
carbon black off-gases. During the disproportionation step the
blast furnace off-gas passes through a dehydrator, an influent/
effluent heat exchanger, a 2n0 guard bed, a trim prehea£er,
and onto the reactor. During the steaming step 100-150 psig steam
passes through a preheater and into the reactor; the reaction
products pass through a carbon dioxide removal unit, a-final
dehydrator, and onto the local natural gas pipeline distribu-

tion system.
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TABLE XiX

PROCESS AND ECONOMIC ASSUMPTIONS USED FOR THE ECONOMIC STUDY

OF THE COthane PROCESS HANDLING BLAST FURNACE OFF-GAS

10.

11.

PROCESS ASSUMPTIONS

Feed gas compression from 14.7 psia to 36 psia is required to
pass through the downstream equipment,

The feed gas contains less than 1 ppm of sulfur-containing
compounds.

The feed gas is sent to a glycol dehydrator after it is com~
pressed to 36 psia.

The feed gas leaving the COthane reactor is heat~exchanged
with the influent stream,

The feed gas passes througli a Zn0 guard bed.

The reactor consists of a shell and tube heat exchanger with
the catalyst packed inside the 1" tubes and Dowtherm vapor
generated on the shell side.

The process is a two step (disproportionation and steaming
steps), two bed process. Each step takes 45 seconds. .

Each 11.2 foot long reactor tube includes a 4.2 foot long
equllibrlum section, corresponding to a 0.2 wt.% 1oad1ng of
active carbon, and a 7 foot long reaction zone section.

The pressure drop across the reactor is less than 13.5 psi.

The 11.2 foot long, 1" OD reactor tubes are grouped together
into two sets of shell and tube reactors, each set consisting
of four reactors and containing 47,493 1lbs. of catalyst.
These two sets of reactors are alternatively used for the two
steps of the COthane process. Since the catalyst needs to
be régenerated only during normal shutdowns, there is no need

for a third set of reactors for continual, on-going regenerations.

The catalyst is assumed to have a one year life. Over this
length of time the cumulative lengthening of the adsorption

and reaction sections will not exceed 11.2 ', s0 that the CO-front

will always remain within the reactor tubes.

Boiling Dowtherm is used to cool the tubes down to 250-270°C

and generate 500 psig steam in a separate reboiler. The maximum

temperature within the catalyst tubes does not exceed 316°C.
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12,

13,

14,

15.

16.

The steaming step uses twice the stoichiometric amount of
steam required for this reaction.. The excess steam assures
the high pressure displacement of the CH4 and CO, from the
bed. The residual steam depressurized from the ged supplies
any additional heat required by the Benfield (CO; removal)
unit; however, the exact heat integration of the Benfield
unit will need further study.

In order to prevent capillary condensation, the steaming
step is carried out at <150 psig.

The entering 240°C feed gas contains 27.5% CO, which causes
the reaction front to precede ‘the cooling front, as is the
case for the steaming step. Both of these heat rises are
moderated by the radial heat removal through the walls of
the 1™ reactor tubes. In effect, each step causes a heat/
reaction front to ripple down the length of the reactor.

By the time the front has reached the bottom of the reactor
tube, the top of the tube has cooled and is ready for the
next heat/reaction wave. The heat removed from the tubes
during these steps generates 500 psig steam through the:
intermediate use of boiling Dowtherm on the shell side of
the reactor.

After the dlsproportionatlon step, each bed is purged with
atmospheric CO5, which is recycled from the Benfield unit,
to dlaplace the feed gas remaining in the void spaces. The
bed is then sealed off and pressurized with steam as part of
the steaming step. Thermodynamics indicate that at the 230-
310°C bed temperatures there should be negligible quantities’
of CO formed from the reversal of the disproportionation
reaction (i.e., COy + C¥*—=>2C0O).

In each case the effluent from the steaming step is sent to
the Benfield unit which yields a 225°F water-saturated stream
containing 97% CHy4 and 3% COp (dry basis). This stream is
cooled to 100°F, separated from its condensate, and sent to
the glycol dehydrator. The pipeline guality gas leaving the
dehydrator contains less than ‘the specified 147 ppm of water.
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ECONOMIC ASSUMPTIONS

10.

11.

12,

13,

4

All major equipment is fabricated out of carbon steel.

The feed gas, which would normally be flared, is priced
at $0/MMSCF.

The cost estimates for the feed and product glycol dehydrators
were supplied by the Chemicals and Plastics Research and
Development Department.

The cost estimate for the Benfield unit was supplied by the
Benfield Corporation.

The cost estimate for the tubular reactor was 5% above the
bid received from a supplier who consistently submitted the
lowest, but reasonable, bids for similar 3/4" diameter tube
reactors.

The cost estimate for the influent/effluent heat exchanger
was obtained from-Econotherm.

The cost estimates for most of the remaining items of eguipment
were obtained from Guthrie (23).

The equipment costs were scaled up to installed costs by using
suitable knock-up factors.

When the utility charges were costed as follows:

Cooling water $0.05/MGAL

Power $0.03/KWH
Steam ‘

15-20 psig $1.75/MLBS

50 psig $2.50/MLBS

300 psig $3.50/MLBS

600 psig $3.76/MLBS

The total utility debits and credits were found to cancel each
other out, or yield a small positive credit (21). Consequently,
for the sake of simplicity the overall utility costs were given
an arbitrary zero value.

The purchase cost of the catalyst is $4.00/1b. The catalyst
has a one year life.

Labor is costed at $12/operator and $20/supervisor. An additional

40% charge is used to cover all fringe benefits.

All costs are based on the second guarter of 1980, with the
Marshall and Stevens index being 650.7. .

There are 346 stream days/year.
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TABLE XX

PROCESS AND ECONOMIC ASSUMPTIONS USED FOR THE ECONOMIC STUDY.

OF THE COthane PROCESS HANDLING BASIC OXYGEN FURNACE OFF-GAS

A. PROCESS ASSUMPTIONS

The process assumptions are the same as those given for the
blast furnace off-gas case (see Table XIX), with the following
modifications:

® There is a sufficient number of basic oxygen furnaces to
insure.a continuous source of off-gas to the COthane unit.
- The CO concentration in the off-gas, which varies over
twenty minute cycles, starts out from 10 vol.%, rises to
a maximum 70 'vol.%, stays at 70 vel.%® for eight minutes,
and then drops rapidly back down to 10 vol.%. The COthane
. reactors are designed to handle the 70 vol.% peak CO
concentration.

®Each 14,7 foot long reactor tube includes a 7.7 foot long
ecuilibrium section, corresponding to a 0.2 wt.% loading
of active carbon, and a 7 foot long reaction zone section.
The pressure drop across the reactor is less than 11 psi.

B. ECONOMIC ASSUMPTIONS

The economic assumptions are the same as those given for the
blast furnace off-gas case (see Table XIX), with the following -
modifications:

.- ®Eguipment . costs were 'adjusted from the costs found for the
blast furnace off-gas study. The size exponent varied from
0.6 to 1.0, depending on the particular piece of equipment.

®The total utility debits and credits were assumed to balance
out, as was found for the blast furnace off-gas study.
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TABLE XXI

PROCESS AND ECONOMIC ASSUMPTIONS USED FOR THE ECONOMIC STUDY

_OF THE COthane PROCESS HANDLING CARBON BLACK OFF-GAS

A. PROCESS ASSUMPTIONS

. The process assumptions are the same as those given for the
blast furnace off-gas case (see Table XIX), with thle following
modifications: .

¢ The hydrogen is not removed from the off-gas, despite is
thermodynamic potential for reducing all of the active
carbon as it is formed. The CO utilization was assumed
to be the 25% value found in the mini PDU studies.

eThe H3S is removed from the off-gas via dehydration and
adsorption. This route appeared to be more economical
than using an amine system. T

" ®Each 9.4 foot long reactor tube includes a 2.4 foot long
equilibrium section, corresponding to a 0.2 wt.% loading
of active carbon, and a 7 foot long reaction zone section.
The pressure drop across the reactor is less than 12.5 psi.

B. ECONOMIC ASSUMPTIONS

'The economic assumptions are the same as those given for the
blast furnace off-gas case (see Table XIX), with the following
modifications:

8Equipment costs were adjusted from the costs found for the
blast furnace off-gas study. The size exponent varied
from 0.6 to 1.0, depending on the particular piece of
equipment.,

. @The total utility debits and credits were assumed to balance
out, as was found for the blast furnace ocff-gas study.
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Table XXV shows that the COthané methane production costs
{in mid-1980 dollars) for the three feed streams are $5.78/MM BTU
for the blasf‘furnage off-gas, $7.11/MM BTU for the basic oxygen
furﬁace off-gas, and $8.10/MM BTU for the Eafbon biéék off-gas.
The cost for the basic oxygen furnace off-gas is higher than
the cost ffor the blast furnace off-gas because the reactor handling
the basic oxygen off-gas has to accommodéte a peak CO concentration.
Thé cost for the carbon black off-gas is higher thaﬂ.the cost for
the blast furnace off-gas becuase the additional treatment step
is required to rémove the HyS in the carbon black éas, and
because larger supporting equipment is needed to haﬁdle the
larger quantity of the more dilute carbon black gas, even though
the reactor costs and tﬁe total methane production rates are
hearly the same for the two caseé.

The cost‘bf;prbduéing methane from carbon‘bléck off- .
gas could be reduced from $8.10/MM BTU to $6.00/MM BTU by first
removing the ﬁydroge§3from the feed stream, and then using that
hydfogen in place of' ‘steam duripg the steaming, or hydrogenating,
step of the Cchane é&cle. The larger capital costs required
for hydrodgen rémovalfis more than.off-set by the higher CO
utilization pbtained when hydrogen is uséd as éhe_hydrogenating
agent (20). ' . . -

These costs are:significaﬁéiy‘higher than‘thé $2-4/MM BTU
cost of natural gas éoday, and are significantly higher than
the $5.07 MM/BTU estimated (19) present cost of SNG produced by
the Lurgi process. However, this gap between the COthane pro-
duction costs and the other fuel costs can be expected to

eventually narrow, disappear, and then reverse itself with time,
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since the COthane costs will rise only with the costs of
materials and labor, which, in turn, are expected to increase
more slowly than fuel costs (including the cost of coal
required for the Lurgi process).

The gap betﬁeen the COthane production costs and the
other fuel costs might also be decreased.by improving the
life and performance of the catalyst. Figures 21, 22, and 23
indicate that if a catalyst were to be developed with a two
year life, a 0.4 wt.% f;nal active. carbon loading, and a 3%
foot maximum reaction zone length, the methane production
- costs would drop to $3.65/MM BTU”for'the blast furnace off-
gas, $4.45/MM BTU for the baéic éxygen furnace off-gas, and
$5.50/MM BTU for the carbon black off-gas. Furthermore, if
the hydrogen in the bléét furnace off-gas were first removed,
and then used as the hydrogenating agent, the methane production
cost would drop to $4.00/M¥ BTU. All of these costs assume that
the resulting higher heat fluxes could still be dissipated with
1" reactor tubes. An additional $0.33-$0.61/MM BTU saving could
_.be realized by halving the one man year labor costs; however,
this saving would require justification based on-commercial

experience,
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METHANE PRODUCTION COST, s/ BTU
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FIGURE 21

METHANE PRODUCTION COSTS AS A FUNCTION OF CATALYST
~PERFORMANCE, CATALYST LIFE, AND REACTION TUBE DIAMETER

IT HANDLING 15.7 MM _SCFD OF BLAST

FURKACE OFF-GAS IN MID-1980 DOLLARS,
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METHANE PRODUCTION COST, $ /M4 BTU
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METHANE PRODUCTION COST, $/MM BTU
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MARKET SURVEYS

Market surveys were made in the steel, carbon black, and
aluminum industries. Responses from four major steel makers
indicated almost full utilization of their blast furnace off- .
gas, and thus no need for the COthane process. However, there
was interest in the use of the COthane process for handling,
BOF off~-gas.

Responses from two major carbon black manufactures, com-
prising ~2/3 of the market, indicated little .interest, either
becuase they are assured of a cheap source of natural gas for
the next 4-5 years,lor because they now burn their off-gas to
produce steam for across-the-fence customers.

Responses from two major aluminum manufacturers indicated
that' the COthane process could be used only if highly impractical
modifications were made dh the hoods enclosing the anodes of.
their prebaked cells, Since this is an industry-wide problem,

no other alumihum manufacturers were surveyed.
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VIII FUTURE EFFORT

Because the COthane production cost is presently above that
of ﬁrev&iling natural gas prices, all work on the COthane program
has been suspended. However, because the cost of the COthane
process will increase less rapidly than the cost of the fuel,
and because a reasonable increase in catalyst performance will
have a significant effect on reduc¢cing COthane costs, an additional
catalyst development éeffort would be appropriate at some future
time when fuel costs have risén.substantially above their present
levels,

Such an additional catalyst development effort would preceed
the Phase II pilot plant studies and would concéntrate on the
- more commercially promisihg basic oxygen furnace off-gas and

carbon black off-gas applications.
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APPENDIX I

ESTIMATION OF THE NICKEL SURFACE AREA

1 wt;% active surface carbon (ASCY per éram catalyst.

Assume ASC = 1 C atom per surface nickel atom.

..1 nickel atom'= 6.5 x 10™%* m? (area occupied) .

1 gm catalyst loads 0.01 gm ASC (see 1 above).

0.01gmASC = 8.3 x 107" mole ASC = 8.3 x 10™* mole Ni (surface)
gm catalyst gm catalyst
8.3 x 10~ mole Ni (surface) x 6.023 x 10®'Ni atom x
gm catalyst mole Ni
6.5 x 10-2° m® Ni = 32.5 m® Ni

Ni atom gm catalyst

1 wt.® ACS requires ~32 m® Ni .
gm catalyst

A typical nickel catalyst particle of 15 nm th?t %s fully
exposed has a calculated surface area of ~45 m Ni/gm nickel,
consequently a catalyst would have to be ~70% nickel at

~15 nm to have 32 m? Ni/gm catalyst surface area.
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APPENDIX II

SUMMARY OF THE TECHNIQUES USED TO SYNTHESIZE COTHANE
CATALYSTS

I. TECHNIQUE A

The slow decomposition of urea at 90°C in a solution of
dissolved salts slowly raises the solution pH, and thus slowly

precipitates out the hydrous oxides (32).

EXAMPLE:. Catalyst AS=-5005-3-25 was prepared by dissolving
81.38 grams of zirconyl nitrate, 465.7 grams of nickel nitrate,
and 351 grams of urea into 1100 cc. of distilled water preheated
to 90°¢c. This solution was contained in a 5 liter, round bottom
flask, equipped with an overhead stirrer, a heatiﬁg mantel,

a temperature controller set at 90%, .and a pH meter. The slow
hydrolysis of the urea, (NHj), CO + 3Hy0 -EESE-+ ZNHI + 20H +
CO,, caused the solution pH to rise from 1.8 to 5.7 over a

period of 4 hours, and fiﬁally reach 6.4 after 24 hours, The
co-precipitate of hydrous oxides that slowly formed from this
slow climb in pH was filtered from the solution, washed with
distilled water, dried at ~100°c, and extruded with 10-15 wt.%
peptized alumina to 1/16" extrudates. These extrudates were air-
calcined at 480°C and then reduced with a 5 vol.% Hp/95 vol.% N3

mixture at 400°C,
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II. TECHNIQUE B

The slow injection of NaOH into a solution of dissolved
salts slowly rai:ses_the solution pH, and thus slowly precipi-

tates out the hydrous oxides (32$.

EXAMPLE: Catalyst AS-5005-71-8 was prepared by dissolving
50 grams of zirconyl.nitrate and 727.5 grams of nickel nitrate
into 5 liters of ‘distilled water, which was contained in a
12 liter, round bottom flask equipped with an overhead stirrer.
A -separate NaOH solution, made from 240 grams of sodium hydroxide
dissolved in 5 liters of distilled water, was slowly fed, at
2=5 ml/minute, into the well=-stirred nickel-zirconyl salt solu-
tion. 'The co-precipitate of hydrous oxides that slowly formed
from this slow addition of base was filtered from the solution,
washed to remove the excess sodium hydroxide, and subsequently

formulated in a-manner similar to that described for Technique &.
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III. TECHNIQUE C

The rapid a&ditiqn of NaOH to a solution of dissolved salts
rapidly raises the solution pH, and thus rapidly precipitates

out the hydrous oxides.

EXAMPLE: Catalyst ﬁatérial AS5-8209-2 was prepared by
dissolving 2792 grams of nickél nitrate and 250 grams of AS=-40
Ludox colloidal silica into 6.5 liters of distilled water. A
separate MaOH solution, made from 920 grams of sodium hydroxide
dissolved in 10 liters of distilied water, was added as rapidly
as possible to the well-stirred nickelrsilicé solq£ipn. The“
co-precipitate of hydrous oxides that quickly formeﬂ-ffom this
rapid addition of base-was filtered from the solution, washed -
to remove the excess sodium hydroxide, and_subseéuently formilated

in.a'manner s{ﬁilaz te that described for Techniqug.A,
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