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OPTIMIZATION OF FIXED BED METHANATTON PROCESSES

ABSTRACT

&s & part of the study on optimization.of.cozl gasification processes
for the production of pipeline gas, optimization of methanation processes is
performed.

Since the heat of reaction for the methanatlon reaction is so large,
fieat removal from the reactor is'thé major problem in process design.

Various systems of catalytic fixed bed reectqrsma:e-considered.
They are the adiabatic system, the heat extraction system, the cold
quench syster and the recycle system. The size of: the plant considered
is for the production of 250 x 10° Btu/day of pipeliné gas. Three
different feed gas compositioms likely to result from the primary gasifi-
cation phases are treated. Ounly the total equipment cost of the methanation
processes is considered. :

Prior to the optimization of the methanation.processes, the heat
exchenger optimization is performed. ™ A computer.simulation of the
methanation process is then programmed based on the kinetie information,
the cost information and heat and material balance. - Buitable techniques
of optimization for the methanatiom processes ‘ate selected and the optimum
conditions and designs of the various systems are found.

The result indicates that for the low CO case,-an:.adisbatic. reactor
without internal or intermediate cooling is. the most.ecememical 'system.
For the intermediate CO and high CO cases, the cold quench:system offers
the minimum total equipment cost. Cost of equipment ' associated with
heat removal iz found to occupy the major portion of the total equipment
cost. - -

From the operational and maintenance point of view, the recycle
system seeme to be the easiest while the heat extraction system seems to
be most difficult to comtrol.

The effects of temperature and pressure on the optimum design of the
process are discussed. The system parameters which affect the optimum
degign of the processes are identified.

Information om the methanation catalyst is not complete particularly
the rezction rate at high CO conceritration and the temperature effect on
activity and durability should be further investigated.




1. INTRODUCTION

The gasification of coal to produce methane as a substitute or
a supplement to pipeline natural gas is currently being extensively
studied under the sponsorship of the Office of Coal Research, Department
of the Interior.

Although a variety of routes and several raw materials are being
investigated, it appears that any system for gasification of coal will
require additional units for conversion of excess carbon monoxide and
hydrogen to methane to achieve heating value equivalent to natural gas.

The magnitude of methanation will vary considerably, depending on
the undecided choice of the process in the primary gasification phases.
The degree of methanation may vary from a major operation involving
conversion of the feed gas containing a minor amount of methane to
simple gas composition clean-up.

Since it is presently impossible to predict the exact composition
of the gaseous effluent from the various primary coal gasification
processes, the compositions of the three different feeds as listed in
Table 1-1 will be considered as approximate gas mixtures.

Although CO concentration as high as 25% can be considered,
lacking actual experimental reaction rate data at such a high CO
concentration level, it is not possible to make a reasonable assessment
of the process for this case. Besides, for such a high CO concentration
feed, recycle system is more than likely to be used for excess heat
removal, some methane will be present at the reactor entrance. The
gas compositions listed in Table 1-1 may result from the primary gasi-
fication phases now under investigation after the adjustment of the
composition by the water-gas shift reaction and purification is made.

Since the methanation reaction is a highly exothermic reaction,
the heat removal from the reacting gas becomes the major problem in
economic optimization. Several types of methanation reactors, such as
fixed beds and fluidized beds,have been tested on pilot plant scale.

Fluidized bed operation is found to be difficult because of
technical problems involved. Particle elutriation caused by the
breaking of catalyst pellets may become severe. Lack of ruggedness
of the catalyst and the unavailability of small particle sizes
prevents good fluidization of catalysts. Therefore, three types of
fixed bed downflow catalytic reactors are considered. They are:

1. The heat extraction system
2. The cold quench system
3. The recycle system



TABLE 1-1 FLOW RATE AND CONCENTRATION
OF FEED AND PRODUCT GASES

A. 950 Bru/SCF Gas

Low CO Case

Feed Gas 'Product CGas

[1b.mole/br.] [moleZ] [1b.mole/hr.] [moleZ] (dry base)
CH, 23.962.8 75.500 25,355.1 » 92}100
co’ 1,419.9 4,474 27.5 0.100
H, 5,594.4 17.626 1,417.4 5.148
C02 63.5 0.200 63.5 0.231
H-0 31.7 0.100 1,424,1 0.000
Noy .666.5 2.100 666.5 2.421
Total 31,738.8 100.0 28,954.1 100.0
Intermediate CO Case
Feed Gas . Product Gas .

[1b.mole/hr.] [moleZ] [iIb.mole/hr.] [moleZ] (dry base)
CH, 21,378.8 62.100 24,115.0 92.100
co 2,762.4 8.024 . 26.1 0.100
E, 9,562.3 27.776 1,353.8 5.170
062 68.9 0.200 68.9 0.263
H20 3404 0.100 2,770.6 0.000
Nz , 619.7 1.800 619.7 2.367
Total 34,426.5 100.0 28,954.1 100.0

High CO Case
Feed Gas Product Gas

[1b.mole/hr.] [mole%] [1b.mole/hr.] [moleZ] (dry base)
CH,, 16,397.5 41.400 21,724.3 92.100
co’ 5,350.3 13.508 23.6 0.100
H 17,107.2 43.192 1,126.9 &, 777
C% 118.8 0.300 118.8 0.504
H28 39.6 0.100 5,366.4 0.000
N2 594.1 1.500 594.1 2.519
Total 39,607.5 100.0 28,954.1 100.0




B. 900 Btu/SCF Gas

TABLE 1-1 (CONT.)

Low CO Case
Feed Gas Product Gas
[1b.mole/hr.] [mole%] [1b.mole/hr.] [moleZ] (dry base)
CH4 24,632.3 75.500 25,663.8 87.000
CcO 1,061.0 3.252 29.5 0.100
Hy 6,149.3 18.848 3,054.9 10.356
C02 65.3 0.200 65.3 0.221
HZO 32.6 0.100 1,064.1 0.000
N2 685.1 2.100 685.1 2.323
Total 32,625.6 100.0 30,562.7 100.0
Intermediate CQ Case
Feed Gas Product Gas
[1b.mole/hr.] [mole%] [1b.mole/hr.] {mole%] (dry base)
CH, 22,004.3 62.100 24,439.8 87.000
Cco 2,463.6 6.953 28.1 0.100
Hp 10,221.7 28.847 2,915.2 10.377
Cco 70.9 0.200 70.9 0.252
H28 35.4 0.100 2,470.9 0.000
N2 . 637.8 1.800 637.8 2.271
Total 35,433.7 100.0 30,562.7 100.0
High CO Case
Feed Gas Product Gas
[1b.mole/hr.] [mole%] [1b.mole/hr.] [moleZ] (dry base)
CH4 16,919.1 41.400 22,071.4 87.000
CcO 5,177.7 12.670 25.4 0.100
Ho 17,994.1 44.030 2,537.1 10.000
C02 122.6 0.300 122.6 0.483
HoO 40.9 0.100 5,193.2 0.000
N2 613.0 1.500 613.0 ©2.417
Total 40,867.4 100.0 30,562.7 100.0




The distinguishing features among the three systems are the manners by
which heat is removed and the temperature is controlled in the reactors.

The goal of this study is to economically evaluate their relative
technical merits for prospective application in coal gasification
processes. To achieve this, it will require all three reactor systems
being analyzed from both the techmical and economic points of view.

Each component information must be integrated by programming it into the
computer for simulation. TFinally, optimum conditions must be searched by
an appropriate technique to arrive at the best ecomomic process and design.

The following specifications and bases are chosen in this study.
1. Production rate is 250 x 10° Btu/day of pipeline gas.

2. The product gas should have a heating value of approximately
950 Btu/S.C.F. or the product gas should contain
approximately 92.1% methane on a dry base. In addition,
the concentration of CO must be less than 0.1%Z. Product
gas with heating value of 900 Btu/S.C.F. is also considered.

3. Three different feeds; low CO case, intermediate CO case
and high CO case, are considered. The temperature of the
feed gas is fixed at 100°F for comparison. However, the
effect of feed gas temperature will be discussed. The
pressure of the feed gas is varied up to 1065 psia.

4. The compositions of feed gases and corresponding product
gases are listed im Table 1-1. In addition, the feed
gas containing 207 CO is also discussed.

Since it is presently impossible to estimate the costs of the
various feed gases which depend largely om the primary gasification
phases, only the equipment costs are considered. However, in the
optimization study of heat exchangers, in addition to equipment cost,
coolant water cost and steam benefit are also considered.

After optimization of the sub-system which involves the primary
gasification phases, purification phases and other necessary phases
including methznation phases has been completed, the overall plant
optimizztion will be performed. Costs not included in the methanation
study will then be takn into consideration in the overall plant
optimization study. However, the optimization based on the equipment
costs alone at this stage should be sufficient to provide necessary
information for the selection of the best system smong those considered
for methanation.




2. REACTION KINETICS

(1) Reaction Rate Expressions for Methanation Reaction
The reactions taking place in the methanation process are:

1. Methanation Reactions:

Co + 3H2 = CH[+ + H20 (2-1)
C02+ AHZ = CH4 + 2H20 (2-2)
2C0+ 2H2 = CH4 + CO2 (2-3)

2. Water-Gas Shift Reaction:

co + H20 = 002 +H, (2-4)

3. Carbon Deposition Reactions:

2C0 = C + co2 (2-5)
co + H2 = C + H20 (2-6)
CH4 = C + 2H2 (2-7)

Although reactions (2-1), (2-2), (2-3) and (2-4) must take place to

a larger or smaller extent regardless of the feed compositions employed,
for a high hydrogen concentration feed, only a small amount of CO2

has been detected experimentally [1]. Therefore, reactions (2-2), (2-3)
and (2-4) may be regarded as secondary reactionms.

Because carbon deposition reduces the catalyst activity drastically,
it is imperative that a range of temperature, pressure and feed
compositions within which no carbon deposition takes place must be
found. These conditions will become the constraints in the optimization
of the processes. :

A number of catalysts have been investigated for methanation
reactions. The best catalyst for which kinetic data are available
seems to be Harshaw Ni-0104 T and Harshaw Ni-0116 T having an average
particle diameter of 1/4 inch and 1/8 inch, respectively. This catalyst
contains 597 Ni, it has been shown that the catalyst behaves satisfactorily
in the temperature range from 550°F to 850°F and the pressure range
from 14.7 to 1000 psia without any carbon deposition [15].

A quantitative kinetic rate expression of the methanation reaction
on the Harshaw catalyst is very difficult to obtain because extensive
accurate kinetic data are not available. Therefore, it is necessary
to simplify the reaction mechanism to consider only reaction (2-1).

The experimental data obtained from I.G.T. [15] using Harshaw catalysts



czn be correlated by two empirical equations, one for the temperature
range at 550 to 600°F where reaction rate is controlling and another

equation for temperature range of 600 to 850°F where diffusion is the
rate controlling factor.

The empiriczl rate equations obtained are:

1. For temperature between 550°F and 600°F:

15,660 0.7 0.3
— ] PCO PHZ (2-8)

eu, = 120 =P 1= Rimse0)

2. For temperatures between 600°F and 850°F:

r = 0.0696 PO -7 Pof3 (2-9)
CEH, co H,

These equations ave adequate for the present optimization purpose in
getting a reasonzbly accurate assessment of the various processes and
subsequent study shows that the overall optimum cost of the reactor
System is not very strongly affected by the kinetic expressions.

(2) Approach to Equilibrium

Although the above kinetic expressions were obtained from the
experimental rate data of the methane forming reactions on the Harshaw
catalyst including the runs under equilibrium hindrance, the equationms
do mot provide the veverse reaction term. It would then be necessary
to zssure that the rate equations are not applied to conditions too
close to the equilibrium.

The equilibrium comnstant based on mole fraction for the methanation
reaction expressed as

e ofs

(2-10)

ot

5 % 3
(XCO) (XHZ)

and computed from the values given by the Bureau of Standards [i4], is

plotted in Figure 2-1 with the operating pressure as the parameter.

Here, \7 refers to the equilibrium mole fraction of each compoment.

As shown in the figure the equilibrium comstant, Kk*’ is affected by the
1

pressure and very strongly by the temperature. The equilibrium constant

for the water gas shift reaction expressed as
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i *co,” B,

2 (Xao)(xﬁzo)

(2-11)

is also czlculated from the Bureau of Standards [14] and is plotted in
Figure 2-1. The extent of approach to the equilibrium for the methane
rezction can be evaluated by computing the mass action law ratio of the
product gases, RX , defined as .

1

DTN

= 4 23
1 (XCO)(XHZ)

x's are the mole fraction of each component present in the reactor.
It is decided erbitrarily to maintain K= < KX*/lO at all times to
1 i '
assure the negligible reverse reaction. Whenever the.above criterion
is eusceeded in the reactor, the temperature of the reactor is lowered
to the point where the above condition is again satisfied. Such provision
1g necessary for the high C0 case particularly near the exit of the reactor.

CH

(2-12)

X

(3) Mass and Heat Traansfer Within Catalyst Bed

Since the methanation reaction is highly exothermic and quite rapid,
it will be necessary to examine the possible temperature and -concentration
difference between the bulk phase of reacting gas and the surface of the
catalyst. Temperature difference between the bulk phase and the catalyst
surfzce can be zpproximated by

r AH
s

T -T

s p = (2-13)

h wdz
P

When particle—fluid radiation may be neglected h can be calculated

by L7 d 0.51
G\~
Q 2/3 (; ) : _
JH C c P = 1.95 (2-14)

A maximum temperature difference (TS - Tb) can-be calculated when

max
the maximum rezction rate is used. When the temperature difference is
too grezt, many undesirable phenomena may take place. A minimum mass
flow rate corresponding to an allowable temperature difference exists for
a given reaction rate. This becomes one of the constraints in the reaétor
opiimization. Experimental measurement of temperature difference on the
Harshaw catalyst carried out by I.G.T. [15] indicates a maximum temperature
difference of approximately 11°F for the intermediate COU case under
complete mixing of gas stream.




As the reaction is quite exothermic, it is also necessary to check
the temperature gradient in the catalyst particles. If the reaction
takes place uniformly in the catalyst particle, the heat balance equation
in the catalyst can be written as

a7 o4t Ts
7 T dr T ke MM
dr r

(2-15)

where ke, the effective thermal conductivity of the catalyst particles,
is expressed as

1 1
i 1 2-16
ke ~ (1-8)k +6kg (2-16)

Using the proper boundary conditions, Equation (2-15) can be solved
for the temperature within the catalyst pellet as,

Y d 2

_ 1.__s By _ .2
T= Ts t 6 ( ke 4H) [(2 ) r

] (2-17)

Numerical calculation shows the largest temperature difference
in the catalyst particle to be about 30°F.

The concentration difference between the bulk phase and at the surface

of catalyst pellets can be estimated by

r
— s —
Cs - Cb = 5 (2-18)
kfnd
P

where k. is the fluid-particle mass transfer coefficient in a packed
bed and is computed by [8]

J d G 7-0.41
— M P -
55 = 1.40 [ WS ] (2-19)

(1-¢)

Numerical calculations show no appreciable difference between the catalyst

surface concentrations and the bulk gas concentration of each component.

10



3. REACTOR PERFORMANCE EQUATIONS

Flow behavior im & fixed bed usually can be represented either by .
the dispersion model or by the cells-in-series-model,

The following material balance equations are obtained around the
n-th cell based on the cells-in-series model:

n _ n-1 n _
Fl = Fl + pc Vc rCH4 (3-1)
n _ o-1 n o -
F2 = F2 Pe VC rCH4 : (3-2)
n_ n-1 _ n _
F3 = F3 - 3pc VC Ton | _(3 3)
n_ . n-1 4 . L
F, =¥, : : (3-4)

o _ o1 n '

FS = FS + e VC rCH4 | ‘ (3-5)
n _ o-1 ‘ ' o

Fg = F - - (36

The heat balance equations around the n-th cell can be obtained
similarly as

T 6 n _n n-1 6

T I ¢ F,~-T I C

n-1 F?—l
i=1 i i=1 Py

= (AH) o vz T " Q" (3-7)
4

The hezt of reaction, AH, is in Btu per pound mole of CH& formed and is
given as -

2
AH = 87787.8 + 11.87 T" - 0.00668 (T%) (3-8)

The pressure drop across the n-th cell can be computed based on
Ergun's equation [6]:

1-g) (E) + 1.75
150(1-¢) (=5

AR = — B 5 (3-9)
[e /(l-s)](dp/CL)(gp/G )

g




4. COST INFORMATION

The costs of equipment required in the methanation processes are
estimated based on the following equations:

(1) In methanation processes, heat exchangers are required to preheat
the feed gas, to cool the product gas and to cool the intermediate product
in the case of the cold quench system,

The following equation is used to estimate the heat exchanger cost
based on the required heat transfer area, AO (sq.ft.) [12]:

Ao 0.56 2
EH = Cy Ie [850 ) ], Ao > 1,000 ft (4-1)

(2) 1In the heat extraction system, heat generated in the reactor must
be removed internally. The fin tubes may be used effectively for this purpose
by embedding them into the catalyst. The cost of fin-tubes based on the.
bare tube heat transfer area, Ab (sq.ft.), used in the computation is
given as [12],

Ab 0.88 2
E, = cy I [350 (6-0) }, Ay > 1,000 ft (4-2)

(3) The cost of the Harshaw catalysts used may be expressed as [5]
EC = 2.5 Wo (4-3)

(4) The estimated cost of high pressure reactor shell is based on
the weight of an empty reactor. The thickness of the reactor wall,
Th (inches), is calculated based on the ASME boiler and pressure vessel
code section 8 [2] given as,

Th = PR/(SE - 0.6 P) (4-4)

The top and the bottom of the reactor are calculated based on an
equivalent flat blank diameter necessary to form the required dome.

The weight of the reactor, WR, is then computed by
2

T 2 mF T
s h T 2 d h
W= - DO+=) --0D + 2 — -
Rl @+ - 2D L+ 2D ) (4-5)
The cost of the reactor becomes
E. =C_ 1 W -
R R £ R (4 6)»
(5) Cost of mild steel catalyst support trays:
Eg = 0.195 I_ (D + 5y3-13 (4-7)

12



For a chrome-type tray:

| E, = 0.216 I_(D + 5y3+13 o (4-8)

The total tray cost is

=N - ‘ | o
B = N * Eg (4-9)
(6) The cost of a control valve can vary widely depending on the
sizes and is rather difficult to estimate. An average of $4,000 per valve
is used in this estimation.

(7) Since the heat insulation cost of the reactor is rather small,
an approximate cost of 1.5%7 of the total fixed cost is added as the
insulation cost [3].

(8) Compressors are needed for compressing the feed gas or product
gas if necessary, and for recycling the product gas. The following equatiomns
are used to estimate the brake horse power [11]

0.0643
Ta = q b\
= —_ P ri=2) _ -
B =500 —Em [‘Pa) 1] (4-10)
The feed compressor cost can be computed by [4]
0.81
= -
ECP 696 (B) (4-11)

The cost of recycle compressor may be determined using the following
equations:

N
(T7)(0.0643) g o\n
Br = L3 [(%

_— - b
520 En ’ 1 (4-12)

i .

0.8
= e
Ec 698 (Br) (4-13)

(9) Pumps are required to deliver the water.coolant. The following
equations are used to estimate pump costs [4,11]

For steel-made water pump,
q'pAh

5 ——— L=~14
BP 246,800E (4-14)
and
_ 0.467 -
EP = 684 (BP) (£-15)

In the process optimization of the heat exchingers, water is used
for cooling. The costs of treated and spent water are $0.12 per thousand

13




gallon and $0.05 per thousand gallon, respectively. The prices for
400 psia steam and 35 psia steam produced in the heat exchangers are
$0.35 per thousand pound and $0.15 per thousand pounds, respectively.
The annual capitalization charge for the equipments are calculated at
13% of the initial cost per year, as recommended by the Office of Coal
Research, Department of the Interior.

14



5. PROCESS OPTIMIZATION OF HEAT EXCHANGERS

Since a large amount of heat is released in the methanation reaction,
heat removal from reactors and product gases become the major problem
in the optimization study. - Three different types of heat exchangers are
reguired in the methanation process, namely the" preheater, the product
gas cooler and the intermediate cooler. In this sectlon, a process
optimizarion of these heat exchangers is d1scussed' EERRE R .

(1) Preheater -
The feed gas must be preheated to a temperature above the rezction -
initiation temperature. The feed gas preheating is accompllshed by

exchanging heat between the product gas and the feed gas.w

The total annuel cost for the preheater can be represepted by’ the o
following egquation [13] : T L £ - : :

T Ao

The area for heat transfer, A , is a function of h R h and t
as given by the following equation '

Cp = AKgC, + AEHEC, +AFEHC (5-1)
F iyt oyo :

=ga =3 ¢ 0 +i—+R ) (5-2)

Po o “i i. o-
Thus Equation (5-2) may be written in terms of hi’ ho and AO as,
3.5 4.75 _

G = AOKFCAO + Aoaihi ’ -F&?i f Ao ughd ' HYCO (5-3)

where o, and «  ere the proportlonallty constants Whlch depend on
i
designing condition and fluld propertles. ' '

Applying the ' Lagrange muTtlpller method " Equatlon (5—3) becomes

. 3.5 _ £.75 . Poay
¢ = AoLFCAo + Aoaihi ,HYCi'+ Aoao-ho o Hyco.f A '
F At 'D L : '. . . . '
T m 1 e 1 H . - £ Lo .
Y S S = NT - . T eela
S T GE Tt ] A (5-4)

ii o

where A' is the Lagrange multiplier. —A computer program of Equatlon (5~-4)
is already availeble [9]. From this computation, the 0pt1mum overall heat
transfer coefficient is fotind to be about 70 Btu/ft h¥:°F. "This value

is used in the subsequent de31gn calculatlon of the preheaters assoc1ated
with the various methanatlon processes._~

15




(2) Product Gas Cooler

After flowing through the preheater, the product gas is cooled to
100°F by three heat exchangers. The exit product gas from the preheater
has the temperature ranging between 400°F and 750°F. 400 psia steam
is produced in the first heat exchanger while steam of about 35 psia is
produced in the second heat exchanger. The product gas cooler is finally
cooled down to 100°F by the counter-current product gas cooler. The
coolant water enters at a temperature of 85°F and leaves at 150°F. If
the inlet gas temperature to the first heat exchanger is below 500°F, only
two heat exchangers are required.

In the first heat exchanger, treated water enters the tube side.
Approximately 50% of the water entered is vaporized producing high
pressure steam. The product gas flows in the shell side providing the
main heat transfer resistance of this exchanger. The shell side film
coefficient can be calculated by

hoDe DeGs .55 ERE /3

Pressure drop for shell side fluid is calculated by the following equation [10]
' 2

£6%D L
aRg = T (5-6)
5.22x101% sB!
e
and
_2 (P 6g\-0-189
f=1.2x 10 -f—- (5-7)

If the combined pressure drop of the three product gas coolers is
limited to 10 pEia, the corresponding maximum mass velocity is about
100,000 1b./ft.“hr. The shell side film heat tranifer coefficient corres-
ponding to this mass velocity is about 110 Btu/ft.*hr.°F.

Since two phases exist in the tube side, the inside tube film heat
transfer coefficient may vary from 200 to 1000 Btu/ft.“hr.°F. The overall
heat transfer coefficient of the first heat exchanger then becomes
approximately 85 Btu/ft.2hr.°F.

Similar to the previous case treated, water is introduced into the
second heat exchanger with 50% of the water being vaporized in the tube
side. The product gas is passed through the shell side which again
provides the main heat transfer resistance of this exchanger. However,
when the temperature of the product gas is reduced below 370°F., partial
condensation of the water takes place in the shell side. The quantity
of condensation depends upon the partial presssure of water in the product
gas.
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Heat flux accompanied by steam condensation is expressed as

9. = KA, (B, = P) o (5-8)
Since steam condensing on the tube may be regarded as simultaneous
heat and mass transfer phenomena, KG may be expressed as
h (Cyu/k) /3
fe = Y (5-9)
CoPg st (W/pky)

The total heat flux is a sum of the heat flux due to non-condensing
vapor and the heat flux accompanied by the condensation. Hence,

) (5-10)

qT Gvierv

= ho(Tg - Tc> + KM (P - Pc) = hc(Tg - Tc

Calculation using Equations (5-5) and (5-10) give the range of the 9
shell side £ilm heat transfer coefficient to be between 110 and 210 Btu/hr.ft.<°F
under an allowable combined pressure drop of 10 psi.

The tube side film heat tramsfer coefficient is practically the same
that for the first heat exchanger. The overall heat transfer coefficient
the second heat then becomes approximately 90 Btu/ft.%hr.°F.

O M
R

In the third heat exchanger, process water is used in the tube
side and product gas is passed through the shell side. TUsing Equations (5-5)
and (5-10), the film coefficient of shell side fluid, which is also affected
by the partizl condemsation of water, is calculated to be between 110
to 150 Btu/hr.ft?°F under the allowable pressure drop. The tube side heat
transfer coefficient is about 250 ~ 300 Btu/hr.ft.“°F for this operating
copdition., Thus, the overall heat transfer coefficient of the third
heat exchanger is calculated to be approximately 80 Btu/hr.ft.2°F.

In the process optimization of product gas coolers, the optimum
temperatures of gas entering the second and the third heat exchanger are
to be found so as to minimize the total equipment and operation costs
of the three heat exchangers under the specified temperature constraints.
The total cost comsisting of the equipment cost of the three heat exchangers,
the water cost and the steam benefit, is expressed as

= @1 - -
CT = @ EH -+ (ClWi + CZWQ) (C3W'S1 + C4WSZ) (5-11)

The heat duties of the first, the second and the third heat exchanger
are expressed as:

- =T (C ™ - T

] ‘ . Iz (5-12)
=W G -Trh +18 T -Yy W (5-13)
c Pt Pt c
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: P P 2, c
t/

The heat transfer area of the first exchanger is calculated as follows:

First, the water flow rate through the first exchanger is
calculated from
I
wet = 13 (5-15)

1
pr(tcl tC)+O'5>‘c

After entering the first heat exchanger, the water is preheated to the
vaporization temperature. This assures a near constant water temperature
in the tube as long as the constant steam pressure is maintained. The
product gas temperature corresponding to the point at which steam starts
to vaporize can be found from,
1
wCc™ - C
1 I pw '
T =71 + (t ~-th) (5-16)
m — N —I cl c
MW C
p
The heat transfer area of the first heat exchanger is

Ifc (. -t') 0.5\ .
al = WCI i zi <+ —= (5-17)
U 1 !

where At. and At' are the log-mean temperature difference corresponding to
the liquid phase and the subsequent vaporization phase, respectively.

Next the heat transfer area of the second heat exchanger is calculated

by the same procedure as the first exchanger.

The heat transfer area of the third heat exchanger is calculated
as follows:

111 I11
AT = —1‘111—— (5-18)

U At3
where At3 is the log-mean temperature difference in the third heat
exchanger. The water flow rate in the third heat exchanger is calculated
from
I1I
Wy = — 2 (5-19)
pw(tc3_tc)
Therefore, all terms in Equation (5~11) are expressed as the

function of the inlet gas temperatures of the second and third heat
exchangers. According to the numerical calculation, the optimum inlet
gas temperatures of the second and third heat exchangers are 460°F and
270°F, respectively.
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It is not possible however, at this stage to estimate how much
process steam will be required for each of the various routes to be
considered. Therefore, low costs of steam, $0.35/1,000 1b. for 400 psi
steam and $0.15/1,000 1b. for 35 psi steam are used.

(3) Intermediate Cooler

In the cold quench system with a high CO content feed gas, the
heat generated in the reactor is so large that it is necessary to cool
the product to a suitable temperature to recycle them. In this
intermediate cooler, high pressure steam (400 psia) is recovered. The
gas enters the heat exchanger at 850°F and must leave at a temperature
higher than the reaction initiation temperature of 550°F. Since steam
benefit is the over riding factor, it is clear that the optimum outlet
temperature of the intermediate cooler must approach the
temperature of 550°F. Since the fluid properties in the intermediate
cooler are almoet the same as that in the first heat exchanger of the
product gas cooler, the overall heat transfer coefficient of this heat
exchanger may be taken to be 85 Btu/hr.ft.2°F. Water flow rate, W. ,
znd steam rate obtained in the intermediate cooler are, i

—-A A
WO(E§ TN - CP )

W, = (5-20)
— pr<tcl-tg)+0'skc
The heat transfer area of the intermediate cooler is obtained from
i
wim((_:pw(tél tc) 0.5;\C~
S At * Tar (5-21)
ot \ A b

where At, and At, are log-mean temperature differences im the inter-
mediate Cocler corresponding to the liquid phase and the subsequent
vaporization phase, respectively.
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6. THE HEAT EXTRACTION SYSTEM

(1) Process Analysis

The gaseous effluent from the primary gasification system, is fed
into the methanation system at 100°F and 1065 psia. The gas has been
preheated to 550°F, a temperature high enough to initiate the reaction
before it is introduced to the top of the reactor.

In the upper portion of the reactor, reaction is carried out
adiabatically until the maximum allowable temperature of 850°F (1)
is reached. The reaction thereafter is carried out isothermally by
removal of the excess heat of reaction from the reactor through the
embedded fin tubes. In the high CO case, the temperature near the
exit of the reactor is reduced to 810°F in order to avoid equilibrium
hindrance. BHeat is removed from the reactor by generating 400 psia
steam in the fin tubes.

The exit gas pressure of the methanation process is fixed at 1015
psia. Therefore the total pressure drop, both in the reactor and in the
heat exchangers must be kept less than 50 psia. These are the
constraints in the design of the optimum reactor diameter.

(2) Calculation Procedure
As previously stated, in the heat extraction system the reactor
is operated adiabatically until the temperature of 850°F is reached,

after which the reactor is operated isothermally. Thus, the heat
halance around the n-th cell can be written as,

For Tl < T < 850°F

6 n 6 -1.n-1,n-1
T c; FiTn -z c; F‘i‘ ™% = (aH) pcv“rCH (6-1)
i=1 i i=1 i ¢ Ch,
and T = 850°F,
n n n n
Q" = (AH) oV rCH4 =UA (T -7T) (6-2)

Since the main resistance to heat flow is across the gas film
outside of the fin tubes, the resistance across the tube wall and that
due to inside film of the coolant can be neglected. The overall heat
transfer coefficient based on the outside surface of the fin tube is
approximated to be 11 Btu/hr.ft.<°F,

From the equatipns developed, the concentration of each component,

the temperature and the pressure at each cell can be calculated under
the adiabatic condition from the previous cell. The calculation is
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centinued until the reactor temperature reaches 850°F. The calculation
therezfter ies repeated but under the isothermal condition until the
concentration of methane reaches 92,1% of a dry base. Since heat
transfer area in a single cell does not have a practical meaning, an
average heat transfer area of 40 cells-in-series which make up one tray
length is calculated.

Since the heat generated in the low CO case is not very great, no
heat removal from the reactor is necessary for this case. For the high
CO case, the heat generation rate near the entrance of the reactor is
€o large, thet tubes are packed partially with catalyst in order to keep
the gas temperature at 850°F. Also the temperature near the exit of the
reactor is reduced to 810°F to avoid equilibrium hindrance of the metha-
nation reaction.

The heat transfer areas of the preheater and the product gas cooler
are calculated by the method mentioned in Section 5.

The total cost of the system cam be computed from the summation
of the individual costs; preheater, product gas cooler, catalyst,
insulation, reactor, supporting tray, control valves and fin tubes. .
Here, the number of the control valves and their cost is estimated from
the number of trays.

Frocm the optimization point of view, the decision variables are the
reactor diameter, D, the iplet pressure, P9, and the inlet gas tem—
perature to the reactor, T . A search technique as described in the
next section is developed to determine these three variables by minimizing
the toczl equipment cost. Since the gas temperature at the reactor ianlet
should be kept as low as possible to minimize the heat removal cost, the
problem is reduced to that involving two decision variables; the reactor
dizmeter and the inlet pressure.

(3) Optimum Search Techniques

In this study, the method of the steepest descent is used for the
optimization study. This method starts with locating the direction of
the steepest descent from an initial point, then search along this
line until no further improvement can be: made along this line. A new
direction of the steepest descent is located at this point and searching
ic continued along the new line until no further improvement is possible.
At this point, another new direction is found and the search countinues.

For the search involving two independent variables, once the
starting point is selected the search direction can be located by
varying oue variable at a time. When there are more than two variables
involved, Powell's method which does mot require the computation of
derivatives is more conveniently employed. However, this procedure has
no way of recognizing constraints on the variables and consequently
this method is mot effective for the problems with inequality constraints [7].
Computer programs were writtem to carry out the optimization calculations.
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(4) Results and Discussion

The optimum process conditions and the optimum equipment costs for
the three feeds are listed in Tables 6-1 and 6-2.

Since the heat generated in the low CO case is not very large,
no heat removal from the reactor is necessary. The reactor is
essentially operated adiabatically without internal heat removal
or quenching.

Although the decision variables selected for optimization are the
reactor diameter, the inlet pressure and the feed gas temperature, the
feed gas temperature has been fixed at 550°F in actual calculation.

This is because the reaction is not affected by temperature significantly
after 600°F is reached probably due to the slow catalyst pore diffusion.
Hence, there is no reason to increase the inlet temperature above 600°F.

As is evident from Tables 6-1 and 6-2, the heat exchanger costs,
particularly the preheater cost and the product gas cooler cost, are
the major items of the total equipment cost. Any effective scheme to
reduce the size of heat exchanger will reduce the total cost most
significantly. Had the reactor been permitted to operate at a feed gas
temnerature of 500°F, the total cost would have been reduced further.

Fach section of the reactor between the two adjacent trays is
nadz on by forty cells equivalent to 40 inches of fixed bed packed with
catalyst and fin tubes. The fin tubes have equal heat transfer
area in each section. Therefore, the temperature in the isothermal
portimrn of the reactor is not necessarily maintained at the specified
850°F. The temperature deviation is not serious, however, with the
largest deviation of only 16°F occurring at the final tray in the
high CO case.
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TABLE 6-1 OPTIMUM PROCESS CONDITIONS
IN TWO DIFFERENT FEEDS
FOR HEAT EXTRACTION SYSTEM

Intermediate CO High CO

Inlet temperature, °F 100 100
Qutlet temperature, °F 100 100
Inlet pressure, psig 1,050 1,050
Outlet pressure, psig 1,000 1,000
Reactor dlameter, f£t. 7.0 8.0
Reactor heicht,ift. 15.2 23.5
Spzace velocity,” he.~L 1,420 1,270
Catalyst weight, 1bs. 17,390 22,340
Total heat transfer )

surface area of fin tube, fr.2 31,400 94,500
Heat transfer surface 2

area of preheater, ft. 10,320 13,520
Heat transfer surface

ares of product gas cooler 1T, ft.2 10,900 18,360
Heat rransfer surface area of

product gas cooler IIIL, ft. 20,000 21,140
Flow rate of 35 psia steam in

heat exchangers, 1b/hr. 55,530 76,670
Flow rate of treated water in

heat exchangers, 1b./hr. 111,000 153,400
Flow rate of process water in heat

exchangers, 1b./hr. 149,200 157,600
Flow rate of 400 psia steam

in fin tubes, 1b./hr. 105,790 356,600
Flow rate of treazted water ‘

in f£in tubes, 1b./hr. 105,790 356,600

"Based on inlet condition. (550°F, 1065 psia)
TABLE 6-2 OPTIMUM EQUIPMENT COSTS
IN TWO DIFFERENT FEEDS
FOR HEAT EXTRACTION SYSTEM
Intermediate CO High CO

Catalyst, $ 43,500 55,900
Reactor and tray, $ 124,800 223,000
Control valve, § 20,000 28,000
Fin tube, § 49,600 131,140
Preheater, § 81,600 81,400
Product gas cooler I, § 0 0
Product gas cooler II, $ 84,130 112,800
Product gas cooler III, § 118,300 122,000
Separator drum and recycling pump

(in fin tube system), $ 20,250 36,850
Totel equipment, $ 542,180 754,240
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7. THE COLD QUENCH SYSTEM

(1) Process Analysis and Calculation Procedure

In the cold quench system, only a small portion of the fresh feed
is preheated and enters the top of the reactor. The remainder of the
fresh feed at relatively low temperature enters at prescribed intervals
into the reactor in such a way that the effluent from the preceding
bed is cooled substantially to maintain the reactor temperature below
the maximum allowable temperature. In effect, the excess heat generated
by the reaction is absorbed into the sensible heat of the feed gas.

If the excess heat generated by the reaction is more than that can

be absorbed by the sensible heat of the feed gas, it is necessary to use
more than one reactor with provisions for intermediate cooling.

The maximum allowable temperature is again taken to be 850°F for all
cases except for the high CO case in which the exit temperature from

the last reactor is reduced to 810°F for reasons previously discussed.
The pressure drop in both the reactor and the product gas cooler is
limited to less than 50 psia.

Since the amount of heat generated by the reaction, Q » 1s strongly
affected by the feed gas composition as can be seen from

Q= (am) O - " (7-1)

As mentioned previously, the heat generated for the low CO case is
less than the sensible heat of the reactant gas so it is not necessary
to perform cold quenching. From the heat generation as well as from
the economics point of view, only one reactor without the intermediate
cooling will be necessary for the intermediate CO case. However, for
the high CO case, three reactors with two intermediate coolers will be
needed.

1. Intermediate CO Case

A portion of the feed gas is preheated to T(l) by the preheater
prior to entering the top of the reactor. The first cold shot of feed
is introduced to cool the reacting gas at a point where the gas tem-
perature has reached the maximum allowable value of 850°F. Since the
reaction rate is not significantly affected by the temperature above
600°F, an exact amount of cold quench that will bring down the gas
temperature to 600°F should be introduced.

The heat balance across the reactor can be written as

6
i cg a- 1 ¢ o FO +ar 7@ Cél)F(_) +q, (-2
ie i

o=
1 it

1 i

=]
N o~ o
t 1o

i i=1

If T(l) is known, A} is calculated from Equation (7-2). The con-
centration of each gaseous component and temperature profiles can then
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be calculated by the same method described im the heat extraction system.
The calculation is continued until the temperature in the reactor
reaches 850°F.

In the cold quench system, the reactor is subdivided into a
number of sections which are separated by the cold quench point.
At each quenching point, both the flow rate of the cold quenching
gas required and the gas composition after the quenching, can be
calculated from the flow rate and the temperature of t?e gas before
quenching. Therefore knowing the inlet temperature, T l), the con-
centrations of each compoment and the temperature distribution in
the reactor can be calculated.

The total equipment cost for the intermediate CO case is obtained
by the summation of the individual equipment cost; preheater, product
gas cooler, catalyst, reactor and tray, control valves and thermal
insulzation. These costs are calculated from the design condition of the
reactor and the heat exchangers together with the cost equations
described in Section 4.

In obtaining the reactor and tray cost, the distance between the two
adjacent sections of catalyst allowed for the quenching gas to mix
with the hot gas, is taken to be 0.5 feet,

The decision variables studied in the optimization of this system
for the intermediate CO case are the gas temperature at the reactor
inlet, T L, and the reactor diameter, D. Optimization technique used
is the szme as that for the high CO case in the cold quench system.

2, High CO Case

Since a large amount of heat is released in this case, a single
reactor cannot accommodate the necessary conversion. Two process
arrangements are considered. 1In System I, a portion of the fresh
feed gas is preheated and enters the top of the first reactor. The
remainders of the feed are introduced at intervals along the reactor
in order to cool the reactant gas.

When the gas temperature in the first reactor reaches 850°F after
the final quenching, the reactant gas leaves the first reactor and is
cooled by the preheater and the intermediate cooler I.

A portion of the reactant gas then-enters the top of the second
reactor. The remainder of the reactant gas is cooled by the intermediate
cecoler IT and is fed at intervals along the second reactor to cool
the reactant gas. After leaving the second reactor, the product gas is
cooled in the product gas coolers I, IT and IIT to 100°F. %00 psia
steam is recovered from the intermediate cooler I and the product gas
cooler T and 35 psia steam is recovered by the intermediate cooler II
and tﬁe product gas cooler.
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In System II, the arrangement for the first reactor is the same as
in System I. When the gas temperature in the first reactor reaches
850°F after the last quenching, the reactant gas is introduced to the
intermediate cooler I and is cooled to T(2) and fed to the second
reactor. When the temperature in the second reactor reaches 850°F, the
reactant gas l%aves the second reactor and is cooled by the intermediate

cooler II to T and therefore enters the third reactor.

As the product gas leaves the third reactor, it is cooled by the
feed gas preheater and subsequently by the product gas coolers I, II
and III to 100°F. Again 400 psia steam is recovered from the intermediate
coolers I and II and the product gas cooler I, while 35 psia steam is
recovered from the product gas cooler II.

A rough calculation shows that the total heat exchanger cost for
System II is smaller than that for System I and the steam benefit for
System II is larger than that for System I. It also shows that the
catalyst weight for System II is smaller than that for System 1
because no quenching for the second and the third reactor is required.
Therefore, System II is selected for the optimization study. The
calculation procedure for the optimization of System II is as follows:

The heat balance across the third reactor can be written as

6 6

3 3

™ ¢ cE F? - T( ) g C(3)FF - aH PO N - y(3))
. P, i . P, i

i=1 i i=1 i

(7-3)

3) (3)

If the temperature, T(
from Equation (7-3).

, is known, the conversion, y , 1is calculated

The heat balance across the second reactor is

6
N (3

™ P L@
i=1 Fit

P AH F~ (y -y ) (7-4)
1 i i

NOMC 0,3 _ (@
IR

™Mo

If the inlet temperature T(Z) (2)

culated from Equation (7-4).

is known, the conversion y is cal-

The heat balance across the first reactor can be written as,

6
N 2
C FF ) = (1 - A')TF z C F0 + 2! T(l) T C(l)FO + AH ° FO . y(z) (7-5)
Pi * 1 i=1 P i 1 i=1 P 1

N

~ o

i=1

If the inlet temperature of the first reactor T(l) is given, the fraction
of feed gas required for the first quenching, !, is calculated by
Equation (7-5). The catal st wei ht and reactor sizes of three reactors
are calculated from A and y
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The total equipment cost for the high CO case is obtained by the
summation of the individual equipment costs; preheater, product gas
coolers I, IT and III, intermediate coolers I and IT, catalyst, reactors
and trays, control valves, and heat insulation.

In optimization of System IT, the decision variables are the
diamaters and inlet temperatures for the three reactors. The inlet
temperatures for the first reactor should be as low as possible,
becezuse under this condition the preheater cost is the lowest and steam
benefit for the product gas cooler T is the highest. The inlet temperature
of the second and the third reactors also should be as low as possible
because the steam benefits for the intermediate coolers I and II are
the highest under this condition. Thus, the optimum inlet temperature
for the three reactors must be selected at 550°F. Hence the optimization
problem for this case is reduced to that of searching the optimum reactor
diameters.

(2) Results and Discussion

Izble 7-1 znd 7-2 show the operating conditions and the optimum
equipment costs for the cold quench system under the two different feeds.

The quantity of the quenching gas and the locations of the quenching
points are determined by assuming the reactant temperature before and
after quenching to be at 850°F and 600°F, respectively. The reactor
and catalyst costs calculated based on such temperature constraints are
not necessarily the true optimum values, however. According to
Tables 6-3 and 7-2, the catalyst cost for thé cold quench system is
no more than 1.3 times that for the heat extraction system. Therefore
the cost of reactor and the catalyst estlmated can be considered to be

very close to the true optimum value.
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TABLE 7-1 OPTIMUM PROCESS CONDITIONS
IN THREE DIFFERENT FEEDS
FOR COLD QUENCH SYSTEM

Low CO Intermediate CO High CO

Inlet temperature, °F 100 100 100
Outlet temperature, °F 100 100 100
Inlet pressure, psig 1,050 1,050 1,050
Outlet pressure, psig 1,000 1,000 1,000
First reactor diameter, ft. 5.9 6.2 6.2
First reactor height, ft. 10.1 18.75 3.4
Second reactor diameter, ft. - -— 6.6
Second reactor height, ft. - - 3
Third reactor diameter, ft. - - 7.2
Third reactor height, ft. - - 8.5
Space velocity,* hr.”1 1,890 1,080 1,200
Catalyst weight, 1bs. 12,030 22,930 23,740
Heat transfer surface

area of preheater, ft.2 9,015 2,175 6,090
Heat transfer surface area of

intermediate cooler I, ftr.2 - - 7,680
Heat transfer surface area of2

intermediate cooler II, ft. - - 7,530
Heat transfer surface area of

product gas cooler I, ft.' - 8,480 6,075
Heat transfer surface area 05

product gas cooler II, ft. 5,920 11,930 15,670
Heat transfer surface area of

product gas cooler III, ft. 18,600 26,630 21,240
Flow rate of 400 psia steam in

intermediate cooler I and

II, 1b./hr. - - 336,670
Flow rate of treated water

in intermediate cooler 1

and 1I, 1b./hr. - - 336,670
Flow rate of 400 psia steam

in heat exchangers, 1b./hr. - 108,100 22,000
Flow rate of 35 psia steam

in heat exchangers, 1b./hr. 38,450 101,000 138,130
Flow rate of treated water

in heat exchangers, 1b./hr. 76,900 202,000 276,280
Flow rate of process water

in heat exchangers, 1lb./hr. 138,000 1,249,500 1,319,470

*Based on inlet condition. (55°F, 1065 psia)
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TABLE 7-2 OPTIMUM EQUIPMENT COSTS
IN THREE DIFFERENT FEEDS
FOR COAL QUENCH SYSTEM

Low CO Intermediate CO High CO
Catalyst, $ 30,000 57,300 59,350
Reactor and tray. $ 66,100 88,270 167,400
Control valve, 8 12,000 18,000 14,000
Freheater, $ 75,510 34,000 53,490
Intermediate cooler I, § —_ : - 62,270
Intermediate cooler II, $ —_ —_ 61,560
Product gas cooler I, $ - 73,030 56,360
Product gas cooler II, § 55,730 '88,470 92,720
Product gas cooler III, $ 109,260 118,600 110,160
Total Equipment, $ 348,600 477,670 677,320
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8. THE RECYCLE SYSTEM
(1) Process Analysis and Calculation Procedure

In the recycle system, total heat generated in the reactor is
absorbed by the portion of the product gas being recycled to absorb
the heat.

From the heat balance across the reactor, the following equations
are obtained.

6 6

1 1
™ g cg F? S )Fil) = Q, (8-1)
i=1 ‘i i=1 Pi
and
F§13 =0 + F* (8-2)
1 1

If the total amount of heat generated in the reactor, Qc’ is known, the
6
recycle flow rate I Fi is calculated from Equations (8-1) and (8-2).
i=1
The inlet flow rate and the compositions are then calculated. The
reactor size and the catalyst weight for this system.are determined
from the performance equations. .
, 6 .
When the enthalpy of the inlet gas T X CP F
N N _r i=1 i
both T z CP Fi’ it is necessary to preheat the feed gas to T
i=1 i
temperature T(ﬁF) to which the gas must be preheated is calculated from
the heat balance around the point where the feed mixes with the recycle
gas, according to the following equation:

(1)

is larger than

(PF). The

T(PF) N

i

C(PF) F9 + T

6
N _r N g C(l)Fgl)
1 Pi i

6
r C_F =1

(8-3)
1 Byl i=1 i

|| I Al o))

i

The size of the preheater required is calculated from T(PF) by
the same procedure described in Section 5.

When the enthalpy of the inlet gas is smaller than that of the f?ed
gas and the recycle gas, it is necessary to cool the recycle gas to T Nr)

The temperature T(Nr) of the gas leaving the recycle gas cooler is cal-
culated from the heat balance around the mixing point as

) () ef o= 7

ci P41 LC, c - D)
1 it i=1 1t i

NONE

P, i (8-4)
1

=3
™Mo
N~ o

i 1
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The size of the recycle gas cooler producing 400 psia steam is
calculated from TWNE by the same procedure used in the intermediate
cooler. The size of the recycle pump is calculated based on the pressure
drop in the reactor and the flow rate of the recycle gas.

TABLE 8§-1 OPTIMUM PROCESS CONDITION

IN TWO DIFFERENT FEEDS FOR
RECYCLE SYSTEM

Intermediate GO High CO

Inlet temperature, °F
Qutlet temperature, °F
Inlet pressure, psig
Qutlet pressure, psig
Number of reactors
Reactor diameter
Rezctor height, ft.
Catzlyst welght, lbs.
Space velocity, he.—Ll

Heat transfer surface area of preheater, ft. 1,

1,
1,

28,

Heat transfer surface area of recycle

gas cooler I, ft.°

Heat trznsfer surfaae area of product

gas cooler I, ft.

8,

Heat trznsfer surface area of product

gas cooler II, fe.2

11,

Heat trzosfer surface_area of product

gas cooler IIL, ft.

Flow rate of treated water in heat

exchangers. 1b./hr.

Flow rate of spent water in heat :
; 1,236,

exchangers, 1b./hr.

320,

Flow rate of 400 psia steam im heat

exchangers, 1b./hr.

108,

Flow rate of 35 psia steam in heat

exchangers, 1b./hr.
Becycle ratio

95,

Flow rate of treated water in recycle

gzs cooler, I1b./hr.

Flow rate of 400 psia steam from recycle

gas cooler, 1b./hr.

oL

Based on inlet condition.

19,

(550°F, 1065 psia)

100
100
050
000

4

5

6
030
882
593

500
775
900
000
170
330

330

100

100

1,050

1,000

8
.8 6.0
.02 5.95

58,730

484

6,140
10,150
15,630
21,195

317,930

1,316,140

178,330

139,670
.7796 2.911

147,860

147,860
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(2) Effect of Temperature of the Feed Gas on Total Equipment Cost

In the optimization of this process, the decision variables
considered are the reactor diameter, the inlet and outlet temperature

of the gas T(l) and TN, and the number of reactors in parallel.
In the recycle system, volumetric flow rate in the reactor and
consequently the reactor diameter is so large, especially for the
high CO case, it is necessary to find the optimum number of reactors
for this case. 1In the cost estimation of this process, as the number
of reactors is increased, $8,000 per each reactor is added as the costs
of control valves and other instrumentation.

. (1)

However, as the temperature difference between T and T
increases, the recycle gas rate is decreased, reducing the reactor
cost, catalyst cost and recycle pump cost. Therefore, the optimum
gas temperature at the reactor inlet is 550°F for each CO case and the
oprimum gas temperatures at the outlet of the reactor are 850°F for the
intermediate CO case and 810°F for the high CO case, respectively.

Consequently, the remaining decision variable, the numbers of
reactors in parallel, and the reactor diameters are searched in the
optimization study of this system.

(3) Results

Figure 8-1 and 8-2 show the effect of the reactor diameter on the
total equipment cost with the number of reactors as parameter for
the intermediate CO case and the high CO case, respectively. From
Figure 8-1, the optimum number of reactors in parallel is seen to be 4,
and the optimum reactor diameter to be 5.8 ft. for the intermediate
CO case. From Figure 8-~2, the optimum number of reactor and the reactor
diameter for the high CO case are 8 and 6.0 ft., respectively. Comparing
Figure 8-1 with 8-2, a considerable effect of the number of reactors
in parallel on the total equipment cost is noted for the cases where
large diameter reactors are used. The differences between the optimum
equipment cost for one reactor and that with optimum number of reactors
in parallel are $190,000 for the high CO case, but only $13,000 for the
intermediate CO case. Table 8-1 and 8-2 list the optimum operating con-
ditions and the optimum equipment costs for the recycle systems.

From Table 8-2, the reactor and catalyst costs for this system are
seen to be most expensive among the three systems. In addition, recycle
pumps are also considerably expensive resulting in the highest total
equipment cost among the three systems investigated.
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TABLE 8-2 OPTIMUM EQUIPMENT COSTS IN TWO
- DIFFERENT FEEDS FOR RECYCLE SYSTEM

Intermediate CO High CO
Catalyst, 3 70,080 $ 146,830
Reactor and tray, $ 169,970 363,560
Valve and flow meter, $ 48,000 80,000
Preheater, $ 28,540 0
Recycle gas cooler, $ 0 60,930
Product gas cooler T, § 73,170 80,880
Product gas cooler IT, $ 87,840 103,030
Product gas cooler III, § 117,990 122,230
Recycling compressor, $ 81,000 244,000
Total equipment, § 676,590 1,201,460
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9. DISCUSSION OF RESULTS

(1) ‘Comparison of the Equipment Costs for the Three Different Feeds
1. Heat Exchanger Costs

For heating and cooling of the process fluids, preheaters, product
gas cooclers, intermediate coolers, recycle coolers and embedded fin
tubes are used. The preheater cost for the heat extraction system is
more expensive among the three systems considered. This is because the
entire feed gas must be heated to the required inlet reactor temperature.
In the cold quench system, only a fraction of the feed gas is preheated
while in the recycle system, the preheater is not needed except for the
intermediate CO case.

It appears evident that the cost of the product gas cooler is
highest for the recycle system and is lowest for the heat extraction
system. For the cold quench system, the cost of the product gas cooler
depends largely on the fraction of the feed gas introduced to the top
of the reactor, A!, and is in general between that of the recycle
system and the hedat extraction system. As to the costs of the fin tubes,
intermediate coolers and recycle gas coolers, they are related to the
amount of heat removed during the reaction and therefore are higher
as the CO content of the feed gas is increased.

2. Catalyst and Reactor Costs

It is readily seen that the catalyst cost for the heat extraction
system is the cheapest and that for the recycle system is the most
expensive among the three systems. The catalyst cost for the cold
cuench system ranks in the middle of the two, leaning closely to that
of the heat extraction system. In contrast to the lowest catalyst
cost for the heat extraction system, the reactor cost is larger than the
cold quench system because a large reactor volume is occupied by the
embedded fin tubes. However, for the high CO case when three reactors
are needed to accomplish the cold quenching, the reactor costs of the
two systems becomes approximately the same.

The reactor cost for the recycle system is the highest since the
catalyst volume required is the largest among the three systems.

In view of the high reactor and the catalyst costs as well as the
high recycle gas compressor cost in the recycle system, this system
is the least economical system.

Figure 9-1 shows the relation between the total equipment cost
and the concentration of CO in the feed gas. From this figure, it may be
concluded that the cold quench system is the most economical system among
the three systems for the intermediate CO case and the high CO case.
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Although in this study the feed gas is assumed to be available
at a temperature of 100°F and a pressure of 1065 psia, the optimum
temperature and pressure are largely affected by the undecided choice
cf the primary gasification phases and to a lesser extent by the eas
purification phase and the water-gas shift reaction phase which preceeds
rhe methanation phase. It is therefore necessary to study how the feed
gas temperature and pressure will affect the equipment cost and what the
optimum temperature and pressure should be as far as the methanation
process 1s concerned.

Figure 9-2 shows the relation between the total equipment costs
and the feed gas temperature for the low CO case in the adiabatic
reactor and for the intermediate CO.case and the high CO case in the
cold quench systems.

(2) Effect of Pressure of the Feed Gas on Total Equipment Cost for
Two Different Product Gas Heating Values

Figure 9-3 shows the relation between total equipment cost and
the pressure of the feed gas with the feed CO composition as parameter.
Since it i1s necessary to maintain the outlet product gas pressure above
1000 psig in order to meet pipeline transportation, the product gas must
be compressed to this pressure when the gas effluent from the methanation
reactor does not have enough pressure to meet this requirement. The
operaring pressure of the primary gasification system has the predominating
effect on the compressor requirements, compressor placement and the
methanation reactor pressure so that the methanation processes cannot be
optimized without the selection and co-optimization of primary gasification.
However, the compressor cost is by far the largest portion of the total
equipment cost. If we neglect the cost of compression, Figure 9-3 shows
that the equipment cost decreases with pressure of the feed gas.

The product gas having the heating value of 900 Btu/S.C.F. is believed
to be enough to meet pipeline gas qualities. 1Its total equipment cost
versus feed CO composition with pressure of the feed gas as parameter
is also shown in Figure 9-3.

(3) Pzrameter Sensitivity Analysis

In this study, the optimum conditions (decisions) are obtained
based on rhe specific values of system parameters which characterize
the performance (kinetic constants, heat transfer coefficient,etc.)
t> minimize the total equipment cost (the objective function). The
values of these parameters are usually obtained from the experimental
studies or from careful evaluations based on established correlations.
Often these values are somewhat inaccurate due to lack of time and
funds required for an accurate evaluation. If the performance of the
gystem under the optimal conditions is significantly dependent on these
parameters, and if these values are uncertain, the actual system
performance may deviate considerably from the specification. Therefore,
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to ensure a better system performance, it is necessary to analyze how
censitive the system parameters are to the objective function (total
equipment cost).

The sensitivity. of a given parameter, ¢, is defined [16] as
o=[-al /[(B-8/8] (9-1)

The result of parameter sensitivity study on the total equipment
cost bzsed on the low and the high CO cases for optimum methanation
processes is shown in Table 9-1. _ Among the parameters studied, the
maximum zllowable temperature, TN, is a moderately sensitive factor,
particularly for the high CO case. This means if the maximum allowable
temperature could be higher than 850°F, the total equipment cost may be
decreased, provided of course that the equilibrium hindrance is avoided
by cooling the gazs near the exit of the reactor. From the heat removal
point of view the maximum temperature at which the catalyst can be operated
without deactivation due to local sintering or carbon deposition,
should be as high as possible. However, high temperatures also limit the
material for comstruction of the reactor and equilibrium concentration
for methane. Therefore, further study of catalyst reactivity, durability
and regenerability are required.

Since the heat transfer coefficient is directly related to the cost
of heat exchangers, an increase in the heat transfer coefficient will
directly decrease the toal equipment cost, particularly for the low
CO case. Among the heat transfer coefficients studied as shown in
Table 9-1, the coefficient of the product gas cooler III seems the most
sensitive ome, this is due to its large heat tramsfer area required.
Comparatively speaking, the heat transfer coefficients are least semsitive
among the parameters studied.

The kinetic expression seems to be the most sensitive factor among
the parameters considered for both the low and the high CO cases.

Other factors studied gave negligible sensitivities on the total
equipment cost.

(4) TUncertainty Analysis of Kinetic Expression

Lacking the relieble experimental data, it is difficult to obtain
an accurzate kinetic rate expression. However, in the previous section,
the frequency factor, k, and the orders of the reaction, m and n are
found to be very semsitive, therefore it becomes necessary to study how
the optimum policy changes over a range of uncertainty in k, m and n.

In this analysis, a range of uncertainty in the kinetic rate
expression is obtained based on the positive and the negative maximum
deviations in the Arrheniue plot. The orders of reaction m and n are
varied from 0.2 to 0.4 and from 0.6 to 0.9, respectively. The optimum
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TABLE 9-1 PARAMETER SENSITIVITY ON
TOTAL EQUIPMENT COST
OF OPTIMUM METHANATION PROCESSES

Sensitivity
Parameters
Low CO High CO
vt - -0.051
pll ~0.103 -0.087
gttt ~0.196 -0.104
U, -0.131 -0.051
4 -6
" -0.263 x 10 -0.13 x 10
-2 -3
0 0.398 x 10 0.486x 10
™ -0.175 -0.331
Tt - 0.161
70 — 0.077
*
K -0.155 -0.126
*
m -0.435 -0.357
0" -0.764 -0.627
*
Based on the rate equation:

T
CH,

=k e

-E/RT .m .n
PHZ Pco
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reacror design as well as the total equipment cost for various sets of
m, n and the corresponding maximes and minima values of k for the low
CO case are shown in Table 9-2.

The result indicates that the range of uncertainty in the rate
expression can czuse the total optimum equipment cost to vary from
$490,200 when the minimum rate expression’is used to $287,900 when the
maximum rate expression is used. For othér rate expressions inside the
range of uncertainty, the cost falls between them. Since the optimum
design is considerably affected by the kimetic rate expression, a
more extensive investigation of the reaction kinetics and further development
of improved catalyst are necessary for methanation reaction. The
dependency of the rate equation on concentration and temperature should
be more firmly established. :

(5) Use of Hershaw Ni-0116T - 1/8" Catalyst

Instead of Harshaw Ni-0104T - 1/4", Harshaw Ni-0116T - 1/8" catalyst
pellet may be used. The pressure drop across the reactor bed and the
kinetic rate expression are affected and therefore must be adjusted.
Again it is rather difficult at present to obtain an accurate rate
equation, & rough correlation is obtained. The orders of the reaction
are considered to be the same and a value of 240 for the frequency
factor, k, is used. The optimum reactor design as well as the total
equipment costs for the low CO case for the adiabatic reactor system and
for the high CO case for the cold quench system are shown in Table 9-3.
Apparently, the reactor diameters are about the same and the reactor
heights are about halves as those when 1/4" pellets are used. This is
due to the pressure drop across the reactor bed being twice as big as
previous case. The total equipment cost is also slightly decreased in
betrh cases., :

(6) Feed with CO Composition Higher Than 15%

Since the experimental kinetic data are available only up to 15%
of feed CO concentration, the present optimization study is restricted
within this range. However, when the feed GO composition is higher
than 15%, reactors with better heat removal systems must be considered.
One of the ways to reach better heat removal is to utilize the sprayed
catalyst on hezt transfer surface to facilitate quick removal of heat.
Also, there is the hot-gas-recycle system in which two methanators are
usad. The bulk of the methanation, 80 to 90 percent conversion of the
feed gas, occure in the main reactor over steel catalysts; the remainder
of the methanation occurs in the second reactor over a Raney nickel
catalyst.

In order to obtain a rough estimate of the total equipment cost
for the feed CO concentration higher tham 15%, a feed containing approxi-
mately 20% of CO0 is studied. Since a large amount of heat is generated
in the reactor, the heat extraction system is poor for the heat removal
under this condition and the cold quench system is difficult due to the
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TABLE 9-2 UNCERTAINTY STUDY OF KINETIC RATE EXPRESSION F
OPTIMUM METHANATION PROCESSES IN LOW CO CAS

OR
E

Reactor Diameter Reactor Height

Total Equipment

k m n ft ft cost, dollar
100 0.3 0.7 6.1 11.3 366,000
110 0.3 0.7 6.0 10.7 355,800
120 0.3 0.7 5.9 10.1 348,600
130 0.3 0.7 5.8 9.7 343,160
140 0.3 0.7 *5*7* 9.3 338,230
200 0.2 0.6 6.8 18.15 441,200
148 0.2 0.6 7.1 22.4 490,200
% % %
142 0.2 0.9 5.4 7.17 317,940
104 0.2 0.9 5.7 8.75 334,570
* k %
157 0.4 0.6 5.4 7.58 320,360
115 0.4 0.6 5.7 9.25 337,720
* &k %
85 0.4 0.9 4.8 3.5 287,900
62 0.4 0.9 5.0 4.2 295,100
TABLE 9-3 OPTIMUM REACTOR DESIGN AND TOTAL EQUIPMENT
COST IN TWO DIFFERENT FEEDS FOR TWO DIFFERENT CATALYST
LOW CO HIGH CO
Ni-0104T Ni-0116T Ni-0104T Ni-0116T
1/4" 1/8" 1/4" 1/8"
First Reactor
Diameter, ft. 5.9 5.9 6.2 6.2
First Reactor
Height, ft. 10.1 5.2 3.4 2.1
Second Reactor
Diameter, ft. - -— 6.6 6.8
Second Reactor
Height, ft. - - 3.0 1.5
Third Reactor
Diameter, ft. - - 7.2 7.2
Third Reactor
Height, ft. - - 8.5 4.42
Total Equipment
Cost, $ 348,600 315,650 677,320 627,840
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1

zct that the reactor temperature quickly reaches the maximum allowabl
reactor temperzture causing the cold shot difficulty. Besides, the
remperature difference between the catalyst surface and the bulk gas

phase could become excessive due to the large reaction heat generated.

The "temperature run—away" may cause the catalyst sintering and the

carbon deposition. A recycle system is therefore comnsidered. The .

flow rate and composition in both feed and product gases are listed in
Table 9-4. Assuming that all the properties including kinetic rate
expression used in the previous optimization study can be applicable

and the exit reactor temperature is changed to 790°F due to the equilibrium
hindrance, the system is optimized by the similar way as used in the

high CO case for the recycle system. Figure 9-4 shows the effect

of the reactor diameter on the total equipment cost with the number of
reactors in parallel as parameter. In the cost estimation, as the

number of reactors is increased, $8,000 per each reactor is added

ag the costs for comntrol valves and other imstrumentation. The

optimum number of reactors in parallel is seen to be 16, the optimum
reactor diameter to be 5.8 feet, and the optimum reactor height is

4,75 feet. The optimum total equipment cost is $1,799,780 and is

much larger than the previous cases studied.

(7) Miscellaneous

In this study, only the equipment costs are considered in the
objective function due to the difficulty in estimating the costs of
various feed gases which depend greatly upon the primary gasification
phzses. After the optimization of the other sub-system, such as the
primary gasification phases, purification phases and other necessary
phases has been completed, the overall plant optimization must then
be performed.
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TABLE 9-4 FLOW RATES AND CONCENTRATION OF FEED AND
PRODUCT GASES FOR THE FEED CONTAINING
APPROXIMATELY 20% OF CO

Feed Gas

Product Gas

[1b.mole/hr.] [mole %] [1b.mole/hr.] [mole %] (dry base)

CH4 8,267.1 17,200 17,822.2 92.100
co 9,574.5 19.920 19.3 0.100
H, 29,357.6 61.080 692.3 3.577
co, 96.1 0.200 96.1 0.497
HZO 48.1 0.100 9,603.2 0.000
N2 721.0 1.500 721.0 3.726
Total 48,064.4 100.0 28,954.1 100.0
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10. CONCLUSION

catalytic reactors have been examined. They
system, the heat extraction system, the cold
system. The heat exchanger optimization has
the fact that it occupies a major portion of
The following conclusions are drawn from the

contains a large amount of CO.

a product gas equivalent to the pipeline gas

needed. Among three systems considered, the

The above analysis is based on the feed

of 850°F.

easiest to control, particularly when the CO

An optimization study of methanation processes in the coal
gasification plant has been performed. Three different feed compositions,
namely the low CO case, the intermediate CO case and the high CO case
have been considered. Four different systems employing fixed bed downflow,

are the adiabatic reactor
quench system and the recycle
also been simulated due to
the total equipment cost.
results of the study.

1. Owing to the extremely large heat of reaction, removal of heat
from the reacting gas is the major problem associated with methanation
process. The cost of equipment involved in heat removal such as heat
exchangers, etc., occupies a major portion of the total equipment cost.
The problem of heat removal becomes more complicated when the feed gas

2. In the low CO case, since CO concentration in the feed gas is
less than 4.6%, an adiabatic reactor system is sufficient to achieve

quality. The consideration

of other systems is unnecessary. The adiabatic reactor system then
becomes the optimum system for the low CO case.

In the intermediate and high CO cases, since CO concentration
in the feed gas is over 4.6%, some devices for removal of the heat are

cold quench system offers

the least total equipment cost followed by the heat extraction system.
The recycle system is by far the most expensive system.

gas temperature of 100°F,

the inlet reactor temperature of 550°F and the maximum reactor temperature

3. Among three systems considered in the intermediate and high
CO cases, from the total equipment cost point of view, the heat
extraction system is not too far away from the cold quench system, but
from the maintenance and operational points of view, the heat extraction
system is not easy to control during the operation and may become unstable
when small disturbances in the operating conditions are present.

The recycle system on the other hand may be most costly, but is

concentration in the feed

gas is high and when the gas distribution through the catalyst bed is

not uniform.

4. The total equipment cost is also affected by the feed gas
temperature and pressure. There is an optimum feed temperature for a
given concentration. The optimum feed gas temperature for the low CO
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case is 200°F, for the intermediate CO case is 250°F and for the high

CO case is 300°F. Since the smaller volumetric flow rate would signifi~
cantly reduce the cost of the compressor, the gas should be compressed

to meet the pipeline gas specifications after the methamation process and
the feed pressure to the methanation process should be as low as possible.

5. The minimum total equipment costs for the methanation processes
are $348.6 x 103 for the low CO case employing the adiabatic reactor
system, $477.67 = 103 for the intermediate GO case and $677.32 x 103
for the high CO case both employing the cold quench system.

6. Sensitivity analysis of the system parameters shows that the
accuracy of the kinetic rate constants and the orders of reaction would
hevs some effects on the total equipment cost. Also the maximum
allowable temperature does have moderate effect on total equipment
cost. The heat transfer coefficients are comparatively less sensitive.

7. lUncectainty study of uncertainty of kinetic rate expression demonstrates
how the optimum reactor design ana the total equipment cost change over
the ranges of uncertainty inm the frequency factor, k and the order of
the rezction, m and n. The result indicates that the kinetic rate
expression zreatly affects the optimum design of the processes and a
more extensive study of the methanation reaction kinetics is needed.

S. 1Instead of Harshaw Ni-0104T - 1/4" catalyst, Harshaw
N1-0116T - 1/8" catalyst pellets are used to optimize the processes by
adjusting the kinetic rate expression -and using the same operation
conditions. The result shows that the pressure drop across the reactor
bed causes the reactor height to reduce to one half of -the previous
cases., The optimum rezctor diameter is about the same.

9. Since the experimental kinetic data are available only up to
15% of feed CO conceantration, the present optimization study is
restricted within this range. If the feed CO composition is higher
than 15%, reactors with better heat removal systems, such as utilizing
the sprayed catalyst on the heat transfer surface to facilitate the
quick removal of heat and the hot-gas-recycle system should be
considered.

Assuming that the kinetic rate expression used in this study is
applicable, the recycle system is optimized employing a feed containing
approximately 20%Z of CO. The optimum number of reactors in parallel
is found to be 16, the optimum reactor diameter of 5.8 feet, and the
optimum reactor height of 4.75 feet and the optimum total equipment
cost of 51,799,780 are obtained from the results.
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SYMBOLS
heat transfer area

total heat transfer area of fin tube in n-th cell

heat transfer area of first, second and third
product gas cooler, respectively

bare tube heat transfer area of fin tube
brake horse power

brake horse power of recycie compressor
baffle spacing

installed cost of heat exchanger per unit heat
transfer area based on outside

concentration of product gas in bulk of gas phase

cost for supplying one ft.-1b. force to pump fluid
flowing through inside of tubes

height of an unit cell

cost for supplying 1 ft.-1b. force to pump fluid
flowing through shell side

heat capacity of gases

molar heat capacity of i~th component at
temperature T(I)

heat capacity of product gas at temperature T(I)
heat capacity of water

zost per pound of material used for construction
of reactor shell

concentration of product gas at surface of catalyst

total annual variable cost
cost year index
inside diameter of reactor

equivalent diameter for heat transfer tube

50

(£e.%)

(ft.z)

2

(ft.7)

2

(ft.
(HP)
(HP)

(ft.)

(s/£t.%)

(1b.mole/ft.

($/ft.-1b.force)

(ft.)

($/ft.1b.force)

(Btu/1b.°F)

(Btu/1lb.mole*F)

(Btu/1b.°F)

(Btu/1lb.°F)

($/1b.)
(l1b.mole/ft.

($/years)



inside diameter of tube
inside shell diameter of heat exchanger
diameter of catalyst particle

efficiency of longitudinal joints
or mechenical efficiency

catalyst cost

compressor cost

recycle compressor cost

embedded fin tube cost

heat exchanger cost

power loss inside tube per unit of outside tube area
power loss outside tube per unit of outside tube area
reactor cost

cost of unit tray

total equipment cost

molar £low rate of CH4 at n—-th cell

molar flow rate of CO at n~th cell

molar flow rate of HZ at n-th cell

molar flow rate of CO2 at n—~th cell

moalr flow rate of HZO at n-th cell

molar £low rate of NZ at n—-th cell

total molar flow rate of feed gas

molar flow rate of i-~th compoment in feed,
product and recycle gas, respectively

molar flow rate of i-th component at inlet of
second and third reactor, respectively

flat blank diameter of top and bottom of domes
of reactor
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$)
(ft.1b.force/hr.ft.2)
(ft.lb.force/hr.ft.z)
%)

($/unit tray)

($)

(1b.mole/hr.)
(1b.mole/hr.)
(1b.mole/hr.)
(1b.mole/hr.)
(1b.mole/hr.)

(1b.mole/hr.)

(1b.mole/hr.)

(1b.mole/hr.)

(lb.mole/hr.)

(£t.)



correction factor on Atm

superficial mass velocity

shellside mass velocity

heat of reaction

hours of operation per year

hydraulic head

inside film heat transfer coefficient of tube
outside film heat transfer coefficient of tube
fluid-particles heat transfer coefficient
cost factor

heat transfer factor

mass transfer factor

ratio of specific heats

thermal conductivity of fluid

diffusion coefficient

annual fixed charges

mass transfer coefficient

equilibrium constant of methanation reaction
equilibrium constant of shift reaction

mass action law ratio
methanation reaction

of product gas in

effective thermal conductivity of catalyst particles
fluid-particle mass transfer coefficient

thermal conductivity of gas

thermal conductivity of catalyst

length of reactor

length of heat exchanger
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(--)

2
(1b./ft."hr.)
(1b./ft.%hr.)
(Btu/1lb.mole CH4)
(hr./year)
(ft.HZO)

(Btu/ft.2

hr.°F)
2 o
(Btu/ft.“hr.°F)

(Btu/ft.%hr.°F)

(=)

(-=)

(=)

(--)
(Btu/ft.hr.°F)
(£t.2/hr.)
(==

(lb.mole/hr.ft.zatm.)

(--)

(Btu/ft.hr.°F)
(ft./hr.)
(Btu/ft.hr.°F)
(Btu/ft.hr.°F)
(ft.)

(ft.)



average molecular weight of product gas
mean molecular weight of fluid

molecular weight of steam

number of trays

Prandtl number

design pressure

pressure drop per unit cell

pressure at suction to compressor

pressure at discharge from compressor
partial pressure of steam at surface of tube

logarithmic-mean pressure difference of
non-condensing gas

outlet pressure of reactor

inlet pressure of reactor

shell side pressure drop in heat exchanger
partial pressure of steam at. bulk fluid
vapor pressure of water at temperature L
partial pressure of steam in product gas
partial pressure of CO

partial pressure of HZ
total amount of heat generated in reactor

amount of heat removed from n-th cell

total heat transfer rate in heat exchangers

heat duties of first, second and third product

gas coolers, respectively
volumetric £flow rate

hezst flux accompanied with condensation
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(1b./1b.mole)
(1b./1b.mokte)
(1b./1b.mole)
(-=)

(==

(psig)
(1b/£t.2)
(atm.)

(atm.)

(atm.)

(atm.)
(atm.)
(atm.)
(psi)
(atm.)
(atm.)
(atm.)
(atm.)
(atm.)
(Btu/hr.)
(Btu/hr.)

(Btu/hx.)

(Btu/hr.)

(gal. /min.)

(Btu/hr.ft.z)



=

dw

n

Y
“CH

Pl

volume of gas compressed

recycle gas flow rate
resistance to heat flow due to scaling
distance from center of catalyst particle

reaction rate per unit catalyst particle

reaction rate

maximum allowable stress
specific gravity
temperature

inlet temperatures of first, second and third
reactors, respectively

outlet gas temperature from first and second
product gas coolers, respectively

outlet gas temperature from intermediate cooler
exit temperature of final reactor for high CO case
feed gas temperature

exit gas temperature of reactor

gas tempefature leaving recycle gas cooler
temperature at n-th cell

outlet product gas temperature from preheater

outlet feed gas temperature from preheater for
recycle system

temperature at suction to compressor

bulk gas temperature in reactor

thickness of reactor

surface temperature of catalyst particles
outlet coolant temperature of first, and third

product gas coolers, respectively
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(S.C.F./min.)
(§.C.F./min.)
(ft.zhr.°F/Btu)

(ft.)

1b.mole CH4

(hr.unit catalyst
lb.mole CH4

)

(hr. 1b. catalyst)

(psig)

CF)
(°F)
(°F)
(in.)

)

(°F)



(@ ;6

Y

inlet water temperature of first product gas cooler
temperature of treated or spent water
logarithmic-mean temperature difference

overzll heat transfer coefficients of first, second
and third product gas coolers, respectively

overall heat transfer coefficient of fin tubes
overall heat traunsfer coefficient of preheater
catalyst volume per unit cell
molar filow rate of product gas

flow rate of treated and process water in product
gas coolers, respectively

water flow rate through the first exchanger
catalyst weight

mass flow rate of feed gas

weight of reactor tube

flow rate of 400 psia steam and 35 psia steam in’
product gas cooler, respectively

equilibrium mole fraction of CH4
equilibrium mole fraction of H,0
equilibrium mole fraction of GO
equilibrium mole fraction o% Hz
equilibrium mole fraction of CO2
mole fraction of CH4 in product gas
mole fraction of HZO in product gas

mole fraction of CO in product gas

mole fractiom of H

s

2 in product. gas

conversion of CO to CH4 at inlet of second and
third reactors

total conversion of CO to CH4
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°F)
(°F)
(°F)

°F)

(Btu/ft.zhr}°F)

(Btu/ft.%hr. °F)

(£t.%)

(1b.mole/hr.)

(Ib./nr.)
(1b./hr.)
(ib.)

(lb;/hr.)

(1b.)

(1b./hz.)

(=)



Greek Letters

a, a

B,

8

objective function and that at optimum, respectively

system parameter subject to variation and a specific

value of system parameters, respectively
void fraction of reactor

internal porosity of catalyst

Lagrange multiplier

fraction of feed gas passing through preheater
heat of condensation for steam

gas viscosity

gas density

catalyst density

density of reactor shell

density of cooling water

sensitivity defined as [a - o/a] / [B - 8/ B8]
cost factor

(K-1) /K
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(Btu/1b.)
(1b./ft.hr.)

(1b./ft.3

)
)

)

(lb./ft.3

(1b./ft.3

(1b./ft.")



13.

14,

15.
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