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ABSTRACT

The synthesis of low molecular weight olefins (CZ-C4) from
hydrogen and carbon monoxide has been investigated over unsupported
jron-manganese catalysts. Nine iron-manganese catalysts with
different atomic ratios were prepared by coprecipitation of Mn/Fe
iron and manganese nitrates. Atomic absorption (AA) spectroscopy
was used to determine the catalyst compositions. The catalyst pre-
paration procedure which involved the addition of concentrated
ammonium hydroxide to a homogeneous mixture of iron and manganese
nitrates produced catalysts with reproducible atomic Mn/Fe ratios.

The major bulk phase of the calcined iron-manganese cata-
lysts was hematite (a-Fe203). No manganese oxide was observed due
to the low concentration of manganese in the catalysts. The average
particle size of hematite in the catalysts decreased as the atomic
ratio of Mn/Fe increased. In addition, the range of the crystallite
size of the a-Fe203 for these catalysts with Mn/Fe atomic ratios
ranging from 0 to 11.8/100 Qas 15 - 24 nm.

The catalysts were evaluated in a conventional bench-scale
fixed bed reactor system. A period of 12 hours was generally
required to stabilize the activity and selectivity of the iron-
manganese catalyst§ at the operating conditions investigated: 473 -
483 K temperature, 1465 kPa pressure, 2/]:H2/C0 ratio, and 1.08

cm3g°]s°] reactant gas space velocity. No evidence of catalyst
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.deactivation was deteéted during the deactivation experiments up to
forty hours on stream.

A catalyst reduct1on study w1th these iron-manganese
catalysts was carried out in a thermogravimetric analysis. (TGA}
system. A reduction in flowing hydrogen at 673 K and at the ambient
pressure for 8'hdurs was found to be sufficient to activate the

catalyst for the carbon monoxide hydrogeﬁation‘reactiqn. The tests
for the effects of the catalyst bed dilution on the Eatélysf activity
and the prqducf selectivity were also conducted in the fixed-bed
reactor by using inert Denstone 57 as the diluent material. The
experimental results indicated that a volumetric dilution ratio.of
Denstone 57/catalyst of 4/1 was effective in decreasing the‘heat
effect in the cata]yst.bed and modifying the CZ"C4 olefin prbduction
for the catalyst in thé CO hydrogenation. The experiments°on fhe

. influence of the catalyst pretreatment on the catalyst activity and
selectivity were carried out in the same reactor with flowing
hydrogen, carbon monoxide, and syhthesis gas (H2/C0 ratios of 1,

2, and 3) at 673 K for 8 hours. The data indicated that the |
hydrogen pretreatment résulted in a relatively more stable pattern

of catalyst activity, higher selectivity for Cs-Cy hydrccarbans

with olefin content (i.e., 70 mole percent) and lower tota!
production of carbon dioxide and methane.

The experimental resuits of the carbon monoxide hydrogenation

at the standard catalyst evaluation conditions (i.e., 2/1:H,/C0,

1465 kPa, 1.0 cmog 's™)

and 483 - 504 K) over a series of i?on-
manganese catalysts indicated that the catalyst activity generally
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decreased as the manganese concentration of the catalyst increased;
however, the Cz'-C4 olefin selectivity was significantly enhanced in
the presence of a small amount of manganese in the catalyst (i.e.,

2.5 Mn/100 Fe). The data on selective chemisorption of hydrogen

and carbon monoxide at 292 K for these iron-manganese catalysts
indicated that the CO uptake for the catalyst was much higher than the
H2 uptake. In addition, the increase in the manganese concentration
of the catalyst generally resulted in lower hydrogen uptake and

higher carbon monoxide to hydrogen atom ratio for these iron-
manganese catalysts. The ensemble effect and the electronic influence

of manganese oxide on iron were proposed to explain the variations in

the catalyst attivity and selectivity.



The Synthesis of Low Molecular Weight Olefins
over Coprecipitated Iron-Manganese Catalysts
Francis V. Hanson

. Alex G, Oblad
Introduction

The-catalytic hydrogenation of carbon monoxide for tﬁe. .‘
: prcdgétion‘of Tiquid hydrocarbons and oxygenatéa organic.chemica]s
has been extensively investigated siﬁce the p{oneering work of
Fischer and Tropsch.} Storch, et a1;2 and Andersén3 have published
_extensive reviews of the early work. The Fischer—Tropscy:synthesis
provided a significant portfon of the.essential liquid motor fuef;;
gasoline, and diesel fuel required by the German war machine dqrfﬁg
- the Second World War. The primary commercial cata1ysfs Qsed in the
German refineries were iron and cobalt. Afte% the war a number of
domestic research 1aboratories iﬁitiated research projects on the
Fischer-Tropsch synthesis processes. The increasing availability
‘of‘inexpensive petroleum crude in the early 1950s dissipated inter-
est in tﬁe Fischer-Tropsch synthesis due to its lack of economic

| viaﬁi]ity for the production of 1iquid fuels and chemicals from
coal rescurces. At.present, the only commercial application of
'Fischer—Tropsch synthesis technology is the Sasol plant in the
Republic of South Africa.4’5 '

The 1973 OPEC o0i1 embargo, the subsequent escalating costs
of crude petroleum. and the uncertainty of stable foreign petroleum
supb!ies brought -about a renewal of interest in devepring alterna-
tive fossii enérgy resources. This renswed interesf embraced

research and development activities aimed at praducing‘the



technology required for the utilization of oil shale, tar sands, and
coal.

Coal utilization studies included combustion, liquefacticn,
and gasification. The gasification of coal in the presence of steam
and oxygen produces a process gas stream containing high concentra-
tions of water, carbon dioxide, carbon monoxide, and hydrogen. The
hydrogen to carbon monoixide ratio of this stream can be adjusted
by the water-gas shift reaction to provide a suitable feedstock for
Fischer-Tropsch synthesis reactions to produce liquid motor fuels

3

and/or chemical feedstocks.” Thus the Fischer-Tropsch synthesis

provides an effective processing scheme for the utilization of coal
as an alternative to petroleum.
Low molecular weight olefins, such as ethylene, propylene,

and butylene, are some of the basic feedstocks for the pet}ochemjca1

6

industry.” These feedstocks are primarily produced from petroleum

sources; therefore the production of these olefins from coal via the
Fischer-Tropsch synthesis route would significantly impact the demand
for imported pétro]eum,crude and would improve the évai1abi]ity of
domestic crude oil for conversion into liquid motor fuels. Several
recent investigations have focused on the hydrogenation of carbon
monoxide to produce low molecular weight o]ef1‘ns.7"]4 Manganese
promoted iron catalysts have been shown to be highly selective for
the production of low mo]ecuiar weight o]efins10’1]’15'22 and
numerous investigations have reported on the iron-manganese catalyst

system.23'29

The objectives of this investigation were to determine the

influence of catalyst preparation, catalyst pretreatment/activation,



3
and process operating variab]és on the activity and selectivity of the
catalyst for the production of low molecular weight olefins and to
attémpt to define the role of manganese in promoting the synthesis
of low molecular weight olefins. Hydrogen and carbon monoxi de chemi-
sorption isotherms were used to correlate catalyst activity and

selectivity. .



EXPERIMENTAL

Preparation of Iron-Manganese Catalysts

The unsupported jron-manganese catalysts used in the investi-
gation of the hydrogenation of carbon monoxide to produce low
molecular weight olefins (cz-c4) were prepared by the coprecipita-
tion technique. Two series of catalysts were prepared to study the
effects of the preparation on the catalyst activity and the product
distribution.

Individual quantities of Fe(NO)4 - 9H,0 and Mn(N03)2
solution were measured out in the appropriate proportions to give
the desired Fe/Mn atomic ratio in the final catalyst. The iron salt
was dissolved in one liter of distilled water. The manganese
nitrate solution was then added to the aqueous iron nitrate solution
to fﬁrm a homogeneous mixture. The precipitated catalyst was formed
by adding the‘mixture slowly to one liter of ammonium hydroxide at
353 K. The solution was continuously stirred during the precipita-
tion and the PH value was maintained above 9 to insure the complete
precipitation‘ of the metals. The chemicals used were Fe(N03)3 - 9 H,0,
Mn(N03)2 solution (fifty volume percent), and concentrated ammonium
hydroxide (all purchased from J. T. Baker Chemicals Corporation).

After precipitation the catalyst was recovered by filtration.

The wet cake was washed with hot distilled water at 363 K and

filtered again. The wet cake was repeatedly washed until no trace of



nitrate ions was found in the filtrate. The nitrate ion test proce-

dures were reported by Sorum, et ai.‘rl

The wet cake obﬁained in the
final filtration was oven dried in air at 393 K for 16 hours.

The dried catalyst was then crushed to 24 - 32 mesh size before
loading into the reactor. |

Generally the YST series of Fe-Mn catalysts was prepared
according to the procedure outlined above. Catalyst YST-1 (pure iron)
was obtained starting from only iron nitrate. An atomic ratio of -
Mn/Fe of 3.0/100 was used to prepare catalysts YST-2 through YST-4.
However for catalyst YST-3 the iron nitrate solution was added to the
aﬁmonium hydroxide solutidn first and the manganese nitrate solﬁtion
Was then added during the precipitétion. The precipitation proce-
dures for catalyst YST-4 were just the reverse of those for catalyst
YST-3. The FT series of catalysts were prepared by siowly adding the
ammonium hydroxide solution to the solution of iron nitrate and
manganese nitrate at 353 K to precipitate the catalyst. The addition
6f ammonium hydrcxide was stopped when the pH value was above 9. i
The procedures employed for the filtration, washing, and drying sieps
were the same for all of the catalysts.

The actual compositions of the iron-manganese catalysts were
determined by using atomic abéorption (AR) spectroscopy. An
Insirumentation Laboratory Model 351 AA Spectrophotomster was emplgyed
»fof.the analysis. The atomic absorption anajysis included (1) the
instrument calibration with standard solutions; (2) the determina-
‘tion of absorption data for the cataiyst sampies;'and (3) the
interpretation of the experimental data to cbtain the cataiyst

‘compésitions. A detailed descriptidn of the opergting prbcedurés fof



the instrumentation was reported by Tai.19

Apparatus and Procedures

Fixed-bed Reactor System

A high pressure reactor system was used for the investigation
of the hydrogenation of carbon momoxide over iron-manganese
catalysts. The system was designed to operate at pressures up to
6.9 MPa and reaction temperatures up to 973 K. A schematic of the
bench-scale fixed-bed reactor system is presented in Figure 1.

The high pressure regulators (E) were used to adjust the up-
stream reactant gas pressures. All of the réactant gases were
passed through a Hoke 6 HD-500 sampling Eylinder (6) filled with 6 -
8 mesh activated charcoal pellets to remove metal carbonyl contami-
nants. The activated charcoal was régenerated periodically in
flowing hydrogen at ambient pressure and 423 K for 4 hours.

Reattant gases for the catalyst pretreatment were further passed
through two Mathesod purifier§ (H) (Models 64-1010 and 450) to remove
oxygen and water from the gas stream.

The flowrate of the synthesis gas wa§ measured with a high
pressure Hoke rotameter (K). A Union Carbide Model 4311-1 Tow
pressure flowmeter (I) (maximum operating pressure 1.4 MPa) was used
to adjust the flowrate of the reactant gas at ambient pressure for
the catalyst pretreatment. A1l of the flowrates were also controlled
with a Union Carbide Model FM 4550-12 C mass flowmeter (V) (maximum
operating pressure 10.4 MPa). The mass flowmeter was calibrated at
different flowrates for a variety of HZ/CO ratios and pressures. The

reactor was heated by a Lindberg Model 54331 single-zone tube
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furnace (N) with an inside diameter of 6.25 cm and a length of 30.48
cm. The maximum bcwer of the furnace wés 1600 watts and its maximum
. operating temperature'was 1273 K. A Love Model 522 Temperature

- Controller (M) was used to adjust the furnace temperature. The

- effluent from the reactor was depressurized to ambient pfessure

1 througn a Grove Loader Model S-91-W back pressure regulator (G). The
product stream was passed through a Tiquid trap (Q) and a co1d trap
 (R) at ambient pressure to collect the liquid products and water.
Each trap was fabricated from a Whitey Model HDF4—150 ‘sampling -
cylinder. Heavy duty Braskeat heating tapes {U) were wrapped around
the tubing between the reactor and the cold trap to prevent the con-
densation of liquid product and water on the tubing wall. The_f1ow—
‘rate of the condensable-vapor-free gas stream was measured by a wet
test meter (T). The helium gas (C) at 6.9 MPa was used’tolperform
the leak-free test. for the system. The premixed synthes1s gases (D)
and carbon monoxide (B) were purchased from the L1nde Spec1a1ty Gas
Division of the Union Carbide Corporation. Helium, hydrcgen,_and
nitrogen that was used to supply the reference gas pressure for the
Grove Loader back pressure regulator were obtained from the Stores
and Recefving Department of the University of Utah.

The fixed-bed reactor assembly (an axial side view) is pre-
sented in Figure 2. The reactor wat made of a 39.4 centimeter-long
316 stainless steel fube with an cutside diameter of 2,54';m and an
inside diameter of 1.27 am. A 2.54 cm-thick aluminum sﬁie1d'was
placed arocund the reactor tube to maintain the even temperature
distribu;ion.'.The dénse-packed catalyst bed was arranged approxi-.

mately in the center region of the reactor. Inert Denstone 57 ceramic



Figure 2

Axial Cross Section of the Fixed-bed Reactor
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12.

spacers with sizes larger than 24 - 32 mesh were placed above and below
the catalyst zoné and served as the preheater and the support material
for the catalyst bed. Premixed catalyst and Denstone 57 particles

of 23 - 24 mesh size were loaded into the reactor for the diluted bed
experiments. The loading technique was capable of providing a well
mixed bed of the two components. A 304 stainless steel tubing with an
outside diameter of 0.32 cm was placed along the axis of the reactor as
a thermocouple well. A movable J-type thermocouple with a length of
60.96 cm and a sheath diameter of 0.102 cm was used to measure the
temperatures at different axial positions in the reactor. The reactor
temperature readings were indicated by an Omega Model 199 temperature
readout. A J-type thermocouple attached to the aluminum shield was
also used as the control thermocouple. The inert Denstone 57 ceramic
particles"were purchased from Norton Chemicals Company.

The iron-manganese catalysts were activated prior to the
activity and selectivity tests. In the initial siages of this inves-
tigation the catalyst was pretreated in flowing hydrogen at 773 K and
ambient pressure and at a hydrogen space velocity of 0.3 cm3g'1s’]
for 20 hours. However the in-situ hydrogen reduction at 673 K
for 8 hours was later adopted and the standard reduction procedure
due to the results of the catalyst reduction study. In the experi-
ments to determine the effects of the catalyst pretreatment carbon
monoxide and synthesis gases of H2/CO of 1, 2, and 3 were also used.
The pretreatment gas flow was set on the mass flowmeter after the
reactor system was assembled. The system was raised to the desired
pretreatment temperature (i.e., 673 K or 773 K) in about 60

minutes. After the flowrate of the pretreatment gas and the



pretreatment temperature were established the catalyst was activated
-for the desired period of time (i.e.., 20 hours or 8 hours). After
' the pretreatment was completed the catalyst was cooled to the -
.reaction temperature (e.g., 483 K) in the flowing pretreatment gas.
When the desired reaction temperature was reached the pre-
treatment gas flow was discontinued; The nitrogeﬁ‘pressure in the
| ;Grave Loader back pressure reguiator was set at the value slightly
lower (i.e., 68.9 kPa lower) than the desired system pressure. The
reactant synthesis gas was passed through the system and the flow-
rate was set on the mass f?owmeter._ The system pressure was then
"sTowly increased to the desired value. The temperature for the
heating tapes was adjusted at 393 K. The system was aliowed to
stabilize for 30 minutes before the product analysis. In the
. event of changing the set value of process variables {i.e., flowrate,
pressure, and temperature) the corresponding control devices were
adjusted accordingly and the system was then stabilized for thirty
mjnutes before the product analysis. After the catalyst evaluation
was completed the pressurse of the reactant gas was releaséd sTowly
and the reae%gr-was-eealgé to room temperature. |
| The analysis of gas Sampies from the experiment was perfdrmed
by using a Hewlett-Packard 5830A Gas Chromatograph with helium as the
carrier gas. Two stainless steel columns of 6.1 m x 0.3175 cm with
Chromsorb 102 80/100 mesh powder were used. The flowrates of theé
helium gas in both columns were set at 45 comin™ ', A thermal con-
ductivity detector (TCD) and a flame ionization detector (FID) fn
series were used alternately for the analysis of hydrogen, nitrogen,

carbon monoxide, carbon dioxide, water {by TCD), and hydrocarbons (by

13
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FID). A time/temperature program was developed for the analysis in
this study. Appendix A lists this program with the operating condi-
tions for the gas chromatograph.

Two conversions and selectivities were calculated with a
computer program based on a carbon atom balance. A BASIC computer
program "YST" was developed for this investigation. This program is
currently stored in the computer system of the University of Utah
Computer Center. The éomputer program and a typical data printout
are presented in Appendix B.

The carbon monoxide conversion and the selectivities for the
different products were calculated as follows; that is, {all

components are on a molar basis)

10 10

Xo = C0 + co, + i£1 1C.ii-!2].+2 + 151 TCiHZi + z‘Alcoho1s (6)

(a1l in the product gas)

10 10 '

Y = Co, + 121 iCiHys o t i§1 iCiHyy + 2 Alcohols (7

(all in the product gas)

XI - (Xo “Y)
CO Conversion (input - output basis, %) = 5 . 100 (8)
I

€O Conversion (output basis, %)

f
—
-
~
><

[}
—
L]
—d
o
[en)

(9)

Carbon Atom Material Balance = ————2 - 100 (10)



CQ2 in the product gas
C02 - Y . 100

a
1

CHy in the product gas
CH4 = Y - 100

a2
|

C2 -C4 in the product gas

Cy-Cy % = . - 100
. .
tao. 'Cs in the product gas 00
C5 v
RoH ¢ = ROH in t?e product gas . 100
Qiefin

“Fararrin (O/P)

CZH4%x 2+C3H6%x3+ (1C4H‘8%+ ZC4H87i) x 4
- — = .
CZHB%x2+ C3H8%§3+(nC4Hm%+ 1C4Hm,a) X 4

In the above equat'ions', X1 is the total amount of carbon
monoxide that fiowed into the system per unit time, Y is the total
carbon product yield in the exit gas per unit time, and -X f‘s the
summation of the total carbon in the products and the uncreacted
carbon monoxide in the exit gas per unit time. The (‘,s fraction is
tne yield of hydrocarbon products containing five carbon atoms or
more in the exit gas. The olefin/paraffin ratio is O/P in thel

C2 -Cg hydrocarbon fraction.

The response areas of one cubic centimeter of nitrogen,

(11)

(12)

(13)

(14)

(15)

(16)

carbon monoxide, carbon dioxide, and the hydrocarbon products from

the reaction were calibrated with standard gases. The relative
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response factors were obtained for the computer program. Pure carbon
monoxide and methane were used as the calibration standards for the
TCD and FID detectors, respectively. The response areas from 1

cubic centimeter CO and 1 cubic centimeter CHy were fed to the
computer program for the calculations of all of the response areas of

the products.

X-ray Diffraction Crvstallography (XRD)"

The X-ray diffraction technique was used to identify the
major phases and to estimate the average particle size in the pre-
cipitated iron-manganese catalysts. The unreduced catalysts were
calcined at 573 K in a muffle furnace for 16 hours prior to the
experiments. A Phillips Norelco Electronic Instruhent X-ray Diffrac-
tometer was used in the study.

The calcined catalyst was ground to a fine powder (smaller
than 200 mesh) using a mortar and pestle. The fifiely powdered
catalyst samples were placed in an a]uminum'sample holder. The top
- of the holder was smoothed with a spatula to obtain an even surface.
The incident beam was CuKa X-ray radiation with a wavelength (1) of
0.15405 nm. The diffracted X-rays were detected by an ionization
chamber which could be rotated to determine the angle for construct-
ive interference and the Bragg equation was used to determine the
atomic innert layer spacing. The intensity of the diffraction X-rays
were indicated on a chart recorder as the goniometer was rotated.
The chart speed was synchronized with the rotation of the gonio-
meter so that a plot of intensity versus angle could be obtained.

The catalyst sample was examined from 20° to 80° (26) using a scan
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1. Pure hematite (a-F6203) was also scanned to

speed of 26 = 2°min”
provide as a standard for the identification of the peaks.” Peak
positions for the sample were comparsd to spectra for pure hematite
and the interplanar spacings listed in the ASTM diffraction files.
X-ray line broadening was used to estimate the crystallite
size of a-Fe203. This technique is applicable to the crystailites in

. the size range 3.0 -50 nm. The estimation was made according to the

Scherrer's equation as foﬂows:s8

_ e 2
Bg = Bexp = Blnst (7

[m %
o
I

ka/(B4 cos o) o - (?8)

where

Bd is the true Tine width due to particle size broadeninglat

one half maximum intensity, 1/2 Iiax (radian),
Bexp is the experimental line width at 1/2 Imax forAthe |
sample,

BInst is the instrumental line width,

k is shape factor, egqual to 0.9,

¢ is diffraction angle (radian).

A is wavelength of X-ray (nm),

Eé is the average crystallite size (nm).

BInst was obtained by measuring the line width at 1/2 Imax for pure

hematite. |,



Thermogravimetric Analysis (TBA) System

A thermogravimetric analysis system was used for the catalyst
reduction study to determine an optimum reduction temperature for
the Fe-Mn catalysts. A flow diagram of the system is shown in
Figure 3. A DuPont Model 951 TGA (E) and a DuPont Model 990 Chart
Recorder (G) were used for the analysis. The hydrogen and helium
gases were purified by a Matheson Model 8362 hydrogen purifier (B)
and a Matheson Mode1l8301 Hydroxpurifier (C), respectively. A1l of
the gases used were initially passed through a 5A molecular sieve
trap for moisture removal. The helium gas was obtained from the
Stores and Receiving Department of the University of Utah. The ultra
high purity (99.995 % purity) hydrogen gas was purchased from the
Linde Specialty Gas Division of Union Carbide Corporation. Air,
nitrogen, dnd oxygen gases of ultra high purity (99.995 %) were
obtained from Matheson Gas Company.

The catalyst weight used was generally between 25 to 45 mg.
The catalyst sample was loaded into the boat of the TGA. The flow-
rate of the purified reactant gas was adjusted at 50 cm3min'] with
a bubble flowmeter (F). The chart paper and pens in the recorder
were set up and the catalyst weight was measured according to the TGA
manual. The desired temperatures for the initial state (usually
298 K) and the final state were selected and heating rate was
chosen. Eithef the isothermal mode or the programmed mode was used
depending upon the purpose of the test. The furnace was heated at
the programmed rate and the weight loss of the sample was recorded on
the chart. A plot of catalyst weight loss versus temperature (or

time) was obtained. When purified hydrogen was used, the hydrogen



Figure 3

Thermogravimetric Analysis (TGA) System
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tubing was evacuated with a mechanical vacuum pump (A) for 5
minutes to remove any residual air from the system before the

Matheson hydrogen pur1f1er was turned on.

Selective Chemisorption

A constant volume gas adsorption system was used to study
the chemisorption iéothenns over unsupported iron-manganese
catalysts. A schematic of the adsorption syétem is présented in
Figure 4. Two gas manifolds (C) and a vacuum manifcid‘(n) were made
of 25 mm 0D Pyrex glass tubing. Six 5 Titer gas storage bulbs (B)
were connected to the gas manifolds by 4 mm stopcocks. Each of the
vacuum manifolds was connected to the gas manifolds by a 6 mm stop-
cock. Two CVC Model GTC-004 thermocouple gauges (I, 12) (vacuuﬁ

3 Torr) and a CVC Model GIC-028-2 ionization

-10

measurement up to 10
gauge (G) (vacuum measurement up to 10°°" Torr) were connected to
these different positicons in the system to provide the measuremgnt§
of the system pressure. A Precision Scientific Model 25 mechahfca1 ‘
vacuum pump (L) was used for the initial stage of the system evacua-

“Z Torr. A CVC Model PHCS-2C oi1 diffusion pump (K) was

tion up to 10
also used along with the mechanical pump to prov1de a system vacuum
less than 10 -6 Torr. A 40/50 vacuum co]d trap was connected to
isolate the mechanical pump fbr the prevention of gaseous contamina-
tion. A 50/50 vacuum cold trap was also connected between a o
15 mm high vacuum stopcock (H) and the diffusion pump for the conéen-‘
sation of the adsorbent contamination. These two cold traps were

immersed in the liquid nitrogen bath. During the experiment the

system pressure measurements were read with.a CVC GIC-300A ionization



Figure 4

Volumetric Gas Adsorption System
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gauge controller. General Electric high vacuum grease was used to
Tubricate the stopcocks of high vacuum type in the system.

The section enclosed by dotted lines indicated in Figure 4 is
the isothermal zone. This isothermal adsorption zone in the system
was enclosed in a Plexiglass box to maintain a constant ambient tem-
- perature during the experiment: This box was fabricated with the
screws and the front of the box could be removed easily for the
‘operation of the system. Three sliding doors were also constructed
in the front of the box so that the stopcocks in the isothermal zone
were accessible for the operation. The differential pressure in the
isothermal zone was measured with a Texas Instruments Model 145
precision gauge (A). The pressure sensing device was a type 5, fused
quartz Bourdon capsule. The measuring side of the capsule (N) was
connected to the doser volume by a graded glass seal and the reference
side (0) was connected to the vacuum manifold via a stopcock. The
doser section in the isothermal zone was made of Pyrex capillary
tubing. A detailed diagram of the adsorption section is presented in
Figure 5. The doser volume was Eonnected to the gas manifolds and
the vacuum manifold with several 4 mm stopcocks. A calibrated bulb
(F) with a volume of 52.797 cm3 was connected to the doser section
with a 4 mm stopcock to calibrate the dead volume in the isothermal
zone. The catalyst sample was placed in the adsorption cell (E). A
furnace (P) fabricated in the laboratory was used to heat up the cell
during the experiment. The heating zone of the furnace was made from
two semicylindrical heating elements. The zone had an inside
diameter of 3.81 am and a length of 15.24 cm. It could provide a

maximum power of 800 watts. The temperature of the furnace was



Figure 5

Doser Section of the Adsorption System
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controlled with a Love Model 522 temperature controljer. The J-type
thermocouples were used to measure the temperatures of the i;otherma]
zone, the adsorption cell, and the furnace.

A1l of the adsorptives were introduced via stopcock (4) into
‘the storage bulbs. Hydrogen, carbon monoxide, and neon (all ultra
high purity, 99.995 %) were purchased from the Linde Spéciaity Gas
Division of Union Carbide Corporation. Carbon monoxide and neon were
storeﬁ without further purification;‘however, hydrogen was purified by
a Matheson hydrogen purifier (J) before Toading into the bulbs. |

A detailed diagram of the adsorption cell is presented in
Figure 6. The catalyst chamber in the cell was made of 8 mm Ob Pyrex
glass tubing and was 60 mm long. The 1n1et line was fabricated from
6 mm 0D Pyrex glass tubing with a length of 170 mm and it was termi-
nated in an inner 10/30 ground glass joint. The exhauﬁt Tine'waég
made of Pyrex cabii1ary tubing with a 2 mm capillary tubing with a
2 mm capillary stopcock (9) and it was connected to the vent line
with an inner 10/30 gfcund glass joint. A bubble flowmeter (M) was
attached to the end of the vent line to measure the gas flowrate
during the catalyst pretreatment. The cell was connected to the"
doser section with a 2 mm capillary stopcock (6) which had outer 10/30
ground glass joints on both ends. The joipt bethen the cell and the
stopcock (7) was sealed with Apiezbn black wax and the joint between
the 355emb1ed cell and the doser section was sealed with GE hégh.
vacuum grease. A similar gas adsorption system was also reported by
Hansqn.42 ‘

The following catalyst reduction procedures were used in the

experiment. The unreduced catalyst (about 1.0 g) was weighed and



Figure 6

Diagram of Adsorption Cell
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loaded into the catalyst chamber in the adsorption cell. The cell
was then assembled according to the diagram in Figure 6 and
connected to the doser section via the stopcock (6). fhe whole
system was first evacuated with the mechanical pump. When the

pressure indicated by the gauge (I]) was about 30 - 40 x ]0'3

Torr,
the diffusion pump was used to evacuate the system. The whole
system was evacuated for 1 hour at room temperature. The catalyst
cell was then evacuated at 423 K for 2 hours. The cell was cooled

to the room temperature under evacuation. Stopcocks (2), (3), and
(5) were closed to isolate the cell from the system. Purified
hydrogen gas flow at a pressure slightly higher than the ambient
pressure (i.e., 35 kPa higher) was established via stop-

cocks (4), (6), (7), and (9). The gas flowrate was measured with the
bubble flowmeter -at the end of the vent line. The space velocity for
the hydrogen reduction was generally 1.5-3.0 cm3g’ls'7. When the
hydrogen flowrate was established the furnace was then heated to

673 K and the catalyst sample was reduced in flowing hydrogen at

673 K for 8 hours. The catalyst cell was cooled to the room
temperature in flowing hydrogen. The hydrogen flow was turned off
and stopcocks (4) and {9) were closed to isolate the cell from the
hydrogen flow and the vent line. Stopcocks (3) and (5) were then
opened to the vacuum manifold and the catalyst cell was evacuated at
723 K for 2 hours. When the cell was cooled to the room tempera-
ture under evacuation, the furnace was removed from the isothermal
zone. The isothermal zone was established by assembling the Plexi-

glass box and the catalyst cell was placed in a constant temperature

bath. The whole system was evacuated to a pressure of less than



31

-5

10 © Torr.

The procedures for the adsorption isotherm included (1) the
detérmination of the dead volume in the adsorption cell with neon,
and (2) the determination of the adsorption isotherm with the |
adsorptives (i.e., hydrogen and carbon monoxide). Thé details of
theica]cu1ations for each experiment of the isotherm are listed in
Appendix C. It includes the doser volume calibration, the calcula-

- tions of the cell volume, and the adsorption isotherm ca]cu?atiqhs.
The procedures for the determination of the dead volume are
_ described as follows:

(a) neon gas from the storage bulb was introduced into the
; doser section via stopcock (1) and the gas handiing manifold while
) stopcocks (3), (6), and (7) were closed;

(b) the pressuré of neon in the doser section was adjusted -at
600 - 700 Torr;

(c) stopcock (1) was closed and the ambient temperature and
pressure were recorded;_ : : |

(d) stopcock (6) was opened to expand neon into the connect-
- ing stopcock volume and the pressure and temperature wefe.fecorded
: againg | |

| (e) stopcock (7) was opened to expand neon into the catalyst
cell and the final temperature and pressure wers recorded;

(f) neon was evacualted via stopcocks (3) and (7) and the
system was evacuated to a pressure less than 10'5 Torr.

The procedures outlined above were generally repeated 3 to 6
times to determine the dead volume for each experiment of the

adsorption isotherm. It usually tock 300 seconds to eguilibrate the
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temperature and pressure for each recording; however, a longer period
of time was also needed for the equilibration in some cases.

The procedures for the determination of the adsorptfon iso-
therm are described as follows:

(a) the neon gas was evacuated from the system by opening
stopcocks (3) and (10);

(b) stopcocks (1), (3), (7), and (10) were closed when the
system pressure was less than 10'5 Torr;

(c) the adsorptive gas was expanded from the storage bulb
into the gas manifold;

(d) the adsorptive gas was introduced to the doser section
via stopcock (1) and the glass transfer line very slowly;

(e) stopcock (1) was closed and the pressure and temperature
were then recorded;

(f) stopcock (7) was opened to expand the adsorptive gas -
into the catalyst cell;

(g) the temperature and pressure were recorded after the
equilibration in the system was completed and stopcock (7) was
closed;

(h) the adsorptive gas from the gas handling manifold was
introduced via stopcock (1) to increase the pressure in the doser
section and the pressure and temperature were recorded;

(i) the adsorptive gas was expanded into the cell by
opening stopcock (7) and the pressure and temperature were recorded.
The procedures outlined above were generally repeated 5 to 6
times to complete the adsorption isotherm. For each isotherm point

ninety minutes were'a11owed to equilibrate the adsorption system
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because of the slow process of the adsorption for the copreciﬁitated
iron-manganese catalysts. In the event that the determination of
physically adsorbed CO was needed, a second isotherm was further
obtained in the following manner. When the first carbon monoxidé
~isotherm was completed, stopcock (5) was closed and the cell was
.evacuated for 120 seconds via siopcock (3). Stopcocks (3) and (7)
were then closed aﬁd the second isotherm was determined according to

‘the procedures ocutlined previously.




RESULTS

Compositions of Iron-Manganese Catalysts

Four YST series catalysts and five FT series catalysts were
prepared by the coprecipitation method. The details of the prepara-
tion were described in the Experimental section. The compositions of
these iron-manganese catalysts were determined by using atomic

absorption spectroscopy. Table 1 lists the atomic ratios of Mn/100

Fe for these catalysts.

TABLE 1
COMPOSITION OF IRON-MANGANESE CATALYSTS

Atomic Ratios (Mn/100 Fe)

Catalyst -Calculated Measured
YST-1 0 0
YST-2 3.0 3.6
YST-3 3.0 3.5
YST-4 3.0 3.5
FT-1 0 0
FT-2 2.5 2.5
FT-3 5.0 5.1
FT-4 8.1 8.2
FT-5 | 12.2 11.8
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Catalyst YST-1 was a pure iron and the otﬁer catalysts in'the
YST series were prepared from solutions célcu1ated to givé an atomic
ratio of Mn/Fe of 3.0/100. The actual compositions for YST-2, YST-3,
and}YST-4 were 3.6 Mn/100 Fe, 3.5 Mn/100 Fe, and 3.5 Mn/100 Fe,
respectively. Five cataizsts were prepared in the FT series with the
~ atomic ratios of Mn/Fe ranging from 0 to 12.2/100. The actual compo-
sitions for these catalysts were all almosf identical to the calcula-
~ ted values. The differences between the rwo ratios for cata?ysts.
FT-4 and FT-5 'were very small (i.e., less than 5%).

X-Ray Diffraction Analysis of
iron-Manganese Catalysts

The identification of the‘major phase and the determination of
the average particle size for the unreduced iron-manganese EataTysts
were acccmp]ished’by x-ray diffraction. Pure research grade a-?e203
was used for the comparison sbectré and tested as a standard for the
- Tine-broadening experiments. ASTM files were also used to identify
the peeks and Scherrer's equation was used to calculate the -average
V hemaiite partic]e.sizes in the catalysts. The major phase, the
. primary peak position, énd the average particle size for the cal¢ined
~ catalysts are presented in Table 2.

The primary peak for hematite (a-Fe203) was jdentified at a

| 26 of 33.1° and its line width of 0.2° at the one half ﬁaximum |
intensity was used as the instrumental Tine width. The other peaks
for hematite were also identified at the following values of 2e:
35.6°, 40,8°, 49.5°, 54.1", 57.6°,'62.4°, 63.9°, and 71.8°, The data
for the six catalysts tested indicated that all the peaks were iden- .

tified at the same values of 2e as those for o«~Fe . No peak other



TABLE 2
X-RAY DIFFRACTION DATA FOR CALCINED IRON-MANGANESE CATALYSTS

Catalyst Atggglogaiio 20 Bexp Binst dB(nm)

~a-Fey0y - 33.1° - 0.2° --
YST-1 0o 33.1° 0.40° -- 23.9
YST-2 3.6 33.1° 0.43° -- 21.8
FT-1 0o 33.3° 0.40° -- 23.9
FT-2 2.5 33.3° 0.42° -- 22.4
FT-3 5.4 33.3° 0.50° -- 18.1

FT-4 8.2 33.3° 0.60° -- 14.6

than those for hematite was found in the x-ray diffraction spectra for
these catalysts. These results showed that hematite was the only
major phase in the bulk structure and no manganese oxide peak was
identified in thesé calcined catalysts. The average crystallite sizes
of hematites for catalysts YST-1 and FT-1 were 23.9 nm; however, those
for other catalysts were in the range of 15-22 nm. Catalyst FT-5 was
tested but the x-ray spectra did not show any peak. These data also
indicated that the particle size of hematite became smaller as the

manganese content in the catalyst increased.

Catalyst Stability Tests

Catalyst stability experiments were performed to determine the
effects of time on stram on the catalyst activity and the product

selectivity for YST series Fe-Mn catalysts. These four catalysts were

36 .
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reduced in-situ in flowing hydrogen at a space velocity of 0.3 cm3g°‘l

s'} at the abmient pressure and 773 K for 20 hours. The standard
operat{ng conditions used for the experiment were a pressure of 1465

kPa, a HZ/CO ratio of 2, a space ve10c1ty of 1.08 cmsg ]s -1

» and a
temperature of 473-483 K. The reaction temperature was chosen to
maintajn a Earbon monoxide conversion of approximately 5 -6%. There-
fore, for catalyst YST-1 the experiment was undertaken at 473 k and
those fer other YST catalysts were studied at 483 K. The duration of
the experimeht was generally 35 - 40 hours.

The effect of stream time on the activity for carbon monoxide
conversion, oiefin selectivity, and product distributien through 33
hours on stream are prasented in Figures 7 and 8 and Table 3. The
C0 conversion increased gradually from 2.3 percent at 3 houre on
stream To § percent at approximately 12 - 15 hours. The carbon
monoxide conversion remained constant at 5 percent throughout the
course of the run. During the test the C2-C4 yield was constant in
. the range of 4Z - 45 percent and the yields for C02 and'RGH, that is.
5 and 7 percent, raspectively, were also independeﬁt of the time on-
stream. Methane production declined initially from 34 percent at
3 hours to 25 percent at 12 hours and remained at that level for the.
. balance of the experiment. The Cs+ yield increased gradually from
12 percent at 3 hours to a constant level of 18 percent affer 12 ..
hours on stream. The 0/P ratio in the C,-C, hydrocarbon fraction was
constant at 1. 30 during the ruh The olefin selectivity ratios for
Cz, C3 and C4 were aiso constant, that is, 0 6, 2.0, and 1 6, .
respect1ve1y, dur1ng the test. Generally speak1ng, cata!yst YST-l

stabilzzed appnax1mately at 12 hcurs on stream in terms of the
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Figure 7
Catalyst Stability Test; Dense Bed Catalyst Loading;
Carbon Monoxide Conversion and Olefin Selectivity
Versus Time on Stream; Temperature = 473 K;
Sﬁace Velocity = 1.08 cmog 's™};
Pressure = 1465 kPa; H2/C0 = 2/1;

YST-1
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| ‘Figure 8
Catalyst Stability Test; Dense Bed Catalyst Loading;
Product Distribution Versus Time on Stream;
Temperature = 473 K; Pressure = 1465 kPa;
Space Velocity = 1.08 cm3g']s'];

Hp/CO = 2/15 YST-1

40
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activity, olefin sélectivity, and product distribution. In addition,
theré was no sign of catalyst deactivation during thé course of the
-experiment.

The effects of time on stream on the activity, olefin
selectivity and the product distriubtijon for catalyst YST-2 up to
40 hours on stream are presented in Figures 9 and 10 and Table 4. The
carbon monoxide conversion increased slightly from 5.0 to 5.4 percent
aver the initial period up to 9 hours on stream and remained constant
~at 5.4 percent through 40 hours on stream. The yields of CZ-C4, CS+
and CO2 and the 0/P ratio in CZ-C4 also incréased over an initi;l
?period of 9-10 hours and then stabilized at 50, 21, and 10 pertent
and 2.6, respectively, up to the end of the test. The ROH'yieldVWas-
relatigely small, that is, 2 percent and independent of the time on
stream. The methane production declined during the initial 9 hour:
period and remained constant at 17 percent through the end of the fun.'
| The olefin selectivity ratios for CZ’ C3, and C4 increased over the
initial period of 9-10 ﬁours and then stabiiized at 1.5, 4.2, and
3.2, respectively, throughout the experiment. A period of anut 10
hours was needed to stabilize the activity and the product distribu-
tion for catalyst YST-2. No indication of catalyst deactivation was
observed during the test.

The stability test on stream with catalyst YST-3 was con-
ducted for 38 hours. The effects of time on stream on carbon monoxide
conversion, olefin selectivity, and product distribution are presentéd
in Figures 11 and 12 and Table 5. The carbon monoxide conversion
daclined from 7.5 percent at 2 hours on stream to 5.5 percent at 15

hours. The carbon monoxide conversion stabilized at 5.3 percent up to



Figure 9
Catalyst Stability Test; Dense Bed Catalyst Loading;
Carbon Monoxide Conversion and Olefin Selectivity
Versus Time on Stream; Temperature = 483 K;
Pressure = 1465 kPa; Space Velocity =

1.08 -andg™ls~ Vs H,/CO = 2/1; YST-2
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Figure 10
Catalyst Stability Test; Dense Bed Catalyst Loading;
Product Distribution Versus Time on Stream;
Temperaturé = 483 K; Pressure = 1465

39-15-1,

kPa; Space Velocity = 1.08 cm
HZ/CO = 2/15 YST-2
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Figure 11

Catalyst Stability Test; Dense Bed Catélyét Loading; :

Carbon Monoxide Conversion and Olefin Selectivity

Versus Time on Stream; Temperature = 483 K;
Pressure = 1465 kPa; Space Velocity =

1.08 cmog s~ !; Hy/C0 = 2/1; YST-3
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Figure 12 _
Catalyst Stability Test; Dense Bed Catalyst Loading;
Product Distribution Versus Time on Stream;
Temperature = 483 K; Pressure = 1465 kPa:
Space Velocity = 1.08 cmsg']s"];

H2/C0 = 2/1; YST-3
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the end of the run. The yields for C,-C4, Cg', and ROH, 45, 20, and
2 percent, respectively, were independent of the time on stream. The
production of carbon dioxide increased at the expense of methane.
During the initial 12 hour period both yields for methane and carbon
dioxide stabilized up to the end of the experiment. The olefin/
paraffin ratio of the CZ°C4 hydrocarbon fraction increased gradually
from 1.8 at 2 hours to 2.8 at 12 hours on stream. The olefin/
paraffin ratio remained constant until the final 6 hours of the run
during which time the olefin/paraffin ratio declined to about 2.5.
The olefin selectivity ratios for Cz, C3, and C4 increased over the
initial period of 9 -12 hours and stabilized at 1.4, 4.3, and 3.0,
respectively. During the final 6 hours of the run the olefin
selectivity ratios for Cos C3» and C, declined slightly to 1.3, 4.2,
and 2.8, respectively. A period of 712 - 15 hours was required to
stabilize the activity, olefin selectivity, and product distribution
for catalyst YST-3. No evidence of catalyst deactivation was observed
during the experiment, but the trend of an initial decrease in the
cérbon monoxide conversion was considerably different from those for
catalysts YST-1 and YST-2.

The stability test for catalyst YST-4 was conducted for 35
hours on stream. The carbon monoxide conversion, olefin selectivity,
and product distribution are presented in Figures 13 and 14 and
Table 6. The carbon monoxide conversion decreased gradually from
approximately 5.4 percent at 27 hours and became constant up to the
end of the experiment. The CZ-C4 and C5+ yields increased, C2—C4
olefin selectivity increased, and the methane yield declined during

the initial 12 hour period. The C2-C4 olefin/paraffin ratio



" Figure 13 .
Catalyst Stability Test; Dense Bed Catalyst Loading:
Carbon Monoxide Conversion and Olefin Selecivity
Versus Time on Stream; Temperature = 483 K;
Pressure = 1465 kPa; Space Velocity =

1.08 an’g”'s™!; H,/C0 = 2/1; YST-4
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Figure 14
Catalyst Stabi?it& Test; Dense Bed Catalyst Loading:
| Product Distribution Versus Time on Stream;
| Temperature = 483 K; Pressure = 1465 kPa;
Space Velocity = 1.08 cmsg'1s'];
Hy/CO = 2/1; YST-4
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60

stabilized at 2.5 and the yields of CZ-C4 hydrocarbons, methane, and
Cs+ hydrocarbons stabilized at 49, 18, and 20 percent, respectively,
for the remainder of the experiment. The carbon dioxide showed a
slight increase during the course of the experiment but it was
. generally in the range of 9 -11 percent. The RCH yield was low and
ranged from 2 to 4 percent during the test. The olefin selectivity )
ratios for CZ’ C3, and C4 increased over the initial period of 10-12
hours and stabilized at 1.4, 4.0, and 2.9, respectively for the
remainder of the test. Generally a period of 12 hours was neede& to
stabilize the activity, olefin selectivity, and product distribution
for catalyst YST-4.

The data on the activity and the product distribution for
" the four YST series catalysts at 20 hours on stream were compiled to
compare the catalyst performance for cafbon monoxide hydrogenation
and are reported in Table 7. The carbon monoxide conversions were
generally in the range of 5 -6 percent to minimize heat transfer
influence. The Cé-C4 hydrocarbon yields varied from 46 ;o 50 per-
cent. The total yield of Cs+ hydrocarbons and ROH ranged from 21 to
24 percent. The carbon dioxice yield ranged from 4.8 percent (YST-1)
to 16.2 percent (YST-3). Catalysts YST-2, YST-3, and YST-4 generally
gave methane yields of 16 - 18 percent whereas catalyst YST-1 gave a
methane yield of 25.6 percent. Catalyst YST-1 was less selective for
C-Cy olefin formation (0/P ratio = 1.39) than the other iron-
manganese catalysts (0/P ratio = 2.6 -2.9). The data on the olefin
selectivity ratios for CZ, c3, and C4 also indicated that catalyst
YST-1 was Tess selective for C,, Cq, and C, olefin formation (C, /C, =
0.6, C3=/C3 = 2.0, and C4=/C4 = 1.7) than the other iron-manganese



TABLE 7

COMPARISON OF YIELD AND SELECTIVITY FOR Fe-Mn

CATALYST STABILITY TESTC

Catalyst:
Mn/100 Fe:

€0 Conversion (%):

C2-C4 Olefin/

¥sT-12 ysT-2P ysT-3° YsT-4°
0 3.6 3.5 3.5
4.9 5.6 5.6 5.2

Product Distribution (mole %)

. 4.8 1.8 16.2 11.5
25.6 17.5 5.9  17.3
12.2. 13.8 2.7 13.2
18.8 19.3 18.5 - 18.8
15.6 16.4 = 14.8 | 15.3
46.6 4.5 - 46.0 47.3
16.8 18.8 20.3 21.2

6.2 2.4 1.6 2.7

TS T SR e i e e e o hatt e G— — —— —— —— G—— S e w— — — — tye

Oiefin Selectivity

1.4 2.9 o2 2.6
. Paraffin Ratio
€y /%, 0.6 1.6 1.4 1.4
C3 /Cq 2.0 4.3 4.3 4.0
Cy /Cy 1.7 3.3 3.0 2.9

aOperating Conditions:. T = 473 K; P = 1465 kPa; Space Velocity =

1.08 en’g” 18715 Hy/C0 = 2/1.

b0perating Conditions: The same as (a) except for T = 483 K.

C—

Time on Stream: Approximately 20 hours.
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catalysts (C, /C, = 1.4-1.65 C3 /C3 = 4.0-4.3, and C,y /Cy = 2.9 -
3.3). |

Catalyst Reduction Study

In the catalyst stability tests the catalysts were reduced in
flowing hydrogen at 773 K and ambient pressure for 20 hours, however,
it was recognized that these conditions may not have been the optimum
for the catalyst activation. Therefore, a catalyst reduction study
was undertaken in a thermogravimetric analysis (TGA) system to deter-
mine the optimum reduction temperature and the optimum reduction time
for the iron-manganese catalysts.

Initially, an optimum heating rate was determined for the
study. The TGA curves for the reduction of catalyst YST-2 at four

1 1

different heating rates; 0.5 K min~ , 5.0 K min™', and

s 2.0 K min”
10.0 K min'l, are presented in Figure 15. The initial temperature
was 298 K in each-experiment and the final temperature was 773 K. The
four curves indicated that the catalyst weight loss was a function of
the reduction temperature and the greatest weight loss occurred at the
temperatures above 573 K. The total weight loss for this catalyst in
each instance amounted to 39 - 40 percent of the initial catalyst
weight. The temperatures for the complete weight loss at 0.5 K min'],

2.0 K min”~! 1. and 10.0 K min"! were 623 K, 648 K, 723 K,

. 5.0 K min~
and 753, respectively. A heating rate of 2 K rr|1'n"l was chosen as the
standard TGA heating rate because it resulted in a more complete

1

weight loss than 5.0 K min~° and 10.0 K min~! and it was time-

effective compared to the 0.5 K min~) heating rate.

An oxidation test for the reduced catalyst was oxidized to



Figure 15
TGA Weight Loss Curves; Reducing -
Gas: Hydrogen; YST-2
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determine the weight gain from the oxidation of the reduced catalyst.
The reduced catalyst was cooled from 773 K to room temperature in .
flowing hydrogen. At 298 K hydrogen was shut off and air was passed
3 1

through the system. After the air flowrate of 50 cm'min ' was

~established the temperature of the sample was raised from 298 K to

773 K at a heating rate of 2 K min" .

The reduction and oxidation
: cu?Veé are presented‘in Figure 16. The catalyst weight loss in fiow-
. ing hydfogen was 22 percent at 573 K. The curve then dec1iﬁed sharply
at 623 K and became flat at 673 K. There was no additional weigﬁt
~loss up £o 773 K. The total weight loss was 41 percent of tbé
- initial catalyst weight. In air. the oxidation was initiated at 423 K
and was compieted at 653 K. The final position of the curve in the
flowing air was equivalent to a weight loss of 22 percent‘of tﬁe'
initial catalyst weight. In other words, the céta1yst gain in
flowing air was 19 percent of the initial unreduced cata]ysf weightf
Similar experiments were carried out for'the ofher thrée YST
- catalysts. The TGA curves for catalysts YSTli, YST-3, and YST-4 frbm
298 K to 773 K at the heating rate of 2 K min~| are presented in -
Figure‘17. These three curves were quite similar. A1l of the
curves indféated that no weight loss occurred abéve 673 K. The final
waight losses for catalysts YST-1, YST-3, and YST-4 were 43.0?.40;0,
and 43.0 percent (of the initial catalyst weight), respecti§e1y.
From these,TGA cﬁrves it was evident that a temperature of 673 K was
sufficient to obtain complete catalyst weight loss and to activate
the ;afa1yst for the hydrogénation of carbeﬁ monbxide. :fhé time
reguired to raise the temperature from 298 to 673 K at the heating

1

rate of 2 K min~ ' was 187.5 minutes. Therefore, it was determined



Figure 16
TGA Weight Loss Curves; Reducing Gas:
Oxidizing Gzss: Air; Heating Rate:

YST-2

Hydrogen;

2 X min'1;
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Figure 17

TGA Weight Loss Curves; Reducing Gas:

Hydrogen; Heating Rate: 2 K min” !
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that the catalyst reduction conditions should be a temperature of

673 K for a period of 8 hours in flowing hydrogen at ambient pressure.
These reduction conditions were used throughout the course of this
investigation.

The YST series of catalysts were also tested in the TGA
system in flowing helium from 298 K to 773 K. The TGA curves for
catalysts YST-1 through YST-4 in helium are presented in Figure 18,
The catalyst weight loss was also a function of temperature; however,
all the curves became flat at approximately 623 K. The final
catalyst weight losses for catalysts YST-1, YST-2, YST-3, and YST-4
were 20, 13, 15, and 21 percent (of the initial catalyst weight),
respectively. The final catalyst weight loss in helium was attribu-
ted to the evaporation of adsorbed moisturé from the catalyst sample
since there could be no reaction between the catalyst and the inert
helium gas.

A pure manganese catalyst was tested in both flowing hydrogen
and flowing helium from 298 K to 773 K. The helium and hydrogen TGA
curves are presented in Figure 19. The final catalyst weight loss in
helium was only 2.5 percent of the initial weight, but that in
hydrogen was 10 percent of the initial weight. The curve in flowing
hydrogen also showed that the sharpest decline of the curve began at
623 K and leveled off at 653 K. There was né more weight loss between
673 K and 773 K. It was clear again that the reduction of the iron-

manganese catalysts in hydrogen at 673 K for 8 hours was sufficient

for the catalyst activation.

70




Figure 18

TGA weighf Loss Curves;‘Gas Medium: Helium;

1

Heating Rate: 2-K min™'; YST-1; YST-2;

YST-3; YST-4
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Figure 19

TGA Weight Loss Curves; Hydrogen Gas; .

Helium Gas; Heating Rate: 2K min'l;

Pure Manganese
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The Effect of Catalvst Bed Dilution on
Activity and Selectivity

In the previous experiments the catalyst zone in the fixed-

bed reactor was dense-packed without any dilution. The effects of the

catalyst bed dilution on the carbon monoxide conversion, olefin
selectivity, and product distribution were studied by diluting the
catalyst bed with inert Denstone 57 ceramic spacers. The dilution
Jratio was based on volume. The catalyst and the Denstone 57 (both
24 - 32 mesh) were mixed together in a 150 cm3 bottle. The bottle was
». rotated continuously for 2 minutes to insure a homogeneous mixture‘of
the catalyst and the inert benStone 57 before loading into the
reactor. The operating conditions for the experiments were as _
fo110ws:_ a HZ/CO ratio of 2/1, a pressure of 1378 kPa, and.a space

3 -1_-1

g 's .

evaluated at 473 K for 20 hours to attain a stationary state prior

velocity of_].ofcm Catalyst YST-4 (3.5 Mn/100 FE) was
to determining the conversion, olefin selectivity, product distri-
bution, and catalyst bed temperature profile.

The temperature profiles for the dense-packed catalyst bed
are presented in Figure 20 at two carbon monoxide cbnversion 1eve]$.
There was no temperature rise in the catalyst bed at 1.5 percent .
conversion; however, the profile at 6.7 percent conversion indicated
a 7 K temperature rise due to the heat of reacfion. The temperature
profiles for the diluted cafa1yst bed at a 1/1 dilution ratio arej
presented in Figure 21. The average temperature rise in the :
catalyst bed at 5.7 percent conversion was 7 K and that for 7.3 per-
cent conversion as 8 K. Thus the 1/1 dilution was ineffective in

disipating the heat of reaction.

~I

o -



Figure 20
Catalyst Bed Temperature Profiles; Carbon Monoxide Hydrogenation;
Dense Bed Reactor Loading; Pressure = 1465 kPa;
Space Velocity = 1.0 an’g™'s™1; Hy/0 = 2/1;
Catalyst Mass: 8 g; (a) 1.5% CO Conver-

sion; (b) 6.7 % CO Conversion

76



Girection of
*“’——_é'as Flow

Galalys? Bed

463
438
453
448
443 K
438
433
428
423

1.5% €0 Conversien

‘Temperature (K)

0 5 10 15 20 25
Bottom Reactor Length (cm)

(a)

| 6.7% €0 Conversion |

30
Top

Direction of
~——Gas Floy

0 ] 10 1S 20 25
Botiom Resctor Length (em)

(b)

20
pr



Figure 21 ‘
Catalyst Bed Temperature Profiles; Carbon Monoxide Hydrogenation;
Diluted Bed Reactor Loading; Denstone 57/Cataiyst = 1/1;
Pressure = 1465 kPa; Space Velocity = 1.0 cm3g']s'];
HZ/CO = 2/1; Catalyst Mass: 8 g; (a) 5.7% CO

Conversion; (b) 7.3% CO Conversion
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The catalyst bed was further diluted with Denstone 57 to
decrease the temperature rise in the catalyst zone. The temperature
profiles for the volumetric dilution ratios (Denstone 57/cata1yst) of
2/1, 3/1, and 4/1 at different carbon monoxide conversions are
presented in Figures 22, 23, and 24 at a dilution ratio of 2/1 and a
carbon monoxide conversion of 6 -7 percent. The temperature ris; in
the catalyst bed was still 6 K. The temperature rise in the catalyst
bed was 5 K at a di]utian ratio of 3/1 and a carbon monoxide conver-
sion of 6.5-8.5 percent. The influence of the catalyst bed dilution
was significant for a dilution ratio of 4/1 because the temperature
rise was only 3 K. Even for a carbon monoxide conversion of 7.2 per-
cent, a temperature rise of 3 K was observed. Thus, the dilution
ratio of 4/1 was sufficient to reduce the heat effect in the catalyst
bed.

The catalyst weight used for the dilution experiment ratio 4/1
was 8.0 g. The diluted catalyst bed was almost 25.4 cm long, thus it
was not appropriate to load the Denstone catalyst mixture into the
reactor which had an overall length of 30.48 cm. Therefore, a dilu-
tion experiment with a catalyst weight of 4.8 g and a dilution ratio
of Denstone 57/catalyst of 4/1 was run at the same operating condi-
tions. The temperature profiles in the diluted catalyst bed for
carbon monoxide conversions of 7.3 and 8.9 percent are presented in
Figure 25. In both cases the temperature profiles were uniform across
the entire bed. The temperature rise for 7.3 percent conversion was
only 2 K and that for 8.9 percent conversion was 3 K. It was obvious
that this 4/1 ratio reduced the heat effect in the catalyst bed very

significantly. This dilution ratio was used in the subsequent



Figure 22 .
Catalyst Bed Teniperature Profiles; Carbon Monéxide Hydrogenation;
Diiuted Bed Reactor Loading; Denstone §7/Catalyst = 2/1;
Pressure = 1465 kPa; Space Velocity = 1.0 cm3g;1s'];
 H,/C0 = 2/1; Catalyst Mass: 8 g; (a) 5.9%

€O Conversion;- (b) 7.0% CO Cenversion
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Figure 23
Catalyst Bed Temperature Profiles; Carbon Monoxide Hydrogenation;
Diluted Bed Reactor Loading; Denstone 57/Catalyst = 3/1;
Pressure = 1465 kPa; Space Velocity = 1.0 cm3g'?s'1;
Hy/C0 = 2/1; Catalyst Mass: 8 g; (a) 6.5¢

CO Conversion; (b) 8.2% CO Conversion

83



Dirsction of

~—6as Flow
Diluted Catalyst Bed

498 | % ]
= 493 | / - |
~ sl A7 i
S 48 | iffi:/,/’//,

S i
S 413 H ~
= " 6.5% 00 Conversion / ]

po 0%

0 5 10 5 20 25 30

Bottom Reactor Length (cm) Top

(a)

0
Bottom

5 10 5 20 25 30

Direction of
-———Gas Flow
Diluted Catalyst Bed

AN

| T S W |

8.2% 00 Convars

Reactor Length (cm) Top
(b)

34



Figure 24
Catalyst Bed Temperature Profiles; Carbon Monoxide Hydrogenatfon;
';Diluted Bed Reactor Loading; Denstone 57/Catalyst = 4/1;
. Pressure = 1465 kPa; Space Velocity = 1.0 cm3g'1$'i;

H,/CO = 2/1; Catalyst Mass: 8 g; (a) 5.8% CO

Conversion; (b) 7.2% CO Conversion
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Figure 25 ‘
Catalyst Bed Temperature Profiles; Carbon Monoxide Hydrogeﬁatinng
Diluted Bed Reactor Loading; Denstone 57/Catalyst = 4/1;
' Pressure = 1465 kPa; Space Velocity = 1.0 cm39'15'1;

Hy/CO = 2/1; Catalyst Mass: 4.8 g3 (a) 7.3%

CO Conversion; (b) 8.9% CO Conversion
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experiments. |
| The data on the catalyst activity, olefin selectivity, and‘

product distribution for catalyst YST-4 with the dilution ratios
~ranging from 0 to 4/1 at 20 hours on stream is presented in Table 8.
' The carbon monoxide conversion was maintéined in the range of 6.5 -
7.5 percent. The yields of carbon dioxide and methane for the dense-
packed bed, that is, 15.9 and 22.5 percent, respectively, were rela-
tively higher than the yields obtained with the diluted bed (i.e.,
yields of carbon dioxide and methane of 10 - 14 and 18.5-—19.5_percent,‘
respectively). The C;-Cy yield and the olefin selectivity, that fé;
61efin/paraffin-ratio, for the dense-packed bed, 42.3 percent and
'1.81,,respecti9e1y; were lower than those for the diluted bed, 45.5 -
.46.5 percent for C,-C; yield and 2.6 -2.8 for the oiefin/paraffiﬁ
ratic . The catalyst diiution obviously increased the Cz'-C4 hydro- -
‘carbon yield and the olefin selectivity. The data for the 4.8 gram
and 8.0 gram catalyst Toadings were in excelient agreement. The data
on the olefin selectivity ratiocs for CZ’ C3, and C4 a]so 1nd1cated
that the olefin ratios for the dense-packed bed (C2 /Cy = 1 0, C3 A
Gy = 2.8, and cn /€3 = 2.1) were generally lower than those for the '
diluted bed (C,7/C, = 1.4-1.9, C/C4 = 3.4-3.8, and C4 /Cq = 2.9 -
3.2). .

Effects of Catalyst Pretreatment

The 8 hour hydrogen reduction at 673 K was the standard
catalyst pretreatment in this investigafion; however, the effects of
the ﬁretreating gas composition on activity, olefin selectivity, and

‘product distribution were also investigated. Catalyst YST-2



TABLE 8

EFFECTS OF CATALYST BED DILUTION ON CATALYST ACTIVITY AND
PRODUCT DISTRIBUTION OVER CATALYST YST-4
(3.5 Mn/100 Fe)?@

Dilution Ratio: 0 /1 2/1 3/1 a1 41°

CO Conversion
(mole %): 6.7 7.3 7.0 6.5 7.2 7.3

—— — — e i - . — S e s e ks W Gwee D M s Mmee wves e emm e amm e een

Product Distribution (mole %)

co, 15.9  11.1 13.7 9.6 1.1 10.6
C, 22.5  19.4  18.4  19.7  19.2  19.3
, 12.5 125  13.3 127 12,9 13.0
C5 17.0  17.5 181 7.6 18.1  18.2
Cy 2.8 15.8  15.1 16.3  15.2 - 15.4
C-C, 42.3  45.8  46.5  46.6  46.2  46.6
C' 13.8  18.6  18.3  18.2  19.3  19.1
ROH 5.5 5.1 3.1 5.9 4.2 4.4

Olefin Selectivity

. Co-Cy Olefin/

Paraffin Ratio 1.8 2.5 2.8 2.6 2.6 2.6
¢, /€, 1.0 1.4 1.9 1.6 1.5 1.5
¢, /Cs 2.8 3.4 3.8 3.5 3.7 3.6
Cq /Cq 2.1 3.0 3.0 32 29 29

40perating Conditions: P = 1465 kPa; Space Velocity = 1.0 cmsg'}s']
HZ/CO = 2/1; 20 hours on stream.

.
H

bCata1yst mass: 4.8 g; for other cases: 8.0 g.
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(3.6 Mn/100 Fe) was chosen for the pretreating study. The pretrsat-

ment conditions were as follows: a temperature of 673 K, ambient

t
pressure, a space velocity of 0.3 cm3g'1s'1, and a period of 8
hours. The following standard operating conditions were used to
evaluate the effect of the pretreating gas composition on activity,
olefin selectivity, and product distribution: a HZ/CO of 2/1, a
preséure of 1465 kPa, a space velocity of 1.0 cm3g']s'], and a
temperature of 483 K. For the case of hydrogen reduction, a temper-
ature of 499 K was also used to increase the carbon monoxide cénver-
sion to a level of 6.5 -7.5 percent. The'catélyst was usua11y_
evaluated over 12 - 14 hours on stréam to insure that the catalyst had
attained a stationary state activity and seiectivity.

The data on the activity, 01éfin selectivity, and the product .
distribution for the hydrogen reduction are listed in Table 9. At
483 K the carbon monoxide conversion, the yield of C2-C4, and C5+.
hydfocarbons and the olefin-to-paraffin ratio of the 02-64 fraction
increased with the time on stream. However, the yields of carbon -
dioxide and methane declined with time. The olefin selectivity
ratios of C,, Cq, and C, increased with time on stream at 483 K. At
11.5 hours on stream these ratios for C,, C3. and 4 were 1.5, 3.1,
and 2.7, respectively. - The reaction temperature was raiséd to 499 K
at 11.5 hours on stream. The data at 13.5 hours on stream indicated
that the carbon monoxide conversion increased from 3.5 to 7.2 per- |
cent. In addition, the carbon dioxide yield increased and the
yields of methane and the C2-C4 hydrocarbons. declined. Thé olefin-to-
paraffin ratio of the Co-Cy fraction increased from 2.4 to 2.70 when .

the temperature was increased from 483 to 499 K. The data for



TABLE 9

PRODUCT DISTRIBUTION AND SELECTIVITY AS A FUNCTION OF TIME
ON STREAM;3 HYDROGEN REDUCTION FOR 8 HOURS;
CATALYST YST-2

Time on Stream b
(hours): 0.5 3.0 7.2 11.5 13.5 12.6

Temperature (K): 483 483 483 483 499 499

CO Conversion
(mole %): 2.9 3.1 3.4 3.5 7.2 6.7

Product Distribution (mole %)

co, 9.2 55 6.8 7.1 12.1 11.6
o 3.3 247 215 21,0 183 18.2
, 12.6  13.3  13.8 141 13.0  13.5
C, 17.3 18,2 18.8  19.0 17.9 18.5
Cy 12.3  16.0 16.4- 167 16.8  15.4
C-Cy 42.2 47.5 49.0  49.8  46.7  47.4
Cs 1.3 6.5 18.2  18.0 181 19.1
ROH . 6.0 5.8 4.5 4.1 4.1 3.7

— . W e e S ML USSR WD WS e NS D SR G WD D G e D W A G e Swse

Olefin Selectivity

CZ-C4 Olefin/

Paraffin Ratio 0.9 1.7 2.2 2.4 2.7 2.8
€, /Cy 0.3 0.8 1.3 1.5 1.7 1.9
C3 /Cq 1.8 2.5 3.0 3.1 3.6 3.8
C4 /C4 ].0 2.2 206 2.7 3-1 300

%0perating Conditions: H,/C0 = 2/1; P = 1465 kPa; Space Velocity =
1.0 cm3g']s'1.
b

Reduction time: 20 hours.
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catalyst YST-2 after a hydrogen reduction at 673 K for 20 hours are
also presented in Table 9. The data on the activity, the olefin
selectivity, and the product distribution for both reductions were
véry close Qith soms minor differencesv(1ess than 10 péfcent). Thfs
éimi1arity in the catalyst ﬁérformances indicated that the shorter
catalyst reduction time was sufficient to activate the catalyst for
the hydrogenation of carbon monoxide. |

The data for the catalyst activity., the olefin seiectiyit&,
-and the product distribution as a function of time on stream for the
carbon monoxide pretreatment are presented in Table 10. The carbon
monoxide conversion, initially 21.9 percent at 0.5 hour on stream,
declined to 8.4 percent at 12.5 hours on stream. The yields of
" methane and C2-C4 hydrocarbons decreased with time and the carbon
dioxide énd Cs+ hydrocarbon yields increased. The C2'C4 fractioﬁ
o]efin-to-parrafin‘ratio increased to 1.7 over a period of 12.5 hours
-on stréam. The olefin se]éctivity ratips for CZ’ C3, and C4'also‘
increased with time on ;tream; The ratios for Cz; Cs. and Cq at
12.5 hﬁurs were 1.7, 2.5, and 1.5, respectively. '+he data for the
'catalysf actiQity, o1efin selectivity, and product.distribution for
‘the carbon monoxide pretreatment after 20 hours are also shown in
Table 10. The similarity in the catalyst performance (difference;
»generaiiy less than 10 percent) again in¢icated that the shorter pre-
‘treatment time was Satisfactory fcr the activation of the catalyst.

The data for the act1v1ty, olefin selectivity. and product
distribution for the synthes1s gas (1 Ho/1 CO) pretreatment as a |

function of time on stream are presented in Table 11. The carbon

monoxide conversion gradually decreased from 12.1 percent at 0.2



PRGDUCT DISTRIBUTION AND SELECTIVITY AS A FUNCTION OF TIME

TABLE 10

ON STREAM;2 CARBCN MONOXIDE PRETREATMENT FOR 8

HOURS; CATALYST YST-2

Time on Stream

(hours): 0.5 4.5 6.5 9.0 12.5 12.9°
Temperature (K): 483 483 483 483 483 483
C0 Conversion

(mole %): 21.9 9.4 9.2 9.1 8.4 8.7

Product Distribution (mole %)

co, 2.2 5.6 8.3 9.7 9.3 6.8

c 28.3 - 26.5 25.0 24.0 23.8 24.1

C, 24.3 1.1 10.9 10.8 10.9 1.7

C5 15.5 19.0 17.6 17.2 17.2 13.6

Cy 12.3 13.8 14.6 14.2 14.0 19.8

Cy-Cy 52.1 43.9 43.1 42.2 42.1 45.1

c5+ 15.0 21.5 20.4 21.1 22.3  21.5

ROH 2.4 2.5 3.2 3.0 2.5 2.5

C,-Cy Olefin/ Olefin Selectivity
Paraffin Ratio 1.1 1.4 1.5 1.6 1.7 1.4

c2=/c2 2.2 0.8 0.9 1.0 1.1 0.8

c3=/c3 0.8 2.1 2.3 . 2.4 2.5 2.2

Cy /Cq 0.4 1.3 1.4 1.5 1.5 1.3

aOperating Conditions: HZ/CO
‘ 1.0 cm

b

3

Pretreatment time} 20 hours.

= 2/1; P = 1465 kPa; Space Velocity =
9-15-1.



TABLE T1

PRODUCT DISTRIBUTION AND SELECTIVITY AS A FUNCTION OF TIME
ON STREAM;@ 1 Hy/1 CO PRETREATMENT FOR 8 HOURS;
CATALYST YST-2

~ Time on Stream :
(hours): 0.2 3.6 7.5 10.5 12.8

Temperature (K): 483 483 483 483 483

C0 Conversion
(mole %): 12.1 11.6 9.9 9.3 9.2

Product Distribution (mole %)'

co, 13.8 13.7 12.6 12.6 12.8
C, . 46.6 26.4 25.9 26.4 57.1
c, 8.1 14.2 14.9 15.3 15.9
Cy 12.4 15.8 15.1 15.7 -15.9
C4 9.7 12.3 12.1 11.8 11.1
C,-C, 30.2 42.3 42.1 42.8 42.9
Ce 7.7 14.9 6.8 15.9 14.9
ROH 1.7 2.7 2.6 2.3 2.3

Paraffin Ratio 2.4 2.8 3.8 3.7 - 3.8

¢, /G, 0.2 0.9 1.3 1.3 1.4
C4 /Cq 13.5 6.6 14.6 10.6 11.6
Cy /s 9.3 7.3 9.2 9.4 10.5

aOperating Conditions: HZICO

2/1; P = 1465 kPa; Space Velocity =
1.0 cm g'-l

s'].

[\)

Ye]
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hours to 9.2 percent at 12.8 hours on stream.. The carbon dioxide
yield was relatively constant during the course of the experiment.
The yields for the CZ-C4 and CS+ hydrocarbon increased and the methane
production decreased with time on stream. The olefin-to-paraffin
ratio of the C2-C4 hydrocarbon fraction also showed an increase with
time on stream, from 2.4 at 0.2 hours to 3.8 at 12.8 hours. The
olefin selectivity ratios for C3 and C4 fluctuated with time on
stream; however, that for C, showed an increase, from 0.2 at 0.2
hours to 1.4 at 12.8 hours on stream. At 12.8 hours these ratios for
Cz, C3, and C4 were 1.4, 11.6, and 10.5, respectively. The data for
the activity, the olefin selectivity, and the product distribution for
the synthesis gas (2 H2/1 C0) pretreatment as a function of time on
stream are presented in Table 12. The carbon monoxide conversion and
the methane yield declined and the yields of carbon dioxide and C2-C4
hydrocarbons increased with the time on stream. The CS+ hydrocarbon
yield was relatively constant at 15-16.5 percent during the test.
The olefin-to-paraffin ratio in C2-C4 hydrocarbons increased slightly,
that is, from 3.7 at 014 hours to 4.1 at 12.5 hours on stream. The
olefin selectivity ratio for C2 increased with the time on stream as
that for Cg decreased. The ratio for C, fluctuated with the time on
stream. At 12.5 hours these ratios for C,, C,, and C, were 1.4, 10.5,
and 13.0, respectively. The data for the activity, the olefin
selectivity, and the product distribution for the synthesis gas (3 H2/
1 C0) pretreatment as a function of time on steam are presented in
Table 13. The carbon monoxide conversion initially fluctuated but
decreased to 6.6 percent at 12.5 hours on stream. The carbon dioxide

yield was relatively independent of the time on stream. The yields
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TABLE 12

PRODUCT DISTRIBUTION AND SELECTIVITY VERSUS TIME

ON STREAM:2 2 Hop/71 CO PRETREATMENT FOR 8
HOURS; CATALYST YST-2

[Xo]
~I

Time on Stream
(hours): 0.4 4.5 7.2 10.2 12.5

Temperature (K): 483 483 483 433 483

CO Conversion
(mole %): 10.5 9.2 7.6 7.3 7.1

— A —— — —— — — —— — i —— — o — . — — — —— - ——— w—

Product Distribution (mole %)

co, 5.0 - 2.8 3.7 9.4 9.7
C 41.8 31.1 31.5 28.2  27.8
C, 8.6 16.8 6.9  15.7 15.8
C, 16.2 16.6  17.0 16.1 15.9
Cs ' 13.5 13.7 12.5 1.7 12.9
C,~C, 38.3 47.1 6.4 43.5 44.6
°5+ 14.9 16.5 16.0 16.6 5.8
ROH 0 2.5 2.4 2.3 2.2
C,~C, Glefin/ Giefin Selectivity

_Paraffin Ratio _ 3.7 3.1 3.5 3.8 . 4,1
C, /C, 0.2 1.1 1.2 1.4 1.4
C /C; 16.2 1.7 1.5 10.3 10.5
Cy /C, 9.8 §.o 10.0 | 10.7. 13fo

aOperating Conditions: H2/C0 = 2/1; P = 1465 kPa; Space Velocity = '
: 1.0'cm3g’1s'1.



98

TABLE 13

PRODUCT DISTRIBUTION AND SELECTIVITY AS A FUNCTION OF TIME
ON STREAM;@ 3 Ho/1 CO PRETREATMENT FOR
8 HOURS; CATALYST YST-2

Time on Stream
(hours): 0.5 3.6 5.0 7.5 12.5

Temperature (K): 483 " 483 483 483 483

CO Conversion ‘
(mole %): 8.7 12.4 9.5 8.2 6.6

— — . — G — A e —— —— e A — ms S  Sna e v s v

c0, 8.2 8.8 9.4 9.6 9.8
C 43.2 31.6 30.3 29.3 28.6
c, 1.9 14.1 14.4 14.8 15.1
C 14.6 15.8 16.3 15.8 16.4
Cy 11.0 12.3 134 13.0 12.8
C,-Cy 37.5 42.2 43.8 43.6 44.3
o 8. 15.3 14.7 15.5 15.4
ROH 3.0 2.1 1.8 2.0 1.9

- amm onmr e e G e m—— —— . e G W Geen e G i . — ——

0lefin Selectivity

C2-C4 Olefin/

Paraffin Ratio 2.0 2.8 3.1 3.5 3.8
¢, /¢, 0.2 0.7 0.8 1.0 1.3
c;/c3 11.9 11.9 12.0 15.9 12.6
Cq /Cy 5.5 8.1 6.8 8.1 8.6

aOperat‘ing Conditions: H2/C0 =
, 3

2/1; P = 1465 kPa; Space Velocity =
1.0 om g']

5'1.




- for C2-C4 and C5+ hydrocarbons increased as the methane production
declined with the reaction time. The olefin-to-baraffin ratio of the
C2-C4 hydrocarbon fraction also increased from 2.0 at 0.5 hours to
3.8 at 12.5 hoursi The alcohol yield was very little, usually less
tﬁan 2 percent of the total carbon products. The olefin selectivity
‘ratios for Cos €4, and Cq generally increased with the timg on stream.
- At 12.5 hours o; steam these ratios for Cos C3, and Cy were 1.3, 12.6,
~ and 8.6, respectively. ‘

| The data for the activity, the olefin selectivity, and the

- product distribution at 12 hours on stream for the five different ﬁre;
_ treatfng gas compositions are presented in Table 14, The-cata]jst
activity in terms of the carbon monoxide conversfon for the hydrogen

- reduction was lower than the conversion chserved for the Gther'ére-
treatment. The total yield of carbon dioxide and methane following

. the hydrogen reduction was less than 29 percent whereas for the other
'pretreating gas compositions it was greater than 33 percent. The C2-
C4 hyd}ocarbon yield for .the hydrogen reduction was 49.8 percent
.whereas for the other pretreating gas compositions the yieid wés
generé]1y less than 45 percent. The olefin-to-paraffin ratio of C24C4
hydrocarbon fraction for the hydrogen reduction, 2.4, was less than
that obtained for the synthesis gas pretreatment, 3.8-4.1; however,
it was higher than that obtained for the carbon monoxide pretreat-
ment, 1.7. The C, olefin seieétivity ratios for these five different
pretreating gas compositions were in the range of 1.1-1.5. The
olefin selectivity ratics for C3 and 64 for synthesis gas pretreat-
ment, 10.5 -12.6 and 8.6-—13.0,.respective1y, were much greéte? than

those obtained for the hydrogen reduction and the carbon monoxide
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TABLE 14

INFLUENCE OF CATALYST PRETREATMENT ON PRODUCT

DISTRIBUTION AND OLEFIN SELECTIVITY3

100

Pretreatment:

Temperature (K):

CO Conversion
(mole %):

CZ'C4 0lefin/
Paraffin Ratio

¢, /S,
Cy /G5

Cq /G4

H,/CO Ratio

HZ co 1 2/1 3/
483 =483 483 483 483
3.5 8.4 9.2 7.1 6.6
Product Distribution (mole
7.1 9.3 12.8 9.7 9.8
21.0 23.8 27.1 27.8 28.6
14.1 10.9 15.9 15.8 15.1
19.0 17.2 15.9 15.9 16.4
16.7 14.0 11.1 15.9 12.8
49.8 42.1 42.9 44.6 44.3
18.0 22.3 14.9 15.8 15.4
4.1 2.5 2.3 2.2 1.9
Olefin Selectivity
2.4 1.7 3.8 4.1 3.8
1.5 1.1 1.4 1.4 1.3
3.1 2.5 11.6 10.5 12.6
2.7 1.5 10.5 13.0 8.6

30perating Conditions: Hp/CO = 2/1; P = 1465 kPa; Space Velocity =
1.0 cm3g']s°1; Catalyst YST-2 (3.6 Mn/100 Fe);

Time on Stream:

12 hours.
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pretreatment, 2.5-3.1 and 1.5-2.7, respectively.

Effects of Manganese on Activity
and Selectivity

Five FT series iron-manganese catalysts were prepared tq
determine the inf1ﬁence of the manganese concentration on the prqduct
yield and the selectivity for the carbon monoxide hydrogenation. The

operating conditions for the catalyst pretreatment were as follows:
v}hydrogen reduction at the ambient pressure., a temperature of 673 K,'a
space vélocity of 0.3 cm3g 1s 1, and a period of 8 hours. The carbon
"moncxide hydrogenation reaction was carried out at the foliowing |
conditions: a H,/CO ratio of 2/1, a pressure 6f’1465 kPa, and a
space velocity of 1.0 cm3g']s'1. The reaction temperature was
adjusted to maintain the carbon monoxide conversion in the range of

6 - 8 mole percent. |

The data on the activity, the olefin selectivity, and the
lproduct.distribution as a function of the time on stream for
‘catalyst FT-1 (pure iron) at 483 K is presented in Table 15.. T
egperiment was conducted for a period of 14 hours. The carbon _
monoxide conversion was generally constant at 8.5 percent during the
experiment. The carbon dioxide y1e1d increased slightiy from 9.3 per—
cent at 3.0 hours to 11.8 percent at 13.5 hours on stream and the '
.yie1ds of methane and CS hydrocarbons declined with time. The CZ-C4
hydrocarbon yield increased from 38.9 percent at 3.0 hours to 42.0
percent at 13.5 hours and the olefin-to-paraffin ratio in the CZ'C4
fract1on 1ncreased with the time on stream. The clefin selectivity

ratios for Cz, C3, and C4 also increased with the time on stream.

These ratios for CZ; C3, and C4 were 0.3, 3.3, and 9.0, respectively,



TABLE 15

PRODUCT DISTRIBUTIQON AND OLEFIN SELECTIVITY
FOR CATALYST FT-12

Time on Stream
(hours):

3.0 6.5 7.7 13.5
Temperature (K): 483 483 483 483
€0 Conversion .
(mole %): 9.7 8.6 8.4 8.5
Product Distribution (mole %)
COZ 9.3 10.9 11.5 11.3
C1 39.3 33.6 32.9 31.3
C, 15.0 4.5 - 14.5 14.1
C3 13.7 15.0 14.7 15.0
C4 10.2 12.0 11.6 12.9
CZ—C4 38.9 41.5 40.8 42.0
Cs' 10.0 12.5 12.4 13.3
ROH 2.5 1.5 2.4 2.1
. Olefin Selectivity
C2~C4 Olefin/
Paraffin Ratio 1.2 1.4 1.5 1.6
C2 /Cz 0.2 0.2 0.3 0.3
C3 /C3 2.7 2.8 3.5 3.3
C4 /C4 607 7.6 7.8 9-0
aOperating Conditions: HZ/CO = 2/1; P = 1465 kPa; Space Velocity =
1.0 cm39'1s'1; 0 Mn/100 Fe atomic ratio.
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at 13.5 hours on stream.

The data on the activity, olefin selectivity, and product
dfstribution as a.function of time on stream for cataiysi FT-2 (2.5
Mn/100 Fe) at 493 K are presented in Table 16. fhe yields of 62-54
hydrocarbon and alcohols were independent of the time on stream. The -
methane yield decreased and the yields of carbon dioxide and Cs+ "
hydrocarbon increased with the time on stream.. The CZ-C4 olefin
. selectivity aiso increaseﬁ with tfme on stream. The olefin selectiv-
ity ratio for C2 increased with the time on stream as those for C3
énd Cy f]uctﬁated with time. The ratios for Cos C3, and C4 at 12.5
hours on stream were 1.6, 12.2, and 14.2, respectively. The
similarity between the data at 12.5 hours and 17.5 hours indicated
that the catalyst reached a stationary state Tevel of acti#ity and
se1ecti§ity‘after 12 hours on stream. 4

The data on the activity, the olefin selectivity; and the
. produét distribution as a function of the time on stream for
catalyst FT-3 (5.1 Mn/100 Fe) at 504 K are presented in Table 17. -
The carbon monoxide conversion, the olefin/paraffin ratio in the
CZ-C4vhydrocarbon fraction, and the carbon dioxide and C5+ hydro-
carbon increased with time on stream. The methane yield declined
wfth time on stream. The yields of 02-84 and alcohol were insensitive
to the time on stream. The olefin selectivity ratic for Cé incréased
with time on stream:; however, those for C3 and C, fluctuated with
time on stream. The ratios for CZ’ C3, and C, at 12.5 hours on
stream.were 1.9, 10.9, and 12.7, respectively. _

The data on the activity, the olefin selectivity, and the p
ﬁroduct disiribution for catalyst FT-4 (8.2 Mn/100 Fe) as a function



TABLE 16

PRODUCT DISTRIBUTION AND OLEFIN SELECTIVITY
FOR CATALYST FT-2

Time on Stream
(hours): 3.0 8.5 12.5 17.5

Temperature (K): 493 493 493 493

CO Conversion
(mole %): 4.1 4.7 6.2 6.2

Product Distribution (mole %)

COZ ‘ 8.4 8.7 14.5 13.5
C] 31.3 27.0 22.2 22.4
C, ‘ 15.8 15.4 15.1 15.3
Cy 17.0 17.1 16.5 16.3
C4 14.2 14.3 14.5 14.3
C2~C4 47.0 46.8 46.1 45.9
Cs' 10.8 14.8 14.9 16.1
ROH 2.5 2.7 2.3 2.1

tz-C4 Olefin/ | Olefin Selectivity

Paraffin Ratio 2.7 3.4 4.7 4.6
Cz /Cz 0.6 1.4 1.6 1.6
€y /C3 6.5 3.6 12.2 12.5
C4 /C4 24.0 12.5 14.2 14.0

%0perating Conditions: H,/CO = 2/1; P = 1465 kPa; Space Velocity =
1.0 cm3g']s'1; 2.5 Mn/100 Fe atomic ratio.



TABLE 17

PRODUCT DISTRIBUTION AND OLEFIN SELECTIVITY
FOR CATALYST FT-32

Time on Stream Co
(hours): . 2.0 4.0 7.7 10.0 12.5

Temperature (K): 564 504 504 504 504

€O Conversion ' :
(mole %): 4.4 4.6 5.4 6.2 6.9

Product Distribution (moie %)

co, 7.8 13.8 14.5 15.0 19.0

C; 33.7. 25.8  21.8 20.9 19.8
c, 14.0 13.8 3.7 144 139
Cs 6.2  15.3  15.8  16.0 15.6
¢ B2 141 15.2 18.9 13.5
C,=Cy 4.4 432 44.8 45.3 £3.0
Cs' 12.0 187 16.9  16.7 16.0
ROH 2.1 2.5 21 2.1 1.9

A Gt G G S G WD e G G Gy —— S S . v W e ——— S wnnp S— - —-—

Olefin Selectivity

.C2-C4 Olefin/

Paraffin Ratio 2.6 3.6 4.4 4.6 5.0
C, /¢, 6.4 1.0 1.6 1.8 1.9
€5 /Cq 6.4 11.2 12.8 14.4 10.9 -
Cy /Cq 42.9 10.5 7.8 6.8 12.7

aﬁperating Conditions: szco = 2/1; P = 14865 kPa; Space Velocity =
1.0 cm3g']s'1; 5.1 Ma/100 Fe atomic ratio.
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of time on stream at 503 K are presented in Talbe 18. The carbon
monoxide conversion, the o]efin—to-paraffin ratio of the C2-C4
hydrocarbon fraction, and the yields fo carbon dioxide and Cs+ hydro-
carbon increased with time on stream whereas the methane yield
decreased. The yield of CZ'C4 hydrocarbons and alcohols remained
relatively constant at 42 - 45 percent and 2.5 percent, respectively,
with time on stream.l The olefin selectivity ratio for C2 increased
with time on stream but tﬁose for €4 and C4 generally fluctuated with
the time on stream. The ratios for C,, Cj, and C, at 12.5 hours on
stream were 2.1, 12.3, and 15.5, respectively.

The data on the activity, the olefin selectivity, and the
product distribution for the catalyst FT-5 (11.8 Mn/100 Fe) as a
function of time on stream at 504 K is presented in Table 19. During
this test the carbon monoxide conversion and the yields of the C2-C4
smf 05+ hydrocarbon and the alcohols were relatively constant at 7.0,
43.0, 15.5, and 2.5 percent, respectively. However, the carbon
dioxide yield and the olefin-to-paraffin ratio in the 02-64 hydro-
carbon fraction increased and the methane yield decreased with time
on stream. The olefin selectivity ratio for C2 increased with time
on stream but those for C; and Cs fluctuated with time on stream. The
ratios for CZ’ C3, and C4 at 12.8 hours on stream were 2.0, 11.1, and
17.6, respectively.

The activity, olefin selectivity, and the product selectiv-
ity for these five iron-manganese catalysts at 12 hours on stream are
compared in Table 20. Catalyst FT-1 was relatively more active then
the iron-manganese catalysts since the carbon monoxide conversion was
8.5 percent at 483 K while for the other catalysts it was 6 -8 percent

at temperatures ranging from 493 to 504 K. The iron-manganese
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TABLE 18

PRODUCT DISTRIBUTION AMND OLEFIN SELECTIVITY
FOR CATALYST FT-42

Time on Stream : A
(hours): _ 3.0 4.5 7.5 10.5 12.5

Temperature (K): 503 503 503 503 503

- €0 Conversion ;
(mole %): 6.5 5.6 7.0 7.2 1.7

— - — . T ——— v W — w— e e m— w— — — —— o——

Product Distribution {mole %)

co, 132 13.3 19.7 21.1 21.4
o 28.3 22.5 20.7 19.1° 19.1
Cy 15.0 14.8 14.8 4.7 147
o - 159 16.5 15.9 5.2 15.7
Cy o 13.4 13.0 12.1 12.3 11.9
Cy=Cy 44,3 46.2 42.8 42.2 42.3
Cs' 11.8 15.6 14.2 15.4 . '14.8
ROH 2.4 - 2.4 2.6 2.2 2.4
: C2°C4 Olefin/ ' 0lefin Selectivity
_Paraffin_Ratio 2.7 4.0 4.9 5.1 . 5.0
C, /C, 0.7 1.4 1.8 2.1 2.1
c3=/c3 8.1 7.1 13.8 15.8 12.3
C,/C, 9.5,  17.0 13.2 17.3 5.5

';aOperating Conditions: H2/CD = 2/1; P = 1465 kPa; Space Velocity =
o 1.0 emog™'s™; 8.2 Mn/100 Fe atomic ratio.



TABLE 19

PRODUCT DISTRIBUTION AND OLEFIN SELECTIVITY
FOR CATALYST FT-52

Time on Stream

(hours): 3.3 5.8 7.0 10.0 12.8
Temperature (K): 504 504 504 504 504
C0O Conversion

(mole %): 7.1 7.3 7.0 6.9 6.8

Product Distribution (mole %)

0, 13.4 17.5 18.2 19.1 19.7
o 2520 21.8 20.4 19.8 19.1
, 14.1 13.2 13.9 14.1 14.3
Cy 15.7 15.1 16.1 15.6 15.8
Cq 13.4 14.6 13.2 13.0 13.1
C,-C, 43.2 42.9 43.2 82.7 43.1
G5 15.6 15.2 15.8 15.9 15.8
ROH 2.6 2.6 2.4 2.5 2.3

- . wEES mEe G T Ger EER S N R G IR GRS me Y DU GID  TED R GRS

O0lefin Selectivity

CZ-C4 01fefin/

Paraffin Ratio 3.0 4.1 4.6 5.2 5.3
C, /C, 0.9 1.3 1.6 1.8 2.0
C5 /C 7.7 10.8 9.8 15.1 1.1
Cy /Cy 8.7 9.8 12.9 12.9 17.6

aOperating Conditions: H2/C0 = 2/1; P = 1465 kPa; Space Velocity =
1.0 cm3g']s'1; 11.8 Mn/100 Fe atomic ratio.
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TABLE 20

COMPARISON OF PRODUCT DISTRIBUTION AND OLEFIN SELECTIVITY
FOR FT SERIES Fe-Mn PRECIPITATED CATALYSTS@

FT-2

Catalyst: FT-1 FT-3 FT-4 FT-5
Mn/100 Fe 0 2.5 5.1 8.2 11.8
Temperature (K): 433 493 504 503 504
C0 Conversion
(mo]e‘%): 8.5 6.2 6.9 7.7 6.8
Product Distribution (mole %)
co, 11.3 145  19.3  21.4 19.7
Cq 31.3 22.2 19.8 19.1 19.1
C, 14.1 15.1 13.9 14.7 14.3
Cy 15.0 16.5  15.6  15.7 15.8
C 12.9 18.5 135 119 13
Co-Cy 42.0 46.1 43.0  42.3 43.1
Co 133 149  16.0 148 158
ROH 2.1 2.3 1.9 2.4 2.3
Olefin Selectivity

' €,-C4 Olefin/ ‘

. Paraffin Ratio 1-:6 4.7 5.0 . 5.0 5.3
Cz/Cz 0.3 1.6 1.9 2.1 2.0
C5/C; 3.3 122 1.8 12.3 110
Cy /Cs 9.0 14.2 12.7 15.5 17.6

FOperating Conditions: H2/C0
S 1.0 cm

[2\]

st

2/1; P = 1665 kPa; Space Velocity =
-1
g

s Time on Stream: 12 hours.
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at temperatures ranging from 493 to 504 K. The iron-manganese
catalysts were more selective for the production of CZ-C4 olefins than
the pure iron catalyst since catalyst FT-1 (pure iron) had an olefin-
to-paraffin ratio in the Cz-C4 hydrocarbon fraction of only 1.6 and
the iron-manganese catalysts generally gave olefin-to-paraffin ratios
| ranging from 4.7 to 5.3. The CZ-C4 hydrocarbon yields for these five
catalysts were genéra11y in the range of 42 - 46 percent. The methane
yield for catalyst FT-1, 31.3 percent, was greater than that for the
iron-manganese catalysts, 19 - 22 percent. However, the carbon
dioxide and (25+ hydrocarbon yields for catalyst FT-1, 11.3 and 13.3
respectively, were lower than those for the iron-manganese catalysts,
14 - 22 and 14 - 16 percent, respectively. The alcohol yield, 1.9-2.4
percent, was relatively small for these five catalysts. The olefin
selectivity ratios for CZ’ 03, and C4 for catalyst F7T-1, 0.3, 3.3,
and 9.0, respectively, were also lower than those for the iron-
manganese catalysts, 1.6 -2.1, 10.9-12.3, and 12.7-17.6, respectiv-
ely. It was obvious that the jron-manganese catalysts were more
selective for the production of low molecular weight olefins than the
pure iron catalyst.

Effects of Manganese on Selective
Chemisorption

The adsorption properties of the FT series of iron~-manganese
catalysts were determined in a constant gas adsorption apparatus.
Hydrogen and carbon monoxide were used as the adsorptives for the
determination of the adsorption isotherms at an ambient temperature
of 292 K. The details for the calculations of the adsorption iso-

therm are 1isted in Appendix C. The total amount of the gas adsdrbed



by the catalyst at each equilibrium pressure was plotted versus the
equilibrium pressure. The best straight line through the n isotherm
point was extrapolated to zero pressure and the intercept was tﬁe |
monolayer amount of'gas adsorbed by the catalyst.

The hydrogen chemisorption isotherm for catalyst FT-1 at
292 K is presented in Figure 26. The range of the equilibrium
pressuras was 60 - 230 Torr. The intercept at zero pressure indicated
that the amount of the hydrogen chemisorption was 1.5 u moie
(g cata?yst)—]. The hydrogen {sotherms for catalyst FT-2 were .
deterhined at 292 K. The amount of hydrogen chemisorbed at 292 K

1

was 7.6'u mole g . The hydrogen adsorption isotherms at 292 K for

catalysts FT-3, FT-4, and FT-5 are presented in Figures 28, 29,'and
30, respectively. The adsorption isotherm was generally linear in |
. the pressure range 100 - 350 Torr. The amount of the hydrogen gas
adsorbed by catalysts FT-3, FT-4, and FT-5 were 0.5 p mole g'i,

0.35 ¢ mole g'], and 0.30 u mole g".i

s respectively. Generally

speaking the amount of the hydrogen chemisorption at 292 K for tﬁe

. FT series of cafa?ysts was very small except for catalyst FT-2.

| The carbon monoxide chemisorption isotherms were also
determined at 292 K forvthe FT series catalysts. The linear region

:iS'IOO-400 Torr. The carbon monoxide isotherms for catalysts FT-l.

'through FT-5 are presented in Figures 31 through 35. The intercepts

at zero pressure for these adsorption isotherms indicated the amounts

of the carbon monoxide gas chemisorbed by these catalysts. The

intercepts at zero pressure for the second adsorption isoihersm were:

zero for these catalysts. These results indicated that the amount of

the physically adsorbed carbon monoxide gas at zero pressure for the
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Figure 26
Hydrogen Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-1
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Figure 27
Hydrogen Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-2
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Figure 28
Hydrogen Chemisorption isotherm;
Temperature = 292 K;

Catalyst FT-3
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Figure 29
Hydrogen Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-4
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| Figure 30
Hydrogen Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-5
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Figure 31
Carbon Monoxide'Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-1
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Figure 32
Carbon Monoxide Chemisorption Isotherm;
Temperature = 292 K;

Catalyst FT-2
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Figure 33
Carbon Monoxide Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-3
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Figure 34
Carbon Monoxide Chemisorption Isotherm;
Temperature = 292 K;

Catalyst FT-4
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Figure 35
Carbon Monoxide Chemisorption Isotherm;
Temperature = 292 K;
Catalyst FT-5
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FT series catalyst was nil at 292 K. Therefore, the carbon monoxide
uptakes for catalysts FT-1, FT-2, FT-3, FT-4, and FT-5 at 292 K were
20.4 u mole g'], 29.2 u mole 9'1, 27.2 u mole g'1, 16.0 u mole 9'1,
and 16.0 u mole g'], respectively. The carbon monoxide uptakes
were considerably larger than the hydrogen uptakes for these
catalysts.

The data for the hydrogen and carbon monoxide uptakes for
the FT series catalysts are summarized in Table 21. The higher the
manganese content of the catalyst was, the lower the hydrogen uptake
was except for the case of catalyst FT-2. The carbon monoxide
uptake for the FT series'catalysts was in the range of 16 - 30 u mole
g']. The carbon monoxide to hydrogen ratio for the iron-manganese

catalysts was generally higher than that for the pure iron catalysts

except for the case of catalyst FT-2.

TABLE 21

HYDROGEN AND CARBON MONOXIDE CHEMISORPTION DATA FOR
Fe-Mn CATALYSTS AT 292 K

H2 Uptake CO Uptake
Catalyst Mn/100 Fe (v mole g']) (u mole g']) CO/H
FT-1 0 1.5 20.4 6.8
FT-2 2.5 7.6 29.2 1.9
FT-3 5.1 0.5 27.2 27.2

FT-4 8.2 0.35 16.0 22.9

FT-5 11.8 0.30 16.0 26.9




The summary of specific activity based on the turnover
frequency (TOF) for the FT series iron-manganese catalysts is
prestented in Table 22. Turnover ffequéncies were calculated Based
on the carbon monoxide uptakes_ét 292 K for these catalysts and the
assumption of an adsorption stoichiometry of Fe/CO = 1. The defai]s
of the ca1ch1ations for the turnover frequencies are 1isfed in

Appendix D. Generally, at 483 K the pure iron catalyst (FT-1) gave a

TABLE 22

COMPARISON OF SPECIFIC ACTIVITY FOR FT SERIES
Fe-Mn PRECIPITATED CATALYSTS®

Catalyst: FT- FT-2 FT-3 FT-4  F1-5
Mn/100 Fe: 0 2.5 5.1 8.2 11.8
Temperature (K): 483 493 504 503 504

ST m S wmm e amet e e am S —— — — — —— — o o s it v o

co 40.3 19.2 25.9 47.2 39.1
cg, 4.6 2.8 5.0 0.1 7.7
¢ 12.6 8.3 5.1 9.0 7.5
€, | 2.8 1.5 1.8 3.5 2.8
'c3. 2.0 il 14 2.5 21
¢, 1.3 0.7 0.9 1.4 1.3
Cs 1.0 0.5 0.8 1.3 1.1
ROH 0.6 0.3 0.3 0.7 0.6

~ %0perating Conditions: H,/CO = 2/1; P = 1465 kPa; Space Velocity =
‘ : 1.0 an°g™'s™1; Time On Stream: 12 hours.




relatively higher carbon monoxide turnover frequency, that is, 40.3 x
10'35'], than the iron-manganese catalysts in the temperature range
493 - 504 K except for the case of catalyst FT-4 [i.e., (TOF)CO =
47.2 x 'I()'3s‘l J. The turnover frequency for these iron-manganest
catalysts at the teqperatures ranging from 483 K to 504 K was in the

35']. In addition, for each of the FT series

range of 19-48 x 10~
catalysts, the turnover frequency for either carbon dioxide or methane
was higher than those for Cz, C3s Gy and C5+ hydrocarbons and .

alcohols.
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DISCUSSION

Coprecipitation for Iron-Manganese Catalysts

The coprecipitation iechnique was used for the preparatidn of
" the iron-manganese cata]yst$ in this investigation. The_data fbf the
| cataiyst compositions in Table 1 indicated thét the coprecipitation

. technique was capable of providing reproducible catalyts with the
~desired compositions. Generally, the preparaiion proﬁedures for FT

- series catalysts are more reproducible than those for YST series
catalysts because the deviation from the actual catalyst composition
“for FT series catalysts, that is, about 5%, was less thap‘that for
.YST series catalysts. Thgs it was concluded that the procedure in
“which concentrated ammonium hydroxide is added tg the homogeneous
~mixture of iron nitrate and mahganese nitrate was the more reliable
‘method in terms of the reproducibility. | . |
The major phase in the bulk structure of the iron-manganése
:cata]ysts.was.identified as hematite (a-F§203). The catalyst waé

- calcined in an oven at 573 K for 17 hours before the x-ray diffraction

43 reported that the dehydration of hydrous ferric oxide

- test. Hofer
-at the temperatures of 473 to 673 K resulted in hematite. The crystal
:phase of‘the breciﬁitated iron-mangahese catalyst after the calcina-
“tion at 675 K and 723 K was reported to be hematite.23’25 Wang, et

44

al.”" also identified the fresh catalyst diffraction pattern for a

. silica-supported jron catalyst as hematite with an average particle



size of 24 nm. Van Dijk, et a1.23 reported that an average diameter

of 21 - 25 nm could be estimated for the a~F9203 particles in an
iron-manganese catalyst. Both pure iron catalysts, that is, YST-1 and
FTI-1, had an average particle size of 23.9 nm. The similarity for
these iron catalysts in terms of the bulk phase and the particle size
indicates that these iron caté]ysts are very much the same. The
manganese oxide phase was not identified for the iron-manganese
catalysts used in this study due tc the low manganese concentration in
the catalyst; however, Mn203 was the crystal phase in the iron-
manganese catalysts (Fe/Mn = 100/108 and Fe/Mn = 100/133) according to
the data obtained by Maiti, et a1.25 The x-ray diffraction patterns
for the reduced iron-manganese catalysts obtained by Jensen and

Maiti, et al. all indicated that a-Fe phase and MnQ phase were

present in the cata]yst.w’25 “The particle size of hematite for the
calcined iron-manganese catalyst in this study gengrally became
smaller (15-24 nm) as the manganese concentration of the catalyst
increased. No reasonable explanation in terms of the structural
information can be offered; however, the manganese may affect the
formation of the hematite particles.

Catalyst Stability Tests for the
Iron-Manganese Catalysts

In the long-term catalyst stability test for the pure iron
catalyst (¥YST-1), a period of 12 hours was needed to approach constant
carbon monoxide conversion. This gradual approach to the stationary
state could be associated with the formation of iron carbide on the
catalyst surface.45 Amelse, et a1.46 reported that a reduced silica-

supported iron catalyst gained activity as the carburization took

0
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place under the Fiscﬁer-Tropsch synthesis conditions. Raupp, et
al.47"% L1c0 concludéd that the extent of iron carbide formation
correlated with an increase in the catalyst activity for a magnesium

oxide supported iron catalyst.. Jenseﬂ]8

found from the x-ray
diffraction pattefn that there were some forms of Hagg carbide
(possibly FeZC) in addition to «-Fe in the used iron-manganese
catalysts after the Fischer-Tropsch synthesis. Reymond, et a1.50
showed that a reduced iron catalyst transformed from a bulk a-Fe
structure to a FeZOC0 structure after 10 hours on stream at the

F1scher-Tropsch synthesis cond1t10ns Maiti, et al. 25

also found
that Fescz, a-Fe, and Mno were present in the bulk structure of an |
unsupported iron-manganese catalyst after the F1schgr-Tropsch process.
Therefore, the increase in carbon monoxide conversion for catalyst
YST-1 during the initial 12 hour period was probably a result of

iron carbide formation on the catalyst surface. After 12 hours on
stream the carbon monoxide conversion stab111zed at 5 percent through
~ the end of the run. The stabilization of the act1v1ty can be viewed
as the establiishment of a quasi-steady state with respect to the
formation of the coke precursor and the hydrogenation of the coke

precursor on the catalyst surfaée.sj‘ Many researchers havekprcposed

@ mechanism in which three reactions involving the surface carbide,

C*, are possib]e:sz'60
C* + iron — carbides - (19)
C* + x H¥ — O * (20)

C* +y C* —= qjnactive carbon ' - (21)



-l

(5]
[&e]

Reaction (19) implies bulk diffusion of carbon into mefalTic iron.
There are at least three forms of carbon in an active iron catalyst
according to this theory; namely, bulk carbide, inactive, and surface
carbidic carbon. Therefore, the absence of catalyst deactivation for
catalyst YST-1 during the course of the stability test up to 35 hours
on stream can be attributed to the absence of an inactive carbon over-

layer on the surface.61-63 23

Van Diji, et al.”” reported that their
iron manganese catalyst (Fe/Mn: 154/100, atomic ratio) deactivated
after approximately 2 hours on stream at 513 K and atmospheric
pressure at Fischer-Tropsch synthesis conditions. Dry33 concluded
that the formation of carbon on the catalyst surface was dependent on
gas comp9§ition, pressure, and temperature. The conditions in the
work of van Dijk and co-workers might favor the formation of inactive
carbon, consequently, the catalyst was rapidly deactivated. Because
the experimental conditions for catalyst YST-1 were different from
those in the work of van Dijk and co-workers, that is, a temperature
of 473 K and a pressure of 1465 kPa, it is possible that the forma-
tioh of inactive-carbon on the surface of catalyst YST-1 was very
minimal up to the end of the run.

The product distribution as a function of the time on stream
for catalyst YST-T also indicated that a period of 12 hours was
needed to stabilize the catalyst. No satisfactory explanation can be
offered for the variation of the product distributions during the
stabilization pefiod; however, these phenomena could be a function of

the carbon monoxide conversion. Kikuchi, et al.85

reported that the
yields of CZ-C4 hydrocarbons were a function of the carbon monoxide

for a lamellar compound of graphite intercalated by ferric chloride in




the carbon monoxide hydrogenation at the conditions which were a
temperature of 673 K, a HZ/CO ratio of 3, a space velocity of 0.7 cm3

! 1, and a total pressure of 2020 kPa. 0tt, et a1.9% concluded

g s
that their pure iron powder catalyst for the carbon monoxide hydrogen-
- ation accepted carbon into the bulk durihg the initial 24 hours on
stream, a-ong with a slow bui]dup'of carbon on the surfacé at the
conditions which were a temperature of 573 K,la pressure of 101 kPa,
and a carbon monoxfde conversion of less than 3 percent. They reported
that the carbide formation resulted in a témporary increase in hydro-
carbon synthesis activity as well aé Changes in the olefin-to- .
paraffin selectivity. This result may also indicate that the product
distribution was affected by the variation bf the carbon mohoxide con-

version in the hydrogenation of carbon monoxide. ‘Arcuri, et a1.66

reported that the olefin-to-paraffin selectivity decreased with
increasing carbon monoxide conversion fof a silica supported iron
catalyst in the carbon monoxide hydrogenatioﬁ at the condftions which
wefe a éota] pressure of 1414 kPa, a H,/CO ratio of 3, and a carbon
" monokide conversion range of 1-8 percent. This phenomena may also
indicate that the product distribution was a function of tﬁe carbon
monoxide conversion. In this study the product distribution and
olefin selectivity ratios for catalyst YST-1 (pure_irdn) stabilized .
when the carbon monoxide conversion reached a constant level of 5 per-
cent at 12 hours on stream. Therefore, the product distribution for
catalyst YST-1 could also be a function of the carbon ﬁonoxide
conversion.

The Tong-term stability test for catalyst YST-2 (3.6 Mn/100 |

Fe), 39 hours on stream, indicated a similar result as that for
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catalyst YST-1. A period of 10 hours was needed to stabilize the
activity, the product distribution, and the olefin selectivity and no
indication of catalyst deactivation was detected. The same reasons
for catalyst YST-1 can also be applied for catalyst YST-2 to explain
the variation in the catalyst activity and product distribution
during the course of the experiment

The carbon monoxide conversion declined initially from 7.3 to
5.5 percent in a peridd of 15 hours f&r catalyst YST-3 (3.5 Mn/100

Fe). The decrease in activity could be due to the formation of an

inactive carbon overlayer on the surface.SI

Subsequently, the carbon
monoxide conversion stabilized at a level of 5.3 percent up to the end
of the run. The fact that the product distribdtion for catalyst YST-3
reached the stationary state after 12 hours on stream may suggest
that the product distribution was still a function of the carbon
monoxide conversion. It is possible that the inactive carbon overlayer
on the surface of catalyst YST-3 did not affect the production of the
carbon products‘in the -carbon monoxide hydrogenation. The behavior of
catalyst YST~4 (3.5 Mn/100 Fe) in terms of carbon monoxide conversion
and the product distributien was similar to- that of catalyst YST-3.
The decline in the catalyst activity initially for catalyst YST-4
could be attributed to the formation of the inactive surface carbon
overlayer and the product distribution could also be a function of the
carbon monoxide conversion.

The nature of the catalyst also plays an important role in
determining the product dfstribution for the carbon monoxide hydro-
genation. It is clearly indicated in Table 7 that the presence of

manganese in the iron catalyst promoted the olefin selectivity ratfo
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~ for the CZ'C4 hydrocarbon fraction. The olefin-to-paraffin ratios for
catalysts YST-2 (3.6 Mn/100 Fe), YST-3 (3.5 Mn/100 Fe), and YST-4
(3.5 Mn/100 Fe), that is, 2.9, 2.7, and 2.6, respectively, were all
larger than that for the pure iron catalyst, YST-1, 1.4. The signi-
ficance of the manganese promotion for the production of CZ'C4 olefins
is in agreement with the previous investigations.]5'17 The carbon
dioxide yield for catéiyst YST-3, that is, 16.2 percent of the'tota]
products, was higher than the carbon dioxide yields for catalysts'
and YST-2 and YST-4. Madon. et a1.67 propoéed that thé presence of
Fe30, in a commercial iron catalyst (100 Fe:2.8 Cu:l K,C04) was

- responsible for the conversion of carbon moncxide to carbon dioxide
via the water-gas-shift reaction in the carbon monoxide hydrogenation
at the conditions which were a pressure 6f 1000 kPa, a HZ/CO ratio of

1.5, .a gas hourly space velocity of 250 h!

s and a tempé(ature rgnge

. of 500 -520 K. Catalyst YST-3 was very similar to catalysts YST-2
and YST-4 4in teﬁns of the catalyst bulk compesitions. The higher
-carbon'dioxide4yie1d for catalyst YST-3 could also be due to the
higher presence of Fe304 in the catalyst. This observation indicated
that the nature of the catalyst was also important in determining the
product distribution(fbr the carbon monoxide hydrogenation. Génera]ly,
catalyst YST-2 showed 2 higher C2-C4.hydrocarbon yield of 49.5 ﬁer—

-'cent, -a higher olefin-to-paraffin ratio in the Céoc4-hydrocarbon
fraction, and higher olefin selectivity ratios for C2, Cs,.ahd C4'than
the other three catalysts. 1In addition, catalyst YST-2 exhibited'a
very stable behavier in terms of tﬁe catalyst activity and.prcduct

distribution during the reaction compared to the other three YST

catalysts. Therefore, in this study, catalyst YST-2 was considered to
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be more selective for the production of CZ-C4 olefins in the carbon

monoxide hydrogenation.

Catalyst Reduction Study

The TGA curves in Figure 16 indicate that the final catalyst
weight loss after hydrogen reduction of catalyst YST-2 (3.6 Mn/100 Fe)
was 41 percent of the initial catalyst weight and the final catalyst
weight after oxidation air corresponded to a weight loss of 22 per-
cent of the initial catalyst weight. It is obvious that the oxida-
tion of the reduced catalyst resulted in a value of the final weight
which was approximately equal to the catalyst weight at §73 K in
flowing hydrogen. This observation probably indicates that the iron
oxide formed by the catalyst oxidation at the temperatures above
673 K is the same as that at 573 K under the hydrogen reduction.
Maiti, et a].zs proposed that the course of the reduction of the

coprecipitated oxide mass could be represented as follows:

<573 K >573 K

Fe2_y MnyO3 —_— Fe3_yMny04 —— Fe, Mn0

(y < 0.1)
For pure iron oxide the following reduction scheme could be used:

< 573 K >573 K

Since there were only 3.6 parts of Mn per 100 parts of Fe in the
YST-2 catalyst, the reduction scheme for pure iron oxide can be used

for the explanation of the TGA curves. The theoretical value for the




weight gain from iron metal to magnetite (Fe304) as a Eesd]t of iron
oxidation (3 Fe —+~Fe304) is (4 x 16)/(3 x 56), that is, 38.1 percent.
According to the data in Figure 16, the weight gain due to the oxida-
tion of reduced iron was 0.19/(1'- 0.41), that is, 32.2 percent.
Though these two values are not very close, the error betﬁeén these
values is about 16 percent. The possible error could be due to the
instrumental opefation. Therefore, the speculation is that after the
oxidation of the reduced tata]yst YST-2 could be in the form of.Fe304.
Ac;ording to the reduction scheme proposed by Maiti; et al.zs the
possible phase for catalyst YST-2 under reducat%on at 573 K could be
Fej0,. The possibie oxide form cbtained from the oxidatidn'of_the
reduced catalyst YST-2 at the temperatures above 673 K céu]d'also be
the magnetite, that is, Fes0,, based on the TGA curves in this study.
The Tinal weight losses under the flowing helium for - .
catalysts YST-1 through YST-4 were 20.0, 13.0, 15.0, and 21.0 percent
of the initial catalyst weight (Figure 18). Helium is inert and no
rgaction occurred between the catalyst and helium even -at a tempera-
ture of 773 K. Therefore, the final weight loss in helium for these
iron-manganese catalysts can be attributed to the total amount of the
moisture evaporated from the catalysts. The final weight 1ossés for
catalysts YST-1 through YST-4 under hydrogen reduction were 43.0,
41.0, 40.0, and 43.0 percent.(of the initial catalyst weight), :
respectiye]y, acéording to Figure 17. Since the Mn concentration fn
thé catalyst is very small the oxide form in the calcined catalyst
can Ee asshmed as hématite, that is, a-FeZOB. In addition, the phase
in the reduced catalyst under flowing hydrogen at 773 K can be con-

18

sidered as pure aQFe according to the work by Jensen. The complete



reduction of hematite to metallic iron could be represented as

follows:

Therefore, according to the theoretical calculations the weight loss
of hematite for the complete reduction is equal to (16 x 3)/(55.8 x
2 + 16 x 3), that is, 30.0 percent. The following equation was used
for the calculation of the iron oxide weight loss for these iron-

manganese catalysts:

Iron oxide weight Joss (%) =

i (1 - weight loss under H,)

x 100 . (23)
(1 - weight loss under He)

For catalysts YST-1 through YST-4 the weight losses of iron oxide in
the catalyst under hydrogen reduction are computed to be 28.8, 32.0,
29.4, and 27.7 percent, resepctively. Generally, these values are in
the range of 30 + 2 percent. Therefore, the iron oxide in these iron-
manganese catalysts was obviously near complete reduction of hematite
to metallic iron under hydrogen pretreatment in this study. The
catalyst reduction with flowing hydrogen at 673 K should be sufficient
to reduce the iron-manganese catalyst and to activate the catalyst
for the Fischer—Trbpsch synthesis. |

Figure 19 indicates that the final catalyst weight loss for
a pure manganese oxide catalyst in helium was only 2.5 percent of the
initial cafalyst weight and that in hydrogen was 10.0 percent.

Maiti, et al.zs reported that the manganese oxide was a type of ano3

144
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according to the x-ray diffraction pattern. They also indicated.that
the final phase of manganese oxide after the hydrogen reduction was a
form of Mn0. Therefore, the following equation can be used to

represent the transformation:

MO + Hy —— 2Mn0 + H0 . (24)

Based on the theoretical calculation the total weight loss of Mn203
in the catalyst is equal to 16/(54.9 x 2 + 3 x 16), that is, 10.1
percent of the initial weight. The following equation can be used to

calculate the weight Toss of manganese oxide for the pure manganese

oxide catalyst:

ﬁn203 weight Toss (%) =

{1 - weight loss under Hy)

1- x 100 . .. (25)

(1 - weight loss under He)
The value for the weight loss of Mh203 according to the TGA data is
7.7 percent. The Mn0 phase could be the final form of the manganese
oxide in the catalyst under the hydrogen reduction. The presence of
Wr0 in the reduced iron-manganese catalysts was a1so'reported in the

1itefaturé.]8’23’25

Influence of Catalyst Bed Dilution

o A bench-scale fixed-bed reactor was used in this investiga-
tiqn. Due to the nature of highly exothermic reactions and the .
characteristics of the poor heat transfér in the catalyst bed, ihe” A
carﬁon monoxide cdnfarsion for tﬁe synthesis has been unusuaily

maintained below 10 percent to minimize the heat effect in the



fixed-bed reactor. If the excess reaction heats can not be effi-
ciently removed from the fixed-bed reactor, these heat effects may
cause some hot spots in the reactor and subsequently the desired
product yield and the product distribution may also shift. Up to now,
only a few articles have been published dealing with the effects of

the catalyst dilution;35’36

however, no paper on the catalyst dilution
effects for the Fischer-Tropsch synthesis has been reported.

In this investigation the effects of the catalyst bed dilution
in the reactor were obvious, Figure 20 indicates that for a dense-
packed fixed-bed reactor a temperature rise of 7 K was observed at a
carbon monoxide conversion of 6.7 percent. Figure 25 shows that the
temperature rise in the reactor was only 3 K for a diluted fixed-bed
reactor with a volumetric ratio of Denstone 57/catalyst of 4/1 at a
carbon monoxide conversion of 8.9 percent. The heat effect cannot be
eliminated completely with the catalyst bed dilution only; however,
the effects on the reduction of the temperature rise are very signi-
ficant, that is, more than 56 percent. Tai]9 reported, that a
volumetric ratio of Denstone 57/catalyst of 4/1 was sufficient to
decrease the temperature rise in the fixed-bed reactor for the
Fischer-Tropsch synthesis. These observations all illustrated the
effectiveness of the catalyst bed dilution on the reduction of the
temperature rise in the fixed-bed reactor.

The influence of the dilution of the catalyst bed on the
product distribution and the olefin selectivity is presented in Table
8. It is evident that the dense-packed catalyst bed resulted in a
relatively lower CZ-C4 olefin yield than other cases of catalyst

dilution. Higher yields for carbon dibxide and methane, that is,

-
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15.9 and 22.5 percent, respectively, were also cbtained as a result of
the dense-packed catalyst bed for thé synthesis. The higher heat
effects in the catalyst bed for the case of no dilution was probably
responsible for higher rates of water-gas shift reaction and tﬁe
hydrogenation of the primary products. Therefore, a higher C02 yie]d
and a Tower C2°C4 olefin selectivity ratio were observed. A few
articles reported that the presence of Fe304 ih the catalyst was
responsible for the conversion of carbon monox%de to carbon

67,68

dioxide, Though therevwas no proof for the presence of‘Fe3O4 in

the iron-manganese catalysts during the synthesis in this investiga-
tion, the speculation was that higher temperature rise in the denée-
packed catalyst bed may increase the formation of magnetite and the
carbon dioxide yield in the synthesis. |
~ Two experiments were conducted for a dilution ratio of 4/1

with two different catalyst weights, that is, 4 8 g and 8.0 g. The
pro@ﬁct distribution and yields for these two tests wers almost
idéntica1 under the same operating conditions. These daté c]early}
iqdicate that the reproducibility of the catalyst perfcrméncevis véry
good (i.e., the difference was 5 percent or less). itvis possibTe
that the good reproducibi]i;y of the catalyst was attributed to the
minfma? heat effects influenced by the catalyst bed dilution with a
ratio of inert/catalyst of 4/1. The effects of the catalyst bed |
dilution with a ratio of 4/1 can be presented as follows:

(1) Higher selectivity for C-C, olefins and Tower tempera-

ture rise in the catalyst bed;
(2) Good reproducibility for the catalyst performance;for

the Fischer-Tropsch synthesis.
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Influence of Catalyst Pretreatment

The effacts of the catalyst pretreatment on the catalyst
activity and the product distribution over catalyst YST-2 (3.6 Mn/
100 Fe) have been investigated with hydrogen, carbon monoxide, and
synthesis gases. Table 9 shows the data on the carbon monoxide con-
version and the product distribution as a function of time on stream
with the hydrogen reduction at 673 K for 8 hours. The carbon monoxide
conversion increased gradually with the time on stream. This result
also illustrates that the catalyst gained activity as the carburiza-
tion took place under the Fischer-Tropsch synthesis conditions.46'49
The data at 11.5 hours were approximately in a stationary state
because the results from the previous stability tests indicated that
a period of about 12 hours was needed to reach the constant catalyst
activity. When the carbon~monoxide conversion increased to 7.2 percent
at 13.5 hours on stream, the product distribution was different from
that at 3.5 percent carbon monoxide conversion. In addition, the data
for the carbon monoxide conversion and the product distribution at
12.6 hours on stream with the hydrogen reduction for 20 hours were
very close to those at 13.5 hours with the hydrogen reduction for 8
hours. These results clearly illustrated that the product distribu-
tion was a function of the carbon monoxide conversion and the good
reproducibility for the catalyst in the carbon monoxide hydrogenation
can be obtained by using the hydrogen reduction for only 8 hours
instead of 20 hours.

Table 10 lists the results for the catalyst activity and the
product distribution as a function of time on stream with the carbon

monoxide pretreatment at 673 K for 8 hours. Initially, the catalyst
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exhibited a very high activity as indicated by a carbon monoxide
conversion of 21.9 percent at 0.5 hours on stream. Since the carbon

monoxide gas was used for the catalyst pretreatment, the catalyst
46,54

was actually ac;ivated ﬁnder the carburization conditions.
Therefore, some carbidic carbons possibly covered the catalyst surface
in addition to the formation of the bulk iron carbides.so’52’54’55’57
When the catalyst was tested in the carbon monoxide ﬁydr5genation
these surface carbidic carbons could be readily converted to the
.carbon products and subsequently a high carbon monoxide conversion
was observed. As the reaction time increased the catalyst activity
declined. The decrease in fhe catalyst activity was probab1y.due to
an inactive carbon sublayer on the catalyst'surface in the carbon

monoxide hydrogenation.57

The data forrthe product disfribﬁtion in
this experiment also indicated thét the product distribution wa; a
function of the carbon monoxide conversion. The results from the
test at 12.3 hours on stream with the carbon monoxide pretreatment
for 20 hours were similgr to those with the carbon monoxide pre?reaﬁ-
ment for 8 hours. This good reproducibility proves again that a pre-
treatment period of 8 hours is sufficient to activate the catalyst
for the hydrogenation of carbon monoxide.

~ The product distribution and the olefin selectivity versus .
- .time on stream for the éatalyst pretreatment in synthesis gases
atmospheras, 1 Hp/1 €0, 2 Hy/1 €O, and 3 Hy/1 €O, are presented in
Tables 11, 12, and 13, respectively. The catalyst initially '
exhibited 2 high activity, that is, a carbon monoxide conversion of
12.1 percent. (1 Hy/1 CO pretreatment). The carbon monoxide conver-

sions for the pretreatment by 2 H2/1 €0 and 3 Hy/1 €O synthesis
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gases were also relatively high, that is, 10.5 and 8.7 percent,
respectively. This observation was also probably as a result of the
formation of active carbidic carbons on the catalyst surface which
occurred during the pretreatment with the synthesis gas.50’52’54’56’57
The results from these experiments also indicated a decline in the
catalyst activity as the time on stream increased. An inactive carbon
sublayer on the:cata]yst surface was possibly responsible for this
phenomena.S] The data for the product distribution from these
experiments all illustrated that the product distribution was a
function of the carbon monoxide conversion.

Table 14 1ists the summary for the influence of catalyst
pretreatment on the catalyst activity and product distribution at 12
hours on stream under a standard set of operating conditions in the
hydrogenation of carbon monoxide over catalyst YST-2 (3.6 Mn/100 Fe).
At 483 K the hydrogen pretreatment resulted in Tower catalyst
activity, that is, a carbon monoxide conversion of 3.5 percent,
compared to the‘carbon monoxide conversions with other methods (e.g.,
8.4 percent carbon monoxide conversion with the carbon monoxide pre-
treatment). The difference in catalyst activity was probably attribu-
ted to the extent of the bulk carbide formation and the concentration
of the surface active carbon sub]ayer.47’49’50’54 The pretreated
catalyst with the hydrogen reduction began the carburization only when
it was under the carbon monoxide hydrogenation conditions but the
catalysts with the carbon monoxide pretreatment (or the synthesis gas
pretreatment) became carburized at the beginning of the pretreatment.
Reymond, et a1.5° reported that an unreduced a-Fezo3 in the carbon

monoxide hydrogenation conditions (atmospheric pressure, Hy/CO =
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3'min’1) after 1.5 hours on stream

9/1, 523 K, and a flow of 60 cm
: snowed & pattern of the bulk iron carbide and the formation of surface

'activé carbon. Therefore, it was possible that the extent of the
~ bulk iron carbide and the active surface carbon sublayer for the
catalyst with the hydrogen reduction was relativiey less than fhaf
for_the catalyst pretreated with carbon monoxide or synthesis gés even
though the catalyst was in the carbon monoxide hydrogenation condi-
tions for 12 hours. The observation of a relatively less active’

' catalyst Qith the hydrogen reduction was probably attributed to the
- effects of the catalyst carburization during the pretreafment. Qow-

i ever, a decline in the carben monoxide conversion was observéd for

- all of the catalysts except for the case of hydrogen reduction. The

| formation of an inactive carbon sub1ayer'was possibly respons?b1e for

?thié resu'!t.‘:_’1

The influence of the catalyst pretreatment on the
product distribution is also shown in Table 14. The product distribu-
“tion varied case by case: however, the carbon monoxide conversioﬁ
probably -affected the variation. Since differeﬁt methods of catalyst
 p%etreatment caused different levels of carbon monoxide céﬁversion
~at 12 hours on stream, the product distribution would be different as
La result-of the pretreatment effect. Therefore, the product distri-
~bution could be @ function of the carbon monoxide cdnversion which
may also be inf1uenéed by the catalyst pretreatment in the carbon
_monoxide hydrogenation.

Gehera]iy speaking, the catalyst pretreated with hydrogen
showed a more stable performance than other catalysts with carbon
monoxide or synthesis gas pretreatment because the catalyst activity

" increased gradually to a stationary state while other cataiysts



exhibited a decline in catalyst activity initially. The total amount
of carbon dioxide and methane yields for this hydrogen reduced
catalyst, that is, 28.1 percent, was generally lower than those for
the other catalysts (e.g., 37.5 percent for a catalyst with 2 H,/1 CO
pretreatment). In'addition, the CZ'C4 yield for this hydrogen reduced
catalyst, that is, 49.8 percent, was higher than those for the other
catalysts (e.g., 44.6 percent for a catalyst with 2 Hé/l éo pretreat-
ment). Though an olefin-to-paraffin ratio in C,-C, of 2.4 for the
hydrogen reduced catalyst was only moderate compared to other cases,
the olefin contenf in the CZ_—C4 hydrocarbons was 70 percent. However,
the synthesis gas pretreatment generally gave higher olefin-to-
paraffin selectivity ratios for Cos Cqs and 64 at 12 hours on stream;
1.3-1.4, 10.5-12.6, and 8.6 -13.0, respectively. The specﬁlation
was that the hydrogenation rates of the primary products for the
catalysts pretreated by the synthesis gas may be less than that for

the catalyst pretreated by either hydrogen or carbon monoxide.

Influence of Manganese

Tables 15 through 19 show the activity and the product distri-
bution as a function of time on stream for catalysts FT-1 through
FT-5. The carbon monoxide conversion for catalyst FT-1 (pure iron)
at 483 X after‘3 hours on stream was 9.7 percent; however, it declined
slightly to 8.5 percent at 13.5 hours on stream. This small decrease
in catalyst acti?ity was probably due to the formation of inactive
carbon sublayer on the surface during the carbon monoxide hydrogen-
at‘.ion.s'l The product distribution for catalyst FT-1 varied during the

course of the experiment. A period of 12 hours on stream should be



sufficient for the stabilization of the catalyst activity and the
product distribution based on fhe conclusions of the stability study.

The carbon monoxide conversion at 13.5 hours on stream was 8.5 per-

cent. The carbon monoxide conversion at 7.7 hours on stream was 8.4

‘ percent. The product distribution and olefin selectivity ratios for
€52 €5, and C4'for thest two cases were very similar. Therefore,
this fact illustrated that the product distrfbution could also be a
function of the carbon monoxide. Generalily, for catalysts FT-2

| through FT-5 the catalyst activity gained as the time on stream
increased. The product distribution also shoﬁed a changing patfern
- during the course of the experiment. After a period of 12 hours on
" stream the catalyst activity and the product distribution generally
reached a stationary state. In Table 16 the data for the carbon

. monoxide conversion and.the product distribution at 12.5 hours and
17.5 hours were very similar. This similariy indicated that a

| period of 12 hours wés sufficient for the stabilization of the
catalyst activity and the product distribution again. The product -
distribution for these iron-manganese catalys{s‘was dlso a function
of the carbon monoxide conversion from the illustration of data in
Tables 15 through 16.

' Table 20 lists the comparison of the catalyst activity and
thé praduct distribution for these FT catalysts in the carbon mon-
oxide hydragenation conditions at 12 hours on stream. GenéraI?yg the
- pure iron catalyst, catalyst Fi-1, was more active than 6ther FT
series.cata1ysts in terms of the carbon monoxide conversion. For
<1nstance, the carbon monoxide conversion for catalyst FT 1 was 8.5

percent at 483 K but that for catalyst F7-2 was only 6.2 percent even
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at 493 K. The olefin-to-paraffin ratio of C2~C4 fraction for pure
iron catalyst was much less than those for the other manganese pro-
moted catalysts. For example, the CZ—C4 yield and the olefin-to-
paraffin ratio in C2-C4 hydrocarbon fraction for catalyst FT-1

were 45.7 percent and 1.6 with a conversion of 8.5 percent; however,
the yield and the}ratio were 46.1 percent and 4.7 for catalyst FT-2
(2.5 Mn/100 Fe). ;The olefin selectivity ratios for Cz, €4, and C4
for catalyst FT-2 were also higher than those for catalyst FT-1. The

influence of manganese on the CZ-C4 olefin production was significant.

Catalyst FT-2 was considered to be a more selective catalyst for the
light olefin production than the other FT catalysts based on the
following reasons:

(1) the catalyst activity for catalyst FT-2, that is, a
carbon monoxide Tonversion of 6.2 percent at 493 K, was
less than that for catalyst FT-1; however, it was moder-
ate compared to those for the other iron-manganese
catalysts (e.g., 6.9 percent carbon monoxide conversion
for catalyst FT-3 at 504 K); |

{2} the C,-C4 hydrocarbon yield for catalyst FT-2, that is,
46.1 percent, was generally higher than those for the
other FT catalysts, 42 - 43 percent;

(3) the olefin-to-paraffin ratio in C,-C,4 hydrocarbon

fraction for catalyst FT-2, that is, 4.7, was moderate

compared to those for the iron-manganese catalysts but it

was much higher than that for the pure iron catalyst.
This conclusion is very similar to that in the previous study which

stated that a catalyst composed of 2.2 parts of Mn per 100 parts of
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Fe was very selective for the CZ-C4 olefin smroduction in the carbon

monoxide hydrogéhation.17’21
Table 21 1ists the amounts of hydrogen and carboﬁ monoxide

adsorbed by the FT series catalysts at 292 K. Generally, the carbon
monoxide uptake for these catalysts was in the range of 16 -30 u'mo1e
9-1. The hydrogen uptake generally decreased as the présence of.
manganese in the catalyst increased except for catalyst FT-2. The
, amount of carbon moncxide adsorbed by the catalyst was much higher -
than that of hydrogen. Chemisorption measurements of hydrogen and

carbon monoxide over metallic and nonmetallic catalysts have been

described extensively in the 1iterature.69'73

Studies on iron |
.surfaces in the ultra high vacuum system have been relatively few in
- number due to the difficulty in removing impurities such as oxygen

to obtain a clean, well-defined surface.74 A few articles repdrted
ifhe chemisorption of hydrogen and carbon monoxide over iron,3’75'80
but the interpretation for these results are often diTficult. Tﬁére-
- fore, the interpretatiéﬁ of the data on the chemisorption o% hydrogen
and carbon monoxide in this study is only speculative with fegard to
the correlation between the catalyst activity and the product distri-
bution, influenced by the effects of manganese, ané the hydrogen and
carbon monoxide uptakes for these iron-manganese catalysts. The
:data on specific activity for the FT series iron-manganese catalysts
are presented in Table 22. These data were obtained'baséd on the
carbon monoxide chemisorption data and assuming an adsorption stoi-
“chiometry of Fe/CO = 1. Since the hydrogen uptake at 292 K for these

catalysts was relatively low, the hydrogen chemisroption data at 292 K

‘may not be good for the calculations of specific activity. The



adsorption stoichiométry of carbon monoxide on iron surface might be
expected to vary between 1 and 2;69’71’72’75’77’80 however, the
assumption of the Fe/CO adsorption stoichiometry of 1/1 in this
investigation resulted in reasonable data on turnover frequency for
these FT series iron-manganese catalysts. Generally, the range of the

1

furnover frequency for carbon monoxide was 19 -48 s~ ' in the temper-

ature range 483 - 504 K. Arakawa and his co-workers68 reported that
the turnover frequency of carbon monoxide was 50.0 x 103571 for an
alumina supported iron catalyst in the carbon monoxide hydrogenation
at the conditions which were a temperature of 533 K, a H2/C0 ratio of
3, and a space velocity of 1.7 cmBQ'Ts'T.(based on hydrogen adsorption
data). Though the FT series iron-manganese catalysts were unsupported
and the reaction conditions in this study were different from those

in the work of Arakawa and co-workers, the range of turnover frequency
for carbon monoxide indicated the data were relatively reasonable
based on the Fe/CO adsorption'stoichiometry of 1/1.

The decline in the catalyst activity for the carbon monoxide
hydrogenation with the increase of manganese’presence could be attri-
buted to the ensemble effect and the electronic effect. Ponec; et
a1.8] reported that the activity toward the higher hydrocarbon
synthesis in the carbon monoxide hydrogenation decreased with the
increasing Cu content of the Ni-Cu alloy catalysts. They proposed
that it was because of the decrease in the number of ensenbles (of Ni
atoms) which could dissociate carbon monoxide. Recently, Barrault, et
al.24’26 also found that the catalyst activity for the supported iron
catalysts in the carbon monoxide hydrogenation decreased with the

increasing Mn content. They further reported that an ensemble effect,

e



- that is, the interdispersion of iron atoms with manganese oxide, was
responsible for the variation of the cétalyst activity. Similarly,
the variation of the catalyst activity in this study may_be also due
to the ensemble effect.. Since the pattern of a-Fe and MnO were

~ reported to be the main phases in the reduced iron-mangaﬁese

18 the interdispersion of active iron atoms with manganese

catalysts,
oxide could possibly decrease the number of ensembles of iron atoms
which can dissociate carbon monoxide and initiate the hydrocarbon

46.65,61

synthesis in the carbon monoxide hydrdgenation. In addition,

the electronic effect of MnO on iron atoms could also be the cause
- for the variation of catalyst activity. Dry and co-workers76’82’83

| studied the effects of potassium for the'fused iron catalysts in
carbon monoxide hydrogenation. Generally, they found that promotion
i with K,0 increased the heat of carbon monoxide adsorption at low

- coverage while it decreased the initial heats of hydrogen adsorption.
~ Subsequently, they reported that the coverage of the surface by
hydrogen would be expetted to be Tower and presumably the amount of

" hydrogen capable of being adsorbed owuld be lower in the presence of
carbon monoxidé,.‘They reported that the reaction rate in the carbon
monoxide hydrogenation was observed to be only first-order dependence
- on the hydrogen partial pressure. Therefore, they concluded thét |
alkali promotion could result in a decrease in activity for the fused
_iron catalyst in the carbon monoxide hydrogenation. Benziger, et

: a1.84 found that the potassium promotion significantly strengthened
the adsorption.of carbon monoxide but weakened the adsorption of -

3,68

hydrogen.. -Many authors “reported that the activity of the_iron

catalyst declined with further addition of potassium after a maxiﬁum_’
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of the synthesis rate was obtained at approximately 0.5 parts of KZO
per 100 parts by weight of Fe. A1l of these conclusions illustrated
the electronic effects of potassium on the adsorption of hydrogen and
carbon monoxide which correlate with the catalyst activity. The
chemisorption data in Table 21 generally indicate that the presence of
manganese in the catalyst for these FT series catalysts was respon-
sible for the increase in the amount of carbon monoxide adsorption per
hydrogen atom adsorbed by the catalyst as shown by the CO/H ratjo
except for catalyst FT-2. If the manganese oxide could exhibit the
similar electronic effects as that for potassium oxide, the decline
in the catalyst activity due to the manganese presence would be
easily understood in the same way. Vanm‘ce77 reported that the carbon
monoxide hydrogenation reaction was also an order of 1.1 in the
hydrogen partial pressure and an order of -0.1 in the carbon monoxide
partial pressure over an alumina supported iron catalyst. Therefore,
the rate of the synthesis reaction could be presumably dependent upon
the hydrogen partial prgssuré and then a decrease of the hydrogen
coverage would lead to a lower catalyst activity. As for catalyst
FT-2 (2.5 Mn/100 Fe) the CO/H ratio decreased as the manganese content
increased in the catalyst; however, the decline in activity was also
observed. This result indicates that the ensemble effect of manganese
oxide might play a more important role for the decline in activity.
Generally, the ensemble effect and the electronic effect of manganese
oxide on the iron atoms in the catalyst could explain the variation
of the catalyst activity.

In this research the manganese presence in the catalyst also

enhanced the olefin content in the CZ—C4 hydrocarbon fraction. The
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- electronic effect of manganese oxide on iron atoms and the influence
of iron crystailite size may be responsible for the increase in the
olefin content. The observation that the promotion’of potassium
- oxide in the iron catalyst caused an increase in higher holecular
weight of the products and the olefin-to-paraffin ratio was reported
by several researchers.68?76;82’83 They conciuded that the enhance-
ment in the olefin-to-paraffin ratic and the decrease in the méthane‘
- formation were attributed to the increase of carbon monoxide
adsorption and the decrease of hydrogen adsorption on the'reduced
| catalyst with the potassium addition. Dry, et a1.76 repdrted.tﬁat
the promotion of potassium oxide altered the electronic state of the
| iron atoms by the transfer of e]ectrons from potassium oxide to the
metai and increasing electron density on the iron atoms also
strengthened the Fe-C bond which increased the probability of chain
. growth. Therefore, an increase in the heavier hydrocafbon ﬁroduction
- was expected. The chemisorption data in Table 21 generally indicate
' that for these FT catalysts the manganese presence in fhe catalyst
was respons1b]e for the increase in the amount of carbon monox1de ,
adsorption per hydrogen atom adsorbed by the catalyst as shown by the
CO/H ratio except for catalyst FT-2 (2.5 Ma/100 Fe). If it could be
assumed that the electronic effect of the manganese oxide iﬁ the ?T
catalysts would be similar to that of potassium oxide in the iron
catalysts, then the observation in this study that the methane yield
' decfeased and the C2-C4 olefin content increased may also Be due to-
the effect of manganese oxide on the suppression in the relative con-
centration of hydrogen and carbon monoxide for the iron atoms. . For

catalyst FT-2 the decrease in methane yield and the increase in CZ'C4



olefin content were also observed. Jung, et a1.85

indicated that the
jron metal with a smaller particle size caused an increase in CZ'C3
olefin content in the carbon monoxide hydrogenation over a series of
carbon supported iron catalysts at the conditions of 101 kPa, 3 HZ/

1 €0, and a carbon monoxide conversion range of 2.5 -5 percent.

Table 2 indicates that the parfic1e size of a-Fe203 decreased as the
manganese presence in the catalyst increased. If it could be assumed
that the particle size of a-Fe in the reduced catalyst also became
smaller as the manganese presence in the catalyst increased, then the
effect of particle size would be primarily responsible for the
increase in C2-C4‘o]éfin content and the decrease in methane yield.
The increase in C5+ yield with the addition of manganese for theée
iron-manganese catalysts might also be attributed to the electronic
effect of manganese oxide on iron atoms which is similar to that of

potassium oxide for the fused iron catalysts.
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CONCLUSIONS

The hydrogenation of carbon monoxide for the production of
cé-c4 olefins has been investigated over precipitated iron-manganese
catalysts. The following conclusions are drawn from the results of
this investﬁgation: |

(1) The copre;ipitation cata]yst preparation procedure, in
which concentrated ammonium Hydroxide as added to a homogeneous )
mixture of iron and manganese nitrates, was reprb@ucible in terms of
preparing iron-manganese catalysts of the same manganese/ifon-aﬁomic
ratio. '

(2) The major bulk phase for the calcined iron-mangéhese
: catalysts was hematite (a—Fe203)a The average particie size of
hematite decreased as the manéanese‘concentration in the catalyst
increased. No manganese oxide phase was identified in the catalyst.
"The aﬁerage particle sizes of hematite for these iron-manganese
' cataﬁysts were generally in the range of 15 -24 nm.

(3) In the long-term tests under the Fischer-Tropsch
synthesis conditions for the iron-manganese catalysts, no sign of
catalyst deactivation was detected for up to 40 hours on stream.
Generally, a period of 12 hours was needed to stabiiize the activity,
as measured by the'conversipn of carbon monoxide, the olefin selectiv-
- ity, as refilected by the olefin/paraffin ratic of the C2-C4 hydto-

- carbon fraction, and the_o?efin/paraffin ratio of individual Cz, C3=



and C4 hydrocarbons, and the product distribution, as reflected by the
yields of methane, C2-C4 hydrocarbons, C5+ hydrocarbons, alcochols, and
carbon dioxide, for these catalysts.

(4) The thermogravimetric analysis (TGA) for the iron-
manganese catalysts indicated that a catalyst reduction in flowing
hydrogen at 673 K and at the ambient pressure for 8 hours was
sufficient to reduce the catalyst and to activate it for carbon mon-
oxide hydrogenation.

(5) A volumetric ratio of Denstone 57/catalyst of 4/1 for the
catalyst bed dilution in the fixed-bed reactor decreased the heat
effects in the catalyst bed. Generally, this dilution ratio also
resulted in higher yield for CZ'C4 hydrocarbons, higher olefin
content in the C?_-C4 hydrocarbon fraction, and lower yields for carbon
and methane. The good reproducibility for the catalyst activity and
the product distribution was also observed with this dilution ratio
of 4/1. '

(6) The catalyst pretreatment study with hydrogen, carbon
monﬁxide, and syﬁthesis gas indicated that the hydrogen reduction at
673 K for 8 hours generally resulted in a more stable catalyst
activity for the carbon monoxide hydrogenation. Higher yield for
C2—C4 hydrocarbons and lower production of carbon dioxide and methane
were also attributed to the hydrogen pretreatment.

(7). The presence of manganese in the iron catalysts gener-
ally decreased the catalyst activity in terms of the carbon monoxide
conversion. The C,-C4 content in the CZ'C4 hydrocarbon fraction
greatly enhanced as the manganese presence in the cataiysts increased.

An iron-manganese catalyst with an atomic ratio of Mn/Fe of 2.5/100

-

™




was selective for the production of 82-04 olefins in the carbon
monoxide hydrogenation.

(8) 1In the selective chemisorption study the cérbon monoxide
uptake for these iroﬁ—manganese catalysts was higher than the_
hydrogen uptake. In addifion, the increase of the manganese pfésence
in the catalyst generally resutted in higher carbon monoxide qpiéké |
per hydrogen atom adsorbed by the catalyst. |

(9) The decrease in the catalyst activity for the Fischer-
Tropsch synthesis with the manganese concentration in the iron
catalyst could be attributed to the ensemble effect or the electronic
. effect of manganese oxide on iron atoms. The increase in the olefin

; content in the C,-C, hydrocarbon fraction couid alsc.be due to the

electronic effect of manganese oxide on iron atoms or the decrease of

the particie size of a-?e.
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